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Fluidized bed dryers are commonly employed for the industrial

drying of granular materials. In the forest products industry

there exists a potential to dry particulate wood in fluidized beds.

This study investigated the engineering parameters necessary to

design an industrial fluidized bed dryer and compared various

fluidized bed drying arrangements to commercial rotary dryers

in terms of energy efficiency.

A 0.2 m square bed was constructed to fluidize processed wood

particles and sawdust. The minimum fluidization velocities (umf),

voidages, and elutriation constants were determined for a bed at room

temperature. Emulsion-to-surface heat transfer coefficients were

determined with a copper tube in both a cold and hot bed. Batch

and batch simulated continuous (BSC) drying trials were done with

inlet temperatures ranging from 127 to 290°C. BSC drying was done

to collect data for designing a continuous dryer.

For the unscreened material (dust to 7 mm), umf was 0.66 m/s

for the sawdust and 1.03 m/s for the processed particles. These
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values increased with increasing moisture content, decreasing spher-

icity, and increasing particle diameter. An operating range of 1.3

to 2.0 times
umf

was found to give acceptable fluidization without

excessive entrainment. Some channeling and agglomeration occurred

at average bed moisture contents greater than 80 percent (dry weight

basis). Surface-to-emulison heat transfer coefficients of 80 to 130

W/m2K were low for a fluidized system when compared to other materials.

Drying curves were presented for batch and BSC drying and a

method was presented for adjusting these curves to account for the

bed temperature, gas flow rate, and bed weight. Using this method,

an isothermal inlet drying curve can be used to either obtain an

isothermal bed drying curve or adjust drying curves to predict the

performance of an industrial design.

Single and two stage fluidized bed drying arrangements were

compared to two commercial rotary dryers. The fluidized bed designs

are competitive in terms of energy efficiency. The information

presented in this study indicates that wood particles can be

fluidized to make this type of dryer practical.
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ENGINEERING STUDY ON THE DRYING OF WOOD PARTICLES IN A FLUIDIZED BED

INTRODUCTION

Man has always removed water from natural materials to make

them more useable. The fundumentals of moisture removal do not

change but the techniques and equipment to accomplish it are being

continuously refined. In this study two previously unrelated areas,

the well established field of fluidized bed drying and the art

of wood drying, are brought together to apply the drying funda-

mentals in a new way to an ancient natural material.

DRYING WOOD

Wood, in the green state, contains from 30 to 210 percent moisture

(FPL, 1974). To use wood in most applications this must be reduced

to 5 to 15 percent. Elimination of this water prevents excessive

shinkage after the wood is put into service, prevents decay,

improves most strength and machining properties, and makes it

glueable. Drying wood, however, is a very energy intensive and

expensive part of processing forest products. In fact, up to 70

percent of the energy used to process wood products is consumed by

the dryers (Rosen, 1980). Wood particle drying is becoming

increasingly more important in the processing of forest products.

The present trend towards short-rotation forest management, the

gradual depletion of large diameter old-grown timber, advances in

whole tree utilization, and the current interest in drying wood

residue and bark for fuel have all contributed to this increase

in importance. However, to handle and uniformly dry wood particles
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are difficult tasks due to their irregular size and shape.

Presently, rotary dryers, which were adapted from the agricul-

tural industry, are used to dry wood particles. These are cylindrical

drums which rotate around a nearly horizontal axis causing the

continuously fed particles to be lifted by shelf-like flights on the

drum periphery and dropped through a cocurrent stream of hot gas.

The particles and gas may traverse the length of the dryer up to

three times within a single drum through concentric passageways.

Although little work has been published regarding the drying of wood

in rotary dryers, they are the standard of the industry against

which any new design will be compared. Thus any viable alternative

drying method for wood particles must be an improvement in either

energy efficiency, maintenance and ease of operation, or capital

cost. Fluidized bed dryers have gained acceptance in other

industries for one or more of these reasons. The intent of this work

is to apply proven fluidization technology to the art of drying wood

particles to show whether or not it is a good drying method for the

Forest Products Industry.

FLUIDIZATION

When a gas or a liquid is passed upward through a bed of

particles one of three situations will occur. At low gas velocities a

fixed bed exists and the particles remain stationary; at high gas

velocities pneumatic transport occurs; and at gas velocities in

between, the particles are fluidized. During fluidization the pressure

drop through the bed is approximately equal to the weight per unit

area of the bed. At any gas flow rate above that required to change



the bed from fixed to fluidized (known as the minimum fluidization

velocity) the excess gas passes through the bed in the form of

bubbles. These bubbles appear as near spherical void spaces rising

from the distributor plate (see Figure 1 for definitions) through

the bed of particles causing it to resemble a boiling liquid. In this

state the gas-solid system is very well mixed, will flow like a fluid,

and will have definite properties such as density, heat capacity,

thermal conductivity, and viscosity. The fluid-like properties of the

dense phase gas-solid emulsion enable a dryer to operate continuously

with no internal moving parts. The bubbling fluidization described

here is accomplished with a gas and is known as aggregative

fluidization. If a liquid were used, fluidization would occur smoothly,

without bubbles. This is known as particulate fluidization.

At low gas velocities, bubbles move upward and carry in their

wakes particles which are released when the bubbles burst at the

surface. The solids then travel downward in the bubble interstices. As

bubble activity increases, the downward particle movement increases

until the particle velocity exceeds the intersticial gas velocity. At

this point the bed is said to be backmixed. A large degree of mixing

occurs in a bubbling fluidized bed, enough so that the entire bed is

at a uniform temperature. Hot spots in the bed, even near gas inlets

and heat exchangers are minimized. The excellent temperature control

and high heat transfer rate make fluidized beds quite suitable for

drying particulate material. Thorough mixing also causes different

particles to be in the dryer for varying lengths of time giving rise

to a residence time distribution. For a single stage, well mixed
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dryer, without any baffling, this residence time distribution will

follow an exponential decay curve. Through the use of multistage

dryers or baffling the residence time distribution can be made to

approach plug flow.

The selective removal and entrainment of fine material from the

bed is known as elutriation. As bubbles burst at the surface of the

dense phase, particles of all sizes are cast into the dilute phase.

The freeboard section of the dryer allows most of this material to

fall back into the dense phase although some of it will be carried

over and collected by the cyclone. This material can be returned to

the bed or added to the main particle exit stream.

Heat exchanger tubes can be immersed in the dense phase to

transfer heat to the particles in addition to the heat introduced by

the gas. The tubes offer a very efficient way to transfer heat to the

particles and are useful for heat sensitive materials. In addition,

boiler exhaust gases could be the heat source for the exchanger

thereby recovering waste heat.

SCOPE OF STUDY

The work carried out during this study lies in three areas. First the

hydrodynamics of the fluidized wood particles were investigated. These

include the minimum fluidization velocity, the degree of mixing in the

bed and the elutriation from the bed. Secondly, heat transfer in the

bed was investigated both from the fluidizing gas to the particles and

from an oil or water filled tubular heat exchanger to the particles.

Lastly, the drying of wood particles was researched using both batch

and batch simulated continuous drying tests. A discussion of how

these results might apply to a commercial dryer is included.
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Fluidized bed dryers have been used commercially for the

drying of coal, wheat, limestone, dolomite, and plastics. To

date, wood has not been added to this list although a few isolated

experiments (Kumar et al, 1971; Anon., 1957) have been done to

fluidize and dry wood particles, veneer, and paper. The excellent

contact between the gas and solid and the high degree of temperature

control possible in a fluidized bed could make it a competitive

drying method for wood particles. Hindrances to this are wood's

relatively high resistance to moisture movement at low moisture

contents and the size and shape irregularity of wood particles.



OBJECTIVES

The design of any piece of industrial equipment requires the

knowledge of basic process parameters. An idealized goal for this

research would be to provide all of the parameters necessary to

design an industrial fluidized bed dryer for wood particles. However,

this magnanimous goal would be much too broad for any one project,

so a narrower set of objectives was developed as follows:

Establish the basic hydrodynamic properties associated with the

fluidization of a defined mixture of wood particles. These include

the minimum fluidization velocity, quality of fluidization, degree

of mixing in the bed, and the elutriation from the bed.

Evaluate the heat transfer coefficients between the gas and the

particles, and between immersed tubes and the emulsion.

Construct drying rate curves for batch and simulated continuous

drying of wood particles.

Determine if fluidized bed drying offers significant advantages

over conventional drying practices for wood particles through

comparisons between the experimental results and published inform-

ation on other drying methods.

When these objectives are met, the information will be a significant

portion of what is needed to design an industrial fluidized bed dryer for

wood particles.



LITERATURE REVIEW

HISTORICAL

Fluidization has had a history matched by very few industrial

processes. The design of early equipment was more of an art than a

by-the-book procedure because what was happening in the bed was not

well understood. While fluidization is simple, considerable difficulty

in scale-up to industrial sized equipment from the laboratory arose

from a lack of understanding of the flow patterns of gas through

bubbles, bubbles through the bed, gas through the bed, and solids

circulation. In the late 1950's, .FF. Davidson applied basic engi-

neering principles to the fluidized bed and gained a theoretical

understanding of some of the previously unexplained bed phenomena.

Later the development of the bubbling bed model by D. Kunii and O.

Levenspiel in the 1960's extended these foundations in an applicable

fashion (Kunii and Levenspiel, 1977). Even so, the design of

fluidized bed reactors still involves much art, as well as science.

Gas fluidization was first used commercially by Fritz Winkler to

produce methane from powdered coal. A patent for coal gasification was

issued in 1922 and the first commercial unit began production in 1926

(Kunii and Levenspiel, 1977). The first large scale use of fluidized

beds was during World War II when there existed a great demand for

high octane aviation fuel which could not be met by the fixed-bed

Houdry Process. This shortfall caused researchers at MIT and the

Standard Oil and Development Company to develop fluid catalytic

cracking (FCC) units which could transfer catalyst from the cracker

to a regeneration unit and continuously process the oil (Botterill,



1975). The FCC process utilizes two fluidized beds, one for contacting

the catalyst with the petroleum, and the other for regenerating the

carbon-coated catalyst. The catalyst circulates from one bed to the

other and serves to introduce and remove heat at appropriate parts of

the system in addition to its catalytic function. Hundreds of these

FCC units have been constructed and, to date, they are widely used for

cracking petroleum.

Throughout the 1940's and 1950's new uses for fluidized beds

were found, especially for gas-solid reactions where careful

temperature control is required. Examples include the production of

phthalic anhydride, alkyl chloride, and acrilonitrile; the roasting of

sulfide ores and arsenopyrite; the drying of powdery materials; the

calcination of limestone; and the roasting of iron oxide (Kunii and

Levenspiel, 1977).

One of the more recent breakthroughs in energy technology may be

fluidized bed combustion systems (Patterson and Griffin, 1978;

Patterson, 1983; and Howard, 1983). Coal is orders of magnitude more

abundant than gas or oil but has many mining and processing problems.

Fluidized bed combustion systems offer a unique way to overcome some

of these inherent problems and utilize this plentiful resource. In the

fluidized bed combustion system, inert limestone or dolomite particles

are fluidized with the combusting material to react with sulfur gases

and trap them as calcium sulfate. This eliminates the need for scrub-

bers which may account for 15 percent of the plant cost. The limestone

particles and also inert particles, such as sand, conduct heat from

the burning particles and transfer it to heat exchanger tubes. This
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increased heat transfer allows the system to operate at a lower

temperature than conventional systems, acts to reduce nitrogen oxide

emissions, and eliminates ash build-up on downstream equipment by

keeping the particle temperature below the ash fusion temperature.

Fluidized beds are also used to combust wood in a similar fashion.

PARTICLE PROPERTIES

The size and shape of a material to be fluidized will affect the

quality of fluidization and rate of the gas flow required for

fluidization. Small particles (less than 10 um) may agglomerate and act

as if wet. Large particles (greater than 0.25 mm) may cause slugging

and bed instability. Particles between these two limits are considered

to be best for fluidization, although, adding fine particles to a bed

of coarse particles usually results in better fluidization (Perry and

Chilton, 1973). Particle shape influences the flowability and void-

age of the material. Spherical particles fluidize better than

nonspherical particles.

In many cases the particles which are being fluidized are not

round, hence some basic definitions become essential. The particle

diameter for a nonspherical particle (d ) is defined to be the

diameter of a sphere having the same volume as the particle. Size is

often the basis for separating particles and this is usually

accomplished by screening. This method, however, overestimates d for

nonspherical particles and gives a separation based on the second

dimension. Particle sphericity (cps) is defined to be the surface area

of a sphere having the same volume as the particle divided by the

surface area of the particle. The sphericity equals one for spheres
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and is between zero and one for other shapes (Allen, 1974). The

surface area of the particles in the bed is an important parameter

because most bed hydrodynamic and rate properties depend on it. The

specific surface of a particle may be defined relative to the particle

volume,

Trd2/0
surface area of a particle p s 6

volume of a particle 0 d 1

ird3/6 s p

or relative to the bed volume,

Surface of particles 6(l-e)
a - volume of bed 0 d

s p

(Kunii and Levenspiel, 1977). In fluidized bed work the product (psdp

appears frequently and is the only complete size-shape description of

a particle.

When the material being fluidized is of a polydisperse nature

such as wood, it is necessary to describe a size distribution. This

can be done continuously or discretely. For the discrete case, let xi

represent the weight fraction of particles in the ith size class.

Since the surface area of the particles is important in fluidized bed

calculations, an average specific surface over the whole distribution

needs to be defined. This can be obtained by adding a' for each size

class weighted by xi according to equation 3

all all

6xi .

axi =
(4, sp i

2

3



since

d by (1) d to gives p
all

-1
sdp = Li t(x/ Osdp)) J./

The voidage in a fluidized bed has been estimated from various

correlations (Wen and Yu, 1966; Narsimhan, 1965) but none hold for

polydisperse materials. Voidage, however, is a very simple thing to

measure and the voidage at the onset of fluidization can be estimated

from the weight, volume, and density of particles after unhindered

settling (Narsimhan, 1965).

The particle terminal velocity is the velocity of air which will

suspend the particle or the steady-state freefall velocity of the

particle. The terminal velocity is an important parameter because it

sets an upper limit on the velocity used for fluidization without

excessive carryover. For a polydisperse material such as wood the

terminal velocity of the smaller particles will be lowest and is of

more importance than that of the larger particles. The ratio of the

12

6

a = 6/( d )
s p

and

all

4

=
-1

(x/d ).
p

5

For the case of nonspherical particles, d may be replaced by (f) ds p and
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terminal velocity to the minimum fluidization velocity gives an

indication of the flexibility of fluidization operations. For sawdust,

Malte et al. (1977) developed equation 7 as a relationship between the

particle moisture content, gas density, a reference terminal velocity,

and the experimentally determined particle terminal velocity.

u = u 40.0734(1+WP-t to

Brown (1950) and Kunii and Levenspiel (1977) present a graphical

procedure for determining the terminal velocity of the particle. This

method requires knowledge of only the particle diameter and density

and gas kinematic viscosity. It is not a trial and error procedure and

is, therefore, quick to use. Kunii and Levenspiel (1977) also present

an analytic method which is trial and error since it requires an

initial estimation of the Reynolds number. When flow is laminar and

the particle is spherical, equation 8, which is Stokes law, can be

used to determine the terminal velocity for Reynolds numbers less than

2. For Reynolds numbers less than 500, equation 9 may be used

(Davidson, 1970).

ut = (Ps -Pg)gd2/181.1p

1.14 0.71 0.71 0.43 0.29

ut = 0.153d g (Ps-Pg) P

For nonspherical particles Pettyjohn and Christiansen (1948) proposed

that the values obtained above be modified by the correction factor

7

8

9



in equation 10.

factor=0.843log(4)s/0.065)

FLUIDIZED BED HYDRODYNAMICS

Momentum transfer, as applied to a fluidized bed, refers to the

movement of gas and solid within the bed. A number of factors such as

distributor plate design, bed geometry, particle size, gas density,

and bed depth will affect variables such as the minimum fluidization

velocity, bed pressure drop, solids entrainment, fluidization quality,

and bubbling. None of these factors are independent of the others,

however, an attempt will be made to discuss them separately.

Minimum Fluidization Velocity

The minimum fluidization velocity is the gas velocity needed to

change the state of the bed from fixed to fluidized. It is a very

important parameter to know because it sets a lower limit on the gas

flow rate through the bed and is useful in sizing the blower.

Fluidization begins when the pressure drop through the bed is

sufficient to offset the bed weight. For this reason, equation 11

(Ergun,1952) for pressure drop through fixed beds may be used to

predict the minimum fluidization velocity if the weight per unit area

of the bed is substituted for the pressure drop.

1.75(1-e )P u2
Apg 150(1-emf)2uuo mf g o
L
t

e6 (4) d )z Es (4) d )
mf s p mf s p

The first and second terms on the right hand side represent the

11

14

10
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viscous and kinetic energy losses per unit length respectively. At

high gas flow rates the second term is significant, at low gas flow

rates the first is significant. The Ergun equation is probably the

most accurate way to estimate the minimum fluidization velocity. Most

other methods are shortcuts which use the Ergun equation as a starting

point. Strictly applied, the Ergun equation is only valid for beds of

monodisperse particles of normal voidage and for incompressible fluids,

however, it is commonly used outside of these limits.

Numerous investigators have studied the minimum fluidization

velocity under various conditions. Particle diameters range from 10 pm

to 80 mm, gas Reynolds numbers from 0.003 to 2000, and bed diameters

from 20 to 150 mm. A summary of some of these studies is presented in

Table 1. Experimentally, the minimum fluidization velocity is

determined by a change in the surface heat transfer coefficient, a

leveling out of the pressure drop versus gas flow curve, or visual

observation of the bed motion.

Wilhelm and Kwauk (1948) fluidized 0.3 to 5.0 mm sand, crushed

rock, lead, and glass with air and water. From measurements of the

void fraction, bed pressure drop, and gas velocity they developed four

dimensionless groups.

d g dog
Re ,c,

Lt
and (p -p )

2 1.1 s g'

The latter two groups were plotted against the Reynolds number at

various voidages to show the relationships and establish a graphical

procedure for determining the minimum fluidization velocity.

12



Table 1. Summary of minimum fluidization studies.

McKay and 15

McLain, 1980

Particle
type

sand,crushed rock
lead shot, glass

glass beads, copper
iron and lead shot

coke,iron oxide,
carborundum

iron pyrrhotite,
coke,coal,sand,
vegatable seed

lead shot, round
and sharp sand

rice, wheat

lead,glass beads,
sand,silica

catalyst,
sand

glass and steel
balls

alkalised alumina

dolomite,
sulphated dolomite

Saxena and 15.2 0.088-
Voge1,1977 1.41

2-80 plastic cuboids

16

Investigator Bed Particle
Diameter Diameter

(cm) (mm)

Wilhelm and 7.6 0.3-
Kwauk,1948 15.2 5.6

Ergun and 2.5 0.23-
Orning,1949 7.0 1.01

VanHeerden 8.5 0.094-
et al.,1951 0.658

Yagi et al., 8 0.0052-

1952 2

Leva et al. 6.3 0.051-

1956 10.2 4.623

Fan and 2.5 1.68-

Swartz, 1959 10.2 2.42

Narsimhan, 0.732-
1965 5.212

Frantz, 1966 4, 8 0.5-
0.3

Wen and Yu 2-6

1966

Geldart and 15,61x5 0.8-

Cranfield,1972 61x2 2.4

Fluid Flow
Medium Range

air,water 0.1<Re<600

,C0 , 0.1<Re<100
,CH

CO ,air 0.02<Re<13
Ar,CH ,H

air 0.1<Re<300

air, 0.04<Re<10000
helium

air 90<Re<200

air, 10.9<Re<238
water

,H , 0.002<Re<50
air,C0 ,CH

water 50<Re<300

air 1<Re<1000

air 6.4<Re<102

water 1O<Re<2000
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Aggregative fluidization was characteristic of systems with Froude

numbers greater than unity and particulate fluidization occurred when

the Froude number was less than one.

Ergun and Orning (1949) did fixed and fluidized bed work with

glass beads and copper, iron, and lead shot as the solid and hydrogen,

carbon dioxide, nitrogen, and methane as the gas. They note that for

spherical particles, fluidization begins when the void fraction

exceeds 0.46. This value is the same as the void fraction of spheres

in their loosest stable form. They postulate that fluidization begins

when a material reaches its loosest stable configuration. Van Heerden

et al. (1951) state that orthorombic packing (e=0.395) is the most

stable configuration for a bed of spheres.

Van Heerden et al. (1951) fluidized coke, iron oxide, and carbor-

undum using a wide variety of gases in an attempt to test the equation

first derived by Leva et al. (1948),

Ref cl)-mf 154 (1-emf)0s

where 0 is the fourth of Wilhelm's dimensionless groups (equation 12).

They found this equation to work well for spherical particles but to

be in significant error for nonspherical particles. They conclude that

a modified particle diameter based on volume needs to be included in the

Reynolds number, as is now common practice.

Yagi et al. (1952) used air to fluidize iron, pyrrhotite, sand,

coke, and coal and developed an interesting nomograph from which condi-

13
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tions suitable for fluidization can readily be determined. This re-

quires, however, knowledge of the bed diameter, particle density, dia-

meter, and terminal velocity, and height and void fraction of the

static bed.

The work of Klassen and Gishler (1957) reported wall-to-bed heat

transfer coefficients as a function of air velocity for beds of rice

and wheat. Fan and Swartz (1959) used the sharp increase in the heat

transfer coefficient at the onset of fluidization to determine the min-

imum fluidization velocity of rice and wheat using the data of Klassen

and Gishler. This information was then used to test the theoretical

equation presented by Leva et al. (1956), equation 21. They found the

equation to hold within five percent if the square root of the product

of the grain's two smaller dimensions was used as the particle diameter.

They further verified this in studies of their own. This work, although

limited in scope, may be the closest thing in the literature to an

air-wood system.

In an effort to eliminate the need for knowing the void fractidn

and the sphericity, as required by the Ergun equation, Narsimhan (1965)

rearranged the Ergun equation to group these two parameters. Then, for

spheres, he let the void fraction equal 0.35 and found

Gmf
= 27.83p((1 + 0.00057Ret)1/2- 1)/d 111

and for nonspherical particles he let

c3 th3
1-cmfmf's

= 0.00397d and- 0.231 log d + 1.417 15
(1-cm)2 's
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which are based on information from the literature. Subtsituting

these into the Ergun equation gave

Gmf= 42.91.1(0.231 log d + 1.417)

((l+ 2.12x10-5d -°.551te )2-1)/d 16

which is valid for particle diameters of 0.025 to 0.51 mm. For part-

icles larger than 0.51 mm he relates the voidage to the sphericity by

equation 17.

emf 0.768 - 0.44s 17

Narsimhan then substitutes this into the Ergun equation to obtain

equation 18.

f0.232 + 0.420i
42.9u

umf m d p
P g s

II

(0.768-0.420s)3

(0.232+0.420s)z
OsRet)2-1+ 0.0056 3 ;-a

For a variety of materials these equations predicted the gas mass flow

rate within 20 percent.

Wen and Yu (1966) applied a technique similar to that used by Nar-

simhan (1965). They found that for most of the data in the literature

1E 111 and 14 19

(PsEmf smf
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Using these relations in the Ergun equation they found

Re = (33.72+ 0.0408Ga)1/2- 33.7

For both air and water systems equation 20 predicted the minimum

fluidization velocity reasonably well. The overall standard deviation

was 34 percent compared to 46 percent for Narsimhan's equation. The

Wen and Yu method is considerably simpler but neither method predicts

the onset of fluidization with extreme accuracy.

Using data from the literature in addition to his own, Frantz

(1966) used seven empirical models which he developed, a model by

Leva et al. (1956), and a theoretical equation to predict the onset of

fluidization. Each of these were of the form

a bd P (P -P )cdd
G m Pgsg t

mf

where a, b, c, d, e, and in are constants. He concludes that, although

there is a slight accuracy penalty, the theoretical equation (where

m=4.45x105, a=2, b=c=e=1, and d=0) should be used since this will allow

extrapolation outside of the experimental range.

Geldart and Cranfield (1972) fluidized large particles in two and

three dimensional gas fluidized beds. Good agreement was found between

the experimental results and the values of the minimum fluidization

velocity predicted by the Ergun equation, although, as bed height in-

creased, the experimental values were higher than predicted.

21
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Dolomite particles, 88-1410 pm in diameter were fluidized in a

15.2 cm bed by Saxena and Vogel (1977). At a given temperature they

found the minimum fluidization velocity to decrease with increasing

pressure and at a given pressure, to be independent of temperature.

The experimental results were compared to predictions made with cor-

relations by Bertil Anderson (1971), Wen and Yu (1966), and Ergun

(1952). The Wen and Yu equation yielded the best predictions.

McKay and McLain (1980) fluidized large cuboids with water and

recommended a modified Ergun equation to predict the minimum fluidiza-

tion velocity. From their paper, the Wen and Yu equation appears to

also predict their results satisfactorily.

Bed Presure Drop

If a gas is passed upward through a bed of particles the pressure

drop across the bed is initially proportional to the flow rate. Under

ideal conditions this is true until the pressure drop equals the weight

per unit area of the bed. Then the bed expands, becomes fluidized, and,

if the flow rate is increased, the pressure drop remains constant. This

is shown in Figure 2. In practice this almost never happens but the de-

viations from ideality are an indication of what is happening in the bed.

Some expansion will normally occur prior to fluidization causing the

the curve to be smooth at the transition. Sudden changes in the packing

arrangement may cause sudden jumps in the curve. Particles may interlock

with each other causing a relative maximum in the curve. The increase in

pressure is necessary to overcome the frictional forces between the

bridged particles. If channeling is present, the curve may be lower

than expected due to parts of the bed not being fluidized.



ide I curve
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effect of partial fluidization

Figure 2. Effect of gas velocity on bed pressure drop.

22

---> increasing gas flow rate -->



23

Bed expansion before fluidization occurs as a result of the particle

packing density decreasing and/or parts of the bed becoming fluidized.

After fluidization, if the gas flow rate is increased, bubbles form and

these void spaces cause the bed to expand. As the gas flow rate is

further increased, bubbles burst at the surface more and more frequently,

the bed surface becomes less defined, and more material is held in the

lean phase. If the gas flow rate is high enough the bed material will

be entrained and carried over out of the bed.

Elutriation

Elutriation is the separation and carryover of fine particles

from the bed. As bubbles burst at the surface, particles of all sizes

are cast into the dilute phase. Most of these fall back into the dense

phase after reaching various heights in the dilute phase. There is a

point above which the density of the dilute phase is constant. This is

known as the transport disengaging height (TDH) and it indreases with

increasing flow rate and decreasing bed diameter. It is customary to

design the bed freeboard to be greater than the transport disengaging

height so carryover is minimized.

Two elutriation constants are defined by Kunii and Levenspiel

(1977). The first, K*9 has units of kg/(m2s) and is constant as long as

the quality of fluidization does not change. The second, K9 has units

of s-1 and varies inversely with bed height and proportionately with bed

cross section. Equation 22 relates these two constants.

22
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For batch operations where entrainment is small enough so that the bed

weight, W, may be considered a constant, equation 23 may be used to

describe the fraction of fines in the bed as a function of time.

X =X e -Kt 23
SO

Some of the existing correlations for K* from the literature are presented

in Table 2. A more complete listing can be found in Colakyan (1980).

In the bed, fines may be created due to abrasion and attrition.

Merrick and Highley (1974) found the rate of attrition to depend on

material friability and to be proportional to the bed weight and the

velocity above the minimum. Colakyan (1980) models elutriation as a

first order process and attrition as a zeroth order process using

equation 24.

dt KiWi
F.

dWi
211

The solution to this, rearranged to be in terms of the weight elutriat-

ed from the bed, is given in equation 25.

W = F t - (1 - e ) +
Woiei i K

Fi -KJt
25

Graphically the meaning of these are depicted in Figure 3.

Bubbling

Of great significance in the mixing and heat and mass transfer

rates in a fluidized bed is the motion of bubbles. A general



Tanaka at al. 3.1, 6.7, 0.06-0.8/ stainless steel air
(1972) 15 0.06-2.3 balls, glass beads

C', C", and C"' are constants.

Lewis et al. 1.9-14.6 0.051-0.361/ glass,polystyrene air 0.28-4.76
(1962) 1.4-3.17 iron,cracking eat.

Correlation

1! _10.5t u pli0.7251! _u-11.15
* t pi t g

1.52x10--P (u -u ) gdgot Pi

K*
UoC'exp

-1.26x108o u
+ C"

d 2

tu..p d 11

gd

0,a (uo_ut)2 0.5 _ 0.15

1.28-2.7 0.05 '-=-8P-1. LE211.
og(uo-ut) Pi

Pg o
II_ 1

' 130exp _10.4ttr°5
Cu mfil0.25

uo uo-umf

K C".(1- uti 2

0.91-3.66 S uK 0.0110 (1- '1.142 1\1
(_7l(_7l,

Merrick and 90x90, 0-1.4/ coal ash air 0.6-2.24
Highley (1974) 90116 1.4-3.17

Colakyan 90x90 0.037-0.503/ silica sand air 0.91-3.66
(1980) 0.8

Colakyan and 90x90, polyethylene, air
Levenspiel (1983)30x30, 0.019-0.542 silica sand,

10100 refractory zerconia

Table 2. Summary of elutriation studies

Authors Bed Particle Particle Fluid Superficial
Diameter Diameter type Velocity

fine/course
(cm) (mm) (m/s)

Men and 5.1, 10.2 0.04-0.14/ glass spheres air/He 0.22-1.32
Hashinger(1960) 0.1-0.28 coal powder
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---> increasing time 

Figure 3. Ideal curves for pure elutriation and elutriation 

with attrition. 
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description of bubbles would be void spaces rising upward from the

distributor plate, possibly coalescing or dividing, and bursting at

the bed surface. Visually and practically there are many similarities

between a gas fluidized bed and a boiling liquid (Davidson, 1971).

From several studies in the literature, Kunii and Levenspiel

(1969) conclude that equation 26, derived by Davidson (1971), is a

good representation of the rise velocity of bubbles in a fluidized

ubr= 2.226d -b2 26

bed where db is the diameter of a sphere having the same volume as

the rising bubble. They also predict the rise velocity of a swarm

of bubbles to be given by equation 27.

ub o mf
= u- u+ ubr 27

The first model which accounted for the movement of gas and

solids and the pressure distribution near and in rising bubbles was

that of Davidson and Harrison (1963). The model distinguishes between

two bubble types, fast or large bubbles, where the bubble rise

velocity is greater than the fluidizing velocity, and slow bubbles,

where the bubble rise velocity is less than the fluidizing velocity.

The model assumes that the bubbles are spherical, that the gas flows

through the emulsion phase as an incompressible viscous fluid

satisfying Darcy's law, and that the particles move around the bubble

like a continuous fluid of bulk density ps(1-E).
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In a slow bubble the gas enters the bottom of the bubble and

leaves at the top with part of the gas being recirculated through the

bubble (see Figure 4). In a fast bubble, gas motion entering and

leaving is similar, but the gas recirculates within the associated

cloud. Fast bubbles are predicted for ubr/uo>1 and slow bubbles are

predicted for ubr/uo<1. From the Davidson theory the cloud size and

flow rate into a bubble can be determined.

The maximum bubble diameter is governed by the terminal velocity

of the particles because, as the bubble velocity approaches the

particle terminal velocity, particles are drawn into the bubble and

the bubble will collapse (Harrison et al., 1960). Using 0.6 m/s as the

terminal velocity of the wood particles and equation 26, the maximum

bubble diameter becomes 0.073 m. Applying graphical method of Davidson

and Harrison (1963) to obtain the maximum theoretical bubble size

gives 0.07 in based on a solids density of 450 kg/m3and a particle

diameter of 0.00062 m. Using the fluidizing velocity predicted by

equation 11 (0.4 m/s), it is apparent that for wood particles, ubr/uo

will be less than unity for all fluidizing velocities and bubble

diameters (db can only get smaller than 0.073 in and uo can only get

larger than 0.4 m/s). Thus slow bubbles should exist in a fluidized

bed of wood particles. This is good because slow bubbles process fresh

gas continuously (see Figure 4) which should give better gas-to-particle

contact for drying.

In addition to slow and fast bubbles, two other regimes of

fluidization are described by Catipovic et al. (1978). The rapidly

growing bubble regime is reached at superficial velocities higher than
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FAST BUBBLE

Figure 4. Motion of the fluidizing gas near slow and fast bubbles
(Kunii and Levenspiel, 1977).
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that of the slow bubble regime. Here the bubble growth rate is on the

same order as the bubble rise velocity (equation 28). At still higher

gas velocities the turbulent regime occurs and bubbles are absent.

ddb - 28

dt
= Ubr

Very little has been published regarding this regime. Rapidly growing

bubbles and the turbulent regime are favored by large particles and

high gas velocities. Models of these regimes have not been developed.

If the vessel walls are transparent, bubbles can be seen. If

not, the pressure fluctuations across the bed or vibrations in the

equipment are evidence of a bubbling bed. Experimentally, bubble rise

velocities are obtained by injecting a bubble into the bottom of a bed

and timing its appearance at the bed surface. More complex methods of

detecting bubbles involve using probes which may work by capacitance,

radiation, heat transfer, or optics. Two dimensional beds are often

used to study bubbles since, in them, bubbles can be readily seen and

photographed. Further information on experimental methods for the

study of bubbles can be found in Kunii and Levenspiel (1977) and

Davidson (1971).

Bed Motion

One of the major differences between a fixed bed and a fluidized

bed is the particle and gas mixing which occurs. This motion is res-

ponsible for excellent heat and mass transfer and a uniform temperature

throughout the bed. Three models for this motion exist; they are the
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countercurrent backmixing model, the dense phase diffusion model, and

the slug flow model.

The countercurrent backmixing model was first introduced in the

late 1960's independently by a number of authors; Stephens et al.

(1967), Van Deememter (1967), Latham and Potter (1968), and Kunii and

Levenspiel (1968, 1977). The model accounts for mixing in the bed by

solids being carried upward in the wakes of rising bubbles. Between

the bubbles the solids move downward and, if bubbling is intense, the

downward moving solids carry gas downward. Provisions in the model are

made for the exchange of solids between the wake and the descending

dense phase and for the exchange of gas between the bubble phase and

the dense phase.

The dense phase diffusion model, introduced by May (1959),

allows for vertical diffusion in the dense phase in addition to

exchange between the phases as in the previous model. For shallow beds

the countercurrent backmixing model is satisfactory because the eddy

currents are comparable with the bed dimension. For deep beds the

dense phase diffusion model might more closely approximate bed

conditions but the eddy diffusion coefficient is very difficult to

determine. For this reason the countercurrent backmixing model

explains bed phenomena as well as the dense phase diffusion model, in

addition to being simpler to use (Davidson, 1971).

The slugging bed model assumes that the bubbles and the gas phase

move cocurrently upwards through the bed and that complete mixing of

the two phases occurs whenever two slugs coalesce. Rarely do fluidized

beds operate with true slugs, however. Generally the bubbles are much
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smaller than the bed diameter and the bed operates in a region between

true bubbles and true slugs.

Experimentally many techniques are employed to study gas and

solids mixing in a fluidized bed. Solids motion can be detected by

observing particle trajectories cinemagraphically (Rowe 1962 and

1976), by detecting the concentration of a slug of tracer solid with

respect to time (Nguyen et al. ,1977), by observing the residence time

of a continuous feed system (Reay, 1978), or by observing the mixing

of two sections of bed which were intitially laterally separated

(Reay, 1978). Gas mixing can be studied using the dispersion time for

an injection of tracer or the gas residence time in the bed (Stephans

et al., 1967).

The bubbling bed model (Kunii and Levenpsiel; 1968, 1969, and

1977) describes the motion of bubbles, solids, and gas in a fluidized

bed. For the bubble phase it assumes that Davidson's model (Davidson

and Harrison, 1963) for the flow around bubbles is valid (see Figure

4), that all the bubbles in the bed are similar in size, that the

bubble rise velocity is given by equation 27, and that the emulsion

voidage is the same as at minimum fluidizing conditions. For the

emulsion phase the bubbling bed model assumes that a wake of emulsion

Is carried by each bubble, that the relative velocity between the gas

and the solid is that which exists at the minimum fluidizing

condition, that fast bubbles exist, that solid enters the cloud and

leaves the wake, and that all lateral mixing of solid occurs in the

cloud and wake. The bubbling bed model assumes that gas is exchanged

in two steps, first between the emulsion and the cloud and then
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between the bubble and the cloud. The exchange rates are determined by

the rates of diffusion and bulk flow.

HEAT TRANSFER

Fluidized beds are the favored equipment in many processes

because of the high heat transfer rates which can be attained. The

transfer of heat in a fluidized bed may be divided into three

distinctly different cases; fluid-to-particle, emulsion-to-surface,

and location-to-location. Heat transfer from the fluidizing gas to

the particles is important because during the constant rate drying

period this is the controlling resistance and determines the

particle temperature. Heat transfer to or from surfaces needs to be

understood if properly sized heat exchangers are to be employed in the

drying process. Point-to-point heat transfer within the bed is

significant in maintaining a uniform bed temperature, but this heat

transfer occurs rapidly and is usually not a design consideration.

Gas-to-Solid Heat Transfer

Heat transfer from the gas to the solid occurs in three stages;

supply of heat to the system, heat transfer to the surface of the

particle (the external problem), and heat conduction within the solid

(the internal problem). The overall rate depends on the slowest stage

and if two or more stages are comparable in magnitude, a very complex

problem is presented.

The determination of a heat transfer coefficient depends on

solid and gas temperature measurement. To measure the temperature of a

particle without restricting its mobility, optical pyrometry has been
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used (Juveland, 1964), however, to accurately measure the surface

temperature of a moving particle is difficult and most investigators

rely on gas temperatures or probes in the bed to obtain the

gas-to-particle heat transfer coefficient. Gas temperature measurement

is usually done with a bare thermocouple, a thermocouple that is

protected against contact with the solid, or a suction thermocouple.

In the first case, contact between the solid particles and the probe

cause the thermocouple to indicate a temperature between that of the

gas and the solid. In the latter, the gas temperature will probably

change as it passes through the shield. Suction thermocouples

operating with a high pressure drop record a temperature between the

temperatures of the bubble and the emulsion gas, and with a small

pressure drop they record the temperature of the bubble gas because

the least resistance to flow is from the bubble (Kunii and Levenspiel,

1977).

Three experimental procedures are used to determine a gas-to-

particle heat transfer coefficient, hp, (Vanecek et al., 1966;

Botterill, 1975; Gelperin and Einstein, 1971). The first is where

the solid is at a constant temperature and the gas is heated or

cooled. In this case

upcdTogg g + ha(Tg- Ts)dz = 0

of which integration yields

hpax
111; 5 -T u cg,out s_J oPg g
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If a plot is made of z versus the left hand side of the equation, h

can be determined from the slope of the line. The second case involves

heating a charge when the solids temperature changes with respect to

time. Here the rate equation

uopgcg(Tg,in-Tg,out) = hpaLt(Tg,out-Ts)

and the energy balance equation

upc(Tg,in-Tg,out)dt = Wc dT
o g g S s

may be combined to give

ln
(Tg,in-Tg,out)t hPaLtuopgcgt

(Tg,in-Tg,out)t=0
Wcs(uopeg-hssy

which may be used to determine h from the dependence of (Tg,out-Tg,in)

on t. In the third case, heating a stream of solids in a continuous

apparatus, the equation from case one may be used with T being the

mean temperature of the exiting solids. All of these methods assume

plug flow of the gas, a linear vertical gas temperature distribution,

and complete mixing of the solids. The last of these assumptions is

justified but the first two are poor due to gas backmixing (Latham and

Potter, 1970; Nguyen et al. 1977; Fryer and Potter, 1972; and Kunii and

Levenspiel, 1977) and rapid attainment of thermal equilibrium within a

short distance of the distributor plate (Kettenring et al., 1950 and

31
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Gelperin and Einstein, 1971). The coefficient determined by these

methods is an apparent coefficient and accounts for the heat transfer

but does not relate to the actual kinetics of external heat transfer.

A summary of some of the work which has been done regarding heat

transfer to particles is presented in Table 3. All of the invest-

igators used a plug flow assumption for the gas except Wamsley and

Johnson (1952). One case of liquid fluidization, that of Holman et

al. (1965), is included as a matter of interest. Only one correlation,

that of Ferron and Watson, is based on the active area of the bed.

In an analysis of the published work, Kunii and Levenspiel (1977)

found that mixed flow assumption for the gas does not give as consistent

a result as does a plug flow assumption. For the plug flow case they

find

Nu = 0.03Re1-3 34

which agrees closely with Frantz (1961) and Kato and Wen (1970).

Although this correlation works for small scale beds, it contains an

effect of solids convection which, in a large bed, may be quite dif-

ferent. If large bubbles can form near the distributor plate or if

bubbles with distinct clouds can form, severe gas by-passing and a

large temperature difference between the bubbles and the emulsion

could occur (Kato and Wen, 1970).

It is interesting that all studies indicate that as the particle

Reynolds number decreases, the Nusselt number does not approach its

theoretical minimun value of two. Juveland et al. (1964) explain this

by aggregation of the particles causing poor gas-solids contact. Kato



Table 3. Summary of fluid-to-particle heat transfer.

Correlation

Nu 0.0135Re1.35

Nu 0.0028Re1.7 (d1/d)-°2p

h = 1' 270d 1.27
P p

Nu - 0.054Re1 .26

Nut, = 1.28x10-5i1-1.2047-c)u

2

12 Pr W

83

recommend heat balance

uo 1-0.6Lth - 2055 + 9.28L 48.5448.54 + 79.2Lt + 25.81t

none obtained

4 - 0.097(Rem) 0.502Ar0.198

.6
1 1

Nu 1.05Pr13.33 (Re -2
).

for 0.1<Re ° <2.5
p Lt p Lt

Ltt

10.6 6

Nu = 1.5Pr°.33(Fte )0.83 for 2.5<Re 1-2 0. <1000
p ' p Lt

Investigator d,
(cm)

Rep Pr Nup d P
(mm)

hp

Kettering et al., 1950 5.8 10-57 0.72 0.2-2.2 30-83 17-564

Walton et al., 1952 10.2 10-32 0.68 0.5-5 30-80 28-198

Wamsley and 10 1-40 0.70 0.001-0.17 11-76 0.4-5
Johanson, 1952

Richardson and 5 0.5-84 0.69 0.2-4 10-46 5-225
Ayers, 1959

Holman et al. 1965 - 240-14000 1.49-8 1200-35000 2-5 564-16935

Eichhorn and 0.7-28 0.72 14-84
White, 1952

Ferron and 7,20 0.8-19 0.70 0.00002- 60 0.001-0.4
Watson, 1962 0.008

Juveland et al, 1967 - 0.3-10 0.68,0.7 0.02-2.3 38-142 8.83-246

Chang and Wen, 1966 5 580-5000 0.74 31.6-82.9 4700-6300 225-338

Kato and Wen, 1970
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and Wen (1970) hypothesize that the thermal boundary layers of

adjacent particles overlap causing a significant reduction in the area

for heat transfer.

Besides gas-to-particle heat transfer, some particle-to-particle

heat transfer can occur. Chang and Wen (1967) estimate this to be 35

percent of the total heat transfer. This part of the heat transfer

would be significant in a continuous drying operation where cold, wet

particles are introduced to a bed of hot, mostly dry particles.

Particle-to-Surface Heat Transfer

Heat transfer to tubes immersed in a fluidized bed has received

considerable attention in recent years because of an interest in

energy efficient boilers. In dryers, heat transfer tubes increase the

drying efficiency and offer a way to dry heat sensitive solids (Florin

and Indruch, 1976). The mechanisms of heat transfer to surfaces are

complicated because of the number of variables involved. To name a

few: particle size, shape, heat capacity, thermal conductivity,

density, and voidage; gas velocity, density, heat capacity, and

viscosity; bed geometry; and distributor design. When small particles

with a large heat capacity are fluidized, the mechanism is one of

unsteady state conduction to the moving solid particles. When large

particles, high gas flow rates, or high pressure are present; gas

convection is the dominate mechanism. Radiative heat transfer,

although significant in boilers (>900 K), is not important in the

drying of wood particles.

The similarity in appearance of a bubbling fluidized bed to a

boiling liquid led early investigators to use a liquid-analogy ap-
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proach to surface-to-emulsion heat transfer (Botterill, 1975). It

was believed that the flow of heat through a film which was "scoured

away" by the particles accounted for the high rate of heat transfer

(Wen and Leva, 1956). Later it was recognized that the solids play an

important role in convective heat transfer.

Mickley and Fairbanks (1955) developed a model for unsteady

state surface-to-emulsion heat transfer by treating the gas and

solids as packets of uniform material which come into periodic contact

with the heat transfer surface. Based on the packet residence times,

overall heat transfer coefficients could be predicted. Harakas and

Beatty (1963) later used a moving heat exchanger and arrived at

results which support the model of Mickley and Fairbanks. This model

works for long and short residence times when the packets are isothermal.

Another model of unsteady-state heat transfer was developed by

Botterill and Williams (1963). This model idealizes a single particle

and its surrounding fluid coming into contact with the heat transfer

surface. The overall heat transfer coefficient is determined from the

residence time and the number of particles in contact with a unit area

of surface. The validity for this model is shown for short residence

times by Botterill et al. (1966) using a moving heater. A cellulose

material (d =0.5 mm) was fluidized and a transfer coefficient of 186

W/(m2K) was obtained for residence times between 100 and 300 milli-

seconds. They assumed the material to have properties similar to wood

(a=0.43 m2/s) and concluded that for materials having a low thermal dif-

fusivity, the heat transfer coefficient is almost constant with resi-

dence time. In contrast, for iron (a=53 m2/s) the heat transfer rates
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were not constant, but varied from 500 to 850 W/(m2K) for residence

time between 6 and 50 milliseconds.

Elmas (1973) uses an unsteady state heat transfer model analogous

to the Higbie penetration model for mass transfer to account for surface-

to-emulsion heat transfer in fluidized beds. For random uniform surface

renewal he finds that

h =
w 7q7cct

Experimentally he fluidized a fine powdered plastic which melted on a

hot surface until the thickness of the film was enough so that the

surface temperature of the film was at the melting point of the plastic.

From the thermal conductivity and thickness of the film he calculated

a heat transfer coefficient and showed the validity of equation 35.

Ziegler and Brazelton (1964) developed a system to study surface-

to-emulsion heat and mass transfer in which the particles had no

capacity for mass transport. The presence of particles in the

fluidized state increased heat transfer 10 to 20 fold, but increased

mass transfer by only 1.5 to 2.0 times over the case where no

particles were present. From this they conclude that 85 to 90 percent

of the heat transfer must be accounted for by the particle mode and

any proposed model should reflect this. Ziegler et al. (1964)

fluidized materials of similar densities but very different thermal

properties to determine the effect of thermal properties on the heat

transfer coefficient. By assuming a uniform temperature within the

particle, a local Nusselt number of two, and a gamma distribution for

2ke 35



41

the particle residence times at the surface; they derived equation 36

for the Nusselt number of the heat transfer surface.

47/4r
Nu -

p 3k 1(1+1
EL,

P c d' (a+1)s s p

is the mean particle residence time and is the shape factor for

the gamma distribution. For very short residence times this equation

predicts a maximum Nusselt number of 7.2 similar to Mickley and Fair-

banks, 1955. Their model agrees reasonably well with the work of 16

other authors which they tabulated. It must be remembered that these

models only apply to small particles and low gas velocities where solids

convection is the dominate mode of heat transfer.

Zabrodski et al. (1978) compares theoretical models of bed-to-

surface heat transfer with experimental evidence to investigate the

dependence of the heat transfer coefficient on the solid heat capacity

and thermal conductivity. They conclude that at short residence times

the thermal conductivity effect is strong, but with longer residence

times and small particles, the heat capacity effect is strong. For

vigorous fluidization of particles greater than 1 mm, he state's that

the effects of the particle thermal properties are negligible. In this

case the gas thermal properties, particle diameter, and fluidizing

velocity are the dominate factors for the dependence of the heat transfer

coefficient.

This short discussion of heat transfer to surfaces by no means

exhausts the material in the literature. It should, however, be

36



Nucony
.46 pr0.33

ru 1°
= 0.0175Ar°

op

42

sufficient to give the reader some knowledge of the mechanisms of

surface-to-emulsion heat transfer when solids convection is the

dominate mode. Summaries of literature information in this area are

presented in Davidson (1971), Kunii and Levenspiel (1968), Saxena et

al. (1978), Botterill (1975), Galloway and Sage (1970), and Kubie and

Broughton (1975). The next few paragraphs are a short discussion of

heat transfer to surfaces when gas convection is the dominate mode.

When wood is fluidized, both may be important because of the low

thermal conductivity, the low volumetric heat capacity, and the broad

range of particle sizes.

Baskakov and Suprun (1972) used the analogy between heat and

mass transfer to determine the convective component of heat transfer.

Using their data for the sublimation of naphthalene from a vertical

cylinder and the data of other authors for the evaporation of water,

they arrived at equation 37 to describe the convective component of

heat transfer.

37

The variable u is the velocity at which maximum heat transfer cc-
op

curs, above u the last term is left off. No limits were placed on
op

the equation by the authors. When the particle diameter increased

from 0.160 to 4 mm the fraction of heat carried by the gas

increased from 10 to 95 percent. Based on the same data, Baskakov et

al. (1973) developed a modified packet model which made allowance for

the gas filtering through the particles and the space between the
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particles and the surface. Equations 38 through 41 give the model.

1h -
w Rk+ 0.5RX

Rk - --2-
2ke

Rx

repscs(1-)1

-1/2

0.14 C10.225

T = 0.44[
d g

2 P _2.

une(uomf-A).11 dt

The variable T is the residence time, ke is the thermal conductivity of

the emulsion, and A is an empirical coefficient dependant on probe

geometry. Its range was 0.7 to 0.9.

Gabor (1970a) proposed a model of surface heat transfer in fixed

beds where the gas and solid were treated as an orthorhombic array. His

model, represented by equations 42 through 45 agreed well with experi-

mental results obtained in beds of glass, copper, cellulose, acetate, and

aluminum.

(flat surface) 42hw =ecgGobrL

hw = N/4kecgGo/11,t + 2re
ex 43
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1 - 1 + 0.0935kssgg

The variable ke represents the bed thermal conductivity, ke is the bed

conductivity with no gas flow, and rex is the heat exchanger radius.

In other work Gabor (1970b) developed two models for heat

transfer from surfaces; one based on an infinite series of spheres

extending away from a surface, and the second based on an alternating

series of gas and solid slabs through which heat must transfer. The

two models are in agreement, both with each other, and with the

experimental data of several other authors. The alternating slab model

predicted heat transfer coefficients 10 to 15 percent lower than the

Mickley and Fairbanks model. In later work, Gabor (1972) applied the

alternating slab model to copper spheres and glass beads with good

success, however, his data covered only a narrow range of residence

times and particle diameters.

Botterill and Denloye (1978a and 1978b) developed a two region

model for heat transfer from vertical cylindrical surfaces. The first

region extended dp/2 m out from the surface and had a higher voidage

and higher gas velocity than the second region which was beyond d /2.

Experiments were carried out with copper, sand, and glass particles of

mean size 160 m to 2,400 um using air, argon, and carbon dioxide as the

fluidizing gas. The correlations

44
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m-f-a - 0.863Ar039

h
11L-2 = 0.843Ar015

103<Ar<2x106 48

can be taken as a measure of the interphase gas convective component.

In another paper (Denloye and Botterill, 1978) the authors obtained

the same expression for the gas convective heat transfer coefficient

and obtained

103<Ar<2x106 49

for the particle convective heat transfer coefficient. The sum of these

is the overall surface-to-emulsion coefficient.

Adams and Welty (1979) developed a steady-state gas convection

model of local heat transfer to a horizontal cylinder for particle

diameters greater than 2 or 3 mm. They assume isothermal particles and

include the effects of radiation and interstitial turbulence. Their

solution is an involved numerical procedure. As an alternative, a

45

hw/kg = 850 + 0.02(pguo/EU) 0<pgu0/eu<9x104

46

hw/kg = 450 +
0.02(pguo/c11) 105<pguo/Eu<6x105 47

represented the author's data and gave results similar to those of Gabor

(1970) and Baskakov and Suprun (1972). Botterill and Denloye (1978)

also conclude that the quiescent bed heat transfer coefficient given by



46

correlation is given by Adams (1981) for the total heat transfer from

a horizontal tube which is within 10 percent of the numerical

solution. It predicts within 15 percent the results of Catapovic et

al. (1978), Canada and McLaughlin (1978), and George et al. (1979).

Surface-to-emulsion heat transfer has been widely studied and

there is much disagreement in the literature regarding the mechanisms.

To summarize, some of the proposed theories are:

heat transfer through a gas film which is "scoured away" by the

particles;

unsteady-state heat transfer to packets of moving emulsion which

periodically move to and from the surface;

unsteady-state heat transfer to one or more particles;

and convective heat transfer through the gas.

All of these appear to affect the heat transfer rate at a surface to

varying degrees depending on the gas, solid, and bed properties.

MASS TRANSFER

Mass transfer, like heat transfer, may occur from the particle to

the gas, from the surface to the emulsion, and from point to point with-

in the bed. Although the latter two are of little importance in com-

mercial fluidized bed operations, particle-to-gas mass transfer plays

an important role in catalytic reactions, ion exchange operations, ad-

sorption, and drying (Kato et al., 1970). The measurement of mass

transfer coefficients is difficult for the same reasons that it is to

measure heat transfer coefficients. These reasons are the rapid

attainment of equilibrium near the distributor plate, the difficulty in
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measuring concentrations over a short distance, and the problems with

sampling the desired component (bubble gas versus emulsion gas).

Fortunately, mass transfer steps are usually not rate determining.

Table 4 summarizes some mass transfer studies.

In one of the earliest mass transfer studies, Resnick and White

(1949) sublimed naphthalene into air, hydrogen, and carbon dioxide in

fixed and fluidized beds. Identified were four dimensionless groups:

k d d p u
- 5h , P g ° = Re , = Sc, and

Dab
p

pgDab

dpg(r)g)ng s Ar
uz 50

They showed graphically that a correlation of the form

JD = Re Ar-1 51

fits the data for smooth fluidization, whereas, in a slugging bed

they found

jp = Re Ar-1 Sc057 52

In often referenced work, Kettenring, Manderfield, and Smith (1950)

evaporated water from silica gel and activated alumina into air. Based

on the temperature at various heights in the bed they determined the

relationship



Comments

Naphthalene into air,
H2, and CO2

Water into air

Summary of fixed
and fluid bed data;
6-naphthol/water,water/
air,and propanol/water

Naphthalene into air for
fixed and fluidized beds
of cylinders and spheres

Sublimation of para-di-
chlorobenzene,nitroben-
zene,and water in air

iso-octane and toluene
into air

packed and distended
beds; water air system

n-decane into air

sublimation of naphth-
alene into air

Table 4. Summary of mass transfer studies.

Investigator dt(cm) Lt (cm) d(mm) Sc Re

Resnick and
White (1949)

2.2-4.4 1.3-2.5 0.2-1.7 0.39-0.42 1.27-2.54 1.5,2.4,
4.0

Kettenring et
al. (1950)

5.8 10-15 0.3-1 <0.8 0.6 10-60

Gamson (1951) - - 3-6.3 0.35-0.94 0.77-2000 5-7000

Chu et al., (1953) 9.5 0.25-9 0.5-1.8 0.3-0.85 2.57 10-4000

Reccetti and
Thodos, (1961)

3.8 1-6.6 1-3 0.62-0.81 0.6, 1.79,
2.24

170-4700

Richardson and 3 5dP 0.088-2.576 0.1-250
Szekely (1961)

McConnachie and 9.4 8.3 15.9 0.42-0.78 0.6 70-7500
Thodos, (1963)

Wilkins and 11.3 20 2.6-3.1 0.4-0.6 3.72 146-263
Thodos, (1969)

Kato et al., 2.5 4 0.16-4 2.57 0.1-100
(1970)
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Nu = 0.0135 Rel*" 53

to hold for heat transfer and

Sh - 0.00180 Re°." 54

for mass transfer. The particle surface conditions were assumed to be

the same as the exit gas conditions. The work of Kettenring et al.

(1950) may be useful in analyzing the fluidized bed drying of wood

particles since an air water system was studied.

Gamson (1951) correlated the data of several investigators into

relationships for heat and mass transfer from fluidized spheres, cylin-

ders, and flakes. These were of the form

D or H = a Reb (1-00-2 55

where a and b depend on the value of Remand the particle shape. For

air/water, water/-Naphthol, and propanol/water systems the data cor-

related with ten percent maximum deviation.

Chu et al. (1953) used air to fluidize lead and glass particles

coated with naphthalene. Their results contradicted previous work

(Resnick and White, 1949; Kettenring et al., 1950; and others) which

indicated that fixed bed and fluidized bed data do not agree. They

presented two correlations

JD
= 5.7 Re-12178 l<Rem<30

56



and

j = 1.77 Re-°- 44 573O<Re <10,000

and modified the Chilton-Colburn analogy to relate mass and momentum

transfer by

JD = f/10 58

However, Welty et al. (1976) stated that if form drag is present, the

Chilton-Colburn relation between mass or heat and momentum is not valid.

Riccetti and Thodos (1961) studied the mass transfer of p-dichloro-

benzene, nitrobenzene, and water from particles to air, and they used

equation 59 to relate JD to Re.

jr) = (O.15)1Rer.4-1.5)-1 59

Their data and that of five others was well represented by this rela-

tionship.

Richardson and Szekely (1962) adsorbed carbontetrachloride from

air onto activated charcoal. They assumed plug flow of the gas and

complete mixing of the solids. Equations 60 and 61 were obtained to

relate the Sherwood number to the Reynolds number.

50

Sh = 0.374 Rel" 0.1<Re<15 60



Sh = 2..01 Re0.05 15<Re<250 61

Richardson and Szekely, however, used a very shallow bed (5dp) and they

admit that their results may not be representative of a deeper bubbling

bed. Their results, like those of other authors, show that the Sherwood

number is below its minimum theoretical value of two at low values of

the Reynolds number.

Jones and Smith (1962) freely suspended 2 to 19 mm naphthalene,

camphor, and benzoic acid particles in air to study the rate of mass

transfer from single and multiple particles. They noted that the speed

of revolution of some was as high as 20,000 rpm, that the particles

move up in the center and down near the walls of the container, and

that the particles never touch the container walls. No difference in

the mass transfer rate occurred between spinning and nonspinning

particles or between single and multiple particles. Equations 62 and

63 correlate their results. Each of these equations approach a minimum

Sherwood number of two as the Reynolds number approaches zero.

Sh = 2 + 0.25(Re Re1/2 Sc)1/3
p t

Sh = 2 + 0.55(Re Re11 Sc)1/3
p t

51

62

63

The rate of mass transfer between the bubble phase and the emul-

sion phase was studied by Szekely (1961) using injected bubbles

containing carbontetrachloride. He concludes that most of the mass



transfer occurs as the bubble forms and noted that little by-passing

took place unless the bubble diameter approached the bed height.

McConnachie and Thodos (1963) studied the evaporation of water

from packed and distended beds of 16 mm spheres. For heat transfer

they found

1.192 64
Reu.41-1.52

and for mass transfer

iD
1.127

"-m

52

65

They indicate that these relationships are consistant with the data

obtained by other investigators for packed and fluidized beds. No

differences were noted between the mass transfer rates for packed

and distended beds.

Wilkins and Thodos (1969) evaporated n-decane from celite spheres

into air. Their packed and fluidized bed data and that of several

other authors were correlated using the equation

= 0.589 Re-° .427 66

Vertical concentration profiles closely followed an exponential profile

except for some entrance effects.

Kato et al. (1970) sublimed naphthalene into air and correlated

this data with that of four other investigators to find



Sh = 0.72 Re0.95(dpILt)1.55Sc0.33 0.1<Re<5

Sh = 1.25 ReL63(d /L )1.23sc0,33 5<Re<1000
p t

It is interesting to note that for single and multiple particles, Jones

and Smith (1962) also used the idea of a ratio between the particle

dimension and the bed dimension when they correlated Sh f(Re ,
Ret,

Sc)

(equations 62 and 63).

Two parallel theoretical models for heat and mass transfer were

derived by Pfafflin et al. (1974). These were derived from the mass

and energy balances around the bed and, for heat transfer, is compared

to other experimental work. The models, in their simple form are, for

heat transfer

csW
Nu = C Re Pr

p csW + cWggJ

where the last term is approximately unity for gas fluidization; and

for mass transfer

Sh = C Re Sc /I v:17
vs .4.1

where V and Vs are the volumes of the fluid and solid respectively.

They note the similarity between these relationships and those of other

investigators they but make no numerical comparisons to data.

Mass transfer in a fluidized bed has been studied two main ways.

In the reviewed literature the investigators have treated the

69

70

53

67

68
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fluidized bed as a classical mass transfer apparatus and have

attempted to find a mass transfer coefficient between the solid and

the fluid. Some investigators (Rowe, 1962; Mori and Wen, 1975;

Stephens et al., 1967; vanDeemter, 1961; and Latham and Potter, 1970)

treat the bubbles as microreactors and account for mass transfer

between the bubbles and the emulsion. This sort of treatment is well

beyond the scope of this work, especially given the lack of

homogeneity in the raw material. It must be recognized, however, that

bubbling has dramatic effects on the efficiency of a bed operation and

cannot be neglected during scale-up. This perhaps is what led Botto

(1970) to state, "...one can easily understand the following

observations: Anything can be said and observed on fluidized

beds,...."

DRYING IN FLUIDIZED BEDS

The performance of a fluidized bed dryer depends on the flow

pattern through the dryer, the energy and material balance for the

dryer contents, and the drying kinetics of the solid material. A

complete picture of the drying kinetics for a given gas condition,

temperature, and flow pattern is given by a curve of the drying rate

versus moisture content. Calculation of this curve from momentum,

heat, and mass transfer fundamentals is somewhat uncertain so the

drying curve is usually determined experimentally.

The first, and very often referenced, work on the determination

of drying curves in fluidized beds was that of Vanecek et al. (1962

and 1966). They recognized that the drying curve in a continuous dryer

will differ from that in a batch dryer because the environment seen by
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the particle is different. In a continuous dryer the wet particles

interact with mostly dry particles, whereas, in a batch dryer the

particles interact with other particles of similar moisture content

and temperature. To simulate continuous drying in a batch dryer,

Vanecek et al. chose to isothermally dry a small amount of wet

material in a large amount of dry material, 20 to 100 g in 200 g. They

combine the expression for the movement of material through the dryer

(Danckwerts, 1953) with the experimental drying curve to predict the

performance of a continuous fluidized bed dryer. Equation 71 is the

result.

CO

M = f VOM(t)dt 71
0

Reay and Allen (1982a) improve the method of Vanecek by develop-

ing a procedure to convert an isothermal inlet batch drying curve to

an isothermal bed batch drying curve. The procedure is as follows:

Obtain the bed temperature as a function of time during the isothermal

inlet run.

Divide the isothermal inlet drying curve into small sections (At)ii.

For each increment note the amount of drying accomplished.

Calculate the time (At)ib required to accomplish the same amount of

drying at the desired isothermal bed temperature by means of equation

72.

(At)ii
{(v

ps - pi)(M - Meq)

(aoib
{(ps - Meq)1iiv v

v ib

72



Experimental studies with batch and continuous fluidization of ion ex-

change resin, iron ore, and wheat confirmed the validity of this method.

56

Build an isothermal bed drying curve by using equation 72 throughout

the drying period.

Reay and Allen (1982b) developed a set of rules for estimating

the effects of bed depth, gas velocity, and temperature on batch

drying curves. They conclude that for materials of low to moderate

internal resistance the drying time is proportional to the bed weight

and inversely proportional to the gas velocity. For a material with

great internal resistance, wheat was used in the experiment, the batch

drying curve is insensitive to bed weight and gas velocity, but

strongly dependent on temperature. To simulate continuous, well mixed,

fluidized bed drying at any condition of temperature, gas velocity,

and bed weight they recommended the following procedure:

Obtain an isothermal inlet batch drying curve at any convenient air

velocity, inlet temperature, and bed depth (greater than about five

centimeters).

Transform this curve to an isothermal curve using the technique

described in Reay and Allen (1982a).

For materials with high internal resistance, no further transformation

is required. For other materials the gas velocity and bed weight

may be accounted for by equation 73.

t2It1 = (uol/uo2)(W2/141) 73
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Vanderschen and Delvosalle (1982) did work to obtain separate

gas-to-particle and particle-to-particle heat transfer coefficients

which, when combined, form an overall particle-to-emulsion heat

transfer coefficient. They first tried to do this by continuous

drying, then by using 1 and 2 mm thermisters, and finally found

success using a very porous solid and the simulated continuous method

of Vanecek. They found the expression

h = 0.0619 d-1-17(uo/umf)-°.49
PP

to correlate the results for particle-to-particle heat transfer. They

conclude that the contribution of particle-to-particle interactions

is appreciable for fine particles, approximately 40 to 45 percent for

1 mm particles, and becomes negligible for particles greater than 4 or

5 mm.

Vanecek et al. (1970) reported on 182 drying tests with 21

different materials in 12 different continuous fluidized bed dryers.

For most of the materials the dryer operating velocity increased with

the square root of the particle diameter. Elutriation seemed to be

greater than what is predicted from laboratory studies, with particles

larger than expected being carried over. For the dryers in which the

residence time distribution was studied, eight were very close to

ideal mixing and one was not. The method of Vanecek (1962) was shown

to be capable of predicting, at least with some accuracy, the moisture

content of the material leaving the dryer. Seale up from pilot plant

dryers to industrial equipment can be accomplished by simple weight

74
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and gas velocity ratios if the bubble diameter is small enough so that

bubble-wall interactions are at a minimum. They state that the

performance of different dryers is best compared by the ratio of the

water evaporation rate to the grid area.

The use of heat exchanger surfaces to transfer heat to the

emulsion in a fluidized bed has been previously discussed. Such a

system increases the efficiency of fluidized bed drying operations

(Christiansen, 1979). For wood drying, such a system might also allow

a lower inlet temperature to be used and tend to reduce blue haze.

FLUIDIZED BEDS AND WOOD

The earliest reference found concerning the fluidized bed drying

of wood particles was a 1957 article in Chemie-Ingeniur-Teknic (Anon.,

1957; cited by Vanecek (1966) with no author and no title) on the

drying of sawdust and wood wool. In this article, data provided by a

dryer manufacturer stated that for wood, 3500 to 5200 kJ/kg was

required to evaporate water. This gives an efficiency of 0.5 to 0.75.

Plumb et al. (1978) predicted a maximum possible efficiency of 0.7 for

convective drying. They also state that commercial rotary dryers

have an efficiency of 0.4 to 0.6. From Anon. (1957) it is not clear

whether the described dryer is truely a fluidized bed since the solids

are input at the center and pushed to the periphery by slowly rotating

blades.

Fefilov and Sokolva (1959) (cited in Kobyl'skikh and Petri,

1966) dried wood particles in a fluidized bed but the fluctuating

values of bed pressure drop and exit gas temperature indicate that

good fluidization was not achieved. Their water removal rates per m3 of
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bed were on the order of only 130-220 kg/hr.

Kobyl'skikh and Petri (1966) constructed special gas distri-

buting devices to obtain uniform mixing throughout the bed and

did continuous drying on wood particles at temperatures of 130 to 200

°C. Moisture removal rates per m3 of bed were greater than 2000 kg/hr.

Entrainment of fines was less than three percent. Their initial wood

moisture contents were 50 to 55 percent.

Kumar et al. (1970) fluidized 0.177 to 2.83 mm sawdust in a bed

of 0.354 to 1.2 mm sand. The sand was used because of problems with

the wood fluidizing alone. At temperatures of 90 to 110°C the drying

times range from 9 to 15 minutes to reduce a batch of wood particles from

50 to 10 percent moisture content (basis not clear). It was proposed that

separation of the wood from the sand bed be accomplihsed pneumatically.

A 0.3 in spouting bed was used by Cowan et al. (1958) to dry 16

mm wood chips from 150 to 50 percent moisture at temperatures up to

600°C. Drying rates per m3 of bed ranged from 200 to 350 kg/hr. Their

thermal efficiency was 0.52 but they believe that this would be

greater if a deeper bed was used.

Suspension drying of wood was studied by Corder (1958) as a means

of utilizing waste stack gases. An efficiency of 0.75 was obtained.

Limited work concerning the drying of veneer, paper, and board

in a fluidized bed has been done. In this work sand or some other

inert material was fluidized and the wood product was immersed. The

fluidized material serves to transfer heat at the wood surface and

enhance the drying rate.

Luckins et al. (1962) conducted experiments in the fluidized bed
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drying of paper and linerboard at the British Rayon Research

Association. A laboratory dryer was constucted that could handle a

continuous 12-inch wide strip of paper. They concluded that the

laboratory dryer showed an advantage in compactness over conventional

dryers but no quantitative comparisons were made.

Carruthers and Burridge (1964) were the first to show that

veneer could be dried in a fluidized bed. Their work revealed a

twofold increase in the drying rate for fluidized bed drying over

platen drying. A problem they encountered was with the balotini

spheres sticking to the veneer. This problem was solved when Wen and

Loos (1969) used larger particles.

Wen and Loos (1969) calculated heat and mass transfer

coefficients for sapwood and heartwood (species not stated) dried in a

fluidized bed at 394, 422, and 450 K. They conclude that at

temperatures above 394 K (300°F) the bulk flow of water through the

wood caused their diffusion model not to apply. However, Ziegler and

Brazelton (1964) showed that surface-to-emulsion heat transfer in a

fluidized bed is an unsteady state process of particle heating and

cooling and not simple diffusion. Based on this, the heat transfer

coefficient calculated by Wen and Loos would, at any temperature, be

an apparent coefficient. In later work, Loos and Wen (1970) achieved

heat transfer rates of 900 W/m2K for yellow poplar dried in a fluidized

bed at 394 K and an air velocity of 1.57 m/s. This compares to 5 to 29

W/m2K obtained by Fleicher (1963) for parallel air flow at velocities of

1 to 5 s/s.

Loos (1971) dried green loblolly pine veneer of two thicknesses
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(2.54 and 4.76 mm), at three temperatures (394, 436, and 477 K), in

two media (sand and ceraspheres), at two air velocities (1.42 and 2.84

cm/s) in a fluidized bed. Drying times were one third as long for

ceraspheres in a fluidized bed than when jet drying at the same

temperatures. Temperature had the greatest effect on drying rate,

whereas airflow was most significant at lower temperatures.

Other fluidized bed work with wood occurs in the field of combus-

tion (Keller, 1973; Hildebrand; and York Shipley, 1975). The fluidi-

zation is done in conjunction with an inert, heat-carrying material

such as sand. The review of this literature is outside the scope of

the present research.
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PROCEDURE

The wood particles used in composition board and boiler fuel

vary greatly in their size and shape from plant to plant. If sawdust

Is used, they may be shaped like cuboids varying in size from dust up

to 3 or 4 mm. At the other extreme, flakes and wafers are plate-like

and may be 2 to 8 cm in the larger two dimensions. The size of

particles processed through a hog or a hammermill lie between these

two and have shapes which may be described as cuboid, acicular,

lenticular, and angular. The best word, however, is irregular.

RAW MATERIAL ANALYSIS

Two types of furnish are used in this study, processed particles

from the Duraflake Division of Willamette Industries at Albany, Oregon

and sawdust provided by the Weyerhaeuser Company at Federal Way,

Washington. A breakdown of the size properties of these two furnish

types are given in Table 5. Both were mostly Douglas-fir, Pseudotsuga

menziesii (Mirb.) Franco, and were dry when received.

The analysis sample for the processed particles was obtained

from the feed auger at the plant while the furnish was being dumped

for bagging. Sampling from a moving stream should give a more accurate

sample than scooping from the bags (Allen, 1974). The analysis sample

for the sawdust furnish was scooped at eight different levels from the

barrel in which it was delivered. This was done in an effort to obtain

a sample representative of the entire barrel. Screening was

accomplished using Sweco screens, the mesh of which are listed in

Table 5. A plus denotes the screen retaining the particle and a minus

denotes the smallest screen passing the particle.



Table 5. Summary of Sweco screen analysis of furnishes.

Screen Information Processed Particles Sawdust

Sweco mesh Larger
Opening

(mm)

Weight
fraction

Particle
diameter
(mm)

Sphericity Weight
fraction

Particle
diameter

(mm)

Sphericity

+4 - 0.011 7.44 0.47 0.010 7.28 0.37

-4+6 4.75 0.233 3.69 0.46 0.103 4.00 0.48

-6+10 3.35 0.233 2.74 0.51 0.199 2.66 0.72

-10+12 1.88 0.174 1.51 0.51 0.169 1.80 0.63

-12+16 1.53 0.081 1.29 0.65 0.153 1.39 0.61

-16+20 1.13 0.084 1.03 0.61 0.159 1.15 0.67

-20+30 0.80 0.111 0.76 0.52 0.147 0.66 0.64

-30+40 0.52 0.047 0.41 0.59 0.045 0.49 0.62

-40 0.38 0.026 0.24 0.71 0.015 0.18 0.71
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Particle Size and Shape

The particle diameters and sphericities in Table 5 were

determined by measuring the length, width, and thickness of ten

randomly selected particles from each size class. These dimensions

were then averaged to obtain a representative particle. The volume of

this representative particle was calculated by assuming the particle

shape to be a cuboid, except for the smallest two sizes (-40 and

-30+40) where a cylindrical shape was assumed. Based on this volume,

the particle diameter, sphericity, and the specific surface were

calculated using equations 1 through 4.

In this study it was desired to work with only three size

classes for each furnish. These were selected to be +6, -6+12, and

-12. The average diameter and sphericity for each of these three

size classes, and the unscreened furnishes, are given in Table 6.

These values were calculated from the data given in Table 5 and

equations 5 and 6. The large and small sizes given for each class are

not the absolute extremes, but rather the average oversized or

undersized particle for that size class. These are listed to give a

more accurate description of the particles.

The large processed particles range from approximately 4 to 20

mm in length, 1 to 5 mm in width, and up to about 1 mm in thickness.

Their shape varies considerably but a flat rectangular box would

suffice as a description. Medium processed particles are 1 to 10 mm in

length, 0.2 to 4 mm in width, and up to 2 mm in thickness. Like the

large particles, many of the medium particles can be described as a

flat rectangular box but many can be better described as long

rectangular boxes or cylinders. Phenolic resin can be observed on a



Table 6. Summary of the size classes used in the experimental work.

Particle Class Average Average Larger Particles Smaller Particles
type name diameter sphericity diameter sphericity diameter sphericity

(mm) (mm) (mm)

Processed Small 0.68 0.60 2.30 0.38 0.01

Processed Medium 2.03 0.51 3.68 0.52 0.12 0.38

Processed Large 3.78 0.46 7.00 0.37 0.53 0.53

Processed Mixed 1.29 0.56 7.00 0.37 0.01

Sawdust Small 0.80 0.64 1.39 0.61 0.01 -

Sawdust Medium 2.18 0.68 2.66 0.72 1.80 0.63

Sawdust Large 4.16 0.47 7.28 0.37 4.00 0.48

Sawdust Mixed 1.19 0.47 7.28 0.37 0.01
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small fraction of the particles in both of these classes. The small

particles range from dust up to 5 mm in length and 1 mm in width and

thickness. The great majority are less than 2 mm in length. The dust

particles are 10 to 50 1.m in diameter and very irregular in shape. In

the processed particles, the wood fiber direction nearly always

corresponds to the long dimension of the particle.

For the sawdust the large particles range from 6 to 60 mm in

length, two to 10 mm in width and 0.5 to 3 mm in thickness. They are

similar in shape to, but much longer than, the large processed

particles and tend to be slightly curled rather than flat. They

comprise a very small fraction of the furnish mix. The medium

particles are 2 to 5 mm in length, 0.5 to 2 mm in width, and 0.2 to 1

mm in thickness. The average medium sawdust particle is larger than

the average medium processed particle, but the medium sawdust is much

more regular in size. It tends to be short and squat as opposed to

long and narrow. This difference appears in the sphericities, 0.68 for

medium sawdust and 0.51 for medium processed particles. The small

sawdust particles range in size from dust up to 3 mm in length, 1 mm

in width and 0.6 mm in thickness. Again, they are more regular in size

than the processed particles and tend to be flat rectangles rather

than elongated. The wood grain direction does not necessarily

correspond with the long axis of the sawdust particle. Visually the

two furnishes are easily distinguished based on shape, but also the

sawdust is much darker in color.

Voidage

The voidage of the furnish was measured three ways; by freely

dropping it into a beaker, by shaking the beaker as the furnish was
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dropped, and by packing the furnish into the beaker. Knowing the

weight and volume of the wood furnish allowed the calculation of the

bulk density of the furnish. This, divided by the solid wood density,

yielded one minus the voidage. The voidage for the sawdust and hogged

furnish are presented in Table 7. The freely dropped values should be

the closest predictor to the voidage at the minimum fluidizing

conditions (Narsimhan, 1965).

Terminal Velocity

To estimate the terminal velocity of the processed particles,

representatives from each size class were dropped from a height of 4 m

at a location where no air currents existed. It was assumed that the

particle terminal velocity was reached quickly compared to the drop

time. This assumption, although questionable for the large particles,

should be fine for the small particles. It is most important to know

the terminal velocity of the small particles because this is an upper

limit for the fluidization velocity. Average drop velocities ranged

from 0.45 m/s for the fine particles to 2.3 m/s for the course

particles. The majority of the particles had terminal velocities

between 0.9 and 1.7 m/s. Table 8 presents the measured terminal

velocities and compares them to the literature.

EQUIPMENT USED FOR FLUIDIZATION

The fluidized bed used in this study was a 12-gauge steel unit (see

Figure 4a), square in cross section, 21 cm on a side. On one side of the

dryer, 20cm square windows were present above the distributor plate for

1 m. On the opposite side two such windows were present, 20 and 60 cm

above the distributor. Also on this side there were three doors, one



Table 7. Summary of voidage (e) data.

Particle Processed Particles
size

68

Sawdust

Dropped Shaken Packed Dropped Shaken Packed

Small 0.49 0.44 0.39 0.54 0.52 0.43

Medium 0.54 0.52 0.47 0.53 0.50 0.44

Large 0.68 0.63 0.55 0.71 0.68 0.60

Mixed 0.50 0.48 0.37 0.53 0.51 0.41

Table 8. Summary of terminal velocity measurements.

a b
Particle Measured Calculated Calculated
size m/s m/s m/s

-40 0.45 0.48 0.41

30+40 0.74 0.60 0.70

20+30 0.87 0.65 1.34

16+20 1.03 0.79 2.04

12+16 1.26 1.01 2.63

10+12 1.30 1.30 2.90

6+12 1.63 1.49 5.71

-4+6 1.87 1.77 10.64

+4 2.62 2.27 3.39

aKunii and Levenspiel (1977)

bWen and Hashinger (1960) with Pettyjohn (1948) correction
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just above the distributor, the second 80 cm above the distributor,

and the third located at the top of the disengaging section. Two

perforated steel distributor plates were used. Each had a square

pitch, the first with 3.18 mm holes on 10.85 to 13.85 mm centers (Type

A), and the second with 4.76 mm holes on 10.85 mm to 13.85 mm centers

(Type B). These were drilled so that the center of the plate had a

slightly lower open area than the edges. The average open area of the

plates were 3.76 and 8.46 percent respectively. The pressure drop

across the distributors ranged from 2 to 10 kPa; sufficient to achieve

uniform flow through the holes. Double plates with a screen in between

were not used in an effort to minimize the pressure drop through the

plate at a given air flow. From 1 m above the distributor to the top

of the disengaging section the bed was widened to 38 cm from 21 cm

square. This increased the cross sectional area and decreased the air

velocity to reduce particle carryover. The height of the bed from the

distributor to the exit was 2.5 m. At the exit to the bed a 15 cm by

71 cm high cyclone was used to separate fines from the discharge gas.

As much as possible the inlet pipework and the bed were thermally

insulated with fiberglass batt insulation.

The air for fluidization was supplied by a Roots positive

displacement blower driven by a 5 hp, 220 volt, three phase, electric

motor through a Reeves 000 variable speed transmission unit. The air

passed from the blower, through a firebrick lined fire box in which a

Ransome Gas Industries B-4 propane burner and pilot assembly were

located. In this fire box the air was heated by direct firing.

Combustion air was supplied from the main air stream. Gas flow was
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manually controlled through a system of needle valves and, for safety,

a pilot flame detection thermocouple was used in conjunction with a

pepper box and emergency shut-off solenoid valve. An orifice meter was

located downstream 1.5 meters from the fire box.

To calibrate the orifice meter, a rotometer was attached in series

and various air flow rates were used with different distributor plate

resistances. In an ideal orifice meter

\(2gAp /P
o vcv =C

vc V1-(Au/Avd2'

Since c, g, Au, and Aare essentially constant for Re>10,000, these

were lumped together and a power curve fit was done on 54 data points.

From this

0.502
vvc=

0.8192(6p /p )0 vc

where PVC and V the density and the velocity respectively at

the vena contracta. The superficial air velocity in the bed is then

found by equation 77.

uo = vvcpvcAVc/pbedAt 77

Pressure was measured at several locations: upstream from the

orifice meter, at the vena contracta, and under the distributor plate

with manometers; and just above the distributor plate and just above

75

76
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the bed with magnahelic gauges. Temperature was monitered with

chromal-alumal thermocouples located upstream of the orifice meter,

below the distributor, in the bed, and at the exit pipe from the

disengaging section. A suction dry-bulb and wet-bulb thermocouple

arrangement was also located at the exit pipe and was used during

drying for monitering the discharge gas humidity. A filter for the wet

bulb device was constructed for each drying run by fitting a piece of

facial dust filter mask over a piece of window screen. Initially, a

vacuum pump drew air through the device, however, it was later

discovered that the pressure in the bed (0.5-3 kPa gauge) was

sufficient to push the sample gas past the wet- and dry-bulb

thermocouples. In addition to getting a higher gas flow rate and being

easier to use, this allowed the wet-bulb to remain at a constant one

atmosphere which greatly simplified psychrometric calculations.

Signals from all thermocouples were monitored discretely by a

Hewlett-Packard 3490A multimeter and recorded on magnetic tape by a

Hewlett-Packard 9825 computer.

MOMENTUM TRANSFER PROPERTIES

.Minimum Fluidization Velocity

The minimum fluidization velocity was measured for sawdust and

processed particles at three moisture contents, 5, 50, and 100 per-

cent on a dry basis, and at a slumped bed depth of 15 cm. For

processed particles a second bed depth of 30 cm was also tested. Re-

corded were the pressure under the distributor plate, the pressure

in the bed, the bed pressure drop, the air flow rate, and the bed

depth.
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Initial attempts to measure the minimum fluidization velocity

were made by increasing the air flow rate from zero to that required

for fluidization. This method did not give reproducible results.

Channels would sometimes form and material which on the previous run

had fluidized nicely, would not fluidize at all. In subsequent tests

the air flow rate was rapidly increased until the material was well

fluidized at a velocity greater than the minimum. The airflow was then

decreased until the minimum fluidization velocity was reached. This

gave results that were much more reproducible than the original

method.

On any given run the bed was filled to the required depth and

the wood weight and moisture content recorded. The air velocity was

increased until the material was vigorously fluidized, then decreased

in small increments (0.05 to 0.15 m/s) and the bed conditions visually

noted. After the run the bed material was weighed and the moisture

content determined. The weight of the solids carried over was also

recorded. If the moisture content decreased by more than 30 percent or

if a material balance was in error by more than 5 percent, the run was

repeated.

Voidage

The bed voidage at the minimum fluidizing conditions was deter-

mined from the bed depth, the wood density, and the bed weight accord-

ing to equation 78.

mf
= 1 - W/(AtLmfps) 78
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Residence Time

The residence time of the wood material in a continuous

fluidized bed dryer was checked indirectly by measuring the time for

complete mixing in the batch dryer. If the time for mixing is short

compared to the drying time, then the residence time distribution for

a continuous dryer will follow an exponential decay curve. The

information obtained is also useful in ensuring that all parts of the

batch dryer are being fluidized and will be essential in predicting

the performance of a continuous dryer. The degree of mixing for a

given time was determined by dropping colored particles into the dense

phase while it was fluidized at near minimum conditions. In the bed,

1.3 kg of dry processed particles were fluidized, the colored

particles released, and the bed run for 20, 10, or 5 seconds. This was

accomplished by placing 0.2 kg of dry, colored, processed wood

particles into a plastic bag suspending it just above the dense phase,

releasing the particles, and then raising the bag so as to not interfere

with fluidization. The material in the bed was then removed by small

handfuls and the particle concentration visually noted. Uniform

concentrations were oberved at all three times for the final

distributor plate designs.

Elutriation

Elutriation from the bed was investigated for processed

particles at 15 and 30 cm bed depths, at air velocities of umf, 1.25umf'

and 15umf and at 5, 50, and 100 percent moisture on a dry basis. For

the sawdust, air velocities of umf, 1.33umf, 1.5umf, 2umf, and 3umf were

used with dry particles and a bed depth of 15 cm. In each case the
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composition of the material in the bed consisted of 15 percent from the

large size class, 55 percent from the medium size class, and 30 percent

from the small size class. The furnish was mixed prior to adding it

to the bed. Nineteen samples of cyclone fines were taken during each

run. Initially these were at 15 s intervals. By the end of the run

the interval was 6 minutes. Each run was 34 minutes in length.

For most of the work the type A distributor plate was used. At

some of the higher air velocities the plate pressure drop became too

high and the Reeves transmission unit would slip. To alleviate this

problem the type B plate was used. This is indicated on the figures and

tables by a footnote. Of course, the distributor design will have an

effect on the elutriation constant.

To start a run the material was added to the bed, the blower

turned on 3 to 4 s prior to the start of the timer, and the airflow

was increased so that it was close to the desired rate within the

first two or three seconds after the timer was started. Small

adjustments in the airflow were made to achieve and maintain the

desired airflow rate. Samples were collected by holding a plastic bag

under the cyclone and changing them every 15 s for 2 minutes, every 1

minute for 4 minutes, every 2 minutes for 4 minutes, every 4 minutes

for 12 minutes, and every 6 minutes for 12 minutes. Each sample from

the cyclone was weighed and visually examined for composition. The

material remaining in the bed was weighed and if the material balance

was in error by more than 5 percent the run was repeated. In the

cases where wet furnish was tested, the moisture content of the bed

material was checked before and after the run and for one run the
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moisture content of the cyclone material was recorded. The elutriated

weight verses time data may be found in Appendix A.

Elutriation is a first order process, with the amount of carryover

of a given particle size proportional to its concentration in the bed

(see pages 24 through 26). Equation 79 expresses this symbolically.

dX/dt = -KX 79
S s

The solution to this first order differential equation is given in

equation 80.

X = X e
-Kt 80

SO

Since during the experiments, the weight of the carryover, We was

recorded, equation 80 can be rewritten as equation 81 to better accomo-

date the data.

We = Wo(1-e-Ict) 81

The production of elutriatable fines during fluidization is

considered by some investigators (Merrick and Highley, 1974; Colakyan,

1980; and Colakyan and Levenspiel, 1983). If this were large it would

be necessary to include it in the model. To test the production of

fines, one run was done with processed particles for a run time of 15

hours and another run was done by operating the bed at 2umf for 3

minutes to entrain most of the fines followed by a 2 hour elutriation
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period at 1.2umf Both of these indicated that long term carryover

(presumably due to attrition) is on the order of one gram per

kilogram of bed weight per hour. As a result, the production of fines

due to material friability was not included in the model.

The model described is nonlinear and a linearization technique

was applied to find the least squares estimate for the parameter Wo,

the elutriatable fines initially in the bed, and the parameter K, the

elutriation constant. This procedure is described in Appendix B. The

elutriation constant, K , was found by mutiplying by the bed weight and

dividing by the bed area (equation 22).

HEAT TRANSFER PROPERTIES

Gas-to-Particle Heat Transfer

Gas-to-particle heat transfer coefficents were measured by the

unsteady-state heating of a batch of solids. This was done at two

inlet temperatures of 400 and 480 K, three air velocities of 1.3, 1.6,

and 1.9 m/s, and with four size classes of processed particles, small,

medium, large, and mixed. One additional velocity, 2.1 m/s, was used

at the higher temperature for each particle size class.

After screening, the furnish was dried at 175°C for 5 minutes

to reduce moisture transfer during the heat transfer study. All

carryover during material preparation was remixed to maintain the

original size distribution. The mixed size class was combined and

mixed prior to adding it to the bed.

A heat transfer run consisted of several steps. First, a steady

temperature and airflow were obtained through the empty dryer. After
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the steady-state condition had been achieved, room temperature

particles were injected into the bed to obtain a bed depth of 15 cm.

To obtain the required bed depth the particle size to be used was

preweighed. The required weights were 1.35 kg if the small or mixed

size class was used, 1.2 kg for the medium size class, and 0.95 kg for

the large size class. Adding the material by weight rather than by bed

depth was easier and gave more consistency from run to run. During a

run the temperatures below the distributor, in the bed, and just above

the bed were recorded every 1.5 seconds. A run lasted from 1 to

3 minutes depending on the airflow rate, temperature, and particle

size.

The data analysis was accomplished by fitting an exponential

curve to the temperature of the gas leaving the bed as a function of

time. This equation was similar to equation 33, except that the

thermocouple time response was accounted for. The fits were very good

in all cases except when the fluidization was poor. This often

occurred for large particles at low air velocities. The fitted

equation was then used as the exit gas temperature during the

remaining calculations. It was felt that the wall effect was

significant and this was accounted for by deriving three differential

equations for the temperature of the gas, solid, and wall. These

equations were solved using an iterative trial and error procedure the

details of which are presented in Appendix C.

Emulsion-to-surface Heat Transfer

Emulsion-to-surface heat transfer was measured with a tubular,

in-bed heat exchanger. This heat exchanger was constructed from a 9.5
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mm o.d. copper tube and was installed in the dryer 8 cm above the

distributor plate as per Figure 5. Oil (Union Oil Company, ISO VG 46)

or water was used as the tube-side fluid. Thermocouples were located

inside of the tube at both the entrance and exit to the dryer. Screen

packing was located ahead of the second thermocouple to disrupt

laminar velocity and temperature profiles should they develop. The

Reynolds number in the tube ranged from 4,000 to 17,000. The accuracy

of the apparatus was checked using the empty bed and a bed of

fluidized silica sand.

Experiments were conducted with predried processed particles and

during the batch drying of processed particles. In each case the fluid

temperature in and out of the exchanger were monitored and equation 82

was used to determine the heat transfer coefficient.

Uo = q/AoATlm 82

The heat transfer rate, q, was determined from the product of the fluid

volume flow, density, heat capacity, and temperature drop. A is the
0

outside heat exchanger area, and aim is the log-mean temperature

difference between the fluid and the emulsion. The outside heat trans-

fer coefficient, hs, was then determined from equation 83.

1/hs = 1/U - A /A.h.
o o 11 83

The inside heat transfer coefficient was estimated from literature

correlations. Equation 84, the Dittus-Boelter equation, was used in
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the case of water.

Nu = 0.023Re0-8Pr13.3 84

For the oil, equation 85 for high Prandt number fluids was used (Welty

et al., 1976).

St = 0.023Re-0 .2pr-o.66(01w)o.14 85

Water properties were easily obtained from standard tables, however,

the oil properties had to be interpolated from limited manufaturer's

data. Based on the manufacturer's suggestion this was done linearly

for the density, heat capacity, and thermal conductivity, and accord-

ing to ASTM D341-77 for the kinematic viscosity. These relations are

presented in equations 86 through 87.

p = 889.3 - 0.32T 86

c = 1700 + 4.14T 87

k = 0.1335 - 0.0000738T 88

10(9.19198 - 3.596591og(T+273)

v = (10 - 0.7) x 10-6 89

A first attempt to verify the accuracy of the temperature
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measurements was done using an empty bed. It was determined that ho

was approximately 80-90 W/m2K, but this could not be verified using

literature correlations because of the proximity of the tube to the

distributor plate and the tube spacing. To this end, a 1.3 mm diameter

silica sand was fluidized and, using water (because its properties are

well known) as the heat exchanger fluid, a heat transfer coefficient

of approximately 190 W/m2K was obtained. This is approximately 35

percent greater than the known coefficient for this material which was

taken with a larger tube diameter. According to Vreedenberg (1958) the

tube diameter is proportional to the heat transfer coefficient to the

-0.56 power or, in this case, the experimental coefficient should be

39 percent higher than the published coefficient. Oil was then used

withthesilicasandtocalculatehi, its value was 1147 W/m2K

compared with 1108 W/m2K predicted by equation 85. Since h is so much

larger than ho, the error is insignificant. Even varying hi from 800 to

infinity had very little effect on ho for a given U.

BATCH DRYING

Since both the processed particles and the sawdust were already

dry when received, they were wetted prior to the drying experiments.

This was accomplished by placing a known weight of screened wood

material in a plastic bag and adding water while mixing thoroughly.

The wetted particles were then allowed to equilibrate for at least 6

hours so moisture gradients within individual particles could dissipate.

Any particles which were not used and remained wet for more than 10

days were discarded. Most moisture contents, after adding the water,
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were between 100 and 120 percent.

Batch drying runs were made with 2 kg of wet material which

approximately corresponds to bed depths of 16 cm for the small,

medium, and mixed particles and 22 cm for the large particles. The air

velocities based on the bed conditions before particle injection

were 1.5, 1.75, and 2.0 m/s with inlet temperatures of 127 and 207°C.

For the processed particles, all 24 combinations of these variables

were tried. For sawdust only one air velocity, 2.0 m/s, was used at

the two inlet temperatures. Small, medium, and mixed sawdust were

tried for a total of six runs. Large sawdust was not tried because

equipment limitations precluded its fluidization.

A batch drying run began by obtaining a steady airflow and

temperature in the dryer. The wet particles were then injected into

the bed while the airflow and inlet conditions were held constant.

Temperatures below the distributor, in the bed, just above the bed,

and at the exit from the bed were recorded. The dry-bulb and wet-bulb

temperatures were also recorded for a continuous gas sample at the

exit. All temperature readings were taken every 3 s. The pressure in

the bed, pressure drop across the bed, and the pressure under the

distributor plate were also recorded. These ranged from 0.2 to 0.4,

1.0 to 2.0, and 3.0 to 4.0 kPa respectively. A drying run lasted from

4 to 15 minutes depending on the temperature, airflow rate, particle

size, and initial moisture content. It should be noted that although

the gas mass flow rate remained constant during a run, the gas

velocity in the bed changed with bed temperature since the gas density

would necessarily change at a constant pressure.
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The weight and moisture content of the material removed from the

bed were recorded. In all cases the wood was at zero moisture content

when removed. Cyclone fines were also weighed and the moisture content

checked. Their moisture content ranged from 5 to 10 percent and the

amount carried over ranged from 5 to 88 g for the processed particles

and from 20 to 234 g for the sawdust.

The temperature readings, taken every 3 s, were averaged into

groups of five (15 second intervals) to make data analysis less

cumbersome. This procedure was checked on four runs and there were

only minor differences between the analysis using every point and the

five-point-average analysis.

From the wet-bulb and dry-bulb readings and the gas mass flow

rate at the inlet, the moisture content of the drying particles was

determined as a function of time. The outlet humidity, y exit ' was

calculated using the standard psychrometric relationship (Treybal,

1980) given in equation 90.

X k
T -T = (y' - y' )dry wet h wet exit

To obtain the humidity at the surface of the wet bulb, y'wet, the

saturated water vapor pressure based on the wet-bulb temperature was

obtained via equation 91 (Yaws, 1977)

pv
= (1.0133x105)(1/760)10f(T) 91

90
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f(T) = 16.373 - 2818.6/(T+273) - 1.6908 log (T+273)

+ 5.7546x10-3(T+273) + 4.0073x10-6(T+273)2 92

The ideal gas law was used in the form of equation 93 to convert from

the saturated vapor pressure, p:, to the humidly ratio v
'

wet= psMw/((101330- 4)Mair)
93

v

The latent heat of vaporization was obtained from equation 94.

= 1000(2502.4 2.41T) for 0<T<100°C 94

The value of hg/kg was assumed to be 950 Nm/(kg K), as is common

practice with air water systems. This procedure established the outlet

humidity at each time interval. The inlet humidity was considered

constant and was determined in a similar manner based on the wet-bulb

and dry-bulb readings taken before the batch of particles was

introduced to the bed.

Once the inlet and oulet humidities were known, the moisture

content and drying rate during each time interval could be obtained.

First the total water leaving the dryer during a time period, i, was

calculated using equation 95, a mass balance on the water.

WI = (y'xit - y' )G (t -t. 1)e inlet o i 1- 95
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From the initial moisture content and bed weight, the dry bed weight

could be determined. Knowledge of these enabled the moisture content

of the drying wood material to be determined at each sequential time

interval according to equation 96.

M= Mi-1- Wi/Wdb
96

The drying rate for a given time interval, Ri' was expressed as the

grams of water coming out of the wood per kilogram of dry wood per

second (g/kg/s). This was determined by equation 97.

Ri= 1000Wi/W/(t-ti-1)
97

The wet-bulb thermocouple had a time response of 8 to 12 s

depending on the air velocity through the humidity sensing device.

This velocity varied with bed pressure, fluidizing velocity, and the

temperature in the bed. Because of this variance, it was not practical

to develop a transfer function to correct for the thermocouple time

response. Any airflow measurement device placed ahead of the wet-bulb

would allow the sample gas to cool and moisture to condense. Any such

device placed after the wet-bulb would alter the pressure and hence

the psychrometric relations. The wet-bulb time response is short rel-

ative to the drying time, and the conditions at the exit only change

rapidly at the begining of the drying process. For these reasons, the

psychrometric readings were used unadjusted except at the begining of

a run where the maximum drying rate was found, and it was assumed that
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this drying rate existed from the time of particle injection. A wet-

bulb problem was encountered at the end of drying when elutriation in-

creased. As this occurred, dust would accumulate on the wet-bulb wick

causing the wet-bulb reading to not return to its original value. As

time progressed this error would worsen. The end of the drying period

was selected based on the minimum value for the humidity.

Some error generally occurred in the overall material balance so

that at the end of drying the calculations did not indicate zero

moisture. This error was usually less than 5 percent although an error

of up to 10 percent was considered acceptable. For plotting and

discussion purposes a modified moisture content and drying rate were

calculated by evenly distributing the error throughout the drying

period.

BATCH SIMULATED CONTINUOUS DRYING

Material preparation for the batch simulated continuous (BSC)

drying experiments was done in the same way as for the batch drying.

BSC runs were made with 1.5 kg of mixed material already fluidized in

the bed to which was added 0.25 kg of wet material. This enables the

wet particles to dry in an environment similar to that which would

exist in a continuous fluidized bed dryer. Two air velocities of 1.6

and 2.0 m/s were used at three inlet temperatures of 127, 167, and

207°C for small, medium, large, and mixed processed particles. Thus a

total of 24 runs were done for processed particles. For sawdust a

single air velocity of 2.0 m/s was used at inlet temperatures, 127 and

207°C, for the small, medium, large, and mixed size classes, giving a

total of 12 runs.
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A BSC drying run began by obtaining a steady-state temperature

and airflow in the empty dryer. After the dryer was warm, the heater

and blower were shut off, 1.5 kg of dry (4 to 6 percent moisture

content) mixed particles were added to the bed, and the bed was

immediately brought back to steady-state conditions. A period of 5 to

15 minutes was then used to dry the material in the bed, ensure steady

state conditions, prepare the sample to be dried, and check instrument

operation. This period also allowed most of the elutriatable fines to

leave the bed and virtually eliminated the problem of the wet-bulb

getting dirty as occurred in the batch drying experiments.

After the 5 to 15 minutes of steady-state operation, 0.25 kg of

wet particles were injected into the dryer. The same temperatures and

pressures were recorded for the BSC drying as were recorded for the

batch drying (see page 82). Temperature readings on most runs were taken

every 1.5 s rather than every 3 s. After drying, the weight of the bed

and the cyclone material were recorded. Bed moisture contents were

always zero. The moisture content of the fines was 2 to 4 percent.

Drying times ranged from 1 to 3 minutes.

Inlet and outlet humidities, the wood moisture content, and the

drying rate were calculated in the same manner as was done for the

batch drying data (see page 83), except that each data point was used

rather that averaging five points together. It should be noted that

the drying rate is based on the dry weight of the drying material, not

of the entire bed.
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RESULTS

The results of any study have limitations. In the case of

fluidization every variable is an integral strand in the operational

mesh and affects reactor performance. To this end, the application of

this study to an industrial dryer may be done, but carefully. Special

attention must be paid to each bed and material variable so that

scale-up is accurate.

MOMENTUM TRANSFER PROPERTIES

Minimum Fluidization Velocity and Voidage

The minimum fluidization velocity for a bed of spherical

particles of uniform size is a definable value. For a nonspherical,

polydisperse material, such as wood, the exact value is not well

defined. In a typical test with a mixture of dry, hogged wood

particles at a 15 cm bed depth, the material was well fluidized at 1.2

to 1.5umf (umf = 1 m/s at 20°C). Small channels occasionally formed and

disappeared, bubbling kept the bed in constant motion, and the bed

surface was difficult to distinguish. Above this air velocity range

air channeled through the bed and much of the bed material, 30 to 50

percent, was in the lean phase. As the gas velocity was decreased to

between umf and 11umf the solids in the emulsion could still be seen

moving, and bubbling was greatly decreased. At umf all parts of the bed

were still fluidized, almost all of the material was in the dense

phase, and the bed surface was easily distinguished. Below umf some

parts of the bed were still fluidized and channeling occurred. These

channels were visible after shutdown.
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Because of the subjectivity of umf to interpretation, certain

criteria were developed by which to judge the minimum fluidization

velocity. These were:

the emulsion had to be in motion,

no stagnant areas could be visible on the bed surface,

no large stationary void areas could be visible in the bed,

excessive channeling must have been absent,

and the bed surface had to be close to level.

If the bed was not fluidized well enough to meet these criteria, then

the air flow was below that required for fluidization.

The minimum fluidization velocity for processed particles and

sawdust are presented in Table 9. In the cases where the large furnish

would not fluidize, a large center channel would form or the entire

bed would lift away from the distributor plate, sometimes up to 20 cm.

In the case where the small furnish did not fluidize, the high

moisture content caused agglomeration and channeling. Once the bed

reaches a stable configuration, such as a channel, it tends to stay

that way if the airflow is increased, or collapse to a fixed bed if

the airflow is significantly reduced.

The bed voidage data is presented in Table 10. In cases where

fluidization did not occur, channels prevented making a measurement of

the bed depth because of an unlevel surface. The bed expansion was ap-

proximately 20 percent from the initially loaded depth to the depth at

the minimum fluidization velocity. No consistent trend was noted with

particle size or moisture content.

The minimum fluidization velocity increases with increasing
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Table 9. Minimum fluidization velocities for wood particles. Values
are in m/s. No indicates that the material did not fluidize.

15 cm bed depth; processed particles

percent size
moisture on
dry basis small medium large mixed

30 cm bed depth; processed particles

percent size
moisture on
dry basis small medium large mixed

15 cm bed depth; sawdust

percent size
moisture on
dry basis small medium large mixed

5 0.49 1.14 No 1.08
50 0.71 1.36 No 1.26

100 No 1.43 No 1.49

5 0.26 0.54 No 0.55
50 0.48 0.86 No 0.73

100 0.91 1.05 No 1.23

5 0.62 0.93 1.45 1.03
50 0.75 1.10 1.50 1.14

100 0.81 1.26 No 1.35



30 cm bed depth; processed particles

15 cm bed depth; sawdust
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Table 10. Voidages for wood particles at the minimum fluidization
velocity. No indicates that the material did not fluidize.

15 cm bed depth; processed particles

percent size

moisture on
dry basis small medium large mixed

percent size

moisture on
dry basis small medium large mixed

percent size

moisture on
dry basis small medium large mixed

5 0.52 0.68 No 0.65
50 0.56 0.63 No 0.55

100 No 0.53 No 0.49

5 0.61 0.71 No 0.66
50 0.57 0.66 No 0.57

100 0.53 0.58 No 0.58

5 0.58 0.68 0.74 0.63
50 0.55 0.71 0.69 0.60

100 0.48 0.56 No 0.53
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moisture content and generally increases slightly with increasing bed

depth. The most striking feature in the data is the difference between

the results for the hogged material and the sawdust. The sawdust

fluidized at a much lower velocity than the processed particles,

especially at low moisture contents. This difference can be attributed

to the greater sphericity of the sawdust and explained using the Ergun

equation for the pressure drop through fixed beds. In the Ergun

equation (equation 11), the velocity must decrease to maintain a

given pressure drop if the sphericity increases and the voidage

remains the same. Significant differences exist between the

sphericity of the processed particles and the sawdust (see Table 5)

but the voidages are nearly the same (see Table 10).

Most of the correlations in the literature have some restriction

such as spherical particles, a single particle size, a specific size

range, or a specific material. In Figures 6 and 7, six of the less

restrictive correlations discussed in the literature review have been

applied to hogged furnish and sawdust, respectively. Noteworthy is the

tremendous range of predicted values and the disagreement between the

experimental and the predicted. For small particles the values vary by

a factor of 10 and for the large particles by a factor of 30. With

this much disagreement the design of fluidization equipment for wood

is difficult at best. The disagreement probably arises because the

shape of the wood particles is far from spherical, the voidage is

large, and the density is lower than most of the investigated

materials.

The Ergun equation (equation 11) appears to be the best predictor
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of the minimum fluidization velocity for wood particles. This is not

to imply that it should be used in design, but rather that it could be

used to get an idea of how a wood furnish might fluidized. Most likely

it will underestimate the minimum fluidization velocity. Any design

will have to be based on experiments in a test facility, at least

until more information becomes available on the fluidization of

materials with low sphericities and densities. Extrapolation of the

results presented here to large (5-10cm) boiler fuel particles might

be disasterous. Without refinement, even if this material would fluid-

ize, the high air velocity and accompanying pressure drop would most

likely make it uneconomical.

Mixing and Residence Time

The mixing in the experimental dryer was very good. The time for

the colored material to completely mix with the bed material was less

than 5 s. Compared to the particle drying times, which were up to 5

minutes in the batch simulated continuous experiments, 5 s is very

short. Thus, the exit age distribution from a continuous dryer would

be that given by Danckwerts (1953) for a well mixed system (equation

98), where E(t) is the fraction of material in the exit stream which

has been in the dryer between t and t+dt.

E(t) =fiv1/V)e(-v1t/V)dt 98
0

This would most likely be true in an industrial dryer if it were not

too large, without baffles, without nonfluidized areas, and if it were

not irregular in shape. Staging or a plug flow section would alter
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this and might be used intentionally to increase the drying efficiency

(Beran and Lutcha, 1975) or to reduce emissions.

Elutriation

The elutriation constants calculated for dry wood particles are

presented in Table 11. Elutriation constants for wet material were not

calculated because during fluidization the particles dried, changed

weights, and did not elutriate according to the first order model (see

Figure 8). The weight versus time data for each run is presented in

Appendix B. Figure 8 is a plot with some typical weight elutriated

versus time data.

The first thing to be noticed is that as the gas velocity

increases, the values for the elutriation constant, K, generally

decrease but do not follow a consistent pattern. Theory and other

investigators predict that the coefficient will increase with

increasing air velocity. The elutriation constants obtained

by other investigators, however, are for one size of particles

in a bed of nonelutriatable material, whereas the constants presented

here are for a range of particle sizes. As the velocity increases, the

number of size classes which are elutriatable will increase, and the

"average" terminal velocity will increase causing the shape of the elut-

riation curve to flatten. This causes the unexpected decrease in the

elutriation constant, even though as the velocity is increased, more

material is carried out of the bed.

This unusual trend in the elutriation constant can also be

explained numerically using the correlation of Colakyan and Levenspiel

(1983). As an example, take the run done with dry processed particles
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Figure 8. Weight elutriated versus time for processed particles dry and at 100 percent
moisture. The bed depth was 15 cm.

0
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Table 11. Elutriation constants for the dry wood material.

0.15 meter bed depth - processed particles

fluidization
velocity
(m/s)

fluidization
velocity
(m/s)

0.30 meter bed depth - processed particles

bed
weight
(kg)

K K*

(1/s) (kg/m2s)

0.15 meter bed depth - sawdust

bed
weight
(kg) (1/s) (kg/m2s)

98

W

(kg)

0.55 1.179 0.00636 0.183 0.0099

0.72 1.140 0.00614 0.171 0.0177

0.82 1.118 0.00448 0.122 0.0249

1.10 1.130 0.00360 0.360 0.0691

1.592 1.190 0.00280 0.099 0.0783

1.12 2.878 0.00364
g.177

0.0825

1.43 2.898 0.00251 0.1633

1.59 2.903 0.00284 0.201 0.49251

1.642 2.802 0.00373 0.260 0.1853

fluidization
velocity

bed
weight

K
*

K W

(m/s) (kg) (1/s) (kg/m2s) (kg)

1.03 1.434 0.00645 0.226 0.0164

1.29 1.328 0.00427 0.138 0.0634

1.53 1.350 0.00261 0.086 0.1275

'Very poor curve fit; data collected for only 14 minutes.
2Type B distributor plate was used.

K K* W

(kg)
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at 1.03 m/s. Table 12 presents the weight initially in the bed (W01),

the terminal velocity of the particles (uti), and the elutriation

constant (Ki) as calculated using equation 99 (see Table 2) for each

screen size.

K = 0.011ps(1-uti/u0)2 99

Applying equation 81 to the data in Table 12, the predicted weight

elutriated for each size class can be calculated as a function of time.

If each of these first order functions are then added, the total weight

of all sizes elutriated can be calculated as a function of time. For

the example with uo = 1.03 m/s and using the data from Table 12, this

sum would be equation 100.

We=
0.0373(1-e-0.0452t) + 0.0674(1-e-0.0112t)

.+ 0.159(1-e-0.00346t) 100

If the curve represented by equation 100 is fit with an equation of

the same form as equation 81 (as was done for the data), then an

overall elutriation constant of K = 0.0081 can be predicted. If this

whole procedure is repeated for uo = 1.29 m/s and uo = 1.53 m/s, the

elutriation constants are K = 0.00150 1/s and K = 0.0054 1/s,

respectively. Thus, as the air velocity increases, the expected

overall elutriation constant does not follow a consistent pattern even

though more material is carried out of the bed. The predicted

elutriation constants calculated in this manner are given in Table 13

for all runs done with the type A distributor plate. Note that in all



Table 13. Predicted elutriation constants for all runs using the
type A distributor plate.

Processed Particles

15 cm bed depth 30 cm bed depth

Sawdust

15 cm bed depth

100

Table 12. Calculated elutriation constants for processed wood
particles at u =

0

Sweco uo
Screen (m/s)

1.03 m/s.

WI
(kg)

Ki
(1/s)

-40 0.45 0.0373 1.57
-30 +40 0.74 0.0674 0.39
-20 +30 0.87 0.159 0.12
-16 +20 1.03 0.121 0.00
-12 +16 1.26 0.116
-10 +12 1.30 0.250
-6 +10 1.63 0.334
-4 +6 1.87 0.334 -

+4 2.62 0.014

u (m/s)
0

K(1/s) uo(m/s) K(1/s)

1.03 0.0081 1.12 0.0041

1.29 0.0150 1.43 0.0048

1.53 0.0084 1.59 0.0070

uo(m/s) <(us)

0.65 0.0200
0.72 0.0260
0.82 0.0074
1.10 0.0146
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calculations some error will occur because the solution to the

original first order differential equation was obtained with the

assumption of a constant bed weight. If the amount of material

elutriated is large, 10 to 20 percent of the bed weight, this

assumption is violated.

In all cases the predicted elutriation coefficient was greater

than that obtained in the experimental dryer. This discrepancy, which

ranges from a factor of 1.3 to 5 and averages 2.5, is due to the

disengaging section of the bed. As the bed widens the gas velocity

decreases and much of the fines fall back into the lower portion of

the dryer. If an industrial sized dryer was operated with a particle

size distribution similar to that used in this study at an air mass

flow rate of less than 1 to 2 kg/m2/s, one could expect less than 10

to 15 percent of the bed weight to be elutriated. This fraction would

have a low moisture content (2 to 10 percent) and could be returned to

the bed or combined with the solids leaving the dryer.

HEAT TRANSFER

Gas-to-Particle Heat Transfer

The results of the gas-to-particle heat transfer study are

presented in Table 14. The Nusselt (Nu) and the Reynolds (Re) numbers

are based on the average particle diameters and A, B and k are defined

in Appendix C. The entering gas temperature is that which existed in

the dryer prior to particle injection. In one case, Nu could not be



Remarks

fluidized well
fluidized ok
bed lifted and channeled
fluidized ok

fluidized well
barely fluidized
did not fluidize
fluidized ok

fluidized well
fluidized well
barely fluidized
fluidized well

fluidized well
barely fluidized
bed lifted and channeled
fluidized well

fluidized well
fluidized well
barely fluidized
fluidized well

fluidized well
fluidized well
fluidized ok
fluidized well

fluidized well
fluidized well
fluidized ok _.
fluidized well 0

IV

Table 14. Summary of the results of the gas-to-particle heat transfer study.

Processed Gas Entering gas A B k Re Nu
particles velocity temperature

(m/s) (oc) (°C) (°C) (1/sec)

small 1.25 120 105 80 0.0454 43 0.10
medium 1.28 117 113 67 0.0245 126 0.41
large 1.29 119 115 46 0.0204 230 0.81
mixed 1.28 120 111 75 0.0332 81 0.22

small 1.27 190 168 124 0.0324 37 0.06
medium 1.29 186 172 94 0.0200 107 0.28
large 1.34 188 282 187 0.0424 195 0.71
mixed 1.27 187 166 98 0.0212 68 0.13

small 1.59 122 108 69 0.0525 54 0.07
medium 1.62 124 116 71 0.0415 159 0.55
large 1.63 123 117 62 0.0377 294 1.58
mixed 1.62 122 113 73 0.0423 102 0.25

small 1.59 195 154 118 0.0503 43 0.08
medium 1.58 195 165 123 0.0450 129 0.69
large 1.60 196 158 95 0.0343 236 1.73
mixed 1.56 189 158 139 0.0506 85 -

small 1.91 127 109 77 0.0612 65 0.11
medium 1.93 119 114 69 0.0431 192 0.66
large 1.96 123 120 53 0.0281 350 1.41
mixed 1.93 123 114 72 0.0737 121 0.29

small 1.89 195 169 115 0.0499 54 0.07
medium 1.93 193 181 125 0.0381 161 0.63
large 1.92 187 177 76 0.0231 290 1.02
mixed 1.90 194 173 124 0.0381 103 0.28

small 2.06 196 169 110 0.0690 59 0.06
medium 2.13 193 179 137 0.0454 180 1.02
large 2.12 192 182 101 0.0342 321 1.74
mixed 2.10 196 174 121 0.0414 113 0.29
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calculated from the data obtained.

The Nusselt number obtained by the method used in this study is

much smaller than what was expected. Enough smaller, in fact, that the

results should be questioned. Using a plug flow assumption for the

gas, most investigators find that equation 34 represents the data, at

least within a factor of five or so. A power curve fit on this data

yields

Nu = 0 000139 Rel."
P

with an r2 of 0.93. This relation predicts values for Nu which are

smaller than equation 34 by a factor of 64 at the lowest Re and 31 at

the highest Re in the study. From Table 3 it would appear that the

results of most heat transfer studies depend considerably on the test

method. Perhaps the best thing to discuss regarding the results are

possible sources of error. This data should certainly not be used for

design purposes unless it is verified by some other means.

Although the particles used in this study were predried for 10

minutes and oven dried samples indicated zero moisture, atmospheric

moisture might have been adsorbed during handling. A small amount of

moisture will have a large heat effect when it evaporates. For

example, if the wood in the dryer contained 0.5 percent moisture, the

energy used to remove it from the wood would be 17,333 J/kgwood (Skaar,

1972). This energy, if used to heat a like quantity of dry wood, would

101
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cause a temperature change of 13.3°C. Any problem such described would

be detected by comparing an energy balance on the gas to one on the

wood. For the first case in Table 14, an energy balance on the gas as

given by,

(0.0485 kg/s)(80.le-0.0454t K)(1006 J/kgK)dt
0

= 86,083 J

and on the wood by,

(75.6 K)(1300 J/kgK)(1.35 kg) 132,680 J

are not in agreement. Since this disagreement is in the wrong direc-

tion, however, it is unlikely that adsorbed moisture is the source of

error.

Temperature gradients within the individual particles could have

an effect on the measurement of the external heat transfer coefficient.

The ratio of the internal to the external thermal resistance is commonly

expressed as the Blot number (Bi). Using equation 34 to obtain a value

for the external resistance, and 5.5 m2K/W for the internal resistance,

Bi ranges from 0.3 to 3. A Bi less than 0.1 indicates that the internal

resistance is negligible, therefore, in this case it may be important.

The wall effect may have not been properly represented by the

model. The driving force between the wall and the emulsion is the

difference between the particle temperature and the wall temperature

and the model assumes that heat transfer occurs only between the

particles and the wall, not the wall and the gas. The significance of

102
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this is not known. Also, unaccounted for heat might have been

transferred between the distributor plate and the particles.

Lastly, the quality of fluidization is, without a doubt, poorer

for wood particles than it is for most other fluidized materials. If

this seriously affects the gas-to-particle contact it could cause a

low value for Nu, but probably not as low as those obtained in this

study.

Surface-to-Emulsion Heat Transfer

Dry particles

The first of the heat transfer to surface experiments was done

with small, dry, processed particles fluidized at seveval air

velocities. Both the oil and water were used as the tube-side fluids.

Table 15 summarizes these data and they are plotted in Figure 9. As

expected, Nu increases sharply at the onset of fluidization (at Re =

28) and then reaches a more or less steady value, increasing slightly

with increasing Re. The higher temperature runs tended to give heat

transfer coefficients 10-20 percent greater than the other runs. Many

authors have indicated this trend (Kunii and Levenspiel, 1977; Howard,

1983; and Saxena et al. 1978).

To see how well this data compares with predictions from the liter-

ature, three correlations will be evaluated using the laboratory condi-

tions at Remf= 75. First that of Vreedenberg (1958), equation 104, yields

an hs of 390 W/m2K.

Nu = 0.66 Pr(3-3fRet(ps/pg)((l-c)/c)]
0.44
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Table 15. Summary of emulsion-to-surface heat transfer data. Small,

dry processed particles were fluidized.

Bed Inlet fluid Fluid temp- air Fluid Re Nu hs
temperature temperature erature drop velocity flow

(°C) (°C) (°C) (m/s) (m3/s x 106) W/m2K

21 98 2.8 0.50 10.9 27 2.0 76
21 98 2.3 0.64 14.9 35 2.1 81
21 98 2.6 0.74 15.0 40 2.5 94
21 98 2.4 0.86 17.0 48 2.6 99
21 98 2.2 0.93 16.3 51 2.8 108
21 98 2.5 1.12 16.3 62 2.8 107
22 98 2.4 1.23 18.2 67 2.9 109
22 98 2.6 1.37 18.8 75 2.9 113
23 98 2.6 1.56 18.7 86 3.2 121

52 187 1.9 1.07 88.0 40 3.0 125
50 181 2.1 1.27 84.0 49 3.2 132
47 181 2.2 1.45 77.0 56 3.0 125
36 178 2.4 1.64 77.0 67 3.2 130
34 178 2.5 1.72 76.0 71 3.3 136
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This is much higher than that obtained in the laboratory, however,

equation 104 has been criticized (Saxena et al. 1978) for not containing

a particle volumetric heat capacity term. Sand and cracking catalyst

were fluidized by Vreedenberg, both of which have a volumetric heat

capacity approximately four to six times that of wood.

Mickley et al. (1955) proposed equation 105 for surface heat transfer

coefficients.

Nu = 1.13[(1-eml) (1 -fb) (nwdp/u0) (cesices)
105

(ke/kg) Pr Rel 2

Taking nw =1 5-1, fb = 0.47, and ke = 0.14 W/mK, their correlation yields

h = 153 W/m2K. The value of ke was calculated using the method of Kunii

and Smith (1960) as cited in Gabor (1970). This is the closest estimate

from a correlation, and not surprisingly so, since it is based on an un-

steady-state packet model (page 39). This type of model best represents

what is actually happening in the bed, although they are usually diff-

icult to apply because of some of the parameters involved. A correla-

tion for the maximum heat transfer coefficient proposed by Zabrodoski

et al. (1976), is given in equation 106. This correlation is approxi-

Ii = 35.8,102k0.6d-036
s,max 's g p

106

mate for what Howard (1983) calls "group B" materials, including wood

particles; it yields an hs of 188 W/m2K.

Other correlations in the literature can be applied but leave

certain parameters up to the users imagination. Values of hs from 50
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to 12,000 W/m2K can be obtained depending on how the correlation is

applied, as compared to this study's experimental range of 100 to 136

W/m2K. Dry small, medium, and mixed particles all had heat transfer

coefficients in the mid to upper part of this range while the large

particles were in the lower portion.

Wet particles

During drying, the heat transfer coefficients varied with

moisture content. This variation is shown in Figure 10. The large

particles, as was common in batch drying (see Table 17), channeled

during most of the experiment, although operator induced vibrations

initiated fluidization at a low moisture content.

Based on the data, one would be inclined to state that the heat

transfer coefficient increases with increasing moisture content.

Intuitively it seems like the reverse should be true. If PCp is an

important parameter, then the heat transfer coefficient should

increase with moisture content. These differences can be accounted

for, at least qualitatively, by considering what happens as the

particle dries.

Between the dry condition and 100 percent moisture, the minimum

fluidization velocity increases by 30 to 35 percent (see Table 9).

This increase comes about due to an increased particle density and bed

weight. A parameter some authors (Mickley et al., 1955; Wen and Leva,

1956; Botterill and Denloye, 1978; Baskakov et al. 1973; and Agrawall

and Ziegler, 1962) consider to be important in the determination of a

surface heat transfer coefficient is either the ratio (uo-umf)/umf or

uo/umf (the fluidization number). Because the gas mass velocity remained
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the same during the batch drying experiment, this ratio increases as

the wood material dries. By itself, this would cause the heat transfer

coefficient to increase as drying progresses. Probably the most

significant parameter in reducing the heat transfer coefficient, and

not unrelated to the fluidization number, is the quality of

fluidization. Based only on visual observation, wood particles fluidize

better when they are dry. Even at a given fluidization number this is

true and probably has much to do with the trend in the experimental

results. Also, the temperature increased as drying progressed which

probably contributes slightly to the increasing surface heat transfer

coefficient.

Many materials cited in the literature have surface heat transfer

coefficients ranging from 100 to 400 W/m2K. The results presented here

put wood particles at the low end of this range. A review of the

literature would lead one to expect this to occur based on the rela-

tively poor fluidization qualities, low volumetric heat capacity, and

large particle size. For design, a reasonable estimate would be 100 to

120 W/m2K for wet particles and 120 to 130 W/m2K for drier particles.

BATCH DRYING

The data generated from batch drying experiments are not directly

applicable to an industrial process because the fluidized bed batch

drying of wood particles on an industrial scale would be an

impractical task of material handling and process control. Rather,

parts of the information are useful. For example: the initial drying

rates would be useful in designing a plug flow dryer or a series of

mixed flow dryers, knowledge of the bed temperature as a function of
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moisture content would allow the highest possible inlet temperature at

different locations in a plug flow dryer, and the drying rate versus

moisture content curves should be similar to those which would occur

in a plug flow situation.

Initial Measurements

Before conducting the batch drying experiments it was necessary

to decide on the bed depth at which to perform them. To this end,

batch drying runs were conducted using the procedure described earlier

(pages 81 through 83) except that the bed weight was varied. One would

expect that the following would occur when the bed depth was greater

than a certain level: the air passing up through the bed would

approach saturation, its temperature would approach the adiabatic

saturation temperature, and any additional bed depth would not be

necessary or productive towards drying. This approach to saturation

would be expected to occur exponentially since a heat balance on a

differential section of the dryer of height dz would be

GocgdT = hpa'(Tas -Tg)dz 107

of which integration over the bed height and rearrangement yields

T . = T +(T -Texit as g,in as
Gocg

h
108

Operating the bed at different depths, Lt, and measuring the exit

temperature is similar to operating a deep bed and measuring the

temperature at these depths. This was done and the data are presented
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in Figure 11 for mixed processed particles with an inlet temperature of

127°C and a gas velocity of 1.5 m/s. The adiabatic saturation temperature

according to equation 109 for this inlet condition is approximately 41°C.

T = T . - (y' - )X /cas goal as in w g

As the bed depth was increased the air seems to approach

saturation exponentially and then continues to decrease in a linear

fashion. Heat loss through the uninsulated dryer wall accounts for

this linear temperature decrease with increasing bed depth because,

as the bed depth increases, more wall area is in contact with the

fluidized emulsion. A bed depth of 15 cm (2000 grams initial bed

weight) was selected for the batch drying experiments. This was

shallow enough to maintain good fluidization, but deep enough so that

the air leaving the bed was saturated or nearly so.

A survey of the batch drying data taken later indicates that the

exit air was saturated as it left the bed at low air velocities and

also for small and mixed particles, but with high air velocities or

high inlet temperatures the air tended to not reach saturation. For

large particles the exit gas condition depended on the particle

configuration in the bed.

Batch Drying Data For Processed Particles

The batch drying data are presented in tabular form in Appendix

D. These data include the modified and unmodified moisture contents

and drying rates as a function of time for each drying condition.

Figures 12 through 19 graphically present these data. Table 16 is a

109



0 65

Tos
411-

Off.
WM,

15 25
(3.8) (11.4) (19.1)

Initial bed weight (depth) g/I00 (cm)

Figure 11. Temperature above the bed during the constant rate drying period versus bed
weight (depth) for batch drying. The inlet temperature was 127°C and the gas
velocity was 1.5 m/s.



100 

25 

0 
0 

i .... 
.... 

/ 

1 

D , . ... 

... '"" 
00 

C...** #*. 

..... 
so. 

30 60 
Moisture content, % 

175 350 
Time, s 

..., 

III 

115 

MI 

525 

Figure 12. Drying rate versus moisture content and moisture content 

versus time for processed particles. The inlet condition 

was 127°C and the air velocity was 1.5 m/s. The particle 

sizes were small (A), medium (B), large (C), and mixed (D). 
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and the air velocity was 2 m/s. The particle sizes were 
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Table 16. Summary of the batch drying data during the constant rate drying period.

remarks

fluidized well
center channel for 7 minutes, then fluidized well
bed lifted, then channeled
fluidized well

fluidized well
fluidized well
bed lifted then channeled
fluidized well

fluidized well
poor fluidization for first two minutes
bed lifted and channeled
0.5 minute to fluidize well

fluidized well
fluidized well
bed lifted and channeled
fluidized well

initial channel, one minute to fluidize
initially lifted and channeled, one minute to fluidize
bed lifted and channeled
center channel for 1.5 minutes, then good fluidization

channels for first minute
2.5 minutes to fluidize well
bed lifted and channeled
fluidized well

fluidized well
fluidized well
fluidized well

fluidized well
fluidized well
fluidized well

maximum
drying
rate

(g/kg/s)

initial
moisture
content

(W)

2.78 108
2.23 107
2.10 99
2.48 107

3.16 117
2.64 108
2.49 107
2.93 113

3.41 112
2.86 104
3.30 105
3.31 97

3.97 110
3.58 120
3.02 105
3.61 110

4.81 113
3.82 110
3.70 107
4.12 109

5.46 113
4.26 105
2.86 100
4.63 108

3.78 105
3.58 117
3.59 110

6.11 110
4.83 107
5.59 113

Particle size gas mass inlet
flow rate temper-

ture
(kg/s) (°C)

Processed Particles
small 0.0572 127

medium 0.0575 128
large 0.0574 128
mixed 0.0569 128

small 0.0657 130
medium 0.0657 128
large 0.0656 129
mixed 0.0652 131

small 0.0752 127
medium 0.0750 128

large 0.0749 129
mixed 0.0738 127

small 0.0487 207
medium 0.0488 208
large 0.0487 208
mixed 0.0488 208

small 0.0552 208
medium 0.0557 207
large 0.0561 206
mixed 0.0552 208

small 0.0627 210
medium 0.0626 210
large 0.0625 210
mixed 0.0628 209

Sawdust
small 0.0741 128
medium 0.0743 128
mixed 0.0742 127

small 0.0653 207
medium 0.0654 207
mixed 0.0652 207
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summary of the data obtained during the constant rate drying period.

The batch drying analysis was done as described on pages 83

through 86 using curves of temperature versus time taken from

thermocouples at the several locations described on page 71. Four of

these plots are given in Figure 20 for processed particles at a 127°C

inlet and 1.5 m/s.

Temperature versus time profiles

Visually the quality of fluidization was apparent but the

thermocouples in the bed also indicate this. In part A of Figure 20

(small processed particles) the bed was well fluidized. This is indi-

cated by no large fluctuations in either the bed temperature or the

temperature above the bed. Part B (medium processed particles) depicts

a run where a channel formed after 2.0 minutes and the bed fluidized

after 6.5 minutes. Even after fluidization, the roughness of the bed

temperature line indicates that the fluidization is not as good as in

part A, although the bed is fluidized because of the temperature above

the bed does not fluctuate. As the bed went from channeled to

fluidized, the wet-bulb temperature peaked rapidly indicating a burst

of moisture being released from the bed. After this, the higher dry-

bulb and lower wet-bulb indicated an increased drying rate. In part C

(large processed particles) the bed lifted above the bed thermocouple

and stayed this way throughout the run. The lack of continuity in the

temperature above the bed indicates that the wood material was not

fluidized. Part D (mixed processed particles) shows a case where the

material was fluidized as indicated by the smooth line for the

temperature above the bed, but the fluidization was not excellent
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because the bed temperature line showed moderate fluctuation. Later

during this run as the material dries, the fluidization improves and

these fluctuations decrease. In all runs, during the early part of

drying while the bed is cool, the exit and dry-bulb temperatures are

higher than that of the bed because of heat transfer from the warmer

walls. Later, after the bed gets warmer and the walls have cooled,

this reverses.

Effect of bed weight

The weight per unit area of wood material in a fluidized bed will

affect the drying rate. This effect was briefly discussed earlier when

deciding on the bed depth at which to conduct the experiments. The

drying rate during the constant rate drying period for three initial

bed weights of 1.5, 2.0, and 3.0 kg (approximately 11, 15, and 23 cm)

were 4.19, 2.91, and 1.83 g/kg/s, respectively. These are based on the

dry bed weights and, when this effect is eliminated by multiplying

each rate by the dry bed weight, the rates become 3.09, 2.91, and 2.75

g/s, respectively. The drying rate decreases with increasing bed depth

because, as the depth increases, more wall area is in contact with

the emulsion causing a greater heat loss to the surroundings. In an

industrial dryer the walls would be insulated and the bed depth would

certainly be greater than 11 cm. Thus, in the design of an industrial

dryer, once the drying rate was known at one bed depth, the bed could

be operated at any bed depth and the drying rate determined from a

ratio of the known bed depth to the new bed depth according to

equation 73. This technique, as recommended by Reay and Allen (1982),
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was applied to the data in Figure 21 and replotted in Figure 22. The

agreement is excellent, especially during the early part of drying

(the constant rate period). To design a new dryer, a saturated

condition at the outlet could be assumed and the drying rate

determined based on an enthalpy balance. For most materials that are

dried in fluidized beds the active bed depth is much shallower than

12 to 15 cm, however, these materials are generally much finer than

wood particles, fluidize much nicer, and probably have better

gas-to-particle contact. If high airflow rates or temperatures were

used the wood particle bed should be operated deeper than 12 to 15 cm

to obtain a saturated condition at the outlet.

Effect of gas velocity

The effect of increasing the gas velocity is, as one would

expect, to increase the drying rate. Figure 23 shows plots of moisture

content versus time for small processed particles with a 127°C inlet

at gas velocities of 1.50, 1.72, and 1.90 m/s. During the early stages

of drying where the air leaving the bed is saturated, the drying rate

should be proportional to the gas velocity. If a shallow bed was used

so that the air was not saturated, the drying rate would probably be

proportional to the velocity raised to the 1.3 power. Kunii and

Levenspiel (1977) predict heat transfer to be proportional to the

velocity raised to the 1.3 power. During the later stages of drying

where internal diffusion controls the drying rate, it should be

independent of gas velocity. Thus, it is unlikely that any one

relationship could relate air velocity to drying rate over the entire

moisture range. However, Reay and Allen (1982b) assume that the drying
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132

rate is proportional to the gas velocity throughout drying and adjust

drying curves accordingly. Using their technique, the data from Figure

23 was adjusted to a velocity of 1.72 m/s and replotted in Figure 24.

This was done by determining the amount of drying which occurred in a

time interval at the test air velocity, calculating by a simple ratio

the time required to accomplish this amount of drying at 1.72 m/s, and

adjusting the abscissa accordingly at each moisture content (equation

73). This appeared to work quite well for the wood particles. This

technique works because most of the drying occurs before the drying

rate begins to drop sharply. This sharp decrease occurs at about 25

to 35 percent moisture content (see Figure 12 through 19) for batch

drying.

Effect of temperature

To adjust drying curves for temperature, Reay and Allen (1982a)

use a ratio of the driving forces for mass transfer at the bed

conditions. The driving force is the adiabatic saturated vapor

pressure of water (ps) minus the inlet vapor pressure (pi). They also

adjust for the bed weight, gas flow rate, and a factor to account for

the shape of the drying curve. Based on the work of Rosen (1980, 1982)

this factor is unity for wood of one size or size range. For mixed

processed particles the data for all six drying conditions have been

plotted in Figure 25. For each of these curves the abscissa was then

adjusted for the inlet temperature, the gas mass flow rate, and the

dry bed weight according to equation 110.

This transformation adjusted all curves to 80°C (p: = 47,142, ply- =

2,110 Pa), 1.72 m/s (i2 = 0.0652 kg/s), and a dry bed weight of 1 kg



Figure 24. Moisture content versus tine for the data of Figure 23 adjusted to a gas
velocity of 1.72 m/s.
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(M2 = 1). The result of these transformations is plotted in Figure

The agreement is excellent. This procedure could also be done for

the small, medium, and large particles but cannot be done between

particles of different sizes.

Bed temperature versus moisture content

If a plug flow dryer, or the first in a series of mixed flow

dryers, was to be constructed it would be advantageous to use as high

of an inlet temperature as possible to maximize the drying rate while

minimizing the equipment size. One problem associated with high inlet

temperatures on conventional rotary dryers is that with the cocurrent

flow pattern, the wood temperature rises high enough to cause volitile

hydrocarbons to vaporize, condense in the atmosphere, and cause a

pollution problem. In a fluidized bed dryer, if the bed was operated

deep enough, it seems that almost any inlet temperature could be used

and the bed temperature would approach the adiabatic saturation

temperature if the wood particles remained at a high enough moisture

content so that constant drying rate conditions existed. To determine

the moisture content at which the bed temperature starts to rise

during a batch drying run the bed temperature was plotted as a

function of moisture content for three inlet temperatures in Figure

The bed temperatures begin to rise at 40 to 60 moisture content
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percent and rise sharply below 20 to 30 percent. The fact that the

critical moisture content increases with increasing inlet temperature

is apparent from the plot.

Batch Drying Data For Sawdust

From Table 16 it can be seen that the sawdust exhibited higher

drying rates than did the processed particles under similar

conditions. Even after adjustment for slight variations in gas mass

velocity, dry bed weight, and temperature; the sawdust dried more

quickly. At the air velocity used, 1.9 to 2.0 m/s, the air leaving a bed

of processed particles was not saturated, however, at the same condi-

tions the exit gas from a bed of sawdust was very close to saturation.

Hence, the drying rate was higher. The reason for this difference in

drying rates goes back to the quality of fluidization. If wood

particles were spherical and a uniform 1 mm in diameter they would

fluidize beautifully and the air leaving a 4 cm deep bed would

probably be saturated. Unfortunately, wood particles are not spherical

and do not fluidize beautifully. The sawdust, however, is more spher-

ical than the processed particles and fluidized with fewer and smaller

channels. The result is better gas-to-particle contact and faster drying.

BATCH SIMULATED CONTINUOUS DRYING

For an industrial fluidized bed dryer it would be advantageous to

operate on a continuous basis. A continuous dryer would have the

mechanism of particle-to-particle heat transfer to enhance the drying

rate and would be more labor efficient than a batch dryer. On a

laboratory scale, a continuous dryer would be significantly more
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expensive to construct than a batch dryer and would require large

amounts of wet material to operate. For these reasons, a batch

simulated continuous (BSC) drying technique similar to that of Vanecek

et al.(1962) was used in this study. This method calls for a small

amount of wet material to be dried in a large amount of dry material.

Thus, the wet particles are exposed to an environment similar to that

which exists in a continuous dryer.

Initial Measurements

To determine what constitutes a small amount of wet particles,

several combinations of amounts of wet and dry particles were tried.

The BSC drying procedure described on pages 86 through 88 was followed

except for the amount of material added to the dryer. The weights

tried were 75 g wet in 1000 g dry, 250 in 1000, 500 in 1000, 500 in

1500, 250 in 1500, 125 in 1500, and 62.5 in 1500. The initial moisture

contents ranged from 107 to 128 percent. The wet and dry fractions

were medium and mixed sized particles respectively. According to

Vanecek et al. (1962), as the amount of wet material is decreased, a

limiting drying curve will be found. Curves of moisture content versus

time for these runs are plotted in Figure 28. The left-most five of

these curves lie in one group and any one of them could represent the

limiting drying curve. The wet to dry ratio of 250/1500 was choosen as

the condition at which to run the BSC experiments. It could be argued

that the smaller ratios would better accomplish the objective of BSC

drying, however, the smaller amount of moisture leaving the dryer is

more difficult to measure accurately, and, since the drying rate is

based on the dry weight of the drying material, any measurement error
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Figure 28. Moisture content versus time for various amounts of wet material in a large
amount of dry material. The weight ratios were: A - 500/1500, B - 250/1500,
C - 125/1500, D - 62.5/1500, E - 75/1000, F - 125/1000, G - 250/1000, H -
500/1000, and I - 1500/0 (batch run).
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is greatly amplified in the drying rate. In addition, 250 g of wet

material in 1500 grams of dry material represents an average bed

moisture content of 4 percent, a number that might be representative

of a commercial drying operation.

Batch Simulated Continuous Drying Data

The BSC drying data are presented in tabular form in Appendix E.

These data include the modified and unmodified moisture contents and

drying rates as a function of time for each drying condition. Figures

29 through 32 represent these data graphically.

The analysis of the data was done as described on pages 87 and

88 using curves of temperature versus time taken at the several

locations identified on page 71. Visually, the quality of fluidization

appeared to decrease when the wet particles were injected, however,

this decrease was generally slight and brief. Graphs of bed

temperature versus time were smooth for the small particles and showed

small fluctuations for the medium, large, and mixed particles. Some

moderate fluctuations occurred during the first minute of drying for

the large particles at the lowest gas mass flow rate.

Effect of bed weight

If the arguement for the existance of a limiting drying curve

holds true, then as long as the amount of wet material is small, the

weight should have no effect on the drying curve. To show this, curves

B and C from Figure 28 were adjusted to a constant bed temperature of

80°C (procedure on page 56) and replotted in Figure 33. Each curve was

taken at the same gas mass flow rate. Although the curves are adjusted
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Figure 29. Moisture content versus drying time for BSC drying of
processed particles with a 127°C inlet and 1.6 (top) and

2 m/s gas velocities. The particle sizes were small (A),
medium (B), large (C), and mixed (D).
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Figure 30. Moisture content versus drying time for BSC drying of
processed particles with a 167°C inlet and 1.6 (top) and

2 m/s gas velocities. The particle sizes were small (A),
medium (B), large (C), and mixed (D).
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Figure 31. Moisture content versus drying time for BSC drying of

processed particles with a 207°C inlet and 1.6 (top) and

2 m/s gas velocities. The particle sizes were small (A),

medium (B), large (C), and mixed (D).
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Figure 32. Moisture content versus drying time for BSC drying of

sawdust with a 1.6 m/s gas velocity and 127 (top) and

207°C inlet temperatures. The particle sizes were small

(A), medium (B), large (C), and mixed (D).
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Figure 33. Moisture content versus time for curves B and C from Figure ed

an 80°C isothermal bed te perature.
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significantly (note the scales on the abscissae), they still fall very

close to each other indicating that, as long as the wet fraction in

the bed is small, it does not affect the drying curve. If bed weight

had been accounted for these adjusted curves would not have been close

to each other. The two original curves are slightly different because

the bed temperatures were slightly different. Qualitatively the

independence of the drying curve from bed weight during continuous

drying can be understood by realizing that in either case a drying

particle is exposed to essentially the same environment. This

environment is composed of 85 percent dry particles in one case and 92

percent in the other.

Effect of gas velocity

The effect of gas velocity on the drying rate, as mentioned

earlier (see page 128), is that the heat transfer (and hence the

drying) should be proportional to the velocity raised to the 1.3 power

during the early stage, and independent of gas velocity later as

internal factors control. Reay and Allen (1982b) assume the drying

rate to be proportional to the velocity throughout drying. Using this

approach, drying curves obtained at two different air velocities may

be adjusted by a simple ratio. During an isothermal inlet drying run

the temperature varies with time and this variance depends somewhat on

the gas velocity. For this reason BSC drying runs will be corrected

for temperature and gas velocity simultaneously.

Combined effects

For small particles the moisture content as a function of time is
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plotted in Figure 34 for six different isothermal inlet conditions.

These curves were then adjusted to a gas mass flow rate of 0.06 kg/s

and an isothermal bed temperature of 80°C using equations 72 and 73

with W1 = W2 and replotted in Figure 35. The agreement is quite good.

Figures 36 and 37 show the same data adjusted to 60°C and 100°C. In

all cases note the change in the abscissa's scale. The curves for the

runs done with a 127°C inlet were only adjusted slightly because in

these runs the bed temperature ranged from 68°C to 105°C. The

adjustment is greater when the inlet temperature was 207°C because the

bed temperature ranged from 96°C to 180°C. Notice that the curves show

a slight tendency to switch positions during the transformation. That

is, the 207°C, 2m/s curve is furthest left in the unadjusted plot

(Figure 38), but ends up furthest to the right in the adjusted plots

(Figures 35, 36, and 37).

Applying the transformation technique to the large particles is

less fruitful. For the large particles the unadjusted data are plotted

in Figure 38. Figure 39 shows these data after adjustment to 80°C and

0.06 kg/s. The curves shift significantly to the right because the bed

temperature during the isothermal inlet runs was higher than it was

when small particles were dried. This was due to a reduced drying

rate. Also, although the curves tend to fall in one group, the

agreement is poor in comparison to that obtained with the small

particles. The tendency for the curves to switch positions is

accentuated. These discrepancies indicate that the adjustment method

of Reay and Allen may not be satisfactory for large wood particles. To

a lesser degree, the same trends were noticed with the medium and the

mixed particles.
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Figure 34. Moisture content versus time for the BSC drying of small processed particles
at all test conditions. These were A - 207°C, 2 m/s; B - 207°C, 1.6 m/s;
C - 167°C, 2 m/s; D - 167°C, 1.6 m/s; E - 127°C, 2 m/s; F - 127°C, 1.6 m/s.
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Figure 35. Moisture content versus time for the data from Figure 34 adjusted to a 0.06 kg/s
gas flow and an 80°C isothermal bed temperature.
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Figure 36. Moisture content versus time for the data from Figure 34 adjusted to a 0.06
kg/s gas flow and an 60°C isothermal bed temperature.



Figure 37. Moisture content versus time for the data from Figure 311 adjusted to a 0.06
kg/s gas flow and an 100°C isothermal bed temperature.
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Figure 38. Moisture content versus time for the BSC drying of large processed particles
at all test conditions. These were A - 207°C, 2 m/s; B - 207°C, 1.6 m/s;
C - 167°C, 2 m/s; D - 167°C, 1.6 m/s; E - 127°C, 2 m/s; F - 127°C, 1.6 m/s.
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Figure 39. Moisture content versus time for the data from Figure 38 adjusted to a 0.06
kg/s gas flow and an 80°C isothermal bed temperature.
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High internal resistance materials

Reay and Allen (1982b) dried three materials: ion exchange resin,

iron ore, and wheat in a fluidized bed and showed that isothermal

inlet drying tests could be used to predict isothermal bed drying

curves for all three materials. The first two represented materials

with negligible internal resistance to moisture movement, whereas,

wheat has a high internal resistance. For the resin and iron ore the

authors adjusted for the bed weight, gas velocity, and temperature.

For wheat they only adjusted for temperature because, if internal

factors are dominate, gas velocity and bed weight should not affect

the drying rate. This was done for large wood particles and the result

is plotted in Figure 40. Neglecting the effect of air velocity

Improves the grouping of the lines but they are still not brought

together as well as either the wheat data (Reay and Allen, 1982a and

1982b), the batch drying data, or the BSC drying data for small

particles. The question to be answered then is why did their method

work so well for wheat and ore, two extremes in internal resistance,

but not work for large wood particles. In the next few paragraphs this

will be answered.

Based on Reay and Allen's drying times of 14,000 to 21,000 s, it

is clear that wheat offers a much higher internal resistance to

moisture movement than wood. In a nonporous, solid material, diffusion

occurs as a result of the molecules of the diffusing species (water)

becoming "activated" and jumping over a potential barrier. The thermal

motion of the solid material provides the energy for this activation

and the rate of diffusion follows an Arrhenius-type expression,
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Figure 40. Moisture content versus time for the data from Figure 38 adjusted for temperature
only to an 80°C isothermal bed temperature.
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e-Hd/RT 
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where HD is the energy of activation and Do is a constant (Treybal, 

1980). If, in wheat, internal factors do control the drying rate, then 

this should be the factor used to adjust the wheat drying data for the 

effect of temperature. The ratio of the diffusivities at two tempera- 

tures could be found by taking a ratio of the right-hand-side of equa- 

tion 111 evaluated at the two temperatures. The activation energies 

are the latent heats of vaporization of water at the two temperatures 

of interest. The value of R is 0.46152 kJ/(kg K). 

In Table 17 the ratios are calculated. The data of Reay and Allen 

is plotted in Figure 41, the ratios applied, and the result replotted 

in Figure 42. That Reay and Allen obtained just as close of agreement 

using the ratio of the saturated vapor pressure at the bed temperature 

to the saturated vapor pressure at the desired temperature is more than 

coincidence. If one starts with the Clapeyron equation, 

dps/dT 
= hfg/Tvfg 112 

where hfg and vfg are the enthalpy and volume changes between the 

liquid and the vapor states, respectively (Smith and Van Ness, 1975), 

an Arrhenius-type equation can be derived. It is necessary to make 

the common assumption set forth in equation 113. 

RT 
vfg a v = 

g Pv 

113 
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Table 17. Ratio of solid diffusivities at 40, 60,and 80°C based 

on the Arrhenius-type function. 

Temperature Latent heat of exponential Ratio 

vaporization term 
°c kJ/kg 

-235878- 7.00 x 10-7 
3.72 

60 2358.5 2.16 x 10-7 
3.24 

40 2406.7 5.81 x 10-8 



Figure 41. Moisture content versus time for the data of Reay and Allen (1982a) for the drying
of wheat.
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Figure 42. The data of Reay and Allen (1982a) from Figure 41 adjusted to an isothermal 60°C bed
using Arrhenius-type function.
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When this is substituted into equation 112 and rearranged, the result

is equation 114.

de/ps

hfg/R
= 7,

dT/T-

Since dp:/p: = dlnp: and dT/T2 = -d(1/T), equation 114 may be written as

d in p B

h= -R
fg d(1/T)

Separation, integration, and subsequent rearrangement of this yields

h /RT
p = c e fg

where c is the constant of integration. Given the similarity between

equation 116 and equation 111, it is not surprising that the saturated

vapor pressure ratio works as well as the diffusion coefficient ratio

for adjusting the drying rate for bed temperature.

The reason this method does not work for the wood particles is

because neither an Arrhenius-type expression nor the external driving

force (*p.) governs the movement of moisture in medium and large

wood particles. Rather a combination of pore diffusion, free water

movement, bound water diffusion, and the boundary layer driving force

control at the different stages of drying. Even in the small particle

size class, the slight tendency of the curves to switch positions when

they are adjusted, indicates that more than just (ps-p) is involved inv v

determining the drying rate. Since this switching or overcorrection

114

115

116
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exists, it probably indicates that the method of Reay and Allen tends

to overestimate the drying times for the larger particles, especially

when the temperature change is large.

Significant internal and external resistance

Any attempt to accommodate all of the above mentioned factors into

a method to adjust BSC wood drying curves for temperature and air

velocity would not be easily applied to data. For this reason, three

of these factors, the temperature, the saturated vapor pressure, and

the gas mass velocity were selected and a system was developed to

adjust the drying curves.

To determine the ratio of the internal to the external resistance

the particle Biot number was calculated. This, of course, varies with

wood thermal conductivity, temperature, moisture content, grain

direction, diameter, and gas velocity. The thermal conductivity of

wood is about 2.5 times greater in the longitudinal direction than

transversely, therefore, an effective diameter was assigned to each

particle size using equation 117 where L is the length of the

particle.

-de=
1

ff 2.5/L + l/d

This equation assumes that the paths for heat transfer in the longi-

tudinal and transverse directions are in parallel. The value of ks was

calculated from equation 118 or 119 (Wood Handbook, 1974) depending on

the wood moisture content.

117
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ks=
0.114 + 0.18M for M<0.4 118

ks=
0.114 + 0.25M for M>0.4 119

The convective heat transfer coefficient was calculated using equation

34. From these three parameters a Bi was calculated and, from this,

the fraction of external resistance was calculated using equation 120

and the fraction of internal resistance was calculated using equation

121.

1

fem Bi + 1

1
f = 1 -
i Bi + 1

Thus if Bi = 3, the total resistance to drying is 75 percent due to

internal factors and 25 percent due to external factors.

Because the external factors p: - p.iv- and uo worked well for Reay

and Allen (1982a and b) and for small wood particles, these factors were

also used in this adjustment. For an internal factor, the diffusion of

water through air was used since wood is a capillary-porous material.

According to Kanury (1975) this is proportional to the absolute

temperature raised to the 1.75 power. The adjustment method was

similar to that of equations 72 and 73 and the steps are detailed

below.

1. The isothermal inlet drying curve was divided into small sections

120

121
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For each isothermal inlet time increment, (A)ii, the isothermal bed

time increment (At)ib' to accomplish the same amount of drying was

calculated using equation 124.

(At)ib 1 1}11(13: P!)il
(At) Bi + 7ii 1 ( s i &3;

Pv Pv)

1 + 273)i
1.75 124

1

- Bi + 1 (T + 273)
ii
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of equal width (A011.

For each section the Biot number was calculated and the bed tempera-

ture and the amount of drying accomplished noted.

The ratio of the internal resistances during the isothermal bed and

the isothermal inlet runs was calculated for each section according

to relation 122.

{ '

(T + 273) ibI
1.75

(T + 273)

The ratio of the external resistances during the isothermal bed and

isothermal inlet runs was calculated for each section according to

relation 123.

122

123
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6. From each of these new (unequal) time increments, the isothermal drying

curve is built by adjusting the abscissa.

This procedure was done for the small, medium, and large processed

particles and the results are plotted in Figures 43 through 45.

The agreement between the adjusted lines is very good. For the

small particles, Figure 43 is essentially the same as Figure 35. This

agreement is to be expected if the Blot number is small. By accounting

for the slight effect of internal resistance in the small particles,

the slight tendency for the curves to reverse positions during

adjustment (see page 148) has been negated and the curves are grouped

much more tightly. For the large particles the curves are brought

together in a good grouping. To check the position of this grouping,

an isothermal bed drying run was done with the large particles. The

wood moisture content was initially set at 150 percent so that large

fluctuations in the bed temperature at moisture contents below 100

percent would be minimized. The propane flow to the burner was

operator controlled to maintain an 80°C bed temperature. This required

several practice runs and even then the temperature varied by 2 or 3°C

above or below 80°C (5°C at one point). The results of this isothermal

bed drying run are plotted as the solid line in Figure 45. This

experimentally obtained isothermal 80°C bed line agrees quite well

with the curve predicted from drying runs done with isothermal inlets

of 127, 167 and 207°C. This lends credibility to using a ratio

the internal and external resistances. The isothermal bed curve

predicted for the medium particles is well defined except for the

point generated by the 167°C, 1.6 m/s isothermal inlet run. This
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Figure 43. Moisture content versus time for small processed particles adjusted to a 0.06
kg/s gas flow and an 80°C isothermal bed using the particle Blot number. A -
207°C, 2 m/s, B - 207°C, 1.6 m/s, C - 167°C, 2 m/s, D - 167°C, 1.6 m/s,
E - 127°C, 2 m/s, and F - 127°C, 1.6 m/s. an
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Figure 44. Moisture content versus time for medium processed particles adjusted to a 0.06
kg/s gas flow and an 80°C isothermal bed using the particle Blot number. A -
207°C, 2 m/s, B - 207°C, 1.6 m/s, C - 167°C, 2 m/s, D - 167°C, 1.6 m/s,
E - 127°C, 2 m/s, and F - 127°C, 1.6 m/s.
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Figure 45. Moisture 'content versus time for large processed particles adjusted to a 0.06
kg/s gas flow and an 80°C isothermal bed using the particle Blot number. A -

207°C, 2 m/s, B - 207°C, 1.6 m/s, C - 167°C, 2 m/s, D - 167°C, 1.6 m/s,
E - 127°C, 2 m/s, and F - 127°C, 1.6 m/s.



discrepancy is probably due to experimental error.

COMPARISON TO ROTARY DRYING

In the Forest Products Industry, rotary dryers are the most

common method for drying wood particles. For this reason the results

of this study will be compared to rotary drying data. Unfortunately,

there is almost no such data published. Kamke (1984) developed an

elegant model to simulate rotary drying and tested it on a small, but

commercial, rotary dryer. It was a 1.2 by 5.5 m drum with a centerfill

flighting section and cocurrent gas flow. His trial run number six

was selected for comparison because it had the lowest outlet wood mois-

ture content, 12.2 percent. Additional data provided by the Weyerhaeuser

Company at Springfield, OR will also be used for comparison. This dryer

is much larger, 3.7 by 18.3 m, is single pass, and has an outlet wood

moisture content of 24.2 percent. Single stage fluidized bed dryers

will be compared to both rotary dryers and a two stage fluidized bed

(see Figure 46) will be compared to the smaller rotary dryer. The dryers

will be designed using the experimental results. Each will have mixed flow

for the wood. Since gas recycle was not used on the rotary dryers, this

will not be considered. All entrained solids will be returned to the

beds. The efficiency of the dryers will be compared by using the ratio

of the theoretical power required to remove the water to the available

power entering the dryer. The available power is the enthalpy of the

inlet gas minus its enthalpy at room temperature, times the gas mass

flow rate.

169
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Figure 46. Single stage (top) and two stage fluidized bed dryers.
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Rotary Dryers

The data from Kamke's trial run number six needed to calculate the

efficiency is reproduced in Table 18. The available power of the inlet

stream relative to the ambient condition (20°C ) was 343 kJ/s. All

energy calculations were done by the method given in section 4-1 of

Smith and VanNess (1975). The power required to heat the solids stream

and to change the evaporated water from a liquid at 20°C to a gas at

65°C was 260 kJ/s. From these values the dryer efficiency was 0.76.

This may seem high, but the whole process is not considered, only from

the drum inlet to exit. All dryers will be evaluated in this manner.

The available power entering the large rotary dryer was 5673 kJ/s and

Its efficiency was 0.68.

Single Stage Dryers

The single stage fluidized bed dryer will be designed to have an

exit air temperature of 80°C, a gas velocity of 1.463 kg/m2s, and a

depth of 0.16 m. The feed rate and the initial and final moisture

contents will be those of Kamke (1984) in Table 18. The variables to

be found will be the bed hold-up, diameter, gas mass flow rate, inlet

gas temperature, and the dryer efficiency.

The bed conditions selected allow the drying curves in Figures 43

through 45 to be used in the single stage dryer. At moisture contents

above 100 percent the drying rate at 100 percent will be used. To

numerically express these curves, the rate and bend factors of Rosen

(1979) were used. These are presented in Table 19. The exit age

distribution of the wood particles leaving the dryer is described by

equation 98 and the average particle moisture content is described by
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Table 18. Summary of the parameters used in the example dryers.

Table 19. Rate and bed factors for the wood particles at 80°C and
1.46 kg/m2s.

M'(t) = 1 - A, j(exp
(_atl/b)dt

0

-dM'(t)/dt = A'(t) = A'exp(-ati/b)

small
rotary
dryer

matched
single stage

fluidized bed
single stage

fluidized bed
two stage

fluidized bed

Gas entering dryer, kg/s 1.540 1.44 1.01 0.360/0.293
Gas temperature in, °C 247 247 322 500/400
Gas temperature out,°C 65 65 80 70/80
Humidity in, kg/kg 0.020 0.02 0.020 0.090/0.020
Humidity out, kg/kg 0.092 0.093 0.114 0.282/0.149
Dry wood in, kg/s 0.0816 0.0816 0.0816 0.0816
Moisture fraction in, kg/kg 1.352 1.352 1.352 1.352/0.575
Moisture fraction out, kg/kg 0.122 0.121 0.122 0.578/0.121
Hold-up, kg - 47.0 31.6 14.4/13.0
Bed area, m2 - 0.96 0.69 0.20/0.20
Bed depth, m - 0.29 0.16 0.25/0.23
Drum speed, rpm 5.5 - _ -
Efficiency 0.76 0.78 0.83 0.83/0.81

Gas entering dryer,.kg/s
Gas temperature in, C
Gas temperature out,.0

large
rotary
dryer

18.6
288

93

matched
single stage

fluidized bed

18.4
288

93

single stage
fluidized bed

15.8
312
80

Humidity in, kg/kg 0.06 0.06 0.04
Humidity out, kg/kg 0.137 0.137 0.131
Dry wood in, kg/s 1.29 1.29 1.29
Moisture fraction in, kg/kg 1.353 1.353 1.353
Moisture fraction out, kg/kg 0.242 0.244 0.243
Hold-up, kg - 179 245

Bed area, m 2 12.8 11.0

Bed depth, m 0.09 0.14
Drum speed, rpm 8.3 - -
Efficiency 0.68 0.69 0.76

size rate factor bend factor initial rate

a b M'

small 0.0356 0.95 0.04384

medium 0.0260 1.02 0.02424

large 0.0168 1.05 0.01353
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equation 71. These, and the equations from Rosen in Table 19 were

combined into the numerical procedure outlined in Figure 47. Note that

although the hold-up is the only unknown, this was a trial-and-error

process since solving for the hold-up explicitly would be difficult at

best.

To achieve the 12.2 percent exit wood moisture content the

required bed hold-up was 31.6 kg. Using the voidage in Table 10 ( 6=

0.64) the bed diameter was 0.94 m and the airflow was 0.996 kgBDA /s.

An energy balance on the dryer yields an inlet temperature of 322°C and

an efficiency of 0.82. If the drying curves are adjusted (using

equation 124) so that the single stage dryer and the small rotary

dryer have the same inlet and exit temperatures and moisture contents,

the efficiency of the fluidized bed is 0.78, still slightly higher

than that of the rotary dryer. The parameters associated with this

matched design are given in Table 18.

Comparing the large rotary dryer to single stage fluidized bed

designs yields similar results. With the matched inlet and exit mois-

ture contents and temperatures, the fluidized bed drying efficiency

is 0.69, slightly higher than the efficiency of 0.68 for the rotary

dryer. However, this fluidized bed is a very wide shallow design (see

Table 18) and would not be practical. This awkward configuration

arises because the drying rate associated with the relatively high

dryer temperature (93°C) requires a high inlet temperature unless the

bed is shallow. The conditions for a deeper bed, the efficiency of

of which is 0.76, are presented in Table 18. In this design the bed
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temperature is 80°C which gives a lower drying rate and allows a

deeper bed and/or a lower inlet temperature. In practice the maximum

inlet temperature will depend on the degree of mixing in the bed

and the drying rate.

Two Stage Dryer

The two stage dryer will be designed to dry the particles to less

than 60 percent in the first stage and the second stage will complete

the drying to 12.2 percent. For the first stage a bed depth and a

diameter of 0.25 m will be used. These values were selected to

minimize the diameter and maximize the hold-up without having the bed

depth greater than the bed diameter. An inlet temperature of 500°C and

gas mass flow rate of 1.80 kg/m2s will be used. The limit to the

drying rate in this stage will be the saturation pressure of the water

vapor at the exit temperature. The adiabatically saturated condition

is 70.5°C and 0.282 kgH20/kgBDA. The small particles will dry faster

than the larger particles and the sum of the drying rates will be suf-

ficient to saturate the exit gas with water. Since no information is

available regarding these relative rates, and the batch drying curves

indicate a more or less constant drying rate down to 30 percent

moisture (see Figures 12 through 19), it will be assumed that the

relative (not the absolute) drying rates are the same as they were at

high moisture contents in the single stage dryer. That is, the small

and medium particles dry 3.24 and 1.79 times as fast as the large

particles, respectively.

In the second stage an exit temperature of 80°C will be

maintained and, like for the single stage dryer, the unknowns are the
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hold-up, diameter, depth, and inlet gas temperature. Since the bed

condition is at 80°C the drying kinetics are the same as those in the

single stage dryer.

Solving for the average moisture content of the wood leaving the

first stage can be easily done by using an algorithm similar to that

presented in Figure 47. The second stage, however, creates a problem

since the entering particles do not all have the same moisture

content. Not only are the small, medium, and large particles at

different average moisture contents, but within each size class a

moisture distribution arises due to the residence time distribution in

the first stage. This situation can be handled discretely by

separating each size class into several groups, each at a different

moisture content, or equivocally, groups of particles from each size

class that were in the first stage for about the same length of time.

The average moisture content for a group would be approximately

=
ti- ti -1

Mi
i 2

for particles in the dryer for between ti and ti_1 seconds, where Ali

is the function representing the drying kinetics in stage one. The

weight fraction of the particles at this moisture content is

125

where fi is the total dry wood particle feed rate, H1 is the total stage

one dry weight hold-up, and the denominator is, of course, unity. In

exp
al

w(t,- ti_1)/21
al

ti_1)

126
fi = = F

jr0if exp(-Ft/H1 )dt
1



the second stage each of these groups will have a residence time distri-

bution so that

co

ML= exp(-Ft/H2 ) 1.12 -
oiJ(M'

exp(-at )dt dt
0 2

#1/b *

127

mli

for the second stage kinetics described in Table 19. The average

moisture content leaving the second stage would then be

small
medium
large n
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i=1

This procedure would quickly become very tedious, especially if a several

stage dryer was to be designed, and considering that solving for a given

average exit moisture content is done by trial-and-error.

Alternatively, it is possible to use a Monte Carlo simulation to

approximate the drying process. To do this, single particles are

followed through the stages. In each stage the particle residence time

is a random variable with a given probability. During the time spent

in each stage the particle dries according to the kinetics of that

stage and exits at some final moisture content. The average final

moisture content of a large number of particles will give the average

moisture content at the exit from the last stage.

In the first stage the exit age distribution is given by

E(t) = F/H1 e-Ft/H1 129
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where E(t) goes from zero to Ffill and t goes from zero to infinity.

This expression can be made dimensionless by letting

E(0) = F/H1E(t) and 0 = F/Hit 130

Now E(0) goes from zero to one and the dimensionless age of any particle

is equally likely to fall anywhere between these limits. By a simple

rearrangement equation 131 arises, and if E(0) is a random number

t = H1/Fin (1/E(0)) 131

between zero and one, t is a sample of the residence time (Kayihan and

Reklaitis, 1980). For the second stage a new random variable would be

used and a similar expression would give a sample of the residence time.

A procedure to perform a Monte Carlo simulation on the two stage

dryer is outlined in Figure 48. The accuracy of the Monte Carlo

simulation was checked by setting a zero hold-up in the second stage

and comparing the exit moisture content to a mass balance with

saturated exit air. A second check was made by setting a zero hold-up

in the first stage and operating the second just like the single stage

dryer. It was found that 200 to 300 particles in each size class gave

exit moisture contents which varied by only a couple of percent. For

the two stages combined, 850 particles from each size class were used

and exit moisture contents of 0.578 and 0.121 kg /kg were obtain-

H20
WOOD

ed for hold-ups of 14.4 and 13 kg in the first and second stages,

respectively. By an energy balance on the second stage, the required
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inlet temperature was 400°C for a bed depth of 0.23 m. The

efficiencies of the two stages were 0.83 and 0.81.

The efficiencies of the fluidized bed dryers depend on the inlet

temperatures, however, even when matched with the low inlet tempera-

tures on the rotary dryers, the fluidized beds were slightly more ef-

ficient. Staging did not appear to improve dryer efficiency, however,

if the final moisture content had been lower, the differential heat of

sorption might become significant and a more uniform moisture content

at the dryer exit would be favorable. This would be achieved by

baffling or staging, which at the same time would reduce the dryer size.

Practically, equal inlet temperatures in a staged dryer would lower

the equipment cost, however, unequal inlet temperatures could be

advantageous for increasing the dryer effficiency while minimizing

blue haze. The theoretical power required to compress the

air for fluidization in the single stage dryer would be 13.5 kW

assuming cyclone, bed, and plate pressure drops of 12, 1, and 5 kPa,

respectively. This is approximately 4 percent of the available power

entering the dryer. No information was available regarding the blower

and drum rotation energy requirements of the rotary dryers. The space

requirement for the fluidized bed is approximately 20 percent of that

occuppied by the rotary dryer.



CONCLUSIONS

Any industrial design of a fluidized bed dryer should first begin

by experimentally establishing the hydrodynamic properties of the

furnish to be dried. The large differences in the minimum fluidization

velocity between the sawdust and the processed particles, and the large

differences in the literature predictions of umf indicate that more

than a desktop calculation is needed to obtain umf for a polydisperse

mixture of wood particles. These differences arise because the wood

has a higher voidage and a lower sphericity than most commonly

fluidized materials. In this study, umf ranged from 0.55 m/s to 1.03

m/s for the unscreened sawdust and processed particles, respectively.

Relative to many materials the operating range for a fluidized

bed of wood particles is narrow with useable fluidization numbers

between 1.3 and 2.0. This range depends on the bed moisture content

and temperature and the particle size distribution. Below this

range the material tends to develop small, nonpermanent channels,

and above it elutriation becomes significant. Very wet material,

greater than 100 percent, will agglomerate and promote channeling,

however, very wet material can be added to a bed of drier material,

less than 60 percent average bed moisture content, without fluidization

problems.

Elutriation from the bed becomes significant at velocities

greater than 1.7 times the minimum for the two furnishes tested. Below

this value, less than 10 percent of the bed is carried over. Particles

were dried before they were elutriated because, even during batch drying

180
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tests, the carryover had an average moisture content below 5 to 10

percent. With this low of a moisture content, even a significant

amount of carryover would not be detrimental to drying. The carryover

could be added to the main solids exit stream or returned to the bed.

The heat transfer coefficients between an immersed tube and the

emulsion are in the low range of what is common for fluidized systems.

This coefficient ranged from 80 to 130 W/m2K. Because of the

relatively low heat transfer coefficient, using this method of heat

transfer with fluidized wood will not be as advantageous as it is with

other materials.

Fluidized beds are quite suitable for drying wood particles.

Agglomeration and channeling of the wood at high moisture contents

would not favor a plug flow dryer, however, a staged or baffled dryer

could be designed to narrow the residence time distribution of the

particles. Batch simulated continuous tests may be used to establish

continuous drying curves but the method of Reay and Allen (1982a and b)

should not be used to correct the data for the changing test conditions.

Modifying their method to include a ratio of the external and internal

resistances to drying worked well for the test data. Further work

needs to be done to test the method presented herein or to develop

other criteria by which to adjust the drying curves. Based on the

experimental results, an industial fluidized bed dryer would be

competitive with present drying practices in terms of energy efficiency

and plant space. An economic comparison of fluidized bed and rotary

dryers will be necessary to decide if fluidized beds are attractive on

on a cost basis. Visually, no emissions were noted during drying at any
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of the test temperatures. An investigation to determine the highest 

possible inlet temperature while maintaining permissible emissions 

needs to be done in a continuous fluidized bed dryer. 



NOMENCLATURE

Symbol Definition First Units
Equation
Used

A empirical coefficient in gas temperature-time
relation (defined in Appendix C) Tab. 14 °C

A empirical probe coefficient 41

Ao
outside area of heat exchanger 82 m2

Ar Archemedes number, same as Ga Tab. 3 -

At cross sectional area of bed 22 m2

A area of pipe upsteam from orafice meter 75 m2
u

A area of vena contracta 75
2

vc

a rate factor in drying rate curve Tab. 19

a constant in equation 21 21

a specific particle surface based on bed volume 2 m-2

a specific particle surface based on particle
volume 1 m-2

empirical coefficient in gas temperature-time
relation (defined in Appendix C) 21 °C

Bi Blot number 120

b bend factor in drying rate curve Tab. 19

b constant in equation 21 21

C ratio of the bed cross sectional area to the
particle surface 69

c constant in equation 21 21

c perimerter of bed 144 m

c heat capacity of the heat exchange fluid 87 J/kgK

c' c" cmconstants in Table 2 Tab. 2

Cg heat capacity of the gas at a constant pressure 29 J/kgK

c heat capacity of the solid 29 J/kgK
s

1 83
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Dab
gas diffusivity 50 m2/S

Da
diffusivity in solid 111 m2/s

D reference diffusivity 111 m2/s

d constant in equation 21 21

db
diameter of sphere having same volume as bubble 26 in

deff
effective diameter of a particle 117 in

d diameter of a sphere having same volume as
P the particle 1 in

. d of ith size class Tab. 2 in

pl P

diameter 21 in

E(t) exit age distribution (defined in equation 98) 11

constant in equation 21 21

F feed rate of dry solids into dryer 126 kg/s

F. fine production rate due to attrition in the
ith size class 24 kg/s

f1f f2
drying curve shape factor at conditions 1 and 2 110

fb
fraction of heat exchanger surface exposed to
gas bubbles 105

fe
fraction of external resistance to drying 120

f. fraction of internal resistance to drying 121
1

f fraction of the ith group 126

Ga Galileo number d3pg (p -gp )g/p2
20

p s

Gmf
gas mass flow at the minimum fluidizing

condition 14 kg/m2s

G gas mass flow (dry weight when used with
0

humidities) 42 kg/m2s

8 gravitational constant (9.8 m/s ) 8 in/s2

H1, H2 stage one and stage two bed holdups 126 kg
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hfg
enthalpy change between the vapor and the
liquid states 112 kJ/kg

hi inside heat transfer coefficient for heat
exchanger 83 W/m2K

hmf surface heat transfer coefficient at umf xx W/m2K

hn coefficient for natural convection 144 W/m2K

gas-to-particle heat transfer coefficient 29. W/m2K
P

particle-to-particle heat transfer coefficient
PP

73 W/m2K

hs
surface-to-emulsion heat transfer coefficient 106 W/m2K

wall-to-emulsion heat transfer coefficient 35 w/m2K
w

mass transfer factor 51
-11)

ill
heat transfer factor Tab. 3 -

k empirical constant in gas temperature-time
relation (defined in Appendix C) Tab. 14 1/s

k thermal conductivity of heat exchanger fluid 88 W/mK

ka
mass transfer coefficient 50 kg/m3s(kg/m3)

ke thermal conductivity of emulsion 35 W/mK

o
ke thermal conductivity of quiescent bed 44 W/mK

k thermal conductivity of gas 36
g

W/mK

ks thermal conductivity of the solid 45 W/mK

long dimension of particle 117 m

Lmf bed depth at the minimum fluidizing condition 78 m

Lt bed depth 11 m

M moisture fraction 7

M' moisture ratio (M/M ) Tab. 19 -
0

17i' average moisture ratio of particles of a given
i

age Fig. 47

A' drying rate d(M /M )/dt Tab. 19

M1, M2
initial moisture fraction at condition 1 or 2 110
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i1,f' M average moisture ratios leaving stage one or two 133
2

Mmolecular weight of air 93 kg/kgair mole

Meg
equiliblium moisture fraction 71

lq'exit
average moisture ratio leaving dryer Fig. 47

M. moisture fraction at time i 96
1

-Pilly RP:12 average moisture ratio of ith group leaving

first or second stage 125

tl'il
average moisture rate of ith group in first

stage 125 1/s

M' moisture ratio for large particles Fig. 47 -
1

M' moisture ratio for medium particles Fig. 47
m

M initial moisture fraction Tab. 19
o

A, initial drying rate Tab. 19 1/s
0

M' moisture ratio for small particles Fig. 47
s

m constant in equation 21 21 -

1l'
gas mass flow rate at condition 1 or 2 110 kg/s

Nu Nusselt number at a surface 36

Nucony
convective portion of Nusselt number 37

Nu Nusselt number based on the particle diameter Tab. 3
P

n frequency of packet replacement 105
w

LP bed pressure drop 11 Pa

LP orafice meter pressure drop 75 Pa
0

Pr Prandtl number Tab. 3

i
pv

vapor pressure of water at dryer inlet 71 Pa

ps saturated vapor pressure of water 71 Pa
v

q energy tansfer rate from tubular heat exchanger 82 W

R gas constant 111 kg/kgK

Re particle Reynolds number 20
P



Rem
modified Reynolds number Re/(1-e) 55

Re
t

Reynolds number based on the heat exchanger
diameter 104

Re
t

Reynolds number at the particle terminal velocity 14

R. drying rate during the ith time period 97 kg/kgs
1

Rk thermal resistance 39 Km2/W

RX
thermal resistance 40 Km2/W

rex
radius of heat exchanger 43 m

Sc Schmidt number 52

Sh Sherwood number 54

T
as

adiabatic saturation temperature 107 °C

Tdb
dry bulb temperature 90 °C

Tg
gas temperature 29 °C

Tg,out
gas temperature leaving bed 30 °C

Tg,z
gas temperature at height z 30 °C

T
goll.

gas temperature entering bed 31 °C

ATlm
log mean temperature difference across heat
exchanger 82 °C

Twb wet bulb temperature 90 °C

Ts
temperature of the solids 29 °C

t time 23 s

-E. packet residence time 36 s

t1, t2, ti drying times
at conditions 1,2, or i 72,72,95 s

(At)ib
time increment at isothermal bed condition 71 s

(t)11 time increment at isothermal inlet condition 71 s

Uo

ubr

overall heat transfer coefficient based on
outside exchanger area

rise velocity of a swarm of bubbles

bubble rise velocity
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82 W/m2s

27 m/s

26 m/s
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umf
minimum fluidization velocity 18 m/s

u0
superficial gas velocity 11 m/s

u01' u02
superficial gas velocity at condition 1 or 2 72 m/s

gas velocity with highest surface heat transfer
op

coefficient 37 m/s

ut
particle terminal velocity 7 m/s

uto
reference terminal velocity 7 m/s

V dryer holdup 98 kg

vI
feed rate of dry solids 98 kg/s

vfg
specific volume change between the liquid and
the gas states 112 m3/kg

Vg volume of the gas in the bed 69 m

Vg specific volume of the gas 113 m3/kg

volume of the solids in the bed 69 m3
s

bed weight 22 kg

W1, W2
dry bed weight at conditions one or two 71 kg

Wdb weight of the dry bed 97 kg

We
weight of the solids elutriated 81 kg

. weight of the ith size class elutriated 25 kg
el

Wg
weight of the gas in the bed 69 kg

. weight in the ith size class 24 kg
1

W. weight of water evaporated in the ith period 95 kg
1

X weight fraction of elutriatable fines in bed 23
s

X initial weight fraction of elutriatable fines
SO

in bed 23

xi
weight fraction of ith size class 3 -

x wall thickness 144 in

y' umhidity ratio at adiabatically saturated
as condition 109 -



K.
1

K.

w
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humidity ratio at the exit 93
Yexit

Yinlet
humidity ratio at the inlet 93

YWet
humidity ratio at the wet bulb condition 93

height in bed 29

thermal diffusivity 35 m2/s

shape factor in gamma distribution 36

bed voidage 2 -

bed voidage at the minimum fluidizing condition 11

elutriation constant 22 1/s

elutriation constant 22 kg/m2s

elutriation constant for ith size class 25 1/s

elutriation constant for ith size class 25 kg/m2s

latent heat of vaporization at the wet bulb
condition 94 J/kg

viscosity 8 Pa s

viscosity at bulk condition 85 Pa s

viscosity at the wall temperature 85 Pa s

density of heat exchanger fluid 86 kg/m3

gas density in bed 77 kg/m3

gas density 7 kg/m3

solids density 8 kg/m3

gas density at vena contracta 75 kg/m3

defined by equation 41 41

the fourth group in equation 12 13

particle sphericity 1

kinematic viscosity of heat exchanger fluid 89 2/3
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APPENDIX A

Elutriation Data
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Processed Particles
ur,= 1.03m/s, Lt = 0.152m
M-= 0.05,

Time Cumulative weight
(s) (g)

Processed Particles
u0= 1.29m/s, Lt = 0.152m
M = 0.05,

Time Cumulative weight
(s) (g)

15 3.12 15 10.32

30 4.88 30 15.35
45 6.17 45 18.45
60 6.96 60 20.94

75 7.63 75 23.18
90 8.14 90 25.09

105 8.75 105 26.91

120 9.25 120 28.56

180 10.36 180 33.70
240 11.20 240 37.79
300 11.98 300 41.21

360 12.71 360 43.71

480 13.70 480 48.20

600 14.50 600 51.50

840 15.72 840 57 05

1080 16.72 1080 61.61

1320 17.53 1320 65.21

1680 18.61 1710 70.01
2040 19.52 2040 73.19

Processed Particles
u0: 1.53m/s, Lt: 0.152
M = 0.05

time Cumulative weight
(t) (g)

Processes Particles
u 0 = 1.12m/s, Lt = 0.304
M = 0.05

Time Cumulative weight
(t) (g)

15 19.90 15 13.31

30 20.94 30 18.53
45 25.69 45 22.14

60 29.28 60 25.19

75 31.86 75 27.98

90 34.91 90 30.17

105 37.62 105 32.03

120 39.73 120 33.43

180 50.04 180 39.61
240 58.54 240 44.52

300 67.00 300 48.66

360 73.15 360 52.27
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Processed Particles
u = 1.43m/s' Lt = 0.304m
M00.05

time cumulative weight
(s) (g)

Processed Particles
u = 1.59m/s' Lt = 0.304m
Mo= 0.05

time cumulative weight
(s) (g)

15 20.56 15 28.55

30 28.67 30 50.27
45 33.26 45 57.40

60 38.36 60 80.31

75 42.47 75 129.01

90 45.73 90 134.53
105 50.07 105 140.83

120 52.69 120 146.63

180 63.15 180 195.73
240 72.46 240 208.00

300 82.50 300 227.00

360 89.64 360 342.60

540 112.24 480 397.60
600 117.14 600 413.70

750 125.03 840 433.80

1080 143.03
1320 154.92

1680 169.14
2040 181.04

Processed Particles
u = 1.64m/s, L = 0 304mt
le= 0.05 type B distributor

time cumulative weight

(s) (g)

Sawdust
uo = 0.55m/s, Lt =0.152
M° 0.05

time cumulative weight

(s) (g)

15 24.39 15 0.90

30 32.15 30 2.00

45 41.01 45 2.84

60 50.56 60 3.39
75 61.37 75 4.86

90 67.75 90 4.23

105 71.94 105 4.55

120 76.64 120 4.76

180 95.04 180 5.27
2140 105.94 240 5.68

480 84.04 480 57.32

600 92.25 600 61.71

840 105.27 840 70.56
1080 114.01 1020 75.44

1320 122.83 1320 83.45

1680 131.83 1680 90.43

2040 148.93 2040 96.15
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Sawdust
uo = 0.72m/s, Lt = 0.152m
M = 0.05

time cumulative weight
(s) (g)

Sawdust
uo = 0.82 m/s, Lt =0.152m
M = 0.05

time cumulative weight
(s) (g)

15 2.38 15 3.00

30 3.99 30 4.98

45 5.31 45 6.42

60 6.11 60 7.63

75 6.89 75 8.33

90 7.41 90 8.84

105 7.90 105 9.35
120 8.21 120 10.03

180 9.36 180 11.78

240 10.37 240 13.08

300 10.98 300 14.08

360 11.59 360 15.03

480 12.54 480. 16.35

600 13.25 600 17.56

840 14.35 840 19.51

1140 15.35 1140 21.36

1320 16.12 1320 22.18

1680 16.97 1680 23.67

2040 17.67 2040 24.88

Sawdust
u0 1.10m/s Lt = 0152m
M-= 0.05

Sawdust
uo = 1.59m/s, Lt =0.152m
M = 0.05 type B distributor

time cumulative weight time cumulative weight

(s) (g) (s) (g)

15 7.42 15 7.56
30 12.50 30 11.13

45 15.51 45 14.42

60 17.90 60 17.03

75 19.70 75 19.22

90 21.32 90 21.47

105 22.81 105 23.45

120 24.42 120 25.31

300 115.08 300 6.07

360 124.17 360 6.47
480 137.06 480 6.98

600 148.11 600 7.33
840 163.52 840 7.88
1080 176.06 1080 8.33

1320 186.74 1320 8.93
1680 200.04 1680 9.46

2040 210.23 2040 9.86



Processed Particles Processed Particles

u = 1.36m/s, Lt = 0.152m u0 '
= 1.64m/s, L = 0 152mt

140= 1.00 M = 1.00 type B distributor
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Processed Particles
u = 1.14m/s' Lt = 0.152m
M°:.- 0.50

Processed Particles

u0 = 1.38m/s, Lt = 0.152m
M = 0.50

time cumulative weight time cumulative weight

(s) (g) (s) (g)

15 0.40 15 1.65

30 0.63 30 3.75

45 0.93 45 5.53

60 1.14 60 7.00

75 1.34 75 8.60

90 1.54 90 10.32

105 1.75 105 11.87

120 2.01 120 13.57

180 3.48 180 19.55

240 5.00 240 23.83

300 6.30 300 27.78

360 7.29 360 31.06

480 9.39 480 35.80

600 11.51 600 40.14

840 16.17 840 48.44

1080 19.37 1080 55.62

1320 23.00 1320 62.63

1680 26.90 1680 70.99

2040 31.60 2040 77.30

time
(s)

cumulative weight
(g)

time cumulative weight
(s) (g)

15 0.21 15 0.52

30 0.31 30 1.10

45 0.37 45 1.62

60 0.49 60 2.43

180 28.92 180 29.90

240 33.17 240 33.69

300 36.15 300 37.48
360 38.66 360 40.18

480 42.58 480 44.48

600 45.88 600 48.40

840 51.23 840 57.49

1080 55.73 1140 61.95

1320 59.64 1380 67.56

1680 64.64 1680 72.59

2040 69.05 2040 78.29
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After matrices and vectors were established as follows,

3f(Wo
K, t)

aK
(K - K°) 133

where W° and 1? are initial estimates of the parameters. Letting
0

W be the measured value of Weand
eu

be the error at time t , the

linearization was written as
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APPENDIX B

Elutriation Calculations

The general nonlinear regression technique is presented in

Draper and Smith (1981). For the specific case of equation 81,

We= Wo(1-e-Kt) f(Wo,
K, 132

it was first linearized in a Taylor series so that



Z = 

K, t1) af(wo, K, t1) 

aK 
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31,4 aK 
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the linearization took the form 

Y = BZ + 
136 

and the standard linear least squares regression technique was applied 

to estimate the vector T. 

= 
(ZtZ)-1Zt 137 

15 
was then used to revise the initial estimates of the parameters. 
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= Wo + (W -W°)
o,new o o o

,

= Ko (K - Ko )
new

With these new estimates of Wo and K , the partial derivatives in the

matrix Z and the vector Y were updated and the process repeated. This

was done until (W0 - W(3)/W0 and ( -K0 )/K0 were less than 0.01. With
0

good initial guesses, convergence occurred after four to eight itera-

tions. A good guess was within 50 percent for W: and within 200 per-

cent for K°. If the initial guesses were poor, the values of Wo and

K would fluctuate wildly and converge only sometimes. No convergence

to reasonable values was obtained with wet particles since the form

of the data did not fit the model.
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APPENDIX C

Heat Transfer Calculations

This Appendix discusses analysis of the data obtained by the

unsteady-state heating of a batch of wood particles. Equation 33

can be rearranged to be of the form in equation 140.

T = A - B e-kt
out

Tout,
however, is not what the thermocouple indicates. The

thermocouple reading always lags the changing bed temperature. This

lag may be accounted for by the relation given in equation 141.

dS
Tout = S + T--

dt

where S is the thermocouple reading and T is the time response.

Substituting equation 140 into 141 and solving for S yields equation

142. The solution method is to use an integrating factor (Braun, 1978).

B e-ktS = A -
1 - la

S was measured as a function of t and from this data A, B, and k were

found by a Gauss-Newton nonlinear least squares regression. The

procedure for this regression parallels that which is detailed in

Appendix B and will not be repeated here. The values of A, B, and k

from the regression done on equation 142 were then used in equation

140

141

142



140 to give the corrected gas temperature as a function of time. In

practice the differences between S and Tout were small.

Next, energy balances were done on the gas, the wood material,

and the dryer wall. Three coupled differential equations, 143, 144,

and 145, were derived for a differential dryer section of height dz.

uoA.tpgcgdTg = -hpaAt(Tg- Ts)dz

dT
p c cx dz = h c(T - T )dz + hc(T- Ta)dzw w dt w w s n w

dT
pscs (1-0A dz = hpaAt(Ts- Ts)dz + h c(T - T )dz 145t dt w s w

By assuming that the temperature of the solids remains almost constant

during the short time required for a slug of gas to pass through the

bed (pseudo steady-state assumption), equation 143 can be easily solved

for Tg,z.

[ hpaAtLt

uoAtpgcg)Tg,z = Ts (Tg,in - Ts)exp

Equation 146 can then be substituted into equation 145 and integrated

over the bed depth to give equation 147.

dT
-pscs(1-E)AtLt = hweLt(Ts- Tw)

li

uoAtpgc;..1-haA(T -T) hptg,in s
-

paAt
ex

{
P thaALt

uoAtpgcg

209
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Equations 144 and 147 may be rearranged to equations 148 and 149 which

contain three unknowns, T , T , and h .

dTw fhwc + hnCI hwc
11

hnc
T + T + 148dt p c cx w c c.x.1 s p c cx Ta

w w w w w w

dTs h cL
dt

psc 14(1-e)AtLt Tws
hsaAtL.]

uoAtpgcg fl - exp
tJ

uoAtpg;.1g
+

hweL

pc (1 -E)ALt Tss s t
hsaAtLt

uoAtcgpg - exp[
uoAtpgcg

TgP c(1 -E)AL ,ints s

The third equation in the set is 146 and the solution procedure is

depicted in Figure 49. The method is that of Euler for the

solution of simultaneous ordinary differential equations (Carnahan et

al. 1969). A one second time increment was used. A value

of 120 W/m2K was used for h . Sensitivity studies indicated

that h could vary over a range of 30 percent without greatly

affecting the solution.

For the small particles the solution by this method worked well.

For the other particle sizes h would vary with time, slowly at first,

and then quickly. For this reason the values of h obtained during

the early part of the experiment were reported. The reason for this

increase is because h appears only in the exponential terms and it

can increase without bound and have little affect on the solution.
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start at t=0 where )

Ts
and T are known

guess h

using equation 140, obtain the
gas temperature at t

calculate the temperature
dependent gas and solid

properties

evaluate 140 at t+dt to obtain
a second new exit gas temperature

are
the two

as temperatures
within 2%

modify estimate of hp

is

t>tend

incement time

obtain a new exit gas temperature
at t+dt using equation 146

yes

( end )

yes
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Figure 49. Solution procedure for heat transfer analysis.



APPENDIX D

BATCH DRYING DATA

Processed Particles
1.5 m/s, 127°C

212

small

unmodified modified

time moisture drying moisture drying
content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 108.0 2.76 108.0 2.78
15 103.9 2.76 103.8 2.78
30 99.7 2.76 99.6 2.78
45 95.6 2.76 95.5 2.78
60 91.4 2.76 91.3 2.78
75 87.3 2.76 87.1 2.78
90 83.1 2.76 82.9 2.78

105 79.0 2.76 78.8 2.78
120 74.8 2.76 74.6 2.78
135 70.7 2.74 70.5 2.76
150 66.6 2.73 66.3 2.75
165 62.6 2.70 62.3 2.71
180 58.6 2.67 58.3 2.68
195 54.6 2.63 54.3 2.64
210 50.7 2.59 50.4 2.61
225 46.9 2.55 46.5 2.57
240 43.1 2.52 42.7 2.53
255 39.4 2.48 39.0 2.50
270 35.8 2.43 35.3 2.45
285 32.2 2.39 31.7 2.40
300 28.7 2.33 28.2 2.35
315 25.3 2.27 24.8 2.29
330 22.0 2.18 21.5 2.19
345 18.9 2.07 18.4 2.08
360 16.0 1.94 15.4 1.93
375 13.4 1.77 12.7 1.79
390 11.0 1.57 10.4 1.58
405 9.0 1.34 8.3 1.36
420 7.3 1.12 6.6 1.13
435 6.0 0.90 5.3 0.92
450 4.8 0.75 4.1 0.76
465 3.9 0.62 3.2 0.64
480 3.1 0.53 2.3 0.54
495 2.5 0.44 1.7 0.46
510 1.9 0.40 1.0 0.41
525 1.4 0.33 0.5 0.34
540 1.1 0.19 0.2 0.21



213

medium

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (1) (g/kg/s)

o 107.0 2.20 107.0 2.23

15 103.7 2.20 103.6 2.23

30 100.4 2.20 100.3 2.23
45 97.1 2.20 96.9 2.23

60 93.8 2.20 93.6 2.23

75 90.3 2.20 90.3 2.23

90 87.3 2.14 87.0 2.17

105 84.2 2.10 83.8 2.12

120 81.1 2.02 80.8 2.05

135 78.2 1.94 77.8 1.97

150 75.4 1.85 75.0 1.88

165 73.0 1.62 72.5 1.64

180 70.7 1.52 70.2 1.56

195 68.5 1.47 68.0 1.50

210 66.4 1.44 65.8 1.47

225 64.2 1.42 63.6 1.44

240 62.2 1.40 61.5 1.43

255 60.1 1.36 59.4 1.39

270 58.1 1.33 57.3 1.36

285 56.1 1.31 55.3 1.34

300 54.2 1.30 53.3 1.33

315 52.3 1.28 51.4 1.30

330 50.4 1.27 49.9 1.29

345 48.5 1.26 47.5 1.29

360 46.6 1.23 45.6 1.26

375 44.9 1.18 43.8 1.21

390 42.5 1.57 41.4 1.59

405 38.7 2.53 37.6 2.56

42o 35.3 2.27 34.1 2.29

435 32.2 2.10 30.9 2.13

450 29.1 2.02 27.9 2.05

465 26.2 1.95 24.9 1.98

480 23.4 1.89 22.0 1.92

495 20.7 1.80 19.3 1.83

510 18.0 1.76 16.6 1.78

525 15.6 1.65 14.1 1.67

540 13.3 1.53 11.8 1.56

555 11.2 1.40 9.6 1.43

570 9.3 1.27 7.7 1.30

555 0.9 0.13 0.0 0.14

570 0.8 0.09 0.0 0.00

585 0.6 0.07 0.0 0.00

600 0.5 0.07 0.0 0.00



214 

large 

unmodified modified 

time moisture drying moisture drying 
content rate content rate 

(s) (%) (g/kg/s) (%) (g/kg/s) 

0 99.0 1.98 99.0 2.10 
15 96.6 1.98 95.7 2.10 
30 93.1 1.98 92.5 2.10 
45 90.1 1.98 89.4 2.10 
60 87.1 1.98 86.2 2.10 
75 84.2 1.98 83.1 2.10 
90 81.2 1.98 79.9 2.10 
105 78.2 1.98 76.8 2.10 
120 75.3 1.98 73.6 2.10 
135 72.3 1.98 70.5 2.10 
150 69.4 1.91 67.4 2.03 
165 66.7 1.83 64.5 1.95 
180 64.0 1.78 61.7 1.90 
195 61.4 1.73 58.9 1.85 
210 58.9 1.68 56.2 1.80 
225 56.4 1.65 53.6 1.77 
240 54.0 1.62 50.9 1.73 
255 51.6 1.59 48.8 1.71 
270 49.3 1.57 45.9 1.69 
285 47.0 1.49 43.4 1.61 
300 44.9 1.45 41.1 1.57 
315 42.7 1.42 38.8 1.54 
330 40.7 1.38 36.5 1.50 
345 38.6 1.35 34.3 1.47 
360 36.7 1.32 32.2 1.44 
375 34.7 1.30 30.0 1.42 
390 32.8 1.26 28.0 1.38 
405 31.0 1.24 25.9 1.36 

585 7.6 1.10 6.0 1.13 
600 6.2 0.93 4.5 0.95 
615 5.1 0.76 3.4 0.79 
630 4.2 0.61 2.4 0.64 
645 3.5 0.47 1.7 0.50 
660 2.9 0.35 1.1 0.38 
675 2.6 0.25 0.7 0.27 
690 2.3 0.16 0.4 0.18 
705 2.2 0.09 0.2 0.12 
720 2.1 0.05 0.1 0.08 
735 2.1 0.04 0.0 0.07 
750 2.0 0.04 0.0 0.00 
765 1.9 0.03 0.0 0.00 
780 1.9 0.06 0.0 0.00 
795 1.8 0.06 0.0 0.00 



215

420 29.1 1.22 23.9 1.34
435 27.4 1.17 22.0 1.29
450 25.8 1.08 20.2 1.20
465 24.3 0.97 18.6 1.10
480 22.9 0.91 17.0 1.03
495 21.6 0.88 15.5 1.00
510 20.4 0.84 14.1 0.96
525 19.1 0.81 12.7 0.93
540 18.0 0.77 11.3 0.90
555 16.9 0.74 10.0 0.86
570 15.8 0.70 8.8 0.82
585 14.8 0.67 7.6 0.79
600 13.8 0.66 6.5 0.78
615 12.9 0.63 5.3 0.75
630 12.0 0.59 4.3 0.71
645 11.2 0.55 3.3 0.67
660 10.4 0.51 2.3 0.63
675 9.8 0.41 1.5 0.53
690 9.3 0.35 0.8 0.47
705 8.8 0.34 0.1 0.45
720 8.3 0.32 -0.5 0.44
735 7.8 0.29 -1.2 0.41
750 8.6 -0.55 -0.5 -0.43
765 9.3 -0.46 0.0 -0.34
780 10.0 -0.46 0.0 0.00
795 10.7 -0.46 0.0 0.00

mixed

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 107.0 2.48 107.0 2.47
15 103.3 2.48 103.3 2.47
30 99.6 2.48 99.6 2.47
45 95.8 2.48 95.9 2.47
60 92.1 2.48 92.1 2.47
75 88.4 2.48 88.4 2.47
90 84.7 2.48 84.7 2.47

105 81.0 2.46 81.0 2.46
120 77.3 2.44 77.4 2.44
135 73.7 2.41 73.8 2.40
150 70.1 2.40 70.2 2.40
165 66.6 2.32 66.7 2.32
180 63.2 2.29 63.3 2.28
195 59.8 2.27 59.9 2.27
210 56.4 2.24 56.5 2.23
225 53.1 2.21 53.2 2.21
240 49.8 2.19 49.9 2.19



Processed Particles

216

255 46.5 2.23 46.6 2.22
270 43.2 2.18 43.3 2.17
285 40.0 2.14 40.1 2.13
300 36.9 2.09 37.0 2.09
315 33.8 2.06 33.9 2.06
330 30.8 1.99 30.9 1.99
345 27.9 1.95 28.0 1.95
360 25.0 1.89 25.2 1.89
375 22.3 1.83 22.5 1.82
390 19.7 1.74 19.8 1.74
405 17.2 1.65 17.4 1.64
420 14.9 1.55 15.1 1.55
435 12.7 1.45 12.9 1.44
450 10.7 1.31 10.9 1.31
465 8.9 1.20 9.1 1.19
480 7.3 1.07 7.6 1.06
495 5.9 0.94 6.2 0.93
510 4.7 0.82 4.9 0.82
525 3.6 0.72 3.9 0.72
540 2.7 0.62 2.9 0.62
555 1.9 0.50 2.2 0.50
570 1.4 0.35 1.7 0.35
585 1.0 0.27 1.3 0.26
600 0.7 0.22 0.9 0.21
615 0.4 0.17 0.7 0.17
630 0.2 0.14 0.5 0.14
645 0.0 0.12 0.3 0.11
660 -0.2 0.11 0.2 0.11
675 -0.3 0.11 0.0 0.10
690 -0.5 0.10 0.0 0.00
705 -0.6 0.10 0.0 0.00
720 -0.8 0.10 0.0 0.00

1.5m/s, 207°C

small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (i) (g/kg/s)

0 110.0 3.97 110.0 3.97
15 104.0 3.97 104.0 3.97
30 98.1 3.97 98.1 3.97
45 92.1 3.97 92.1 3.97
60 86.2 3.97 86.2 3.97
75 80.2 3.97 80.2 3.97



medium

217

90 74.3 3.97 74.3 3.97
105 68.3 3.97 68.3 3.97
120 62.6 3.86 62.5 3.86
135 56.9 3.78 56.8 3.78
150 51.3 3.69 51.3 3.70
165 45.9 3.62 45.9 3.62
180 40.6 3.55 40.5 3.56
195 35.4 3.48 35.3 3.48
210 30.2 3.41 30.2 3.42
225 25.3 3.31 25.2 3.31
240 20.5 3.20 20.4 3.20
255 15.9 3.04 15.8 3.05
270 11.7 2.84 11.6 2.84
285 7.9 2.48 7.9 2.48
300 4.9 2.01 4.8 2.01
315 2.7 1.47 2.6 1.47
330 1.3 0.96 1.2 0.96
345 0.5 0.53 0.4 0.53
360 0.2 0.22 0.1 0.22
375 0.1 0.04 0.0 0.04
390 0.1 0.03 0.0 0.00
405 -0.1 0.13 0.0 0.00

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 120.0 3.60 120.0 3.58
15 114.6 3.60 114.7 3.58
30 109.2 3.60 109.3 3.58
45 103.8 3.60 103.9 3.58
60 98.4 3.60 98.6 3.58
75 93.0 3.60 93.2 3.58
90 87.8 3.50 88.0 3.47

105 82.6 3.45 82.8 3.43
120 77.4 3.43 77.7 3.41
135 72.4 3.37 72.7 3.35
150 67.3 3.42 67.6 3.39
165 62.2 3.35 62.6 3.33
180 57.3 3.31 57.7 3.29
195 52.3 3.32 52.8 3.30
210 47.3 3.31 47.8 3.29
225 42.4 3.27 43.0 3.24
240 37.6 3.22 38.2 3.20
255 32.8 3.21 33.4 3.19
270 28.1 3.14 28.7 3.16
285 23.6 3.01 24.2 2.99



218

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (gikgis)

0 105.0 3.03 105.0 3.02

15 100.5 3.03 100.5 3.02

30 95.9 3.03 95.9 3.02

45 91.4 3.03 91.4 3.02

60 86.8 3.03 86.9 3.02

75 82.3 3.03 82.4 3.02

90 77.9 2.94 77.9 2.94

105 73.7 2.79 73.8 2.79

120 69.7 2.70 69.7 2.69

135 65.8 2.59 65.8 2.59

150 62.0 2.53 62.1 2.52

165 58.3 2.48 58.3 2.48

180 54.6 2.45 54.7 2.44

195 51.0 2.41 51.1 2.41

210 47.4 2.38 47.5 2.37

225 43.9 2.36 44.0 2.35

240 40.4 2.32 40.5 2.32

255 37.0 2.29 37.1 2.28

270 33.6 2.24 33.7 2.24

285 30.3 2.20 30.4 2.20

300 27.1 2.15 27.2 2.14

315 23.9 2.08 24.1 2.08

330 20.9 2.01 21.1 2.00

345 18.1 1.88 18.3 1.88

360 15.5 1.71 15.7 1.70

375 13.3 1.52 13.5 1.51

390 11.3 1.33 11.5 1.32

405 9.5 1.18 9.7 1.18

420 8.0 1.02 8.2 1.02

435 6.6 0.89 6.9 0.88

450 5.5 0.77 5.7 0.76

300 19.3 2.87 20.0 2.84

315 15.2 2.67 16.0 2.65

330 11.6 2.44 12.4 2.42

345 8.3 2.19 9.1 2.17

360 5.5 1.90 6.3 1.87

375 3.1 1.56 4.0 1.54

390 1.3 1.23 2.2 1.20

405 0.0 0.84 0.9 0.82

420 -0.7 0.46 0.3 0.44
435 -1.0 0.21 0.0 0.19

450 -1.2 0.10 0.0 0.00
465 -1.3 0.12 0.0 0.00

480 -1.5 0.13 0.0 0.00



219

mixed

unmodified modified

time moisture drying moisture drying
content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 110.0 3.68 110.0 3.61
15 104.5 3.68 140.7 3.61
30 99.0 3.68 99.3 3.61
45 93.4 3.68 93.9 3.61
60 87.9 3.68 88.5 3.61
75 82.4 3.68 83.1 3.61
90 76.9 3.68 77.6 3.61

105 71.4 3.64 72.3 3.57
120 66.1 3.56 67.1 3.49
135 60.9 3.47 62.0 3.40
150 55.6 3.51 56.8 3.44
165 50.5 3.44 51.7 3.37
180 45.4 3.36 46.8 3.29
195 40.4 3.32 41.9 3.25
210 35.5 3.27 37.1 3.20
225 30.7 3.21 32.4 3.14
240 26.1 3.10 27.9 3.03
255 21.6 3.00 23.5 2.93
270 17.3 2.85 19.3 2.78
285 13.3 2.65 15.4 2.58
300 9.7 2.42 11.9 2.34
315 6.5 2.13 8.8 2.06
330 3.8 1.82 6.2 1.75
345 1.5 1.49 4.1 1.41
360 -0.2 1.16 2.5 1.90
375 -1.5 0.84 1.3 0.77
390 -2.3 0.57 0.6 0.50
405 -2.8 0.33 0.2 0.26
420 -3.1 0.18 0.0 0.10
435 -3.4 0.23 0.0 0.00
450 -3.9 0.33 0.0 0.00

465 4.5 0.66 4.8 0.65
480 3.7 0.56 3.9 0.55
495 3.0 0.48 3.2 0.47
510 2.3 0.42 2.6 0.41
525 1.8 0.38 2.0 0.37
540 1.3 0.32 1.6 0.32
555 0.8 0.29 1.1 0.28
570 0.5 0.24 0.8 0.24
585 0.2 0.21 0.5 0.20
600 -0.1 0.17 0.2 0.17
615 -0.3 0.16 0.0 0.16
630 -0.5 0.13 0.0 0.00
645 -0.7 0.12 0.0 0.00



Processed Particles
1.75 m/s, 127°C

small

220

time

(s)

unmodified
moisture drying
content rate

(1) (g/kg/s)

modified
moisture drying
content rate

(%) (g/kg/s)
0 117.0 3.13 117.0 3.16

15 112.3 3.13 112.2 3.16
30 107.6 3.13 107.5 3.16
45 102.9 3.13 102.7 3.16
60 98.2 3.13 98.0 3.16
75 93.5 3.13 93.3 3.16
90 88.8 3.13 88.5 3.16

105 84.1 3.13 83.8 3.16
120 79.4 3.13 79.0 3.16
135 74.7 3.10 74.4 3.12
150 70.1 3.08 69.7 3.11
165 65.6 3.03 65.1 3.06
180 61.1 3.02 60.6 3.04
195 56.6 2.96 56.1 2.98
210 52.3 2.91 51.7 2.94
225 47.9 2.87 47.3 2.89
240 43.7 2.82 43.1 2.84
255 39.6 2.77 38.9 2.80
270 35.5 2.74 34.7 2.77
285 31.5 2.67 30.7 2.70
300 27.5 2.61 26.7 2.64
315 23.8 2.50 22.9 2.53
330 20.2 2.37 19.4 2.39
345 17.0 2.16 16.1 2.18
360 14.0 1.99 13.1 2.02
375 11.4 1.75 10.4 1.78
390 9.1 1.52 8.1 1.55
405 7.3 1.23 6.2 1.25
420 5.6 1.13 4.5 1.15
435 4.3 0.86 3.1 0.88
450 3.4 0.58 2.2 0.61
465 2.4 0.64 1.2 0.66
480 1.8 0.42 0.6 0.45
495 1.5 0.20 0.2 0.23
510 1.3 0.12 0.0 0.14
525 1.2 0.10 0.0 0.00
540 1.0 0.13 0.0 0.00
555 0.8 0.14 0.0 0.00



medium
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time

(s)

unmodified
moisture drying
content rate

(1) (g/kg/s)

modified
moisture drying
content rate

(1) (g/kg/s)
0 108.0 2.62 108.0 2.64

15 104.1 2.62 104.0 2.64
30 100.2 2.62 100.1 2.64
45 96.2 2.62 96.1 2.64
60 92.3 2.62 92.2 2.64
75 88.4 2.62 88.2 2.64
90 84.5 2.59 84.3 2.62

105 80.6 2.61 80.3 2.63
120 76.7 2.61 76.4 2.63
135 72.8 2.56 72.5 2.58
150 69.0 2.53 68.4 2.55
165 65.3 2.51 64.9 2.53
180 61.5 2.50 61.1 2.52
195 57.8 2.48 57.4 2.50
210 54.1 2.45 53.7 2.47
225 50.5 2.39 50.0 2.41
240 47.1 2.32 46.5 2.34
255 43.5 2.36 43.0 2.38
270 40.0 2.35 39.4 2.37
285 36.6 2.27 36.0 2.29
300 33.3 2.22 32.6 2.24
315 30.0 2.18 29.3 2.20
330 26.8 2.12 26.1 2.15
345 23.7 2.05 23.0 2.07
360 20.8 1.96 20.0 1.99
375 18.0 1.84 17.2 1.86
390 15.5 1.72 14.6 1.74
405 13.1 1.58 12.2 1.60
420 10.9 1.44 10.0 1.46
435 9.0 1.27 8.1 1.29
450 7.4 1.10 6.4 1.12
465 6.0 0.92 5.0 0.94
480 4.8 0.76 3.8 0.78
495 3.9 0.61 2.9 0.63
510 3.2 0.48 2.1 0.50
525 2.7 0.37 1.5 0.39
540 2.2 0.28 1.1 0.30
555 1.9 0.21 0.8 0.23
570 1.7 0.16 0.5 0.18
585 1.5 0.15 0.2 0.17
600 1.3 0.14 0.0 0.15
615 1.1 0.13 0.0 0.00
630 0.9 0.14 0.0 0.00
645 0.6 0.15 0.0 0.00



222

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)
0 107.0 2.41 107.0 2.49

15 103.4 2.41 103.2 2.49
30 99.8 2.41 99.4 2.49
45 96.2 2.41 95.7 2.49
60 92.6 2.41 92.0 2.49
75 89.0 2.41 88.2 2.49
90 85.4 2.41 84.5 2.49

105 81.9 2.29 81.0 2.37
120 78.7 2.17 77.6 2.52
135 75.5 2.10 74.3 2.18

150 72.4 2.05 71.1 2.13
165 69.4 2.00 68.0 2.08
180 66.5 1.94 65.0 2.02
195 63.7 1.87 62.0 1.95
210 61.0 1.81 59.2 1.89
225 58.4 1.74 56.5 1.82
240 55.9 1.67 53.9 1.75
255 53.5 1.62 51.3 1.70
270 51.1 1.57 48.8 1.65
285 48.8 1.52 46.4 1.60
300 46.6 1.49 44.1 1.57
315 44.5 1.42 41.8 1.50
330 42.4 1.37 39.7 1.45
345 40.5 1.31 37.6 1.39
375 36.8 1.21 33.6 1.29
390 35.0 1.17 31.8 1.25
405 33.3 1.14 29.9 1.27
420 31.6 1.10 28.2 1.18
435 30.1 1.06 26.5 1.34
450 28.5 1.03 24.8 1.11
465 27.0 0.99 23.2 1.07
480 25.6 0.95 21.6 1.03
495 24.2 0.92 20.1 1.00
510 22.9 0.89 18.7 0.97
525 21.6 0.85 17.3 0.93
540 20.4 0.82 15.9 0.90
555 19.2 0.79 14.6 0.87
570 18.1 0.76 13.4 0.84
585 17.0 0.74 12.2 0.82
600 15.9 0.71 11.0 0.79
615 14.9 0.69 9.8 0.77
630 13.9 0.67 8.7 0.75
645 12.9 0.65 7.6 0.73
660 12.0 0.61 6.6 0.70
675 11.1 0.57 5.5 0.67
690 10.2 0.56 4.6 0.64



223

mixed

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 113.0 2.93 113.0 2.93
15 108.6 2.93 108.6 2.93
30 104.2 2.93 104.2 2.93
45 99.8 2.93 99.8 2.93
60 95.4 2.93 95.4 2.93
75 91.0 2.93 91.0 2.93
90 86.6 2.93 86.6 2.93

105 82.2 2.93 82.2 2.93
120 77.8 2.93 77.8 2.93
135 73.5 2.88 73.8 2.88
150 69.3 2.79 69.3 2.79
165 65.1 2.82 65.1 2.82
180 61.0 2.73 61.0 2.73
195 56.9 2.75 56.9 2.75
210 52.8 2.71 52.8 2.71
225 48.8 2.67 48.8 2.67
240 44.9 2.65 44.9 2.65
255 41.0 2.55 41.0 2.55
270 37.2 2.55 37.2 2.55
285 33.6 2.41 33.6 2.41
300 30.2 2.26 30.2 2.26
315 26.9 2.21 26.9 2.21
330 23.7 2.12 23.7 2.12
345 20.7 2.00 20.7 2.00
360 17.9 1.91 17.9 1.91
375 15.2 1.77 15.2 1.77
390 12.8 1.63 12.8 1.63
405 10.6 1.46 10.6 1.46
420 8.6 1.30 8.6 1.30
435 6.9 1.14 6.9 1.14
450 5.4 0.97 5.4 0.97
465 4.3 0.79 4.3 0.79
480 3.3 0.62 3.3 0.62

705 9.5 0.52 3.7 0.60
720 8.7 0.48 2.8 0.56
735 8.1 0.44 2.1 0.52
750 7.4 0.42 1.3 0.50
765 6.9 0.39 0.6 0.47
780 6.4 0.33 0.0 0.41
795 5.9 0.32 0.0 0.00
810 5.4 0.31 0.0 0.00
825 5.0 0.30 0.0 0.00



Processed Particles

224

1.75 m/s, 207°C

small

unmodified modified

time moisture drying moisture drying
content rate content rate

(s) (%) (gikg/s) (%) (g/kg/s)

0 113.0 4.59 113.0 4.81
15 106.1 4.59 105.5 4.81
30 99.2 4.59 98.3 4.81
45 92.3 4.59 91.1 4.81
60 85.4 4.59 83.9 4.81
75 78.5 4.59 76.6 4.81
90 71.7 4.59 69.4 4.81

105 64.9 4.48 62.4 4.69
120 58.3 4.39 55.5 4.60
135 51.9 4.27 48.8 4.48
150 45.7 4.18 42.2 4.39
165 39.6 4.08 35.8 4.29
180 33.6 3.95 29.5 4.16
195 28.0 3.76 23.6 3.97
210 22.8 3.47 18.1 3.68
225 18.3 3.01 13.2 3.22
240 14.7 2.39 9.3 2.60
255 12.2 1.67 6.5 1.88
270 10.6 1.04 4.6 1.25
285 9.7 0.64 3.4 0.85
300 9.0 0.44 2.4 0.65
315 8.5 0.34 1.6 0.55
330 8.1 0.32 0.8 0.53
345 7.6 0.31 0.0 0.52
360 7.1 0.30 0.0 0.00
375 6.7 0.30 0.0 0.00

495 2.6 0.49 2.6 0.49
510 2.0 0.40 2.0 0.40
525 1.5 0.32 1.5 0.32
540 1.2 0.25 1.2 0.25
555 0.8 0.22 0.8 0.22
570 0.6 0.18 0.6 0.18
585 0.4 0.14 0.4 0.14
600 0.2 0.13 0.2 0.13
615 0.0 0.10 0.0 0.10
630 -0.1 0.09 0.0 0.00
645 -0.2 0.07 0.0 0.00



medium

225

unmodified modified

time moisture drying moisture drying
content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

110.0 3.98 110.0 3.82
15 104.0 3.98 104.5 3.82
30 98.0 3.98 98.8 3.82
45 92.1 3.98 93.1 3.82
60 86.3 3.88 87.5 3.72
75 81.1 3.46 82.5 3.30
90 76.4 3.08 78.2 2.91

105 72.2 2.82 74.2 2.66
120 68.2 2.69 70.4 2.53
135 64.3 2.57 66.8 2.40
150 60.9 2.26 63.6 2.10
165 55.3 3.78 58.2 3.62
180 48.7 4.38 51.9 4.22
195 42.7 4.03 46.1 3.87
210 36.9 3.84 40.6 3.68
225 31.4 3.68 35.3 3.52
240 25.9 3.65 30.1 3.48
255 20.8 3.43 25.2 3.27
270 15.7 3.37 20.3 3.21
285 11.0 3.13 15.9 2.96
300 6.7 2.85 11.9 2.68
315 3.0 2.48 8.4 2.31
330 -0.1 2.12 5.5 1.96
345 -2.7 1.73 3.1 1.56
360 1.28 1.4 1.12
375 -6.0 0.87 0.4 0.71
390 -6.8 0.52 -0.2 0.04
405 -7.1 0.20 -0.2 0.04
420 -7.0 -0.02 0.0 0.00
435 -7.0 -0.04 0.00 0.00

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 106.6 3.78 106.6 3.70
15 100.9 3.78 101.2 3.70
30 95.3 3.78 95.6 3.70
45 89.6 3.78 90.1 3.70
60 84.0 3.72 84.6 3.64
75 78.7 3.54 79.4 3.46
90 73.6 3.39 74.5 3.31



226

105 68.7 3.26 69.7 3.18
120 63.9 3.19 65.0 3.11
135 59.2 3.12 60.5 3.04
150 54.6 3.07 56.0 2.99
165 50.1 3.01 51.6 2.92
180 45.7 2.96 47.3 2.88
195 41.3 2.90 43.1 2.82
210 37.1 2.80 39.0 2.72
225 33.1 2.70 35.1 2.62
240 29.4 2.45 31.5 2.37
255 26.0 2.31 28.2 2.23
270 22.6 2.23 24.9 2.15
285 19.4 2.14 21.9 2.06
300 16.4 1.98 19.0 1.90
315 13.6 1.87 16.3 1.79
330 11.1 1.68 13.9 1.60
345 8.9 1.47 11.9 1.39
360 6.9 1.36 9.9 1.28
375 5.0 1.26 8.2 1.18
390 3.2 1.16 6.6 1.08
405 1.7 1.02 5.1 0.94
420 0.4 0.90 3.9 0.82
435 -0.8 0.75 2.9 0.67
450 -1.7 0.63 2.1 0.55
465 -2.5 0.50 1.5 0.42
480 -3.0 0.39 1.0 0.30
495 -3.8 0.51 0.4 0.43
510 0.33 0.0 0.24
525 -4.4 0.09 0.0 0.00
540 -4.4 0.00 0.0 0.00

mixed

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 109.0 4.18 109.0 4.12
15 102.7 4.18 102.9 4.12
30 96.5 4.18 96.7 4.12
45 90.2 4.18 90.5 4.12
60 83.9 4.18 84.4 4.12
75 77.7 4.18 78.2 4.12
90 71.4 4.18 72.0 4.12

105 65.3 4.07 66.0 4.12
120 59.3 4.01 60.1 3.95
135 53.3 4.01 54.1 3.96
150 47.5 3.87 48.4 3.81
165 41.8 3.79 42.8 3.73
180 36.3 3.65 37.4 3.59



Processed Particles 
2.0 m/s, 127°C 

227 

small 

unmodified modified 

time moisture drying moisture drying 

content rate content rate 
(s) (%) (g/kg/s) (%) (g/kg/s) 

0 112.0 3.22 112.0 3.41 
15 107.2 3.22 106.6 3.41 
30 102.3 3.22 101.5 3.41 
45 97.5 3.22 96.4 3.41 
60 92.7 3.22 91.2 3.41 
75 87.9 3.22 86.1 3.41 
90 83.0 3.22 81.0 3.41 
105 78.2 3.20 75.9 3.39 
120 73.5 3.16 70.9 3.35 
135 68.8 3.11 65.9 3.31 
150 64.2 3.07 61.0 3.26 
165 59.7 3.03 56.2 3.23 
180 55.2 2.98 51.4 3.18 
195 50.8 2.97 46.7 3.16 
210 46.4 2.91 42.0 3.11 
225 42.1 2.85 37.5 3.05 
240 37.9 2.81 33.0 3.00 
255 33.8 2.72 28.6 2.91 
270 29.9 2.62 24.4 2.82 
285 26.2 2.49 20.3 2.69 
300 22.7 2.31 16.6 2.50 
315 19.6 2.09 13.1 2.29 
330 16.9 1.81 10.1 2.01 
345 14.6 1.50 7.6 1.70 
360 12.8 1.19 5.5 1.39 

195 30.9 3.62 32.1 3.56 
210 25.6 3.51 26.9 3.45 
225 20.7 3.31 22.0 3.26 
240 15.9 3.14 17.4 3.09 
255 11.7 2.83 13.2 2.78 
270 8.0 2.49 9.6 2.43 
285 4.8 2.11 6.5 2.05 
300 2.2 1.71 4.0 1.65 
315 0.3 1.28 2.2 2.23 
330 -1.0 0.86 1.0 0.80 
345 -1.7 0.52 0.3 0.47 
360 -2.1 0.23 0.0 0.18 
375 -2.2 0.10 0.0 0.00 
390 -2.4 0.08 0.0 0.00 
405 -2.4 0.05 0.0 0.00 



medium

228

unmodified modified

time moisture drying moisture drying

content rate content rate

(5) (%) (g/kg/s) (%) (g/kgis)

o 104.0 2.82 104.0 2.86
15 99.8 2.82 99.6 2.86
30 95.5 2.82 95.4 2.86
45 91.3 2.82 91.1 2.86
60 87.1 2.82 86.8 2.86
75 82.9 2.82 82.5 2.86
90 78.6 2.81 78.2 2.85

105 74.5 2.77 74.0 2.82
120 70.11 2.71 69.9 2.75
135 66.4 2.71 65.7 2.75
150 62.4 2.68 61.6 2.72
165 58.3 2.71 57.5 2.75
180 54.3 2.69 53.4 2.73
195 50.3 2.63 49.4 2.68
210 46.4 2.59 45.5 2.63
225 42.6 2.52 41.6 2.56
240 38.9 2.53 37.8 2.57
255 35.2 2.45 34.0 2.50
270 31.5 2.46 30.3 2.50
285 28.0 2.34 26.7 2.38
300 24.6 2.23 23.3 2.27
315 21.5 2.12 20.0 2.16
330 18.5 2.00 17.0 2.04
345 15.7 1.85 14.2 1.89
360 13.2 1.67 11.6 1.71
375 10.9 1.49 9.3 1.54
390 9.0 1.30 7.3 1.34
1105 7.3 1.12 5.5 1.16
1420 5.9 0.93 4.1 0.97
435 4.8 0.74 2.9 0.78
450 4.0 0.55 2.0 0.59
465 3.4 0.41 1.3 0.45
1180 2.9 0.30 0.8 0.34
495 2.6 0.21 0.5 0.25
510 2.4 0.13 0.2 0.18
525 2.3 0.09 0.0 0.12
540 2.1 0.05 0.0 0.00
570 2.0 0.06 0.0 0.00

375 11.4 0.94 3.8 1.14
390 10.3 0.75 2.4 0.94
405 9.3 0.63 1.1 0.83
420 8.5 0.57 0.0 0.76
435 7.8 0.46 0.0 0.00



229

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 105.0 2.28 105.0 2.30
15 101.6 2.28 101.5 2.30
30 98.1 2.28 98.1 2.30
45 94.7 2.28 94.6 2.30
60 91.3 2.28 91.2 2.30
75 87.9 2.28 87.7 2.30
90 84.4 2.28 84.3 2.30

105 81.0 2.28 80.8 2.30
120 78.2 1.87 78.0 1.89
135 75.6 1.72 75.4 1.74

150 73.1 1.71 72.8 1.73
165 70.8 1.51 70.6 1.52
180 68.6 1.47 68.3 1.48
195 66.2 1.61 65.9 1.63
210 63.9 1.54 63.6 1.55
225 61.6 1.50 61.3 1.51
240 58.8 1.91 58.4 1.93
255 55.9 1.88 55.6 1.89
270 53.2 1.85 52.8 1.87
285 50.4 1.82 50.0 1.83
300 47.8 1.73 47.4 1.75
315 45.3 1.66 44.9 1.67
330 42.9 1.66 42.4 1.67
345 40.7 1.45 40.2 1.46
360 38.6 1.37 38.1 1.39
375 36.7 1.29 36.1 1.31
390 34.9 1.21 34.3 1.23
405 32.6 1.53 32.0 1.55
420 30.2 1.61 29.5 1.63
435 28.1 1.38 27.5 1.39
450 25.8 1.51 25.2 1.52
465 23.5 1.56 22.8 1.58
480 21.2 1.52 20.5 1.54
495 19.4 1.18 18.7 1.20
510 17.9 1.03 17.2 1.04
525 16.5 0.95 15.7 0.97
540 15.2 0.88 14.4 0.88
555 14.0 0.77 13.2 0.79
570 13.0 0.68 12.2 0.69
585 12.0 0.67 11.1 0.68
600 11.1 0.60 10.2 0.61
615 9.9 0.79 9.0 0.80
630 8.5 0.96 7.6 0.97
645 7.2 0.82 6.3 0.83
660 6.3 0.62 5.4 0.63
675 5.6 0.50 4.6 0.51



mixed

230

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 97.0 3.26 97.0 3.31

15 92.1 3.26 92.0 3.31

30 87.2 3.26 87.0 3.31

45 82.3 3.26 82.0 3.31

60 77.4 3.26 77.1 3.31

75 72.6 3.26 72.1 3.31

90 67.9 3.13 67.4 3.17

105 63.2 3.12 62.6 3.16

120 58.6 3.03 58.0 3.08

135 54.2 2.99 53.4 3.04

150 49.8 2.93 49.0 2.98

165 45.4 2.88 44.6 2.93

180 41.2 2.80 40.3 2.84

195 37.2 2.72 36.2 2.76

210 33.2 2.63 32.1 2.68

225 29.4 2.56 28.2 2.61

240 25.7 2.44 24.5 2.49

255 22.3 2.30 21.0 2.35

270 19.1 2.12 17.7 2.17

285 16.2 1.95 14.7 2.00

300 13.5 1.79 12.0 1.83

315 11.1 1.60 9.5 1.65

330 9.0 1.39 7.4 1.44

345 7.2 1.20 5.5 1.25

360 5.7 1.03 3.9 1.08

375 4.4 0.82 2.5 0.87

390 3.5 0.64 1.5 0.69

405 2.7 0.51 0.7 0.56

420 2.1 0.41 0.0 0.46

435 1.6 0.35 0.0 0.00

450 1.1 0.31 0.0 0.00

690 4.9 0.43 3.9 0.45

705 4.3 0.38 3.3 0.39

720 3.8 0.36 2.8 0.38

735 3.4 0.29 2.3 0.31

750 3.0 0.24 1.9 0.25

780 2.4 0.20 1.3 0.21

795 2.1 0.19 1.0 0.21

810 1.8 0.17 0.7 0.19

825 1.6 0.14 0.4 0.16

840 1.4 0.13 0.2 0.15

855 1.2 0.13 0.0 0.14

870 1.1 0.11 0.0 0.00

885 0.9 0.11 0.0 0.00



Processed Particles
2.0 m/s, 207°C

medium

231

small

unmodified modified

time moisture drying moisture drying
content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)
0 113.0 5.46 113.0 5.46

15 104.8 5.46 104.8 5.46
30 96.7 5.46 96.7 5.46
45 88.5 5.46 88.5 5.46
60 80.3 5.46 80.3 5.46
75 72.2 5.46 72.2 5.46
90 64.0 5.42 64.0 5.42

105 56.1 5.28 56.1 5.28
120 48.4 5.18 48.4 5.18
135 40.9 5.03 40.9 5.03
150 33.6 4.83 33.6 4.83
165 26.7 4.62 26.7 4.42
180 20.1 4.41 20.1 4.41
195 14.1 4.02 14.1 4.02
210 9.2 3.30 9.2 3.30
225 5.7 2.34 5.7 2.34
240 3.5 2.41 3.5 2.41
255 2.3 0.81 2.3 0.81
270 1.6 0.47 1.6 0.47
285 1.1 0.31 1.1 0.32
300 0.8 0.23 0.8 0.23
315 0.5 0.19 0.5 0.19
330 0.3 0.18 0.3 0.18
345 0.1 0.13 0.1 0.13
360 -0.1 0.10 0.0 0.10
375 -0.2 0.20 0.0 0.00

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 105.0 4.27 105.0 4.26
15 98.6 4.27 98.6 4.26
30 92.2 4.27 92.2 4.26
45 84.8 4.27 85.8 4.26
60 79.4 4.27 79.4 4.26
75 73.0 4.27 73.1 4.26
90 66.6 4.24 66.7 4.23

105 60.4 4.16 60.5 4.16



232 

large 

unmodified modified 

time moisture drying moisture drying 

content rate content rate 
(s) (%) (g/kg/s) (%) (g/kg/s) 

0 100.0 2.80 100.0 2.86 

15 95.6 2.80 95.6 2.86 

30 91.6 2.80 91.3 2.86 

45 87.4 2.80 87.0 2.86 

60 83.2 2.80 82.8 2.86 

75 79.2 2.66 78.7 2.73 

90 75.7 2.36 75.0 2.42 

105 71.8 2.59 71.1 2.65 

120 68.2 2.40 67.4 2.47 

135 64.9 2.22 63.9 2.29 

150 61.9 1.98 60.9 2.04 

165 59.3 1.75 58.1 1.81 

180 56.7 1.72 55.5 1.78 

195 54.3 1.63 52.9 1.70 

210 51.9 1.54 50.5 1.61 

225 49.8 1.43 48.3 1.49 

240 47.8 1.32 46.2 1.39 

255 46.0 1.21 44.3 1.28 

270 44.3 1.12 42.5 1.18 

285 42.8 1.02 40.9 1.08 

300 41.3 1.02 39.3 1.09 

315 39.8 0.99 37.7 1.05 

330 38.2 1.02 36.1 1.08 

345 35.8 1.63 33.5 1.69 

360 33.1 1.77 30.8 1.84 

375 30.3 1.93 27.8 1.99 

390 27.4 1.89 24.9 1.95 

120 54.3 4.08 54.4 4.07 

135 48.2 4.01 48.4 4.01 

150 42.3 3.98 42.4 3.97 
165 36.3 3.98 36.4 3.97 
180 30.5 3.89 30.6 3.89 

195 24.9 3.70 25.1 3.69 

210 19.6 3.54 19.8 3.53 

225 14.8 3.22 15.0 3.21 

240 10.5 2.88 10.7 2.88 

255 6.8 2.42 7.0 2.41 

270 4.1 1.86 4.3 1.85 

285 2.0 1.34 2.3 1.33 

300 0.7 0.87 1.0 0.86 

315 0.1 0.45 0.3 0.44 

330 -0.3 0.22 0.0 0.21 
345 -0.6 0.21 0.0 0.00 



233 

mixed 

unmodified modified 

time moisture drying moisture drying 

content rate content rate 

(s) (%) (g/kg/s) (%) (g/kg/s) 

108.0 4.67 108.0 4.63 
15 101.0 4.67 101.1 4.63 
30 94.0 4.67 94.3 4.63 
45 87.0 4.67 87.2 4.63 
60 80.0 4.67 80.3 4.63 
75 73.0 4.67 73.3 4.63 
90 65.9 4.67 66.4 4.63 
105 58.9 4.67 59.4 4.63 
120 52.2 4.51 52.7 4.47 
135 45.5 4.45 46.1 4.41 
150 39.1 4.29 39.7 4.24 
165 32.8 4.20 33.5 4.16 
180 26.7 4.05 27.5 4.01 
195 20.9 3.86 21.8 3.82 
210 15.6 3.53 16.5 3.49 
225 10.9 3.12 11.9 3.08 
240 7.0 2.64 8.0 2.60 
255 3.8 2.09 4.9 2.05 
270 1.5 1.54 2.7 1.50 
285 0.0 1.02 1.2 1.00 
300 -0.8 0.58 0.4 0.54 
315 -1.2 0.27 0.1 0.27 
330 -1.4 0.10 0.0 0.06 
345 -1.5 0.04 0.0 0.00 
360 -1.5 0.02 0.0 0.00 

405 24.2 2.14 21.6 2.20 
420 21.2 2.02 18.4 2.08 
435 18.6 1.73 15.8 1.79 
450 16.3 1.53 13.4 1.59 
465 14.3 1.31 11.3 1.38 
480 12.7 1.08 9.6 1.15 
495 11.3 0.93 8.1 1.00 
510 10.0 0.85 6.7 0.91 
525 8.9 0.78 5.4 0.85 
540 7.9 0.67 4.4 0.73 
555 6.5 0.89 2.9 0.95 
570 5.0 1.02 1.3 1.08 
585 3.8 0.81 0.0 0.87 
600 2.8 0.66 0.0 0.00 
615 1.7 0.71 0.0 0.00 
630 0.9 0.55 0.0 0.00 



medium

2314

Sawdust
2.0 m/s, 127°C

small

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)
0 105.0 3.60 105.0 3.78

15 99.6 3.60 99.1 3.78
30 94.2 3.60 93.4 3.78
45 88.8 3.60 87.7 3.78
60 83.4 3.60 82.1 3.78
75 78.0 3.60 76.4 3.78
90 72.6 3.58 70.8 3.76

105 67.3 3.56 65.2 3.73
120 62.0 3.50 59.6 3.68
135 56.9 3.38 54.3 3.55
150 52.0 3.30 49.1 3.47
165 47.2 3.23 44.0 3.40
180 42.5 3.12 39.1 3.29
195 38.0 3.02 34.3 3.19
210 33.6 2.94 29.6 3.12
225 29.3 2.85 25.1 3.02
240 25.2 2.72 20.7 2.90
255 21.4 2.56 16.6 2.74
270 17.9 12.9 12.9 2.50
285 14.9 2.01 9.6 2.18
300 12.5 1.62 6.9 1.79
315 10.7 1.20 4.8 1.38
330 9.4 0.83 3.3 1.00
345 8.6 0.56 2.2 0.74
360 8.0 0.40 1.4 0.58
375 7.5 0.31 0.6 0.48
390 7.1 0.25 0.0 0.43
405 6.8 0.21 0.0 0.00
420 6.5 0.22 0.0 0.00

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 117.6 3.32 117.6 3.36
15 112.6 3.32 112.5 3.36
30 107.6 3.32 107.5 3.36
45 102.7 3.32 102.4 3.36
60 97.7 3.32 97.7 3.36
75 92.7 3.31 92.4 3.35



235

90 87.9 3.23 87.5 3.27
105 83.1 3.19 82.6 3.23
120 78.3 3.17 77.8 3.21
135 73.6 3.13 73.0 3.17
150 69.0 3.10 68.3 3.14
165 64.4 3.06 63.7 3.10
180 59.8 3.05 59.0 3.09
195 55.3 3.03 54.4 3.07
210 50.8 2.96 49.9 3.00
225 46.4 2.92 45.5 2.96
240 42.1 2.87 41.1 2.91
255 37.9 2.80 36.9 2.84
270 33.8 2.74 32.7 2.78
285 29.8 2.67 28.6 2.74
300 25.9 2.58 24.7 2.62
315 22.3 2.44 21.0 2.48
330 18.8 2.30 17.5 2.34
345 15.7 2.12 14.2 2.16
360 12.8 1.90 11.3 1.94
375 10.3 1.65 8.8 1.69
390 8.3 1.37 6.7 1.40
405 6.6 1.10 5.0 1.14
420 5.4 0.84 3.7 0.88
435 4.5 0.62 2.7 0.66
450 3.8 0.43 2.0 0.47
465 3.4 0.31 1.4 0.35
480 3.0 0.22 1.1 0.26
495 2.8 0.16 0.8 0.20
510 2.6 0.13 0.5 0.17
525 2.5 0.09 0.3 0.13
540 2.4 0.07 0.1 0.11
555 2.3 0.06 0.0 0.10
570 2.2 0.05 0.0 0.00
585 2.1 0.05 0.0 0.00

mixed

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

o 110.0 3.47 110.0 3.59
15 104.8 3.47 104.4 3.59
30 99.6 3.47 99.0 3.59
45 94.4 3.47 93.6 3.59
60 89.2 3.47 88.3 3.59
75 84.1 3.39 83.0 3.51
90 79.1 3.32 77.8 3.45

105 74.3 3.24 72.8 3.36
120 69.5 3.18 67.8 3.31
135 64.9 3.10 63.0 3.23



236

150 60.3 3.06 58.2 3.19
165 55.8 3.00 53.5 3.12
180 51.4 2.93 48.9 3.06
195 47.1 2.86 44.4 2.99
210 42.9 2.80 40.0 2.93
225 38.8 2.72 35.8 2.85
240 34.9 2.62 31.6 2.75
255 31.1 2.52 27.7 2.64
270 27.5 2.37 23.9 2.50
285 24.2 2.22 20.4 2.34
300 21.2 2.03 17.2 2.15
315 18.4 1.83 14.3 1.95
330 16.0 1.60 11.7 1.73
345 14.0 1.36 9.4 1.49
360 12.3 1.11 7.6 1.24
375 11.0 0.88 6.1 1.01
390 10.0 0.66 4.9 0.78
405 9.3 0.48 4.0 0.61
420 8.8 0.35 3.3 0.48
435 8.4 0.26 2.7 0.39
450 8.1 0.20 2.2 0.32
465 7.9 0.15 1.8 0.27
480 7.7 0.16 1.4 0.24
495 7.6 0.09 1.1 0.22
510 7.5 0.07 0.8 0.20
525 7.4 0.06 0.5 0.19
540 7.3 0.05 0.3 0.18
555 7.2 0.04 0.0 0.17
570 7.2 0.04 0.0 0.00
585 7.1 0.03 0.0 0.00

Sawdust
2.0 m/s, 207°C

small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 110.0 6.13 110.0 6.11
15 100.8 6.13 100.9 6.11
30 91.6 6.13 91.7 6.11
45 82.4 6.13 82.6 6.11
60 73.2 6.13 73.4 6.11
75 64.0 6.13 55.2 6.11
90 54.9 6.04 55.2 6.02

105 46.2 5.83 46.5 5.81
120 37.8 5.57 38.6 5.55
135 29.8 5.36 30.2 5.33



medium

mixed

237

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 107.0 5.00 107.0 4.83
15 99.5 5.00 100.0 4.83
30 92.0 5.00 92.8 4.83
45 84.5 5.00 85.5 4.83
60 77.0 5.00 78.3 4.83
75 69.6 4.93 71.1 4.76
90 62.4 4.80 64.2 4.63

105 55.4 4.71 57.4 4.55
120 48.4 4.65 50.6 4.48
135 41.5 4.58 44.0 4.41
150 34.8 4.49 37.5 4.32
165 28.3 4.34 31.3 4.18
180 22.0 4.19 25.2 4.02
195 16.1 3.96 19.5 3.80
210 10.5 3.70 14.2 3.53
225 5.6 3.30 9.5 3.14
240 1.4 2.98 5.6 2.63
255 -1.8 2.10 2.7 1.93
270 -3.9 1.40 0.8 1.24
285 -5.0 0.72 0.0 0.55
300 -5.4 0.26 0.0 0.10
315 0.06 0.0 0.00
330 -5.5 0.01 0.0 0.00

150 22.2 5.10 22.6 5.07
165 15.1 4.73 15.5 4.70
180 8.9 4.09 9.4 4.07
195 4.1 3.20 4.7 3.17
210 1.2 1.94 1.8 1.91
225 -0.1 0.91 0.5 0.88
240 -0.6 0.29 0.1 0.27
255 -0.7 0.07 0.0 0.04
270 -0.7 0.03 0.0 0.00
285 -0.7 0.00 0.0 0.00

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (1) (g/kg/s) (%) (g/kg/s)

0 112.7 5.69 112.7 5.59
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APPENDIX E

BATCH SIMULATED CONTINUOUS DRYING DATA

Processed Particles
1.6 m/s, 127°C

239

small

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (1) (g/kg/s)
o 116.0 31.6 116.0 31.6

3 106.5 31.6 106.6 31.6
6 97.1 31.6 97.1 31.6
9 87.6 31.6 87.6 31.6

12 78.1 31.6 78.2 31.6
15 68.6 31.6 68.7 31.6
18 60.0 28.9 60.1 28.8
21 52.4 25.1 52.6 25.0
24 46.0 21.4 46.1 21.3
27 40.6 18.2 40.7 18.1
30 35.9 15.7 36.0 15.7
33 31.8 13.8 31.8 13.7
36 28.1 12.3 28.2 12.2
39 24.8 10.9 25.0 10.8
42 21.8 9.9 22.0 9.9
45 19.2 8.8 19.4 8.8
48 16.8 7.8 17.1 7.7
51 14.7 7.0 15.0 7.0
54 12.9 6.2 13.1 6.2
57 11.2 5.5 11.5 5.5
60 9.7 4.9 10.0 4.8
63 8.4 4.4 8.7 4.4
66 7.2 3.9 7.6 3.9
69 6.2 3.4 6.6 3.4
72 5.4 2.9 5.7 2.9
75 4.6 2.7 4.9 2.6
78 3.8 2.5 4.2 2.4
81 3.2 2.0 3.6 2.0
84 2.6 1.9 3.0 1.8
87 2.2 1.6 2.6 1.6
90 1.7 1.4 2.1 1.4
93 1.3 1.3 1.8 1.3
96 1.0 1.0 1.5 1.0
99 0.7 1.0 1.2 1.0

102 0.5 0.9 0.9 0.8
105 0.3 0.6 0.8 0.6
108 0.1 0.6 0.6 0.6



medium

240

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 126.0 20.1 126.0 20.1
3 120.0 20.1 120.0 20.1
6 113.9 20.1 113.9 20.1
9 107.9 20.1 107.9 20.1

12 101.9 20.1 101.8 20.1
15 95.8 20.1 95.8 20.1
18 89.8 20.1 89.8 20.1
21 83.7 20.1 83.7 20.1
24 77.7 20.1 77.7 20.1
27 71.7 20.1 71.6 20.1
30 66.0 18.9 66.0 18.9
33 60.6 17.8 60.6 17.8
36 55.8 16.1 55.8 16.1
39 51.6 14.2 51.5 14.2
42 47.7 13.0 47.6 13.0
45 44.2 11.5 44.2 11.5
48 40.9 11.2 40.8 11.1
51 37.7 10.5 37.7 10.5
54 34.8 9.9 34.7 9.9
57 32.0 9.1 32.0 9.1
60 29.5 8.5 29.4 8.6
63 27.0 8.1 26.9 8.1
66 24.7 7.7 24.6 7.7
69 22.6 7.1 22.5 7.1
72 20.6 6.7 20.5 6.7
75 18.7 6.1 18.7 6.2
78 17.1 5.6 17.0 5.6
81 15.5 5.3 15.4 5.3
84 13.9 5.1 13.8 5.1
87 12.5 4.6 12.4 4.7
90 11.2 4.4 11.1 4.4
93 10.0 4.0 9.9 4.0

111 -0.1 0.5 0.5 0.6
114 -0.2 0.4 0.3 0.4
117 -0.3 0.3 0.3 0.3
120 -0.4 0.3 0.2 0.2
123 -0.4 0.3 0.1 0.2
126 -0.5 0.2 0.1 0.1
129 -0.6 0.2 0.0 0.2
132 -0.6 0.2 0.0 0.2
135 -0.7 0.2 0.0 0.1
138 -0.7 0.0 0.0 0.0
141 -0.7 0.0 0.0 0.0



2141

96 8.9 3.7 8.8 3.7
99 7.9 3.3 7.8 3.3

102 7.1 3.0 6.9 3.0
105 6.2 2.9 6.1 2.9
108 5.4 2.6 5.3 2.6
111 4.7 2.3 4.6 2.3
114 4.1 2.1 4.0 2.1
117 3.6 1.8 3.4 1.8
120 3.0 1.8 2.9 1.8
123 2.6 1.4 2.5 1.4
126 2.2 1.3 2.1 1.3
129 1.9 1.1 1.8 1.1
132 1.6 0.9 1.5 0.9
135 1.4 0.9 1.2 0.9
138 1.1 0.8 1.0 0.8
141 1.0 0.6 0.8 0.6
144 0.8 0.6 0.6 0.6
147 0.6 0.5 0.5 0.5
150 0.5 0.4 0.4 0.4
153 0.4 0.3 0.3 0.3
156 0.3 0.3 0.2 0.3
159 0.3 0.1 0.1 0.1
162 0.2 0.2 0.1 0.2
165 0.2 0.1 0.0 0.1
168 0.2 0.0 0.0 0.0
172 0.2 0.1 0.0 0.0

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (g/kg/s) (%) (g/kg/s)

o 112.7 13.5 112.7 13.5
3 108.7 13.5 108.7 13.5
6 104.6 13.5 104.6 13.5
9 100.6 13.5 100.6 13.5

12 96.5 13.5 96.5 13.5
15 92.5 13.5 92.5 13.5
18 88.4 13.5 88.4 13.5
21 84.4 13.5 84.4 13.5
24 80.3 13.5 80.3 13.5
27 76.3 13.5 76.3 13.5
30 72.2 13.5 72.2 13.5
33 68.3 13.0 68.4 13.0
36 64.7 12.2 64.7 12.2
39 61.2 11.5 61.2 11.5
42 58.1 10.4 58.1 10.4
45 55.1 10.0 55.1 10.0
148 52.4 9.2 52.4 9.2
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243 

mixed 

unmodified modified 

time moisture drying moisture drying 

content rate content rate 

(s) (1) (g/kg/s) (%) (g/kg/s) 

0 121.2 24.6 121.2 25.8 
3 113.8 24.6 113.6 25.8 
6 106.4 24.6 106.1 25.8 
9 99.1 24.6 98.7 25.8 
12 91.7 24.6 91.2 25.8 
15 84.3 24.6 83.7 25.8 
18 76.9 24.6 76.2 25.8 
21 70.3 22.1 69.5 23.3 
24 64.5 19.4 63.6 20.3 
27 59.4 16.1 58.4 16.9 
30 54.9 15.1 53.8 15.9 
33 50.8 13.6 49.6 14.2 
36 47.0 12.7 45.8 13.3 
39 43.6 11.4 42.3 11.9 
42 40.5 10.3 39.1 10.8 
45 37.7 9.5 36.2 10.0 
48 35.0 8.8 33.4 9.2 
51 32.7 7.9 31.0 8.2 
54 30.4 7.4 28.6 7.7 
57 28.3 7.0 26.4 7.3 
60 26.5 6.3 24.5 6.6 
63 24.7 5.7 22.6 6.0 
66 23.1 5.5 20.9 5.8 
69 21.6 5.1 19.3 5.3 
72 20.2 4.7 17.8 4.9 
75 18.9 4.2 16.4 4.4 
78 17.7 3.8 15.1 4.0 
81 16.7 3.5 14.0 3.7 

207 1.5 0.6 1.6 0.6 
210 1.3 0.7 1.4 0.7 
213 1.2 0.6 1.2 0.6 
216 1.0 0.5 1.1 0.5 
219 0.9 0.4 0.9 0.4 
222 0.8 0.4 0.8 0.4 
225 0.6 0.5 0.7 0.5 
228 0.5 0.4 0.6 0.4 
231 0.4 0.4 0.5 0.4 
234 0.3 0.2 0.4 0.2 
237 0.3 0.3 0.3 0.2 
240 0.1 0.4 0.2 0.4 
243 0.1 0.2 0.1 0.2 
246 0.0 0.3 0.1 0.3 
249 -0.1 0.2 0.0 0.2 
252 -0.1 0.1 0.0 0.0 



Processed Particles
2.0 m/s, 127°C

244

84 15.7 3.3 12.9 3.5
87 14.8 3.0 11.9 3.1
90 14.0 2.8 11.1 3.0
93 13.2 2.5 10.2 2.6
96 12.5 2.3 9.4 2.4
99 11.9 1.9 8.7 2.0

102 11.4 1.8 8.1 1.9
105 10.9 1.7 7.5 1.8
108 10.5 1.4 7.0 1.5
111 10.1 1.3 6.5 1.4
114 9.7 1.2 6.0 1.3
117 9.3 1.2 5.5 1.2
120 9.1 0.9 5.2 1.0
123 8.8 0.9 4.8 0.9
126 8.6 0.9 4.5 0.9
129 8.4 0.6 4.2 0.6
132 8.2 0.7 3.9 0.8
135 8.0 0.6 3.6 0.6
138 7.8 0.6 3.3 0.6
141 7.7 0.4 3.1 0.4
144 7.6 0.4 2.9 0.4
147 7.4 0.5 2.6 0.4
150 7.3 0.4 2.5 0.4
153 7.2 0.5 2.2 0.5
156 7.1 0.3 2.1 0.3
159 7.0 0.4 1.9 0.4
162 6.8 0.4 1.6 0.5
165 6.7 0.3 1.4 0.3
168 6.6 0.5 1.2 0.6
171 6.4 0.4 0.9 0.4
174 6.3 0.6 0.7 0.6
177 6.1 0.6 0.4 0.7
180 5.9 0.5 0.1 0.5

small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 117.0 33.5 117.0 33.9
3 106.9 33.5 106.7 33.9
6 96.9 33.5 96.6 33.9
9 86.8 33.5 86.4 33.9

12 76.8 33.5 76.2 33.9
15 66.7 33.5 66.1 33.9
18 57.9 29.5 57.1 29.8



medium

245

21 50.3 25.1 49.5 25 5
24 44.0 21.3 43.0 21.6
27 38.5 18.3 37.4 18.7
30 33.7 15.9 32.5 16.2
33 29.6 13.8 28.3 14.2
36 25.9 12.1 24.6 12.4
39 22.8 10.6 21.3 10.9
42 20.0 9.3 18.4 9.7
45 17.5 8.1 15.8 8.5
48 15.4 7.1 13.6 7.4
51 13.7 5.9 11.7 6.2
54 12.1 5.2 10.1 5.6
57 10.7 4.5 8.6 4.8
60 9.6 3.9 7.4 4.2
63 8.6 3.3 6.3 3.7
66 7.7 2.8 5.3 3.2
69 7.0 2.4 4.5 2.8
72 6.4 2.0 3.8 2.4
75 5.9 1.7 3.1 2.1
78 5.5 1.4 2.6 1.7
81 5.1 1.1 2.2 1.5
84 4.9 0.9 1.8 1.3
87 4.7 0.6 1.5 1.0
90 4.5 0.6 1.2 1.0
93 4.3 0.4 1.0 0.8
96 4.2 0.4 0.7 0.7
99 4.2 0.2 0.6 0.6

102 4.1 0.1 0.4 0.4
105 4.1 0.2 0.3 0.5
108 4.1 0.0 0.2 0.3
111 4.1 0.0 0.1 0.1
114 4.1 0.0 0.0 0.3
117 4.1 0.0 0.0 0.0

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (gikgis) (%) (g/kg/s)

0 126.0 22.4 126.0 22.6
3 119.3 22.4 119.2 22.6
6 112.5 22.4 112.4 22.6
9 105.8 22.4 105.6 22.6

12 99.1 22.4 98.8 22.6
15 92.3 22.4 92.0 22.6
18 85.6 22.4 85.3 22.6
21 78.9 22.4 78.5 22.6
24 72.2 22.4 71.7 22.6
27 66.1 20.2 65.6 20.4



246

30 60.5 18.6 60.0 18.8
33 55.5 16.7 54.9 16.9
36 50.7 15.8 50.1 15.9
39 46.4 14.3 45.8 14.5
42 42.4 13.4 41.7 13.5
45 38.8 12.3 38.0 12.4
48 35.4 11.2 34.6 11.3
51 32.4 10.2 31.5 10.3
54 29.5 9.6 28.6 9.8
57 26.9 8.6 25.9 8.7
60 24.5 8.1 23.5 8.3
63 22.2 7.5 21.2 7.7
66 20.1 6.9 19.0 7.1
69 18.2 6.3 17.1 6.4
72 16.5 5.7 15.3 5.9
75 15.0 5.1 13.7 5.3
78 13.5 4.8 12.2 5.0
81 12.2 4.4 10.9 4.6
84 11.0 4.0 9.6 4.2
87 9.8 3.8 8.4 3.9
90 8.8 3.5 7.3 3.6
93 7.9 3.1 6.3 3.3
96 7.1 2.6 5.5 2.8
99 6.3 2.5 4.7 2.6

102 5.6 2.2 4.0 2.4
105 5.1 1.8 3.4 2.0
108 4.6 1.6 2.9 1.8
111 4.2 1.4 2.4 1.5
114 3.8 1.3 2.0 1.4
117 3.5 1.0 1.6 1.1
120 3.3 0.9 1.3 1.1
123 3.0 0.7 1.1 0.9
126 2.9 0.6 0.8 0.8
129 2.7 0.4 0.6 0.6
132 2.5 0.6 0.4 0.8
135 2.5 0.2 0.3 0.4
138 2.4 0.3 0.2 0.5
141 2.3 0.2 0.0 0.4
144 2.3 0.0 0.0 0.0
147 2.3 0.0 0.0 0.0

large

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 108.0 14.7 108.0 14.7
3 103.6 14.7 103.6 14.7
6 99.2 14.7 99.2 14.7
9 94.7 14.7 94.8 14.7
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unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0 121.0 25.3 121.0 24.8
3 113.4 25.3 113.7 24.8
6 105.8 25.3 106.3 24.8
9 98.2 25.3 98.8 24.8

12 90.6 25.3 91.4 24.8
15 83.0 25.3 84.0 24.8
18 75.4 25.3 76.5 24.8
21 67.8 25.3 69.1 24.8
24 60.9 23.1 62.3 22.6
27 54.8 20.2 56.4 19.7
30 49.5 17.8 51.2 17.2
33 44.7 16.1 46.6 15.6
36 40.3 14.6 42.3 14.1
39 36.3 13.3 38.5 12.8
42 32.6 12.4 34.9 11.9
45 29.2 11.5 31.7 10.9
48 26.0 10.6 28.6 10.1
51 23.0 9.8 25.8 9.3
54 20.3 9.1 23.3 8.6
57 17.7 8.4 20.9 7.9
60 15.4 7.9 18.7 7.4
63 13.2 7.3 16.6 6.8
66 11.2 6.6 14.8 6.1
69 9.4 6.0 13.2 5.5
72 7.7 5.7 11.6 5.2
75 6.1 5.3 10.2 4.8
78 4.7 4.7 8.9 4.2
81 3.3 4.7 7.7 4.1
84 2.0 4.1 6.6 3.6
87 0.9 3.9 5.6 3.4

168 2.6 0.8 2.8 0.8
171 2.3 1.0 2.5 1.0
174 2.0 1.0 2.2 1.0
177 1.7 1.0 1.9 1.0
180 1.5 0.6 1.7 0.6
183 1.2 0.9 1.4 0.9
186 1.0 0.8 1.2 0.8
189 0.7 0.7 1.0 0.7
192 0.5 0.7 0.8 0.7
195 0.3 0.7 0.6 0.7
198 0.1 0.7 0.4 0.7
201 -0.1 0.8 0.1 0.7
204 -0.2 0.5 0.0 0.4
207 -0.4 0.5 0.0 0.0



Processed Particles
1.6 m/s, 167°C
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90 -0.2 3.5 4.7 2.9
93 -1.2 3.3 3.9 2.8
96 -2.0 2.9 3.2 2.4
99 -2.8 2.6 2.5 2.0

102 -3.5 2.4 2.0 1.9
105 -4.1 2.0 1.5 1.5
108 -4.7 2.0 1.1 1.4
111 -5.2 1.8 0.8 1.2
114 -5.7 1.7 0.4 1.2
117 -6.1 1.3 0.2 0.7
120 -6.5 1.2 0.0 0.6
123 -6.8 1.1 -0.2 0.6
126 -7.1 1.1 -0.4 0.6
129 -7.4 0.8 -0.5 0.3
132 -7.6 0.8 -0.6 0.3
135 -7.8 0.6 -0.6 0.1
138 -8.0 0.5 -0.6 0.0
141 -8.2 0.6 -0.6 0.1
144 -8.3 0.4 -0.6 -0.1
147 -8.4 0.5 -0.6 0.0
150 -8.5 0.4 -0.5 -0.2
153 -8.6 0.3 -0.4 -0.2
156 -8.7 0.4 -0.4 -0.2
159 -8.8 0.2 -0.3 -0.3
162 -8.8 0.0 -0.1 -0.5
165 -8.8 0.1 0.0 -0.4
168 -8.8 -0.1 0.0 0.0
171 -8.8 0.1 0.0 0.0

small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 117.0 41.3 117.0 41.1
1.5 110.8 41.3 110.9 41.1
3.0 104.6 41.3 104.7 41.1
4.5 98.4 41.3 98.5 41.1
6.0 92.2 41.3 92.4 41.1
7.5 86.0 41.3 86.2 41.1
9.0 79.9 41.3 80.1 41.1

10.5 73.3 41.3 73.9 41.1
12.0 67.5 41.3 67.7 41.1
13.5 61.4 40.4 61.7 40.1
15.0 55.8 37.6 56.1 37.4
16.5 50.6 34.3 51.0 34.1
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unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 130.0 27.5 130.0 27.3
1.5 125.9 27.5 125.9 27.3
3.0 121.7 27.5 121.9 27.3
4.5 117.6 27.5 117.8 27.3
6.0 113.5 27.5 113.7 27.3
7.5 109.3 27.5 109.6 27.3
9.0 105.2 27.5 105.5 27.3

10.5 101.1 27.5 101.4 27.3
12.0 96.9 27.5 97.3 27.3
13.5 92.8 27.5 93.2 27.3
15.0 88.7 27.5 89.1 27.3
16.5 84.5 27.5 85.0 27.3
18.0 80.4 27.5 80.9 27.3
19.5 76.6 25.3 77.1 25.1
21.0 73.1 23.2 73.7 22.9
22.5 69.8 22.5 70.4 22.2
24.0 66.5 21.8 67.1 21.5
25.5 63.3 21.1 64.0 20.9
27.0 60.3 19.9 61.1 19.6
28.5 57.5 18.8 58.3 18.5
30.0 54.9 17.9 55.7 17.6
31.5 52.3 17.1 53.1 16.9
33.0 49.8 50.6 50.6 16.5
34.5 47.4 15.7 48.3 15.4
36.0 45.1 15.2 46.1 15.0
37.5 42.9 14.6 43.9 14.3
39.0 40.9 13.6 41.9 13.4
40.5 38.9 13.0 40.0 12.8
42.0 37.0 12.8 38.1 12.6
43.5 35.2 12.4 36.3 12.1
45.0 33.4 11.8 34.6 11.6
46.5 31.7 11.4 32.9 11.1
48.0 30.1 10.8 31.3 10.6
49.5 28.5 10.6 29.8 10.3
51.0 26.9 10.3 28.3 10.1
52.5 25.5 9.8 26.8 9.6
54.0 24.0 9.6 25.4 9.4
55.5 22.6 9.6 24.0 9.3
57.0 21.2 9.2 22.7 9.0
58.5 19.9 8.9 21.4 8.7
60.0 18.6 8.6 20.1 8.3
61.5 17.3 8.3 18.9 8.0
63.0 16.1 8.0 17.8 7.7
64.5 15.0 7.7 16.6 7.5
66.0 13.8 7.5 15.6 7.3
67.5 12.8 7.0 14.5 6.8
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69.0 11.7 6.9 13.5 6.6
70.5 10.7 6.8 12.6 6.6
72.0 9.7 6.5 11.6 6.3
73.5 8.8 6.3 10.7 6.0
75.0 7.9 6.0 9.9 5.7
76.5 7.0 5.8 9.0 5.5
78.0 6.2 5.5 8.2 5.2
79.5 5.5 5.1 7.5 4.8
81.0 4.7 4.9 6.8 4.6
82.5 4.0 4.6 6.2 4.3
84.0 3.4 4.3 5.6 4.0
85.5 2.8 4.1 5.0 3.8
87.0 2.2 3.7 4.5 3.5
88.5 1.7 3.6 4.0 3.4
90.0 1.2 3.4 3.5 3.2
91.5 0.7 3.1 3.1 2.9
93.0 0.3 2.8 2.7 2.6
94.5 -0.1 2.5 2.3 2.3
96.0 -0.4 2.2 2.0 1.9
97.5 -0.7 2.0 1.8 1.8
99.0 -1.0 1.8 1.6 1.5

100.5 -1.3 1.7 1.3 1.4
102.0 -1.5 1.6 1.1 1.4
103.5 -1.7 1.6 0.9 1.4
105.0 -1.9 1.4 0.8 1.1
106.5 -2.1 1.2 0.6 0.9
108.0 -2.3 1.0 0.5 0.7
109.5 -2.4 0.8 0.4 0.5
111.0 -2.5 0.8 0.4 0.6
112.5 -2.6 0.9 0.3 0.7
114.0 -2.8 0.8 0.2 0.6
115.5 -2.9 0.7 0.1 0.5
117.0 -3.0 0.6 0.0 0.4
118.5 -3.1 0.5 0.0 0.0

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 131.0 19.1 131.0 19.5
1.5 128.1 19.1 128.0 19.5
3.0 125.3 19.1 125.1 19.5
4.5 122.4 19.1 122.2 19.5
6.0 119.5 19.1 119.2 19.5
7.5 116.7 19.1 116.3 19.5
9.0 113.8 19.1 113.4 19.5

10.5 111.0 19.1 110.4 19.5
12.0 108.1 19.1 107.5 19.5
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91.5 16.8 4.4 12.9 4.8
93.0 16.2 4.0 12.2 4.5
94.5 15.6 4.0 11.6 4.4
96.0 15.1 3.8 10.9 4.2
97.5 14.5 3.6 10.3 4.0
99.0 14.0 3.5 9.7 4.0

100.5 13.5 3.2 9.2 3.6
102.0 13.1 3.1 8.7 3.5
103.5 12.6 3.0 8.1 3.5
105.0 12.1 3.1 7.6 3.5
106.5 11.7 3.0 7.1 3.4
108.0 11.3 2.6 6.6 3.1
109.5 10.9 2.6 6.2 3.1
111.0 10.5 2.3 5.8 2.7
112.5 10.2 2.3 5.4 2.7
114.0 9.9 1.9 5.0 2.3
115.5 9.6 1.9 4.7 2.3
117.0 9.4 1.7 4.3 2.1
118.5 9.1 2.0 2.4
120.0 8.8 1.6 3.7 2.1
121.5 8.6 1.5 3.4 2.0
123.0 8.4 1.4 3.1 1.9
124.5 8.2 1.3 2.8 1.8
126.0 8.0 1.0 1.5 1.6
127.5 7.9 1.0 2.4 1.5
129.0 7.7 1.0 2.2 1.5
130.5 7.6 1.1 1.9 1.5
132.0 7.4 1.1 1.7 1.6
133.5 7.0 1.0 1.5 1.5
135.0 7.1 0.7 1.3 1.1
136.5 7.0 0.7 1.2 1.1
138.0 6.9 0.7 1.0 1.1

139.5 6.8 0.6 0.8 1.1
141.0 6.7 0.6 0.7 1.0
142.5 6.7 0.6 0.5 1.0
144.0 6.6 0.3 0.4 0.7
145.5 6.5 0.5 0.3 0.9
147.0 6.5 0.3 0.2 0.7
148.5 6.5 0.2 0.1 0.6
150.0 6.4 0.2 0.0 0.6
151.5 6.4 0.0 0.0 0.0
153.0 6.4 0.1 0.0 0.0

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 114.0 30.4 114.0 30.4
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Processed Particles
2.0 m/s, 167°C
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small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 115.7 56.2 115.7 55.5
1.5 107.3 56.2 107.5 55.5
3.0 98.8 56.2 99.2 55.5
4.5 90.4 56.2 90.8 55.5
6.0 82.4 56.2 82.5 55.5
7.5 73.5 56.2 74.2 55.5
9.0 65.1 56.2 65.9 55.5

10.5 57.1 53.5 58.0 52.7
12.0 49.8 48.4 50.8 47.7
13.5 43.4 42.9 44.5 42.1
15.0 37.9 36.7 39.1 35.9
16.5 31.6 33.1 34.5 30.9
18.0 28.9 28.3 30.3 27.6
19.5 25.2 24.6 26.7 23.9
21.0 22.0 21.6 23.6 20.9
22.5 19.1 19.4 20.8 18.6
24.0 16.5 17.1 18.3 16.4
25.5 14.1 15.6 16.1 14.9
27.0 12.0 14.0 14.1 13.2
28.5 10.1 13.0 12.3 12.2
30.0 8.4 11.6 10.7 10.8
31.5 6.8 10.5 9.2 9.8
33.0 5.4 9.3 7.9 8.6
34.5 4.1 8.4 6.8 7.7
36.0 3.0 7.5 5.7 6.8
37.5 2.0 6.9 4.8 6.2

79.5 3.4 2.8 3.3 2.8
81.0 3.0 2.6 2.9 2.6
82.5 2.6 2.4 2.5 2.4
84.0 2.3 2.4 2.2 2.5
85.5 1.9 2.2 1.8 2.2
87.0 1.7 1.6 1.6 1.7
88.5 1.5 1.6 1.4 1.6
90.0 1.2 1.7 1.1 1.7
91.5 1.0 1.7 0.9 1.7
93.0 0.7 1.7 0.6 1.7
94.5 0.5 1.4 0.4 1.4
96.0 0.3 1.3 0.2 1.3
97.5 0.1 1.3 0.0 1.2
99.0 -0.1 1.2 0.0 0.0
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39.0 1.0 6.2 4.0 5.4
40.5 0.2 5.5 3.3 4.8
42.0 -0.5 5.0 2.6 4.3
43.5 -1.2 4.4 2.1 3.7
45.0 -1.8 3.9 1.6 3.2
46.5 -2.3 3.5 1.2 2.8
48.0 -2.8 3.3 0.8 2.5
49.5 -3.2 2.8 0.5 2.1
51.0 -3.6 2.7 0.2 2.0
52.5 -4.0 2.4 -0.1 1.7
54.0 -4.3 2.2 -0.3 1.5
55.5 -4.6 1.8 -0.4 1.1
57.0 -4.9 1.6 -0.6 0.9
58.5 -5.1 1.7 -0.7 1.0
60.0 -5.3 1.3 -0.8 0.5
61.5 -5.5 1.2 -0.9 0.4
63.0 -5.7 1.3 -1.0 0.6
64.5 -5.8 1.0 -1.0 0.3
66.0 -6.0 1.0 -1.1 0.3
67.5 -6.1 0.8 -1.1 0.0
69.0 -6.2 0.7 -1.0 -0.1
70.5 -6.3 0.9 -1.1 0.1
70.5 -6.3 0.9 -1.1 0.1
72.0 -6.4 0.6 -1.0 -0.1
73.5 -6.5 0.7 -1.0 0.0
75.0 -6.6 0.6 -1.0 -0.2
76.5 -6.7 0.4 -1.0 -0.3
78.0 -6.7 0.3 -0.9 -0.4
79.5 -6.8 0.5 -0.9 -0.2
81.0 -6.9 0.4 -0.8 -0.3
82.5 -6.9 0.5 -0.8 -0.2
84.0 -6.9 0.0 -0.7 -0.7
85.5 -7.0 0.4 -0.6 -0.3
87.0 -7.0 0.1 -0.6 -0.6
88.5 -7.1 0.2 -0.5 -0.5
90.0 -7.1 0.3 -0.4 -0.4
91.5 -7.1 0.0 -0.3 -0.8
93.0 -7.1 0.1 -0.2 -0.6
94.5 -7.1 0.1 -0.1 -0.7
96.0 -7.1 0.1 0.0 -0.8
97.5 -7.1 0.0 0.0 0.0
99.0 -7.1 0.0 0.0 0.0

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (gikgis)

0.0 110.5 33.4 110.5 33.2
1.5 105.5 33.4 105.5 33.2
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81.0 1.4 1.8 2.6 1.7

82.5 1.2 1.6 2.3 1.5

84.0 0.9 1.6 2.1 1.4

85.5 0.7 1.4 1.9 1.3

87.0 0.5 1.3 1.7 1.2

88.5 0.3 1.2 1.6 1.1

90.0 0.2 1.2 1.4 1.1

91.5 0.0 1.2 1.3 1.0

93.0 -0.2 1.0 1.1 0.9

94.5 -0.3 0.9 1.0 0.8

96.0 -0.4 0.8 0.9 0.7

97.5 -0.6 0.9 0.8 0.7

99.0 -0.7 0.9 0.7 0.7

100.5 -0.8 0.7 0.6 0.5

102.0 -0.9 0.7 0.5 0.5

103.5 -1.0 0.7 0.4 0.4

105.0 -1.1 0.6 0.4 0.4

106.5 -1.2 0.5 0.3 0.3

108.0 -1.2 0.5 0.3 0.3

109.5 -1.3 0.4 0.2 0.3

111.0 -1.3 0.3 0.2 0.2

112.5 -1.4 0.4 0.2 0.3

114.0 -1.5 0.3 0.1 0.2

115.5 -1.5 0.3 0.1 0.2

117.0 -1.5 0.2 0.1 0.1

118.5 -1.6 0.3 0.1 0.1

120.0 -1.6 0.3 0.1 0.2

121.5 -1.7 0.3 0.0 0.1

123.0 -1.7 0.2 0.0 0.0

124.5 -1.7 0.2 0.0 0.0

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 122.0 23.9 122.0 23.9

1.5 118.4 23.9 118.4 23.9

3.0 114.8 23.9 114.8 23.9

4.5 111.2 23.9 111.2 23.9

6.0 107.7 23.9 107.6 23.9

7.5 104.1 23.9 104.0 23.9

9.0 100.5 23.9 100.5 23.9

10.5 96.9 23.9 96.9 23.9

12.0 93.3 23.9 93.3 23.9

13.5 89.8 23.3 89.8 23.3

15.0 86.4 22.8 86.3 22.9

16.5 83.1 22.4 83.0 22.4

18.0 79.8 21.5 79.8 21.6
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mixed

unmodified modified

time moisture drying moisture drying
content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 111.0 36.6 111.0 36.4
1.5 105.5 36.6 105.6 36.4
3.0 100.0 36.6 100.1 36.4
4.5 94.5 36.6 94.6 36.4
6.0 89.1 36.6 89.2 36.4
7.5 83.6 36.6 83.7 36.4
9.0 78.1 36.6 78.2 36.4

10.5 72.4 35.7 72.9 35.5
12.0 67.7 33.4 67.9 33.3
13.5 63.1 31.1 63.3 31.0
15.0 58.7 28.9 58.9 28.8
16.5 54.8 26.3 55.0 26.2
18.0 51.2 24.1 51.4 24.0
19.5 47.8 22.2 48.1 22.1
21.0 44.7 20.6 45.0 20.4
22.5 41.9 19.1 42.2 18.9
24.0 39.2 17.8 39.5 17.7
25.5 36.7 16.7 37.1 16.6
27.0 34.4 15.5 34.7 15.4
28.5 32.2 14.3 32.6 14.2
30.0 30.2 13.4 30.6 13.3
31.5 28.3 12.6 28.8 12.4
33.0 26.6 11.7 27.0 11.6
34.5 24.9 11.2 25.4 11.0
36.0 23.3 10.3 23.8 10.2
37.5 21.8 9.9 22.4 9.8
39.0 20.4 9.4 21.0 9.3
40.5 19.1 9.0 19.6 8.9
42.0 17.8 8.4 18.4 8.2
43.5 16.6 8.0 17.2 7.8
45.0 15.5 7.4 16.1 7.2
46.5 14.5 7.0 15.1 6.9
48.0 13.5 6.6 14.1 6.5
49.5 12.5 6.3 13.2 6.2
51.0 11.6 6.0 12.3 5.9
52.5 10.8 5.6 11.5 5.5
54.0 10.0 5.3 10.7 5.2
55.5 9.2 5.0 10.0 4.8
57.0 8.5 4.7 9.3 4.5
58.5 7.9 4.4 8.7 4.3
60.0 7.2 4.3 8.1 4.2
61.5 6.6 4.0 7.5 3.9
63.0 6.1 3.7 6.9 3.5
64.5 5.6 3.3 6.5 3.2
66.0 5.1 3.2 6.0 3.1
67.5 4.6 3.0 5.6 2.9



Processed Particles
1.6 m/s, 207°C
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69.0 4.2 3.0 5.1 2.8
70.5 3.8 2.8 2.6
72.0 3.4 2.7 4.4 2.6
73.5 3.0 2.5 4.0 2.4
75.0 2.6 2.4 3.7 2.2
76.5 2.3 2.1 3.4 1.9
78.0 2.0 2.0 3.1 1.9
79.5 1.7 2.0 2.8 1.8
81.0 1.5 1.9 2.6 1.7
82.5 1.2 1.7 2.3 1.5
84.0 1.0 1.6 2.1 1.5
85.5 0.7 1.6 1.9 1.5
87.0 0.5 1.4 1.7 1.2
88.5 0.3 1.3 1.5 1.1
90.0 0.2 1.1 1.4 1.0
91.5 0.0 1.0 1.3 0.9
93.0 -0.1 1.0 1.1 0.8
94.5 -0.3 1.0 1.0 0.8
96.0 -0.4 0.8 0.9 0.7
97.5 -0.5 0.9 0.8 0.7
99.0 -0.7 0.9 0.7 0.7

100.5 -0.8 0.7 0.6 0.6
102.0 -0.9 0.7 0.5 0.6
103.5 -1.0 0.6 0.4 0.5
105.0 -1.1 0.7 0.3 0.6
106.5 -1.1 0.4 0.3 0.3
108.0 -1.2 0.5 0.3 0.3
109.5 -1.3 0.4 0.2 0.3
111.0 -1.3 0.4 0.2 0.3
112.5 -1.4 0.3 0.1 0.2
114.0 -1.5 0.5 0.1 0.4
115.5 -1.5 0.3 0.1 0.2
117.0 -1.5 0.2 0.0 0.1
118.5 -1.6 0.4 0.0 0.0
120.0 -1.6 0.2 0.0 0.0

small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kgis) (%) (g/kg/s)

0 112.0 64.9 112.0 64.2
3 92.5 64.9 92.9 64.2
6 73.1 64.9 73.7 64.2
9 55.6 58.1 56.5 57.4

12 42.0 45.1 43.0 44.7
15 31.7 34.5 32.9 33.8
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18 23.6 26.7 25.1 26.0 
21 17.4 20.9 19.0 20.2 
24 12.3 16.9 14.1 16.3 
27 8.2 13.7 10.2 13.0 
30 4.9 10.8 7.2 10.2 
33 2.4 8.5 4.8 7.8 
36 0.4 6.7 3.0 6.0 
39 -1.2 5.3 1.7 4.6 
42 -2.4 4.1 0.6 3.4 
45 -3.3 3.0 -0.1 2.4 
48 -4.0 2.2 -0.5 1.6 
51 -4.5 1.5 -0.8 0.8 
54 -4.8 1.0 -0.9 0.4 
57 -5.0 0.7 -0.9 0.0 
60 -5.1 0.5 -0.8 -0.2 
63 -5.2 0.1 -0.6 -0.6 
66 -5.2 0.1 -0.5 -0.6 
69 -5.2 -0.1 -0.2 -0.7 
72 -5.1 -0.1 0.0 -o.8 
75 

. 
-5.0 -0.3 0.0 0.0 

78 -5.0 -0.3 0.0 0.0 

time 

(s) 

unmodified 
moisture drying 
content rate 

(1) (gikgis) 

modified 
moisture drying 
content rate 

(1) (g/kg/s) 

0.0 130.0 41.4 130.0 40.9 
1.5 123.8 41.4 124.0 40.9 
3.0 117.6 41.4 117.8 40.9 
4.5 111.4 41.4 111.7 40.9 
6.0 105.1 41.4 105.6 40.9 
7.5 98.9 41.4 99.4 40.9 
9.0 92.7 41.4 93.3 40.9 
10.5 86.5 41.4 87.2 40.9 
12.0 80.3 41.0 81.1 40.5 
13.5 74.4 39.7 75.2 39.1 
15.0 68.7 37.6 69.7 37.0 
16.5 63.5 34.7 64.5 34.1 
18.0 58.7 32.1 59.8 31.6 
19.5 54.3 29.7 55.4 29.1 
21.0 50.1 27.7 51.4 27.2 
22.5 46.2 25.8 47.6 25.3 
24.0 42.6 24.0 44.1 23.5 
25.5 39.3 22.3 40.8 21.7 
27.0 36.2 20.6 37.8 20.1 
28.5 33.3 19.3 35.0 18.7 
30.0 30.7 17.6 32.4 17.0 
31.5 28.3 15.8 30.1 15.2 
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33.0 26.1 14.4 28.1 13.8
34.5 24.1 13.4 26.1 12.9
36.0 22.1 13.2 24.2 12.6
37.5 20.2 13.2 22.3 12.6
39.0 18.2 13.0 20.5 12.4
40.5 16.4 12.4 18.7 11.8
42.0 14.6 11.8 17.0 11.2
43.5 13.0 10.9 15.5 10.3
45.0 11.5 10.0 14.0 9.5
46.5 10.1 9.2 12.7 8.7
48.0 8.8 8.7 11.5 8.2
49.5 7.5 8.4 10.3 7.9
51.0 6.3 8.0 9.2 7.5
52.5 5.2 7.5 8.2 6.9
54.0 4.1 7.0 7.2 6.5
55.5 3.2 6.4 6.3 5.8
57.0 2.3 6.0 5.5 5.4
58.5 1.4 5.5 4.8 4.9
60.0 0.7 5.2 4.1 4.6
61.5 0.0 4.6 3.5 4.1
63.0 -0.7 4.3 2.9 3.7
64.5 -1.3 3.9 2.4 3.3
66.0 -1.8 3.6 2.0 3.0
67.5 -2.3 3.2 1.6 2.6
69.0 -2.7 2.8 1.2 2.3
70.5 -3.1 2.5 0.9 2.0
72.0 -3.4 2.3 0.7 1.7
73.5 -3.7 1.9 0.5 1.4
75.0 -4.0 1.9 0.3 1.3
75.5 -4.2 1.4 0.2 0.9
78.0 -4.4 1.1 0.1 0.6
79.5 -4.5 0.6 0.0 0.1
81.0 -4.5 0.3 0.0 0.0
82.5 -4.6 0.1 0.0 0.0

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 94.0 26.2 94.0 26.3
1.5 90.1 26.2 90.0 26.3
3.0 86.1 26.2 86.1 26.3
4.5 82.2 26.2 82.2 26.3
6.0 78.3 26.2 78.2 26.3
7.5 74.3 26.2 74.3 26.3
9.0 70.4 26.2 70.3 26.3

10.5 66.4 26.2 66.4 26.3
12.0 62.5 26.2 62.4 26.3
13.5 58.7 25.6 58.6 25 7
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time

(s)
0.0
1.5
3.0
4.5
6.0
7.5
9.0

10.5
12.0
13.5
15.0
16.5
18.0
19.5
21.0
22.5
24.0
25.5
27.0
28.5
30.0
31.5
33.0
34.5
36.0
37.5
39.0
40.5
42.0
43.5
45.0
46.5
48.0
49.5
51.0
52.5

'

mixed

unmodified
moisture drying
content rate

(%) (g/kg/s)
123.0 42.9
116.6 42.9
110.1 42.9
103.7 42.9
97.2 42.9
90.8 42.9
84.4 42.9
77.9 42.9
71.5 42.9
65.4 40.4
60.0 36.6
55.0 33.3
50.4 30.2
46.3 27.6
42.6 24.5
39.3 22.1
36.2 20.8
33.3 19.1
30.7 17.7
28.2 16.7
25.9 15.4
23.7 14.2
21.8 13.0
19.9 12.2
18.2 11.4
16.6 10.7
15.2 9.8
13.8 9.2
12.5 8.7
11.3 7.9
10.2 7.3
9.2 6.6
8.3 5.9
7.5 5.5
6.7 5.2
6.0 4.8

modified
moisture drying
content rate

(%) (g/kg/s)
123.0 42.9
116.6 42.9
110.1 42.9
103.7 42.9
97.2 42.9
90.8 42.9
84.4 42.9
77.9 42.9
71.5 42.9
65.4 40.4
59.9 36.6
55.0 33.3
50.4 30.2
46.3 27.6
42.6 24.5
39.3 22.2
36.2 20.8
33.3 19.1
30.6 17.7
28.1 16.7
25.8 15.4
23.7 14.2
21.8 13.0
19.9 12.3
18.2 11.4
16.6 10.7
15.1 9.8
13.8 9.2
12.4 8.7
11.3 7.9
10.2 7.3
9.2 6.6
8.3 5.9
7.5 5.6
6.7 5.2
6.0 4.8

93.0 0.7 0.7 0.3 0.8
94.5 0.6 0.6 0.2 0.6
96.0 0.6 0.5 0.1 0.5
97.5 0.5 0.3 0.0 0.4
99.0 0.5 0.2 0.0 0.2

100.5 0.5 0.0 0.0 0.1
102.0 0.5 -0.1 0.0 0.0
103.5 0.5 -0.1 0.0 0.0
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54.0 5.3 4.5 5.3 4.5
55.5 4.7 4.1 4.7 4.1
57.0 4.2 3.8 4.1 3.8
58.5 3.6 3.5 3.1 3.0
60.0 3.2 2.9 3.1 3.0
61.5 2.8 2.8 2.7 2.8
63.0 2.4 2.6 2.3 2.6
64.5 2.0 2.3 2.0 2.3
66.0 1.7 2.1 1.7 2.1
67.5 1.4 1.8 1.4 1.8
69.0 1.2 1.7 1.1 1.7
70.5 1.0 1.5 0.9 1.5
72.0 0.8 1.2 0.7 1.2
73.5 0.6 1.1 0.6 1.1
75.0 0.5 0.7 0.4 0.7
76.5 0.4 0.6 0.3 0.7
78.0 0.3 0.7 0.2 0.7
79.5 0.2 0.7 0.1 0.7
82.5 0.1 0.4 0.0 0.4
84.0 0.0 0.2 0.0 0.0
85.5 0.0 0.1 0.0 0.0

small

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 112.7 72.2 112.7 71.4
1.5 101.9 72.2 102.1 71.4
3.0 91.0 72.2 91.4 71.4
4.5 80.2 72.2 80.7 71.4
6.0 69.4 72.2 70.0 71.4
7.5 58.5 72.2 59.3 71.4
9.0 48.9 64.2 49.8 63.4

10.5 40.6 55.5 41.6 54.7
12.0 33.7 45.7 34.9 44.9
13.5 27.9 39.0 29.1 38.1
15.0 22.8 33.5 24.2 32.7
16.5 18.6 28.3 20.1 27.5
18.0 14.9 24.3 16.6 23.4
19.5 11.8 21.0 13.6 20.1
21.0 9.1 17.9 11.0 17.0
22.5 6.8 15.2 8.9 14.4
24.0 4.9 13.0 7.1 12.1
25.5 3.2 11.3 5.5 10.5
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unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)
0.0 132.0 53.5 132.0 52.6
1.5 124.0 53.5 124.2 52.6

3.0 116.0 53.5 116.3 52.6

4.5 107.9 53.5 108.4 52.6

6.0 99.9 53.5 100.5 52.6

7.5 91.9 53.5 92.7 52.6

9.0 83.9 53.5 84.8 52.6
10.5 76.3 50.7 77.3 49.8
12.0 69.4 46.1 70.5 45.2
13.5 63.1 41.7 64.3 41.0

15.0 57.3 38.4 58.7 37.5
16.5 52.0 35.2 53.6 34.3

18.0 47.2 32.3 48.9 31.4

19.5 42.8 29.6 44.5 28.7

21.0 38.8 26.7 40.7 25.8

22.5 35.0 24.9 37.1 24.1

24.0 31.5 23.2 33.7 22.4
25.5 28.3 21.6 30.6 20.8

27.0 25.2 20.4 27.7 19.5

28.5 22.4 19.0 24.9 18.2

30.0 19.8 17.5 22.4 16.6

31.5 17.3 16.2 20.1 15.3

33.0 15.1 14.9 18.0 14.1

34.5 13.0 13.8 16.1 13.0

36.0 11.1 12.8 14.3 12.0

37.5 9.3 11.9 12.6 11.1

39.0 7.6 11.2 11.1 10.3

40.5 6.1 10.2 9.7 9.4

42.0 4.6 9.8 8.3 9.0
43.5 3.3 9.0 7.1 8.2

27.0 1.8 9.3 4.2 8.5

28.5 0.6 8.1 3.1 7.2

30.0 -0.4 6.8 2.2 6.0

31.5 -1.3 5.7 1.5 4.9

33.0 -2.0 4.5 0.9 3.7
34.5 -2.5 3.6 0.5 2.7

36.0 -2.9 2.8 0.2 1.9

37.5 -3.3 2.5 0.0 1.6

39.0 -3.6 1.7 -0.1 0.8

40.5 -3.7 0.9 -0.1 0.1

42.0 -3.8 0.5 -0.1 -o.3
43.5 -3.8 0.2 0.0 -o.6

45.0 -3.8 0.0 0.0 0.0
46.5 -3.8 -0.1 0.0 0.0
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45.0 2.0 8.3 6.0 7.4
46.5 1.0 7.1 5.0 6.3
48.0 0.0 6.6 4.2 5.7
49.5 -1.0 6.2 5.4 3.4
51.0 -1.8 5.4 2.7 4.5
52.5 -2.5 4.6 2.1 3.8
54.0 -3.1 4.3 1.6 3.5
55.5 -3.7 4.0 1.1 3.2
57.0 -4.3 3.6 0.7 2.8
58.5 -4.8 3.4 0.3 2.5
60.0 -5.1 2.5 0.1 1.7
61.5 -5.5 2.3 -0.1 1.4
63.0 -5.7 1.8 -0.3 0.9
64.5 -6.0 1.5 -0.4 0.7
66.0 -6.2 1.2 -0.4 0.4
67.5 -6.3 1.0 -0.5 0.1
69.0 -6.4 0.8 -0.4 -0.1
70.5 -6.5 0.5 -0.4 -0.4
72.0 -6.5 0.3 -0.3 -0.6
73.5 -6.6 0.4 -0.2 -0.5
75.0 -6.6 0.2 -0.1 -0.7
76.5 -6.6 0.0 0.0 -0.9
78.0 -6.6 0.0 0.0 0.0
79.5 -6.6 -0.1 0.0 0.0

large

unmodified modified
time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)
0.0 92.0 30.5 92.0 30.3
1.5 87.4 30.5 87.5 30.3
3.0 82.8 30.5 83.0 30.3
4.5 78.3 30.5 78.4 30.3
6.0 73.7 30.5 73.9 30.3
7.5 69.1 30.5 69.3 30.3
9.0 64.5 30.5 64.8 30.3

10.5 60.0 30.3 60.3 30.0
12.0 55.6 29.0 56.0 28.7
13.5 51.5 26.6 52.0 26.3
15.0 48.0 24.7 48.4 24.4
16.5 44.6 22.3 45.0 22.0
18.0 41.5 20.7 42.0 20.5
19.5 38.6 19.1 39.1 18.9
21.0 36.0 17.8 36.5 17.6
22.5 33.5 16.7 34.0 16.4
24.0 31.2 15.3 31.8 15.1
25.5 29.0 14.3 29.7 14.1
27.0 27.0 13.6 27.7 13.3
28.5 25.1 12.6 25.8 12.3
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mixed

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 132.0 55.1 132.0 55.0
1.5 123.7 55.1 123.8 55.0
3.0 115.5 55.1 115.5 55.0
4.5 107.2 55.1 107.3 55.0
6.0 98.9 55.1 99.0 55.0
7.5 90.7 55.1 90.8 55.0
9.0 82.4 55.1 82.6 55.0

10.5 74.6 52.0 74.8 51.9
12.0 67.6 46.9 67.8 46.7
13.5 61.4 41.1 61.6 41.0
15.0 56.0 36.2 56.2 36.1
16.5 51.1 32.7 51.3 32.6
18.0 46.7 29.3 46.9 29.1
19.5 42.7 26.5 43.0 26.3
21.0 39.2 23.7 39.5 23.6
22.5 35.9 22.0 36.2 21.9
24.0 32.8 20.4 33.1 20.2
25.5 30.0 18.9 30.3 18.7
27.0 27.4 17.3 27.8 17.1
28.5 25.0 15.6 25.4 15.5
30.0 22.9 14.3 23.3 14.1
31.5 20.9 13.5 21.3 13.3
33.0 19.0 12.5 19.5 12.3
34.5 17.3 11.5 17.8 11.4
36.0 15.7 10.8 10.7 16.2
37.5 14.2 10.1 14.7 10.0
39.0 12.7 9.5 13.3 9.4
40.5 11.4 8.8 12.0 8.6
42.0 10.2 8.1 10.8 8.0
43.5 9.1 7.3 9.7 7.1
45.0 8.1 6.7 8.7 6.6
46.5 7.2 6.1 7.8 5.9
48.0 6.3 5.6 7.0 5.4
49.5 5.6 5.1 6.3 4.9
51.0 4.9 4.7 5.6 4.5
52.5 4.2 4.4 5.0 4.3
54.0 3.6 4.0 4.4 3.8
55.5 3.1 3.6 3.9 3.5
57.0 2.6 3.4 3.4 3.3
58.5 2.1 3.1 2.9 2.9
60.0 1.7 2.8 2.5 2.6
61.5 1.3 2.4 2.2 2.3
63.0 1.0 2.2 1.9 2.1
64.5 0.7 2.0 1.6 1.8
66.0 0.5 1.7 1.4 1.6
67.5 0.2 1.6 1.2 1.4
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Sawdust
1.6 m/s, 127°C

small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 104.0 31.9 104.0 32.1
1.5 99.2 31.9 99.2 32.1
3.0 94.4 31.9 94.3 32.1
4.5 89.6 31.9 89.5 32.1
6.0 84.8 31.9 84.7 31.1
7.5 80.0 31.9 79.9 32.1
9.0 75.2 31.9 75.1 32.1

10.5 70.5 31.9 70.3 32.1
12.0 65.9 30.2 65.7 30.3
13.5 61.7 28.1 61.5 28.2
15.0 57.9 25.8 57.6 25.9
16.5 54.3 23.8 54.0 23.9
18.0 51.0 22.0 50.7 22.2
19.5 48.0 20.0 47.6 20.2
21.0 45.2 18.4 44.9 18.5
22.5 42.7 16.9 42.3 17.1
24.0 40.3 15.7 39.9 15.9
25.5 38.1 14.6 37.7 14.7
27.0 36.1 13.5 35.7 13.7
28.5 34.2 12.6 33.8 12.8
30.0 32.5 11.8 32.0 12.0
31.5 30.8 11.1 30.3 11.3
33.0 26.2 10.4 28.7 10.6
34.5 27.7 9.9 27.2 10.1
36.0 26.3 9.4 25.7 9.5
37.5 25.0 8.8 24.4 9.0
39.0 23.8 8.3 23.1 8.5

69.0 0.0 1.5 1.0 1.3
70.5 -0.2 1.2 0.8 1.1
72.0 -0.4 1.3 0.6 1.2
73.5 -0.5 1.0 0.5 0.9
75.0 -0.7 0.9 0.4 0.8
76.5 -0.8 0.8 0.3 0.7
78.0 -0.9 0.6 0.2 0.5
79.5 -1.0 0.8 0.1 0.6
81.0 -1.1 0.4 0.0 0.3
82.5 -1.1 0.2 0.0 0.0
84.0 -1.2 0.3 0.0 0.0
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unmodified modified 
time moisture drying moisture drying 

content rate content rate 
(s) (%) (g/kg/s) (%) (g/kg/s) 

0.0 110.0 21.9 110.0 22.3 

1.5 106.7 21.9 106.6 22.3 

3.0 103.4 21.9 103.2 22.3 
4.5 100.2 21.9 99.9 22.3 
6.0 96.9 21.9 96.6 22.3 

7.5 93.6 21.9 93.2 22.3 

9.0 90.3 21.9 89.9 22.3 

10.5 87.0 21.9 86.5 22.3 
12.0 83.8 21.9 83.2 22.3 
13.5 80.6 21.3 79.9 21.7 
15.0 77.5 20.7 76.7 21.1 
16.5 74.5 19.6 73.7 20.0 
18.0 71.7 18.7 70.9 19.1 

19.5 69.0 18.1 68.1 18.5 

21.0 66.4 17.3 65.4 17.7 

22.5 63.9 16.6 17.0 62.9 

24.0 61.6 15.7 60.4 16.2 

25.5 59.3 14.9 58.1 15.4 

27.0 57.2 14.3 55.9 14.7 

28.5 55.1 13.8 53.8 14.3 

30.0 53.1 13.3 51.7 13.8 

31.5 51.2 12.7 49.7 13.1 

33.0 49.3 12.3 47.8 12.7 

34.5 47.6 11.7 46.0 12.1 

36.0 45.9 11.3 44.3 11.7 

37.5 44.3 10.9 42.6 11.4 

39.0 42.7 10.6 40.9 11.0 
40.5 41.1 10.2 39.3 10.6 

42.0 39.7 9.8 37.8 10.2 

118.5 2.9 0.7 1.0 0.8 

120.0 2.8 0.6 0.9 0.8 

121.5 2.7 0.5 0.8 0.7 
123.0 2.7 0.5 0.7 0.7 
124.5 2.6 0.6 0.6 0.7 
126.0 2.5 0.5 0.5 0.6 

127.5 2.4 0.4 0.4 0.5 
129.0 2.4 0.4 0.3 0.5 
130.5 2.3 0.4 0.2 0.6 

132.0 2.3 0.4 0.1 0.5 
133.5 2.2 0.3 0.1 0.5 
135.0 2.2 0.3 0.0 0.5 
136.5 2.1 0.3 0.0 0.0 
138.0 2.1 0.2 0.0 0.0 
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121.5 8.4 0.8 3.1 1.2
123.0 8.3 0.7 2.9 1.2
124.5 8.2 0.8 2.7 1.2
126.0 8.1 0.8 2.5 1.2
127.5 8.0 0.6 2.4 1.1
129.0 7.9 0.5 2.2 1.0
130.5 7.8 0.5 2.1 0.9
132.0 7.7 0.5 1.9 1.0
133.5 7.7 0.5 1.8 1.0
135.0 7.6 0.6 1.6 1.0
136.5 7.5 0.5 1.5 1.0
138.0 7.4 0.5 1.3 0.9
139.5 7.3 0.5 1.2 0.9
141.0 7.3 0.3 1.1 0.8
142.5 7.2 0.3 1.0 0.8
144.0 7.2 0.4 0.8 0.8
145.5 7.1 0.3 0.7 0.7
147.0 7.1 0.3 0.6 0.7
148.5 7.1 0.2 0.5 0.7
150.0 7.0 0.3 0.4 0.7
151.5 7.0 0.3 0.3 0.8
153.0 6.9 0.3 0.2 0.7
154.5 6.9 0.2 0.1 0.6
156.0 6.9 0.2 0.0 0.7
157.5 6.8 0.1 0.0 0.0
159.0 6.8 0.1 0.0 0.0

large

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 101.0 14.4 101.0 14.6
1.5 98.8 14.4 98.8 14.6
3.0 96.7 14.4 96.6 14.6
4.5 94.5 14.4 94.4 14.6
6.0 92.3 14.4 92.2 14.6
7.5 90.2 14.4 90.0 14.6
9.0 88.0 14.4 87.8 14.6

10.5 85.8 14.4 85.6 14.6
12.0 83.7 14.4 83.4 14.6
13.5 81.5 14.4 81.2 14.6
15.0 79.3 14.4 79.0 14.6
16.5 77.2 14.4 76.8 14.6
18.0 75.0 14.2 74.6 14.5
19.5 73.0 13.9 72.5 14.1
21.0 70.9 13.5 70.5 13.8
22.5 68.9 13.2 68.4 13.4
24.0 67.0 12.8 66.5 13.0
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mixed

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 107.0 24.4 107.0 24.3
1.5 103.3 24.4 103.4 24.3
3.0 99.7 24.4 99.7 24.3
4.5 96.0 24.4 96.1 24.3
6.0 92.4 24.4 92.4 24.3
7.5 88.7 24.4 88.8 24.3
9.0 85.1 24.4 85.1 24.3

10.5 81.4 24.4 81.5 24.3
12.0 77.8 24.4 77.9 24.3
13.5 74.2 23.7 74.3 23.6
15.0 70.9 22.1 71.0 22.0
16.5 67.7 20.9 67.9 20.8
18.0 64.8 19.9 64.9 19.8
19.5 62.0 18.5 62.2 18.4
21.0 59.4 17.4 59.6 17.3
22.5 56.9 16.5 57.1 16.4
24.0 54.6 15.6 54.8 15.5
25.5 52.3 14.9 52.6 14.8
27.0 50.2 14.1 50.5 14.0
28.5 48.2 13.6 48.4 13.5
30.0 46.2 13.0 46.5 12.9
31.5 444 12.4 44.6 12.4
33.0 42.6 11.8 42.9 11.7
34.5 40.9 11.4 41.2 11.3
36.0 39.3 10.9 39.6 10.8
37.5 37.7 10.5 38.0 10.4
39.0 36.2 10.2 36.5 10.1
40.5 34.7 9.9 35.0 9.8
42.0 33.2 9.7 33.6 9.6

181.5 4.8 0.6 1.0 0.8
183.0 4.7 0.5 0.9 0.6
184.5 4.7 0.5 0.8 0.7
186.0 4.6 0.4 0.7 0.6
187.5 4.5 0.4 0.6 0.6
189.0 4.5 0.4 0.5 0.7
190.5 4.4 0.4 0.5 0.6
192.0 4.3 0.3 0.4 0.6
193.5 4.3 0.3 0.3 0.5
195.0 4.2 0.4 0.2 0.6
196.5 4.2 0.3 0.1 0.5
198.0 4.2 0.3 0.1 0.5
199.5 4.1 0.2 0.0 0.14

201.0 4.1 0.2 0.0 0.0
202.5 4.1 0.2 0.0 0.0
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121.5 1.4 1.2 2.3 1.1
123.0 1.2 1.2 2.2 1.1
124.5 1.0 1.2 2.0 1.1
126.0 0.8 1.0 1.9 0.9
127.5 0.7 1.0 1.7 0.9
129.0 0.6 1.0 1.6 0.9
130.5 0.4 1.0 1.5 0.9
132.0 0.3 0.9 1.3 0.9
133.5 0.1 0.8 1.2 0.8
135.0 0.0 0.8 1.1 0.7
136.5 -0.1 0.8 1.0 0.7
138.0 -0.2 0.7 0.9 0.7
139.5 -0.3 0.7 0.8 0.6
141.0 -0.4 0.7 0.8 0.6
142.5 -0.5 0.7 0.7 0.6
144.0 -0.6 0.6 0.6 0.5
145.5 -0.7 0.6 0.5 0.5
147.0 -0.8 0.6 0.4 0.5
148.5 -0.8 0.5 0.4 0.4
150.0 -0.9 0.5 0.3 0.4
151.5 -1.0 0.5 0.2 0.4
153.0 -1.1 0.5 0.2 0.4
154.5 -1.1 0.5 0.1 0.4
156.0 -1.2 0.5 0.1 0.5
157.5 -1.3 0.4 0.0 0.4
159.0 -1.3 0.4 0.0 0.0
150.5 -1.4 0.4 0.0 0.0

Sawdust
1.6 m/s, 207°C

small

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 104.0 63.5 104.0 62.6
1.5 94.5 63.5 94.7 62.6
3.0 85.0 63.5 85.4 62.6
4.5 75.4 63.5 76.0 62.6
6.0 65.9 63.5 66.6 62.6
7.5 56.4 63.5 57.2 62.6
9.0 47.6 58.8 48.5 57.9

10.5 39.8 52.1 40.8 51.3
12.0 33.3 43.5 34.4 42.6
13.5 27.7 37.0 29.0 36.1
15.0 23.0 31.7 24.4 30.8
16.5 18.9 26.5 20.5 26.0
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18.0 15.5 22.8 17.2 21.9
19.5 12.6 19.6 14.4 18.7
21.0 10.0 17.2 12.0 16.4
22.5 7.7 15.2 9.8 14.3
24.0 5.7 13.2 8.0 12.3
25.5 4.0 11.3 6.4 10.4
27.0 2.6 9.7 5.1 8.8
28.5 1.3 8.4 4.0 7.5
30.0 0.3 7.1 3.0 6.2
31.5 -0.7 6.2 2.2 5.3
33.0 -1.5 5.4 1.6 4.5
34.5 -2.2 4.7 1.0 3.8
36.0 -2.8 4.0 0.5 3.1
37.5 -3.3 3.5 0.1 2.7
39.0 -3.8 2.9 -0.2 2.0
40.5 -4.1 2.5 -0.4 1.6
42.0 -4.4 2.0 -0.6 1.2
43.5 -4.7 1.7 -0.7 0.9
45.0 -4.9 1.4 -0.8 0.5
46.5 -5.1 1.2 -0.9 0.4
48.0 -5.2 1.0 -0.9 0.1
48.0 -5.2 1.0 -0.9 0.1
49.5 -5.4 0.8 -0.9 -0.1
51.0 -5.5 0.7 -0.8 -0.2
52.5 -5.5 0.5 -0.8 -0.4
54.0 -5.6 0.4 -0.7 -0.4
55.5 -5.6 0.2 -0.6 -0.7
57.0 -5.7 0.2 -0.5 -0.7
58.5 -5.7 0.1 -0.4 -0.8
60.0 -5.7 0.1 -0.4 -0.8
61.5 -5.7 -0.1 -0.1 -1.0
63.0 -5.7 -0.1 0.0 -0.9
64.5 -5.7 -0.1 0.0 0.0
66.0 -5.6 0.0 0.0 0.0

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 111.0 44.2 111.0 43.3
1.5 104.4 44.2 104.6 43.3
3.0 97.7 44.2 98.1 43.3
4.5 91.1 44.2 91.7 43.3
6.0 84.5 44.2 85.2 43.3
7.5 77.9 44.2 78.7 43.3
9.0 72.1 44.2 72.2 43.3

10.5 64.7 43.3 65.8 42.4
12.0 58.5 41.5 59.7 40.6
13.5 52.8 38.3 54.1 37.4
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93.0 
94.5 

-8.3 -0.2 
-8.3 -0.2 

large 

unmodified 

0.0 0.0 
0.0 0.0 

modified 

time moisture drying moisture drying 

content rate content rate 
(s) (%) (g/kg/s) (%) (g/kg/s) 

0.0 99.0 28.3 99.0 28.0 
1.5 94.7 28.3 94.9 28.0 
3.0 90.5 28.3 90.7 28.0 
4.5 86.2 28.3 86.5 28.0 
6.0 82.0 28.3 82.3 28.0 
7.5 77.7 28.3 78.1 28.0 
9.0 73.5 28.3 73.9 28.0 
10.5 69.2 28.3 69.7 28.0 
12.0 65.2 27.2 65.7 26.8 
13.5 61.3 25.8 61.9 25.4 
15.0 57.7 24.2 58.3 23.8 
16.5 54.2 22.9 54.9 22.6 
18.0 51.0 21.7 51.7 21.3 
19.5 47.9 20.4 48.7 20.0 
21.0 45.0 19.4 45.9 19.0 
22.5 42.3 18.1 43.2 17.8 
24.0 39.7 17.2 40.7 16.8 
25.5 37.2 16.6 38.2 16.2 
27.0 34.8 15.8 35.9 15.4 
28.5 32.6 15.0 33.7 14.6 
30.0 30.5 14.2 31.7 13.8 
31.5 28.4 13.6 29.7 13.2 
33.0 26.5 12.9 27.8 12.4 
34.5 24.7 12.3 26.0 11.9 
36.0 22.9 11.5 24.4 11.2 
37.5 21.3 10.9 22.8 10.5 
39.0 19.7 10.5 21.3 10.1 
40.5 18.2 10.0 19.8 9.6 
42.0 16.8 9.4 18.5 9.0 
43.5 15.4 9.0 17.2 8.6 
45.0 14.2 8.6 15.9 8.2 
46.5 12.9 8.1 14.8 7.7 
48.0 11.8 7.6 13.7 7.2 
49.5 10.7 7.3 12.7 6.9 
51.0 9.7 6.8 11.7 6.4 
52.5 8.7 6.5 10.8 6.1 
54.0 7.8 6.2 9.9 5.8 
55.5 6.9 5.9 9.1 5.5 
57.0 6.1 5.5 8.3 5.1 
58.5 5.3 5.2 7.6 4.9 
60.0 4.5 5.0 6.9 4.6 
61.5 3.8 4.6 6.2 4.3 
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63.0 3.2 4.5 5.6 4.2
64.5 2.5 4.1 5.1 3.7
66.0 2.0 3.8 4.6 3.4
67.5 1.4 3.7 4.1 3.3
69.0 0.9 3.5 3.6 3.1
70.5 0.4 3.2 3.2 2.9
72.0 0.0 3.0 2.8 2.6
73.5 -0.4 2.8 2.4 2.4
75.0 -0.8 2.6 2.1 2.2
76.5 -1.2 2.5 1.8 2.1
78.0 -1.6 2.3 1.5 1.9
79.5 -1.9 2.1 1.2 1.7
81.0 -2.1 1.9 1.0 1.5
82.5 -2.4 1.8 0.8 1.4
84.0 -2.6 1.5 0.6 1.2
85.5 -2.9 1.5 0.5 1.1
87.0 -3.1 1.3 0.3 0.9
88.5 -3.3 1.3 0.2 0.9
90.0 -3.4 1.2 0.1 0.8
91.5 -3.6 1.1 0.0 0.8
93.0 -3.7 1.0 -0.1 0.6
94.5 -3.9 0.9 -0.2 0.5
96.0 -4.0 0.7 -0.2 0.3
97.5 -4.1 0.7 -0.3 0.3
99.0 -4.2 0.6 -0.3 0.2

100.5 -4.2 0.4 -0.3 0.0
102.0 -4.3 0.3 -0.3 0.0
103.5 -4.3 0.3 -0.3 -0.1
105.0 -4.4 0.3 -0.3 -0.1
106.5 -4.4 0.2 -0.3 -0.2
108.0 -4.4 0.0 -0.2 -0.3
109.5 -4.4 0.2 -0.2 -0.2
111.0 -4.5 0.2 -0.2 -0.2
112.5 -4.5 0.2 -0.1 -0.1
114.0 -4.5 0.0 -0.1 -0.4
115.5 -4.5 -0.1 0.0 -0.5
117.0 -4.5 -0.1 0.0 0.0
118.5 -4.4 -0.1 0.0 0.0

mixed

unmodified modified

time moisture drying moisture drying

content rate content rate

(s) (%) (g/kg/s) (%) (g/kg/s)

0.0 108.0 48.0 108.0 47.3
1.5 100.8 48.0 101.0 47.3
3.0 93.6 48.0 93.9 47.3
4.5 86.4 48.0 86.8 47.3
6.0 79.2 48.0 79.7 47.3
7.5 72.0 48.0 72.6 47.3
9.0 65.1 46.4 65.8 45.7
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