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The pressure drop for two-phase liquid-liquid flow is theoreti-

cally predicted for each flow regime. Empirical correlations, which

are applicable in all flow regimes, are also presented for holdup as

well as pressure drop.

The experimental study covered bubble and drop flow regimes.

The discontinuous phase was injected by nozzle into the vertical,

0. 745 inch ID, 40 foot test section. The drop sizes were varied by

inserting wire screens downstream of the nozzle and also by varying

the nozzle size between . 1875 inches and . 375 inches OD. Photo-

graphs of the dispersions were taken in order to determine average

drop diameter. The slip velocity between phases was determined by

holding the dispersion in the test section after a run and then draining

the sample and measuring the in situ concentration. The average

fluid velocity ranged from S to 15 feet/second and injection concentra-

tions were as high as 35% by volume. The dispersed phase fluids had
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viscosities of 1, 9 and 200 centipoise.

The pressure drop at a given concentration and size distribution

was found to vary inversely with the average drop diameter; also a

polydisperse (widely spread distribution) dispersion had a lower pres-

sure drop than the monodisperse one with the same average drop size.

An inverse relationship exists between the pressure drop and

relative slip velocity. This effect appears to increase directly with

the discontinuous phase concentration.

The theoretically derived equations predict the pressure drop of

bubble flow within a 16% relative standard deviation.

Published data were used in evaluating the proposed equations

in other regimes. Annular flow pressure drops were predicted within

8. 5% standard deviation and stratified flow within 13%.

The empirical correlations for holdup and pressure drop had a

standard deviation of approximately 25% when used with data from all

flow regimes.
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A STUDY OF TWO-PHASE LIQUID-LIQUID
FLOW IN PIPES

INTRODUCTION

Two-phase flow is encountered in various industrial applications

as a method for transferring heat and mass between phases. The

solid-liquid combination is encountered in pumping of slurries.

Liquid-gas systems are involved in phase change heat transfer equip-

ment as well as gas-liquid pipeline contactors. The latter are also

used for liquid-liquid contacting. Gas-solid mixtures are encountered

in fluidized beds.

The addition of a second phase may result in a mixture with

properties that are more advantageous for a given application. A

major effort has been devoted to the study of two-phase flow in order

to develop rational design criteria. A large part of the work has been

in gas-liquid, liquid-solid and gas-solid systems. The work that has

been conducted. for immiscible liquids is invariably restricted to a

narrow range of applicability. The lack of any comprehensive work in

this field stimulated the present study.

Equipment from a previous experiment was adapted for the pre-

sent work and the data, along with applicable reference data, were

used to formulate and evaluate correlations to predict pressure losses

and holdup in immiscible liquid-liquid flow systems.



LITERATURE SURVEY AND PREVIOUS WORK

Momentum Equations for Single Phase Flow

As a foundation for the study of two-phase flQw, one must first

understand the basic principles. Fundamental to the discussion are

the laws of conservation of mass and momentum. Consider Newton's

law for conservation of momentum, which states that the time rate of

change of momentum of a system is equal to the net force on that sys-

tem and occurs in the direction of the net force. This is expressed

mathematically in Equation (1).

[Rate of momentum output
from control volume

Rate of momentum
input to control
volume

+
) Rate of accumulation of momentum

with respect to the control volume

The individual terms of the equation can be evaluated for a particular

problem. Consider the case of a fluid in laminar flow in a pipe, and

an annular control volume as shown inFigure 1. Evaluating each

term of Equation (1) for the steady state case yields the following:

2rrrrPJ - 2TrrrpIx x+x

(1)

(Z)



r

Ex

Pipe wall

Figure 1. Fluid control volume.

Net rate of
( momentum ZrrrxT

j
- Zirrxi-

( rx r+L.r rx r
Leffl ) (3)

+ (2Trrrv )(pv )I - (2rrrrv )(pv )Ix x x+x x x x

(Rate of momentum accumulation) 0 (4)

Combining these terms as directed by Equation (1), and dividing by

the volume of the element, 2iirErEx:

I -I r H -r pv -pv
Ix x+Lx rx r+r rx r x x+Lx x xrr

The derivatives of these terms can be obtained if they are passed to

their limits as x 0 and r 0:

a(rTrx a 2+(pv ).ax rar ax

3
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The law for conservation of mass for an incompressible fluid is

expressed as:

[Net rate of mass efflux
+

[Rate of mass accumula-
= 0 (7)from control volume J 1tion in control volume

At steady state there is no mass accumulation so the situation depicted

in Figure 1 becomes

pv 2irrI - pv 2Trrrl 0.x x+x x x

Again, one can divide by the volume of the element and pass to the

limit as tx 0:

a
(pvax

This shows the last term in Equation (6) to be equal to zero and that

equation becomes:

op a-r (rT ).
Ox Or rx

Integrating this equation over a length of pipe, L, and the radius,

R, and applying the condition that T is not infinite at r = 0,

one obtains:

where

T rx

4



LPPI x0 xL

For Newtonian fluids the rate of shear is proportional to the velocity

gradient, with the proportionality constant being the viscosity,
,

as given by the equation:

x
T = (12)rx 8r

Substituting this into (11):

x LP-- r. (13)

Integrating and applying the condition of no slip at the wall of the pipe,

thatis, v rx

PR2
= 4L {l-(r/R)2]

The average fluid velocity, v
x

is obtained by integration

1-ZTrR
I vrdrde33 x 2- 0 0 PR

V - -x çZirR 81iL
\ rdrdO

'-I J

This equation illustrates the application of the laws of conservation of

mass and momentum to the simple case of laminar flow in a tube.

5



More specifically,

equal to the wetted

F PTrRZ, which results in

DLP
i

4L( pv)

A dimensionless ratio of inertia to viscous forces is called the

Reynolds number:

Re
Dvp

J1

the Fanning friction factor is defined with A

surface of the conduit, K = ! pv2, and
a

Substituting Equations (15) and (18) into (17) the relationship between

6

The equation relates pressure drop to geometry of the system and

physical properties of the fluid. As the system becomes more com-

plicated geometrically and as turbulent flow occurs, the simple appli-

cation of the laws becomes difficult. In order to incorporate all of

these ideas, one uses a friction factor, f, defined by

FAKf (16)

where,

F = the force exerted on a pipe by a fluid as a result of its flow

in the pipe

A a characteristic area

K a characteristic kinetic energy per unit volume.



the Fanning friction factor and Reynolds number for laminar flow of

Newtonian fluids inpipes is obtained:

16
Re

(19)

TheReynolds number is dimensionless and therefore so is f. The

value in knowing f is the ability to use it in quation (17) for cal-

culating the pressure drop in a pipe.

The case of turbulent flow is not nearly as simple, so the first

work to relate Reynolds number to the friction factor was an empirical

correlation. Blasius (11) correlated the turbulent friction factor in

smooth tubes by the following:

f = 0. 079(Re)° (20)

This is valid over a range of Reynolds numbers from 3, 000 to 100, 000,

and had a semi-theoretical basis. In order to extend the range of

applicability of such a relationship, Nikuradse (54) developed a differ-

ent form of the equation,

- 4. 0 log(ReNT) - 0. 40 (21)

which is valid over the entire range of Reynolds numbers available.

A theoretical equation of the same form was derived by Von Karman

(68)



4. 06 log(ReI1) - 0. 60. (22)

Still another correlation has taken the form of the Blasius equation and

is reported by Kreith (44, p. 343):

f 0.046(Re)°2. (23)

One can then use any of these equations in Equation (17) to calculate

single phase pressure drop.

Two - Phase Flow

Two-phase flow is far more complex than single phase flow, due

to the fact that a second phase is present. One problem is the deter-

mination of the flow regime. This problem arises since each phase

can assume many forms in its flow along the pipe, and this in turn

will affect the flow characteristics of the system. A second major

problem is that of the liquid holdup, or in other words, the relative

velocity of the two phases. Except in extreme cases, there will be a

relative motion between the components flowing in the pipe; the ex-

treme case is that of a homogeneous mixture of the two phases. Only

after these problems have been overcome can one move on to the prob-

lem of understanding and predicting pressure drop in two-phase flow.

Even so, there are inherent difficulties. There are two possible

methods for evaluating the pressure drop. The first considers each



phase separately, with common boundary conditions. The second

possible approach is to consider the flowing mixture as a pseudo-

singlephase fluid.

For the case of gas-liquid flow in a horizontal pipe, Alves (3)

gives the following flow regimes:

Bubble flow: Bubbles of gas move along the upper part of

the pipe at approximately the same velocity as the liquid.

Plug flow: Alternate plugs of liquid and gas move along the

upper part of the pipe.

Stratified flow: Liquid flows along the bottom of the pipe

and the gas flows above, over a smooth liquid-gas interface.

Wavy flow: This is similar to stratified flow except the

interface is disturbed by the waves travelling in the direc-

tion of the flow.

Slug flow: A wave is picked up by the rapidly moving gas to

form a slug.

Annular flow: The liquid flows in a thin film around the

inside wall of the pipe with the gas in a central core, and

the interface is neither symmetrical nor smooth.

Spray flow: Most of the liquid is entrained as spray by he

gas.

Foam flow: Although not usually a part of the sequence, it

can occur in systems where materials such as soap are
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present.

Most commonly the regimes are predicted by plots of the liquid flow

and its properties versus the gas flow and its corresponding proper-

ties. A good review of these types of graphs is given by Brodkey

(12, p. 460), where he gives the plots, as determined by various

experimenters, along with their range of applicability.

For the case of liquid-liquid horizontal flow there are two pos-

sibilities. The first, considered by Russell, Hodgson, and Govier

(60) gave only three possible regimes. These were: bubble, strati-

fied and mixed. They are defined in a similar manner to gas-liquid

flow with the mixed regime as a combination of several regimes. The

second possibility in liquid-liquid flow exists if the two phases are of

equal density; this case was studied by Charles, Govier, and Hodgson

(16). They found additional flow regimes for their experiments. For

a constant oil flow rate and increasing water flow rate the regimes

were as follows: water drops in oil, concentric oil in water, oil

slugs in water, oil bubbles in water and oil drops in water. As with

the case of gas-liquid flow the prediction of the flow regime is accom-

pushed by the means of the reported plots of liquid versus gas flow.

The gas-liquid system in vertical flow has some regimes similar

to that of its horizontal counterpart. Brodkey (12, p. 463) gives the

following terminology for a given liquid flow rate and an increasing gas

flow:



11

Bubble flow: Spherical and spherical cap bubbles, small

compared with the tube diameter, are distributed across

the pipe with some crowding towards the center.

Plug flow: Large, nearly axially symmetric, gas bubbles

which cause the flow to alternate between mainly liquid and

mainly gas flow.

Froth flow: The gas is highly dispersed and interacting in a

continuous liquid.

Semi-annular flow: Slugs of gas have lost axial symmetry

and the liquid contains gas, similar to froth flow.

Annular flow: A gas core contains some liquid drops, with

the main flow of liquid along the wall.

Spray flow: Most of the liquid is entrained as a spray in

the gas.

For this case some mathematical criteria have been developed for

differentiating between the various flow regimes, in addition to the

various graphs available. Gri±fith and Wallis (33,) have defined.the

boundary between bubble and plug flow, and Duns and Ros (24) have

done the same for the differences between plugand froth, and annular

and spray flows.

Govier, Sullivan, and Wood (32) report regimes similar to

Brodkey's for liquid-liquid systems. In another reference Govier

(31) makes a more complete review of not only the flow regimes but
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also covers pressure drop and holdup correlations for vertical flow.

In the study of slip velocities in two-phase flow one encounters

two approaches to the problem. The idea of a general correlation,

without considering the individual phases, was first presented by

Lockhart and Martinelli (48). They represented the liquid holdup,

which is directly related to the slip velocity, as a function of their

pressure drop parameter X This correlation was developed from

a semi-empirical analysis. Martinelli and Nelson (49) gave a correc-

tion to this correlation to implement its use at pressures greater than

atmospheric. Their solution was rather limited since they only

studied the steam-water one component system. Another correlation,

presented by Hughmark (38), is strictly empirical and relies on the

analysis of Bankoff (4), which was developed from a homogeneous

model. Bankoffs result gave the holdup, RG as a function of the

input mass fraction, x, the ratio of the fluid densities, and a factor,

K, as shown in Equation (24).

!-
RG

(24)

HughmarW s work entailed the determination of K. It was found that

K was not a constant and from a dimensional analysis was considered

to be a function of Reynolds, Froude and Weber numbers, along with

inlet concentration.
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To give some insight as to the validity of these correlations

Dukier, Wicks, and Cleveland (22) compared three correlations for

holdup: Lockhart-Martinefli (48), Hughmark (38), and Hoogendoorn

(37). The result of this analysis revealed that Hughmark's work was

the best overall correlation with a relative standard error of 17. 5%

covering all flow regimes. It was not the best correlation for every

use, since under conditions of high gas concentration, large pipe

diameter, and annular and wavy flow it showed larger deviations from

experimental results than the other equations available.

Dukler etal. (23) went on to propose a new correlation improv-

ing on the results when compared with the existing equations. Brown

and Govier (14) have a.lso presented a correlation for voidage in

vertical flow. But still, even the best overall considerations do not

explain some particular instances. These are best analyzed by con-

sidering the individual flow regime.

Behringer (8) studied slug flow in a vertical system and devel-

oped a relationship between holdup and flow rates as well as the

velocity of the slug. To further refine this equation, Griffith and

Wallis (33) developed an equation for the velocity of the slug in verti-

cal two-phase flow and yet another extension to this work was

Nicklin, Wilkes, and DavidsOn's (53) presentation of an equation for

the slug velocity. They showed that when using the Behringer equa-

tion one could predict holdup in slug, semi-annular and even the



14

beginnings of annular flow. There seems to be a definite void in re-

suits for other flow regimes with respect to holdup correlations.

General correlations for holdup in liquid-liquid systems seem

to be lacking. Most of the work relating to this field has been re-

ported in graphic form. Some approaches have been undertaken how-

ever, in the theoretical analysis of particular flow regimes. The

case of stratified laminar flow of two immiscible liquids has been

most thoroughly studied. Gemmell andEpstein (30) used numerical

techniques to solve this system and predicted velocity profiles, hold-

up and pressure drops. Their predictions compared well, where

applicable, with the data of Russel etal. (60). In this work, there is

introduced a power reduction factor, which is analogous to the pres-

sure ratio factor of Lockhart-.Martinelli. Several other workers have

analyzed the same flow regimes but have changed systems slightly

by altering pipe configurations or similar parameters, e. g.

Achutaramayya and Sleicher (1), Yu and Sparrow (73), Bentwich (9),

and Charles and Redberger (18).

Considering the problems involved in accurately predicting the

nature of the flow and the holdup occurring during flow, it is not sur-

prising that the pressure drops are still more difficult to predict.

Several choices have to be made before an attempt at prediction is

possible. The two phases can be considered as separate entities and

the results for the separate phases correlated by some common
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boundary conditions or apseudo-single phase analysis. A general

correlation, which ignores the flow regime that is present, is more

easily applied; but, as in the case of holdup, it isnot as accurate in

specific instances. A far more accurate method would be to use an

equation for each flow regime.

Even though they may lack accuracy the general two-phase cor-

relations have the advantage of simplicity. The Lockhart-Martinelli

(48) correlation has had, and still has, extensive use. The correla-

tion does not consider the flow regime. The major consideration is

the mechanism each phase would assume if it flowed alone in the pipe.

There are four possible categories: (1) liquid and gas turbulent--tt,

(2) liquid turbulent and gas viscous- -tv, (3) liquid viscous and gas

turbulent- -vt, and (4) liquid and gas viscous- -vv. The boundaries

for these cases were based on the single phase flow criteria and some-

what directed by experimental results. Two basic assumptions were

used in the analysis. First, the static pressure drop for the liquid

and gas phases must be equal regardless of flow regime, and second,

that the total volume of the pipemust equal the volume occupied by

the1gas plus liquid at any position in the pipe. These restrictions

tentatively eliminate flows which have large pressure fluctuations,

(such as slug flow), radial presre drop, (such as stratified flow),

flow where the regime changes along the pipe. The results are writ-

ten in terms of actual and superficial single phase pressure drops.



and

2 (P/L)F
- (P/L)G

These are assumed to be functions of a third parameter X2, which

is simply the ratio of j/c. In order to predict a two-phase

pressure drop, therefore, one need only calculate X2 by Equations

(17), and (19) or (23) applied to each phase, and then use the Lockhart-

Martinelli plot of versus X, for the corresponding pair of flow

mechanisms, to yield a value for 4, which is the desired result.

If one evaluates this method with experimental results, some

general conclusions can be made. The method will predict the level

of the pressure drop but not exact values. It is valid for horizontal

pipe flow of any diameter, with predictions becoming increasingly

higher than results as the diameter increases. Also, the error is

increased with total pressure. Other factors contributing to the error

are liquid flow rate, flow regime and flows in vertical pipes. Param-

eters which do not seem to affect the results are the viscosity and

16

Variables, and
2

- G' are defined as the ratio of total pressure

drop per unit length to the pressure drop if the corresponding indi-

vidual phase were flowing in the same pipe alone at the same mass

flow rate as in the two-phase case:

2

(P/L)L
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surface tension of the fluids. The effect of liquid flow rate was al-

ready noted by Gazley and Bergelin (29) in the comment section of the

Lockhart-Martinel].j article. To get a quantitative test of Lockhart-

Martinelli's accuracy, Dukier etal. (22) evaluated the correlation

with over 2, 300 data points and found the relative standard error to

be 36%, but the errors were not normally distributed.

An attempt has even been made to apply the method of Lockhart-

Martinelli to liquid-liquid systems. Charles and Lilleleht (17) used

the Lockhart-Martinelli results to evaluate their data for stratified

flow, and though it did not correspond quantitatively to their results,

it did have the same shape for the curves of versus X (the

Lockhart-Martinelli parameters). They also incorporated other data

for stratified, oil-water systems and these data also correspond

closely with their own, when plotted on the -X axes.

Besides evaluating other results, Dukier et al. (23) also pre-

sented their own correlations for horizontal flow. The two correla-

tions differed mainly in the definitions for density and viscosity of the

two-phase system. In one, the standard error was 21% and in the

other, 18%; whereas the Lockhart-Martjnellj method gave a standard

error of 25%. The Dukier correlations were not tested with vertical

flow data.

Chishoim (19) has developed a theoretical basis for the Lockhart-

Martinelli correlation. The results give two equations relating c



l+SR AL
1- SR

With this in mind, Chishoirn's results, Equations (28) and (29), can

be used to solve for AL/AS for a given value of X, which cn

then be used to predict 4.

AL l-n/2 A l-m/2
AAL = (l+m)/2

where n and m are the liquid and gas phase exponents in Equa-

tions (19) or (23), respectively, and a and 3 are the liquid and

gas phase ratios of hydraulic diameter of the phase during two-

phase flow to that during single phase flow.

=

(1+
AZ2

+ 1). (29)

From geometric considerations, the relationship between a and j3

was shown to be

18

and X, which can be solved directly. An assumption, based on

Chishoim's experimental data, assumes that the term Z, defined by

Equation (27) and which is a function of the interfacial shear ratio,

SR approaches a constant value, independent of the individual phase

flow rates.

2z
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Using Equations (28), (29) and (30) with Z = 14, values for 4L

were calculated for various values of X. In the case of bothphases

flowing turbulently, the proposed theory was within 13% of the

Lockhart-Martinelli values. In the other instances the error was

never larger than 21%. Chishoim further used the same equations and

reduced them to forms valid for particular flow regimes. He also

proposed a design equation from this work that would simplify the

calculations. The design equation is given in (31) and is compared

with Lockhart-Martinelli values in Table 1, as given by Chisholm (19,

p. 1776):

(30)

(31)

19

For vertical flow it is necessary to look further for an applicable

method and there are more than a dozen from which to choose.

Orkiszewski (55) compares and categorizes all of the methods into

three classes. First, Poettman and Carpenter (56) and Tek (65) do

not consider liquid holdup in the calculation of the density. The liquid

holdup and wall friction losses are evaluated by an empirically corre-

lated friction factor and no distinctions are made for flow regimes.

Most of the additional methods under this category are extensions of



Table 1. Chisholm's design equationresults.

20

X= 0.1 1.0 10. 100.

Turbulent- Turbulent

Lockhart-Martinelli 18.5 4. 2 1.75 1. 11
Equation (31), C = 20 17.3 4.7 1.73 1. 10

Viscous- Turbulent

Lockhart-Martinelli 15. 2 3. 48 1. 59 1. 11
Equation (31), C 12 14.9 3.75 1.49 1.06

Turbulent-Viscous

Lockhart-Martinelli 14. 5 3.48 1. 66 1. 11
Equation (31), C = 10 14. 1 3.47 1.42 1.05

Viscous-Viscous

Lockhart- Mar tine lii 12.4 2.61 15.0 1.11
Equation (31), C = 5 12.3 2.65 12.3 1.03
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the Poettman-Carpenter results. The Hughmark-Pressburg (40) and

Hagedorn-Brown (35) methods are characteristic of the type which use

liquid holdup considerations in the computation of the density. The

holdup is correlated separately or else combined with the wall fric-

tion losses, which in turn are based on composite properties of the

liquid and gas. As in the previous category, no distinctions are made

among the flow regimes. In the third category, the calculated density

considers holdup, which is evaluated from some concept of slip

velocity. The wall friction losses are determined from the fluid prop-

erties of the continuous phase and four distinct flow regimes are con-

sidered. The Griffith-Wallis (33) and Duns-Ros (24) methods fall

under this category, with Orkiszewski adding a modification to the

former to make his own correlation. The work of Orkiszewski gave

the most accurate results as the relative standard error was 10. 8%

when applied to 148 oil well conditions. The Duns-Ros method shows

27% and the Hagedorn-Brown method showed Z4. 2

DeGance andAtherton (21) state that the Orkiszewski (55) and

Dukier (23) methods are the most accurate to date as applied to verti-

cal and horizontal two-phase flow, respectively. However, they are

presenting a combined method claimed to be the most accurate yet,

and will be printed in installments in the same journal as their first

article.

Some more detailed theoretical analyses have been made of two-

To standard error.
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phase systems, but as the exactness of the analysis increases, so do

the limitations on the range of validity. Hadamard (34) considered a

single liquid drop falling through a stationary phase and Soo, Ihrig,

and Elkouh (64) studied solid particles in a wind tunnel; but the results

of these works can not be applied to any general cases.

A pseudo-single phase analysis is far simpler to implement than

thepreceding methods. Using modified properties, this method can

be used with good accuracy but is severely limited in its range of

validity. Baron, Sterling, and Schueler (6) introduced the restriction

that if

d p
Re (_E)2(d) < 1cD p -c

then the dispersion can be considered as a homogeneous fluid. Ward

and Knudsen (70) modified this to state that the quantity had to be less

than a constant N, which was to be determined for various cases.

For oil in water dispersions they use N 2 and d = d32, the

Sauter mean drop diameter.

The determination of an effective viscosity is the basic problem

in this analysis. Finnigan (28, p. 75) gives the following variables

which affect the value of this property: (1) viscosity of the continuous

phase, (2) volume fraction of the dispersed phase, (3) rate of shear,

(32)

(4) dispersed phase viscosity, (5) size distribution of the dispersed
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phase droplets, (6) absolute size of the dispersed phase, (7) inter-

facial tension. Ward andWhitmore (71) add the possibility of a

polarity effect when certain fluids are used. The effect of each vari-

able is shown by considering various contributions to the evaluation of

effective viscosity.

Einstein (25, 26) showed the dependence on continuous phase

viscosity and dispersed phase concentration, by theoretically

considering a dilute system of non-interacting solid spheres. The

result is:

Fi(l+Z. SRG) (33)

Future modifications have often kept the basic form of the equation

with added terms. The expanded Einstein equation is

= i (1+2.
2 3 (34)

e c

with various values for a, 3, etc.

No quantitative results have been shown, but it is generally

accepted that the viscosity decreases with increasing shear.

The effective viscosity is also affected by the dispersed phase

viscosity, as shown by an equation of Levitori and Leighton (46) which

was derived for oil in water emulsions:



.L +0.4iJ.
ln (-s) c

Vermeulen, Williams and Langlois (67) also showed a similar depend-

ence in various liquid-liquid dispersions:

= lRG [l+RG (36)

Somewhat conflicting reports have arisen as to the effect of the

drop size and distribution on the effective viscosity. The argument is

whether the effective viscosity is actually a function of the mean drop

diameter.

Roscoe (59) gives three separate equations for defining i.
The first is used for a widely spread size distribution

=L (l-R )c G

-2.5
(37)

There are also equations for uniformly sized particles; i.e. , for

RG < 0. 05

c(l+Z SRG) (38)

andfor R0>.05

cUL 35R)2 (39)

Roscoe concludes that at given concentration uniform spheres:produce

24
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a higher effective viscosity. Ting and Luebbers (66) studying solid

particles in various liquids agreed with Roscoe, and further stated

that the effective viscosity is not a function of an average drop diam-

eter. This is supported by Ward and Knudsen (70).

Richardson (57), on the other hand, proposes that the effective

viscosity is indirectly proportional to the average drop diamete-r for

a given concentration, distribution and shear rate. Becher (7),

Hatschek (36) and Sibree (63) concur with this result. As will be dis-

cussed later, the two arguments are not completely contradictory,

since both the size distribution and the average diameter can affect

the viscosity.

With the lack of correlations for liquid-liquid flow, several

experimenters have presented data in the form of graphs and tables,

which still are of value since some interesting flow characteristics

can be determined from them. Govier et al. (32) used a vertical sys-

tem and covered all flow regimes. Similar work in horizontal sys-

tems has been by Russell etal. (60) and Charles, Govier, and Hodgson

(16).

Measurement of Drop Size and Distribution

In characterizing drop sizes one must define the term "average

diameter, " since there are countless possibilities. Mugele and

Evans (51) give a general equation for all average diameters:



D.3 $D'f(D)dD / SD3f(D)dD (40)
13

0 0

where f(D) is a weighting factor. As an example, D32 is the

Sautermean diameter which was used in Wardts and Knudsen (70)

single phase criterion. Other characteristic diameters are volume

percentile diameters, where the diameter given gives the drop size

below which a certain percent of the volume of the dispersed phase is

contained.

Stable dispersions present no particular problems in measure-

ment of drop diameter since they can be transferred to a fixed meas-

uring device; whereas unstable dispersions must be measured in situ.

Light transmittance, microscopic and photographic techniques

constitute the present state of the art in drop size measurements for

unstable dispersions. Langlois, Guilbert, and Vermeulen (45) meas-

ured transmitted light through stirred tanks and determined that

I
= Bd32 + 1 (41)

where I is the incident light intensity and B is a constant which

is a function of the indeces of refraction and the geometry. Rodger,

Thrice, and Rushton (58) used a refined probe which made B less

sensitive to the system geometry and claimed accuracy within 10% of

26
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values determined from photos of dispersions. This same method has

been successfully converted over to usewith pipe flow. Lloyd (47)

also used light transmittance, but instead evaluated the amount of

light reflected by the emulsions and concluded

R Cd (42)

where C and k are constants to be determined and R was the

reflected light.

Microscopic techniques are very limited if not used in conjunc-

tion with photographic equipment. Baranaev, Teveroskiy, and

Tregubova (5), however, were successful in limiting coalescence by

equalizing densities and careful collection of samples. Another unique,

but limited technique was used by Shinnar and Church (61) when they

froze the samples of low-melting wax.

The most widely accepted technique is still one of photographing

the dispersion and then measuring the drops shown on the photographs.

Kinter etal. (42) gave a review of methods available for drops larger

than 100 j.. Ward (69, p. 61-68) developed a photographic apparatus

allowing for measurement of drop sizes between 1 and 800 and con-

centrations up to 50% by volume of the dispersed phase.

The slow and tedious job of measuring the drops on the photo-

graphs has been studied by Adler etal. (2) who developed a light beam
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photo cell apparatus which scanned the negative. Statistical analysis

of the resulting output gave distributions close to those obtained by

counting methods but it could not distinguish between focused and non-

focused drops.

Even with these developments the major problems in photograph-

ing a given system remain. These are: sufficient light, speed of

drops relative to the negative, and the obstruction of drops in the

focal plane by those closer to the camera lens.

Measurement of in situ Concentrations

Various methods have been developed to measure holdup or

local void fraction in two-phase gas-liquid flow. With proper modifi-

cations these should, in principle, be applicable also for immiscible

liquid systems. The two major methods are radioactive ray attenua-

tion and electrical probes. Radioactive tracer, photographic and

test section weighing methods have found more restricted applicability.

The gamma ray method has found the most use but is quite re-

stricted since its accuracy is greatly diminished by non-homogeneity

of the fluid. For the cases of annular flow the errors involved can

approach 1,000%. Isbin, Slier, and Eddy (41) used this technique for

studying a water-steam system. The underlying principle is that the

ratio of transmitted to incident gamma rays is related to the physical

properties of the fluid, 3, and the path length through which the
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rays must travel, x, as presented in the following equation:

I/Jo (43)

The path length term can be expressed in terms of liquid and gas path

lengths and therefore allow for void fraction calculations.

The most versatileprobe appears to be one used by Neal and

Bankoff (52) ma mercury-nitrogen system. With a resistivity probe

they could measure local volumetric void fraction, bubble frequency,

arid even the bubble diameter. Since an electrical circuit was broken

each time a gas bubble covered the needle probe a continuous measure

of the circuit resistance led to the above results.

Although the methods mentioned have measured local concentra-

tions, a good value of the concentration can be obtained by trapping

all the fluids in the test section and using this average as the in situ

concentration. This method ismost accurate when the pipe diameter

is not very small and when no mass transfer occurs between phases.

Therefore, the case of steam and water in small pipes could not be

measured by this method.

A recent development by Shirato et al. (62) has even eliminated

the need for taking a sample for measurement. By using two different

pipe diameters in the test section and measuring the velocities in each

section, he developed a set of equations to calculate the holdup from

known data.



PROPOSED THEORY

In the course of this study, no general theoretical analysis of

liquid-liquid systems was found. Other experimental data have been

reported in graphical and tabular form with qualitative analyses.

Therefore, a theoretical study was undertaken.

Bubble Flow

Consider a vertical pipe with two phases in downward flow. The

horizontal case is a particular form of the general vertical solution.

A force balance on an element of the discontinuous phase, shown in

30

Figure 2, is as follows (assuming >u ):
c

Td = shear at wall

T. = shear at interface
1

= total pressure

density of phase

z distance along pipe

Figure 2. Discontinuous phase force balance.

- ma = 0 (44)

- PTAdI+ + gPA - TdPdZ - T.A. = 0 (45)



The terms involved in the balance, not explained in the figure, are

g, the acceleration of gravity, Ad the pipe cross sectional area

occupied by the discontinuous phase, d' the perimeter wetted by

the discontinuous phase, and A., the interfacial surface area.

Dividing (45) by z and evaluating it along a length, L:

In order to obtain the frictional pressure drop, the following correc-

tion must be made:

A P T.A.d T 11
L

+ - Tdpd - L

Pf
L L

where p is the density of the mixture. Dividing by

Equation (46) becomes:

T.A. TPL
LP.. + - (48)

d d

This relationship has assumed that Ad and hence A, does not

change with the distance along the pipe, which may not be true in all

cases.

A similar analysis for the continuous phase yields an analogous

equation:

=0 (46)

(47)
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Pf + g(p-p)L - -x

For convenience, gravity parameters y and as well as a

shear parameter, SR are defined as follows:

Lsp.c + tP

(P_ Pm)L
Pf

T.A.11
SR = LPfAd

From single phase momentum transfer, the friction factor is defined

T.A. i- .p Lii cc

2fu pccc
2

2
fdhldpd

Td= 2

Combining Equations (48), (50), (52), and (53);

A fuppL
ci cccc

'C
+

A = ZA

and Equations (49), (51), (52) and (54):

A
(49)

(51)

(52)

(55)
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as

and



tPf
- f'd -.

It is assumed that the fraction of the perimeter occupied by the discon-

tinuous phase is equal to the fraction of the discontinuous phase pre-

sent in the whole pipe:

p

It seems logical that this may be close to the actual case in all but the

annular flow regime. Even slug flow will be approximated by it if the

length of pipe considered is longer than the length of the slugs. The

assumption leads to the relationship:

-AA
C d

Substituting Equation (58) into (55) and (56), and combining terms:

2

Pf(lydSR) = D

A ZfupL
Pf(l++SR) c c c

Again defining a new variable, Z:

2
fdudpdpdL

ZAd
(56)

(57)

(58)
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z2 =

A

A

1- - SR

C

This allows Equations (59) and (60) to be combined:

(C )l /2( PC )l /2u
d

U
c

From the continuity equation:

W uA p
c ccc

Wd = udAd

Using these, one obtains the ratio of the cross sectional areas occu-

pied by each phase:

A C (d 1/2 c 1/2
Ad ZWd

(65)

For the cases when each phase flows in the pipe alone, the pressure

drop is given by the following equations:

Zf'W2L

DA2p
(66)

C
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and (67):

Acl1 cl/2
Ad Z'LPd

1/2 c)l/Z

Lockhart and Martinellj (48) defined as hence,

A x
A Zf'

c

Using Equations (60), (63), and (66), another Lockhart-Martinelli

(68)

(69)

2parameter, 4, can be obtained,

2 f_
Ad 2

(70)
f A
c c

- -
c

c (l++S)

In similar fashion, cj can be obtained from Equations (59), (64)
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and

2f w
=

DA2pd
(67)

Solving these equations for W and Wd and substituting into

(65):



and

AZ
2

Pf (d
Pd

- f) (1dSR)

The friction factor for single phase flow is defined in a form similar

to the Blasius equation:

Ai
=

cn
c c'WD'

C

Ai.
f'=C( d)m
d dWD

The friction factors for two-phase flow are assumed to have a similar

form:

f =c ccn
c c'aW D'

C

f -Ce ddm
d d'PWdD

In using the same coefficients and exponents for the respectivephases

in Equations (72)to (75), it is assumed that the same mechanism of

momentum transport occurs in the phase flowing alone as does in that

phase during two-phase flow, i. e.,

nsinglephase flow ntwo phase flow
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Combining Equations (72) and (75):

A

AZ_1cn C
/ A

(1++SR

and
AZ

2 dm d
d - A

The next step required is the evaluation of the shear parameter,

SR. Consider the flow regime as bubbles of discontinuous phase

flowing in the continuous phase. The assumption is made that the

interfacial shear can be expressed in terms of a friction factor:

2f.(u -u ) p
1 d c cT. =

1 2

For the case of bubble flow, the discontinuous phase will be approxi-

mated by spheres, so that the friction factor can be written in terms

of a Reynolds number, as shown in Bird, Stewart, and Lightfoot (10,

p. 193):

Ii n.
f. = C.( )

1

1 1 d20up
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where d20 is the projected area average drop diameter and Eu

is the slip velocity between the phases. The properties of the contin-

uous phase are used, as indicated by the reference. In practical

cases the slip velocity will be small, as will the average diameter;

so the friction factor for creeping flow around a sphere will be used:

f.=24( c
1 dZOUPc

In order to find the total interfacia]. surface area, two different

average diameters will be employed: d is the volumetric average

and dA is the surface area average diameter. Multiplying the total

drops by the area per drop:

A. = 1rd.Nd (83)

where NA is the total number of drops.

The volume occupied by the drops can be expressed in the micro-

scopic and macroscopic scale:

and

(82)

(84)
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Vd=Rd4L (85)



where Rd = Ad/A' or the in situ concentration. Combining Equa-

tions (83) to (85) and recalling that (dy/dA) d32;

31TD2 LA

Substituting (80), (82) and (86) into the definition of the shear param-

eter, Equation (52):

SR = d2Qd32Pf

Note that

Pf
= cc

from the definitions of and X2.

Substituting (67), (73) and (88) into (87):

rn+l 2-m36D cA PdLU

2-rn mSR
= 2X2d2Od3ZCdWd d

For brevity, let

36Dm 2-rn
A pu

(86)

(90)

39

A.
= 2d32A



36EuD3pd
c - 2 2-rn

d3ZCdi.&dRed 0

Then, substituting (89) and (90) into (70), recalling that A = Ad +A:

2 (A2_fl 1'A'
c cc(l+y

C 42X2A

Rearranging this equation, a relatively sithple form is obtained for
2 2as a function of X

Z_r,AZ d c1 1

/ A 2 (l+j
c cX c

However, it should be noted that is also a function of X

Substituting (88) (67) and (73) into (93) and letting

2-rn m+1
)A Dm

c 2-rn m
ZCdWd d

2 2-rn
0

the result is

(A)2fl
- c
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Similarly for the discontinuous phase:

2
2CWZnL

d - A2D'1pX2

Substituting into (87) and then (79):

where

From the definition of

Let

in which case

(Edd)X2
(A)2-m

=

2 2 A 2-rn1
= [cdX + ()

336up D
C

it d20d C Re2
32 c c,O

(P- Pd)AD 'PcX2
=

ZC i2Re2'cc ç,O

2
''dc1

x2

(97)
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To get slightly different forms of the Equations (96) and (103), it may

be noted that

2
(104)

and hence,

2(A)2-m1 (105)

(A)2fl
Z - +

(106)

Note that these equations are easily reducible to cases for zero slip

velocity and/or horizontal flow. For u = 0, = 0 and for hori-

zontal flow, = 0. The discussion section will include the use of

these derived equations.

A further development can be made for these equations to per-

mit application to rough pipes. For laminar flow, no changes need be

made, since the same friction factor equations apply. However, for

turbulent flow it is known that f is not a function of the Reynolds

number, but only the surface roughness (for large Reynolds numbers)

From Knudsen and Katz (43, p. 174):

a
f C(e/r ) (107)

w

for fully turbulent flow in rough pipes. Equations (72) and (74) can



then be written as follows:

and

and

f; = C'(--- )a

f =
(e)a

C crw

Assuming similar flow mechanisms, the coefficients and exponents

are equal and therefore, the friction factors during single phase and

two-phase flow are equal. Similarly for the discontinuous phase,

=
The final results for the bubble flow regime are as follows:

c ()2X2
+ d +

A
()2X2 - R

Td A cA c
c c

(110)

Equations (110) and (111) are the applicable turbulent flow equations

for rough pipe:s during bubble and drop flow, with possible extension to

slug flow. The terms and t, are defined in the same manner

as for smooth pipes, but it should be noted that is the same in

meaning but not in detail. For example, = is still

true; and even is still defined by Equation (67) but the friction

factor, f , now has the definition of Equation (107). Similarly,

X is also affected by this new definition of f'.
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Stratified FlOw

The analysis for the stratified flow regime varies only slightly

from that for bubble flow. The equations to be used are similar ex-

cept that stratified flow only occurs in horizontal flow, so both

gravity parameters are zero.

Consider a pipe cross section as shown in Figure 3.

Figure 3. Stratified flow cross section.

Assume that the interface can be approximated by a flat plate.

Then Blasius' solution for the friction factor of a fluid flowing over a

flat plate can be used as an estimation of the shear at the interface.

Blasius' result, as cited by Knudsen and Katz (43, p. 260), for an

average friction factor over a length, L, is:

1.328 Cdi
.JReL ReLI
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For the present, the latter part of Equation (112) will be used. The

interfacial shear can be expressed as in Equation (80). The inter-

facial area is defined in terms of the angle 0 from Figure 3:

A. = DLI sin(0/2)I

Substituting (112) into (80):

CdI(u)2pd
m.

ZReL'd

Then evaluating the shear parameter, Equation (89), with (67), (88),

(113) and (114):

R,d -

Also, for the continuous phase:

S = -R,c 4C Re2 L2A
2

c c,0 cd

Defining two new variables:

=

2-m.
C .Red,i L,d______ 8sin()

4CdReL2Ad2X2
2

2-n. 4 Z
C .Re 1DX.i

2

c

e
sin ()I
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Substituting (116) and (117) into (78), after setting 'y = 0:

2_ A 2-n Ad

- cA
c cX

Similarly, with y = 0, substitute (uS) and (118) into (79):

and

Z-m
+

2

If desired, the second forms can be obtained by substitution of Equa..

tion (104) into (119) and (120).

Equations for rough pipes during fully turbulent flow are again

easily derived, considering f = f' and
d

f. The results are:

2 AZ Ad 1

cA 2
c cX

(A)2
+ dX2.

As earlier, the laminar flow in rough pipes is covered by Equations

(119) and (120). Also, the variable is the same as for smooth

(119)

(120)

pipe, as are and X2, if the correct equation for f' is used.
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SX2 (118)
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Annular Flow

The annular flow regime is shown by the cross section in Figure

Figure 4. Annular flow cross section.

This analysis does not require that the area, Adi be sym-

metrically located in the pipe, but only that it does not come in con-

tact with the tube wafl. It need not even be circular. Since the dis-

continuous phase does not touch the pipe wall, Td 0 and
c

Therefore, Equations (59) and (60) become

Pf(lyd_SR) = 0 (123)

and
A fupLTrD

Pf(l++SR) ccc (124)

respectively. Since EPf 0, Equation (123) shows that
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SR = 1
- d

(125)



Using this in Equation (124), and simplifying:

f u2p irDL/2
(126)cccPf

Using the definitions of
'Yc

and y, Equations (50) and (51), in

(126) and rearranging:

A A 2fu2pL
c d cccPf gL(p-p

- d
+

D

From the definition of the mixture density, p R p + R pm cc dd
and using the continuity equation with Equation (66), then Equation

(127) becomes:

A 2cf'A

Both f and f' can still be defined by Equations (74) and (72),

respectively. Assuming, as in the other regimes that the same flow

mechanism exists whether the fluid is flowing alone or with another

fluid (that is, n = n' and. C C'), Equation (128) becomes:
c c

21A2n, Dc'A
c H,c
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(128)

(129)



It is easily proven that DID

to:

Therefore,

=

49

= A/A , so Equation (129) reduces,c c

2 A 22
=

x
c

(130)

(131)

Uniquely, this result is not affected by the pipe roughness since

the analysis showed f = f'. Therefore, Equations (130) and (131)

apply for annular flow in rough: or: smooth pipes.



EXPERIMENTAL EQUIPMENT

The experimental apparatus permitted continuous circulation of

water and the injection of the dispersed phase from a storage tank and

the subsequent separation of the dispersion in a settling tank. A

schematic diagram of the system is shown in Figure 5. This system,

as first used by Collins (20), allows for the study of unstable flowing

dispersions which have not been influenced by pumps or irregular

pipe fittings. The test section allows for measurement of pressure

losses along various test lengths and photographing the dispersions at

several axial and radial positions in the pipe. Holdup measurements

were taken over the entire test section as a whole.

Water Circulating System

A two and one-half foot diameter galvanized iron culvert pipe

was converted into a settling tank, A. The interior was coated with

tygon paint, type TP-81. This allowed for a settling volume of 300

gallons. A medium pressure steam line could be introduced into tle

tank for temperature control purposes.

A brass turbine pump, Worthington type TC, pumped water from

the bottom of the tank to the test section, F. The flow rate of water

was measured by a calibrated orifice meter, E, and its tempera-

ture indicated by a thermometer, D.

50



Third floor

N

Second floor

First floor

Basement

D

xc

Figure 5 Schematic flow diagram.
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The test section, F, consisted of . 875 in OD and . 745 in ID

red brass tubing connected by self-aligning flanges (20, p. 48). The

flanges held the wall discontinuity to below 0. 001 inch at the joint.

The flanges allowed for the photographic window to be inserted at

27. 3, 209, 421 and 576 diameters downstream of the injection nozzle.

The brass ball valves, G, were 0. 75 miD and were operable sim-

ultaneously by means of a wire-pulley system, H. Four feet sepa-

rated each pair of pressure taps, I, and the bottom tap of each pair

was one inch above the respective flange on the second floor, first

floor, and basement. These taps led to the pressure transducer sys-

tem described later.

The return leg, J, was 1-1/4 inch copper tubing. The tap,

K, led to a weigh tank which was used in the preliminary calibration

work. At all times the outlet of the return leg in the settling tank was

maintained below the water level so as to minimize mixing of the dis-

continuous phase. The resulting circulating loop could be maintained

at a very stable flow rate.

Injection System

The organic discontinuous phase was stored in a 100 gallon

stainless steel tank, L. A Worthington external helical-gear pump,

M, driven by a three horsepower 1800 RPM motor, injected the

discontinuous phase into the test section. The flow rate was easily
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controlled by a return line, N, and measured with a Fischer-Porter

Beaded Tube Flowrator, 0. As a safety measure, a dial pressure

gauge, P, was used to monitor the pump output pressure.

Three nozzles were made from stainless steel tubing, Q.

They were made by partially telescoping the smaller tubing in the

larger and then silver soldering them together. The size of the nozzle

is the size of the tubing from which the injected phase exits into the

water. Number one nozzle was . 1875 inch OD with 0. 016 inch wall

thickness, number two was . 250 inch OD with . 040 inch wall, and

number three was . 375 inch OD with . 045 inch wall. At the nozzle

exit there was a 9-1/2 inch section of 0.745 inch ID transparent plas-

tic pipe, B., which replaced the brass test section pipe. This

allowed for centering the nozzle in the pipe with radially mounted

screws in the flange.

The screens used to control the droplet size were placed be-

tween the bottom plastic flange and the flange of the ball valve. Four

sizes of screen were employed. The large size had a wire diameter

of . 019 inches and openings of 109 inches and was made of steel.

The other screens, medium, small and micro were all made of copper

wire and their respective wire diameters and openings, in inches,

were: .010 and .040, .008 and .013, and .004 and .007.

The photographic window was essentially the same as that used

by Collins (20, p. 48-49) with the addition of a glass rod extending



54

from the light source side to 5 mm from the pipe wall on the camera

side. This wasnecessary in order to photograph the high concentra-

tion dispersions, especially those with small drop sizes.

Transducer System

A Consolidated Electrodynamics differential pressure trans-

ducer, Type 4-450, was used to measure pressure drops along the

test section. The electrical circuit for this system is shown in Fig-

ure 6. This transducer measured the differential pressure and gave

a direct current millivolt output. It was a bonded strain gage type

where the pressure differential strains an element of a Wheatsone

bridge, directly affecting its electrical characteristics and therefore

offsetting the balanced bridge. The Heathkit voltage supply did not

have a sufficiently accurate meter readout, necessitating the use of

the Simpson meter to monitor the transducer input voltage. In order

to balance the instruments the 50K ohm and 5K ohm (the latter was

variable) resistors were used to make a zero shift circuit yield a null

voltage output with zero pressure drop.

Photographic E auipment

Equipment was identical to that used by Collins (20, p. 50-51).

A Hasselblad camera, with an extension tube, was mounted on a hori-

zontally adjustable table. Pictures were taken through the
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photographic window with lighting from the opposite side furnished by

a General Radio Strobotac Model 1531A strobe light.

Kodak Tri-X panchromatic 120 film was used. Employing

Acufine developer the resulting ASA rating was 1200. The negative

was printed on F-5 Kodabromide paper using Dektol developer. The

total magnification of the photographic system was 40 times, which

allowed for droplet measurements in 25 micron increments using a

millimeter scale.

CEC transducer

0
Heathkit
Variable
Voltage
Re gulated
Power
Supply

50Kg

5K2

120 volts ac

Potentiometer

Simpson
VOA

meter

Figure 6. Transducer electrical circuit.



EXPERIMENTAL PROGRAM AND PROCEDURE

The object of the experiment was to study the variables affecting

two-phase liquid-liquid pressure drop. To this end the first step was

to evaluate the equipment, and particularly the transducer. This was

accomplished by running only water through the system and comparing

results with theoretical predictions. For the two-phase flow study the

two major aspects, data for which were obtained simultaneously, were

drop size and distribution, and holdup. As shown in the Theory Chap-

ter, the physical variables are related to the pressure drop by a set

of theoretical equations.

The liquids used for the discontinuous phase were a commercial

solvent, "Shellsolv 360," with a one centipoise viscosity, iso-octyl

alcohol, with a nine centipoise viscosity, and aheavy oil, with a

viscosity of about 200 centipoise. A more complete tabulation of their

properties can be found in Appendix I. For all runs the continuous

phase was tap water.

Three velocities were studied for each fluid combination and

each velocity covered up to three concentrations. An outline of runs

is given in Table 2, where the flow parameters for each fluid are

shown. The variation of drop size was achieved by several combina-

tions of nozzle and screen sizes, which also changed the holdup. It is

noted that high concentrations could only be achieved with the largest
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n - no screen
1 - large screen

m - medium screen
s - small screen

ml - micro Screen

The designations of runs, obtained from Table 2, will be as

follows: 1SS-15-l0 will signify run number one with Shellsolv, with n

average fluid velocity of 15 feet per second and an injection
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nozzle.

Table 2. Summary of experimental runs.

Organic
phase

Average
fluid

velocity

Injection,
volume

Nozzles and screens used
Nozzle #1

screen:
Nozzle #2

screen:
Nozzle #3
screen:

Solvent 15 4 n, 1 n
(SS) 10 n n,m n,l

15 n,l,m,s
10 10 n,1 n n,l,m

20 n n,l n,l,m
30 n,l,rn

5 20 n,m,s n n,l,mi
30 n n n,l,m,s
40 n,l,s,mi

Alcohol 15 6 n n
(bA) 10 n m

10 10 n n,m
20 n,l n,l

5 20 n,m m
30 n l,m
40 l,m

Oil 15 10 n, S
(HO) 10 10 n, S, ml

20 n, m, mi
5 10 n, m, mi m, S

20 n, ni, nil
35 m, s, ml
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concentration of 10 volume percent discontinuous phase. Similarly,

runs with iso-octanol and heavy oil will have [OA and HO designations.

The preparation for a run started with the introduction of tap

water into the large holding tank. A small amount of discontinuous

phase was always present in the tank, so the water could become

saturated with it. The water temperature was adjusted in several

ways. For minor increases, the pump's frictional heating was suffi-

cient, while major increases in temperature required the addition of

medium pressure steam, after which mixing was insured by continued

circulation. Cooling could be attained by alternate drainage and addi-

tion of water. The ambient and organic phase temperatures were also

monitored.

The injection valvewas checked and the valve to the injection

pump opened. Water alone was circulated through the test section to

allow purging of the transducer and manometer lines. A check of the

system wasmade by measuring the water pressure drop. If the value

was not within acceptable limits of the theoretical prediction, then the

run was terminated if the problem could not be found. At some times

it was found that some air was still trapped in the pressure lines.

The injection pump was turned on and the flow adjusted by the recycle

valve, along with adjustments for the water circulation rate. After

achieving the predetermined values for the flow settings, the pressure

drop readings were begun. At the same time the photographic record,
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consisting of a roll of 13 pictures, was made. Two radial positions

were covered by the photographs. When these procedures had been

accomplished, and duplicated, the ball valves at each end of the test

section were simultaneously closed to retain the "in situ" fluid in the

test section. The pumps were immediately turned off and all pressure

line valves were closed.

The lower valve was used to drain out the trapped liquid De-

pending on the fluid, as determined by the preliminary experiments,

the time for drainage varied, with the highly viscous oil requiring a

several hour period. The in situ concentration was then determined

with the help of volumetric flasks and graduated cylinders. after the

complete separation of the two phases. Allowing for different concen-

trations, various combinations of containers were used. The pictures

were subsequently developed with the chemicals noted in the Equipment

Chapter.

The recovery system would then be used to skim off all the

organic phase from the holding tank and transfer it to the settling tank.

The heavy oil was extremely difficult to filter and it was found that

after settling it was sufficiently clean to reuse directly.

The process of changing the injection fluid was tedious but sim-

ple. The organic phase was drawn off to holding drums and the large

holding tank and circulation system were flushed three times with cold

water. By that time no organic phase was present in the sample
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drawn from the system. The injection system was completely dried

out with compressed air, since the introduction of water would inter-

fere with subsequent organic materials.

The change of nozzle and screen could be made at virtually any

time between runs, even while the test section was draining. The

small and micro screens could not safely be used in two runs succes-

sively unless accumulated particles were removed If used without

the cleaning they constituted a major flow resistance. If kept clean,

the screens did not cause any problems and remained in place well.



SAMPLE CALCULATIONS

The data obtained from the equipment cannot be used directly to

calculate the frictional pressure drop since the two-phase fluid has a

different density than the liquid in the manometer legs. A complete

derivation of the required correction is given by Finnigan (28, p. 60-

62). Considering MVT as the millivolt readout from the transducer,

and MVç as the frictional part of the pressure drop, then

MVf = MVT - 0. lgL(p-p) (132)

where the constant, 0. 1, converts inches of water to millivolts.

Calculation of

A complete calculation for run 410A-5-30 will be shown as an

example. The , predicted value, will be calculated using Equa-

tion (106), and the actual value is the measured frictional pressure

d.rop divided by Equation (67). The data for this run were as follows:

T = 66°F, manometer = 1. 1 inches, rotameter = 14. 1,fluid

transducer (average) = 0. 8 11 millivolts, and the in situ concentra-

tion, Rd = 0. 289. The system parameters were D = 0. 06208 feet

and A 0. 003027 square feet. These correspond to the following

mass flow rates: Wc 0. 66 pounds per second and Wd 0. 236
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pounds per second. From continuity,

W puA puRA
c ccc ccc

and

Solving these for the velocities,

(0. 66)
(62. 32)(. 711)(. 003027)

92 feet/second
and

= PdudAd = PdudRdA.

20 feet/second.

feet /se cond

From the photographs, the average diameters were shown to be

d20 = 189.7, d32 = 282. 2, and d20 = 229.8, d32 350.9 microns

at y/r 0. 05 and 0. 10, respectively. There is the question of

how to combine these values to obtain the characteristic drop dimen-

sions for the system. The reasoning was to consider how each radial

position affected the pressure drop. The shear is directly propor-

tional to the slope of the velocity profile; therefore, the region adja-

cent to the pipe wall is the most important, while the center of the

pipe has a zero contribution. This justifies the measurement of

drops only near the wall. The velocity profiles of Faruqui (27,

p. 62-65) were used to determine an equation for the calculation

of the effective drop diameter. This was accomplished by measuring
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the slopes of the profile at the y/r values. The result, valid in

the discontinuous phase concentration range of 0 to 50%, is

d32 = 0. 6d321
Y/w=O

+ 0. 4d321 y/r0. 10 (133)

with a similar equation for d20. The average diameters for the

radial positions were calculated with a computer program from

Appendix III andlistedin Appendix IV. The average diameters for the

example under consideration are

3
= [0.6(282.2)+0.4(250.9)} microns

= 309. 7 microns

and

= 205. 7 microns.

The parameters and require the discontinuous phase

Reynolds number based on the superficial velocity.

DW
d

Red, 0

(0. 06208)(0. 236)
(0. 0061)(0. 003207)

= 793.

Therefore, the discontinuous phase is laminar and 1.0.
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is

36i.uD3pd
2 Z-m

dOd3ZCdIJ.dRed 0

(36)( 0007)(5 20-4 92)( 06Z08)(5l 8)

(205 7)(309 7)(Cd)( 0061)2(748)( 000003281)

4590
Cd

The value of Cd is not known, unless one uses the value from single

phase flow relationships. This is shown to be incorrect in the final

analysis. Instead, the value determined by the least squares fit of

the present data, Cd 4000 for the laminar discontinuous phase

systems, was used. Therefore,
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The second parameter is

Pm)DPd
= 2 Z-m

ZCdP.dRed 0

(32. 2)(62. 32-59. 3)(. 06208)(51.8)

(2)(4000)(. 0061)2(748)

= .0054

The continuous phase Reynolds number based on superficial velocity



DW
Re0

=

(.06208)(. 66)
- (.0007)(. 003027)

= 19350.

Therefore, the continuous phase is turbulent and n 0. 2. One

more major variable is required, X2, which is the ratio

LP /P . The friction factors arec d

.046
c 0.2

Re c, 0

= .00639

and

16
c RedO

= .0202

The continuous phase pressure drop, if it were flowing alone, is

Zf'W2L
Ep =

DA2Pc

(. 00639)(. 66)2(4)

(.06208)(. 003027)2(62. 32)(32. 2)

= 19.40 pounds force/square foot.
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Similarly for the discontinuous phase:

= 9.45 pounds force/square foot.

Therefore,

19. 40
9.45

= 2. 08

As a result, predicted, can be evaluated using Equation (106),

noting that, A/A l/R and A/A R /R
c c d c d c

or

Then

(1)18(08) - [1. 148()+ .0054]

= 3. 38 (predicted).

The actual value of is calculated using Equations (67) and

(132). The measured pressure drop is

(106)

MV = 0.811 (0. 1)(32. 2)(4)(62. 32-59. 30)
f (32. 2)(5. 2022)

0. 579 millivolts

LPç 5. 79 inches of water.

millivolts
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2
Pf

-

(5. 79)(5. 2022)
(9. 45)

= 3. 25 (actual).

Therefore, this case has an error of four percent between the actual

and predicted values.

Most of the above calculations were done with computer pro-

grams which are listed in Appendix III, with a synopsis for each pro-.

gram.

Error Analysis

An error analysis is of value in showing the effect of errors in

measured data on the final result. The method to be used, error

propagation, is cited by Mickley, Sherwood, and Reed (50, p. 53).

An initial estimate of errors in measured quantities is required

to initiate the analysis. The test section diameter, D, is known

to ±. 004 inches which results in 1/2% error. The transducer output

could be read to ±. 01 millivolts, which results in a 2% error for some

runs. The in situ concentration measurement, will be as-

sumed to have a 2% error The manometer and rotameter readings

were checked with a weigh tank, and are accurate to 1% and 1/2%,

respectively. With the allowable ±2°F temperature range, the
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=R pcc + R

Taking the differential of the variable

op op
dp = mdR + mdP mdR + md
m OR c Op c OR d Op

c c d d

This can be approximated by

PcARc + RLp + pdRd + Rdtpd

where the terms will be the possible numerical errors for each

variable. The error calculation will be illustrated for run Z6SS-5-Z0:

Rd = 182, Wc = . 76 pounds/second, Wd = . 163 pounds/second,

T = 68°F, p = 62.32pounds/cubic foot, = 48. 9 pounds/cubic foot,

MVT . 749 millivolts, and MVf = . 560 millivolts.

= (62. 32)(. 016) + (.818)(. 0186) + (48. 90)(. 0036)

+ (. 182)(. 0489)

= LZOm
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properties of the continuous and discontinuous phases were known as

follows: p ±.. 03%, p ± .1%, i ± 3%, and i. ± Z%. The average
c d c d

drop diameters are assumed to be known within 10%.

The mixture density calculated by the equation



p =59.9m

m=2%

Calculating the pressure drop:

= JOMV - 1OMVf T

d(tPf) = lOd(MVT) - lOd(MV)

For the second term one uses the negative deviation so the errors

will be additive and show the maximum possible error.

(Pf) = .015 + .004

= . 560

The refore,

(Pf)
Pf =3.4%

The goal is to calculate the possible error for so the individual

variables need to be evaluated first.

DWd 4Wd
RedO

= dA =

This equation is handled in the same manner but the differential is

divided by the original function to yield:
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d(Red,O) d(Wd) d(d) cW

RedO - Wd -
D

This allows addition of the individual percentage errors to total the

function's overall error.

L(Red, =.00s+.00s.ol
Red, 0

=2%

For the slip velocity:

w
c

u -
c pAcc

du dW dPc dAcc c
w - p Auc c c c

= .01 + .0003 + .02

=3%

dud
= .005 + .001 + .02

= 2.6%

d(u) = du - du
d c

= . 156 + . 148

.304
1.085

= 28%
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The terms for the equation have the errors:

d, di dp d(d ) d(d ) d(i ) d(ReC_Cd(Mi)3dD+d 20 32 _z d18 d,0

D
d

d20 d32 RedO

= . 03 28 + (.005) + . 001 + . 10 + . 10 + 2(. 02) + 1. 8(. 02)

= 60%

d dp dD dpd d(Red
C C+3+ 1.8

D
d RedO

.0003 + 3(. 005) + .001 + 2(. 02) + 1. 8(. 02)

= 9. 5%

From the in situ concentration:

d(A/A ) d(1/R
C C =0.02

and

d(A IA
d C -0022(A/A) -

d C

dX2
dW di dPd dWd did dp

-1.8 C +0.2+-- 1.8 - 0.2--
X C C d Wd d c

= 3. 7%

2
All of these calculations can be Combined for

(A/A) (1/R)
C C
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d(2) = 8x2 + 1. 8()° 8X2d() -

A
- d(X-) -

For this run: X2 12. 54, (A/A ) 1.224, and (A /A ) = .2243,
c d c

so dX2 = . 464, d(A/A) . 0245, d(Ad/A) = . 0049, d = 5.45,

and d .0446.
C

= .667 + .650 + 1. 224 + . 223 + .045

2.809

18. 2%

This is the maximum expected error for predicting for a

Shellsolv run at 5 feet/second velocity and 20% injection rate. A

similar analysis also shows an 8% possible error in calculating the

actual The total possible error in comparing 2 actual

versus predicted, is therefore approximately 26%.
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DISCUSSION OF RESULTS

The results for this investigation were divided into six major

areas: (1) check of experimental system with the water data,

(2) effect of d.rop size and distribution on the pressure drop, (3) ef-

fect of holdup on pressure drop, (4) formulation and evaluation of

holdup correlations, (5) empirical pressure drop correlations, and

(6) theoretical pressure drop correlations. The detailed data involved

can be found inAppendix IV, as observed data, computer program

results and various hand calculation results. The computer programs

used are also given in Appendix III, with a synopsis for each.

Check of the Experimental System

Water was circulated in the equipment alone in order to compare

the experimental results to known pressure drop data. Three pairs of

pressure taps were available and each gave a slightly different result.

This can be explained by the possible deviations in the pipe diameter

along the length and also a variable surface roughness. The data were

compared with von Karman's results, Equation (22), in Figure 7. The

corresponding least squares curves for each floor are also shown, as

well as the least squares curve for the combined data. Table 3 shows

the constants for the least squares curves in Figure 7 when put in a

form similar to Von Karman's:
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0 first floor

basement

Re x

Figure 7. Water friction factor.



Effect of Drop Size on Pressure Drop

In computing the characteristic drop size, the velocity profiles

as determined by Faruqui (27, p. 62-65) were used in combining the

individual average diameters. Figure 8 is the velocity profile deter-

mined for the Shellsolv runs. It does not differ substantially from a

single phase velocity profile. Ward (69), obtained similar results

from light and heavy oil dispersions, in concentrations up to 50%.

Photographs of dispersions inthe present work were obtained at

y/r 0. 05 and 0. 10. Following the rationale explained in the Cal-

culation Chapter, the respective drop sizes were combined using

Equation (133).
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- A log(ReJT) - B (134)

The individual floors had a standard d.eviation of 2% from the respec-

tive equations and the overall data had a deviation of approximately

3%.

Table 3. Constants in Equation (134) for water data.

A B

vonKarman (68) 4.06 0.60
Second floor 4. 06 0.88
First floor 3,47 -1.09
Basement 4. 66 2. 62
Combined data 3.97 .41
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Figure 8. Dispersion velocity profile.

The photographic technique itself has been proven by Ward (69).

He used.a known distribution of glass beads to verify that the photo-

graphs of the flowing system gave a representative picture of the

average size and distribution of the particles. An additional test was

performed to verify that the glass rod used to pass the light through

the opaque mixture would not break the droplets before being photo-

graphed. To test the hypothesis, equivalent mixtures were photo-

graphed using two separate windows, one with the glass rod and the

other a converging-diverging pipe around the window. The glass rod

did not affect the drop size in the range studied, which includes the

present work. Representative photographs, from which the average

diameters were determined, can be found in Ward's (69) thesis.

U
.8

max



The present experimental technique was tested by comparing

drop sizes measured for the Shellsolv, with those attained by Collins

(ZO, p. 134) using the same equipment. Runs could not be matched

identically, but a qualitative conclusion can be drawn from Figure 9.

This figure indicates the system was functioning in a manner com-

parable to that of previous experiments.

The actual effect of the drop size on the pressure drop can best

be shown in a series of figures. The main question to be answered is

whether the drop size and the distribution both affect the pressure

drop. In Figures 10 and 11, showing the pressure drop as a function

of d32, there is a definite indication that the pressure drop is in-

versely proportional to the average drop size for a given flow rate

and concentration. There exist, however, more than ten exceptions

to this statement, either the same drop diameter has two possible

pressure drops, or else the pressure drop rises with an increase in

diameter.

An improvement is attained by considering theproduct

d32 d20 instead of the Sauter mean diameter alone. The proposed

theory suggests this dependence of the pressure drop on the product of

the two mean diameters. Figures 12 and 13 relate the pressure drop

function d32 . d20. Most of the incongruities from the previous

graphs have been corrected, but a few still remain.

A quantitative measure of the spread of the size distributions
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was formulated in order to give a substantive criterion for comparing

distributions. The distribution diffusity, 4i, is defined by Equation

(135).

d
50 (135)

max

where d is the diameter below which 50% of the total number ofn, 50

drops are contained and d is the largest diameter present.max

Therefore, the larger the diffusity, the wider spread the distribution

would be at a given mean diameter.

An example of the inconsistency in the figures is the increase

in pressure drop from run 36SS to 3SSS, though the latter had a sub-

stantially greater average drop size. The diffusity for the runs were

0. 26 for 36SS and 0. 22 for 35SS. The former had a more widely dis-

persed distribution and therefore a lower pressure drop. All of the

remaining incongruities were explained by considering the diffusity of

each distribution.

In conclusion both drop size and distribution have been shown to

affect pressure drop in the manner noted by Richardson (57), that the
4

apparent viscosity at a given concentration and size distribution is in-

versely proportional to the average diameter and that a polydisperse

(widely spread distribution) dispersion is less viscous than a mono-

disperse one.



Effect of Holdup on Pressure Drop

Other investigators have reported holdup as the ratio of in situ

to input concentration, but the theoretical analysis showed the slip

velocity to be of more direct importance in pressure drop. An appli-

cation of the continuity equation relates the two values.

The Shellsolv data are shown in Figure 14 with the pressure

drop plotted versus relative slip velocity. The alcohol and oil data

were not plotted since not enough runs were made to indicate trends

on these graphs; however, it was observed that they could well have

formed corresponding curves to those shown in the figure. The data

points for zero slip conditions were determined by using Finnigan's

(Z8, p. 94) correlation for the effective viscosity of a no slip

Shellsolv-water mixture and calculating the pressure drop for the pre-

sent system. The conclusion is that thepressure drop is also in-

versely proportional to the relative slip velocity.

Holdup Correlations

Theoretical analysis for the holdup for two-phase flow has been

very limited, usually applicable only to particular situations.

Bankoff (4) presented a relationship between the in situ concentration

and the input mass fraction, but his parameter, K, Is far from con-

stant, as his analysis would suggest. The relationship
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is derived for a no slip model. The relative phase velocity develops

since the discontinuous phase concentrates towards the center of the

conduit, where the overall velocity profile has its maximum.

Hughmark developed an empirical correlation for K as a function of

Reynolds and Froude numbers, and the inlet concentration. This was

based on the fact that Bankoff's analysis used the power law velocity

distribution, which is expected to be influenced by inertial, buoyancy,

viscous and surface tension forces. The Weber number, a function of

the interfacial tension, was subsequently found to be insignificant, but

the resulting correlation was found to vary with relative fluid viscosi-

ties.

With this background, several correlations were made for sev-

eral liquid-liquid systems which had been studied. For a general cor-

relation, the data of Charles, Govier, and Hodgson (16) were used in

a least squares analysis to fit an equation of the following form:

K a()bRecFrWeeyf (137)

The range of data was such as to cover all flow regimes and dispersed

phase viscosities of 6. 2 to 65 centipoise. Although the data 'were for

p

K

1- () (1-!)
x
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horizontal flow, if one assumes validity comparable toHughmark

the correlation can also be used for vertical flow. The resulting cor-
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relation is:

.0009 .01937
K - 0 9682a 0066 Fr We-

/ .0240 .0444
d Re

K= l.45l().02601
R

03086Fr
.0532 .0113

(138)

In order to make this more universally applicable, particularly

for cases where interfacial tension has not been measured, the data of

Russell etal. (60), Govier etal. (32) and the present work were in-

corporated with the above data to yield:

(139)

The discontinuous phase viscosities ranged from 1 to 150 centi-

poise. Table 4 gives a brief summary, comparing Equations (138)

and (139), and showing also the regimes of flow. It is concluded that

the inclusion of the Weber number does not greatly improve the accu-

racy, and may limit the range of applicability of the correlation. It

should be noted that the case of vertical upward flow has the poorest

data fit, undoubtedly resulting from the additive buoyant effect in the

direction of flow. Equation (139) is also shown in Figures 15 and 16

in which the parameter K is plotted as a function of the correlation

variables, and the predicted in situ concentrations are plotted versus



Table 4. Evaluation of general K correlations.

Equation Experimenter

Discontinuous Relative
phase Regimes standard Red 0viscosities, cp present System deviation

139 Present work 1-150 bubble, Vertical 6.0% laminar
drop (downward) and

turbulent
139 Charles etal (16) 6 3-65 all Horizontal 6 7% laminar

and
turbulent

139 Russell etal (60) 18 stratified, Horizontal 12 3% laminar
mixed

139 Govier et al. (32) 20 Vertical 15. 2% laminar
(upward)

139 (Combined standard deviation ) 7. 6%
138 Charles et al. (16) 6. 3-65 all 6. 6% laminar

and
turbulent
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the actual meas ured concentrations.

This same technique was used for the bubble flow regime by

adding the average bubble size as an additional variable, and using the

data of the present work. The result was a relative standard error of

5. 7%, only . 3% less than the general correlation and was of question-

able value due to its length:

(140)

Figure 17 shows the in situ concentrations predicted by this correla-

tion as compared to the actual values for the present work.

Similar equations for stratified and annular flow regimes were

not attempted, since few data were available, and they gave question-

able improvement over the existing general correlation.

It should be noted that the Equations (139) and (140) are appli-

cablefor laminar or turbulent flow.

Empirical Pressure Drop Correlations

As in the holdup studies the most widely applicable correlation

should be one which would encompass all flow regimes. Such an

equation could hardly have a theoretical basis but can still benefit by

taking the form of the individual regime equations After considering

Equations (111), (121) and (131) of the Theory Chapter the following
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Figure 17. Prediction of in situ concentration with bubble regime
holdup correlation.
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general equation can be written which can be reduced to the specific

examples:

A
2 Aa2 d= (-) x - (13-+y).

For horizontal flow, y is zero. For annular horizontal flow,

3 is also zero, with a 2. After considering several possibilities for

the general value of a, it was decided to use 2. 25. Smaller values

were found to be too small to allow i and 'y to maintain a given

sign (i. e. , positive or negative) resulting in a definite problem of cor-

relating the data. Larger values are difficult to justify since they are

farther from the theoretical values. In order to correlate the data

3 and y were assumed to be functions as follows:

p = e ,Red,O c,O
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(141)

(142)
c

and

y F(RedO). (143)

These variables were taken from the definitions of p and y for

Equations (111) and (121). Since the exponents of these variables

would have no theoretical significance, data for each combination of

flow types (i e , laminar and turbulent) would have to be available in

order to obtain equations for them. With the present situation,
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insufficient data were located where the continuous phase was in lami-

nar flow so only two correlations were developed, those for the con-

tinuous phase in turbulent flow. It was for this reason that few

values were predicted for the data where the organic phase was con-

tinuous, since most of those data also had the continuous phase in

laminar flow.

The most information available was for the case of the discon-

tinuous phase in laminar flow. The procedure adopted was to use

Charles', Govier, and Hodgson (16) data to obtain the function ,

in Equation (141), since their data were for horizontal flow. Then the

vertical contribution, y, was evaluated by using the alcohol and

heavy oil results of the present work, along with the calculated

The total equation obtained in this manner was

1. 26
2 A 2.25 2 c 1.26 A 2.54 Rec 0- r- X - (.0 73)() .689

c d c Re
0

(C)68. 6
-5- (1.7lxlO .371

Red, 0

Table 5 shows the deviation from this correlation for the data from

which it was derived.

(144)



Table 5. Data used for derivation of Equation (144).

Data

Charles etal. (16) Horizontal .002-17.0 24%

Present work Vertical . 08-50. 5 9%

The situation is not as easily handled when the discontinuous

phase is also in turbulent flow. The horizontal equation, derived

again for Charles, Gvier, and Hodgson's(16) data, does not corres-

pond well with the present data, since it yields a value for the y

term which is less than zero. Therefore it was decided to deviate

from the former procedure and derive a separate equation for the

vertical case. The equation for horizontal flow, from Charlest et al.

(16) data was:

2. 19
(A)2 252 - 0 0306()2 43(A)3 51 (145)

RelativeRange
2

standard
System of X deviation

and the vertical flow equation, from the present data was:

563
2_ 2.25 2

1
2.51 Re0

x - . °A .475
c RedO

An interesting observation to make is that Equations (144) and (145),

95

(146)
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for horizontal flow and a turbulent continuous phase, can both be writ-

ten as one equation:

2-rn
2 A 2. 0349 (1+. 2m)1 c 2 A 3-rn Rec 0 11.2
d A - A 2-1.33rn

c d c RedO

(147)

where rn is the exponent of the Reynolds number in Equation (19)

or (23).

In order to evaluate the empirical equations, they were applied

to pressure drop data which were not used in the derivation of the

equation. None of these data were provided with in situ concentrations

so the use of Equation (139) was also required to predict K values.

The lack of wide spread liquid-liquid data restricted this check to

data in the bubble, or drop flow regimes. Two sets of horizontal

data, Cengel (15) and Wright (72), using Shellsolv and water were used

to evaluate Equations (139) and (147). Another two investigators,

Ward (69) and Faruqui (27), have reported vertical data with Shellsolv

and, light and heavy oils with water. These were used inEquations

(139), and (144) or (146). In all but a few cases, the data met the

criterion that the continuous phase be in turbulent flow.

The results are best shown in a series of graphs comparing the

values predicted from the empirical equations with the actual

values. The data used toderive the correlations are also shown



97

for reference purposes.

For horizontal flow, the results of Charles, Govier, and

Hodgson (16) are shown in Figure 18 based on the predictions from

Equations (139) and (147). The relative standard deviation is 33%,

though some individual fluids were fit better than this. The data of

Wright (72) and Cengel (15), seem to be fit better by the correlation

since the relative deviations are 27% and 24%, respectively, as shown

in Figure 19. An additional observation in these cases is that both

investigators analyzed their results on the basis of effective viscosi-

ties of the mixtures. If this is assumed correct, their systems had

essentially no slip between phases. Therefore, one would becorrect

in bypassing the K correlation in these cases If this is done, it

is noted that a definite improvement takesplace for Cengel's results,

as an example. The deviation falls to 19% and the data are also shown

in Figure 19 to allow comparison with the results using the K cor-

relation. A comparable improvement can also be expected for

Wright's data.

Vertical flow data are shown in Figure 20. The use of Equa-

tions (139), and (144) or (146) with the present data leads toa relative

standard deviation of 9.3%. Compared to this Ward's (69) data have a

deviation of 14%, and Faruqui's (27) 23%, as shown in Figure 21.

There is a definite offset of both light oil and Shells olv data from

actual values. This can again be explained by the failure of the holdup
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Figure ZO. Prediction of with empirca1 pressure drop correla-
tion, present work.
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correlation to predict the nearly zero slip velocity conditions probably

existing for these data. This figure also shows how Faruqui's results

are improved by the assumption of zero slip velocity, giving a devia-

tion of only 13%. The same improvement would affect Ward's light

oil results. However, the heavy oil dispersion was shown by Ward to

have an interfacial slip velocity, hence, the:resulting good fit of the

data using the present K correlation.

General use of the holdup correlation, therefore, must be made

in conjunction with Ward's (69) single phase criterion. If a pseudo-

single phase analysis is applicable, the pressure drop equations are

to be used with the in situ concentration equal to the input concentra-

tion.

The case of vertical upward flow has already been shown to be

unique, and the data of Finnigan (28) was also not correlated well by

the relationships. The results, as depicted in Figure 22, show the

upward flowing Shellsolv-water system having a deviation of 31%.

However, the cases of Shellsolv as the continuous phase were pre-

dicted within a maximum error of 12% in the same system.

The values for these relative standard deviations would not have

much meaning without being put into a frame of reference. The data

of Faruqui (27) are considered as an example.. The maximum error

that he predicted. for calculating hisfriction factors was ±4-1/2%.

Along with deviations in values such as pipe diameter measurements
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Figure ZZ. Prediction of with empirical pressure drop corre-
lation, Finnigan (20).
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and fluid properties, the error increases substantially. After carry-

ing out an analysis similar to that in the Calculations Chapter, one

concludes that the error in calculating from FaruquPs data, may

be as high as 23%. Considering deviations in terms used for predicting

those values may vary by 28%. This gives approximately 50%

possible error in matching actual and predicted. This error

would bound more than 90% of Faruqui's data, as shown in Figure 21,

which had a standard deviation of 23%.

Theoretical Pressure Drop Correlations

A test of the theoretical pressure loss equations was made by

reducing them to known results. Consider Equation (96) fOr the case

of zero slip velocity in horizontal flow:

(72), the result is:

W pm n m 2-n c A 2-n
)

c c m c

Note that

2 !± Z-n 2x
C

w wm 1 , c

m Rc'Pc
and A 1

Ac - R

(148)

(149)

After substituting the definition for 2 and using Equations (66) and



then the above becomes

(m)n (c)ln
c m

Substituting the definition for p and manipulating it slightly, the

final result is:

C

For laminar flow this gives

= F.L

1

l+R (--1)d p

lR (1- -)
d p

C

Although these do not given accurate results when compared with ex-

perimental data, Equation (151) has the correct form in the limit for

= p and for turbulent flow:
C

an effective viscosity relationship. When Rd approaches zero,

ure 23 compares Equation (151)for Shellsolv, with several reference

correlations, including Finnigan' s (28) Shellsolv correlation. The

value n = 0. 08 yields a correlation within 5% of Finnigan's result

(152)

(151)

- which is correct. In order to fit experimental data more

closely, a different value for n, than 0. 2, can be chosen. Fig-
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Equation (151)

n0.2
n=O.l

n=O.08

Va,id (69)
Finnigan (28)

Figure 23. Effective viscosity correlation.



up to a 50% dispersed phase concentration.

Another major test applied to the 42 equations was to reduce

them to single phase equations (i.e., the case of no discontinuous

phase present is obtained by letting go to infinity). For exam-

pie, Equation (96) can be passed to the limit as approaches

infinity. Consider each term individually.

urn urn )Zfl
c RdO - d

A Rdc . d clim r j) = lim I

2 cX R0 cXX -oo d
Rd - 0

urn ( = urn [K(p -p
c 2 c rn

2 X R -0x-00
Rd 0

d
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The refore,

urn
ci = 1. (153)

x2 - cc

and

iim 2 2 (154)

00

This agrees with the known value, since with no discontinuous phase

2
= P , i. e. , cj

f c c



Similarly Equation (103) shows

and
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urn (156)

x2-0 x

and all remaining equations for the other flow regimes and rough

pipes, ultimately yield the same results. These limiting cases are

graphically illustrated in Figures 24 and 25. All data used in the cor-

relations are shown as and versus X2. All flow regimes

and a wide range of dispersed phase viscosities have been considered.

The limiting values, Equations (153) to (156) are also shown in the

figures. Data where < 1, frequently the desirable ones, are

those for which the addition of a second continuous phase decreased

the total pressure drop from the value for the single Itdiscontinuous

phase flowing alone.

With the success of the limiting cases, it remains only to con-

sider application of experimental data to the equations. In order to

use Equation (106) in the bubble or drop flow calculations, a value for

the friction factor coefficient, is required. As in single

phase flow, two values were necessary, one for laminar flow and one

for turbulent flow. The Shellsolv data all had a turbulent discontinu-

ous phase, based on a critical superficial Reynolds number of 2000,
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The results had a relative standard deviation of 13% from Equation

(106), when Cd 12 The deviation was not sensitive to changes in

the coefficient since the first term of the equation was the significant

term, and not the second, where Cd was involved. The coefficient

could be changed ±30% without significant changes.in the relative devi-

ation. An illustration of th data is given in Figure 26, as the pre-

dicted versus the actual values. Also shown in the figure are

the present alcohol and oil aata. In these cases the discontinuous

phase was in laminar flow. For Cd = 1000, the deviations were

29% and 25% for the alcohol and oil, respectively. A major improve-

ment can be made for the a4cohol if the value is raised to 4000, and

the oil does not change appreciably. With the above value the alcohol

has a deviation of 15% and the oil 28% Therefore, it is this value

that is used for laminar flow, Cd = 4000.

Performing the calculations one can observe that the value is

approximated by the first term of Equation (106) alone. For situations

where all the data necessary for evaluating the entire equation are not

available, an estimate of can be made by using (_)ZnXZ As

a measure of its accuracy, the standard deviation for the present

data from this approximation was found to be 19. 8% as compared to

the deviation from the detaiied equation of 15. 7%. However, this may

be misleading since the devation is a function of X2. The low val-

ues have high deviations, wbich are improved substantially by the
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latter terms of Equation (106); the conclusion is that the approxima-

tion is unreliable for X < 1.

In order to get a complete program for predicting 4, the K

correlation for the bubble flow regime was combined with Equation

(106). The present work results are given in Figure 27 as predicted

versus actual results for with a standard deviation of 18%.

Ward (69) had also measured average drop sizes for some of

his runs. Therefore, a second set of data, though limited, was

available for checking the bubble flow equations. The in situ concen.-

trations were not given, so both Equations (139) and (106) were used

to predict . Figure 27 compares the results, which have a devia-

tion of 18% and 9% for the light and heavy oils, respectively, with the

present work results.

Charles, Govier and Hodgson (16) reported some data in the

annular flow regime. These were used to evaluate Equation (131).

The standard deviation was only 8. 5% and the graph of values is

shown in Figure 28. In the same graph are the stratified flow data of

Russelletal. (60) using Equation (122) as the means for predicting
2

As in the case of bubble flow, this equation required the knowl-

edge of the friction factor coefficient. A least squares procedure

showed (Cd /Cd .) = 0. 89 x 10 to be the optimum value. This is

the value used for the stratified data in Figure 28, resulting in a

standard deviation of 13%.
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A brief summary of all the derived equations is given in Table

6 as an easy reference for their use. Most of the equations are also

evaluated with available reference data and this is depicted in Table

7. There the relative standard deviations for the data are shown so

the accuracy of the equations can be compared. This is also valuable

in establishing the accuracy of the equations with respect to other

published correlations. A good comparison would be with correlations

for gas-liquid systems since reviews have been made of the various

correlations and their standard deviations. One should keep in mind,

however, that since the gas-liquid correlations have in several cases

been modifications of initial work by another author and the equations

in Table 7 have not had, this benefit, the former should obviously be

more accurate. Referring to the Dukier et al. (22) review of the

pressure drop correlations, the best one is by Dukler etal. (23) and

gives relative standard deviations from 10% to 25%, depending on the

flow regime. For vertical flow, a method by Orkiszewski (55) is

slightly better and only has a standard deviation of 11%. Comparing

these values with those in Table 7, the conclusion is that the present

system is very good, keeping mmmd the relatively small number of

data used in this work. The holdup correlations, also evaluated by

Dukier etal. (22), showed Hughmark's to be the best with a deviation

of 5-29%, depending again on the flow regime. The present holdup

correlations compare favorablywith this result.



Table 6. Summary of derived equations.

Empirical All
Pressure Regimes
Drop

Empirical
Holdup

All
Regimes

All
Regimes

Bubble,
Drop

Mechanism

Continuous:
Turbulent

Discont.:
Laminar

Continuous:
Turbulent

Discont.:
Turbulent

(1) Derived from only solvent data.

Vertical 144

144 (omittingHorizontal last term), 147

Vertical 146 (1)

Horizontal 145,147

140

117

Type of Applicable Applicable
equation regime Conduit System equations

Theoretical Bubble Smooth for 96,103,105,106
Pre ssure Horizontal:
Drop Rough

c
110,111

Stratified Smooth 119,120
Rough 121,122

Annular Smooth 130,131
Rough 130,131

138

139



Table 7. Evaluation of derived equations.

Type of
equation Equations

Data for
evaluation

(1)
Flow

regimes System
Cd

value

Relative
standard

deviation, %

(Continued)

Holdup-
Empirical 139 CGH, GSW,

RHG, PMS All 7.6
138 CGH All 6.6
140 P MS Bubble 5. 7

Pre ssure 144 P MS Bubble Vertical 9. 0
Drop- 146 FAR Bubble Vertical 13.
Empirical: 144 CGH, RUG All Horizontal 24.
All Regimes 147 CEN Bubble Horizontal 19.
Pressure 106 P MS - S S Bubble Vertical 12. 13.
Drop- 106 PMS-IOA Bubble Vertical 1000. 29.Theoretical 4000. 15.

106 PMS-HO Bubble Vertical 1000. 25.
4000. 28.

(2) PMS Bubble Vertical 20.
131 CGH Annular Horizontal 8. 5
120 RHG Stratified Horizontal 89000. 13.



Table 7. Continued.

Type of
equation

Combined
Holdup,
Pre ssure
Drop-
Empirical

Combined
Holdup-
Empirical,
Pressure
Drop-
The oretical

(1) Data references:

Equations

2
2 AZ-n 2

- AC

(3) As required by mechanism

Data for
evaluation Flow

(1) regimes

CEN - Cengel (15)
CGH - Charles etal. (16)
FAR - Faruqui (27)
FIN - Finnigan (28)

GSW - Govieret al. (32)

System

Horizontal
Horizontal
Horizontal
Vertical
Vertical
Vertical
Vertical,
upward

12.Vertical 4000.

Vertical 4000.

Cd

value

PMS - present work
RHG - Russell et al (60)
WAR - Ward (69)
WRI - Wright (72)

Relative
standard

deviation, %

33.
27.
24.

9. 0
14
23.
31.

18.

15

139 CGH All
and WRI Bubble
147 CEN Bubble

139 and PMS Bubble
147 or WAR Bubble
139 and FAR Bubble
146 (3) FIN Bubble

139 PMS Bubble
and
106 WAR Bubble



CONCLUSIONS

As a result of the present experimental study and an investiga-

tion of the existing data on two phase liquid-liquid flow the following

conclusions are drawn:

The equations in Table 6 constitute a reasonably accurate

method of predicting liquid-liquid two-phase pressure drop

and holdup. They are adaptable formodification as more

data become available.

The experimental equipment was found to operate satisfac-

torily when known liquids were studied.

Drop size and distribution both affect the pressure drop of

a two-phase system. The pressure drop varies inversely

with the average drop diameter. Monodisperse distribu-

tions exhibit higher pressure drops than the polydisperse

distributions for a given average drop diameter.

The pressure drop is inversely proportional to the relative

slip velocity between phases.

The holdup correlations developed are apparently more re-

liable than the comparable relationships for gas-liquid flow

systems. Ward's (69) criterion for pseudo-single phase

flow should be used to check for possible zero slip velocity

conditions. More data in flow regimes other than bubble



121

flow should be obtained before these relationships are gen-

erally used.

The theoretical pressure drop equations are verified by

various data available, including that of the present work.

Empirical pressure dropcorrelations apply well for all the

data except those of vertical upward flow. It should be

noted, however, that all data were obtained in tubes of about

one inch diameter. Care should be taken in applying them

to other tube sizes.

The major factor limiting the accuracy of the present data

is the slip velocity. The theoretical equations may well

have been fit better with more consistent results in this

area.



RECOMMENDATIONS FOR FUTURE WORK

As stated in the first conclusion of the previous chapter, more

data are necessary in particular cases to evaluate the derived equa-

tions more fully. These could lead to a substantiation of their accur-

acy or slight modifications to improve them. Additional suggestions

would include the following:

The theory proposed in this study should be extended to

heat and mass transfer fields and the results evaluated.

The empirical equations should be re-evaluated as more

data become available.

Cases of the continuous phase being more viscous than the

discontinuous phase should be studied. This would also

yield necessary data for the laminar continuous phase

cases.

A dependence of gas-liquid correlations on diameter have

been a major obstacle in the general use of those equations

and it must be assumed that a similar problemmay arise in

liquid-liquid correlations. Therefore, other pipe diameters

should be investigated to substantiate correlations presented.

Future work should consider using both vertical (upward and

downward) and horizontal flow test sections.

The accurate measurement of holdup, or slip velocity,

should be made the prime objective in prospective work

since the error analysis showed this to be a major problem.
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APPENDIX I

Physical Properties

The physical properties of the organic phase fluids are given in

Figure 29. Finnigan's values (28, p. 129- 142) for Shellsolv were

used. The alcohol and oil properties were determined experimentally.

The density was measured by weighing 100 milliliter samples on a

Mettler balance. Ostwald type viscometers were used for the viscos-

ity determinations. The interfacial tensions were determined with a

Du Nuoy ring tensiometer and are as follows, at 24°C and in units of

dynes/centirneter: Shellsolv- -28. 2, iso-octyl alcohol- -14. 3, and

oil- -46. 5.
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APPENDIX U

Flow Meter Calibrations

Figure 30 gives the calibration curve determined, for the. orifice

plate and manometer which measured the water flow rate. In Figure

31 the calibration for the rotameter, measuring the injection rate, is

given.
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APPENDIX III

Computer Programs

ProgramAverage Diameters reads in the number of dropsin

each 25micron size increment and calculates the average drop diam-

eters as well as numeric, area and volume fractions of drops in each

increment The cumulative fractions are also printed out

Program Martinelli calculates the Lockhart Martinelli param-

eters X2, 4, and . Also in the output are the Reynolds num-

bers based on the superficial velocities and the mass flow rates for

each phase.

The Lockhart-Martineili parameters are also calculated by

Program Horizontal but it also gives a predicted value for from

Equation (147) This is for horizontal flow systems It also calcu-

lates Rd from the K correlation of Equation (139) and the

Reynolds number based on the discontinuous phase superficial velocity.
2The actual and predicted values for are compared and the

squared differences summed and the relative standard deviation cal-

culated.

Programs similar to Program Horizontal were used for vertical,

stratified and bubble flow by replacing the corresponding equations for

predicting and Rd by the ones appropriate for the particular

case, as given in Table 6.
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PROGRAM AVE DIAMETERS
DIMENSION XC110),BX(1 l0),CX(1l0),D(110),E( 110),F(110)iDN(1l0)

100 FORMAT(15)
101 FORMATC6FIO.3)
102 FORMAT(//4X,3HDIO,7X,3HD20,7X,3HD30,7x,3HD21,7X,3HD31,7x,3HD32)
103 FORMATCFIO.5)
104 FORMAT(//IX,4HINCR.5X,4HNUMF,4X,5HCUMNF,4X,5HAREAF,4X,SHCUMAF,

1 5X, 4HVOLF, 4X, 5HCUMV)
105 PORMAT(15,6F9.5)

CFNUM=CUARF=CUVOLF'=O 0
READ(5,100)N S G=H=P=R=O.O
WRITE (6, 102)
DO 10 j=1,N S READ(5,103)DN(I) $ VlsI
XCI )=VI-0.5
BX(1 )X(l )**2.
CXCI )=X(I )**3.
F'(I)=CX(I)*DN(I)
E(I )8X(I )*DN(I)
DCI )X(I )*DN(I)
GG+DN C I)
HH+D(I) $ P=P+E(I)

10 R=R+F(I)
DlO=H/G $ D2e=P/G S D30=R/G S D21P/H $ D31=R/H S D32=R/P
D1OXs25.*D10
D20Xs25. *SQRTF(D20)
D30X525.*((D30)**(1,/3.))
D22 Xs25.*D2 1
D31X525. *SORTF( 031)
D32X=25.*032
WRITE(6, 101 )DIOX,D2OX,D3OX,D2IX,D3IX,032X
WRITEC6, 104)
DO 20 Il,N
FNUM=DN(I)/L3 $ CFNUM=CFNUM+FNUM
IF(FNUM.EO.0.)GO TO 20
ARF=E(I)/P $ CUARFCUARF+ARF
VOLF=F(I)/R $ CUVOLF=CUVOI..F+VOLF
WRITE(6, 105) I,PNUM,CFNtJM,ARF,CUARF,VOLF,CUVOLF

20 CONTINUE
END

136



137

P)(RAM MRT1NELL1
10 F1AT(3Ft0.5)
tu F)Pt1AT(2.3,pE.3,3Fto.S)
10?

1 5"(, 5HPH 1 62)
104 MAT(l5)

RFAO(5, 104)N
103 FORMAT(5F10.5)

READ( 5, 13)fl fMIl,RHOL,RHO
WRI TE(S, lOP)
DO 60 1=lsN
READ(5, lCt0)W(,WL,TPF

RFLO=(a.*WL)/(3.14159*D*WMtJ)
!3 1 MOO.
IF(RfT3.LT.R)OO 1) 40
IF(RELO.LT.8)G1J 1) 31

$ VMO.2 $ CLC&0.046 $ C) TO 50
31 VN=1.P' S VM=0.2 $ CL16. $ CCO.O46 S GO 1) 50
0 IF(RELO.LT.R)G'J TO 'ii

VNO.P S VMI.0 S CLO.046 S CG=16. 5 6') 1) 50
41 VNVMI.0 S CLC616. S CO'4TIfllE
SO X2= C CRC)**VM)/(RELO**V) )*(CL/CG)*( : cL**2)/( IE**2) )*(RI+)6/RI4OL)

DPG=(32.*CG*WC**2))/ (REGO**VM)*(fl**5)*RHOG*31 7.1)
2L2(TPF/DPL)*5.2022
PC2=(TPF/DPG)*5.2022
WR 11F2C 6 101) WC, RELO, R( , X2, pL2, P62

60 COJT1N'IE
EN 1)



PR)(RAM R17ONJT,L
l(3 F)RfrAT(13,5F8)
104 FRMAT(3F1o)
I5 FORMAT( 1X,I3,6F)0.4)
16 RMAT(1x,1H\,6X,2Hxp

I %X, 2HRD, 7X, 4HREDO)
ItO FORMAT(1x,I9HJ1 1)IJAT

1 FORMAT(/r, IXs I4-SIJM 0
112 F)RMAT(RX,IF1Ø.4,pSx,,

WRITE(6, 106)

)SXa5HPHIC2,SX,5HPHII)2.,7X,3HP02,

ION FOR P02)
F S JARES,10Xt3RE1 STAND OV)
IFlO.4)

READ( 5, I'3 ) N, 0, VI SC, VI SD, RHOC, RHOO
0.) 10 I=lN

READ(5, 104WYC,F
YD=l.-YC
RHO= (YC*RHOC )+ (Y0*R-4)D)
C= ( W/ROM *yC*R)C

X = Wr)/

A3. 14) 6*D*D/4.
V W/ C A*RHOM)

TPF=9.O1 194*F*RH'JM*(V**2)/D
FR= (V*V)/(32.2*D)
RE=(D*(W/A))/((yc*vjSC)+cyr)*5rj))
V (1 . 451*(FR**.03 6) )/( VISD/ VI SC **.0260 1)*(RE
1**.05319)*(YC**.011p9))
R0=VK/( I .-(RKOD/RHOC)*( 1.-I .1)0)
A 0=4 * RD

AC= A-Al)

VELC=WC/(RHOC*AC
VELD= WD/ C RHOD*AD)
DEL!1= VELD- VELC
82000.
RECO= (4.*WC)/
REDO=(I.i.*WD)/
I F(REDO.LT.B)
I F(RECJ.LT.8)
VN=0.2$VM=g.2
GO TO 50

40 IF(RECO.LT.)
VN=0.2 VMI
GO TO 50

41 WRITE(6,110)
GO TO 10

50 x2=CREtyj**vM)/CREc.)**vJ) )*(CC/CD)*C(tWC**2)/(l,J)**2))*(RH30,RHOC)

(3. 141 6*0* VI SC)

(3. 14) 6*0* VI SD)
GO TO 40
GO TO 41
$CCCD= 046

&O TO 4)
.0 CC.346 CD=16.

DPC=(32.*CC*( WC**2) )/( C
DPD=C 32 *CD* C WD**2) )/ C C

PHI C2=CTPF/DPC)*5.2022
PHID2=(TPF/DpD)*5.2022
P02=( (A/AC)**2.25*x2-(

lvi SD) **2)*( C A/AC) ** (3.-
2(2. -( 1. 33* VM) ))

DPHI=(PHID2-P02/pHln2
SUM=SUM+(DPHI **2)
WRITE(6, 105)I,X2,PHIC2,

10 CONTINUE
WRTTEC6,1 11)
ZSIJM/(ZN-l.)
SDEVP=SORTF(Z)
WRTTE(6 1 12)SUM,SDEVP
END

RECO**VrsJ)*(D**5)*RMOC*3, 7.801)
REDO** VM )*( D** 5) *RHJD*31 7. 801)

VM))*(REC)**(2.-VM)))/(R0)**

PHI 02, P02, RD, REDO
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APPENDIX IV

Data Tables

139

The observed and calculated data are listed in the following

tables. Table 8shows the pressure drop data for the single-phase

water flow. The solvent, alcohol, and oil data are shown in Table 9

with the calculated average diameters, slip velocity, pressure drops,

and the nozzle-screen combinations used in each run. The list of

average drop diameters at the y/r values is given in Table 10. A

complete listing of average drop diameters and numeric, area, and

volume distributions is in a supplemental publication. The Lockhart-

Martinelli parameters for the solvent, alcohol, and oil runs, along

with the Reynolds numbers based on the superficial velocities, are

shown in Table 11.



(Continued)
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Table 8. Single-phase water pressure drop data.

Floor Run W lb/sec MV my Re x fx 1O3

Basement 1 0.90 .60 3.34 5.487
2 2.03 2.57 7,54 4.620
3 2.35 3.34 8.73 4.480
4 2.65 4.04 9.85 4.261
5 3.09 5.61 11.48 4.352
6 2.86 4.75 10.63 4.302
7 2. 53 3. 75 9. 40 4. 340
8 2.96 5.05 11.67 4.27
9 3.09 5. 56 12. 19 4. 31

10 2. 83 4.62 11. 16 4. 27
11 2. 72 4. 17 10. 73 4. 17
12 2.62 3. 92 10. 33 4. 23
13 2.51 3.63 9.90 4.26
14 2. 49 3. 56 9. 82 4. 25
15 2.40 3.33 9.47 4.Z8
16 2. 27 3. 03 8. 95 4. 35
17 2.13 2.71 8.40 4.42
18 2. 00 2.47 7. 89 4. 57
19 1. 85 2. 16 7. 30 4. 67
20 1.72 1.89 6.78 4. 73

1st floor 1 2. 50 3. 97 9. 86 4. 70
2 2.62 4.31. 10. 33 4. 65
3 2.73 4.71 10.77 4.68
4 2.80 5.00 11.04 4.72
5 2.89 5.32 11.40 4.71
6 2.97 5.63 11.71 4.72
7 3.05 6.02 12.03 4.79
8 1.22 1.05 4.81 5.22
9 1.38 1.36 5.44 5.29

10 1.71 2.06 6.74 5.21
11 1.99 2.69 7.85 5.03
12 2. 26 3. 38 8. 91 4.90
13 2. 50 3. 98 9. 86 4. 71
14 2.85 5,44 8.86 4.97
15 2.40 3.94 7.46 5.08
16 2. 31 3. 62 7. 18 5. 04
17 2. 16 3. 30 6.71 5. 25
18 2. 01 2, 92 6. 25 5. 36
19 1.89 2.63 5.87 5.46



Table 8. Continued.

2nd floor

20 1.75 2.30 5.44
21 1.58 1.92 4.91
22 2.86 550 8.88
23 2.70 4.85 8.39
24 2.56 4.39 7.95
25 2.22 3.42 6.90
26 1.52 1.74 4.72
27 1.54 1.76 4.79

5. 57
5,71
4,99
4.94
4.97
5. 15
5. 59
5. 51

1 1. 63 1. 78 6. 06 4. 96
2 2.36 3.54 8. 77 4. 71
3 2.64 4. 35 9.81 4. 62
4 2.85 5.03 10.59 4.59
5 1.93 2.52 7.61 5.01
6 1.94 2.54 7.65 5.00
7 2.42 3.65 9.54 4.61
8 2. 59 4. 12 10. 21 4. 55
9 2.80 4.82 11.04 4.55

10 2.97 5.38 11.71 4.51
11 3.06 5.74 12.07 4.54
12 1.94 2.50 7.65 4.92
13 1.72 2.01 6.78 5.03
14 1. 55 1.64 6. 11 5.05
15 1.38 1.31 5.44 5.09
16 2.84 5.25 8.82 4.83
17 2. 55 4. 25 7. 92 4.85
18 2.45 3.95 7.61 4.88
19 2.31 3.59 7. 18 4.99
20 2. 16 3. 26 6. 71 5. 19
21 2.03 2.90 6.31 5.22
22 1.88 2. 55 5.84 5.35
23 1.74 224 5.41 5.50
24 1.58 1.88 4.91 5.59
25 2.87 5. 30 8. 92 4. 78
26 2. 72 4. 76 8. 45 4. 78
27 2. 54 4. 21 7.89 4.84
28 2.25 3.40 6.99 4.98
29 1.52 1.69 4.72 5.43
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(Continued)

Table 9. Two-phase observed and calculated data.

Run wd

LP
T

my my

d
R

d microns
d 20

microns ft/sec
Nozzle-.
screen

1 SS- 15-. 10 2. 54 . 260 4. 940 4.828 - 1065 354 209 1. 163 3-No
2 15-15 2.40 .390 4.820 4.659 . 1567 362 232 1.408 3-No
3 2.40 .390 4.764 4.603 . 1570 328 209 1.384 3-No
4 2.40 .390 5. 114 4.949 . 1608 335 182 .817 3-L
5 2.40 .390 5. 110 4.949 . 1600 317 184 .831 3M
6 15-10 2.54 - 260 4.895 4.783 . 1088 315 181 1. 104 2-No
7 2. 54 . 260 5.041 4.931 . 1060 186 138 1. 585 2-M
8 2.54 .260 4.882 4. 775 . 1039 288 189 1. 303 1-No
9 2. 54 . 260 4.876 4. 772 . 1019 345 234 1.802 1-No

10 2. 54 .260 5.054 4.951 . 1015 223 185 1.860 3L
11 10-10 1.70 .160 2.431 2.319 .1094 557 200 -, 048 3L
12 1.70 .160 2.386 2.296 .0880 692 314 1.413 3No
13 1. 70 . 160 2. 363 2. 268 .0927 775 276 1.391 2No
14 1,70 .160 2.381 2.282 .0960 531 270 1.505 iNo
1. 1. 70 . 160 2.431 2. 328 - 1017 296 187 .823 1L
16 1. 70 . 163 2.421 2.319 .0987 495 176 1. 160 3M
17 10-20 1. 51 .320 2.403 2.212 - 1864 347 179 1.417 3M
18 1. 51 .320 2, 357 2. 161 . 1910 415 219 1.088 3L
19 1. 51 .320 2.326 2. 129 . 1918 739 377 1.634 3No
20 1.51 .320 2.381 2. 186 . 1904 239 191 1.721 iNo
21 1. 51 - 320 2. 520 2. 319 . 1964 196 167 1. 315 2L
22 1.51 .320 2.446 2.242 . 1988 245 192 1. 159 2No
23 10-30 1.33 .474 2.133 1.842 .2842 401 257 1.428 3No
24 10-30 1 33 474 2 367 2 069 2903 361 243 1. 123 3L



Table 9. Continued.

Run d my

Pf
my R

d

d32

microns
d20

microns
L.0

Nozzle-
ft/sec screen

25 SS-5-20 0.76 . 130 . 710 .547 . 1594 624 333 .729 3 Micro
26 0. 76 . 163 . 749 . 560 . 1832 451 277 1.085 3L
27 0. 76 . 163 .728 . 524 . 1988 512 308 . 528 2No
28 0. 76 . 163 . 753 . 548 . 1997 438 289 .488 iNo
29 5-30 0.62 .245 1.075 .756 .3117 260 220 .568 iNo
30 0.62 .245 1.045 .732 .3047 299 230 .704 2No
31 0.62 .245 .890 .590 .2929 1378 665 1.018 3No
32 5-30 0.62 . 245 .840 . 546 .2872 762 360 1. 176 3L
33 0.62 .245 .875 .567 .3008 723 328 .818 3M
34 062 .245 .922 .615 .2988 332 231 .863 3S
35 5-40 0.56 .327 1.031 .637 .3843 765 484 .960 3No
36 0.56 .327 .945 .561 .3742 533 342 1. 191 3L
37 0.56 .327 1.049 .654 .3854 450 265 .923 3S
38 5-20 0. 76 . 163 .803 . 594 .2036 357 239 .364 lM
39. 10-39 1. 33 .490 2.473 2. 163 .3023 252 246 .. .909 3M
40 15-15 2.40 .390 4.799 4.638 .1563 313 210 1.870 3N
41 2.40 .390 5,070 4.905 .1611 --- 1.259 3S
42 5-20 0 76 163 840 630 2052 196 145 309 IS
43 10-30 1 33 490 2 054 1 746 2998 528 312 997 3No
44 5-40 0 56 327 1 145 728 4060 128 435 3 Micro

1 IOA 10, 10 1.695 . 157 2. 392 2. 310 . 1009 287 201 -.064 3No
2 10,20 1 508 314 2 38 2 220 1981 301 235 149 3No
3 5, 20 .754 . 157 .710 . 552 . 1957 710 288 . 149 3M
4 5,30 660 236 811 579 2891 310 206 278 3M

(Continued)



Table 9. Continued.

Run w
c w

d my my R
d

.microns
d?fl
. .'-'microns

Ts.T.,,1..i:4 i.e

ft/sec screen

5 IOA 10, 10 1.695 . 157 2.448 2. 365 . 1044 196 153 -. 438 3M
6 10,20 1.508 .314 2.443 2. 282 .2013 234 175 -.051 3L
7 5,30 .660 .236 .781 .549 .2911 489 272 .228 3L
8 5,40 .570 .314 .965 .648 .3946 284 217 .087 3L
9 10,20 1. 508 .314 2.641 2.481 . 1997 108 98 .048 2L

10 10, 10 1.695 . 157 2. 390 2.308 . 1028 256 198 -. 272 2No
11 10,20 1. 508 .314 2.688 2.528 . 1995 152 128 . 058 2No
12 5,20 .754 . 157 .735 .568 .2074 276 221 -.212 2No
13 15,6 2.660 . 141 5.080 5.034 .0572 156 135 . 758 2No
14 15, 10 2. 546 .236 5. 213 5. 137 .0942 140 100 1.060 2M
15 5,30 .660 .236 .935 .696 .2988 108 90 .042 iNo
16 15,6 2.660 . 141 5.045 4. 993 .0644 147 127 -1.111 iNo
17 15, 10 2. 546 . 236 5. 109 5.027 . 1013 169 159 -. 178 iNo
18 5, 20 . 754 . 157 . 768 . 602 . 207 197 155 -. 200 1M
19 5,40 .570 .314 .951 .637 .3917 247 180 . 147 3M
20 5,20 . 754 . 157 .683 . 530 . 1901 .335 3No
21 5,30 .660 .236 .756 .523 .2916 .215 3No
22 15,6 2.660 .141 5.060 5.013 .0583 .450 3No
23 15, 10 2. 546 . 236 5.030 4.948 . 1009 .113 3No

1 HO 5, 10 .848 .043 .580 . 528 .0779 504 246 -1.49 3M
2 5, 20 . 754 . 153 . 585 . 475 . 1688 - - - .76 3No
3 5, 10 .848 .095 .585 . 509 . 1145 461 289 . 002 3S
4 .848 .097 .647 .576 . 1076 1215 738 .48 2No
5 .848 .093 .615 .544 .1074 591 301 .26 2M

(Continued)



1 my = 10 inHO,

Table 9. Continued.

Run d

LP
T

my my Rd

d 32
microns

d 20
microns ft/sec

Nozzle-
screen

6 HO 5,10 .848 .100 .634 .557 .1175 404 202 .11 2 Micro
7 10, 10 1.65 . 161 2. 240 2. 177 .0965 1355 774 . 56 3No
8 10,20 1. 508 .325 2. 270 2. 164 . 1637 1155 889 2.66 3No
9 1. 508 . 325 2. 295 2. 174 . 1877 1005 330 .81 3M

10 5,35 . 570 .285 .584 . 373 .3339 1019 540 . 71 3M
11 .570 .278 .643 .429 .3395 686 383 .44 3Micro
12 10,20 1.508 .329 2.40 2.276 .1929 385 262 .60 3Micro
13 5, 20 . 754 . 152 . 564 .444 . 1866 544 303 . 10 3 Micro
14 . 754 . 167 . 544 .439 . 1719 1422 529 1. 17 3M
15 10, 10 1.65 . 158 2. 240 2. 178 .0948 .55 3S
16 5,35 .57 .285 .633 .422 .3336 956 387 .72 3S
17 15,10 2.546 .255 5.004 4.944 .0909 348 251 2.42 3S
18 10, 10 1. 65 . 170 2. 225 2. 165 .0909 331 225 1.88 3 Micro
19 15, 10 2. 546 .251 4.896 4.837 .0895 944 544 2.44 3No
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Table 10. Average drop diameters.

Run y/r d10 d20 d32

1-SS .05 151.9 187.9 325.0
10 195. 2 241. 5 397. 2

2 .05 194.7 233.8 382.9
.10 199.0 228.8 331.9

3 .05 180. 1 215. 2 344.3
10 170. 3 200.3 304.0

4 .05 142.9 183.3 361.0
.10 146.6 180.0 296.3

5 .05 140. 1 175.0 308. 2
.10 158.6 190.5 322,1

6 .05 143.6 174.5 302.0
.10 155.2 190.0 3347

7 .05 122.6 134.0 171.5
.10 125.1 145.1 207.8

8 .05 175.8 206.5 306.5
.10 137.2 163.8 261.3

9 .05 116.2 214.3 326.0
10 233. 1 264.6 373. 1

10 . 05 162. 1 209. 9 390. 5
10 132. 2 156. 1 242.7

11 .05 133.7 185.8 557.3
.10 168.0 222.2 558.4

12 .05 222.1 323.6 711.2
.10 214.8 299. 1 662. 1

13 .05 171.8 268.2 799.3
.10 195.1 287.0 737.4

14 .05 198.2 263.6 528.5
10 212. 2 278.8 535.8

15 .05 145. 1 175. 1 291.2
10 163.4 203.6 362.3

16 .05 113.5 166.0 490.8
.10 134.9 190.7 505.6

17 .05 129.9 165.7 348.4
.10 161.7 199.2 344.8

18 .05 162.5 203.9 381.6
10 189. 0 240. 7 464. 8

19 .05 293.0 395.8 769.2
.10 253.1 348.6 692.4

20 . 05 167. 5 182. 5 229. 5
10 188. 3 203. 7 252.6

(Continued)
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Table 10. Continued.

Run y/r d10 d20 d32

21-SS .05 151.1 160.7 187.9
10 165. 1 176. 1 209. 1

22 .05 181.4 195.9 243.4
10 173.0 187. 1 247.9

23 .05 202.4 245.5 407.0
10 234. 7 274. 1 391.5

24 .05 202.0 232.7 345.3
10 225. 2 258.4 385.6

25 .05 263.4 341.4 655.4
.10 255.0 319.3 577.3

26 . 05 238. 5 284, 1 457. 3
.10 220.6 266.8 442.1

27 .05 235.8 286.6 492.3
.10 284.5 339.7 542. 1

28 .05 245.6 292.2 461.3
10 247. 5 293.3 449.4

29 .05 187.5 201.9 250.4
10

30 .05 200.4 218.4 277.4
10 224. 5 247. 5 330. 3

31 .05 521.0 688.9 1259.
10 435. 9 629. 3 1555.

32 .05 268.2 342.6 662.5
10 283.2 385.9 911.2

33 .05 238.6 319.3 703.4
.10 251.2 340.6 751.9

34 .05 202. 7 226.6 307. 3
10 207.0 237.4 368. 5

35 .05 393.8 480.5 745.0
10 400.2 489.3 794.3

36 . 05 273. 2 329. 4 538. 1
.10 311.1 360.8 524.9

37 .05
.10 196.4 243.5 452.8

38 . 05 207. 4 239. 5 365. 4
.10 210.4 238.2 344.7

39 .05 162.5 180.1 243.5
10 173. 5 193.8 265. 2

40 .05 164.6 191.4 290.8
.10 202.5 238.0 346.4

(Continued)
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Table 10. Continued.

Run y/r d10 d20 d32

41-SS .05
10

42 .05 115.6 132.3 195.7
10

43 . 05 245. 5 292. 6 504. 6
10 280. 2 340. 2 563.8

44 .05
10

45 .05 126.0 161.1 270.7
10 156. 2 189. 2 289. 9

46 . 05 167. 6 205. 0 323. 6
.10 195.8 237.5 364.9

47 .05 201.6 233.7 339.7
.10 215.1 245.3 345.6

48 .05 96.9 126.3 258.0
10 110.0 142.2 275.9

49 .05 129.3 155.1 251.2
.10 134.0 158.5 259.2

1-bA .05 162.0 182.3 244.3
.10 197.5 229.8 350.9

2 .05 192.7 214.1 274.4
10

3 .05 182.6 247.7 613.1
10 253. 1 358.0 855. 1

4 .05 165. 2 189.7 282. 2
10 197.5 229.8 350. 9

5 .05 125.5 138.3 177.8
.10

6 .05 142.2 158.8 212.5
7 .05 195.5 247. 1 444.5
8 .05 176.6 196.5 258.1
9 . 05 86. 36 89. 27 98. 35

10 .05 162.0 179.7 232.7
11 .05 109.6 116.4 138.0
12 .05 184.2 201.0 251.4
13 .05 117.1 123.4 141.5
14 .05 80.68 91.31 127.2
15 .05 75.76 81.56 98.19
16 .05. 108.7 115.1 134.1

(Continued)
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Table 10. Continued.

Run y/r d10 d20 d32

17-bA .05 141.1 144.5 153.8
18 .05 129.1 140.8 178.6
19 .05 145.6 163.9 224.7

1 HO .05 168.0 228.3 475.0
.10 185.4 258.2 546.8

2 .05
10

3 .05 194.5 244.7 402.6
.10 244.1 318.4 547.6

4 .05 268.4 450.7 1120.
.10 790.6 929.5 1356.

5 . 05 184. 7 244. 0 447. 7
.10 243.8 339.0 806.0

6 .05 152.5 202.5 407.9
10 155. 1 200. 1 399.3

7 .05 414.4 564.7 991.7
.10 629.2 912.3 1900.

8 .05 781.3 797.0 839, 1
10 729. 2 950.3 1628.

9 .05 196. 1 351.5 1254.
.10 201.6 296.7 630.8

10 .05 397. 5 534.7 972.7
.10 411.0 543.5 1089.

11 .05 212.3 274.5 538.4
.10 352.6 455.8 907.4

12 .05 207.3 238.4 350.2
10

13 .05 222.3 283.7 495.7
.10 234.4 315.3 615.6

14 .05 319.6 469.0 1094.
.10 340.8 569.4 1914.

15 .05
10

16 .05 222.4 296.5 650.3
.10 314.8 447.0 1223.

17 .05 147.2 172.4 262.5
.10 259.3 303.8 477.0

18 .05 140.5 175.5 311.7
.10 218.7 180.8 360.7

19 . 05 439. 5 552. 1 886. 2
.10 376.8 532.1 1032.
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Table 11. Lockhart- Martinelli parameters.

Run X2 Re0x10'4 Red 0x10'4

Solvent
1 47.15 1. 147 54. 10 7.75 . 796
2 20,01 1.226 24.54 7.32 1.21
3 20.01 1.211 24.24 7.32 1.21
4 20.66 1.302 26.91 7.32 1.19
5 20.85 1.302 27.16 7.32 1.18
6 47.47 1.137 53.96 7.75 .793
7 47.47 1. 172 55.64 7.75 .793
8 50.95 1.135 57.81 7.75 .763
9 50.95 1. 134 57.78 7. 75 . 763

10 50.95 1. 177 59.95 7.75 . 763
11 53.40 1.135 60.63 5.19 .497
12 64.32 1.124 72.30 5.19 .448
13 58.47 1.110 64.92 5.19 .473
14 53.40 1.117 59.67 5.19 .497
15 53.40 1.140 60.87 5.19 .497
16 53.40 1.135 60.63 5.19 .497
17 13.56 1.340 18.18 4.61 .946
18 13.56 1.310 17.76 4.61 .946
19 12.32 1.290 15.90 4.61 .998
20 12.32 1.322 16.29 4.61 .998
21 12.32 1.405 17.32 4.61 .998
22 12.32 1.356 16.74 4.61 .998
23 5.026 1.404 7.055 4.06 1.45
24 5.026 1.576 7.920 4.06 1.45
25 18.84 1. 141 21.49 2.32 .397
26 12. 54 1. 168 14.64 2. 32 .497
27 12.54 1.092 13.70 2.32 .497
28 12.54 1.143 14.33 2.32 .497
29 4.174 2.274 9.492 1.89 .747
30 4.174 2.202 9.191 1.89 .747
31 4.174 1.775 7.408 1.89 .747
32 4.174 1.670 6.969 1.89 .747
33 4.174 1.706 7.119 1.89 .747
34 4.174 1.850 7.722 1.89 .747
35 2.067 2.302 4.747 1.71 .998
36 2.067 2. 027 4. 189 1. 71 . 998
37 2.067 2.363 4.884 1.71 .998
38 12.54 1. 239 15. 53 2. 32 .497
39 4.735 1.624 7.687 4.06 1.49

(Continued)
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Table 11. Continued.

Run X2 ct cj Re0xl0"4 RedOxlO4

40 20,47 1.221 24.99 7.32 1.20
41 20.47 1.295 26.43 7.32 1.20
42 12.54 1.312 16.45 2.32 .497
43 4.735 1.330 6.296 4.06 1.49
44 2.067 2.630 5.436 1.71 .998

Alcohol
1 17.11 1.138 19.47 5.17 .0539
2 9.047 1.349 12.20 4.60 .1077
3 3.982 1.168 4.649 2.30 .0539
4 2.084 1.559 3.250 2.01 .0809
5 17.11 1.164 l99l 5.17 .0539
3 9.047 1.388 12.55 4.60 .1077
4 2.084 1.473 3.071 2.01 .0809
5 1.570 2. 268 3.561 1.74 . 1077
6 9.047 1.509 13.65 4.60 .1077
7 17.11 1.136 19.44 5.17 .0539
8 9.047 1.536 13.89 4.60 .1077
9 3.982 1.202 4.784 2.30 .0539

10 43.46 1.087 47.23 8.18 .0484
11 23.67 1. 216 28. 78 7.77 .0809
12 2.084 1.871 3.900 2.01 .0809
13 42.88 1.092 46.82 8.12 .0484
14 23.68 1.190 28.17 7.77 .0809
15 3.982 1.278 5.087 2.30 .0539
16 1.570 2.226 3.495 1.74 .1077
17 3.982 1. 125 4.481 2. 30 .0539
18 2.084 1.409 2.936 2.01 .0809
19 43.46 1.082 47.01 8.18 .0484
20 23.68 1.171 27.73 7.77 .0809

Heavy Oil
1 1.111 .9041 1.004 2.59 .00087
2 .2526 1.007 .2544 2.30 .00311
3 .5027 .8698 .4373 2.59 .00193
4 .4923 .9863 .4856 2.59 .00197
5 .5135 .9315 .4783 2.59 .00189
6 .4776 .9520 .4547 2.59 .00203
7 .9830 1. 124 1. 105 5.04 .00327
8 .4142 1.315 .5445 4.60 .00660

(Continued)
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Table 11. Continued.

Run X2 Re0xl04 Red 0x104

9 .4142 1.320 .5465 4.60 .00660
10 .0820 1.306 .1071 1.74 .00579
11 .0850 1.498 . 1273 1.74 .00558
12 .4091 1.383 .5657 4.60 .00668
13 . 2543 .9393 .2389 2.30 .00309
14 .2315 .9308 .Z155 2.30 .00339
15 1. 002 1. 125 1. 127 5.04 . 00321
16 .0820 1.477 .1211 1.74 .00579
17 1. 355 1. 170 1.585 7.77 .00518
18 . 9310 1. 119 1.041 5.04 . 00345
19 1.377 1.145 1.576 7.77 .00510



force

Froude number, v2/gD

g acceleration of gravity

K holdup correlation variable, see Equation (136)

L/T2
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APPENDIX V

Nomenclature

The fundamental dimensions are: F force, L = length,

M mass, and T time.

Letter Meaning Dimensions
Latin letters
a acceleration LIT2

A cross sectional area of conduit L

C coefficient of Blasius' friction factor equation,
see Equations (20) and (23)

D inside diameter of conduit

differential

d20 projected area mean diameter, see Equation (40)

d32 Sauter mean diameter, see Equation (40) L

e conduit surface roughness L

f friction factor

f' friction factor for individual phase, of two-phase
system, flowing in conduit alone, see Equations
(72) and (73)



Letter

L length of test section L

exponent of discontinuous phase friction factor
equation, see Equation (75)

MV transducer reading

n exponent of continuous phase friction factor
equation, see Equation (74)

p conduit perimeter

pre ssure

r radial axis of conduit

R inside radius of conduit; when subscripted, in situ
volume fraction

Re Reynolds number of total fluid flow, Dvp/iJ

Re, Reynolds number based on superficial velocity

ReL flat plate Reynolds number

T temperature

u averagephase velocity LIT2

v average combined fluid velocity LIT2

W mass flow rate MIT
2Weber number, Dpv icr

x Lockhart-Martinelli parameter, see Equation (69)

x input mass fraction

y radial position from conduit wall, r - r; when
subscripted, input volume fraction

z axial distance along conduit

Meaning Dimensions
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F/L2

L



Letter Meaning Dimensions
Z variable defined by Equation (61)

Greek letters
a ratio of hydraulic diameter of continuous phase

during two-phase flow to hydraulic diameter of
phase flowing alone

ratio of hydraulic diameter of discontinuous phase
during two-phase flow to hydraulic diameter of
phase flowing alone

V gravity parameter, see Equation (50) or (51)

a partial differential

finite difference

variable defined by Equation (91) or (99)

0 angle for stratified flow, see Figure 3

viscosity M/LT

variable defined by Equation (117) or (118)

p density M/L3

ci interfacjal surface tension; or standard deviation F/L

variable defined by Equation (95) or (JOZ); or
summation symbol

Lockhart-Martinel].i parameter, see Equation (70)
or (71)

distribution diffusity, see Equation (135)

Combined letters
log base ten logarithm

Nd total number of drops in test section
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V
d

Meaning

inside radius of conduit

shear parameter, see Equation (5Z)

volume of drops in test section
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DimensionsLetter

rw




