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Production of dry particles made of titanium dioxide powder and black liquor is 

the first step in a newly proposed black liquor treatment process (Frederick et. al., 1992). 

This work investigates the granulation processes in a fluidized bed granulator of titanium 

dioxide and black liquor. Experiments are performed in a batch-solid operated fluidized 

bed granulator with batch-fed addition of black liquor. Two separate sub processes are 

identified in the granulation process: agglomeration of particles and attrition of formed 

agglomerates. Two independent transients determine the dynamics of the agglomeration 

process: time and liquid load. The agglomeration process is kept in the nucleation 

regime. The agglomeration of particles is here caused by liquid droplets being loaded 

with dry particles as they enter the bed. The agglomeration process is very fast due to the 

vigorous motion of particles in a fluidized bed. One can assume that the time transient 

behavior of the agglomeration process is completed shortly after the droplet enters the 

bed. This enables modeling of the agglomeration as a liquid transient process alone. 

The time scale for the attrition process is determined by the drying operation of 

the agglomerates. This is a slow process compared to the formation of agglomerates, and 

the attrition is modeled as a time transient process. The difference in the time scales of 

the two processes enables us to observe the effect of the attrition process independently, 

and thus model the two processes separately. Each of the two sub processes is modeled 

as first order processes. The obtained rate constants are valid only within the range of 

experimental conditions used in this study. However, the work contains several 

examples, that show the method of combining the results of the model of the two sub 
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processes and their conversion/extension to different experimental conditions (different 

bed loads and liquid flow rates), and different process configurations (continuous feed of 

solids, selective removal of solids etc.). Three new dimensionless criteria, that describe 

the mass and energy relations in a fluidized bed granulator, are introduced. Each of these 

criteria must be satisfied to obtain stable operation of the fluidized bed granulator. 
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NOTATION
 

ap Surface area of one particle of size dp, [m2]
 

ad Surface area of one droplet of size dd, [m2]
 

Ar Archimedes number, [-]
 

At Cross-sectional area of bed, [m2]
 

ci,cj Number fraction Concentration, [%]
 

Number fraction vector containing number fractions for all size groups 

Co Concentration matrix containing all starting point for experiments 

Concentration matrix containing all ending point for experiments 

d50 Mass average paricle diameter, [m] 

dd Black liquor droplet diameter, [m] 

Particle diameter based on screen analysis, [m]dp 

Mean particle diameter on particles in particle size grup i, [m] 

dt Bed or tube diameter, [m] 

Evaporation rate, [kg/s] 

Mass of evaporated liquid between two subsequent black liquor additions, 

[kg] 

E(t) Exit age distribution, [s4] 

Fa Gas flow rate through atomizing nozzle, [kg/s or NI/min.] 

Ff Fluidizing air flow, [kg/s or NI/min.] 

FBL Black liquor feed rate, [ml/min] 

FBL,MAX Maximum allowable black liquor flowrate, [ml/min] 

FBL Mass of one black liquor dose, [ml] 

FBL,EXP Mass of one black liquor dose in the experiments, (= 25 [ml]) 

fW Bubble wake fraction 

g Acceleration of gravity, (=9.8 [m/s2]) 

G Number of tanks in tanks in series model. 



Gs	 Mass flux of solids, [kg/m2s] 

h	 Height, [m] 

Ibed	 Power input to bed, [Watt] 

If	 Power input to fluidizing air, [Watt] 

k	 Constant in Kapur and Fuerstenau model 

kxy	 Rate constant matrix element for the transformation from size group x to 

size group y 

k :y	 Discrete rate constant matrix element for the transformation from size 

group x to size group y 

K1,K2 Constants in Pearl-Reed logistic distribution 

K Rate constant matrix containing all rate constants 

Ka Discrete rate constant matrix containing all rate constants 

Kd,Agg Discrete rate constant matrix containing all rate constants for the 

agglomeration 

Kd,Att	 Discrete rate constant matrix containing all rate constants for the attrition 

Discrete rate constant matrix containing all rate constants for the 

agglomeration calculated on perturbed data 

KdAtt	 Discrete rate constant matrix containing all rate constants for the 

agglomeration calculated on perturbed data 

M Molecular weight, [kg/mol] 

MBL Black liquor total mass, [kg] 

Md Mass of one black liquor droplet, [kg] 

My, Mass of water in one black liquor droplet, [kg] 

Msolid Mass of solid in one black liquor droplet, [kg] 

N, N, Liquid drying flux and critical liquid drying flux, [kg liquid/m2 s] 

N(t) Total number of particles in bed at time t in Kapur and Fuerstenau model 

Np Transport of particles to the top of the bed, [kg/s] 

ni(t) Number of particles of size group i in the bed at time t 

Number of particles in the bed. 



vi 

PBL Black liquor feed pressure, [Pa]
 

Apb Pressure drop across bed, [Pa]
 

Q Independent transient parameter
 

Rep Particle Reynolds number =dpuopp4t, [-]
 

Ren,f Particle Reynolds number at minimum fluidization =dpuinfpp/p.,
 

S	 Black liquor solid weight fraction, [wt %] 

t	 Time, [min] 

t1.7	 Different timescales for the granulation process [min] 

T	 Temperature, [°C] 

T*	 Reference temperature, (373 [K]) 

TBL	 Temperature of black liquor, [°C] 

ATgran Granulation temperature. Defined as the difference between fluidizing air 

inlet temperature and saturated bed temperature, [°C] 

ub Bubble superficial velocity, [m/s] 

umf Superficial gas velocity at minimum fluidization, [m/s] 

uo Superficial velocity (empty vessel basis) through a bed of solids, [m/s] 

vb Bubble volume, [m3] 

Volume of a single particle of size i, [m3] 

v,	 Wake volume, [m3] 

wi(t)	 Weight fraction of particle size group i, [Wt %] 

Wbed	 Mass of solids in the bed, [kg] 

Weight fraction of particle size i, [wt %] 

xy	 Reduced particle diameter, [-] 

X,Xer,X,	 Moisture content, critical moisture content and equilibrium moisture 

content, respectivly, [kg water/kg dry solid] 

Xo,Xfinni	 Start and final moisture content in drying process , [kg water/kg dry solid] 



Greek symbols 

13(0	 Probability for succesfull agglomeration in Kapur and Fuerstenau model 

Void fraction, [-] 

60 Void fraction in fixed bed, [-] 

Emf Void fraction at minimum fluidization, [-] 

= --L Stoichiometric coefficient for the convertion of particles from size group i 
vi
 

to	 size group j 

Black liquor viscocity, [Pa s]1-1BL 

Liquid viscocity, [Pa s]
 

LW Water viscocity, [Pa s]
 

PB Molar denity of solids, [mol/m3]
 

Pg,Ps Gas density and density of solids, respectively, [kg/m3 or g/cm3]
 

PBL Black liquor density, [kg/m3 or g/cm3]
 

tAtt Characteristic time for the attrition process, ( = 20 [min])
 

tBed Mean residence time for solids in bed, [min]
 

At
1 Spraying time for one dose of black liquor, [s]
 

At2 Drying time between two subsequent black liquor additions, [s]
 

(1)s Sphericity of a particle, [-]
 

t
O	 Dimensionless time in exit age distribution ; 

Bed 

(131 Dimensionless feed-evaporation ratio 

CD2 Dimensionless feed-surface renewal ratio 

Dimensionless total bed-liquid ratio 

Ctow,y Cumultative weight percent in Pearl-Reed logistic size distribution 



Fluidized Bed Granulator for an Autocausticization Recovery
 
Process of Sodium in Black Liquor;
 

Experiment and Theory
 

I. INTRODUCTION 

In 1994 the Chief Technical Officers of the Forest, Wood, Pulp and Paper 

industry issued 'Agenda 2020, A Technology Vision and Research Agenda for America's 

Forest, Wood and Paper Industry'. The agenda contain a vision for the future of the 

industry for the next 25 years. In the agenda we read: 

"Manufacturing plants will operate in harmony with the enviroment and the
 
communities in which they are located. Water usage will be low and discharge to
 
the air and water will be closely controlled to minimize effects on the enviroment.
 
Regulations will take into account enviromental effects as well as energy use and
 
economics.
 
More energy efficient processes will evolve and an even larger amount of the
 
industry's energy will be self generated based on biomass and waste materials,
 
with excess energy marketed in the form of electricity and liquid fuels ".
 

On the topic of black liquor treatment they write: 

"The chemical recovery of black liquor from the kraft process is anticipated to 
progress toward gasification technologies and other processes that have the 
potential for more optimized cogeneration of the required process electricity and 
steam. It is also anticipated that these technologies will lower the high capital 
cost currently associated with the recovery process." 

Much work is already done in the search of a new process. Frederick et al. (1992) 

proposed a combination of gasification, cauticization and wet scrubbing for a complete 

black liquor treatment process. This work investigates a sub processes in the proposed 

process. 
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The Pulping Process 

The pulping process consists of several unit operations to convert wood to pulp. 

The process can roughly be divided into four steps. The wood is prepared by debarking 

and chipping to create wood chips. The wood chips are cooked in the pulping step with 

pulping chemicals, mainly sodium hydroxide, to create the raw pulp. The raw pulp is 

then washed and usually bleached to get the final pulp product. A sketch of the process is 

seen in figure 1.1. Black liquor is a byproduct of the pulping process. The black liquor is 

normally burned in boilers, where organic materials are recovered to energy and salts are 

converted to be reused as cooking chemicals. 

Water & make-up 
Chemicals 

Cooking 
Chemicals 

Black 
Liquor 

Water 
Bleach Effluent 

Chemicals 

Water 
Pulp 

Machine Pulp Product 

Figure 1.1: A simplified sketch of the four steps in the pulping process 
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Conventional Black Liquor Treatment 

Black liquor contains a mixture of organic materials, especially lignin and resin 

from the wood, and inorganic salt, mainly sodium compounds, from the cooking 

chemicals. So, although it is a byproduct, it contains large opportunities for recovering of 

energy bound in the organics and cooking chemicals bound as inorganic salts. 

The Tomlinson Boiler 

The recovery technology most widely used today is the Tomlinson boiler. The 

Tomlinson boiler has been used since the 1930's and is a regular boiler type combustor. 

Concentrated black liquor of 60-80 % solids is fed to the boiler by black liquor guns. The 

droplets from the liquor guns are dried, pyrolysed and mostly burned in flight before they 

hit the bottom of the bed. At the bottom of the bed the remaining char forms a burning 

char bed, where remainders of the organic materials are burned and a smelt of inorganic 

salts is formed. This smelt is taken out of the bed and converted to white liquor that can 

be recycled as cooking chemicals to the pulping step. A steam generation unit produces 

high temperature steam from the hot flue gases. This steam can be used elsewhere in the 

paper mill as a heating source or can be converted into electrical power by a turbine. 

There are drawbacks associated with the Tomlinson boiler. The first problem is 

the high explosion risk. It is well known that smelt water steam explosions occur if water 

reach the smelt. These explosions can severely damage the boiler, and can, in some 

cases, result in boiler shut down, with profit losses as a consequence. The price of the 

boiler is a second drawback. The boiler price is high due to the safety considerations and 

the extensive control system needed for the operation of the boiler. The control cost is 

the same for all sizes of boilers, which makes small boilers proportionally more 

expensive. That means that small capacity installations are very hard to make 

economically sound. The last factor working as an incentive for developing a new black 



4 

liquor treatment process is the physical dimension of a boiler. A standard boiler has 

dimensions 40x40x120 ft, and it is difficult to fit such a unit next to an existing boiler. It 

is therefore a goal of the paper industry to develop a new black liquor treatment process 

that can effectively recover energy and cooking chemicals, remove hazardous compounds 

from the waste stream, and do all this in a safe and cheap way in a small size unit. 

Other Black Liquor Treatment Technologies 

Much work has been done during the last few years to find new black liquor 

treatment technologies. The process that has received the most attention has been the 

gasification of black liquor. The advantage of gasification, as opposed to combustion, is 

the higher obtained power yield when the produced fuel gas is used for power generation. 

The gasification reactions have been widely studied, and it has been found that both 

carbondioxide and water vapor can be used as gasifying agents. Today there are many 

semi-commercial and commercial gasification plants operating around the globe. 

A comparison between the some of the commercially processes can be found in the 

literature (Grace and Timmer, 1995). 

Objectives of Work 

The objectives of this work are to investigate the first step of a newly proposed 

process by Frederick et al. (1992). The process uses a autocaustization reaction combined 

with gasification to recover both energy and sodium from black liquor. The part of the 

process that this work will investigate is the production of dry granules from black liquor 

and titanium dioxide, which can be used for the gasification and autocaustization reaction 

in a subsequent high temperature reactor. The main objectives of this study are therefore: 

1.	 Build and investigate operational characteristics of a fluidized bed granulator that can 

produce dry granules from solid titanium dioxide and liquid black liquor. 
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2.	 Establish operating criteria for a successful granulation process. 

3.	 Propose a new mathematical model that will encounter all granulation processes and 

will be useful for simulation purposes. 

4. Apply the proposed model using experimental data obtained in the fluidized bed 

granulator. 
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2. THEORY
 

Autocausticizing Fluidized Bed Technology 

This work investigates a process that is a part of a comprehensive process for 

black liquor treatment proposed by Frederick et al. (1992). This process recovers energy 

and chemicals that are found in spent pulping liquor, i.e. black liquor or bleach plant 

effluent. Figure 2.1 shows a flow diagram of the process (Frederick et al., 1992). The 

process recovers chlorine as HC1, sulfur as H2S and sodium as NaOH. These chemicals 

can be recycled to the pulping process. H2S and HCl are removed in an alkaline and 

acidic scrubber respectively. 

Water NaOH 
Solution 

Fuel 
Gas 

Bleach HCI FI2S 
plant Scrubber Scrubber 

effluent (Optional) 

Liquor 
concentrator7 Fluidized 

bed 
evaporator 
granulator 

Fluidized bed 
Steam reformer 

(Fuel gas 
and Na20 TiO2 

formation) 

HCI Solution 

Na2TiO2 

NaOH/Na2S 
Solution 

N820 3Ti02 
V 

Air Steam Concentrated Water 
NaOH solution 

Figure 2.1: Flow diagram of investigated process (Frederick et al. 1992) 
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The process makes use of a causticizing cycle to recover sodium. The 

causticizing cycle has the following three stage: 

The first stage is production of dry particles consisting of spent pulping liquor and 

titanium dioxide. A fluidized bed granulator is the choice for this operation, but 

difficulties can arise due to the variability of black liquor composition and physical 

properties of Ti02. 

The second stage is a combined water vapor gasification and causticization reaction, 

In this stage, sodium carbonate is decomposed into carbon dioxide and sodium oxide. 

Sodium oxide reacts with titanium dioxide to form sodium titanates. The fluidized 

bed gasifier is sought to be one compartment in a multi-compartment fluidized bed 

combining stage 1 and 2 of this process 

The third stage is hydration of sodium titanates to sodium hydroxide plus a mixture of 

solid titanium dioxide and solid Na20.3TiO2. Both products will precipitate. It is 

still not determined how this leaching process should be carried out. Na20.3TiO2 is 

difficult to rehydrate and will therefore be in solid phase that can be reused in the first 

stage. 

This work investigates the production of dry Ti02-black liquor particles in a 

fluidized bed granulator. The granulation process will be investigated. The objectives is 

to model the granulation process and reach conclusions about factors that are important in 

the operation of this process. 

The Reaction Between Black Liquor and TiO2 

The newly proposed process (Frederick et al., 1992) is based on several novel 

ideas. One of them is to use titanium dioxide in a causticization reaction to recover and 

recycle sodium as sodium hydroxide in the pulping process. The over all combined 

reactions in question are: 
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NaCO3 TiO2 Na201102 + CO21' (2.1) 

Na20TiO2 + H2O ---> 2 NaOH + TiO21' (2.2) 

The reactions are well known and several researchers have studied the reaction between 

oxides and sodium carbonate (Kiiskila and Virkola, 1978, Sundrani, 1993, Zou et al., 

1991). Kiiskila and Virkola (1978) found that titanium dioxide is the best choice of the 

amphoteric oxides to use in a sodium recovery process. Their conclusion is based on the 

following facts. 

I.	 Titanium dioxide and sodium titanates have a high melting points, so higher 

temperatures can be used in a process without obtaining a liquid phase. This will 

make the use of fluidized bed technology possible. 

II. Titanium dioxide has extremely low solubility in water, so the rehydration of sodium 

titanate to sodium hydroxide and titanium dioxide, will result in the precipitation of 

titanium dioxide (Eq. 2.2). 

Several sodium titanate products are obtained in the causticizing reaction. 

Kiiskila (1979) listed 2Na20Ti02, 4Na20.5TiO2, Na20.2Ti02, Na20.3TiO2 and 

Na20Ti02. He studied the kinetics of the decomposition of sodium carbonate using 

titanium dioxide with the objective to recover sodium from the spent pulping liquor. He 

used sodium carbonate anhydride as a model for the spent pulping liquor. The study 

investigated the effect of temperature on the decomposition rate and on the rehydration of 

different forms of sodium titanate. The decomposition of sodium carbonate starts at 

500°C, but is very slow for temperatures below 850 °C, approximately the melting point 

of sodium carbonate. Complete decomposition of sodium carbonate can be achieved if 

the molar ratio of TiO2 to Na2O is 0.88, but Kiiskila (1979) concluded that it would not 

be feasible to execute the reaction below the melting point of sodium carbonate due to the 

high reaction time required to obtain reasonable conversions. A molar ratio of TiO2 to 

Na2O of 0.88 corresponds to a mass ratio of TiO2 to black liquor solids of 0.31. 



9 

Zou et al. (1991) studied the same reaction in the temperature range of 750-950°C 

with ratios of TiO2 to Na2O in the range of 0.75 to 2.00. In contrast to Kiiskila (1979) 

they obtained reasonable reactions rates and conversions for temperatures below the 

melting point of sodium carbonate. Zou et al. (1991) proposed that the reason for 

Kiiskilas (1979) results was due to the larger TiO2 particles > 250[tm compared to 10µm 

used in the latter study. They modeled the reaction with a reaction controlled by the 

diffusion of Na+ and 02- ions or combined as Na2O through a product layer of sodium 

titanate and used that as an explanation for the importance of the initial particle size. The 

activation energy of this diffusion was found to be 216 KJ/mole. Figure 2.2 presents 

some of the results obtained by Zou et al. (1991). The figure shows the effect of molar 

ratios and temperature on the conversion. 

The temperatures used are below the melting points of the sodium titanates to 

ensure that the process can be carried out in a fluidized bed. From plots like the above, 

Zou et al. (1991) suggested that the molar ratio of TiO2 to Na2O must be kept above 1.25 

to ensure the availability of TiO2. This molar ratio is the equilibrium composition for 

formation of 4Na20.5Ti02. At molar ratios above 1.25 the reaction rate is high until 85 

% conversion is reached (Figure 2.2b). At this point, the rate drops due to the limited 

availability of TiO2. The figure also shows that the final conversion will not reach more 

than 80 % if the molar ratio is below 1.25. 

The reaction is sensitive to temperature, but Zou et al. (1991) found conversion 

times in the range of 100-800 sec. for 80 % conversion of sodium in an equimolar 

mixture (Figure 2.2 b). A significant drop in the conversion time can be achieved by 

increasing the amount of TiO2. The optimum molar ratio must be found as a trade off 

between high conversion, cost of TiO2 recycling and process limitations in the particle 

preparation step. 
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Figure 2.2 :	 Factors affecting the conversion of Na2CO3 to Na2O. a) The effect of 
temperature. b) The effect of molar ratio of TiO2 to Na2O. Data adapted 
from Zou et al. (1991). 

Rehydration of Sodium Titanates 

Kiiskila (1979) made an experimental study of the rehydration of sodium titanates 

to sodium hydroxide. The experiments showed that only part of the sodium titanates can 

rehydrate. The process is most efficient when the ratio of TiO2 to Na2O is low. The best 

rehydration is for Na20Ti02, where 65.8 % can be rehydrated. Zou et al. (1990) did 

thermodynamical calculations on the mixture of sodium titanates and sodium carbonates. 
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They found that one component (Na20.3TiO2) is especially hard to rehydrate. It is 

expected that a portion of the solid that is recycled to the pulping process is sodium 

titanate in the form Na20.3TiO2. It is therefore important to know if Na20.3TiO2 can be 

recycled together with TiO2 and used as a causticizing chemical. Zou et al. (1990) found 

that Na20.3TiO2 is as effective as pure TiO2 in performing the decomposition reaction. 

Based on the facts about the formation and rehydration of sodium titanates we are 

able to conclude the following. A proposed industrial design must: 

1.	 Be executed at temperatures close to the melting temperature of sodium carbonate to 

ensure reaction rates are as high as possible. 

2.	 Operate with molar ratios of TiO2 to Na20 above 1.25 to ensure complete and fast 

reaction rates. 

3. Use small TiO2 particles. 

4.	 Generate a uniform mixture of TiO2 and black liquor to ensure a fast solid-solid 

reaction. 

Of the above design criteria we are able to manipulate 2, 3 and 4 in the granulation 

process, so our process conditions must be chosen to favor these points. 

Fluidized Bed Technology 

Fluidized bed technology have been widely studied since it was invented in the 

early 1940s. Kunii and Levenspiel (1991) define fluidization as "the operation by which 

solid particles are transformed into a fluid-like state through suspension in a gas or 

liquid". Fluidized beds have some useful process characterizations, that have been used 

successfully in many chemical processes. Advantages of a fluidized bed are high heat 

and mass transfer rates combined with a very uniform gas residence time distribution. 

This leads to a uniform gas composition in gas-solid reactions. 
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Fluidization of Fine Particles 

Fluidization of fine particles has always been a problem in the process industry. 

As the particle size decreases, the drag and gravity forces become smaller, and will in the 

limit become of the same magnitude as inter-particle attractive forces. This results in the 

agglomeration of the particles in the bed, giving rise to all types of difficulties. 

Agglomeration of this kind is denoted self-agglomeration and was studied by Morooka et 

al. (1988). Fluidization experiments with self-agglomerating particles lead to gas 

bypassing and partial or complete defluidization of the bed. Several studies (Geldart and 

Wong 1984, Molerus 1988, Morooka et al. 1988, Dutta and Dullea 1990, Jaraiz et al. 

1990) investigated the limits of fluidization for small particles. Geldart (1973) 

characterized particles by their diameter and density. He plotted diameter and density of 

particles and could in this way find four regimes, A through D, with different fluidization 

characteristics. Geldart's chart is shown in figure 2.3. 
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Figure 2.3: Geldart's chart of particles. Data obtained from Kunii and Levenspiel 
(1988). 
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The borderline between Geldart type A and Geldart type C particles is not clearly 

determined, and many studies have been directed toward the determination of this 

boundary (Molerus, 1982, Jaraiz et al. 1992). Other studies have been conducted to push 

the limit between cohesive (non fluidizable) particles and fluidizable particle by 

introducing new forces or components. Jaraiz et al. (1992) used a vibrating bed while 

Dutta and Dullea (1987) introduced alumina fibers in the bed which helped to fluidize 

particles that are normally characterized as Geldart type C particles. 

Multi Compartment Fluidized Beds 

The residence time distribution (RTD) describes the distribution of time spent by 

particles inside the bed before reaching the exit. This distribution is often termed as the 

exit age distribution function (E curve). An exit age distribution function describes the 

fraction of solids, E(t)dt, in the exit stream which has resided a time between t and (t + dt) 

in the bed. 

A drawback of continuously operated fluidized beds is the RTD of the solids in 

the bed. A typical RTD curve for an conventional fluidized bed is shown in figure 2.4. 

The figure indicates high solid mixing giving rise to a RTD of a well mixed flow vessel 

or more commonly called Continous Stirred Tank Reactor (CSTR). 

A large portion of the feed particles will, in a conventional fluidized bed, travel 

quickly through the bed, resulting in a non-uniform solid product of the operation. 

Therefore it is difficult to use a fluidized bed if the product is a solid that must have a 

uniform composition. The process proposed by Frederick et al. (1992) relies on the 

subsequent gasification and caustitization reactions of the produced particles. In an 

earlier work by Zou et al., 1991 it was found, that the mixing of reactants (sodium 

carbonate from black liquor and titanium dioxide particles) is crucial for the reaction rate 
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of the decomposition of sodium carbonate. Hence, it is desirable to have as uniform a 

product as possible. 
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Figure 2.4: Typical RTD curve for a fluidized bed or CSTR. 

A multi-compartment fluidized bed keeps particles from by-passing the bed. A 

multi compartment fluidized bed is a regular fluidized bed divided into several 

compartments. The compartments are connected by orifices which enable particles to 

travel from one compartment to the other. Schematics of several different multi-

compartment beds are shown in figure 2.5. The process conditions in a multi-

compartment bed can be uniform in all compartments, but may also be varied from one 

compartment to the other, by using different fluidizing fluids in each compartment. 

Pongsivapai (1994) studied the RTD of a two compartment fluidized bed using 

tracer experiments. He found a significant improvement of the RTD using two 

compartments. He represented the RTD by a modified tanks-in-series model, where the 

number of tanks is the only parameter. 
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(b)(a) 

(c) (d) 

Figure 2.5: Schematics of multi-compartment fluidized beds. Pongsivapai (1994). 

Using the Gamma function, the model was generalized to take into account non-integer 

number of tanks. The exit age distribution 

function is, 

E(0) 
F(G

)N-1 exp(GO) (2.4) 

where 0 is a dimensionless time 0=,- . 

t 

Comparing with experimental data, Pongsivapai (1994) found that the number of 

tanks depends on the superficial gas velocity, the size of the connecting orifice and the 

mean residence time. The dependency of G on these parameters is not very strong and 

other parameters may be important. The number of tanks to fit a two compartment bed is 
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in the range 1.6-2.1. Experiments at similar process conditions were made in a 

conventional one compartment bed. The results showed that the one compartment bed 

was modeled by 1.1 tanks in series, while the two compartment bed for the same process 

conditions was modeled by 1.9-2.0 tanks in series. Figure 2.6 shows the RTD curves of a 

one compartment and two compartment fluidized bed. 
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Figure 2.6: RTD curves for 2 compartment fluidized beds. Pongsivapai (1994). 

It is obvious that a multicompartment bed (more than 2 compartments) can give 

rise to many different RTD functions. 

Theory of Agglomeration 

Rumpf (1962) divided agglomeration into 5 groups describing the bonding 

mechanisms between the particles. 
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I. Solid bridges 

II. Adhesion and cohesion forces in not freely moveable binders 

III. Interfacial forces and capillary pressure at freely moveable liquid surfaces 

IV. Attraction forces between solid particles 

V. Interlocking bonds (form-closed bonds) 

Agglomeration operations can consist of one or more of the bonding mechanisms 

described above. The most important agglomeration mechanism, for the granulation 

process, is the initial liquid bridge formation. Liquid bridging belongs to group III of the 

bonding mechanisms. 

Liquid bond agglomerates are usually divided into three different states. Figure 

2.7 shows these different stages. 

Figure 2.7 : Three different states of liquid agglomerates. Capes (1980). 

In the Pendular state the binder forms liquid bridges, that hold the particles 

together. As more binder is added, the bridges grow and the Funicular or transition state 

is obtained. Here both liquid bridges and filled pores are present. Further increase of the 
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liquid load results in the capillary state, where all pores are filled with liquid and concave 

menisci develop at the surface of the agglomerate. The agglomerate is held together by 

the capillary pressure. 

The granulation process has been known for many years. The process is 

commonly used by the pharmaceutical industry for making tablets and in other processes 

where a solid product is produced from small particles and a liquid solution. Many 

complex processes are involved in the operation and they all influence each other. The 

granulation process can simple be thought in the following way: binder is sprayed in 

small droplets on a fluidized bed. The binder makes liquid bridges between particles 

giving rise to Type III Agglomeration. Solid bridges are formed as liquid is evaporated 

and Type I Agglomeration take over as the major binding effect, or stronger attraction 

forces between particles holds the granules together, which is Type IV Agglomeration. 

Granule Growth Theory 

Many studies have been conducted to give a better understanding of different 

granulation processes (Capes and Danckwerts, 1965, Kapur and Fuerstenau, 1969, Davies 

and Gloor, 1971 and 1972, Scott et al., 1964 and Schafer and Worts, 1977a-b, 1978a-c). 

The best way of approaching a process is to fully understand the mechanisms that occur 

during the process. Understanding of the granule growth mechanisms is crucial in 

dealing with granulation. Capes and Danckwerts (1965) described the granule growth 

mechanism for a tumble granulator with damp sands. They found that once the granules 

are formed, they only grow at a significant rate if the liquid content is between 90% and 

110% of the amount required to fill the voids between the sand particles, when they are 

highly compacted. The growth mechanism was studied using different colored sand. The 

granule growth starts by the formation of small granules. It occurs by the coalescence of 

primary particles. Subsequent growth will occur in two steps. A crushing of the smallest 

particles in the bed by collision with the larger followed by agglomeration of the resulting 
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ragments and the largest granules. The granule growth mechanisms for different 

granulators are believed to be similar. It is only the mechanical agitation, liquid addition 

and process variables that may vary from one operation to another. 

Fluidized Bed Granulation Technology 

Schafer and Worts (1977a-b,1978a-c) investigated the effect of process 

parameters on the granule growth in a fluidized bed granulator. They summarized all 

product and process variables that affect the granulation in a table (Table 2.1) 

Product variables Process variables 

Starting materials and their particle size Apparatus 
Binder Bed load 
Binder concentration Atomization of binder solution 
Quantity of binder solution Nozzle height 
Binder solution temperature Spray angle 

Liquid flow rate 
Fluidizing air velocity 
Inlet temperature of fluidizing air 
Processing time 

Table 2.1:	 Product and process variables that affect the granulation process in a 
fluidized bed granulator. Schafer and Worts (1977a). 

Schafer and Worts (1977-8) divided the granule growth of agglomerates in a 

fluidized bed granulator into three stages: nucleation, transition and ball growth regions. 

Nuclei of two or more primary particles (initial particles) are formed in the Nucleation 

region. The granules are formed of binder droplets that take up primary particles and 

hold them together by liquid bridges. The droplet will continue being loaded with dry 
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particles until it is saturated, but the high intensity of the solid movement in a fluidized 

bed ensure that this takes places in a very short time interval after the droplet has entered 

the bed. The size of binder droplets determines the size of the nuclei, since larger binder 

droplets can hold more primary particles. It is unlikely that two granules will 

agglomerate, since the liquid binding tensile strength is inversely proportional to the size 

of the particles. As the number of primary particles decrease, the growth rate will 

decrease, and a break in the growth rate curve will occur. As more binder is added, the 

surface of the agglomerates becomes wet and the process passes into the transition 

region. In this region, the growth of agglomerates is primarily due to the coalescence of 

two or more granules. Some primary particles will be present in this region due to the 

breakup of weak agglomerates. Further liquid addition will make the agglomerate 

surface saturated with liquid. This takes the growth into the ball growth region. The 

possibility of granule agglomeration is here increased due to the wet granule surface. The 

growth will in this region become uncontrollable. Large granules on the order of several 

centimeters in sizee are seen in experiments when the process was not carefully 

controlled (Schafer and Worts, 1978c). Typical results from granulation experiments by 

Schafer and Worts (1978c) are shown in figure 2.8. The nucleation and transition 

regions are easily observed, whereas the ball growth region is not present. This is 

explained by the fact that the larger granules need a higher fluidization velocity to remain 

fluidized, and the increased velocity will increase the mechanical stress on the particle 

leading to an increased attrition, which counteracts the agglomeration. 

The two models presented can, at first glance, seem very different, but they have 

some general similarities. Both granulation models start with a nucleation region where 

granulation occurs by primary particle agglomeration and formation of nuclei. In the 

transition region the two growth models differ. One model (Capes and Danckwerts, 

1965) says that further agglomeration is due to the breakup of the smallest particles and 

agglomeration of these agglomerate pieces with the larger agglomerates, while the second 

(Schafer and Worts, 1977-8) explains the further agglomeration as a result of the 

coalescence of previous formed agglomerates. The difference in the two models can be 
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due to the fact that Schafer and Worts were not able to follow what happened very 

closely because they only used one type of solid material in each test. Another 

explanation for the difference can be the differences in the granule strength caused by 

diverging physical properties of the solids and the binder used in the two studies. The 

ball growth region is not mentioned in the work by Capes and Danckwerts (1965). 

Figure 2.8:	 Influence of quantity of binder solution on granule size at varying inlet air 
temperatures. o : ATGran= 20 ° C. : ATGran--35 ° C. From Schafer and 
Worts (1978c). 

Factors Affecting Granule Growth in a Fluidized Bed Granulator 

Some of the variables in table 2.1 were investigated by Schafer and Worts 

(1977a, 1978a-c). The following is a summary of their results. 

Quantity of binder Liquid bridges are the binding mechanism in the fluidized bed 

granulator. The liquid available for liquid bridges increases with binder quantity, so an 

increase in the granule size is obtained with binder quantity. 
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Atomization of binder solution The droplet size of the atomized binder has a great 

effect on the granule growth. Larger droplets have capacity to hold more primary 

particles together, so larger nuclei are formed. This leads to larger granules. The 

atomization of the binder is therefore an easy way of controlling the granule size in the 

granulation process. 

Starting material and their particle size The agglomeration is mainly due to liquid 

bridges, so the presence of sufficient liquid on the particle surface is essential for the 

agglomeration process. Liquid absorbing particles will have a decreased liquid content 

on the surface, resulting in a lower extent of agglomeration and a smaller granule size. 

The surface area of the particles is increased as the particle size is increased leading to 

insufficient wetting, which will inhibit the agglomeration process. Schafer and Worts 

(1977-78) concluded that further studies should be conducted for a complete analysis of 

the starting material effect. 

Binder and binder concentration A change in the mechanical strength of the formed 

liquid bridges can influence the granulation process. Indirectly, the binder can affect the 

granule growth due to a change in the droplet size from the nozzle caused by different 

thermal and transport properties of the binders. 

Bed load The bed load does not affect the granule size, but a slightly narrower size 

distribution is obtained with lower bed loads. Generally the bed height to diameter ratio is 

1/2 to 2/3 for a fluidized bed granulator. 

Nozzle height and spray angle The nozzle height and the spray angle does not 

affect the granule growth. The only requirement for the nozzle height and spray angle is 

that the spray shall wet the bed surface, while wetting of the apparatus wall should be 

avoided. 

Liquid flow rate Increasing the liquid flow rate increases the available liquid on the 

surface of the particles. This increases the formation of the liquid bridges, resulting in 

faster agglomeration. Another indirect effect of increased flow rate is an increase in 

droplet particle size, which will, as stated earlier, result in an increased granule size. 

Inlet temperature of fluidizing air The inlet temperature of fluidizing air will 

determine the evaporation rate of liquid from the binder. The evaporation increase with 
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the temperature. Higher evaporation leaves less liquid available for the liquid bridge 

formation, so granule growth decrease with the fluidizing air temperature. See figure 2.8. 

Operation of a Fluidized Bed Granulator 

The operation of a fluidized bed granulator is strongly restricted by mass and 

energy balances, that relate liquid feed to the bed, dispersion of wet particles in the bed 

and evaporation of liquid from the bed. This is because particles can only hold a limited 

quantity of liquid phase before they become over wetted, which will cause poor bed 

performance. Over wetting can occur for two reasons. 

Total bed over wetting. If the amount of liquid added to the bed exceeds the total 

liquid capacity of the bed, the entire bed will be over wetted, and it will collapse. 

Partial over wetting (surface over wetting). If the liquid is sprayed on the top of the bed 

(typical situation), and if the rate of fresh particles that arrive at the surface are not 

sufficient to contain the added liquid, a localized over wetting of the bed surface will 

occur. This wet surface will sink to the bottom of the bed, where it will create adverse 

fluidization conditions. Partial over wetting is critical for both batch and continuous 

operations where a binder is batch fed to the bed. If partial over wetting occurs in a fully 

continuos process it will eventually result in a total bed over wetting. 

Once the maximum amount of liquid is added to the bed, further addition of liquid 

is restricted by the evaporation rate from the bed. The quantity of liquid added must be 

equaled by the evaporation from the bed. 

Based on the above understanding of the wetting and drying phenomena in a 

fluidized bed granulator, three dimensionless criteria can be defined that describe the 

wetting and drying operation. 
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1.	 The feed-evaporation ratio cDi is defined as the ratio of liquid feed (FBL, [kg/s] ) to 

evaporation rate (E, [kg/s] ), or for the batch operated bed: the ratio of one batch of 

liquid added to the bed (F*BL, [kg] ) and the evaporated quantity of liquid (E*, [kg]) 

before the next batch of liquid is added. 

2.	 The feed-surface renewal ratio 02 is defined as the ratio of liquid feed (FBL, [kg/s]) 

and transport of particles to the top of the bed (NP, [kg/s]). 

3.	 The total bed-liquid ratio 03: is defined as the ratio of one dose of liquid added to the 

bed (F*BL, [kg] ) and the total quantity of bed material (Wbed, [kg]). This ratio is only 

relevant for batch or continuos operation where the liquid is added batchwise. 

The first ratio c1 must in all cases be less than or equal to 1 for a stable operation. 

A ratio larger than unity will result in accumulation of liquid in the bed with over wetting 

as a consequence. The two other ratios cI)2 and 03 must be maintained under their 

respectively limiting values. The limiting values for 02 and (1)3 will have the same 

numerical values in the ideal case where all particles that arrive at the surface are 

involved in the spraying process. In all other cases the value for cI)2 will have the lowest 

limit, i.e. more particles must be supplied to the surface because some of the particles do 

not participate in the loading process at the surface. The value for C1303 describes the 

amount of liquid the bed material can hold, before it becomes over wetted. This value is 

believed to depend upon the characteristics of the bed material and the liquid used. A 

rough estimate of the ratio C1)3, based on the experience of this work, is 1. 

Estimation of the Dimensionless Ratios 

The feed-evaporation ratio 443.1 

To estimate the value of the feed-evaporation ratio, the evaporation rate of liquid from the 

particles must first be calculated. 
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Drying of solids in a fluidized bed falls into two drying regimes; the constant rate 

drying and a falling rate drying regimes. Constant rate drying occurs when particles are 

entirely covered with liquid. The rate is controlled by the transfer of mass from the 

particle surface to the fluidizing gas. The flux of liquid from the particle in this region is 

constant and is denoted as Nc. As the surface of the particle becomes dry, the controlling 

drying mechanism shifts to the diffusion of liquid from the interior to the surface of the 

particle. This will cause an overall drop in the drying rate. The characteristic moisture 

content where the rate of drying changes from constant to falling rate is denoted the 

critical moisture content (Xcr, [kg water/ kg dry solid]). Geldart (1986) assumed that the 

evaporation rate would fall linearly from this point to reach zero at the equilibrium 

moisture content (X,), therefore, 

X - XeN =N (2.5)
c(Xer - Xe 

The rate of evaporation from the entire bed (nd droplets with the area ad each) can be 

calculated as, 

E = N nd ad (2.6) 

For the average droplet size dd the number of droplets in the bed can be calculated as, 

6 MBL: -(1-S)
nd = (2.7) 

d3d *PBL 

where MBL is the mass of black liquor in the bed, and S is the black liquor solid content. 

Then, 

6. MBL (1- S)Nci X- Xe 
E (2.8)

Xer - Xecla PBL 
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Thus the ratio (DI can now be calculated, 

FBL FBL dd pBL ()Ca Xej (2.9) 
1 E 6N, M BL S) X -Xe 

Equation 2.9 is a steady state equation, i.e. an increase in the liquor feed rate will result in 

an increased moisture content (X) and an increased total mass of black liquor in the bed 

(MBL) . These two parameters will continue to increase until the evaporation rate equals 

the feed rate, and a new steady state is reached. 

For the batch operation the ratio (13,1 can be written as, 

F*BL FBL 6.-c FBL dp p, Xer Xe AT 
= (2.11) 

E* E AT 2 6N, Mp X- Xe AT 2 

where At1 and 6a2 are the time of the black liquor spraying and the time between two 

subsequent black liquor additions to the bed, respectively. Equation 2.11 indicate that the 

evaporation rate strongly depend upon the desired final moisture content of the particles, 

X. A moisture content, X, close to the equilibrium moisture content, Xe, will require a 

small liquor doses (FBL*-AT 1) or long drying times 6,T2. The criteria for stable operation 

of a batch operated fluidized bed granulator can therefore be restated as: The time spent 

for drying the solids, AT2, must be long enough to ensure that the evaporated liquid from 

the bed equal the added liquid. 

Estimation of drying times for solids in a fluidized bed To estimate the 

drying time of droplets two assumptions are used: 

1. The entire drying process is in the falling rate regime. 

2. The drying times will be estimated for droplets of diameter dd containing only black 

liquor. 
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This will give a conservative time estimate for the drying process, but will ensure that the 

bed will not get over wetted. The basis for this estimate is, as stated earlier, the Geldart 

(1986) equation for drying in the falling rate regime, 

X - XeN =N (2.5)c(X - Xe 

The flux of moisture leaving a particle can be written as, 

1 dM 1 dMw 1 d(Ms X) Ms dX 
- d (2.12) 

ad dt ad dt ad dt ad dt 

where the fact that only water leave the droplet is used. 

The right hand side of the above equation can be rewritten as, 

dx X - Xe 
(2.13) 

)Cerc=(x..xe) dt
d xe) 

By inserting equation 2.5 and 2.13 into 2.12, 

d ( X - Xe N ad Ne -ad X- Xe(X, Xe) (2.14) 
- dt (X Xe) M M Xer Xe 

After integration of the above expression between the boundaries X=X0 at t=0 and 

X=Xfinai at t=A-c2, 

Mso lid (Xer Xe ) ln( X° Xe (2.15) 
C ad Xfinal Xe 
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is obtained. The mass of the solid in a droplet may be represented by its volume, density 

of the black liquor (pm) and by the black liquor solid content (S). Equation 2.15 then 

becomes, 

dd S pm, (Xcr Xe) In( (2.16)AT 2 = Xe6 )(final X, 

which is an estimate of the necessary drying time of a droplet of black liquor in the 

falling rate drying regime. 

The feed-surface renewal ratio 04)2 

Bubbles provide the main contribution to the vertical transport of particles in a 

fluidized bed. As bubbles ascend through the bed they carry particles upward. The 

particles are carried in the wake of the bubbles. Kunii and Levenspiel (1991) presented a 

graph that correlates the bubble wake fraction fw as a function of the particle size. The 

wake fraction is defined as the ratio of the wake volume (v, [m3]) and the total volume 

of the bubbles plus the wake (vb+vw, [m3]). This graph is presented in figure 2.9 

Given that, 

fw = 
v 

(2.17) 
VW + Vb 

or after rearranging, 

fwV =VW V b 
(2.18) 

(1- fw) 
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Figure 2.9:	 Wake fraction as a function of particle size for several particle types. 
From Kunii and Levenspiel (1991). 

Assuming that all excess gas will pass through the bed as bubbles, 

Ub = UO	 (2.19)U mf 

and after replacing superficial velocities with volumes, 

(2.20) 

the volumetric flow rate is obtained as, 

vb = (uo Umf) -At (2.21)
At 
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Substitution into equation 2.18 gives, 

v f 
= w (uo uinf)- At (2.22)

At (1 fw ) 

If the void fraction in the wake is approximately equal to the void fraction in a packed 

bed (so) (Kunii and Levenspiel, 1991), and the solid density is p the following 

expression for the vertical solid transport of particles is obtained. 

f
Np = Qt = (uo unif)A, (1-60)ps [kg/s] (2.23)

At (1 fw ) 

Now the feed-surface renewal ratio 432 can be calculated as, 

FBL (1 - fw ) FBL 
(1)2 = = (2.24) 

NP fw (uo 12.0At -(1-80)-Ps 

The equation above shows that the operation of the bed with a fixed liquor flowrate can 

be stabilized by increasing either the superficial velocity (u0) or the cross sectional area of
 

the bed (At).
 

The total bed-liquid ratio 433 The ratio can be calculated as,
 

WM0 WBed (2.25) 
3 F*BL FBL AT 1 

where ATI is the time of spraying black liquor on the bed at the flow rate FBL. 
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Nozzle Operation 

The gas atomizing nozzle used in this study is a two fluid nozzle. Two fluid 

nozzles usually operate with one liquid and one gasstream. The nozzle consists of a 

center orifice for the liquid flow and a concentric orifice for the gas flow. Figure 2.10 

shows the schematic of an atomizing nozzle. Atomizing nozzles are designed to make 

use of a high gas velocities for the disintegration of the liquid jet into small droplets. 

Typically, a gas atomizer produces a very fine mist of droplets in the size range 1-500 

pm. 

Figure 2.10: Schematic of a two-fluid atomizing nozzle using liquid and air as fluids. 
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In this study black liquor was sprayed on the fluidized bed granulator by a two 

fluid nozzle. The nozzle breaks the liquid into droplets, and ensures that the black liquor 

is fed uniformly onto the top of the bed. The important parameters of a spraying 

operation are the liquid flow rate, the average droplet size and the droplet size 

distribution. These are all parameters that affect the granule growth, nozzle performance 

at different spraying conditions must be known to be able to model the granulation 

process. 

Liquid Flow Rate from a Gas Atomizing Nozzle 

Generally, the liquid flow rate is determined by the pressure difference across the 

nozzle. The flow rate will increase with an increased pressure difference across the 

nozzle. An increased liquid feed pressure will increase the pressure difference over the 

nozzle, and therefore increase the liquid flow rate. 

Droplet Size Distribution of Spray from a Gas Atomizing Nozzle 

One of the most important characteristics of an atomizing nozzle is the droplet 

size distribution. In a fluidized bed granulator, the droplet size of the binder affects the 

granule growth. The results of several studies are available (Schafer and Worts, 1977b, 

Kim and Marshall, 1971) for calculating the droplet size and size distribution from 

atomizing nozzles. The determination of the droplet size distributions generated from an 

atomizing nozzle is difficult because the life time of a small droplet (< 50 pm) is very 

short. The time for evaporation of a 10 pm droplet is of the order of 1 sec in 90 % 

humidity air. Many different methods have been used to over come this problem. 
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Among these are: 

A. Collection of in flight particles in an immersion cell containing an immiscible liquid 

(Fraser and Eisenklam, 1956). 

B. Solidifying the spray in the spray chamber (Kim and Marshall ,1971). 

C. Drying of sprayed particles (Gretzinger and Marshall, 1961). 

D. Photographic determination of droplets collected on pretreated plates (Schafer and 

Worts, 1977b). 

The droplet size distribution is influenced by: 

I.	 Relative gas-liquid velocity. A high relative gas velocity will a create large drag 

force between gas and liquid jet, thus giving a smaller droplet size. 

II. Gas density.	 An increase in the density of the gas at constant velocity increases 

the dynamic force of the gas, and will create smaller droplets. 

III. Liquid viscosity.	 An increased liquid viscosity will increase the droplet size. The 

effect is not clearly explained, but is probably due to the increased resistance to flow. 

IV. Liquid surface tension.	 The energy needed to break the liquid in to droplets 

increases as the surface tension increase. The droplet size will therefore increase with 

liquid surface tension. 

V. Gas to liquid mass ratio. The gas to liquid mass ratio have a great impact on the 

droplet size. As the ratio increases, the drop size will decrease. Normal operation 

conditions are Fa = 0.1 1 o[ kg S . At the lower limit poor atomization will occur 
FBI. Lkg/s 

while at the upper limit poor efficiency is the consequence; i.e. an excessive increase 

in gas flow will not result in any significant decrease in droplet size. 

Schafer and Worts (1977b) studied the average droplet size and the size 

distribution from an atomizer nozzle for binder solutions used in a fluidized bed 

granulator. They used liquids with viscocities ranging from 0.002 to 0.1 [Pas], and 

examined different size nozzles at varying process conditions. They found that the 
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average droplet size depends upon the liquid viscosity, and the air and liquid flow-rates, 

but does not depend upon surface tension or density of the liquid. The reason that the 

average droplet size was not found to depend on the surface tension is due to the small 

variations in surface tension that was examined. They proposed the following equation 

for determination of the mass median droplet size 

0.17 

d50 = 852 11/ 
Loo 

(2.26) 
Fa t, 0 42 

I BL 
FBL 

The study only examined one nozzle geometry. The size of the nozzle did not affect the 

average droplet size, however it is expected that different nozzle types will influence the 

result. Liquids used in this study were specific binder solutions with relatively high 

viscosity. A change in liquid type could influence the exponents or the empirical 

constant in the proposed equation, 

In another study Kim and Marshall (1971) found, that the size distribution of 

droplets can be described by a Pearl-Reed logistic equation 

1+ K1 
c130,,,y = K1 (2.27) 

11+ exp(K2 .xy ) 

where cD,,,y is the cumulative weight percent for droplets of size less than y, and x*y is the 

reduced diameter defined as the ratio of drop size to mass median drop size. Kim and 

Marshall (1971) found that this model describes their experimental data well with the 

constants K1 = 0.047 and K2 = -3.17 for mean drop sizes above 85 pm. 
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Modeling of the Granulation Process 

Time Discrete Model 

There have been many studies of the granulation process with various degrees of 

modeling. Kapur and Fuerstenau (1969) studied the granulation of lime stone in a balling 

drum (drum granulator). They proposed a random coalescence model for the granulation 

in the nucleation and transition regions. The model characterized the size distribution of 

the granules in both the nucleation and transition regions. They divided the granules into 

a discrete number of sizes. Each size is determined by an integer number that describes 

the number of primary particles that will have the same volume as the granule, i.e. 

particles of size 4 have volumes of 4 primary particles. The authors assumed that all 

collisions are absolutely random and that the number of collisions for one particle is 

constant in time. This assumption is supported by the experimental observation that the 

coordination number of particles is always between 5 and 7. The coordination number is 

defined as the number of nearest neighbors to a particle. The mean number of collisions 

between particles belonging to any two size groups, i and j, containing ni and ni particles 

respectively is given by: 

k ni (t) xi; (t) 8 t 
(2.28)

N(t) 

Kapur and Fuerstenau (1969) assigned a finite probability 13(0 for a collision to end 

successfully in a granule and assumed that this probability was a function of time only, 

i.e. the probability at any given time is equivalent for all collisions. Using this 

assumption they defined a kinetic equation that describes the rate of formation of 

granules of size group i, 
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1-1dni -k p (t) ni (t) E k 13 (t) E ni (t) ni_i (2.29) 
dt N(t) 2 . N(t) 

The first term on the right hand side describes the disappearance of particles of 

size i by collisions with all other particle sizes, while the second term describe the 

collision and coalescence of two particles who's combined volume is exactly equal to 

size i. The agreement with experimental data is fairly good, but the model has a few 

shortcomings. The model does not incorporate the possibility of the break up of particles, 

which was observed in the work by Capes and Danckwerts (1965). Another problem 

with the model is that it can only be used if the primary particles are well defined; all 

particles are of the same size, and no attrition (breaking up) of primary particles occurs. 

In most applications, it is not possible to assure that all starting particles are of the same 

size. Typically, particles have a continuous size distribution, and it will therefore, not be 

possible to use the above model with actual experimental results. One way to overcome 

these shortcomings is to divide all particles into a discrete number of particle size groups. 

Each of these particle size groups will have a continuous particle size distribution. This 

means that the same rate of formation equation can not be rewritten, since the actual 

processes are not known. For example: two particles in particle size group 1 could 

agglomerate and create a particle in particle size groups 1, 2 or 3 depending on the size of 

the agglomerating particles and the size group limits. 

Figure 2.11 shows an example of a division of particles into three sizes, and examples of 

possible granulation processes that can occur with these particles. 

For the further development of a model a method to describe the granulation 

process must be chosen. There are several possibilities for describing the processes. The 

easiest is to assume that all granulation processes are first order processes, i.e. the 

quantity of particles changing size from particle size group j to particle size group i is 

proportional to the quantity of particles of size j only, and do not depend on the quantities 

of any of the other particle size groups. 
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Particle Size Group 1 Particle Size Group 2 Particle Size Group 3 

0 s 0
 
0Size 1 Size 1
 Size 1
 

Size 1 Size 1
 Size 2
 

0Size 1 Size 1
 Size 3
 

Figure 2.11:	 Example of particle size group division and examples of agglomerations 
that can occur during a granulation process 
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With that assumption a reaction scheme as shown in figure 2.12 can be visualized, 

where only three particle size groups are shown for simplicity. 

Figure 2.12: Reaction scheme for a three particles sizes agglomeration process. 

The rate of formation equation, for a general case with n particle size groups, can then be 

written as, 

dc, (t) 
Lk11"Ci(0 Ekil c,(t)

dt i=2 i=2 

dc (t) 
Ekji Cj(t) EkiiCSO	 (2.30)

dt i=1	 1=1
 
i#j
 

dcn (t)	 n-1 

= kni -cn (t) + kin ci (t)
dt 1=1 1=1 
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The first term describes the disappearance of particles of the size group. All rate 

constants cancan be added to one rate constants called kJ, 

for j=1,2,3,....,n. (2.31) 

That will change the equation for component j to 

dci (t) 
k.. -c (t) + Ek .. c. (t) = k ci (t) (2.32)

dt i=1 i=1 
ice; 

All rate equations can then be compressed into one vector-matrix equation of the 

following form, 

dC(t) 
= K C(t) (2.33)

dt 

With the boundary condition that C(t)=C(0) at t=0. The solution of the above system of 

first order differential equation can be solved by Laplace transformation, and the solution 

is given as (Chang et al., 1977), 

C(t) = exp(K t) C(0) (2.34) 

The concentration vector C is a row vector of size n, and K is a nxn square matrix. The 

description of the granulation process is therefore reduced to the determination of the rate 

constant matrix K. The evaluation of the rate constants in the matrix K requires the 

particle size distribution to be determined as a continuous function in time. This is, 

however, neither practical nor possible for many real experimental systems, where a 

rather large sample must be taken to make a determination, and where the sampling 

procedures are extensive. Chang et al. (1977) described a procedure where the time 
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continuous first order rate constants are evaluated from time discrete concentration 

measurements for a first order reaction rate system. The discrete time representation of 

the first order rate system is a modification of the continuous time representation, where 

the concentration of any specie is calculated on the basis of concentration of all other 

species at one time interval earlier. Figure 2.13 shows the schematic of the discrete time 

model for three different size intervals. 

Particle Particle Particle 
Time t Size Size Size 

Group Group Group 
1 2 3 

IC*31 

k*,I*Iotke*2323 
ie33 

k*21 

Particle Particle Particle 
Size Size SizeTime t+At 

Group Group Group 
1 2	 3 

Figure 2.13:	 Schematic of time discrete model. Particles leave one size group and can 
enter any group, including the group it just left, during the time interval At. 

Agglomerates in particle size group j at time t+At are formed from particles that arrive 

from all other size groups at time t including the particles from size group j itself The 

concentration of component j at time t+At can be mathematically presented as, 
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Cj(t At) = kii. ci (t) for all t__O and j=1,2,3n. (2.35) 

For three particle size groups the model will look as follows, 

c/(t + At) = 1(/*1 k21 .c2(t) +k31 c3(t)
 

c2 (t + At) = 1(12 (t) k2*2 c2 (t) + k3s2 c3 ( (2.36)
 

c3 (t + At) = k,3 (t) + 143 c2 ( + k33 c3 (t)
 

It should be noted that the element k describes the particles that stay in compartment j 

over the time interval At. The mass balance dictates that, 

k =1 for j = 1,2,3, ,n. (2.37) 

The equations can be compressed into a matrix vector equation as, 

(c1(t)ici(t + AO\ (141 141 31 

C(t + At) = c2 (t + At) = k*12 k*;2 k;2 C2 (0 = Kd C(t) (2.38) 

c3(t + At)) kI3 k*23 k331 c3(t)) 

Here Kd is the discrete rate matrix. Again, the diagonal elements of Kd represent the 

particles that do not change particle size group during one time interval (At) and that the 

sum of each column must be equal to 1. The matrix vector equation is in general just a 

compression of a set of linear equation. It should also be noted that the subscript does not 

represent the regular matrix indices, but corresponds to the process described, i.e. K 23 23 s 

the discrete rate constant for the process of particles from size group 2 to size group 3. 

For systems that do not change dramatically Kd is close to the identity matrix. 
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The discrete rate matrix will be different than the continuous rate matrix, but there is a 

simple way to correlate the two matrices. The concentration vector of particles after the 

first three time steps can be written as, 

C(t + At) = K d C(t)
 

C(t 2At) = K d C(t + At) = K d 2 C(t) (2.39)
 

C(t + 3At) = K d C(t 2At) = K d 3 C(t)
 

or at any time t = mAt the concentration vector is represented as, 

C(mAt) = K: C(0) (2.40) 

From equation (2.34) and (2.40) with t=mAt, it can be seen that, 

exp(K t) = K a (2.41) 

or, 

ln K 
d (2.42)

At 

Therefore, the determination of a time discrete rate matrix Kd, will enable the calculation 

of the time continuous rate matrix K, making the simulation of the process possible using 

the original set of equations (Eq 2.33 or 2.34). 

The determination of the discrete rate matrix is based on discrete data. There will 

be nn unknown rate constants for a system of n particle size groups. Each experiment 

will generate n equations for the determination of the rate constants, so at least n 
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experiments are needed to calculate the rate constants. The determination is done by 

compressing the matrix vector in to a matrix-matrix equation, 

[C1(1) C1(2) . . . C1(n)1= Kd [C0(1) Co(2) . . . Co(n)] (2.43) 

Where Co(i) is a column vector containing the concentrations before experiment i, while 

C1(i) is a column vector containing the concentrations after experiment i. 

If the right hand side square matrix is non-singular, the matrix Kd can be calculated as, 

Kd = [Ci(1) C1(2) . . . C1(n)].[C0(1) Co(2) . . . Co(n)r' (2.44) 

or in compressed notation, 

Kd 
--1 

(2.45) 

Experimental data errors will usually have a great influence on the result. 

Collecting a larger set of data values will enable minimization of the effect of the data 

errors on the calculated rate constants. A commonly used method for minimizing the 

error is the least square method. For a linear set of equation of the form, 

C1 = Kd Co (2.46) 

the least square solution of Kd is determined by, 

Kd = (CI CdT)(Cd CdT)I (2.47) 
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By compressing all concentration vectors into two different matrixes Co and C1 

containing the starting and finishing concentration vectors for all experiments, the least 

square solution for the solution of the matrix vector system with n data points can be 

found. 

Finding a physically correct solution 

From physical considerations it is know that all discrete rate matrix constants 

must be positive. It is also know that the sum of each column must be equal to 1 to 

satisfy the mass balance. It can then be concluded, that all entries in the discrete rate 

matrix must be in the [0-1] interval. 

The least square method described above does not take into consideration any 

constrains on the solution. The stochastic nature of the process and the measurement 

errors can result in a solution that will not be physical possible. However by restricting 

the entries to the calculated rate matrix to positive numbers a physically possible solution 

can be forced. To do this an optimization procedure is used, where an expression for the 

sum squared errors is minimized. The FORTRAN code for the optimization is given in 

Appendix 6. The code makes use of an IMSL routine for function minimization with 

constraints and boundaries. The boundaries are given to be the interval [0-1], while the 

constraints are the closure of the material balance. 

A Physical explanation of the Rate Constant Matrix 

The rate constant matrix is a simple way of presenting the process, but can be hard 

to readily understand. It was already pointed out that the diagonal elements represent the 

particles that do not change size during the process. The first sub- and super-diagonal 

elements will represent the particles that change particle size groups to the group just 



45 

below or right above the group it was in before the process. It can also be concluded that 

agglomeration of particles will result in a matrix that have zeros in the upper right corner, 

while the attrition process will have zeros in the lower left corner. That will further 

constrain the solution. A modification of the IMSL routine can be made to incorporate 

these restrictions. 

Applying the Model to the Granulation Process 

There are several questions that must be addressed before applying the time 

transient reaction model to the granulation process in this work. 

How well does our physical system match the model setup? 

What is(are) the independent transient parameter(s) in this model? 

If there is more than one independent transient parameter: Can each parameter be 

followed separately, and how is it to be done? 

How should the particle size group be chosen? 

What metric should be used to quantify each of the particles size groups? 

The answer to some of these questions can be found by studying the nature of the 

granulation process. To understand the nature of the process, all of the sub-processes that 

occur during a granulation experiment must be known, and an estimate for their 

magnitudes and time scales must be known. There are three different processes that 

occur simultaneously in the granulation process: agglomeration of particles due to binder 

addition, break up of formed agglomerates (attrition) and elutriation of particles from the 

bed. 

Agglomeration In this work dry particles are used as the starting material, and no 

agglomeration is expected to happen before the binder addition. It is assumed that the 

binder droplets enter the bed of dry particles, which have a well defined and stable 
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particle size distribution. The process of interest will be granulation in the nucleation 

region. The droplets enter the bed and are then loaded with particles as they collide with 

them. This process continues until the droplets become saturated with solids and exhibit 

an apparently dry surface. It is assumed that no further agglomeration will occur after the 

droplet is saturated. The vigorous solid movement in a fluidized bed ensures that the 

nucleation process is terminated rapidly after the droplets enter the bed. It is thought that 

the agglomeration process is completed within the first few seconds after the droplets 

enter the bed, so the time scale for the formation of agglomerates is very short. The 

controlling mechanism in the agglomeration process is therefore not time, but the size of 

the droplets and the number of droplets that are added to the bed. The short time scale for 

the process makes it impossible to follow the time transient behavior. The two 

parameters we can study are therefore the liquid load and the size of the droplets. 

Constant spraying conditions can keep the droplet size constant. The transient liquid 

loading can then be followed by adding the liquid in fixed doses. 

Attrition The attrition starts as soon as the agglomerates are formed, and will be 

present from this point on. Time is the only transient parameter for the attrition process. 

The time scale for the attrition process is large, and it will be possible to determine the 

time transient behavior of the process. 

Elutriation The elutriation of particles from the bed is normally described as a first 

order process, and is as the attrition process a pure time transient behavior. 

All three processes are summarized in table 2.2. 

The elutriation process is already described in the literature (Colakyan et al. 

1981), and no further study of its effect will be done here. A correction for the elutriated 

particles will be made by assuming that all elutriated particles are of the particle size 

group 1. 
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Granulation Process 

Agglomeration Attrition Elutriation 

Magnitude Important Important Important 

Time scale Short, Long, Long, 

Not measurable Measurable Measurable 

Other parameters Droplet size and None None
 

number of droplets.
 

Table 2.2: Summary of the sub-processes in the granulation process. 

The time scales for the batch granulation process (in increasing time scale order) 

are summarized below: 

1. Time for liquid addition, t1 (0-lmin). 

2. Time for mixing of liquid in the bed and the formation of the nuclei, t2 (0-0.5 min). 

3. Time for drying of the liquid, t3 (20-30 min.). 

4. Time for attrition, t4 (30-60 min.) 

5. Time for elutriation, t5 (During the entire process) 

6. Time between each liquor load, t6 (Process variable) 

Figure 2.14 schematically shows the different time scales for processes, between 

two liquid additions, on a logarithmic plot. 

The model match 

The model setup assumes that the processes are of ideal first order, i.e. that any 

change in the modeled characteristic of the experiment will be noted immediately in the 

entire system. This means that the bed load at any time must be completely uniform. It 

is well known that there is a turn-over time in a fluidized bed, which is a measure of the 

time spent for one complete turn-over of the particles. In this time the particles at the top 
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Region A	 Region B Region C 

Rate Particle drying rate 

Particle formation rate 
Sample New Liquor addition 

Black liquor feed rate 

0 
0111° 

0.01 0.1 1 10 100 1000 10000 

Time (sec.) 

Figure 2.14:	 Logarithmic graphical presentation of different time processes in the batch 
fed fluidized bed granulator. Time scale 1 is region A. Time scale 2 is 
region B, while time scale 3 and 4 is completed with region C. Time scale 
5 is shown as an arrow on the graph. The rates show n are not actual rates, 
and should only be used as a guide for the time scales. 

of the bed will travel to the bottom of the bed. In the ideal case the turn-over time is 0, 

which means that a batch of particles (or droplets) arriving at the surface will be mixed 

with the entire bed in no time, leading to a uniform bed content. With this in mind a new 

time scale can be introduced: the bed turn-over time t7. For the granulation process to 

match the ideal first order model setup, it must be assured that, the bed is turned over 

several times during the time for addition of one liquid dose (25 [ml]). It must also be 

assured that the granulation process is completed before the granules arrive at the surface 

again. This can in short form be written as, t2<<t7<<ti. It is assumed that the above 

relation is satisfied for the experiments in this study. Decreasing the liquid flow rate will 

increase the time for liquid addition, and the relation will still be satisfied. It is on the 

other hand not possible to assure that the relation will hold for flow rates higher than the 
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one in the experiments, thus the upper limit for the flow rate in the model is the flow rate 

used in the experiments. 

Splitting a process into several sub-processes. 

It is now known that several sub-processes are present in the granulation process, 

and it must considered if the sub-processes can be separated into different models. It 

turns out that it is possible to split processes consisting of several sub-processes into 

different models if the time scales for the independent transient parameters are clearly 

different. In the agglomeration-attrition-elutriation process the time scales for the 

agglomeration (Liquor addition and nuclei formation, time scale 0-1 min) can be clearly 

separated from the attrition process (Drying and attrition, time scale 30-60 min) and the 

elutriation process (0-60 min) allowing the two different time transient processes to be 

modeled separately. 

Processes with more than one independent transient parameter 

The model by Chang et al. (1977) described earlier is purely a time-transient 

behavior, i.e. a transient observed characteristic (concentration) where time is the only 

independent transient parameter. Other physical conditions, such as temperature and 

pressure, will, in the model, affect the rate constant matrix K, but will not affect the 

method for the evaluation of the matrix. The modeling can be used for any transient 

parameter, but it is important that the independent parameter that is being investigated, is 

the only transient parameter that is affecting the modeled dependent characteristic. Some 

processes have more than one independent transient parameter. Special care must be 

taken in order to use the model on such systems. It will only be possible to determine the 

effect of several transient parameters in a process separately, if the effect of each 

parameter can be determined separate. Again, the time scales for the independent 

parameters must be clearly different. 

Earlier the three independent transient parameters for the batch agglomeration 

process were described: time, liquid load and droplet size. The short time scale for the 
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time transient agglomeration makes it difficult to study time transient agglomeration in a 

batch fed fluidized bed granulator. The transient behavior due to the liquid load and 

droplet size can, on the other hand, be followed without any complication. The model 

requires that discrete data that is a result of a constant change in the independent transient 

parameter. By adding the liquid in small doses, while keeping the spray conditions 

constant, will ensure that the discrete step is constant. Repeated experiments with one 

dose of binder addition will enable the liquor transient behavior of the granulation 

process to be determined. 

The attrition process is purely a time transient behavior and no special treatment 

must be applied to use the model. The data used for the attrition process is the change 

from the formed granules to the dry particles. 

Determination of the correct metric for the model 

All reactions are considered as first order rate processes. This means that the rate 

of change of one particle size group is proportional to the quantity of all particle size 

groups. It is important to find the metric that describe the driving force in the process, 

and use that metric for quantifying the particle size groups. There are several choices for 

quantifying and characterizing particle size distributions in a bed; weight fraction, volume 

fraction, number fraction and actual number of particles in each size group. To chose the 

right metric the nature of the processes being observed must be considered. The 

granulation process is in this case performed in the nucleation regime, that means that the 

liquor droplets are being loaded with particles until they are saturated. It is expected that 

the number of particles from any size group entering a droplet is proportional to the 

number of particles in that particular particle size group. This makes the number fraction 

or the number of particles an obvious choice for the metric. The number fraction is a 

relative measure for the quantity of particles in the bed, but the number fraction suffers 

from the shortcoming that the number fraction for a given particle size group, that is not 

participating in the process, can change due to a drop in the total number of particles, i.e. 

the number of particles is not preserved. Therefore the use of number fraction as a metric 
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of this process must be abandoned. If the number of particles in each size group is used 

other problems arise: one particle in particle size group 1 will not create one particle of 

size group 2, one particle of size group 2 can produce more than one particle of size 

group 1, etc. Using stochiometric constants (v1) that contain information about the 

number of particles formed when converting a particle of size group i to particles in size 

group j will make the modeling possible. A system of three different size groups 

containing ni particles of size group i can then be presented, 

+ Ati u11K
11 u 21K21 u31K3, nl(tY 

n2(t + At) = u12K12 U 22K 22 U32K32 n2(t) (2.48) 

n3(t + At) u13K13 U2 K3 23 33K33 n3 (t) 

The stochiometric coefficients must be ratios of the respective single particle volumes, so 

= (2.49) 

and the matrix-vector system can then be rewritten as, 

ni(t + K31 v 
1 

. n10K11 K21 

V2 n2 (t + At) = K32 v2 .n2(t) (2.50)K12 K22 

V3 n3(t + At) K13 K23 K33 v3 n3(t) 

which states that the actual volumes could be used as the metric, but under assumption of 

equal density for all particle sizes, both sides can be multiplied by the ratio of density and 

the total weight and the metric will change to become the weight fractions, 
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AO K11 K31 tw 0K21 

W2 ± At) = K12 K22 K32 w2 (t) (2.51) 

W3 ( ± At) K13 K23 K33 w3 (t) 

The weight fraction is a convenient metric, since it is measured directly from mechanical 

sieving. The weight fraction has the other advantage that the mass balance will always be 

closed, which is a requirement for the model to work. The weight fraction will therefore, 

even though it is not directly proportional to the number of particles in the bed, be the 

right metric to use for the model. 

The choice of particle size group limits must be carefully evaluated too, so, that it 

is possible to follow the granulation process and that the particle size distribution in each 

particle size group does not change. The two requirements can be restated as one: the 

particle size groups must be chosen so that no significant agglomeration occurs within 

each particle size group. A solution to this problem is to assure that the upper limit for a 

size group is smaller than two times the lower limit for the size group, i.e. an 

agglomeration of two of the smallest particles in this size group will always result in a 

particle that is larger than the upper limit. This is very hard to do for fine powders, since 

the number of particle size groups would increase dramatically as the minimum particle 

decreases. The limit described above is the most strict limit, and in real experiments a 

less strict limit can be chosen. The less strict limit can be chosen due to the nature of the 

fluidized bed granulation process. As the droplets enter the bed, they are loaded with 

particles until they are saturated. This means that the formed granules will contain 

several particles. The number of particles loaded in the droplet depend upon the size of 

the particles; the smaller the particles the more particles are loaded into the droplet, and it 

is therefore not expected that agglomeration of two single particles of the smallest size 

occur. Based on the actual particle size distribution of a normal starting material the 

following particle size groups were chosen: 0-90 pm, 90-250 gm, 250-500 µm , 500-833 

p,m and 833- pm. The particle size groups are referred to as sizes 1-5 where particle size 

group 1 is the smallest. Particle size groups 1 and 2 are the only groups that do not obey 
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the strict particle size group limits, and it is believed that the nature of the agglomeration 

process, will ensure that no significant change in the particle size distribution within each 

group will occur. Particle size group 5 was chosen to satisfy the objective of forming 

particles that are of a rather small size, to limit the reaction times in subsequent solid-

solid reactions. 
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1 

3. EQUIPMENT AND METHODS 

Equipment 

This section describes the setup of the experimental equipment. A sketch of the 

experimental setup is shown in figure 3.1. 

A: Black liquor Container 
B: Fluidizing air rotameter 
C: Atomizing air rotameter 
D: Black liquor nozzle 
E: Bed heater 
F: Fluidizing air heater 
G: Air Filter 
H: Column 
I: Air supply 
J: Air entrance chamber 

Figure 3.1: Experimental setup. 

Fluidized Bed Granulator 

The granulation experiments is conducted in a 101.6 mm internal diameter acrylic 

column. The wall thickness is 6.3 mm. The length of the bed from the distributor plate to 
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the filter section is 700 mm. The length of the air entrance chamber is 190 mm. The 

entrance chamber was partially filled with marbles to avoid jet effects in the chamber. 

The fluidizing air is introduced at the bottom of the bed. The air flow rate is 

controlled by a calibrated rotameter. The air is fed through a "sandwich" type distributor 

plate. The distributor plate consists of two 3.6 mm plates, each with 65 1.02 mm orifices 

in a triangular pitch. A metal screen is glued in between the two plates to prevent 

particles from raining through the orifices into the entrance chamber when the air flow is 

stopped. The center of the plate holds a cartridge heater. The theory described by Kunii 

and Levenspiel (1991) was used to design the distributor plate. 

Heat is added to the bed in two different ways. A 300 W cartridge heater is 

placed at the buttom of the bed penetrating the distributor plate from the buttom. The 

purpose of this heater is to ensure that sufficient power required for the evaporation of 

water is added. The granulation process is dependent upon the realtive humidity of the 

fluidizing air. To decrease the fluidizing air humidity the air was dried before it enters 

the bed. The fluidizing air was heated in a self designed heater. A 500 W cartridge heater 

was placed in the center of a tube. The rest of the tube was filled with ceramic chips. The 

cartridge will heat the ceramic chips, which in turn heat the air. The process response is 

slow for this configuration due to the high heat capacity of the chips, but the setup was 

sufficiently effective for this study. Using a glass tube allowed for visual inspection of the 

heater. If the power added to the cartridge is above the power that the cartridge can 

dissipate to the air, the cartridge will overheat, thereby damaging the cartridge heater. 

The Atomizing Nozzle 

The nozzle is a standard air atomizing nozzle from Spraying System Co. model 

1/4JAC with a liquid cap no. 1650 and a air cap No. 64. This means that the center 

orifice has a diameter of 0.016 in. = 0.41 mm, and the concentric air orifice has inner and 
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out dimensions of 0.050 in. = 1.27 mm and 0.064 in. = 1.52 mm respectivly. The nozzle 

is designed to operate with a siphon height up to 36 in. = 914 mm. The designed liquid 

loads are between 0.14 and 0.59 gal./hr depending on liquid feed pressure and air flow 

rate. 

The nozzle sprays the liquid perpendicular to the direction in which the feed 

streams enter, so it must is mounted on the wall of the fluidized bed to spray the liquid on 

the top of the bed. A separate inner tube was made for holding the nozzle. The inner 

tube can slide in the verticle direction, so the position of the nozzle can easily be changed. 

The nozzle can be situated between 350 mm and 470 mm above the distributor plate. 

This study used the 350 mm for the experiments. This is done to avoid the spray to 

hitting the wall. 

Air Supply System 

Air is used as the fluidization and atomizing gas. The air is supplied by the 

building air compressor. Both air flows are controlled by calibrated rotameters. 

Rotameter calibrations are shown in Appendix 4. 

Black Liquor Supply System 

A 1 1/2" tube was used as black liquor container. The container can be 

pressurized by air. The air pressure, or liquid feed pressure, can be controlled by a 

pressure control valve. The range of liquid feed pressure is 0-30 PSIG. The black liquor 

container is equipped with a coarse filter screen, to catch larger particles that might create 

problems for the operation of the nozzle. The black liquor is fed to the nozzle through a 

1/8" plastic tube. 
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A 3 way valve is situated downstream the black liquor container. The valve allows the 

feeding of pressurized air to the nozzle when the nozzle is not feeding black liquor. This 

is necessary to keep the nozzle from plugging during the experiments. 

Air Cleaning Arrangements 

An automotive Purolator air filter # A14347 is used for the purge gas. The filter 

is clamped to the top of the bed. An exhaust vent is placed at the outlet of the air filters 

to remove the fumes from the reactor. 

Variables 

The granulation process depends on many process variables. In order to evaluate 

the experimental data these process variables must be controlled. Table 3.1 shows the 

process variables that can be controlled in the process and their possible range plus the 

values used for this study. 

Variable 
Fluidizing air flow (Superficial) 
Atomizing air flow 
Black liquor back pressure 
Black liquor quantity 
Power input bed 
Bed load 
Bed Temperature 
Power input fluidizing air 
Temperature black liquor 

Symbol 
Fa 
Faa 

Pbi 

Mbl 

Wbed 

Lbed 

Tbed 

Wfa 

'41 

Range 
0-0.5 
0-45 

0-2*105 
25 

0-300 
1800 
70 

0-500 
20 

Operation Unit 
0.2-0.5 [m/s] 

15 [1/min] 
0.34*105 [Pa] 

25 [g] 
200 [Watt] 
1800 [g] 
70 [°C] 

250	 [Watt] 
20 [°C] 

Table 3.1: Variables controlled in the granulation experiments. 



58 

Methods 

Black Liquor Solid Determination 

The determination of black liquor solids were made using TAPPI method T 650 

om-89, "Solids content of black liquor". 

Black Liquor Nozzle Flow Rate Determination 

The determination of flow rate of black liquor from the atomizing nozzle is 

performed prior to running the actual granulation experiments. A known quantity of 

black liquor is sprayed at preset black liquor feed pressure and atomizing air flow rate. 

The spraying time is recorded with a stopwatch. From the sprayed volume and the 

sparying time the black liquor flow rate can be determined. Triple determination is made 

for all sets of black liquor feed pressures and atomizing air flow rates. The flow rate is 

taken as the average of all three flow rates. If one single flow rate is significantly 

different from the other two, this flow rate is omitted from the average calculation. 

Drop Size Distribution Determination 

A novel method was used to determine the average drop size. The method is 

described in Appendix 1. 
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Determination of Density of the Particles 

The determination of density of particles is done by the weighing ofa known 

volume of particles. The density of the particles was calculated by assuming the void 

fraction of the particles in a loosly packed container. 

Operation of the Fluidized Bed Granulator 

The operation of the bed is chosen in order to enable us to follow the different 

processes that take place during the granulation process. The time for the agglomeration 

process is restricted in both the lower and upper limit as described earlier in the model 

development. The lower limit is due to the time of particle formation. The upper limit is 

caused by the attrition of formed agglomerates. The operation is held in the nucleation 

region for the experiments in this study, which means that the granulation is due to dry 

titaniun dioxide particles are stuck to the sticky surface of the black liquor droplets. This 

process is very fast due to the vigorous motion of solids in a fluidized bed. The time for 

the process can be found by examination of the formed granules. If the time for 

granulation is chosen too short, the granules will appear to be wet and sticky. Experience 

from earlier experiments indicates that 1 min. is sufficient for the granule formation, and 

this time was used for the experiments. The upper limit must be chosen so attrition does 

not occur. Attrition will occur as soon as agglomerates are formed, but it is a time 

dependent process and it is believed that 1 minute of drying time will not contribute to 

any significant attrition and thus not influence the experimental results. The procedure 

for a complete experimental run is as follows. 

Determine the particle size distribution (Co, [Wt %]) of the starting material. 

Weigh the empty filter (Wf, [g]). 

Weigh the particle load (Wbed, [g]). 
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Start the nozzle with both air flows to avoid plugging of the nozzle.
 

Start the fluidizing air flow at a low flow rate to ensure that particles do not plug the
 

distributor plate.
 

Load the particles.
 

Place filter on the top of the column.
 

Increase fluidizing air flow rate to operating superficial velocity
 

Start heating the bed.
 

Follow the temperature of the bed as time progesses.
 

Turn off bed heater when the bed temperature reaches 80°C.
 

Swith nozzle feed from air to black liquor.
 

Turn off fluidizing air heater.
 

Let bed run for 1 min. after the black liquor is added.
 

Stop air flows and empty bed.
 

Determine particle size distribution for the agglomerated particles (CI, [Wt %]) .
 

The attrition process is a dominating process for the granulation process after the 

agglomerates are formed. This process must be studied separately in order to describe 

both processes. This is done by returning the formed granules to the bed after the size 

distribution is determined. The particles are dried for 70 min. and are measured again. 

The whole bed will, in this period, change color from dark grey to light grey as drying 

and attrition proceed. To ensure sufficient time for complete drying the bed was run for 

70 minutes before the particles were measured. The procedure for the attrition 

experiment is as follows. 

Return the agglomerates to the bed. 

Turn on the fluidizing air to 0.4 m/s superficial velocity. 

Turn on bed heater and fluidizing air heater. 

Heat the bed to 80°C. 

Turn off heaters. 
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Leave the particles in the bed for a total of 75 min. 

Turn off fluidizing air.
 

Empty the bed.
 

Measure the particle size distribution after attrition (C2, [Wt %]). 

Granule Size Distribution Determination 

The determination of the granule size distribution is done by mechanical screen 

analysis. A gentle method was developed in order to avoid attrition of particles during the 

screening progress. The screens were gently shaken, and the screens were removed as the 

particles passed them with the largest screen removed first. A more detailed description 

of the sieving analysis is given in Appendix 3. 

The mean granule size is calculated from the weight percentages in the different 

sieves (Kunii and Levenspiel, 1991) 

1
d (3.1)

Alli(Xidp) 

Where xi and dp,i is the weight fraction in sieve i and the mean size in sieve i, 

respectively. 
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Materials 

Titanium-Dioxide 

Titanium-dioxide (TiO2) is a white crystalline powder. The molecular weight is 

79.90 g/mol, and the solid density is 4170 Kg/m3. TiO2 bought from Integra Chemicals 

came rather moist and partly agglomerated. As TiO2 is heated and fluidized the loosely 

bound agglomerates break up into a fine powder, that is easily blown out of the bed. This 

powder will also start a selfagglomeration as described by Morooka et al. (1988) and after 

some operation particles of sizes ranging from 0-1600 pim are present in the bed. This 

material was used as the starting material for the granulation experiments. 

A total mass of 7 kg TiO2 was used in the experiments. A normal bed load is 

1800 g TiO2. 

The fluidization characteristics were determined for one particle mixtures in the 

study. A pressure drop curve for attrition particles in experiment # 6 is shown in figure 

3.2. The distributor plate pressure drop is not subtracted from the result, which makes the 

pressure drop increase even after the fluidization regime is reached. The minimum 

fluidization velocity can easily be found at the break in the pressure drop curve to 0.072 

[m/s]. 

The minimum fluidization velocity can be calculated from Kunii and Levenspiel 

(1991) for 350 µm particles to be 0.18 m/s. 
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Figure 3.2: Example of fluidization curve obtain from experiment # 6. 

Black Liquor 

Black liquor is as known a byproduct from the pulping process. Black liquors 

vary greatly in physical behaviour depending on both the pulping process and the type of 

fiber source that is used in the paper making. 

Composition 

Black liquor contains both organics, from the wood, and inorganic materials from 

the pulping process and the wood itself. A sample analysis (Adams and Frederick, 1988) 

is shown in Table 3.2. All values are given in weight percent of the black liquor solids 

(BLS). 
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Element wt. % BLS 

Carbon C 39.0% 

Hydrogen H 3.8% 

Oxygen 0 33.0% 

Sodium Na 18.6% 

Potassium K 1.2% 

Sulfur Sulfur 3.6% 

Chloride Cl 0.6% 

Inerts Si, Al, Fe, Ca, etc. 0.2% 

Solids S 65% of black liquor 

Higher heating value HHV 15,350 KJ/Kg BLS 

Net heating value NHV 12,180 KJ/Kg BLS 

Table 3.2: Sample analysis of black liquor. From Adams and Frederick (1988). 

Viscosity 

The viscosity of black liquor depends on the solid content and the temperature. 

Adams and Frederick (1988) derived an equation to fit viscosity experiments from several 

authors. The equation is, 

) 3.72
Log µb' = 1.51-10-2(S.T*\ + 2.61.10"' ST (3.2)

T T 

Where 1.1bi and [t.,, is the viscosity of black liquor and water respectivly. S is the 

solid content (in %), T is the temperature and T* is a reference temperature (=373 K). A 
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plot of reduced viscosity at different temperatures as a function of solid content is shown 

in figure 3.3. 
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Figure 3.3:	 Black liquor viscosity dependecy on black liquor solid. Data from Adams 
and Frederick (1988). 

The viscosity increases exponentially with increased solid content, which makes 

the control of the solids content very important in a process where viscosity is an 

important characteristic. Viscosity influences the droplet size from the atomizing nozzle, 

which again will influence the granulation process. 
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Surface tension 

Surface tension of black liquor depends upon temperature and solid content, but 

the effect is not very pronounced in the parameter range used for this study. The surface 

tension is 30-40 Dynes/cm = 0.03-0.04 N/m for temperatures in the range 20-80°C and 

solids content is in the range 10-50 %. These values are determined using charts by 

Adams and Frederick (1988). 

http:0.03-0.04
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4. EXPERIMENTAL RESULTS
 

Results From Black Liquor Solid Contents Measure 

The solid content was measured according to TAPPI standard and the results 

obtained are shown in table 4.1. 

Black liquor solid determination 

Sample #1 Sample #2 Sample #3 

[g] [g] [g] 

Weight of 81.01875 81.83505 75.76970 

Sand+Tray dried 

Weight of 89.71185 87.84485 83.44735 

Sand+Tray+Black Liquor 

Weight of Black Liquor 8.69310 6.00980 7.67765 

Weight of 84.9820 84.64245 79.03215 

Sand+Tray+Dry Black Liquor 

Weight of Black Liquor 3.96325 2.80740 3.26245 

% Black Liquor Solids 45.6 46.7 42.5 

Average % Black Liquor Solids 44.9 

Table 4.1: Results from black liquor solids content analysis. 

Results From Nozzle Characterization 

Flow Rate 

The results from the flow rate determinations are given in Table 4.2. 
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Nozzle flowrate determination
 
Run No. Liquid Air Flow Liquid Time Flow rate Notes 

Pressure Mass 
PSIG 1/Min g min. g/min. 

1 a 15 10 52.4 1.00 52.4 * 

lb 15 10 68.4 1.11 61.6 
lc 15 10 70.8 1.18 60.0 
2a 15 10 65.3 1.04 62.8 

, 

3a 15 18 57.9 1.48 39.1 * 

3b 15 18 66.7 1.74 38.3 
3c 15 18 57.3 2.27 25.2 ** 
4a 15 13 86.5 1.51 57.3 * 

4b 15 13 64.8 1.26 51.4 
4c 15 13 56.9 1.11 51.3 
6a 5 10 74.5 30.0 2.48 *** 
6b 5 10 85.4 2.72 31.4 * 

6c 5 10 50 1.87 26.7 
7a 5 13 45.7 1.80 25.4 * 

7b 5 13 60.6 3.09 19.6 
7c 5 13 37.4 1.45 25.8 
8a 5 18 73.7 3.23 22.8 * 

8b 5 18 43.8 1.93 22.7 
8c 5 18 70.4 3.91 18.0 
9a 25 18 46.8 0.74 63.2 * 

9b 25 18 56.4 0.84 67.1 
9c 25 18 55.5 0.87 63.8 
10a 25 13 60.8 0.92 66.1 * 

10b 25 13 70.0 1.08 64.8 
10c 25 13 64.0 0.97 66.0 
1 1 a 25 10 91.1 1.78 51.2 * 

1 lb 25 10 53.0 0.95 55.8 
11c 25 10 49.9 0.85 58.7 

Table 4.2: Results from flow rate determinations. 
* The experiment is used for drop size distribution experiments. 
** The spray looked unsteady. 
*** Plugged nozzle. 
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Average Drop Size Results. 

The determination of the drop size was made with a novel method. The method is 

described in Appendix 1. Table 4.3 show the experimental results from the drop size 

distribution measurements. 

Droplet size determination 

Run No # of Diameters Droplet Count Water Transmission 
ml % 

1 al 12.3 13,24,45,26,37,31 25 91 

1 a2 12.2 32,36,25,27,27,19 25 86.5 
1 a3 12.2 33,24,32,28,40,40 25 79 
2a1 12.4 30,38,45,35,40,39 25 70 
2a2 12.2 30,37,36,25,35,39 25 70 
2a3 12.5 24,30,27,18,19,27 25 78.5 
3a1 12.3 77,58,66,45,50,65 25 93 

3a2 12.5 72,97,80,61,59,92 25 94 
3a3 12.3 69,84,65,63,76,83 25 92.5 
4a1 12.3 130,91,64,87,79,89 25 67.5 
4a2 12.4 74,73,70,71,69,55 25 75 

4a3 12.4 68,66,75,90,83,66 25 80 
6b1 12.4 140,163,127,120,116,134 25 87 
6b2 12.6 122,159,127,112,137,105 25 79 
6b3 12.6 146,116,139,133,121,133 25 69 
7a1 12.5 139,137,111,119,122,94 25 94 
7a2 12.5 124,121,122,128,111,113 25 93 

7a3 12.5 141,113,102,112,134,118 25 93 

8a1 12.7 156,91,140,159,155,146 25 94 
8a2 12.4 171,136,203,189,163,187 25 92 
8a3 12.5 205,189,191,114,194,183 25 92 
9a1 12.5 74,100,102,55,77,108 25 86 
9a2 12.4 116,113,170,149,73,151 25 82.5 
9a3 12.6 126,146,132,140,92,107 25 78.5 
10a1 12.5 33,37,20,22,36,31 25 79 

10a2 * 12.5 21,22,24,19,25,36 25 65 

10a3 12.7 61,50,36,40,71,45 25 72 

11 al 12.4 19,20,15,17,28,17 25 62.5 

11a2 12.5 17,40,21,10,22,29 25 59 

1 1 a3 12.5 29,31,20,17,20,32 25 70 

Table 4.3: Experimental results from drop size meassurements. 
* The plate was difficult to count since many large drops were coating the 
plate. 



70 

Evaluation and model fitting of the data presented above to the model of Worts 

and Schafer (1977b) is given in Chapter 5 'Correlation of Drop Size to Model'. 

Results From Density Determination 

Particle Density Determination
 

Particle Size Group # 1 2 3 

Particle size [Pm] 0-90 90-250 250 

Container [cm3] 16.59 16.57 16.61 

Volume 

Container Weight [g] 12.55495 12.50275 12.58630 

Container+Sample [g] 29.76480 31.06985 30.95425 

Weight 

Sample Weight [g] 17.20985 18.56710 18.36795 

Estimated Voidage 0.40 0.40 0.40 

Density [kg/m'] 1729 1868 1843 

Table 4.4:	 Determination of particle density for 3 different size groups. Particle size 
groups 3,4 and 5 is measured as a mixture. 

Based on the above results no difference in the density of the different particle 

sizes was apparent, so constant density was assumed at 1800 [kg/m3]. 
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Results From Fluidized Bed Granulator 

The results from the granulation experiments are given in tables 4.5-4.18. The 

tables show the weight fraction of each of the particle size groups and an estimate of the 

average particle size based on equation 3.1 (Kunii and Levenspiel, 1991). Modeling, data 

analysis and discussion of the granulation data are given in Chapter 5 'Model for 

Agglomeration' 

Experiment # 1 
Particle size Particle size Start Agglomeration Attrition 

group # [iim] [Wt %] [Wt %] [Wt %] 

1 0-90 11.24 7.40 N/A 

2 90-250 46.54 41.43 N/A 

3 250-500 26.94 29.74 N/A 
4 500-833 15.18 16.46 N/A 

5 833- 0.71 4.97 N/A 
Average size [Inn] 162 193 N/A 

Table 4.5: Experimental result from experiment 1. 

Experiment # 2 
Particle size Particle size Start Agglomeration Attrition 

group # [1-un] [Wt %] [Wt %] [Wt %] 

1 0-90 2.96 2.79 N/A 
2 90-250 22.37 17.22 N/A 

3 250-500 55.56 51.55 N/A 

4 500-833 8.99 14.04 N/A 

5 833- 10.12 14.40 N/A 

Average size [Inn] 271 297 N/A 

Table 4.6: Experimental result from experiment 2. 

http:833-10.12
http:833-0.71
http:4.5-4.18
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Experiment # 3 
Particle size Particle size Start Agglomeration Attrition 

group # [lm] [Wt %] [Wt %] [Wt %] 
0-90 5.21 3.09 4.42 

2 90-250 30.77 23.20 25.57 
3 

1 

250-500 46.53 45.14 43.84 
4 500-833 16.73 23.89 23.76 
5 833- 0.76 4.68 26.17 

Average size [Ilin] 224 273 248 

Table 4.7: Experimental result from experiment 3. 

Experiment # 4 
Particle size Particle size Start Agglomeration Attrition 

group # [I-un] [Wt %] [Wt %] [Wt %] 

1 0-90 9.93 6.05 8.03 

2 90-250 43.43 34.12 38.45 
3 250-500 34.74 37.56 37.30 
4 500-833 11.72 16.10 14.40 
5 833- 0.18 6.18 17.23 

Average size [Pm] 170 215 191 

Table 4.8: Experimental result from experiment 4. 

Experiment # 5 
Particle size Particle size Start Agglomeration Attrition 

group # [1-inl] [Wt %] [Wt %] [Wt %] 

1 0-90 1.10 0.92 1.15 

2 90-250 38.43 29.58 33.00 
3 250-500 46.65 46.41 47.64 
4 500-833 13.23 17.77 15.39 

5 833- 0.60 5.32 2.83 

Average size [I-un] 253 285 268 

Table 4.9: Experimental result from experiment 5. 

http:833-0.60
http:833-0.18
http:833-0.76
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Experiment # 6
 
Particle size Particle size Start Agglomeration Attrition
 

group # [Wt %] [Wt %] [Wt %]
binli 
0-90 0.12 0.44 0.53 

2 

1 

90-250 13.03 11.38 12.30 
250-500 69.29 60.81 63.50 

4 500-833 16.73 22.29 20.54 
5 833- 0.82 5.08 3.13 

Average size [I-Lm] 345 360 348 

3 

Table 4.10: Experimental result from experiment 6. 

Experiment # 7 
Particle size Particle size Start Agglomeration Attrition 

group # [Pm] [Wt %] [Wt %] [Wt %] 

1 0-90 8.82 6.23 7.91 

2 90-250 39.99 32.72 37.02 

3 250-500 50.66 52.05 51.41 

4 500-833 0.37 4.36 1.52 

5 833- 0.16 4.64 2.14 

Average size [I-un] 176 208 187 

Table 4.11: Experimental result from experiment 7. 

Experiment # 8 
Particle size Particle size Start Agglomeration Attrition 

group # [Ilm] [Wt %] [Wt %] [Wt %] 

1 0-90 5.99 3.99 4.71 

2 90-250 38.44 30.82 34.00 
3 250-500 54.07 55.53 56.53 

4 500-833 1.21 5.56 2.67 

5 833- 0.29 4.11 2.09 

Average size [1-an] 198 232 217 

Table 4.12: Experimental result from experiment 8. 

http:833-0.29
http:833-0.16
http:833-0.82
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Experiment # 9 
Particle size Particle size Start Agglomeration Attrition 

group # [1-un] [Wt %] [Wt %] [Wt %] 
1 0-90 1.00 1.54 2.03 
2 90-250 22.36 20.46 22.92 
3 250-500 38.24 38.98 39.94 
4 500-833 24.99 24.99 22.78 
5 833- 13.41 14.03 12.33 

Average size [Ilm] 326 323 300 

Table 4.13: Experimental result from experiment 9. 

Experiment # 10 
Particle size Particle size Start Agglomeration Attition 

group # [Pm] [Wt %] [Wt %] [Wt %] 
1 0-90 4.16 3.12 3.06 
2 90-250 12.58 11.66 12.62 
3 250-500 47.46 46.18 47.22 
4 500-833 23.99 25.85 24.59 
5 833- 11.80 13.20 12.50 

Average size [1-1111] 293 320 315 

Table 4.14: Experimental result from experiment 10. 

Experiment # 11 
Particle size Particle size Start Agglomeration Attrition 

group # [Wt %] [Wt %] [Wt %][Inn] 
1 0-90 2.63 1.81 2.25 
2 90-250 5.02 5.33 6.12 
3 250-500 62.41 58.88 60.49 
4 500-833 24.26 25.46 24.14 
5 833- 5.67 8.52 6.99 

Average size [1-un] 337 363 344 

Table 4.15: Experimental result from experiment 11. 

http:833-5.67
http:833-11.80
http:833-13.41
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Experiment # 12
 
Particle size Particle size Start Agglomeration Attrition 

group # [1-un] [Wt %] [Wt %] [Wt %] 
1 0-90 14.60 11.61 13.82 
2 90-250 48.75 45.75 47.45 
3 250-500 36.58 38.07 36.51 
4 500-833 0.05 1.64 0.73 
5 833- 0.08 4.58 2.22 

Average size [Ilm] 141 158 146 

Table 4.16: Experimental result from experiment 12. 

Experiment # 13 
Particle size Particle size Start Agglomeration Attrition 

group # [im] [Wt %] [Wt %] [Wt %] 
1 0-90 29.59 25.65 29.61 
2 90-250 35.74 37.64 36.34 
3 250-500 33.81 34.86 33.21 
4 500-833 0.59 0.94 0.53 
5 833- 0.86 1.85 0.84 

Average size [fim] 104 113 104 

Table 4.17: Experimental result from experiment 13. 

Experiment # 14 
Particle size Particle size Start Agglomeration Attrition 

group # [Inn] [Wt %] [Wt %] [Wt %] 
1 0-90 27.67 22.17 24.49 
2 90-250 38.29 39.13 39.41 
3 250-500 30.60 32.83 31.81 
4 500-833 3.41 4.15 3.59 
5 833- 0.03 1.73 0.70 

Average size [Pm] 108 122 115 

Table 4.18: Experimental result from experiment 14. 

http:833-0.03
http:833-0.86
http:833-0.08
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In order to have complete data, data in the whole range of weight fractions should 

be available. This would mean that experiments with many combination of particle 

mixtures would be needed. Due to the complexity of the experiments the number of 

experiments was limited to 14, so the range of possible mixtures are not completely 

covered. This will influence the modeling, giving disturbance in the model fit. To have 

an estimate of the range that the weight fraction data is obtained, a plot of the starting 

materials for all 14 experiments is shown in figure 4.1. The figure clearly shows that not 

all the ranges are completely covered. 
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Figure 4.1: Distribution of starting weight fractions for all experiments. 
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5. DATA INTERPRETATION AND MODELING 

Correlation of Drop Size to Model 

According to Schaefer and Worts (1977b) the average drop size can be calculated 

using equation 2.26. In equation 2.26 there is a constant that is found by best fit 

modeling. Keeping the exponential values constant and changing the empirical constant 

to 64 resulted in the best fit. This constant was found by least square method using the 

software Microsoft EXCEL. In order to obtain the result experiment 10a2 and 11 a were 

excluded. Experiment 10a2 was omitted due to problems in counting the droplets 

because the plate looked coated with liquid, while experiment 11 a was left out because 

the small number of drops and large drop sizes made it difficult to obtain a precise count. 

With this constant the mass average drop size can be calculated and compared to the 

measured size. Table 5.1 shows the results from the calculation using the model by 

Schafer and Worts (1977b) with the empirical constant set to 64. A comparison is made 

in figure 5.1, where the calculated size is plotted as a function of the measured size. All 

calculations are found to be within 20 % of the measured size, which was assumed to be 

within the experimental uncertainty. 

Proposed Model for Agglomeration. 

In the following particle size groups 4 and 5 have been combined into one group 

called particle size group 4. This is done due to the very low concentrations obtained of 

the original particle size group 5. 

Several pictures of the formed agglomerates were taken to verify our assumption 

about the agglomeration mechanism. The pictures for each of the four particle size 

groups are shown in figure 5.2-5. 
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Run # Exp. 1 Exp. 2 Exp. 3 Average Calculated 

gm gm gm gm gm 

la 55.9 65.6 71.8 64.4 69.9 

2a 76.3 80.1 78.8 78.4 77.6 

3a 40.4 35.0 38.7 38.1 32.8 

4a 59.0 58.8 53.1 57.0 56.6 

6b 37.9 44.7 50.4 44.3 51.9 

7a 30.2 31.8 31.8 31.2 35.3 

8a 28.3 29.5 29.1 28.9 24.0 

9a 44.7 42.4 45.5 44.2 43.3 

10a 72.9 92.3 66.6 69.8 61.5 

1 la 102.7 99.1 87.3 96.4 69.0 

Table 5.1: Calculated and measured mass average drop sizes. 
* Is not used in the calculation of the average.** Is not used in the 
parameter fitting. 

0 20 40 60 80 100 

Meassured size (mm) 

Figure 5.1: Comparison of measured and calculated volume average drop sizes. 
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Figure 5.2 : Picture of particles in particle size group 1. 

Figure 5.3 : Picture of particles in particle size group 2. 
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Figure 5.2 show particle size group 1. This figure show that the agglomeration 

with in particle size group 1 is very limited, so the choice of upper limit for this particle 

size group is good. From figure 5.3-5 show that the formed agglomerates are uneven in 

the surface. The figure clearly show that the agglomerates are formed as smaller particles 

are bound together as they collide with the droplet. So the assumed agglomeration 

mechanism is in agreement with the observed agglomerates. 

As stated earlier there are several choices for the solution of the least square 

problem, i.e. the determination of the rate constant matrices. The best solution is the least 

square fit with no restriction. This means that the rate constant matrix Kd must be found, 

so that the error of the calculated output concentration is minimized. The rate constant 

matrix can in this case be any matrix in the space R4x4. This solution is denoted as the 

global solution. This solution is found by using the normal equation method presented in 

equation 2.47. The model is physically set up in such a way, that all entries in the matrix 

must have a value between 0 and 1, so a different solution is the solution that obeys the 

physics of the model. This solution is called the local solution. A third solution is a 

further restriction of the local solution. The attrition during the first minute is expected to 

be very limited. A no attrition solution can be obtained by forcing the upper right 

triangular part of the matrix to be all 0. This is easily done by changing the boundaries in 

the already written FORTRAN code. This solution will in the future be denoted as the 

restricted local solution. For the attrition the restricted local solution contains 0 in the 

lower triangular part of the matrix. It should be noted that all 3 solutions should be the 

same in the ideal case, but that errors in the measurement and the stochastic behavior of 

the process, will introduce errors, that for most cases will disturb the system, resulting in 

a difference in the solutions. The disturbance from stochastic behavior will decrease with 

an increased number of experiment, while the disturbance of the measurement error is 

determined by the condition of the problem. Small perturbations in the data can change 

the solution significantly if the problem is ill-conditioned. It must also be considered that 

the error of the solutions will increase as more restrictions are applied. 
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Model for Agglomeration. 

The model for the agglomeration process gives the following three solutions : 

The global solution: 

0.87 -0.04 0.01 0.00 

0.37 0.77 -0.02 0.05 
K d,Agg =

0.02 0.14 0.88 0.05 

-0.25 0.13 0.13 0.90 

with a sum of squared errors of 0.0133. 

The local solution: 

0.75 0.01 0.00 0.00
 

025 0.79 0.00 0.02
 
Kd,Agg 7-

0.00 0.15 0.88 0.03 

_0.00 0.05 0.12 0.95_ 

with a sum of squared errors of 0.0211 

The restricted local solution: 
_ 
0.76 0 0 0 

0.24 0.80 0 0 
KdAgg = 

0.00 0.14 0.90 0 

0.00 0.06 0.10 1.00 

with a sum of squared errors of 0.0221. 

The error of the negative numbers can look insignificant, but become obvious if a simple 

process modeling of the agglomeration is done. Figure 5.6 shows the behavior of the 

weight fractions with increasing black liquor load with a starting material of only particle 

size group 1. 
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Figure 5.6:	 Process simulation of the agglomeration process based on the global 
solution. 

The negative entry Kd(4,1) correspond to a disappearance of particles of size 4 

with the presence of particle size group 1. This will for the simulation above give a 

physical impossible negative weight fraction of particle size group 4. The erroneous 

solution is obtained due to the lack of experiments with high weight fraction of particle 

size group 1 ( See figure 4.1). It is therefore concluded that the global solution of the 

agglomeration process is limited to small weight fractions of size 1, and that further 

experiments must be conducted before sufficient coverage of the range is obtained and a 

global solution in the physically acceptable region can be found. The difference between 

the local and the restricted local solution is small, and most of the upper triangular 

elements are not significantly different from zero. It can therefore be concluded, that 

based on earlier assumption that no attrition should occur during the short agglomeration 

time, that the local restricted solution is the best fit for the agglomeration process for the 

entire space of weight fractions. A process simulation with this rate constant matrix is 

shown in figure 5.7. 
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Figure 5.7:	 Process simulation of the agglomeration process based on the local 
restricted solution. 

The process behavior shows a clear trend towards the larger size groups with the 

final product where all particles are of size 4. This is exactly what is expected for an 

agglomeration process, so the obtained result is physically reasonable. 

Model for Attrition 

The attrition is modeled based on 12 experiments. The solutions are: 

The global solution: 

1.10 0.03	 0.00 0.00 

0.22 1.11 0.01 0.00 
KdAtt 

0.04 0.05 1.04 0.00 

0.17 0.09 0.05 1.00 

with a sum of squared errors of 0.0022. 



85 

The local solution: 

1.0 0.01 0.01 0.00 

0.00 0.99 0.03 0.04 
KdAtt 0.00 0.00 0.96 0.08 

0.00 0.00 0.00 0.88 

with a sum of squared errors of 0.01275 

The local solution contain zeros in the entire lower triangular part of the matrix, so the 

restricted local solutions do not differ from the local solutions. Process simulation for the 

global solution is shown in figure 5.8. 
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Figure 5.8: Process simulation of the attrition process based on the global solution. 

The figure again shows the limitations in obeying a physical reality, and it must 

be concluded that the range for the global solution is restricted to a small interval with a 

low weight fraction of particle size group 1 (figure 4.1). Figure 5.9 shows the simulation 

of the attrition process based on the local solution. 
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Figure 5.9: Process simulation of the attrition process based on the local solution. 

The simulation show that particles of size group 4 disappear with time. This is 

physically what we should expect from an attrition process, so the obtained result is 

reasonable. 

Comparison of Model with Experiments 

A comparison of the calculated change in weight fraction and the measured 

change in weight fraction for the agglomeration process is shown in figure 5.10. The 

calculations are based on the local restricted solution. 

This figure shows a good agreement between the calculated and the measured 

values. By observing each particle size separately one can see that no general trend is 

present within each size group which confirms our expectation, that the first order rate 

process is a reasonable assumption. A similar plot for the attrition is shown in figure 

5.11. 
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Figure 5.10: Comparison of the calculated and measured change in weight fraction for 
the agglomeration process. 
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Figure 5.11:	 Comparison of the calculated and measured change in weight fraction for 
the attrition process. 



89 

Figure 5.11 shows reasonable good agreement between measured and calculated values. 

This verifies the assumption that a linear first order rate model represent the attrition 

process well. 

Stability Analysis 

Often, it is important to know the sensitivity of the proposed model to small 

perturbations. Small perturbations in the measurements can, as mentioned, lead to large 

errors if the problem is ill-conditioned. It is possible to calculate upper bounds for the 

error of any general least square method. But as additional constrains are added to the 

least square method, the method of error estimation breaks down. The sensitivity of the 

problem can in this case only be found by calculation of the rate constant matrices based 

on perturbed experimental data. A calculation is made after adding a perturbation to the 

experimental output data and calculating the rate constant matrices, it is possible to get a 

measure of the sensitivity. By adding 0.01 to the weight fractions of particle size groups 

1 and 2, and subtracting 0.01 from the weight fractions of particle size group 3 and 4. 

The local restricted solution for the agglomeration process is then obtained as, 

0.81 0 0 0 0.76 0 0 0 

0.19 0.85 0 0 0.24 0.80 0 0 
K d,Agg Kd,Agg =

0.00 0.12 0.90 0 0.00 0.14 0.90 0 

0.00 0.03 0.10 1.00 0.00 0.06 0.10 1.00 

A comparison between this solution and the un-perturbated solution shows that the 

solutions are almost identical and the problem therefore is stable to small experimental 

errors. The same procedure is used to study the sensitivity of the attrition process. In this 

case particle size group 1 and 2 are decreased by 0.01, while particle size group 3 and 4 

are increased by 0.01. 
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1.0 0.01 0.00 0.00 1.0 0.01 0.01 0.00 

0.00 0.99 0.01 0.02 0.00 0.99 0.03 0.04 
d,Att = 0.00 0.00 0.99 0.07 

K d,Att = 0.00 0.00 0.96 0.08 

0.00 0.00 0.00 0.91 0.00 0.00 0.00 0.88 

Again it is possible to conclude that the problem not is very sensitive to measurement 

errors in the experiment. 

Discussion of the Obtained Results 

The results shown above cover separately each of the two processes in the 

granulation process: the agglomeration and the attrition process. It is obvious that the 

combination of theses two processes and the overall process setup will determine 

performance characteristics of the granulation process. The experiments are performed in 

a bed of 1.8 kg of particles and the liquid is added in doses of 25 ml. This must be 

considered when combining the rate constant matrices. As mentioned above the two 

processes also depend upon the overall process configuration, i.e. the way to 

mathematically combine the agglomeration and the attrition processes will differ from a 

batch operated process to a continuously run process. In the following examples it is 

shown how the rate constant matrices must be combined for different process 

configurations. 

Example 1: Batch solid, batch-fed liquid operation of the fluidized bed granulator. 

In this particular setup a small quantity of black liquor is added to the bed and 

formed agglomerates are allowed to dry. We work with a 1.800 kg batch of solids (= one 

experimental load of solids) and we add the black liquor in two different ways, 
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A. In doses of 25 ml, lx the experimental load of liquid 

B. In doses of 50 ml, 2x the experimental load of liquid 

One dose of black liquor is added during a short time, the length of which is insignificant 

compared to the total process time. 

A. Here 1 agglomeration step is followed by 1 attrition step for each dose of liquid 

added. The overall discrete rate constant matrix can be found by multiplying the two rate 

constant matrices, KdAgg and Kd, Att. This gives rise to a new discrete rate constant matrix 

Kd. Using the restricted local solutions obtained above we obtain, 

0.76 0.01 0.01 0.00 

Kd = Kd,Att Kd,Agg 
0.24 

0.00 

0.80 

0.14 

0.03 

0.87 

0.04 

0.08 
(5.1) 

0.00 0.05 0.09 0.88 

A simulation of this process for some 40 batches of black liquor is shown in figure 5.12 
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Figure 5.12: Simulation of example 1.A. Batch-solid, batch-fed liquid operation of the 
fluidized bed, liquid addition in doses of 25 ml. 



92 

B. In this process setup two agglomeration steps are followed by one attrition . The 

overall rate constant matrix is obtained by multiplication of the individual rate constant 

matrices as, 

0.58 0.01 0.01 0.00 

0.38 0.65 0.03 0.04
Kd = K d,Att Kd,Agg Kd,Agg = (5.2)

0.03 023 0.79 0.08 

0.01 0.11 0.17 0.88 

A simulation based on the matrix above is shown in figure 5.13. 
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Figure 5.13: Simulation of example 1.B. Batch operation of the fluidized bed with 
batch fed liquid addition in doses of 50 ml. 
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A comparison of the two simulations shows that the equilibrium size distribution 

of the particles changes with the method used in the spaying. As the dose size increases 

the final particle size will consist of larger particles. This effect is due to the decreased 

processing time for the operation when the liquid is added in doses of 50 ml, which will 

inhibit attrition, and lead to formation of larger particles. 

Example 2:	 Batch solid, continuously-fed liquid operation of the fluidized bed 
granulator. 

Here, one assumes that the agglomeration and attrition processes take place 

simultaneously, and on the same time scale. This make the simulation of the process a 

little more involved. In this example one can show the effect of the liquid flow rate on 

the granulation process by simulating situations with different liquid flow rates. 

However, it is assumed that the droplet size distribution is kept the same as in our 

original experiments. This must be done by manipulating the spray conditions according 

to the theory in chapter 2 

In order to combine the effects of agglomeration and attrition in the continuos 

time domain it is necessary to transform the discrete rate constant matrices into continuos 

rate constant matrices. The transformation from discrete to continuous domain was 

presented by Chang et al. (1977), 

Ln(Kd )
K =	 (2.41)

AQ 

where Q is the independent variable; time or liquid quantity in this work. The above 

transformation produces a continuous rate constant matrix for the agglomeration, where 

the liquid quantity is the independent variable, and a continuous attrition rate constant 

matrix where the time is the independent variable. Still, the two rate constant matrices, 
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Kagg and Katt, can not be combined, because they are based on two different variables. To 

settle this problem a flow rate dependent transformation of the agglomeration must be 

done. This means that the added liquid is converted to a corresponding characteristic time 

using the flow rate. The discrete time step for the agglomeration process is defined by 

Am 
(5.3)Agg = 

BL 

where Am is the size of one dose in the experiments that is the basis for the model Am= 

25 [ml] in this work. The physical interpretation of the discrete time step is the time that 

it takes to add 1 dose ( 25 [ml]) liquid. Now, both discrete rate matrices can be 

transformed to time continuous rate constant matrices, and we can make a time 

simulation of the combined processes. It should be noted that the time simulation will 

depend on the flow rate of the liquid, and that it is only possible to make simulation with 

different liquid flow rates, if the agglomeration is held with in the same regime of 

agglomeration (See chapter 2 for time scales t2<<t7<<ti), i.e. the agglomeration is 

independent of the liquid flow rate. We will in the coming work again only work with 

the restricted local solution, 

0.76 0 0 0 

0.24 0.80 0 0 
Ln 

0.00 0.14 0.90 0 0.28 0.00 0.00 0.00 

KA= = 
0.00 0.06 

Am 

0.10 1.00 FBL 

Am 

0.31 

0.02 

0.22 
0.16 

0.00 

0.11 
0.00 

0.00 
(5.4) 

FBL 0.01 0.06 0.11 0.00 

The continuous rate constant matrix for the attrition process can be found in a similar 

manner. Using 70 min., as the time step for the attrition process give 
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1.00 0.01 0.01 0.00 

0 0.99 0.03 0.04 
Log 

0 0 0.96 0.08 0.00 0.01 0.01 0.00 

K m 
0 0 

AT Att 

0 0.88 1 

70 

0.00 

0.00 

-0.01 

0.00 

0.03 

-0.04 

0.04 

0.09 
(5.5) 

0.00 0.00 0.00 -0.13 

The entire system differential equation can then be presented as, 

dC 
= K C + K Att C Krotai C (5.6)

dt Agg 

This show that the continuous rate matrices are added up in order to get the total 

continuous rate constant matrix. We can now return to the examples. The continuous 

rate constant matrices are shown below, and simulation of the three processes are shown 

in figures 5.14 - 5.16. 

-0.004 0.000 0.000 0.000 

0.004 -0.003 0.000 0.001 
K Total = -0.000 0.002 -0.002 0.001 

0.000 0.001 0.002 -0.002 

-0.008 0.000 0.000 0.000 

0.009 -0.007 0.000 0.001 
KTotal -0.001 0.005 -0.003 0.001 

0.000 0.002 0.003 -0.002 

-0.276 0.000 0.000 0.000 

0.310 -0.220 0.000 0.001 
K Total = -0.025 0.160 -0.107 0.001 

-0.009 0.060 0.107 -0.002 

(0.357 ml / min) 

0.715 ml / min 

25 ml / min 
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Figure 5.14: Process simulation of a batch operated bed with continuous addition of 
black liquor. Wbed =1800 [g], FBL = 0.36 [ml/min]. 
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Figure 5.15: Process simulation of a batch operated bed with continuous addition of 
black liquor. Wbed = 1800 [g], FBL = 0.715 [ml/min]. 
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Figure 5.16:	 Process simulation of a batch operated bed with continuous addition of 
black liquor. Wbed = 1800 [g], FBL = 25 [ml/min]. 

These figures show that the highest flow rate will produce an equilibrium particle size 

distribution that contains larger particles than for the lower liquid flow rates. This is 

again due to attrition. A decreased flow rate will increase the total process time, and the 

effect attrition will be more significant. 

Example 3: Continuous operated fluidized bed with continuous feed of liquid. 

To obtain simulations of this process we must clarify how we want to run the 

process. One method is to remove particles from the bed with the same particle size 

distribution as they are in the bed, i.e. a regular stirred tank reactor. The fact that we deal 

with particles that can be easily separated mechanically by their size, gives a choice of 
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returning the smallest particles to the bed. We can therefore specify that only particles of 

size 4 will be removed from the bed. We will look at two examples here, 

A. Removing particles of all sizes. 

B. Removing particles of size 4 only. 

For both examples we must know the bed load, the flow rate and size distribution of the
 

incoming particles and the flow rate of black liquor. We will in both examples use
 

a) The particle flow rate of 10 g/min.
 

b) The incoming particles are of size 1 only.
 

c) The fluidized bed granulator contain a mass Wbed=1800 g >> 10 g.
 

These simulations are done by making time transient simulations and determining the
 

steady state condition for each of the liquid flow rates.
 

A. The effect of liquid flow rate is determined by performing several time transient 

simulations until they reach the steady state. Figure 5.17 shows the steady state particle 

size distribution obtained for different black liquor flow rates. 

B. The time transient simulation of the process is modified so that only the 

particles of particle size group 4 are removed from the bed. Simulations are performed 

for several liquid flow rates until they reach steady state. For very low flow rates the 

simulation ends up in a solution where the weight fraction of particle size group 4 is less 

than 0, which obviously not is a solution. This is because a minimum amount of binder 

must be added to the bed to convert 10 g of particle size group 1 to particle size group 4. 

The critical value for the example here was found to be 2.17 [ml/min]. Figure 5.18 shows 

the steady state particle size distribution in the bed for different black liquor flow rates. 
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Figure 5.17: Steady state particle size distribution in a continuously operated fluidized 
bed granulator, Wbed-1800 [g], Fs=10 [g/min]. 
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Figure 5.18: Steady state particle size distribution for continuously operated fluidized 
bed granulator where only particles of particle size 4 is removed. 
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Figure 5.17 and 5.18 show that flow rates above 20 ml/min will result in basically the 

same size distribution in the bed. The plots also show that the particle size in the bed is 

not very sensitive to changes in the flow rate above 10 ml/min, which mean that the 

process in this region would be more robust to minor changes in the flow rate. 

Discussions of the Simulation Results. 

Example 1 and 2 were both batch-solid operated fluidized bed granulators, that 

only differed in the way the liquor was added to the particles. Both examples showed 

that the particle size distribution converge toward an equilibrium size distribution as 

liquid is added. The table below summarizes the results from the first two examples 

Summary of examples 1 and 2 

Example 1 Example 2 

A B A B C 

Flow rate [ml/min] 

0.36* 0.715* 0.36 0.715 25.0 

Liquid load at 750 900 750 950 ? 

steady state [ml] 

Particle Size Group Weight fraction at steady state 

[Wt %] 

1 2.6 1.0 2.2 0.7 0.0 

2 15.8 9.4 14.4 7.9 0.2 

43.3 34.2 42.0 32.1 4.03 

4 38.7 55.4 41.4 59.3 95.8 

Table 5.2: Summary of batch operation examples. * Flow rate is calculated as a 
average flow rate over the entire process. 
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From the comparison of example 1 A and 2A we can see that the steady state 

condition of the two processes are almost identical. The difference in the results are due 

to attrition. In example 1 we added all the liquid at the beginning of each step. This 

generates all of the agglomerates at the beginning of the process, and they will, for the 

rest of the processing time, be available for attrition. So, the attrition process will in the 

batch-fed liquid example have more agglomerates to break up, and the result of the 

simulation favor smaller particle sizes. The same analysis can be applied to example 1B 

and 2B. 

All of the results above show that the particle size increase with the liquid load 

and that the steady state particle size increase with increased flow rate of liquid. There 

are, however, some restrictions that are not taken into account in the above simulations. 

These restrictions are: 

Particles should be kept in a size range that does not require long reaction times in the 

decomposition step. 

The molar ratio of TiO2 to Na2O should be kept above 1.25. 

The operational criteria, (1:01, (I)2 and (1)3 have to be evaluated and observed. 

The bound for our largest particles in the modeling is 500 gm and above. This is 

a limit we think is acceptable for the subsequent decomposition reaction, and we assumes 

that particles of the sizes below the range of 1-2 mm are still acceptable for the process. 

The granulation process seem to stop as the weight fraction of size 4 become large. This 

is due to an artificial equilibrium between the agglomeration and attrition. We expect 

that the granulation process does not stop at this level, but that the granulation continues 

within particle size group 4, leading to an increase in the particles size distribution. The 

nature of our discrete model does not allow us to observe that effect, and before further 

experiments are performed, we should limit our operation to regions where the weight 

fraction of particle size group 4 is increasing or close to the point where it levels off. 
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The molar ratio of TiO2 to Na20 should be kept above 1.25 to ensure good conversion of 

sodium carbonate (Zou et al. 1991). This ratio dictates an upper bound for the black 

liquid load. Assuming 20 Wt % Na in black liquor solids, 40 % solids, gives a total Wt 

% Na in black liquor of 8 %. The molar ratio can be calculated as 

( 
vv Bed 

NTio W
= 7.2 Bed (5.8)

NNa20 LBL 0.08 LBL 

2 M Na 

for a bed load of 1800 g, this translates into a maximum load of 10400 [g] or 8.6 [1]. For 

continuos operation the relation must be obeyed for the incoming flow, which limit our 

liquid flow rate to 48 ml/min. (based on 10 g/min of new particles.) 

The most critical restriction is however the operational criteria. In chapter 2 we 

presented 3 dimensionless criteria that limit the range of stable operation. We did not 

explicitly study these limits, but experience from failed experiments can give an 

estimation of the magnitude of these dimensionless groups. 

To make an estimation of the feed-surface renewal ratio we use the following 

assumptions, the average particle size is 250 µm and the void fraction of these particles in 

a packed bed is 0.4. Using the void fraction at minimum fluidization velocity as 0.5 and 

the particle density as 1800 [kg/m3] give a minimum fluidization velocity (umf) of 0.1 

[m/s]. From figure 2.9 we can find the wake fraction to be 0.38 and using equation 2.24 

give: 

FBL (1 fw ) FBL 
= 0.0559 FBL [ml / min] (2.24)`1' 2 = = Np fw (uo umf)A, (1- co)-ps 
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Where it is used that the process condition was a superficial velocity of 0.3 [m/s]. We 

observed surface over wetting for operation with a liquid feed pressure of 25 PSIG, while 

the experiments used for the modeling were performed at 5 PSIG. The black liquor feed 

rate is found from the spray calibration experiments by averaging all experiments with 

feed pressures of 5 [PSIG] and 25 [PSIG] respectively. And we find 

FBL(5 PSIG) = 24 [g/min] = 20 [ml/min] 

FBL(25 PSIG) = 76 [g/min] = 64 [ml/min] 

and we can find that the limit for the feed-surface renewal ratio 02 is in the range: 

[1.1;3.5], so a conservative estimate is 1. We know that the limit of the total bed-liquid 

ratio 0:1:03 is higher than the limit for 02, a conservative estimate is then that the maximum 

limit for the total bed-liquid ratio EID3 must be less than 1. With these restrictions we can 

make a simple rule for the operation of the fluidized bed granulator with TiO2 and black 

liquor : All dimensionless ratios for the stable operation should be less than 1. 

It is also important that the feed-evaporation ratio (I)i is kept below unity. We 

know that we add 25 ml black liquor of 40 wt % solids in droplet of an average size of 

app. 30 gm. The drying time calculations must however be based on the largest droplets, 

which we expect to be in the range of 200 gm. We use equation 2.16 for the estimation 

of the drying time AT2. 

dd S PBL (Xcr
At 2 = Xe) In( X° X (2.16)

6 /1 Xfinai Xe 

The starting moisture content (X0) and the critical moisture content (X) is equal and can 

be calculated from the black liquor solid content: 40 wt % solids equals 1.5 [kg water/kg 

solids]. The equilibrium moisture content (X e) is 0 [kg water/kg solids], and we want to 

bring the final moisture content (Xfinai) down to 0.1 [kg water/kg solids]. The droplet 
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diameter is taken as 200 pm, the black liquor density is 1200 [kg/m3]. The constant rate 

liquid drying flux is found from drying experiments. From these experiments we find 

that the Nc= 7.104 [kg water/m2s]. Then, 

dd S PBL -(Xcr Xe) in 
2 -10-4 0.4 -1200 (1.5 0) inr 15 0) 

AT X° Xe 93 [s]2 = 6 N C 
X Xe 6 7 -10-4 L0.1 0 

This show that the time used for the drying period in the experiments (70 min) is more 

than sufficient, and that the drying process could have been stopped earlier, and still 

enabled the study of the attrition process. 
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6. CONCLUSIONS AND RECOMMENDATIONS
 

Conclusions 

The granulation of TiO2 with black liquor is studied with the objective of 

producing dry particles for a subsequent autocausticization reaction. A fluidized bed 

granulator was built for this purpose and several experiments were performed. The main 

conclusions of this work are: 

1.	 Both the agglomeration and the attrition play a major role in the granulation process. 

2. The agglomeration and the attrition can be studied separately due to the difference in 

the time scale of the two processes. 

3. The agglomeration depend upon two different transient variables: time and liquid 

load. However, a very short time scale of the agglomeration makes it possible to 

study the liquid transient dependency of the agglomeration process alone. 

4. Both processes are modeled as first order processes. 

5. The first order rate constants for both the agglomeration and the attrition process are 

experimentally determined. This enables simple process simulations with process 

setups different than the one used in our experiments. 

6.	 The operation of a fluidized bed granulator is strictly constrained by mass- and energy 

balances that correlate the liquid addition to the bed, the evaporation rate from the bed 

and the circulation of solids in the bed. Three new dimensionless criteria that must be 

satisfied to ensure stable operation of the fluidized bed granulator are defined. 

Recommendations for Future Work 

The work described in the work have taken the first step in development of the 

proposed black liquor treatment process (Frederick et. al. 1992). This work should 

continue in two different directions, 
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a) further developement of the granulation process 

b) further developement of the proposed black liquor treatment process 

The Granulation Process 

This work established a base for the future research in this area. Among the 

questions that have arisen after this work are: 

What are the exact values of the parameters that determine a stable operation? 

How do the process parameters (droplet size, fluidizing air flow, bed temperature etc.) 

influence the rate constants matrix in the proposed model? 

Will the amount of black liquor on the particles influence their physical 

characteristics, and if so: how much black liquor can we load on the particles before 

the fluidization characteristics become so bad that fluidization is impossible? 

Process Development 

The proposed process is a complete black liquor treatment process, where the 

granulation is only the first step. We have with the end of this work set the stage for 

work on the subsequent steps of the process. Work that could be started now is: 

Determination of the gasification and decomposition characteristics of the produced
 

particles.
 

Determination of the optimum particle size and black liquor content for the
 

gasification and decomposition reactions.
 

Combining the granulation and gasification steps in a multi compartment fluidized
 

bed.
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Appendix 1: Determination of Average Droplet Size from an Atomizing Nozzle. 

In connection with the flow rate meassurements, we made a determination of the 

average droplet size. The drop size distribution was divided into two parts. 

The volume of black liquor and the number of particles must be known to calculate the 

mass average diameter. To find this, we sprayed black liquor on microscope glass plates 

of area 25.4 * 76.2 mm. The droplets on the plate were dried in the oven. The particles 

on the glasses was determind by counting particles in an area of approximately 3 mm2 six 

different places on the plate using a microscope. The counts were averaged and scaled up 

to get an estimation for the entire plate. The volume of black liquor was found by 

dissolving the particles in a known volume of water, and determining the concentration of 

black liquor in this volume. To determine the concentration of black liquor in the liquid 

we used refractometry. A standard curve was produced from black liquor, and the 

refraction could easily be converted to a volume percentage and a volume of black liquor. 

The standard curve is given in figure A1.1. 

Black liquor calibration 
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Figure A1.1: Calibration of black liquor concentration. 
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A calculation example is now presented for run lal. 

# of diameters across the plate: 12.3 
# of counts: 13,24,45,26,37,31 
Water added: 25 ml 
Transmission: 91 % 

Average number of counts = (13+24+45+26+37+31)/6 = 29.33 
Diameter of 1 site = 25.4 mm/ 12.3 (Diameters) = 2.06 mm 
Area of 1 site = 3.14*(2.06)2/4 = 3.35 mm2 
Total Area = 25.4 mm * 76.2 mm = 1935.5 mm2 
Number of sites = 1935.5 mm2/3.35 mm2 = 577.9 
Total number of droplets = 577.9*29.33 = 16951.3 

Concentration from calibration curve : 0.00619 Vol % 
Volume black liquor : 25 ml*0.00619 % =0.00155 ml 
Volume average size: 0.00155/16951.3 = 9.13e-8 ml = 9.13e-14 m3 
Average size = (6*9.13e-14 I113/3 . 1 4)1/3 = 5.59e-5 m = 55.9 Jim 

http:577.9*29.33
http:mm2/3.35
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Appendix 2 : Determination of minimum fluidization velocity. 

The minimum fluidization velocity is the velocity of the fluidizing media at which 

the particles in the bed will start fluidizing, i.e. start acting fluid-like. The determination 

of the minimum fluidizing velocity is described by Kunii and Levenspiel (1991). At 

minimum fluidization, and at fluidization without bubbles, the pressure drop across the 

bed is equal to the weight of the particles. By equating an expression for the weight of 

particles, with the Ergun equation (expressing the pressure drop across a fixed bed as a 

function of fluid velocity) the author came up with the following relationship 

1.75 (dpurnfPgy 150(1Emf) dpuinfpg) dp3Pg(Ps Pg 
A2.134 3A, 2 2
 

mf s C mf T s
 

Or 

1.75 1500 E mf 
Re 2 + = Ar A2.2 

3 m. 3,4, 2 
Remf 

mf Ts E mf T s 

Where the archimedes number, Ar, is defined as 

dp3Pg(PsPg
Ar 112 

A2.3 

In our study, where the primary particles are small the equations above can be simplified 

by assuming that Remf will decrease and the first term in equation A2.2 will vanish, 

leading to the following explicit expression for the minimum fluidization velocity 

dP(Ps Pg e 34) 2 
nif s for Remf < 20. A2.4U mf 

15011 1gmf 
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Table A2.1 presents calculations of minimum fluidization velocity for a wide range of 

Titan= dioxide particles based on equation A2.2 and A2.4. The table show that 

equation A2.4 gives a good estimation of the minimum fluidization velocity for particles 

smaller than 200 pm. 

Particle size 

prn
 

10
 

20
 

50
 

100
 

200
 

500
 

1000 ( = 1 mm)
 

2000
 

Minimum fluidizing Minimum fluidizing 

velocity velocity 

Based on equation A2.2 Based on equation A2.4 

m/sec. m/sec. 

0.0002 0.0002 

0.0007 0.0007 

0.0041 0.0041 

0.0163 0.0163 

0.064 0.0654 

0.3218 0.4085 

0.7337 1.6338 

1.2564 6.5353 

Table A2.1:	 Calculated minimum fluidization velocities for different sized particles 
base on two different models (Kunii and Levenspiel, 1991). The 
calculations in the table was done with the following assumptions: 
emf =0.5, 4)s=1.0, ps=1800 [kg/m3[, pg=1.29 [kg/m3] and p=1.8*10-5 
[kg/(m sec.)]. 
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Appendix 3: Method for hand sieving particle size distribution meassurements. 

The method used for meassuring the particle size distribution was especially 

developed to avoid attrition of the formed agglomerates. The procedure is as follows. 

1.	 Stable the sieves in increasing opening sizes. We use sieves # 20, 35, 60 and 170 

with screen openings of 833, 500, 250 and 90 gm. 

2.	 Spread the sample (app. 150 g) on the Upper sieve (largest openings). 

3.	 Shake the stabled sieves horizontally 10 times. 

4.	 Turn the sieves 90° and beat the stables 10 times with the hand or a wooden rod. 

5.	 Repeat step 3 and 4. 

6. Remove sieve # 20 from the stable and weigh the particles collected on this sieve. 

7.	 Repeat step 3 and 4. 

8. Remove sieve # 35 from the stable and weigh the particles collected on this sieve. 

9.	 Repeat step 3 and 4. 

10. Remove sieve # 60 from the stable and weigh the particles collected on this sieve. 

11. Repeat step 3 and 4. 

12. Remove sieve # 170 from the stable and weigh the particles collected on this sieve. 

13. Weigh the particles collected in the tray. 

This procedure ensures that the largest particles spend the shortest possible time in the 

sieves, avoiding attrition, while the smallest particles will be shaken long enough to travel 

all the way through the sieves. 

The method is checked by following the weights on each sieve with increasing 
number of shakes. The result from this test is shown in figure A3.1. This figure plot the 
fraction of the actual quantity that is present on each sieve. 
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-X- 500-833 
-31C- 833

Figure A3.1: Test of hand sieving method. 

The figure show that the all particle size are close to their final value after 30 

shakes except the smallest paricles and the largest particle size. The bad results for the 

largest size is due to a small final sample on that sieve (0.15 g), while the smallest size is 

due to the travelling time for the smallest particles through the stack of sieves. The 

method descrided above allows the smallest particles 50 shakes before they are 

meassured, and the test show that more than 95 % of the smallest particles are in the tray 

after this number of shakes. 
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Appendix 5: Results from particle black liquor content. 

The black liquor content for two different samples (before and after one shot of 

black liquor) were determined for each of the three particles sizes. The black liquor 

content was meassured using dissolution and transmission meassurement of a sample of 

particles. Table A5.1 show the weight percentage of black liquor in the particles (as g 

black liquor pr. g sample). It can be seen that only the largest fraction ( > 250 pm) has a 

significant different black liquor content. The high black liquor content is because the 

particles were used several times prior to these meassurements. 

Size 1-1,M 0-90 90-250 250

Presample Wt % 13.4 16.8 23.2 

Sample Wt % 14.9 13.9 24.5 

Table A5.1: Black liquor content in particles of different sizes. 
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Appendix 6: FORTRAN program for determination of Least Square solution. 

The following FROTRAN program was developed to determine the Least Square 

solution for the determination of the rate constant matrix. The Program uses the IMSL 

routine NCONF. NCONF is a routine that does nonlinearly constrained minimization 

calculations. By defining the objective function as the sum of squared errors, we will 

obtain the Least Square solution at the minimum. 

The objective function is supplied in a separate SUBROUTINE called FCN.
 

The VARIABLES in the prgrams are:
 

M Total number of constraints (=3 in this study)
 

ME Number of equality constraints (= in this study)
 

N Number of variables (=12 in this study)
 

Point at which the function is evaluated (A Vector of size 4 in this study) 

ACTIVE Logical vector of length MMAX indicating the active constraints (=3 in 

this study) 

F Computed value at the point X 

G Vector of length MMAX containing the values of the constraints at point 

X. 

XGUESS Vector of length N containg initial guess. 

IBTYPE Scalar indicating the type of bounds on varables (= 0 : User will supply all 

the bounds in this study) 

XLB Lower bound on X 

XUB Upper bound on X 

XSCALE Scaling matrix (=1.0 in this study) 

'PRINT Parameter indicating the desired output level (= 1.0 only final convergence 

analysis is given) 

MAXINT Maximum number of iterations (=1000 in this study) 

FVALUE Scalar containing the value of the objective function at the computed 

solution. 
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PROGRAM OPTIM
 
c 
c Declare variables 
c 

INTEGER IBTYPE, IPRINT, M, MAXINT, ME, N
 
PARAMETER (IBTYPE=0, IPRINT=0, M=4, MAXINT=1000000, ME=0,
 

N=12) 
REAL FVALUE, X(N), XGUESS(N), XLB(N), XSCALE(N), XUB(N) 
EXTERNAL FCN, NCONF, WRRRN 

c 
c Initialize x-vectors 
c 

DATA XSCALE/12*1.0/
 
DATA XLB/12*0.0/, XUB/12*1.0/
 
DATA XGUESS/12*1.0/
 

c 
c Call IMSL routine NCONF 
c 

CALL NCONF(FCN,M,ME,N,XGUESS, IBTYPE, XLB , XUB, 
+ XSCALE,IPRINT,MAXINT, X, FVALUE) 

c 
c Print the solution 
c 

PRINT *,'THE SOLUTION IS' 
PRINT *,X 

c 
END 

c 
c Subroutine to calculate the objective function 
c 

SUBROUTINE FCN(M,N,X,ACTIVE, F,G) 
c 
c Declare variables 
c 

INTEGER M,ME,N
 
REAL X(N),F,G(M), A(4,14), B(4,14)
 
LOGICAL ACTIVE(M)
 

c 



123 

c Store data values in vector B containing the starting values of each expeiment 
c 

DATA B/ 
+ 0.295906,0.357431,0.338079,0.008584, 
+ 0.112385,0.465357,0.263393,0.158866, 
+ 0.099324,0.434258,0.347356,0.119063, 
+ 0.088218,0.399913,0.506609,0.00526, 
+ 0.059925,0.384447,0.540741,0.014886, 
+ 0.052062,0.307692,0.46529,0.174957, 
+ 0.041634,0.125845,0.474616,0.357905, 
+ 0.029629,0.223683,0.555571,0.191116, 
+ 0.02631,0.050209,0.624139,0.299343, 
+ 0.010974,0.384293,0.466503,0.138230, 
+ 0.01007,0.223564,0.382423,0.384006, 
+ 0.001176,0.130335,0.693924,0.175565, 
+ 0.145968,0.487463,0.36575,0.000819/ 

c 
c Store data values in vector A containing the ending values of each expeiment 
c 

DATA A/ 
+ 0.256521,0.376369,0.348649,0.018461, 
+ 0.074001,0.414304,0.297423,0.2114272, 
+ 0.060453,0.341177,0.375616,0.222755, 
+ 0.039854,0.30821,0.555282,0.096654, 
+ 0.030866,0.232008,0.451419,0.285707, 
+ 0.031176,0.11657,0.461784,0.39047, 
+ 0.027926,0.172225,0.515499,0.28435, 
+ 0.018064,0.053333,0.588801,0.339802, 
+ 0.009249,0.295844,0.46406,0.230847, 
+ 0.015402,0.204636,0.38977,0.390191, 
+ 0.004412,0.113823,0.608105,0.27366, 
+ 0.116117,0.457494,0.380683,0.045705/ 

c 
c Initialize function value to 0. 
c 

F=0.0 
c 
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c Calculation of the squared errors for each experiment 

DO 10 1=1,14 
HELP1=X(1)*B(1,I)+X(2)*B(2,I)+(X(3))*B(3,0+X(4)*B(4,I) 
HELP2=X(5)*B(1,I)+X(6)*B(2,I)+(X(7))*B(3,I)+X(8)*B(4,I) 
HELP3=X(9)*B(1,I)+X(10)*B(2,I) +(X(11))*B(3,I)+X(12)*B(4,I) 
HELP4=(1-X(1)-X(5)-X(9))*B(1,I)+(1-X(2)-X(6)-X(10))* 

B(2,I)+(1-X(3)-X(7)-X(11))*B(3,I)+(1-X(4)-X(8)-X(12))*B(4,I) 
F=F+(A(1,I)-HELP 1)**2+(A(2,I)-HELP2)**2+(A(3,I)

+ HELP3)**2+(A(4,I)-HELP4)**2 
10 CONTINUE 

c The Equality constaints. Closing the mass balance. 

IF (ACTIVE(1)) G(1)=1.0-X(1)-X(5)-X(9) 
IF (ACTIVE(2)) G(2)=1.0-X(2)-X(6)-X(10) 
IF (ACTIVE(3)) G(3)=1.0-X(3)-X(7)-X(11) 
IF (ACTIVE(4)) G(4)=1.0-X(4)-X(8)-X(12) 

c 

c Print the sum of squared errors to the screen as a check 
c 

PRINT 25,F 
25 FORMAT (1X,7F10.7) 

c Return to the main program 
c 

RETURN 
c 

c End of the subroutine 

END 




