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Two problems relating to the processing of solid streams are

treated in two sections.

The first section is the study of heat transfer between an

immersed cylinder and a moving bed of solids: An instrumented heated

cylinder was placed in the flow stream of a moving bed of solids with and

without countercurrent air flow and the heat transfer coefficients were

measured between the bed and the cylinder. Runs were made with five

different types of solids, with wide range of thermal properties ( ther

mal conductvities of 0.04 to 380 W/m.K, and heat capacities of 380 to

2300 J/kg.K ) and sizes ( 0.27 to 2 mm ) at various gas and solids

velocities. The obtained heat transfer coefficients ranged from 20 to

600 W/m
2
.K . A model for heat transfer between an immersed cylinder and

a flowing packed bed of solids, and a predictive equation, derived from

theory and experimental observations, were proposed. Also, the resulting

heat transfer coefficients were empirically correlated. The findings

were then discussed and compared to past related published work.

The second section is the study of elutriation from fluidized

beds: Elutriation characteristics of widely different solids ( density

from 920 to 5900 kg/m
3

) were measured in three different fluidized beds,



0.1, 0.3 and 0.9 m in size, having high freeboard ( 7.5 m ), using gas

velocities of up to 3.5 m/s. The experimental findings were compared

with previously reported results and all the variables were well

correlated with a simple empirical expression based on the terminal

velocity of the particles and the velocity of the gas.
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MOVING BED HEAT TRANSFER AND FLUIDIZED ELUTRIATION

INTRODUCTION

With depleting oil reserves in the world, conversion of solid

fuels such as coal, oil shale etc. to energy will increasingly become

more important. This, in turn will require the handling and treatment of

solid streams. However, the technological know how for processing of

solid streams is not as well developed as it is for fluids and it is

important to develop the basic knowledge in this area.

The fluidized bed, because of its potential of burning coal

with producing a cleaner effluent gas, is the focus of many recent

studies. Even though the fluidized bed technology dates back to 1937,

when the first catalytic cracker was commercially introduced, to date

there is still need for more fundemental research in order to have a

better understanding of the fluidized bed. A section of this work treats

the phenomenon of elutriation commonly encountered in fluidization: The

term elutriation refers to the selective removal of fine particles from a

mixture. Fluidized beds operate with wide distribution of particle

sizes. The fluidizing gas velocity very often exceeds the terminal

velocity of smaller particles resulting in elutriation of these fines

from the bed. Existing correlations for elutriation rates lead to widely

different reasults. Possible reasons for this is that some of these

correlations are based on experiments in small diameter beds while others

only explored a narrow range of fluidizing velocities, particle sizes or
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densities. In order to develop a correlation of broad generality,

experiments were done in three different beds, 0.1, 0.3 and 0.9 m in

diameter, using widely different particle densities ( 920 to 5900 kg/m3 )

and sizes ( 0.017 to 0.54 mm ). The experimental f predicitions and

finally were all compactly represented with a simple empirical expression

based on the terminal velocity of the elutriating solids and superficial

gas velocity.

The fluidized bed is also used as a contactor for removing

heat from solid streams. This is usually done either by contacting the

solids directly with the the fluidizing gas or by contacting them with a

solid surface, i.e., tubes with coolant flowing in them, immersed in the

fluidized bed. Unfortunately, for single stage, gassolid, direct

contact fluidized bed exchangers the heat utilization efficiency is poor

meaning that large amounts of gas are usually needed for such operations,

and for single stage fluidized bed heat exchangers with immersed tubes,

the heat recovery efficiency is usually poor due to solids backmixing.

With multistaging of fluidized beds, the contacting of gas ( or coolant

flowing in tubes ) with solids approaches countercurrent plug flow, which

then allows a total heat recovery. However, multistaging has its

problems, primarily mechanical, usually associated with the proper design

of downcomers for solids, and high pumping energy etc. This makes the

use of multistaged fluidized beds impractical.

As an alternative to the more complex multistage fluidized

bed, a different type of heat exchanger, very simple in design, for

cooling ( or heating ) of solid streams is the moving bed heat exchanger

wherein a packed bed of solids flows by gravity past a heat transfer
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surface. The technology for moving beds is novel and limited heat

transfer data exist for designing such equipment. There are no

correlations for heat transfer of broad generality which are available

for design. Another section of this work relates to heat transfer

between a bed of moving solids an and immersed cylinder. To study this,

experiments were done under a wide range of operating conditions; the

effects of flow rate, thermal properties, density, particle size of

solids, and the flow rate of a gas percolating through the downflowing

solids are studied. A model for heat transfer, from a stream of flowing

solids to tube surfaces, is proposed and tested with the data obtained.

Two equations, one derived from the theory and the other empirical, are

proposed for predicting heat transfer coefficients between a flowing bed

of solids and an immersed cylinder.
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I. SUMMARY: HEAT TRANSFER BETWEEN MOVING BED OF

SOLIDS AND IMMERSED CYLINDERS

An instrumented and heated horizontal cylinder was placed in the

flow stream of a moving bed of solids with and without countercurrent gas

flow and the heat transfer coefficient between the bed and the cylinder

was measured. A model for heat transfer between moving beds of solids

and immersed cylinders is proposed, and a predictive equation derived

from theory is given. Also, the resulting heat transfer coefficients are

empirically correlated with the properties of the five different types of

solids used in the experiments and the linear solids velocity. The

findings are then discussed and compared with past related findings.
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I.1 INTRODUCTION

Many processes involve the transfer of heat to or from streams

of solids, i.e., recovery of hydrocarbons from oil shale, calcina-

tion, drying of brown coal and peat, cooling of ore cinders. Various

types of heat exchangers are proposed or are used for these opera-

tions. In general these fall into three groups; exchangers in which:

a. heat is removed by direct contact with a gas (gas/solid

direct contact exchanger).

b. heat is removed by contact with a solid surface (wall,

tube, finned tube, etc.), in which case the coolant side

can be either a fluid (solid/fluid indirect contact ex-

changer) or another stream of solids (solid/solid indirect

contact exchanger).

c. heat is removed by direct contact with another stream of

solids (solid/solid direct contact exchanger).

The fluidized bed heat exchanger is an example of a gas/solid

direct contact exchanger wherein a stream of hot solids is fluidized

by the colder gas. Unfortunately the heat utilization efficiency in

a single stage fluidized exchanger is poor. This means that large

amounts of gas are usually needed for such operations. Multistaging

fluidized beds improves the heat exchange efficiency and reduces the

amount of gas required for a given extent of cooling. Figure (I.1.1)

shows two possible ways of multistaging fluidized beds--crosscurrent

and countercurrent. The latter is more efficient because for a large

number of stages the contacting of gas with solid approaches counter-



Hot
Solids

t

4
n Cold

Gas

Countercurrent
Multistaging

t t
Cold Gas

Cocurrent Multistaging

6

Figure (1.1.1) Gas/solid direct contact heat exchanger: Multistaged

fluidized beds ( adapted from Kunii and Levenspiel Ell ).
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current plug flow, which then allows total heat recovery. However,

multistaging has its problems, primarily mechanical, usually associ-

ated with the proper design of downcomers for solids, and high pump-

ing energy, etc. Kunii and Levenspiel [1] and Levenspiel [2] discuss

this class of exchangers and develop all the expressions for the

thermal recovery efficiency of both single and multistage operations.

Another type of gas/solid direct contact exchanger is the rain-

ing solids contactor wherein the solids flow downward in dilute phase

and the gas either flows countercurrently or cocurrently. This is

shown in Figure (1.1.2). A slight modification of this type of ex-

changer is described by Whitcombe, et. al. [3], where the solids are

entrained by the gas in dilute phase. This is similar to the co-

current raining bed shown in Figure (I.1.2) except that the solids

are transported upward instead of downward.

Solid/fluid indirect contact exchangers include the fluidized

and the moving beds which are described below. Figure (1.1.3) il-

lustrates a fluidized bed arrangement. The hot solids transfer their

heat to a fluid flowing in the tubes. The fluidized bed reactor (or

combustor) is an example of such systems. Here the heat of reaction

(or combustion) is removed by a fluid circulating through tubes im-

mersed in the bed. These systems have been well studied and the

theory of heat transfer between a fluidized bed and an immersed sur-

face is well established. Figure (1.1.4) shows another class of

solid/fluid indirect contact exchangers--moving beds. Here the hot

solids are not fluidized but flow downward due to gravity, while

coolant flows countercurrently inside tubes immersed in the downflow-
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Figure (1.1.2) Gas/solid direct contact heat exchanger: Cocurrent and
countercurrent raining beds.
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Figure (1.1.4) Solid/fluid indirect contact heat exchanger:

Moving bed.
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ing stream of solids. The flow of solids can be controlled by a

valve or a moving grate as described later in this work. This type

of exchanger is described by Pavlov, et. al. [4] and Kayatz [5].

All the devices described to this point used single streams of

solids exchanging heat with a fluid. However, there are situations

where it is desired to transfer heat from a stream of hot solids to a

second stream of cold solids. This type of operation can be done in

two distinct ways: either by direct contact (solid/solid direct

contact exchanger) or indirect contact (solid/solid indirect contact

exchanger). In the first approach a stream of larger particles are

made to fall through a fluidized bed of finer particles which are

pumped or forced upward. Two such exchangers are the heart of Shell

Oil Company's "SPHER" process for recovery of oil from shale [6].

Another process for gasifying solid carbonaceous materials using a

similar exchanger is developed by Chevron Company [7]. A necessary

requirement for the use of such an exchanger is that the two streams

of solids be very different in size. Fbr example, in the "SPHER"

process, one stream is finely crushed shale, the other consists of

1/4" steel balls. If the two streams of solids are similar in size,

then the direct contactor cannot be used and one must fall back onto

the second way of transferring heat from hot to cold solids, namely

by indirect solid to solid contacting. A number of devices have

recently been proposed for this operation. First, there is the de-

vice described by Potter [8] which is shown in Figure (1.1.5). Here

two streams of solids flow sideways, both in the fluidized state, and

heat is exchanged through the separating wall. A second device is



Heat transfer across
finned wall

Warmed Solids

AVArrAlli.4111W
Hot Solids

b4

-.2-/

Cold Solids

Cooled Solids

Figure (1.1.5) Solid/solid indirect contact heat exchanger: Both solid
streams are fluidized and moving sideways.
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illustrated in Figure (1.1.6) and is described by Leung [9]. One

stream of solid is forced to flow upward in a fluidized state in the

tube side of a multitube exchanger, while the second stream of solids

flows countercurrently downward in the shell side. Still another

device is that of Levenspiel and Chan [10], shown in Figure

(1.1.7). Both cold and hot streams flow downward under gravity over

a series of heat pipes which are arranged so as to achieve counter-

current contacting.

The previous discussion gives an overview of existing technology

for recovering heat from solids. This study focuses on exchangers in

which solids flow past by gravity an immersed surface as described in

Pavlov, et. al. [4] and Levenspiel and Chan [10]. These devices are

very simple in design compared with other available designs and

should be favored from the practical standpoint. One piece of infor-

mation is still needed before this device can be designed with con-

fidence--that is the heat transfer coefficient between the solids and

the heat transfer surface.

The technology for moving beds of solids is novel and limited

heat transfer data exists for designing such equipment. There are no

correlations for heat transfer coefficients of broad generality which

are available for design. Most of the existing work presents heat

transfer coefficients between a small immersed flat surface and a

flowing bed of solids, which may be different for other geometries

(i.e., tubes used in heat exchangers). Therefore, it is of interest

to study the heat transfer characteristics of flowing beds and im-

mersed tubular surfaces.
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Figure (1.1.6) Solid/solid indirect contact heat exchanger: Both solid
streams are fluidized; one is moving upward, the
other downward.
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The objective of this study is to systematically obtain heat

transfer data between a moving bed of solids and an immersed cylinder

under a wide range of operating conditions; the effects of flow rate,

thermal properties, density, particle size of solids, and the flow

rate of a gas percolating through the downflowing solids are studied.

A model for heat transfer, from a stream of flowing solids to

tube surfaces, is proposed and tested with the data obtained. Final-

ly, in light of the theory, the data and the existing correlations in

the literature, a predictive equation is proposed to represent the

heat transfer coefficient between a stream of moving solids and tubes

inserted in the flow stream.
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1.2 MECHANISMS AND EARLIER WORK

Heat transfer between solids and immersed surfaces has been

extensively studied for fluidized and packed bed systems. However,

very little work has been done related to heat transfer between im-

mersed surfaces, i.e., tubes and a flowing packed bed of solids.

This chapter summarizes previous studies for such systems.

It is possible to make a comparison between the mechanisms of

heat transfer from surfaces to fluidized beds and heat transfer from

surfaces to moving packed beds. The absence of the bubbles and the

orderly replacement of particles at the heat transfer surface permits

the systematic study of the heat transfer, and explain it with sim-

pler mechanistic models mainly adapted from the theory of heat trans-

fer for fluidized beds and immersed surfaces.

Mickley and Fairbanks [11] developed a model for heat transfer

from a surface to a zone in immediate contact with it. The model

considered a "packet" of particles, at temperature Ts (bulk solids

temperature), which was assumed to behave as an entity sweeping the

hot (or cold) surface at a temperature, Tw, and removing heat by

unsteady-state conduction. The packet was assumed to have the effec-

tive thermal conductivity, ke, and the bulk density, pb, of the quie-

scent bed. This introduced the simplifying assumption that the

packet of particles could be considered as a medium of uniform pro-

perties.

They expressed the local instantaneous heat transfer coefficient

as:



h.

kepbCp
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(2-1)

where C is the heat capacity of the solids and T is the contact time

of the packet with the surface. This is the direct consequence of

the solution of the conduction equation with the appropriate boundary

conditions. Since the packets were thought to be in contact with the

heat transfer surface for different lengths of time, an age distribu-

tion function E(T) was introduced. The local time averaged coef-

ficient, hi was expressed as:

where

OD

h
L

= f h. E(T)dT = lc
ep bCpSL

(2-2)

0

SL = [ f t
-1/2

E(T)dT]
2

0

The average heat transfer coefficient (time and local-area) was de-

fined as:

where

h = f hLdA = k
epeCpS

(2-3)

rlh

s =
(1 f S

L

1/2
dA)

2

and Ah is the area of the heat transfer surface.

(2-4)
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The major drawback for this model is the accurate determination

of the particle age distribution function. The effective properties

can be determined relatively easily by making use of correlations for

the effective thermal conductivities in packed beds. Fbr example,

such correlations are given by Bunnel, et. al. [12], Mblino and

Hougen [13], Yagi and Kunii [14], and Krupiczka [15].

For flowing packed beds, packets of particles flow at a constant

velocity, us, past the heat transfer surface. Ebr this instance, if

the heater length across the flow path of solids is L, the average

heat transfer coefficient becomes:

h 2

i/k
epbCpus

=
nL

(2-5)

This approach to modeling was used by Harakas and Beatty [16]

who used a rotating bed with immersed, electrically heated surfaces,

38, 57, and 76 mm (1.5, 2.25 and 3 inches) long. They reported in-

creasing discrepancies in the model predictions as the particle size

increased. This is somewhat expected since for large particles and

short residence times the thermal gradient which forms within the

"packet" does not extend more than one or two particle diameters from

the surface. It is then not realistic to define such mean effective

properties.

Sullivan and Sabersky [17] studied convective heat transfer from

a flat plate immersed in a flowing granular medium and used a dis-

cretized particle model to explain their observations. They repre-

sented each particle as a stirred tank with a temperature Tj and al-
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lowed heat to be transferred only between adjacent particles; the

heat flow from particle to particle was given by:

q = kAT

where R represents a particle to particle conductance and AT is the

temperature difference between adjacent particles. The model assumed

solids flowing past the heat transfer surface in an orderly array

with constant velocity us. The solution to the model was expressed

in terms of a Nusselt number, NuL, being a function of Peclet number,

PeL, heater length L, and particle diameter, dp, or:

Fr(L )2 1
NuL

L L L ) Pe L-1

where F was defined as:

L*

F(L*) = f r1(x *)dx*

0

in these expressions:

L* = dimensionless length of plate,
LK

NuL = Nusselt number,
hL

mC u
p s

(2-6)

T
1
-T

w
r
1

= dimensionless temperature of the first particle,
T -T

S W
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C
p
Lp u

PeL = Peclet number,
s s

k
s

T
s

= the bulk solids temperature

Tw = heater temperature

T
1

= temperature of the first particle

m = mass of a particle

x = distance in the direction of flow

x* = dimensionless distance,
xi

mC u
p s

ps = density of particles

k
s

= thermal conductivity of particles

C
P

= heat capacity of particles.

The same authors compared the discrete model with the continuum

model, as described earlier, with and without an added resistance at

the wall which was expressed in terms of a thermal conductance. The

comparison of the three models gave similar predictions when the

thermal boundary layer was more than a few particle diameters

thick. Their findings were correlated by an expression of the form:



where
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Nud =
1 (2-7)

0.085 + ir
z Pe*

hd

Nud = Nusselt number based on particle diameter,
g

k d 2
Pe* = modified Peclet number,

r s
(
p)

c. ) L
g

k
s,

kg
= thermal conductivity of the solid and the

interstitial gas, respectively

Spelt [18] extended this work studying heat transfer to a flat

plate from granular material flowing in a chute. The objective of

the work was to determine the effect of the increased voidage (change

in the bulk density) on the heat transfer coefficients. On increas-

ing the velocity of solids across the plate they found that the heat

transfer coefficient, h, increased to a maximum, then decreased.

This was thought to happen due to the increased voidage in the vicin-

ity of the heat transfer surface as the velocity increased.

Baskakov [19] studied the mechanisms of heat transfer between a

fluidized bed and a surface. He introduced an additional contact

resistance, Rc, which was in series with the emulsion (or packet)

resistance, Re, (1 /hMickley) as defined by Mickley and Fairbanks

[11]. This allowed for the effect of the resistance to heat transfer

due to gas gap (or increased voidage) in the region of the heat

transfer surface. Gelperin and Einstein [20] solved the heat con-

duction equation to a semi-infinite medium with modified boundary
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conditions, which included the contact resistance Rc. They expressed

the time averaged heat transfer coefficient, from a constant temper-

ature plate as follows:

R R
2

h =
R

[ 1 2,n ( 1 + L= ) ]

eL
R
c

eL
R
c

(2-8)

where ReL
is given by half of the inverse of equation (2-5) and R c

is

a fraction of R

Denloye and Botterill [21] applied the same concept for inter-

preting the data gathered from a flowing packed bed apparatus with an

immersed heated surface. The contact resistance, Rc, was chosen to

be:

d

R
c 2k

e

which represents a conduction path through the gas layer one-half

particle in thickness. The effective thermal conductivity, ke, near

the wall was estimated from the literature. They proposed a correla-

tion for the maximum attainable heat transfer coefficient for the

flowing packed bed system of the form:

(
Nud

)
max

1.283 A
r

0.162
for 10

3
< A

r
< 10

6
=

where

(2-9)
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Nud = Nusselt number based on the maximum value of the heat

transfer coefficient hmax and the particle diameter,

h d
max p
k
g

gd
pp s

(p -p )

Ar = Archimedes number,
112

The fact of Rc
being a function of the particle diameter, and

the inclusion of such resistance in a series with the emulsion re-

sistance seems somewhat to explain the maximum values reached by the

heat transfer coefficients at very short contact times. These values

are independent of physical properties and known to be dependent only

to particle diameter.

Another study which considered the heat transfer medium as a

homogeneous one is the work of Wunschmann and SchlUnder [22]. They

studied convective heat transfer to moving (stirred) spheres from an

electrically heated copper plate. Their experimental data agreed

well with the predictions of the continuum model.

With a slightly different emphasis, Botterill and Williams [23]

concentrated on the separate roles played by the gas and the solids

to heat transfer. In fluidized beds, the frequency of replacement of

the packets is on the order of the frequency of the bubbles, i.e., 3-

5 Hz. Thus the packets come into contact with the heat transfer

surface for a short time only. This results in a short penetration

depth for the heat, at most one or two particles thick. They focused

on this situation and they solved the governing differential equa-

tions of conduction for the fluid and the particle(s) simultaneously
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with the appropriate boundary conditions at different residence times

of the particle at the surface. This model was called "one (or two)

particle model" depending on the number of particles considered in

the model. The model was first developed to explain heat transfer

mechanisms for fluidized beds but was also tested with data gathered

first from a stirred bed and then a flowing packed bed. These are

the studies of Botterill, et. al. [24,25], Botterill and Desai [26],

and Botterill and Hampshire [27], the findings of which are briefly

discussed here. This model was found to overpredict the heat trans-

fer coefficients for the short residence times of particles over the

heat transfer surface. The discrepancy was accounted for by con-

sidering the particles to be displaced from the surface by about 0.1

diameter. For higher residence times the "two particle model" could

approximately correlate the experimental data. Furthermore, experi-

ments showed that high transfer rates could be obtained with mater-

ials of good thermal properties. An important observation was the

fact that the heat transfer coefficients were found to increase with

fluids of high thermal conductivities as expected and were insignif-

icantly low and independent of particle residence time on the heater

surface when operated under vacuum. The same sort of observations

were made by Harakas and Beatty [16] in their study. These experi-

ments showed the importance of the interstitial fluid in contributing

to the heat transfer process.

Gabor [28] extended the one particle and the two particle model

by considering a string of spheres (particles) of indefinite length

normal to the heater wall. The same author also extended his work



with a similar model which was based on heat transfer through a

series of alternating gas and solid slabs. These models were not

tested for flowing packed beds.

Other work with flowing packed beds includes the study of

Donskov [29] and Kurochkin [30,31]. Both authors correlated their

results with empirical equations of the following forms:

Donskov [29], single heated tube:

where

Nu
D

= 0.022 PeD (T- )

(Td)0.33

w w
p

hD
Nu

D
= Nusselt number based on tube diameter,

kg

C Dp u
p s s

PeD
= Peclet number based on tube diameter,

f
d'

fw
= friction coefficient between tube and dry and wet

aP

solids, respectively

= mean particle diameter

26

(2-10)

Td, Tw = effective shear stress between tube and dry and wet

solids, respectively

The correlation due to Kurochkin [30] has the following form:

(

NuD =
1

Jog PeD + B2)
1
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where B
1
and B

2
are the constants depending on the tube diameter and

pitch used in the experiments. The same investigator also correlated

heat transfer coefficients obtained from single tubes of different

cross-sections immersed into a flowing stream of solids [31]:

For circular tubes:

Nu
D

= 0.0214 Pe
D

0.21

For elliptical tubes (long axis in the direction of flow):

Nu
D

= 0.0412 Pe
D

0.21

For lenticular tubes (long axis in the direction of flow):

Nu
D
= 0.0437 Pe

D

0.21

(2-11)

(2-12)

(2-13)

It is interesting to note that heat transfer coefficients were

almost doubled with tubes of elliptical and lenticular cross-

sections. This may be due to the absence of a wake which is usually

formed under circular tubes and it is a strong indication of the

dependence of heat transfer coefficients on geometry.

A summary of all the past work is presented in Table 1.1.1.



Table 1.2.1 Summary of Previous Investigations

Investigator Particles, d
P

(mm)

Materials Gas us

(m /s)

ug

(m /s)

as x 107

(.2/8)

Kurochkin
(1958)
[301

0.4-3 Sand air 0.0023-0.023 2.1

Donskov
(1958)
[291

0.3-0.7 sand, wet coal air 0.0024-0.023 0.02-2

Harakas and
Beatty (1963)
[16]

0.003-0.38 celite, mica,
alumina, glass

beads

air, helium
dichloro-difluoro

methane

0.03-0.23 5.16-53.9

Kurochkin
(1966)
[311

0.25-1.77 sand air not specified 2.1

Botterill et. al.
(1967) [241

0.075-0.75 glass Ballotini,
sugar, soda glass
copper, steel,

zircon and silica
sand

air, helium
freon

not specified 0.5-1120

Botterill et. al.

(1967) 1251
0.168-0.45 same as above air residence times

and stirrer speeds
are given

same as

Botterill and
Hampshire (1968)
[271

0.17-1.3 steel, copper
shots

air not specified 100-1120

Botterill and
Desal (1972) 1261

0.15-0.625 copper shots air not specified 1120

Sullivan and
Sabersky (1975)
[171

0.2-2.16 mustard seeds,
glass beads, sand

air not specified 0.84-1.57

Denloye and
Botterill (1977)
[211

0.16-2.4 copper shot
sand, coal, ash

soda glass

air, freon,
helium, CO2

0.003-0.03 0.5-1120

Comments

flowing bed, single
heated tube; data
correlated

flowing bed, tube
arrays, single
heated tube, data
correlated

stirred bed, flat
heated surface

flowing bed, single
heated circular,
elliptical and len-
ticular tube; data
correlated

stirred bed, cylin-
drical heated tube,
flowing bed, flat
heated surface

stirred bed

flowing bed, flat
heated surface

flowing bed,
flat heated surface

flowing bed, flat
heated surface,
data correlated

flowing bed, flat
heated surface,

maximum value of h
correlated



Table 1.2.1 ( cont. )

Investigator Particles, dp Materials

(mm)

Gas us ug

(m/0 (m /s)

as x 107

(.2/8)

Comments

Wunschmann and
SchlUnder (1980)
(22)

0.15-3.7 polystyrene, lead
glass, tin, bronze

air stirring speeds
0-100 rpm

1.32-142 stirred bed, flat
heated surface

Spelt (1981)
(18)

0.33-2 glass beads, air

mustard seeds

0.09-1.3 0.79-1.67 flowing bed, flat
heated surface

Present work 0.2-2 cork, sand,
polyethylene, zir-

conia, copper

air 0.007-0.036 0.251isfusif 0.7-l120 flowing bed, single
heated tube
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1.3 APPARATUS AND EXPERIMENTAL PROCEDURE

1.3.1 Apparatus and Materials

1.3.1.1 Heat Transfer Rod

All experiments used an instrumented heated cylinder for deter-

mining the heat transfer coefficients to the flowing granular

medium. The heated cylinder, which is illustrated in Figure (1.3.1),

consisted of a solid copper rod of 22 mm 0.D., 150 mm long with a

6.35 mm hole drilled through its axis. A WATLOW, 400 W (E6A46) heat-

er cartridge of the same diameter as the hole was tightly embedded in

the hole. Seven, 36 gauge, K type thermocouple wires were cemented

to the surface of the rod using a high thermal conductivity epoxy

cement. Two of the thermocouples were placed at the ends of the rod,

one at each end. The remaining five were placed azimuthally at the

center of the rod, at 0, 45, 90, 135, and 180 degrees from the top.

The measuring junctions were welded to the metal to ensure a good

contact.

Two guard heaters, 50 mm long, made of aluminum and each having

one thermocouple junction cemented at its surface, were placed at

each end of the main heater. A Teflon disk, about 10 mm thick was

used between the guard heater and the main heater core as insula-

tion. The heater-main heater assembly was held together by three

stainless steel screws. A copper tube was attached at each end of

the assembly extending it to 50 cm. The thermocouple and the power
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wires were routed through the tubing and out. Because of the high

thermal conductivity of the heater core material the heater was ap-

proximately isothermal in the radial and longitudinal directions.

The heat flow from the two ends of the test section was estimated to

be 0.14 W/K of temperature difference between the guard heaters and

the main rod. The power to the heaters was supplied by three indi-

vidually controlled rheostats.

1.3.1.2 The Moving Bed

The bed was made of steel and measured 30 x 46 cm. It had

Plexiglass side windows for visual observation. The test section was

smoothly tapered down to 14 X 46 cm and the rod assembly was placed

at its center. The unit was 3 m tall; it had a collection hopper for

solids below and it was equipped with a cyclone separator above. The

solids flow rate was controlled by the reciprocal action of a moving

grate, details of which are given in Figure (1.3.2). The opening of

the grate could be preset to give different solids velocities. Its

reciprocating frequency was adjusted by a variable speed, variable

torque motor. A higher frequency yielded to smoother steady flow in

the bed. The frequency was always set at its maximum value of 340

RPM. The flow rate of solids was found to be independent of the

height of the bed material. The solids were recirculated back to the

top of the bed by a pneumatic transport line (see Figure (1.3.3) for

details). The air for the transport system was supplied by a

Sutorbilt blower driven by an electric motor. The blower could de-
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Figure (1.3.3) The pneumatic solids transport system.
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liver up to 1.33 m3/min at 185 kPa (47 CFM at 12 psig) and the air

for moving bed experiments was supplied by a roots blower driven by a

Caterpillar engine which is described elsewhere [46]. The general

layout of the bed is shown in Figure (1.3.4).

1.3.1.3 Gas Tracer Equipment

The gas velocity in the vicinity of the heat transfer surface

was measured by tracer techniques, i.e., injecting a planar pulse of

tracer at one location, and measuring its mean time of passage past a

second downstream location. Figure (1.3.5) gives a block diagram of

the gas tracer equipment which consisted of:

a) the tracer injection system,

b) the tracer sampling system.

a) The tracer injection system consisted of the injector

probe, solenoid valve and storage tank. The tracer gas, pro-

pylene diluted to about 40 ppm with nitrogen, was stored under

10,000 kPa and regulated to 200 kPa. The tracer gas passed

through the solenoid valve which was energized momentarily

(about 50 ms) releasing a pulse of tracer. The injector probe

consisted of a "T" shaped 6.4 mm stainless steel tube. It ran

across the width of the test section and had several 0.8 mm

(1/32") holes. These holes released the tracer gas into the

test section in the form of a thin sheet.

b) The tracer sampling system consisted of the sampler probe,

photoionization detector, vacuum pump and amplifier. The tracer
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Figure (1.3.4) General layout of moving bed apparatus.
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gas was withdrawn through a 0.076 mm stainless steel tube using

a porous stainless steel filter to prevent solids from entering

the detection chamber. In order to achieve a fast response

(high velocity in the sampling line), the photoionization de-

tector was operated under vacuum (6 kPa). The photoionization

detector (made by Hv Instruments) produces an ionic current

which is a measure of the tracer concentration. This signal was

conditioned, amplified and then recorded.

The sampler and injector probes were both located inside the

tapered test section and were spaced 21 cm apart. For further de-

tails, the reader is referred to Jovanovic [32].

1.3.1.4 The Data Acquisition System

The temperature was measured by two analog devices AD 2036 ther-

mocouple readers and also simultaneously recorded by a Data General

NOVA 840 mini-computer using Real Time Peripherals, wide range, high-

level multiplexer (series 7480). The tracer concentration voltage

was recorded both on a chart recorder and the NOVA mini-computer.

Further description of this system is given elsewhere, Fukui [33].

1.3.1.5 Materials

Polyethylene, cork, silica sand, refractory zirconia, and copper

particles were used as the bed media. Table (1.3.1) gives the range

of experimental conditions and the properties of the materials used;



Table 1.3.1 Range of Operating Conditions
and Solids Properties

Particle diameter, dp = 0.27-2 mm

Solids density, ps = 155-8950 kg/m3

Bulk Density, pb = 58-5200 kg/m3

Solids thermal conductivity, ks = 0.04-380 W/m1(

Solids heat capacity, Cp = 380-2300 J/kg1(

Linear solids velocity, us = 0.002-0.04 m/s

Mass flow rate, Ws = 0.004-8.5 kg/s

39
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also, Appendix C tabulates all the experimental conditions. Some of

the mixtures used in this study were narrow cuts, others had wide

size distributions. In all cases a mean particle diameter, d was

calculated according to:

where

x
i

= mass fraction of particles of size "i".

dpi = diameter of particles of size i, the mean of

two adjacent screen openings.

The size distributions of all the particles is given in Table

(1.3.2).

1.3.2 Experimental Procedure

In this study two types of heat transfer experiments were done;

the heat transfer coefficient between the tube and the flowing solids

were measured:

a) without an imposed pressure drop, AP, across the bed of

moving solids meaning that the gas flows down with the solids.

This fact was tested and verified by gas tracer experiments as

described later.

b) with an imposed AP for the gas so that there is a relative

velocity between the gas and the solids and so that the solids

flow downward at one velocity past the tube while gas flows
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Table 1.3.2 Size Distributions of Particles
Used in Experiments

Polyethylene:

a
P

Tyler Mesh

0.85 mm

% Weight

U
P
- 1.6 mm

Tyler Mesh % Weight

- 12 +14 9.60 4 +6 3.58

14 +20 47.45 - 6 +10 37.66

20 +24 21.05 -10 +12 25.62

24 +28 12.50 -12 +14 20.79

28 +32 7.21 -14 +20 7.34

32 2.19 -20 5.01

Cork: Zirconia:

a

Tyler Mesh

2.00 mm

% Weight

2 -

Tyler Mesh

0.75 mm

% Weight

- 4 + 6 3.44 8 +10 14.45

6 + 8 39.21 -10 +16 20.24

- 8 +12 40.69 -16 +20 22.30

12 +14 10.81 -20 +25 13.11

14 +16 3.31 -25 +30 7.30

- 16 2.53 -30 +35 8.30

-35 14.30
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Table 1.3.2 (continued)

Copper:

a
P

Tyler Mesh

0.27 mm

% Weight

a

Tyler Mesh

1.00 mm

% Weight

24

32

42

60

-100

+32

+42

+60

+100

12.0

22.6

26.1

34.1

5.2

-12

-14

-20

+14

+20

29.7

63.0

7.3

Silica Sand:

dp - 0.27 mm

Tyler Mesh % Weight

3 - 0.8 mm

Tyler Mesh % Weight

28 +35 25.29 6 +10 0.46

35 +48 36.03 -10 +14 6.62

48 +60 10.06 -14 +20 39.33

60 +65 11.12 -20 +28 43.42

65 +80 4.75 -28 +35 9.26

- 80 +100 5.76 -35 +48 0.83

-100 +150 5.63 -48 +60 0.04

-150 1.36 -60 0.04
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Table 1.3.2 (continued)

Silica Sand:

a 1.1 mm

Mesh % WeightTyler

- 8 +10 12.77

- 10 +16 33.84

16 +20 34.38

20 +25 9.90

25 +30 8.10

30 +35 0.60

-35 0.41
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upward at a different velocity. The experimental procedure for

obtaining heat transfer coefficients and measuring gas veloci-

ties is described below.

1.3.2.1 The Heat Transfer Measurements

The heat transfer coefficient was either measured by steady-

state or unsteady-state techniques. For all experiments the power of

the main heater rod was preset by adjusting the voltage across it.

The solids were first let to flow over the heat transfer surface at a

given velocity and then the power for the rheostat was switched on.

The data acquisition program was activated simultaneously and the

temperature was logged for the duration of the run. The emf of the K

type thermocouples was converted to temperatures by making use of the

cold junction temperature and the calibration charts given by the

manufacturer (Omega Engineering, Inc.). The data acquisition program

also controlled the temperature of the guard heaters. This was done

by an on-off control action by measuring the temperature of the guard

heaters and the rod and by taking their difference, according to

which the power to the guard heaters was switched on or off. With

this type of control the temperature of the guard heaters was main-

tained within a degree Celcius.

The linear solids velocity, us, was measured in two different

ways:

a) by measuring the mass flow rate of solids. This was done

by weighing an amount collected from the bed outlet in a given
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time interval. The linear solids velocity then can be estimated

by the following relationship:

mass flow rate
u =
s (bulk density)(flow area)

b) by setting a graduated ruler at the side plexiglass window

and measuring the time taken for the particles to flow down.

This technique assumes solids flowing in plug flow. Figures

(1.3.6), (1.3.7), and (1.3.8) show the measured and the predict-

ed values of the mass flow rate versus the linear solids velo-

city for the materials used in the experiments. The good agree-

ment between predicted and measured values indicates that the

solids are almost in plug flow passing the heat transfer sur-

face.

For all experiments the method described in (b) was used to

estimate the linear solids velocity and the contact time of solids

with the tube, thus assuming plug flow of solids. The run time

varied from a few minutes for unsteady-state experiments to 40 min-

utes for steady-state experiments. The amount of the material at

hand and the solids recirculation rate determined whether a steady

state or a transient experiment should be made. The only difference

between the two was the method of analysis (see next section). Ap-

pendix A lists all the related real-time data acquisition software.
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Figure (1.3.6) The dependence of linear solids velocity to mass flow
rate ( measured in the 14X46 cm test section ), for
0.85 mm and 1.6 mm polyethylene and 2 mm cork particles;
---- predicted line; ----- measured line.
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Figure (1.3.7) The dependence of linear solids velocity, us, to mass
flow rate, W (measured in the 14X46 cm test section),
for 0.27, 0.g and 1.1 mm silica sand particles;

predicted line; --- measured line
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Figure (1.3.8) The dependence of linear solids velocity, us, to mass
flow rate, W (measured in the 14X46 cm test section),
for 0.27 andsl mm copper and 0.75 mm zirconia particles;
--- predicted line; --- measured line
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1.3.2.2 The Gas Velocity Measurements

The gas velocity was measured by sampling the amplified photo-

ionization current by the NOVA mini-computer at a rate 10-40 samples/

second. A pulse or tracer of 50-100 ms duration was first injected

and the output voltage from the amplifier was recorded. A typical

tracer concentration (voltage) versus time curve is shown in Figure

(1.3.9). If Ci and Ci+1 are the concentrations measured at two con-

secutive times, ti and ti+1, respectively, then the mean time of

passage, tm, of the tracer curve can be calculated according to:

1(c. + c. )(t.
1

+ t. )

1 1+1 1+1
tm -

1 C. + C. )

1 +1

and the mean velocity of the gas, ug is calculated:

u -
g t

m
Appendix A lists software used to sample the tracer concentra-

tion and thus estimate the gas velocity.

Distance between injection and measuring probes



L.

(1)
0a
L._

-+-'

10

8

6

4

2

0

u
g
---=0 0055 m/s

us=0.0057 m/s

r,

mean time of
passage=38.3 s

0 20 40 60 80

time, (s)

Figure (1.3.9) Determination of gas velocity from tracer experiments;
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time of passage of

,

gas, by the distance in between
sampling and injection probes (21cm).

lri0



1.4 CALCULATION OF RESULTS

1.4.1 Steady-State Experiments

The heat transfer coefficient between the cylinder and the

solids is defined as:

h = P
Ah(T1.7 - Ts)

where,

P = the power input to the heater cartridge

A
h

= the surface area of the copper cylinder (0.01064 m
2
)

51

(4-1)

Tw
= the steady-state surface temperature of the rod

T
s

= the solids bulk temperature.

The input power, P, was calculated by measuring the voltage, V,

across the cartridge heater:

2

P=

where R is the internal resistance of the cartridge heater which was

experimentally determined and found to be approximately:

R = 136 + (0.0092) (TW) S2(ohms) .

In this expression, Tw is measured in degrees Celcius. In order

to determine the performance of the heated cylinder, preliminary test

runs were made by an air stream flowing normal to the cylinder. Ts

of equation (4-1) was replaced by the temperature of the gas, Tg, and

a similar heat transfer coefficient to equation (4-1) was defined.



Under these circumstances the Nusselt number, Nud, could be

expressed as (see Eckert and Drake [33]):

where

Nud
hd

= (0.43 + 0.5 " n-
0.5 0 7

g

)pr

Re
D

= Reynolds number based on tube diameter,
u Dp
g g

1.1

pC
Pr = Prandtl number, kP

g
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(4-2)

The values of heat transfer coefficients, h, obtained for these

trial runs are shown in Figure (1.4.1) together with equation

(4-2). As seen from the figure, the experimental points and the

theoretical predictions are very close to each other, suggesting that

the instrumented cylinder is performing satisfactorily.

1.4.2 Unsteady-State Experiments

For high solids velocities past the heat transfer surface, the

solids transport system could not recirculate the solids fast

enough. In this case the heat transfer coefficients were estimated

from unsteady-state experiments: the surface temperature-of the rod

was measured and recorded to the NOVA 840 mini-computer. The rod was

modeled as being composed of two constant (gradientless) temperature

regions as shown in Figure (1.4.2); region 2 is the heater core with
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Figure (1.4.1) Results of test runs with air flowing normal to

the heated cylinder.
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Figure (1.4.2) The two regions of the heated cylinder.
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temperature T1 and thermal mass of (mCp)1 and region 2 is the copper

core of temperature T2 and thermal mass of (mCp)2 respectively. It

was assumed that there is a resistance to heat transfer between re-

gions 1 and 2 and that heat flow from region 1 to 2 could be express-

ed with a convective term. Defining

0
1
= Tl - Ts and

e
2
= T2 - Ts

the differential equations governing the heating transient of the

cartridge-core system are:

de
1 1

= [1) - h
12
A

1
(6

1
-6

2
)] (4-3)

dt (mCp)1

de
2 1_

dt (mC
p

j
2

[1112A1(01-02) A h
he

2 ]
(4-4)

P = the power input to the rod

Al = surface area of the cartridge heater

Ah = outside surface area of the copper core

h = heat transfer coefficient between the cylinder and solids

and the initial conditions are:

61(0) = 6
2
(0) = 6

One should note that 60 is usually equal to zero since at the

beginning of the run the cylinder and the solids are in thermal
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equilibrium. The solution to the system of equations in (4-3) and

(4-4) is given in Appendix B together with the estimates of param-

eters (mCp)1 and (mCp)2. As shown in Appendix B, the approximation

to the true value of 6 2'
was used to estimate the heat transfer coef-

ficient, h, from the unsteady-state measurements.

Thus

hAh

P 209 L'-td))
6 s. e2

r

hA1

(4-5)

where t
d

is a delay time which is determined from experiments. An

objective function, with h as unknown, was formed which was the sum-

of-the-squares difference between equation (4-5) and the observa-

tions. An estimate of h was then obtained with minimizing this func-

tion with respect to h, by using a Powell search technique.

All estimated values for h and the experimental conditions are

tabulated in Appendix C.
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1.5 ANALYSIS OF RESULTS

This section is divided into two parts. The first part presents

an analysis and discussion of results for experiments without an

imposed pressure drop across the moving bed of solids. Variables

affecting heat transfer coefficients are examined, a model and an

empirical correlation for heat transfer from an immersed cylinder to

flowing bed of solids is proposed. The second part gives a discus-

sion of results for experiments with countercurrent air flow, i.e.,

an imposed pressure drop across the moving bed of solids.

1.5.1 Experiments Without an Imposed Pressure Drop Across the Bed

1.5.1.1 Variables

Figure (1.5.1) displays the heat transfer coefficients versus

the linear velocity for 0.85 mm and 1.6 mm polyethylene particles.

As seen from the figure, heat transfer coefficients for both sizes of

particles increase with increasing velocity. The rate of increase,

however, is greater at lower solids velocities than at higher veloci-

ties. For the large 1.6 mm particles, the heat transfer coefficient

increases slower with increasing velocity. From this figure, it can

also be noted that, for the same linear solids velocity, lower heat

transfer coefficients are obtained with the coarse size (1.6 mm)

polyethylene. The same trends were consistently observed for experi-

ments with all the materials tested, i.e., increasing particle size
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Figure (1.5.1) The measured heat transfer coefficients for 0.85 and
1.6 mm polyethylene particles at various linear solids
velocities.
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lowered, and increasing solids velocity increased, heat transfer

coefficients.

Figures (1.5.2) and (1.5.3) compare heat transfer coefficients

for materials of different thermal properties and densities but of

the same size: copper-silica sand and polyethylene-silica sand. In

earlier studies of Harakas and Beatty [16], Botterill, et. al.

[24,25], Botterill and Hampshire [27] and Denloye and Botterill [21],

it was found that flowing packed beds of materials having higher

thermal diffusivities gave higher heat transfer coefficients. This

is certainly the case here as displayed in Figure (1.5.2) where

copper particles exhibit higher heat transfer coefficients compared

to silica sand particles. Because of limited kinds of material at

hand, it was not possible to vary each factor, i.e., the heat capac-

ity, density, and the thermal conductivity, independently. Thus

Figures (1.5.2) and (1.5.3) are thought to present a lumped effect of

these variables.

The rest of the data, not shown in Figures (I.5.1) , (1.5.2) and

(1.5.3) is tabulated in Appendix C.

In order to have a better understanding of the variables affect-

ing the heat transfer rate, a simple theory of heat transfer to flow-

ing solids from immersed surfaces is proposed in the following sec-

tion.
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1.5.1.2 Development of a M,del

The simplest picture of heat transfer from a heated surface to

flowing solids is considering the solids and the interstitial gas as

a one-component entity sweeping the heat transfer surface with a

uniform velocity. (1) Ror simplicity let us assume a planar geometry,

i.e., a flat plate (the validity of this assumption will be checked

later) instead of a cylinder. The differential equation describing

the unsteady-state heat transfer to the semi-infinite plane above the

plate is then:

ke 32T

at pbCp
3y

2

Substituting the time, t, by t =211--, the above equation becomes

3T
k
e 3

2
T

u
s 3x pbC

p ay

subject to the following initial and boundary conditions:

where

x = 0

y =0

y+ co

T = T
s

(solids bulk temperature)

T = Tw (constant heater surface temperature)

T = T
s

x = coordinate in the direction of flow

y = coordinate in the direction perpendicular to the plate

(1) This assumption is a modification of the "packet" theory of
Mickley and Fairbanks [11] (see Section 1.2 for discussion) for
uniform renewal of "packets," i.e., constant velocity of solids.

(5-1)



u
s

= solids velocity

k
e

= an effective thermal conductivity for the solids-gas

entity or solids emulsion

pb = bulk density of the solids-gas entity

Cpg = heat capacity of solids-gas entity, approximately equal

to the heat capacity of solids alone

T = temperature, T(x,y), of solids-gas entity at the x and y

point.

The solution to equation (5-1), in the time domain is given by

Carslaw and Jaeger [35]. The instantaneous coefficient hi is

expressed by

i/Cpkepbus
1 7X
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(5-2)

and if the heater length across the flow path of the solids is L, the

average heat transfer coefficient is given by:

L
J h.dx

1 //C
p
k
e
p
b
u
s

//C
p
k
e
p
b0

h = 2 2
L 71, 7T

f dx
0

( 5-3)

where T is equivalent to u
and represents the contact time of the

solids emulsion with the heater surface.

The effective thermal conductivity, ke, was estimated using the

correlations given by Yagi and Kunii [14] for effective thermal con-

ductivities of packed beds. As discussed in Section 1.5.2, for ex-

periments done without an imposed pressure drop across the bed of

solids, the gas traveled at the same velocity as the solids. There-



fore, the gas was assuned to be motionless with respect to solids.

The expression for the effective thermal conductivity corresponding

to motionless gas is given by Yagi and Kunii [14] as:

k
e 1-c

k k

g +k
s
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(5-4)

where e is the fraction of voids and * was taken to be approximately:

* = 0.2e2

the bulk density of the flowing solids was estimated using the fol-

lowing relationship:

W
s

Pb usA

where A is the area of flow and W
s

is the mass flow rate. The bulk

density of the flowing solids was found to be constant under the

experimental conditions. Its value was nearly equal to the bulk

density of the packed bed.

Equation (5-4) did not give reasonable predictions of the effec-

tive thermal conductivity for cork particles. Predicted thermal

conductivities were lower than the one for air alone. For this in-

stance, the effective thermal conductivity was replaced by the arith-

metic mean of solids and gas thermal conductivities.

Table (I.5.1) lists all the properties of five different solids

used in the experiments together with their effective properties.

Associating effective properties to a two phase solids-gas sys-

tem so that it appears as a continuum should be reasonable in systems



Table 1.5.1 Solids Effective Properties

Material d
p

(mm)

k
s

(W/mK)

Ps

(kg/m3)

C
p

(Ws/kg10

a Pb

(kg/m3)

k
e

(W/m10

a
e
x108

(m2/s)

a
s
x107

(m2/s)

Polyethylene 0.85 0.329 920 2300 0.6 365 0.07 8.25 1.555

Polyethylene 1.6 0.329 920 2300 0.6 360 0.068 8.15 1.555

Sand 0.27 0.8 2700 780 0.56 1190 0.124 13.3 3.799

Sand 0.8 0.8 2700 780 0.48 1410 0.171 15.5 3.799

Sand 1.1 0.8 1700 780 0.5 1320 0.154 15.0 3.799

Cork 2.0 0.043 155 1880 0.66 53 0.035 14.7 1.476

Copper 0.27 384 8950 383 0.4 5356 0.44 21.5 1120

Copper 1.01 384 8950 383 0.42 5241 0.41 20.5 1120

Zirconia 0.75 0.16 5900 456 0.44 3200 0.130 9.5 0.706

Values for effective properties are calculated for stagnant gas (Equation 5-4) and solids velocity of
0.01 m/s; kg = 0.028
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in which the diameters are small, meaning that the particle size is a

small fraction of the conduction thickness or the thickness wherein

the thermal gradient is established. Thus, if the particles are

smaller than this thickness, then the solids-gas mixture should be

adequately represented as a continuum with effective thermal proper-

ties. This assumption will be checked later. The solution to equa-

tion (5-1) for the temperature profile is then (see Carslaw and

Jaeger [35]):

Or

T
(x,y)

T
s 2 -0

2

= - - f e da
T T
w s i o

- T
(x,y) s s 1/2

erfc [y I

w s e
T - T 4a x

(5-5)

(5-6)

k
e

where a
e

= is the effective thermal diffusivity of the solid-gas
pbCp

entity.

Figure (1.5.4) displays the temperature profiles for silica

sand, polyethylene, and zirconia particles for a contact time of 3.5

seconds. Examining Figure (1.5.4), one can note that the temperature

profile for silica sand particles, penetrates about 3 mm into the

bed. This suggests that, for a contact time of 3.5 seconds, silica

sand particles which are smaller than about 1 mm could be represented

by a continuum (since the thermal gradient extends more than three or

more particles thick). For materials of lower effective thermal

diffusivities the thickness of the gradient is smaller. This is the
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Figure (1.5.4) Temperature profiles, in the semi-infinite plane above a
constant temperature, heated flat plate, for a contact
time of 3.5 s.
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case for zirconia and polyethylene particles which have lower thermal

diffusivities (see Table 1.5.1) than silica sand. The contact time

affects the temperature profiles with the same manner, i.e., for

short contact times the thickness of the gradient is smaller and vice

versa.

Therefore, for fine particles or very low solids velocities

(long contact times) the assumption of the homogeneity of the flowing

material may be reasonable, but for large particles or very high

solids velocities (short contact times) this assumption may not be

reasonable.

A convenient way to check the validity of this assumption is as

follows: the thermal gradient is fully established when the left

hand side of equation (5-6) is equal to about 0.05. This is true

when the argument of the complementary error function is equal to:

1.8

e
17;7

The thickness of the gradient is then:

y =. 1.8 /4 77

If the particle diameter is three times the thickness, y, or

more, the flowing solids may be represented by a solid-gas homogen-

eous phase. This approximately corresponds to the inequality

dp < 0.6 fri«eT (5-7)
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About 707. of the data satisfied the inequality in (5-7). This sug-

gests that considering the solids and the gas as a one component

continuum may be a reasonable assumption under the experimental con-

ditions.

Figure (1.5.5) compares the prediction of the continuum model,

equation (5-3), with a set of experimental data. As seen from the

figure, this model overpredicts experimental data points for solids

velocities above 0.005 m/s. Also for very high solids velocities,

i.e., very short contact times with the heat transfer surface, the

model predicts infinitely large heat transfer coefficients. However,

experimental findings suggest that heat transfer coefficients may

tend to have a finite value as the contact time decreases.

Next, the effect of the circular geometry on the model predic-

tion was investigated and the heat transfer coefficients were re-

estimated accordingly.

Jaeger [36] noted that for circular geometry, the equivalent

expression for the instantaneous heat transfer coefficient in equa-

tion (5-2) is:

where

h.
4

2
1(0, 1, FbR )

FoRn

(5-8)

FOR = Fourier number based on the radius of the cylinder,
R

a
e
t

Assuming that us is constant along the periphery of the cylinder

(note that this is a valid assumption since the cross-section of the

cylinder is very small compared to the flow area), then the time in

the Fburier number can be substituted by:
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and I(0, 1, FOR) is given by

-Fb
R
z
2

co

1(0, 1, FoR) = f
dz

2 2 z
o J0(z) + Yo(z)
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(5-9)

where Jo(z) and Y (z) are Bessel functions of zeroeth order of the

dummy agrunent z.

Equation (5-9) can be numerically evaluated; however for small

values of FOR, meaning FoR < 0.02, Jaeger and Clarke [37] give the

following approximation

I(0,1,FO) = n2 [(nFb
R
) -1/2

+1_ 1
/n

1/

2 4

2 3
0.1459 Fo

R
/2

+ 0.203 FoR 0.315 RD
5/2

+ 0.536 FoR -...]

(5-10)

In all of the experiments the corresponding values of FOR were below

0.015 which suggests that equation (5-10) can be used instead of the

more complex equation (5-9). Furthermore, it is of interest to note

that equations (5-2) and (5-10) are numerically the same for small

values of FOR, since the first terms in the series in equation (5-10)

become the dominant ones. The time-averaged heat transfer coeffi-

cient is obtained by direct integration of equation (5-10):

7r

2 I(0 1 )fuR Fas'R
4 FoR

h
TrR

(5-11)
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The equivalent expression for the temperature profile is approximated

by:

(r-R) (a
e
t)

1/2
T
(rT y)

- T

T
w R

1/2

1/2
r-R r-R

erf erfc + (5-12)

s w r 2Va
e
t 4R

2
r
3/2

2/cTE

Figure (1.5.6) compares equations (5-11) and (5-3), namely pre-

dictions from planar and cylindrical geometries. As seen, there is

only a slight effect of the geometry and both solutions overpredict

the heat transfer coefficients after us = 0.005 m/s. For the range

of experimental conditions both solutions are comparable to each

other. Because of its simplicity, for the rest of this work, the

flat plate solution is adapted for calculations involving the heat

transfer coefficient.

The temperature profiles for the cylinder differ in shape from

the flat plate solution. Figure (1.5.7) displays temperature pro-

files, for silica sand, polyethylene and zirconia particles for a

contact time of 3.5 seconds. However, these profiles like the ones

shown in Figure (1.5.4), for solids flowing over a flat plate, extend

to about the same depth.

So far, discussions involved only a single resistance to heat

flow from the solid surface to the emulsion. This was mainly due to

the emulsion alone, or:

R
e
= 0.5 V/ /I

Cpkepbus
(5-13)
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This term (or more elaborate forms) also constitutes the convective

component of the "packet" theory which has been dealt with in detail

in literature relating to fluidized bed heat transfer.

In fluidized beds, the total convective heat transfer from the

heated surface to the emulsion (or vice versa) is also viewed in

terms of two resistances in series: a) a contact resistance, Rc, due

to increased voidage near the heat transfer surface, and b) the re-

sistance due to emulsion (equation 5-13). The overall average con-

vective heat transfer coefficient is then expressed:

h
Rc + Re

(5-14)

This resistance was introduced to account for the fact that at very

short contact times the "packet" theory predicted infinitely high

values of the instantaneous heat transfer coefficients while the

experiments showed a limit.

In order to explain the experimental data obtained in this

study, a similar resistance was added in series to the emulsion re-

sistance, Re. However, a more realistic explanation of the contact

resistance, Rc, is proposed.

When particles touch the heat transfer surface conduction from

the surface to the particles takes place through an intervening gas

film of average thickness, 6. Thus, the resistance Rc can be ex-

pressed as:

R =
6

c k
g
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Recently, Catipovic [38] who studied heat transfer from an immersed

cylinder to a fluidized bed of solids expressed 6 as a fraction, f,

of the particle diameter dp. The value of "f" was determined exper-

imentally. A similar approach to express Rc' was used by Xavier and

Davidson [39] earlier. Decker and Glicksman [40,41] Gloski, et. al.,

[42] modeled conduction heat transfer at the surface of bodies im-

mersed in gas fluidized beds. They made an attempt to estimate the

resistance R
c

on the basis of surface roughness.

In this study, Rc was taken to be a function of particle diam-

eter and its value was determined experimentally. This will be dis-

cussed later.

Calling the local emulsion resistance Rex, which is the inverse

of the equation (5-2), the overall instantaneous resistance is repre-

sented by:

h.
1

R
c
+ R

ex

(5-15)

The average heat transfer coefficient is defined in the same fashion

as in equation (5-3). Replacing hi by hi'

L

where

f11i dx
2 r

RR
e

h =0 IT-- 1.1 R Zn (1+ ---)i
L

eL eL c

¶T
R
eL

or
pekeCpus pbkeCp

(5-16)
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A simplified, alternate solution for the heat transfer coefficient in

equation (5-16) is:

h
1

L
R + h.dx
c L

R
c
+ 0.5

/
kep

b

ITT

C
0 p

(5-17)

Equations (5-16) and (5-17) were numerically compared and it was

found that equation (5-17) can be used, with negligible error, in-

stead of the more complex equation, (5-16). Thus, for simplicity,

for the rest of this study, equation (5-17) was used to represent the

average heat transfer coefficient, h.

Figures (1.5.8), (1.5.9), and (1.5.10) display experimental

results for 0.85 and 1.6 mm polyethylene, and 0.8 mm sand particles,

together with the predictions of equation (5-17). Table (1.5.2)

tabulates the values of the resistance Rc for all materials and

sizes. The value of Rc
was taken to be as the value which gave the

best fit for equation (5-17) through the data points.

The resistance Rc
was found to be dependent on particle diameter

alone. This is shown in Figure (1.5.11), where the resistance, Rc,

is plotted against the particle diameter. The value of Rc was cor-

related to particle diameter and is expressed as:

6.7 x 10
-5

d
2

P 6
R
c

=
k
g g

where d is expressed in (mm) and Rc is in (m2 1C/14).

(5-18)

The average conduction thickness, d was approximately 10% of the

particle diameter for large particles (i.e., 1 mm and above) and its
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Table 1.5.2 Values of the Resistance Rc for All Materials and Sizes

Material

(mm) (mm)

Rc

(m2K/w)
Equivalent

Thickness of Film

Polyethylene 0.85 0.047 0.00168 0.05 dP

Polyethylene 1.6 0.016 0.0057 0.1 d
P

Cork 2 0.286 0.0102 0.14 dP

Silica sand 0.27 0.00225 8.04 x 105 0.008 dP

Silica sand 0.89 0.05 0.0018 0.06 dP

Silica sand 1.1 0.0846 0.003 0.08 dP

Copper 0.27 0.0045 1.61 x 104 0.017 dP

Copper 1 0.084 0.003 0.08 dP

Zirconia 0.75 0.053 0.0019 0.07 dP
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value decreased with decreasing particle diameter. The average con-

duction thickness tS is also tabulated in Table (1.5.2). The overall

heat transfer coefficient, h, can then be expressed as:

1
h

Rc + Re

and on replacing Rc and Re with their equivalent expressions:

h
1

6.7 x 10
5

d
2

P + 0.5 /
k

nt

k
g epbCp

or in terms of a Nusselt number, Nud, based on particle diameter and

gas thermal conductivity:

hdp d
1

kd
Nu =

kg [
]

g g 6.7 x 10
-5

d
2

P + 0.5
/ IT T

k
e
p
b
C

g p
k

Equation (5-19) is able to represent about 85% of the observed

(5-19)

values with f 20% deviation. This is displayed in Figure (1.5.12)

where the predicted value of the Nusselt number is plotted against

the observed value.

The resistance Rc
is instrumental in explaining the lowering of

the heat transfer coefficients with increasing particle diameter.

For large particles, the contact resistance Rc becomes the controll-

ing factor in heat transfer. For this instance, the heat transfer

mainly occurs through a gas gap of thickness, d, by steady-state

conduction. This is best seen when the ratio of the gas film resist-
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ance, Re, to the overall resistance, Re + Re, is plotted against the

particle diameter. Such a plot is given in Figure (1.5.13) for sil-

ica sand particles and for three different contact times, T, of 1,

10, and 30 seconds.

This figure shows that with increasing particle diameter (or

decreasing contact times), the contact resistance constitutes an

important portion of the overall convective resistance. Bo r. example,

for a contact time of one second and for particles which are bigger

than 2 mm, 90a of the total resistance is made of the contact resist-

ance R. In other words, for particle diameters exceeding 2 mm the

convective component is independent of the emulsion resistance, Re.

However, for particles which are smaller than 0.3 mm (and for the

contact time of 1 second) the emulsion resistance constitutes 90% of

the total resistance.

1.5.1.3 Correlating the Results

Taking the previous discussions into account, a dimensional

analysis, using the Buckingham Pi method (see Perry and Chilton

[431) was done. The variables believed to influence the heat trans-

fer coefficient between the tube and the flowing solids were:

k
e

= effective thermal conductivity of the solids-gas entity

kg = gas thermal conductivity

Pb = solids bulk density

C = heat capacity of solids

d = particle diameter
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s

= solids velocity

the dimensionless groups emerging from the analysis were:

Pe = Peclet number
Cpdppbus

k
g

k
e

= ratio of the effective and gas thermal conductivities

g
d
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L
P = ratio of particle diameter to the length of heater across

the flow path of solids

hd

Nud = Nusselt number,

g

The correlation was of the form:

k b d
Nud = a (Pe)a

e
(-Ep )

c

The constants a, b, and c were found to be 0.28, 0.29 and 0.2,

respectively and they were all roundedoff to 0.25. The propor

tionality constant was 1.65. Thus:

k d

Nud = 1.65 [Pe (1L) (Ty)]0.25

g

(5-20)

The results of the correlation are displayed in Figure (1.5.14). The

correlation coefficient, R2, was found to be 0.93. This correlation

represented 95% of the data within ±15%. It is of interest to note

that equation (5-3) can be rearranged to give:

k d

Nud = 2 [Pe (e-) (e)]0.5
/Tr
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This is also shown in Figure (1.5.14).

The data was also compared to correlations of Donskov, et. al.

[29], Kurochkin [31], and Sullivan and Sabersky [17] and are display-

ed in Figures (1.5.15), (1.5.16), and (1.5.17). None of those cor-

relations adequately represented the experimental data. Sullivan and

Sabersky's [17] correlation, however, was able to predict the trends.

1.5.2 Experiments with Countercurrent Flow of Gas

This section presents findings on heat transfer experiments made

with an imposed pressure drop on the flowing packed bed of solids.

First emphasis was to measure the gas velocity when there is no

pressure differential across the bed. Tracer experiments, as de-

scribed in Section 1.3.2.2, showed that at the absence of an imposed

pressure drop, the measured solids velocities and gas velocities were

the sane. Thus, the gas "clung" on the particles and flowed with

them at the same velocity as the solids. Figure (1.3.9) gives a

typical case study where the measured solids and the gas velocity was

found as 0.0057 m/s and 0.0055 m/s, respectively.

With an applied pressure drop across the bed, i.e., gas flow

countercurrent to downflowing solids, the flow of solids was affected

markedly. Apr the same grate opening of the solids flow controller,

the flow rate of solids slowed considerably. This was thought to be

caused by the upward drag of the gas. However, it is of interest to

note than in an earlier study by Botterill [44] it was found that

countercurrent flow of the gas increased the flow rate of solids

considerably.
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It was expected that the flow rate of the gas would change the

local packing around the immersed cylinder and affect the heat trans-

fer coefficients. The thermal veocity, i.e., (mass flow rate) (heat

capacity) of the gas is an order of magnitude smaller than the

solids; therefore, it is not expected that the gas will take much

heat away from the surface by thermal transport.

Figure (1.5.18) presents a set of experimental data with and

without countercurrent gas flow, for 0.85 mm polyethylene par-

ticles. The measured heat transfer coefficients for the case of gas

flow were lower than the ones without gas flow. Next, the flow rate

of the gas was increased gradually, until the portion of the bed with

the immersed cylinder fluidizes. No appreciable change in the

measured heat transfer coefficients was noted with increased gas

flow, when the bed was flowing in a packed state. A sharp jump,

however, was observed in the heat transfer coefficient when the

solids around the cylinder were fluidized. This is also shown in

Figure (1.5.18).

Figure (1.5.19) compares heat transfer coefficients for 1.6 mm

polyethylene particles with and without countercurrent gas flow. As

seen from the figure, no appreciable change was noticed in the heat

transfer coefficients. These two materials being the same, it was

thought that the particle diameter might have an effect on the pack-

ing near the surface. Thus, the next set of experiments was done

with silica sand particles of about the same diameter as the 0.85 mm

polyethylene particles and the results are displayed in Figure

(1.5.20). Again, no noticable differences were found in the heat
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transfer coefficients. No changes in heat transfer coefficients also

were observed with experiments made with cork particles (see Appendix

C).

The lowering of heat transfer coefficients in one case was per-

haps related to increased voidage around the cylinder, thus offering

more resistance to heat flow. BDtterill [44] also notes that addi-

tional gas flow affects the local particle packing density, and helps

the particles to move more freely and possibly causes them to move

further from the surface.

It was then concluded that the effect of the countercurrent gas

flow is on a "case study" basis. In general, the gas flow counter-

current to the solids did not effect the magnitude of the heat trans-

fer coefficients; there was, however, some indication (case of 0.85

mm polyethylene particles) that the countercurrent gas flow might

decrease the heat transfer coefficients to some extent.
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1.6 CONCLUSIONS

Heat transfer coefficients between an immersed cylinder and a

moving bed of solids were measured with and without countercurrent air

flow to flowing solids. Two equations, for predicting heat transfer

coefficients between moving beds of solids, without countercurrent air

flow, and immersed cylinders, were proposed.

The first of theie equations was derived from a simple model of

heat transfer, and experimental observations. Heat transfer coefficients

were represented in terms of two thermal resistances in series:

a. A resistance, Re, due to the solids-gas emulsion surrounding

the heat transfer surface; this was adapted from the well known "packet"

theory of heat transfer between a fluidized bed and an immersed surface.

b. A resistance, Rc,due to an intervening gas layer between the

heat transfer surface and the first row of particles. The value of this

resistance was determined from experiments.

The expression for the overall heat transfer coefficient was:

h
1

6.7 x 10
-5

d
2

/
+ 0.5

g
kep

b

1TT

Cp

or in terms of a Nusselt number:

hd d
1

Nu - [

-5 2 (5-19)

k
+ 0.5

/ TIT

g
kep

b
Cp

The first term in the denominator of equation (5-19) is due to the gas

g g 6.7 x 10 d

film resistance, the second is due to the emulsion resistance. The
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values of solids effective thermal properties, used in these expressions,

were estimated from literature correlations. This equation represented

85% of the data within 20%.

The second equation was empirical and was the result of

dimensional analysis:

k d

Nud = 1.65 [Pe (ke) (Lp)rhj
g

(5-20)

This equation represented 95% of the data with ± 15% .

Examining equation (5-19), one can deduce the following points to

consider in designing exchangers wherein solids flow past an imersed heat

transfer surface:

For a given heat duty, i.e. specifying the inlet and outlet

temperature of both solids and the coolant, the required total area for

heat transfer is inversely proportional to the heat transfer coefficient,

h. Thus higher heat transfer coefficients mean smaller area

requirements. If one operates in the regime where heat transfer is

dominated by the gas film resistance, Rc, decreasing the contact time,

ie increasing the solids velocity or using smaller tubes, will not

affect the total area since the contribution of the emulsion resistance,

R
e

, to the overall cefficient is negligible. On the other hand if the

emulsion resistance, Re dominates, decreasing contact times will decrease

the total area. For example, if the velocity is doubled or the tube

diameter is reduced by half, the required area is reduced by a factor of

/2. This is the direct consequence of earlier discussions in Chapter

1.5.1.2
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For experiments with countercurrent air to flowing solids, It was

found that, within the range of experimental conditions, the air flow did

not affect heat transfer coefficients.

The effects of extended surfaces and the presence of an

interstitial gas different than the air were not studied and should be

tested in future experiments.
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II. SUMMARY: ELUTRIATION FROM FLUIDIZED BEDS

Elutriation characteristics of widely different solids (density

from 920 to 5900 kg/m3) were measured in fludized beds (up to 0.9 m

in size) having high freeboard (7.5 m) using gas velocities up to 4

m/s.

The experimental findings were compared with previously reported

results and all the variables were well correlated with a simple

empirical expression.
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11.1 INTRODUCTION

In fluidized beds with wide distribution of particle sizes the

fluidizing gas velocity often exceeds the terminal velocity of the

smaller particles. This results in elutriation of these fines from

the bed. The loss of bed material is associated with a variety of

problems, e.g., pollution, reaction in cyclone and recycle lines,

plugging of filters and changing fluidization characteristics of the

bed.

Existing correlations on elutriation rates lead to widely dif-

ferent predictions. Possible reasons for this are that some of these

correlations were based on experiments in small diameter beds, while

others only explored a narrow range of fluidizing velocities, par-

ticle sizes or densities. Also, in some cases data were taken with

very small freeboard, thus giving an overestimation of the elutria-

tion rate.

In order to develop a correlation for elutriation of broad gen-

erality we did experiments with solids of widely different densities

and size under a wide range of gas velocities in both large and small

sized beds, having high freeboard.

The results were then compared with the literature predictions

and finally were all compactly represented with a simple expression

based on the terminal velocity of the elutriating solids and super-

ficial gas velocity.



11.2 APPARATUS AND EXPERIMENTAL PROCEDURE

11.2.1 Apparatus

103

Three different fluidized beds were used in this study. The

largest was a steel and plywood unit, square in cross section, 0.92 m

on a side and 7.5 m high. The medium sized unit was also square in

cross section, 0.3 m on a side, smoothly connected to a 0.34 m steel

freeboard pipe 7.5 m high. The small bed consisted of a 0.1 in glass

tube flanged to a 0.1 m x 7.5 m steel freeboard pipe.

Pairs of perforated steel plates each sandwiching a 100 mesh

screen were used as distributor plates for all three beds. The

plates for the 0.9 m bed were punched with 5.6 mm holes on 19 mm

centers in a square ptich, giving 6.7% open area. The 0.3 m bed had

5.6 mm holes on 23 mm centers while the 0.1 m bed had 2.8 mm holes on

11.5 mm centers. The pressure drop across these distributors was

sufficiently high to achieve equal flows of air through the openings.

Fluidizing air was supplied by a Roots positive displacement

blower powered by a Caterpillar 325 HP diesel engine.

The exit gas stream from the 0.9 m bed carrying elutriated par-

ticles was distributed into four cyclone separators operating in

parallel, whereas the 0.3 m bed used only one cyclone. The particle-

free gas leaving the cyclone passed through either a Venturi meter or

an orifice meter. The 0.1 m bed used a smaller cyclone and its own

orifice meter placed in its air inlet. The general layout of the

experimental apparatus for the 0.9 m bed is shown in Figure
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(11.2.1). The setup for other beds was similar and won't be shown

here.

11.2.2 Experimental Procedure

Batch runs using ambient air were made with beds of coarse non-

elutriable solids of size distribution shown in Table 11.2.1, plus a

small amount, never more than 10%, of fines which were to be elutri-

ated. The surface average diameter of the coarse charging mixture

was calculated according to the expression

and was found to be - 1 mm for polyethylene, - 0.8 mm for silica, and

0.3 mm for zirconia.

For the 0.9 m and 0.3 m beds, the added fines had a wide size

distribution, the coarse and fine material were charged to the bed

simultaneously, the whole bed was gently fluidized for a short time,

a few seconds, after which the flow of air was rapidly increased to

the desired value for the run. For the 0.1 m bed with its small

volume, narrow cuts of fine solids were added, one cut per run, to

the coarse material. The solids were mixed by hand and then air was

introduced at the desired rate.

Runs lasted about an hour for the 0.9 m and the 0.3 m beds, but

only ten minutes in the 0.1 m bed. Elutriated solids were removed

from the cyclone downcomer at various time intervals, from 10 s at
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Table 11.2.1 Size Distribution of Bed Materials

Tyler Mesh

Polyethylene Zirconia Silica Sand

Coarse Fines Coarse Fines Coarse Fines

6/10

10/14

14/16

16/20

3.75%

27.05

25.73

22.64

0.46%

6.62

39.33

20V28 16.11 4.0% 43.42

28/32 3.83 17.0
0.19% 9.26

32/35 0.79 16.0

35/42 0.06 0.38
23.6 0.83 1.58%

42/48 0.04 1.71

48/60 14.16 11.1 0.04 9.90

60/65 21.63 14.0 0.02 28.99

65/80 23.19 8.0 0.69% 0.01 17.45

80/100 17.4 6.3 2.45 0.01 19.28

100/115 11.12 14.32 8.15

115/150 6.32 19.98 5.97

150/170 2.66 13.45 3.46

170/200 0.43 8.38 2.00

200/250 0.81 4.77 3.22

250/270 5.60

270/325 7.74

325/400 1.84

<400 20.78
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the beginning of the run to 30 minutes at the end, by means of a

butterfly valve. The collected samples from 0.9 m and 0.3 m beds

were then sieved for 15 minutes through No. 20, 28, 35, 42, 48, 60,

80, 100, 115, 150, 170, 200, 270, 325, and 400 mesh Tyler screens and

weighed, while the samples from the 0.1 m bed were weighed directly

without sieving.

The variables examined in these runs were the column diameter,

the bed weight, the particle density and the operating velocity.

Appendix D lists all the combinations of these variables which were

studied.
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11.3 MECHANISM AND EARLIER WORK

Summaries of previous investigations can be found in Wen and

Chen [45], Colakyan [46], Bachovchin [47], and Kunii and Levenspiel

[48]. Table 11.3.1 lists some of the proposed literature correla-

tions.
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Table 11.3.1 Literature Correlations for Estimating Kt

Yagi and Aochi [50]

2
d .

PA. = 0.0015 (

d
Pi

u
tl

p

g)°*6 + 0.01 (d -21-u 1-1)1.2

u(u
0
-u

ti
)-

Wen and Hashinger [51]

( )2
K* -5r

d
pi
u
tip g10.725ruo uti) 10.5rPs-Pg11.15

= 1.52 x 10 L gd L p

g o ti Pi

Tanaka, et. al. [52]

(3-1)

(3-2)

-1
1

= 0.05[d pi
u
ti

p
g10.3 r

(u - 2u
ti
)10.5

s
(3-3)

p
g

0.1

K

o
-u

ti
)

L gd 1 P

P
g

)

J

0.15

Pi

Merrick and Highley [54]

K* u
ti3O.5

u
mf )0.25]

B + 130 exp[-10.4r 7 J

(u -u
Pg o o o mf

where B = 0.001 - 0.0015.

Geldart, et. al. [53]

K
1 ti.

= 23.7 exp( -5.4

Pg / Pi
uci

where pi is the solids loading of the i
th size in exit gas.

(3-4)

(3-5
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Table 11.3.1 (continued)

This Study

t.2ti), r1
Kt = 0.011 ps(1 -

u
when u

ti
< u

ou
o

)
LsJ

(4-9)

Kt = 0 when u ) u
1 ti o
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11.4 ANALYSIS OF RESULTS

11.4.1 Calculation of Elutriation Rate Constants

The elutriation of particles of size i from a fluidized bed can

be represented by the rate expression

dX
i

k*AX
i = KiXi

dt
(4-1)

where K* and K
i
are two forms of the elutriation rate constant, and

X
i
is the mass fraction of solids of size i in the bed of weight W

and cross sectional area A.

In a batch experiment if the total weight of solids in the bed

is taken to be aproximately constant over the period of the experi-

ment and if attrition and formation of fines is negligible, the inte-

gration of equation (4-1) gives, in terms of the weight of particles

of size i which have elutriated from the bed Wi .e'

-Ki t

W
ie

= W
io

(1-e (4-2)

where Wio
is the initial weight of particles of size i in the bed.

Bbr friable solids one has a continuous generation of fines of

size i in the bed, Fi. In this situation the differential equation

(4-1) representing batch operations is modified to

dW.
1.
= +K.W. - F

dt i

(4-3)



which on integration leads to

-K.t F. -K4t
)

W. = W (1-e + Fit - (1-e )

ie io

1
)

i K
i

112

(4-4)

The first term on the right hand side represents the removal of

solids of size i which are initially present in the bed. The last

two terms represent the removal from the bed of particles of size i

which are generated in the bed by attrition since time t = 0. Figure

(11.4.1) compares the prediction of equations (4-2) and (4-4). Note

that a non-zero limiting slope on the elutriation curve shows that

attrition is taking place in the bed and allows determination of the

rate of generation of fines of size i in the bed.

The elutriation and attrition rate constants K
i
and F

i
were

calculated by forming an objective function, S,

S = [41
ie,n

(experiment) - W
ie,n

(equation)i2
n=1

where Wie
(equation) was chosen to be either equation (4-2) or equa-

tion (4-4) and by minimizing S by use of a Gauss-Newton technique

with respect to the parameters of interest, Ki and Fi. Figure

(11.4.2) represents two sets of experimental data taken in the 0.9 m

bed, one for sand, the other for polyethylene. The dashed lines

represent the fitted model. Clearly, sand is an attritable solid

while polyethylene is not.

The values of Ki were transformed into Kt = KiW/A, a quantity

which should be independent of bed geometry. This elutriation con-



-a

No limiting slope Fi gives
c.) generation rate of fines

of size i

with attrition F ;e0,
equation 4-4

En

O w10_
F without attrition Fi =0,

equation 4-2
C

0
0

time, t

Figure (II.4.1) Removal of fines from a bed, during batch operations.
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Figure (11.4.2) Difference in the amount of fines collected from attriting
and nonattriting solids.



115

stant was then correlated with the variables of the system. Appendix

E presents tables of cumulative amounts of elutriate material versus

time.

11.4.2 Effect of Gas Velocity

In an earlier study made with silica sand in the 0.9 m bed alone

Colakyan, et. al. [49] found that the following correlation well rep-

resented the variation of elutriation rate with particle size and gas

velocity

Et = 33(1
ut

u )

0

We adopt and extend this equation form in the present study.

11.4.3 Effect of Bed Diameter

The earlier experiments were repeated here with the same mater-

ials in all three sizes of beds. The results for all sizes of elu-

triated silica sand particles were then correlated in the form of

equation (4-5) and are displayed in Figure (11.4.3). The slopes of

the lines of best fit are

32.2 for the 0.9 m bed

31.6 for the 0.3 m bed

28.9 for the 0.1 m bed
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0
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Figure (11.4.3) The elutriation rate for sand is not dependent on bed size.
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Statistically this variation in slope was found to be not signiticant

at the 5% level. Hence, although we may suspect that elutriation is

depressed slightly in small diameter beds, and that it may be worth-

while looking further into this matter, still, until further exeri-

mental evidence is obtained we will conclude that the elutriation in

beds from 0.1 m up in size is independent of bed size.

11.4.4 Effect of Particle Density and the Final Correlation

Figure (11.4.4) shows the elutriation data obtained for the

three different solids in the three different sized beds. The equa-

tions representing the best lines through these data are as follows:

K* = 62.7(1 -
utiu 2

o

)

)

Kt = 3.1(1
u

ti)2

0

Kt = 10.2(1
ti)2

u

u
o

for zirconia

for silica sand

for polyethylene

(4-6)

(4-7)

(4-8)

The constants in these equations are close to proportional to the

density of the solids. Accounting for this factor, the final corre-

lation for the elutriation constant accounting for all sizes and

densitites of particles is:
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Figure (11.4.4) Correlation for 3 different solids in 3 different bed sizes.



119

K*

= 0.011(1
u
t-- )2

[ '71
<7 --

o

when u
ti

u
o

(4-9)

K*i = 0 when u
ti

> u
o

Figure (11.4.5) displays all the data taken (27 runs, 118 values of

Kt, for three types of particles in three sizes of bed) and the final

recommended correlation, equation (4-9). About 85% of the data fall

within * 15% of the recommended equation. Larger deviations are

ti
u

)

observed at lower values of the velocity group (1
u

hence for
o

the largest sizes of particles being elutriated. Appendix D tabu-

lates all the elutriation rate constants obtained and other pertinent

variables. Appendix F indicates how the terminal velocity uti was

evaluated.

11.4.5 Fitting the Data to the Literature Correlations

Figures (11.4.6) to (11.4.10) show how all the data of this

study fitted the correlations of Yagi and Aochi [50], Wen and

Hashinger [51], Tanaka, et. al. [52], Merrick and Highley [54] and

the modified Geldart, et. al. [53] which are tabulated in Table

11.3.1.

Examining these graphs shows that the earliest of these uni-

versal correlations, that of Yagi and Aochi [50], fits the data

reasonably well (see Figure (11.4.6)) with no systematic variation

with particle size, density of bed size. The recommended correlation

of Geldart, et. al. [53] was not tested because of difficulties in

estimating or calculating pe However, a modification of this cor-
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relation in which pe was replaced by pg was tested (See Figure

(11.4.10)), gave a reasonably good fit, but showed a systematic vari-

ation with particle density.

To evaluate more precisely the goodness of fit of all these

recommended correlations and of equation (4-9), their correlation

coefficients were evaluated and are displayed in Table 11.4.1. This

shows that equation (4-9) fits the data best, the equations of Yagi

and Aochi [50] and the modified equation of Geldart, et. al. [53]

give a reasonable fit, certainly better than the remaining expres-

sions.
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Table 11.4.1 Goodness of Fit of the Various Correlations
to the Data in this Study

Investigators

Correlation
Coefficient

R

R2

a measure of the
variation removed
by the correlation

Yagi and Aochi (1955) 0.75 0.56

Wen and Hasinger (1960) 0.38 0.14

Tanaka, et. al. (1972) - 0.24 0.05

Merrick and Highley (1974) -0.49 0.24

Geldart, et. al. (1979)* -0.79 0.62

Present Work 0.95 0.91

*Mbdified by the original by use of pg in place of pe.
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11.5 CONCLUSIONS

The present work offers a simple correlation which can be used

with beds of very high freeboard and above 0.1 m in diameter

Kt = 0.011 ps(1 -
uti

)
2

111s1] when u . < u
ou

0

Kt = 0 when u
ti

> u
o1

As shown in Table 11.4.1 this correlation fits the data of this study

better than the recommended correlations in the literature.

Let us examine the form and extremes of this expression. First

of all, when the particle size is small enough such that uti<< u0

then the volumetric elutriation constant

Kt
( 1)

. . . with units
[m3

of solids elutriatedj

Ps m of bed s

levels off to a limiting value of 0.011, meaning that the flux of

fines from the bed is independent of particle size and only depends

on the fraction of these solids in the bed.

This limit also shows that the flux of these very fine solids is

independent of the gas velocity u0. This result suggests that the

limiting phenomenon in the elutriation of these very fine solids is

related somehow to the upwelling of fresh solids to the bed surface

followed by the release or tearing away of fines from the surface

layer of solids.
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For the particular particle size where uti = uo equation (4-9)

predicts that the elutriation constant should be zero, meaning that

there is a limiting particle size which can elutriate and that this

limiting size is directly dependent on the gas velocity.

Fbr even larger particles (where uti > uo) equation (4-9) pre-

dicts that no elutriation will occur. This is the reason for adding

the inequality condition to equation (4-9). This finding of zero

elutriation for these large particles differs from the findings of

Geldart, et. al. [53]. One possible reason for this difference is

that our experiments used low concentrations of elutriable solids

(< 10 %) while they used very high concentrations. Because of this

the gas-solid "fluid" leaving their bed had a very high solid loading

and thus behaved as a fluid of much higher mean density than in our

experiments.
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APPENDIX A

Listings of Various Real-Time Programs :

TAKE: Program to read temperatures and control the temperature

of guard heaters.

DTCNB: Writes the data into a data file.

CONVR: Converts integers to volts.

TEMP: Converts milivolts to temperatures.

COLDJ: Gets the cold junction temperature.

PULSE: Injects a pulse of tracer and samples concentration

voltages downstream.
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C TAKE
DIMENSION IVOLT(10),IGAIN(10),ICHAN(10),IERR(10),XV(10)
CALL PTCHR

C

C REVISION 2.1
C

C
c********************************************************vc**********

C
C CHANNEL ASSIGNMENTS :

C

C IVOLT(1) = CHANNEL 0 ON THE WIDE RANGE MULTIPLEXER; ROD SURFACE

C TEMPERATURE AT THE TOP STAGNATION POINT ( 0 DEGREES ).

C

C IVOLT(2) = CHANNEL 1 ; ROD SURFACE TEMPERATURE AT 45 DEGREES

C FROM THE STAGNATION POINT.
C

C IVOLT(3) = CHANNEL 2 ; ROD SURFACE TEMPERATURE AT 90 DEGREES

C FROM THE STAGNATION POINT.
C

C IVOLT(4) = CHANNEL 3 ; ROD SURFACE TEMPERATURE AT 135 DEGREES

C FROM THE STAGNATION POINT.
C

C IVOLT(5) = CHANNEL 4 ; ROD SURFACE TEMPERATURE AT 180 DEGREES

C FROM THE STAGNATION POINT.
C

C IVOLT(6) = CHANNEL 5 ; GUARD HEATER (G) TEMPERATURE.

C

C IVOLT(7) = CHANNEL 6 ; SOLIDS TEMPERATURE.

C

C IVOLT(8) = CHANNEL 8 ; COLD JUNCTION TEMPERATURE.
C

C IVOLT(9) = CHANNEL 9 ; MOTOR SIDE GUARD HEATER (MG) TEMPERATURE.
C

C IVOLT(10)= CHANNEL 10 ; NOT USED.
C

. c***************************************www******w**,r***************

C

C INITIALIZE THE CHANNEL NUMBERS AND THE GAINS
C

DO 1 I=1,10
IGAIN(I)=0
ICHAN(I)=I-1

1 CONTINUE
ICHAN(8)=8
ICHAN(9)=9
ICHAN(10)=10

NCHAN=9
ACCEPT "SAMPLING INTERVAL, SECONDS=",ISMFL
INCRM=ISMPL
ICOR=366
ISMPL=ISMPL*1000ICOR
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ACCEPT "NUMBER OF SAMPLES :",NOSAMP
C

C CREATE A TEMPORARY DISK FILE FOR DATA STORAGE
C

CALL CFILW("TEMPO",2,IER)
IF(IER.NE.1) GO TO 100

C

C OPEN THE TEMPORARY DISK FILE UNDER CHANNEL 2
C

CALL FOPEN(2,"TEMPO",IER)
IF(IER.NE.1) GO TO 101
ITM =O

C

C SET AN INTERRUPT AND WAIT
C

CALL IEXPR(0,O,IER)
IF(IER.NE.1) GO TO 103

C

C START HEATING ROD AND CONTROL THE TEMPERATURE
C OF THE GUARD HEATERS.
C

DO 33 J=1,5000
CALL AIRGW(NCHAN,ICHAN,IGAIN,IVOLT,IERR)
DO 55 M=1,9
IF(IERR(M).NE.1) GO TO 102

55 CONTINUE
CALL CONVR(IVOLT,IGAIN,NCHAN,XV)
DO 44 M=1,9

44 IGAIN(M)=0
CALL DIW(1,4,IDUM,IER)
IF(IER.NE.1) GO TO 106
IF(IDUM.EQ.0) GO TO 34

XAV=(XV(1)+XV(2)+XV(3)+XV(4)+XV(5))/5.
XD1=XAV-XV(6)
XD2=XAV-XV(9)
IF(XD1.GT.0.) CALL DOLW(1,5,1,1,IER)
IF(IER.NE.1) GO TO 107
IF(XD1.LE.0.) CALL DOLW(1,5,0,1,IER)
IF(IER.NE.1) GO TO 107
IF(XD2.GT.0.) CALL DOLW(1,5,2,2K,IER)
IF(IER.NE.1) GO TO 107
IF(XD2.LE.0.) CALL DOLW(1,5,0,2K,IER)
IF(IER.NE.1) GO TO 107
CALL WAIT(1500,1,IER)
IF(IER.NE.1) GO TO 105

33 CONTINUE
34 CONTINUE

DO 3 J=1,NOSAMP
CALL AIRGW(NCHAN,ICHAN,IGAIN,IVOLT,IERR)
DO 5 M=1,9
IF(IERR(M).NE.1) GO TO 102

5 CONTINUE
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WRITE BINARY(2) ITM,(IVOLT(K),K=1,9),(IGAIN(K),K=1,9)
CALL CONVR(IVOLT,IGAIN,NCHAN,XV)
ITM=ITM+INCRM
DO 4 M=1,9

4 IGAIN(M)=0
CALL DIW(1,7,IDUM,IER)
IF(IER.NE.1) GO TO 106
IF(IDUM.EQ.1) GO TO 110

XAV=(XV(1)+XV(2)+XV(3)+XV(4)+XV(5))/5.
XD1=XAV-XV(6)
XD2=XAV-XV(9)

3

IF(XD1.GT.0.
IF(IER.NE.1)
IF(XD1.LE.0.
IF(IER.NE.1)
IF(XD2.GT.0.
IF(IER.NE.1)

) CALL DOLW(1,5,1,1,IER)
GO TO 107
) CALL DOLW(1,5,O,1,IER)
GO TO 107
) CALL DOLW(1,5,2,2K,IER)
GO TO 107

IF(XD2.LE.0.) CALL DOLW(1,5,0,2K,IER)
IF(IER.NE.1) GO TO 107
CALL WAIT(ISMFL,1,IER)
IF(IER.NE.1) GO TO 105
CONTINUE
GO TO 110

C

C ERROR HANDLING SECTION
C

100 TYPE "ERROR FROM
GO TO 110

101 TYPE "ERROR FROM
GO TO 110

102 TYPE "ERROR FROM
GO TO 110

103 TYPE "ERROR FROM
GO TO 110

105 TYPE "ERROR FROM
GO TO 110

106 TYPE "ERROR FROM
GO TO 110

107 TYPE "ERROR FROM
110 CONTINUE
C

C TURN GUARD HEATERS OFF
C

CFILW, IER=",IER

FOPEN, IER=",IER

AIRGW, IERR(M)=",IERR(M)

IEXPR, IER=",IER

WAIT, IER=",IER

DIW, IER=",IER

DOLW, IER=",IER

CALL DOLW(1,5,0,3K,IER)
CALL RESET
STOP
END



C DTCNB
DIMENSION IVOLT(10),IGAIN(10),XVLT(10),TEMP(10),FILEN(6)

1 ,FILEN1(6)
C

C REQUEST THE NAME OF THE FILES TO BE CREATED
C

WRITE(10,200)
200 FORMAT(1H0,"NOVA FILENAME: ",Z)

READ(11,201) FILEN(1)

201 FORMAT(S10)
WRITE(10,211)

211 FORMAT(1H0,"CYBER FILENAME: ",Z)

READ(11,201) FILEN1(1)
C

C CREATE A DISK FILE BY THAT NAME
C

CALL CFILW(FILEN,2,IER)
IF(IER.NE.1) GO TO 100

C

C OPEN THE NEW DISK FILE UNDER CHANNEL 2

C

CALL FOPEN(2,FILEN,IER)
IF(IER.NE.1) GO TO 101

C

C WRITE THE CYBER PARAMETERS INTO FILEN
C

WRITE(2,212) FILEN1(1)

212 FORMAT(1X,S6,".")
WRITE(2,213)

213 FORMAT(1X,"USER,BRDI5C,TUBBY.")
WRITE(2,214)

214 FORMAT(1X,"CHARGE,825199,BRDI5C.")
WRITE(2,215)

215 FORMAT(1X,"SETTL(200).")
WRITE(2,216)

216 FORMAT(1X,"GET,BHEAT.")
WRITE(2,217)

217 FORMAT(1X,"BHEAT.")
WRITE(2,218)

218 FORMAT(1X,%32-111--415")

219 FORMAT(1X,"=434,415")
C

C OPEN TEMPO UNDER CHANNEL 3
C

CALL FOPEN(3,"TEMPO",IER)
IF(IER.NE.1) GO TO 102

C

C READ THE VOLTAGE ACROSS THE HEATER
C

ACCEPT "VOLTAGE ACROSS HEATER=", HVOLT

DO 1 JX=1,2500
C
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C READ INTEGER VALUES AND CONVERT THEM INTO MVS.
C

N=9

READ BINARY(3,END=110) ITM,(IVOLT(J),J=1,N),(IGAIN(J),J=1,N)
CALL CONVR(IVOLT,IGAIN,N,XVLT)
TME=FLOAT(ITM)

C

C GET THE COLD JUNCTION CURRENT IN MVS.
C

CALL COLDJ(XVLT(8),COLD)
C CONVERT EIGHT VOLTAGES TO TEMPERATURES
C

CALL TMP(XVLT,TEMP,COLD,7)
CALL TMP(XVLT(9),TEMP9,COLD,1)

C

C AVERAGE THE ROD TEMPERATURE AND ESTIMATE THE POWER
C

TOTAL=0.0
DO 2 L=1,5
TOTAL=TEMP(L)+TOTAL

2 CONTINUE
TOTAL=TOTAL/5.
POWER=HVOLT**2/(136.6+0.0092*TOTAL)

C

C WRITE TEMPERATURES AND POWER INTO FILEN
C

WRITE(2,204) TME,(TEMP(K),K=1,7),TEMP9,POWER
204 FORMAT(1H ,F6.O,1X,9(F6.2,1X))
1 CONTINUE
100 TYPE "ERROR FROM CFILW, IER=",IER

GO TO 110
101 TYPE "ERROR FROM FOPEN #1, IER=",IER

GO TO 110
102 TYPE "ERROR FROM FOPEN #2, IER=",IER
110 CONTINUE

WRITE(2,219)
CALL RESET
STOP

END
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C CONVERT
SUBROUTINE CONVR(IVLA,IGN,N,XVLT)
DIMENSION IVLA(10),IGN(10),XVLT(10)

C

C CLEAR ARRAY XVLT
C

DO 1 K=1,10
XVLT(K)=0.0

1 CONTINUE
C

C CONVERT INTEGER VALUES TO MILIVOLTS
C

DO 2 J=1,N
IPOWR=2**(13-IGN(J))
XFUL=FLOAT(IPOWR)*2.5
XVLT(J)=FLOAT(IVLA(J))/16383.*XFUL

2 CONTINUE
RETURN
END

C TEMP
SUBROUTINE TMP(VOLTS,TEMP,COLD,N)
DIMENSION VOLTS(10),TEMP(10)

C

C CONVERT MILIVOLTS TO TEMPERATURES; TEMPERATURE RANGE IS IN

C BETWEEN 10 DEGREES CELCIUS AND 160 DEGREES CELCIUS

C VOLTAGE VALUES ARE COMPENSATED FOR THE COLD JUNCTION "COLD".

C

DO 1 L=1,N
VT=VOLTS(L)+COLD
IF(VT.GE.0.330.AND.VT.LT.0.844) T=44.843*VT+32.221
IF(VT.GE.0.844.AND.VT.LT.1.293) T=44.365*VT+32.648
IF(VT.GE.1.293.AND.VT.LT.1.771) T=44.000*VT+33.096
IF(VT.GE.1.771.AND.VT.LT.2.229) T=43.692*VT+33.631
IF(VT.GE.2.229.AND.VT.LT.2.686) T=43.478*VT+34.087
IF(VT.GE.2.688.AND.VT.LT.3.150) T=43.336*VT+34.477
IF(VT.GE.3.150.AND.VT.LT.3.612) T=43.323*VT+34.521
IF(VT.GE.3.612.AND.VT.LT.4.072) T=43.478*VT+33.956
IF(VT.GE.4.072.AND.VT.LT.4.531) T=43.554*VT+33.617
IF(VT.GE.4.531.AND.VT.LT.4.987) T=43.836*VT+32.370
IF(VT.GE.4.987.AND.VT.LT.5.440) T=44.080*VT+31.164
IF(VT.GE.5.440.AND.VT.LT.5.891) T=44.389*VT+29.515
IF(VT.GE.5.891.AND.VT.LT.6.400) T=44.690*VT+27.739

TEMP(L)=(T-32.)/1.8
C

C CHECK IF TEMPERATURES ARE OUT OF RANGE; IF SO SET THEM TO ZERO

C

IF(VT.LT.0.33.0R.VT.GE.6.4) TEMP(L)=0.0

1 CONTINUE
RETURN
END



C COLDJ
SUBROUTINE COLDJ(X,COLMV)
IF(X.LT.8.) TYPE " COLD JUNCTION TEMP. LT. 40F ! "

TM=(X/1.784)*1.8+32.
IF(TM.GT.40..AND.TM.LE.71.) COLMV=0.0223*TM-0.71E536
IF(TM.GT.71..AND.TM.LE.91.) COLMV=0.02254*TM-0.73586
IF(TM.GT.91..AND.TM.LE.111.) COLMV=0.022728*TM-0.75227
IF(TM.GT.111..AND.TM.LE.131.) COLMV=0.022887*TM-0.769709
IF(TM.GT.131..AND.TM.LE.151.) COLMV=0.023*TM-0.784
IF(TM.GT.151.) COLMV=0.023*TM-0.7956
RETURN
END
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C PULSE
DOUBLE PRECISION SUMD,SUMN,TI,TI1,CDBL,XT

C

C PROGRAM TO INJECT THE TRACER GAS AND CALCULATE THE MEAN OF

C THE RTD CURVE.
C REVISION 1.1
C

DIMENSION FILEN(6),IVAL(3000)
CALL PTCHR
WRITE(10,6)
READ(11,7) FILEN(1)
CALL CFILW(FILEN,2,IER)
CALL FOPEN(2,FILEN,IER)
DO 1 K=1,3000

1 IVAL(K)=0
ACCEPT " PULSE DURATION : ", IPULS

ACCEPT " SAMPLING INTERVAL : ",ISAMP

XS= FLOAT(ISAMP) /1000.

XT=DBLE(XS)
ISAMP=ISAMP-6
ICOUNT=0

2 CONTINUE
CALL IEXPR(O,O,IER)

C

C STOPPING FLAG
C

CALL DIW(1,7,IDUM,IER)
IF(IDUM.EQ.2) GO TO 8

ICOUNT=ICOUNT+1
C

C INJECT TRACER
C

CALL DOLW(1,5,4,4,IER)
CALL WAIT(IPULS,1,IER)
CALL DOLW(1,5,0,4,IER)

C

C SAMPLE THE RTD CURVE
C

DO 3 J=1,3000
CALL AIRDW(1,1,O,IVAL(J),IER)
CALL WAIT(ISAMP,I,IER)
CALL DIW(1,4,IDUM,IER)
IF(IDUM.EQ.0) GO TO 4

3 CONTINUE

4 CONTINUE
C

C WRITE CONCENTRATIONS TO OUTPUT FILE

C

WRITE BINARY(2) J,(IVAL(M),M=1,J)
DO 5 MK=1,3000

5 IVAL(MK)=0
GO TO 2
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8 CONTINUE
REWIND 2
DO 10 KL=1,ICOUNT
READ BINARY(2) J
READ BINARY(2) (IVAL(KK),KK=1,J)

C

C CALCULATE THE MEAN TIME OF PASSAGE
C

TI=0.0D+0
TI1=TI+XT
SUMN=0.0D+0
SUMD=0.0D+0
JMAX=J-1
DO 9 KI=1,JMAX
CDBL=DBLE(FLOAT(IVAL(KI)))+DBLE(FLOAT(IVAL(KI+1)))
SUMN=SUMN+(TI+TI1)*CDBL
SUMD=SUMD+CDBL

C
C TYPE ERROR MESSAGE IF MEASURED VALUE OF TRACER CONCENTRATION

C IS GREATER THAN 10.24 VOLTS.
C

IF(IVAL(KI).GT.2U47.0R.IVAL(KI+1).GT.2u47)
1 TYPE " MEASURED VOLTAGE GREATER THAN 10.24 VOLTS "

TI=TI+XT
TI1=TI1+XT

9 CONTINUE
C

C TYPE MEAN TIME OF PASSAGE
C

TMEAN=SNGL(SUMN/SUMD)/2.
TYPE J, " MEAN=",TMEAN, "SECONDS"

10 CONTINUE
REWIND 2
DO 12 KL=1,ICOUNT
READ BINARY(2) J
READ BINARY(2) (IVAL(KK),KK=1,J)
TI=0.0D+0
TI1=TI+XT

SUMN=0.D+0
SUMD=0.D+0
JMAX=J-1

C
C INSERT A MOVING AVERAGE FILTER
C

DO 11 KI=1,JMAX
IF(KI.NE.1) IZ1=(IVAL(KI-1)+IVAL(KI)+IVAL(KI+1))/3
IF(KI.EQ.1) IZ1=(2*IVAL(1)+IVAL(2))/3
IF(KI.NE.JMAX) IZ2=(IVAL(KI)+IVAL(KI+1)+IVAL(KI+2))/3
IF(KI.EQ.JMAX) IZ2=(2*IVAL(J)+IVAL(JMAX))/3
CDBL=DBLE(FLOAT(IZ1))+DBLE(FLOAT(IZ2))
SUMN=SUMN+(TI+TI1)*CDBL
SUMD=SUMD+CDBL
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TI=TI+XT
TI1=TI1+XT

11 CONTINUE
C

C TYPE MEAN TYPE OF PASSAGE FROM SMOOTHED DATA
C

TMEAN=SNGL(SUMN/SUMD)/2.
TYPE " MEAN (SMOOTH DATA)=",TMEAN, "SECONDS"

12 CONTINUE
CALL RESET

6 FORMAT(1H0," TRACER EXPT. FILENAME: ",Z)

7 FORMAT(S10)
STOP
END
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APPENDIX B

a) Solution of the systems of equations in (4-3) and (4-4), Section

I.

b) Estimation of the thermal mass of the cylindrical rod.

c) Experimental determination of the thermal mass of the cylin-

drical rod.
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a) Solution of the Systems of Equations (4-3) and (4-4), Section I

5 =

The set expressed in a matrix notation,

IND
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12
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2
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with the general solution:

t A,

x(t) = eAtx(o) + etl1/4t-T/Bu(T)dr

0

For the special case of x(0) = 0, equation (B-2) reduces to:
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where I is the identity matrix and 1.71 is the inverse Laplace trans-

formation. Equation (B-4) is called the state transition matrix, S.

The present system can be represented as:
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When t + co it can be shown that (B-5) and (B-6) reduce to:

A =

ba
21 P

ss r1r2 hAh

where 8ss is the steady-state temperature.

Noting 1r21 > lril, for large t, 02 can be approximated by

where

r t

e
2 hAh

=
r 1
Ll + qe

q

r
2

r
1
-r

2

148

(B-6)

(B-7)
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hAh

r1
= (mCp), + (mCp)2
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Also, for very large h12, namely no heat transfer resistance between

region one and two, 62 reduces to:

P
e

hAh

(mCp)1 + (mCp)2
t

(B-8)

Shifting the time

=
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equation (B-8) by:
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equation (B-8) becomes

hAh

(mCp) + (mCp)
(t-t

d
))

6
2
= 6

ss
(1 e

1 2 (B-9)

which is approximately equal to (8-7). Equation (B-9) has fewer

unknown parameters than equation (B-7) (only ess and h), and was used

to model the transient behavior of the rod. An estimate of t d was

made by reading the value of the intercept with the t axis, of a

tangent drawn to 62 near the origin. This is shown in figure

(B.1). Figure (B.1) also shows a comparison of this approximation

(equation (B-9)) with the exact value of 62 (equation (B-5)) and with

equation (B-8).
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Figure (B.1) Temperature response of the copper core to a constant
power input to the cartridge heater: Comparison of the
exact solution for the two region model, equation (B-5),
with its approximate solution, equation (B-9).
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b. Estimation of the Thermal Mass of the Cylindrical Rod

Copper Core

Net weight of the copper

(mCp)copper

Weight of the stainless screws

(mCp ) screws

(mC
p
)
2

Cartridge Heater

Weight of the incoloy sheet

(mC
p
) sheet

Weight of the insulation (Mg0)

(mC ).p insulation

Thermal mass of the epoxy filler,

the thermocouple wires, the heater

filament, the thermal grease (estimated)

(mC
p
)

1
21.46 J/K

Therefore,

(mCp)1 + (mCp) - 206 J/K
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476.4 g

183.61 J/K

2.96 g

1.37 J/K

185. J/K

12.38 g

6.46 J/K

10. g

8.39 J/K

5. J/K

c) Experimental Determination of the Thermal Mass of the

Cylindrical Rod

The value of the thermal mass of the rod was verified by insu-

lating the rod with asbestos fiber and recording the temperature rise

of the rod in time, which can be approximated by:

P
1

2 rliC

p 1
+ CMC

p
)

2

t



for a net power dissipation of 45.8 W, 62 was found to be:

thus

6
2
= 0.219t

(5.8)
(mC

p
)
1
+ (mC

p
)
2 04.219

- 209 J/K
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which is in good agreement with the calculated value. The experi-

mental value of 209 was used as the value of the total thermal mass

of the heater and the copper core for calculations.
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APPENDIX C

Tables of Experimental Conditions and Heat Transfer Coefficients.
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Material: Polyethylene

ps = 920 kg/m3; ks = 0.329 W/m.K; Cp = 2300 J /kg.K

Run
Particle
Diameter

(mm)

Linear Solids
Velocity

(m/s)

Mass Flow
Rate

(kg/s)

Gas

Velocity h

(m/s)
(w/m2/0

1 0.85 0.00186 0.043 73.

2 0.85 0.00106 0.025 56.

3 0.85 0.00345 0.106 87.

4 0.85 0.0033 0.113 87.4

5 0.85 0.00468 0.134 103.2

6 0.85' 0.00344 0.106 91.

7 0.85 0.042 0.098 85.

8 0.85 0.0397 0.094 84.

9 0.85 0.0104 0.239 110.5

10 0.85 0.0156 0.36 126.

11 0.85 0.019 0.44 129.8

12 0.85 0.0155 0.356 121.7

13 0.85 0.26 0.594 140.7

14 1.6 0.00073 0.0211 39.

15 1.6 0.0035 0.076 63.

16 1.6 0.0039 0.085 65.

17 1.6 0.0045 0.105 68.

18 1.6 0.0052 0.103 59.

19 1.6 0.0049 0.1 59.

20 1.6 0.0118 0.238 77.8

21 1.6 0.0106 0.243 80.
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Material: Polyethylene (continued)

ps = 920 kg/m3; ks = 0.329 W/mK; Cp = 2300 J/kgK

Particle Linear Solids Mass Flow Gas

Run Diameter Velocity Rate Velocity h

(mm) (m/s) (kg/s) (m/s) (w/m2/0

22 1.6 0.01504 0.315 81.

23 1.6 0.015 0.316 75.

24 1.6 0.015 0.316 76.

25 1.6 0.02 0.397 86.

64 0.85 0.00256 0.059 0.06 63.

65 0.85 0.00449 0.103 0.108 74.

66 0.85 0.0074 0.171 0.156 79.

67 0.85 0.0194 0.447 0.145 95.

68 0.85 0.0064 0.147 104.

69 0.85 0.006 0.14 0.13 83.

70 0.85 0.0075 0.173 0.22 87.

71 1.6 0.0059 0.129 0.22 72.

72 1.6 0.0222 0.5 0.21 91.

73 1.6 0.009 0.195 0.21 75.

74 1.6 0.0022 0.048 1.05 58.

75 1.6 0.008 0.181 0.196 76.

76 1.6 0.0225 0.52 0.2 91.2

77 1.6 0.0075 0.18 0.2 81.4

78 1.6 0.00275 0.064 0.077 57.8

79 1.6 0.0033 0.077 0.034 61.
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Material: Cork

ps = 155 kg/m3; ks = 0.043 W/mK; Cp = 1800 J/kgK

Run
Particle
Diameter

(mm)

Linear Solids
Velocity

(m/s)

Mass Flow
Rate

(kg/s)

Gas
Velocity

(m/s)

h

(W /m2 K)

26 2.01 0.00115 0.00356 15.

27 2.01 0.0039 0.013 21.9

28 2.01 0.008 0.0263 26.3

29 2.01 0.008 0.0263 26.3

30 2.01 0.0116 0.0365 28.6

31 2.01 0.0156 0.05 35

83 2.01 0.0142 0.046 0.11 35.2

84 2.01 0.0052 0.017 0.11 25.
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Material: Silica Sand

ps = 2700 kg/m3; ks = 0.8 W/mK; Cp = 780 J/kgK

Run
Particle
Diameter

(mm)

Linear Solids
Velocity

(m/s)

Mass Flow
Rate

(kg/s)

Gas
Velocity

(m/s)

h

(w/m2/0

32 0.8 0.0027 0.208 123.

33 0.8 0.002 0.208 119.

34 0.8 0.0046 0.404 136.

35 0.8 0.0047 0.411 142.

36 0.8 0.0095 0.835 167.

37 0.8 0.01143 1.016 163.

38 0.8 0.021 1.75 174.

39 0.8 0.023 1.91 176.

40 0.27 0.00286 0.202 135.6

41 0.27 0.00615 0.463 180.3

42 0.27 0.016 1.2 230.

43 0.27 0.02 1.28 240.

44 0.27 0.027 1.86 265.

45 1.1 0.007 0.623 144.

46 1.1 0.0083 0.69 143.

47 1.1 0.0169 1.51 156.

80 0.8 0.024 0.212 0.11 125.

81 0.8 0.01 0.88 0.1 169.

82 0.8 0.0205 1.8 0.1 170.
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Material: Copper

ps = 8950 kg/m3; ks = 384 W/m.K; Cp = 383 J /kg.K

Run

Particle
Diameter

(mm)

Linear Solids
Velocity

(m/s)

Mass Flow
Rate

(kg/s)

Gas
Velocity h

(m/s)
(w/m2.1c)

48 0.27 0.0037 1.24 288.

49 0.27 0.0032 1.09 256.

50 0.27 0.0115 3.88 384.

51 0.27 0.0115 3.88 388.

52 0.27 0.025 8.41 560.

53 0.27 0.025 8.41 586.

54 0.27 0.025 8.41 571.

55 1.01 0.00517 1.71 161.5

56 1.01 0.00511 1.69 160.8

57 1.01 0.0159 5.25 170.

58 1.01 0.0193 6.37 237.9

59 1.01 0.0191 6.30 277.
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Material: Refractory zirconia

ps = 5900 kg/m3; ks = 0.160 W/m.K; Cp = 456 J/kg.K

Particle Linear Solids Mass Flow Gas

Run Diameter Velocity Rate Velocity

(mm) (m/s) (kg/s) (m/s)

h

(w/m2,K)

60 0.75 0.0019 0.40 105.

61 0.75 0.0034 0.71 123.

62 0.75 0.0065 1.39 149.

63 0.75 0.0169 3.33 160.
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APPENDIX D

Tables of Experimental Conditions and Elutriation Rate Constants.
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(a) The 0.9 m bed (A = 0.846 m2)

uti of

Elutriated Elutriated

Run Particles Ps
Bed Weight u

o
Particles Kt

dpi(gm) (kg/m3) W(kg) (m/s) (m/s) (kg/m2s)

271 920 148 0.91 0.71 0.48

227 920 148 0.91 0.59 0.92

1 192 920 148 0.91 0.48 1.80

161 920 148 0.91 0.40 2.70

134 920 148 0.91 0.32 3.28

384 920 148 1.52 1.06 0.45

323 920 148 1.52 0.87 1.17

2 271 920 148 1.52 0.71 2.21

227 920 148 1.52 0.59 2.86

192 920 148 1.52 0.48 3.82

384 920 148 1.52 1.06 0.46

323 920 148 1.52 0.87 1.22

271 920 148 1.52 0.71 2.18

3 227 920 148 1.52 0.59 3.21

192 920 148 1.52 0.48 3.85

161 920 148 1.52 0.40 4.69

134 920 148 1.52 0.32 4.60

192 5900 350 2.13 2.06 1.45

161 5900 350 2.13 1.68 3.38

134 5900 350 2.13 1.37 5.29

114 5900 350 2.13 1.13 10.75

96 5900 350 2.13 0.93 15.64

4 81 5900 350 2.13 0.77 20.88

67 5900 350 2.13 0.62 24.74

58 5900 350 2.13 0.52 32.32

48 5900 350 2.13 0.43 38.11

40 5900 350 2.13 0.35 44.32

19 5900 350 2.13 0.15 45.62

271 920 50 1.52 0.71 2.86

5 227 920 50 1.52 0.59 3.33

192 920 50 1.52 0.48 3.45

126 2750 620 0.91 0.73 3.05

6 96 2750 620 0.91 0.50 7.15

81 2750 620 0.91 0.38 9.64

192 2750 620 1.52 1.24 2.48

161 2750 620 1.52 1.02 5.04

7 126 2750 620 1.52 0.73 8.85

96 2750 620 1.52 0.50 12.21

81 2750 620 1.52 0.38 15.72
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(a) The 0.9 m bed (continued)

Elutriated

Run Particles Ps Bed Weight

dpi-(um) (kg/m3) W(kg)

u ti
of

Elutriated

u
o

Particles

(m/s) (m/s) (kg/m2s)

271 2750 620 2.13 1.81 2.82

227 2750 620 2.13 1.50 4.82

192 2750 620 2.13 1.24 7.83

8 161 2750 620 2.13 1.02 8.55

126 2750 620 2.13 0.73 13.80

96 2750 620 2.13 0.50 19.53

81 2750 620 2.13 0.38 21.17

271 2750 670 2.74 1.81 4.31

227 2750 670 2.74 1.50 7.05

192 2750 670 2.74 1.24 9.95

9 161 2750 670 2.74 1.02 12.78

126 2750 670 2.74 0.73 17.55

96 2750 670 2.74 0.50 23.35

81 2750 670 2.74 0.38 20.85

271 2750 670 3.66 1.81 6.99

227 2750 670 3.66 1.50 12.21

10 192 2750 670 3.66 1.24 11.90

161 2750 670 3.66 1.02 16.93

126 2750 670 3.66 0.73 18.21

96 2750 670 3.66 0.50 24.67
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(b) The 0.3 m bed (A = 0.0929 m2)

Run dpi

( )

P s

(kg/m3) (kg)

u
o

(m /s)

uti

(m/s)

K*

(kg/m2s)

271 2750 65 1.83 1.81 1.34

227 2750 65 1.83 1.50 2.94

192 2750 65 1.83 1.24 4.79

11 161 2750 65 1.83 1.02 6.88

134 2750 65 1.83 0.77 10.25

114 2750 65 1.83 0.63 12.01

96 2750 65 1.83 0.50 18.89

384 2750 65 3.35 2.56 1.40

323 2750 65 3.35 2.21 3.96

271 2750 65 3.35 1.81 7.31

12 227 2750 65 3.35 1.50 10.34

192 2750 65 3.35 1.24 11.08

161 2750 65 3.35 1.02 16.91

134 2750 65 3.35 0.77 21.57

114 2750 65 3.35 0.63 26.47

227 2750 24 1.83 1.50 2.68

192 2750 24 1.83 1.24 4.26

13 161 2750 24 1.83 0.93 7.92

134 2750 24 1.83 0.77 7.41

114 2750 24 1.83 0.63 10.55

81 2750 24 1.83 0.38 15.50

227 5900 43 2.74 2.50 2.47

192 5900 43 2.74 2.06 4.94

161 5900 43 2.74 1.68 9.57

134 5900 43 2.74 1.37 15.66

114 5900 43 2.74 1.13 21.68

14 96 5900 43 2.74 0.93 26.38

81 5900 43 2.74 0.77 33.17

67 5900 43 2.74 0.62 40.04

58 5900 43 2.74 0.52 46.90

48 5900 43 2.74 0.43 52.46

40 5900 43 2.74 0.35 54.00

19 5900 43 2.74 0.15 56.62

542 920 19 1.83 1.57 0.36

455 920 19 1.83 1.29 0.75

384 920 19 1.83 1.06 1.50

323 920 19 1.83 0.87 2.46

15 271 920 19 1.83 0.71 3.89

227 920 19 1.83 0.59 5.59

192 920 19 1.83 0.48 7.12

161 920 19 1.83 0.40 8.35

89 920 19 1.83 0.20 9.65

36 920 19 1.83 0.07 10.91
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(c) The 0.1 m bed (A = 0.00811 m2)

Run dpi

(Vol)

Ps

(kg/m3)

W

(kg)

uo

(m/s)

uti

(m/s)

K*

(kg /m2.$)

114 2750 2 1.95 0.63 9.86

16 96 2750 2 1.95 0.50 13.60

81 2750 2 1.95 0.38 16.93

161 2750 2 1.92 1.02 6.95

17 134 2750 2 1.92 0.77 10.56

192 2750 2 1.92 1.24 4.85

18 134 2750 2 1.16 0.77 1.64

19 134 2750 2 1.89 0.77 12.00

20 134 2750 2 2.47 0.77 18.08

21 114 2750 2 1.92 0.63 13.85

22 114 2750 2 2.47 0.63 20.35

23 96 2750 2 1.89 0.50 11.71

24 96 2750 2 2.47 0.50 20.96

25 134 2750 2 0.94 0.77 0.90

26 114 2750 2 0.94 0.63 1.64

27 96 2750 2 0.94 0.50 2.88
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APPENDIX E

Tables of Cumulative Amounts of Elutriate Material versus Time

For listings of runs 6, 7, 8, 9, 10 the reader is referred to

Colakyan [4].
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RUN 1

Superticial Velocity : .91 m/s ( 3 ft/s )

Time in
Minutes

Mean Particle Diameter (Microns)

271. 228. 192. 161. 134.

.17 1.2 3.6 10.0 20.3 21.4

.33 5.8 24.9 59.8 74.8 48.0

.50 12.0 50.4 114.1 133.2 81.7

.67 22.2 84.9 148.2 180.0 113.2

1.00 51.1 147.6 231.4 239.4 140.3

1.33 93.4 196.5 301.9 274.4 154.6

1.67 121.2 252.2 341.2 302.7 166.3

2.33 162.7 331.7 403.2 333.3 179.9

3.00 195.9 394.5 430.9 349.2 184.4

4.33 246.7 454.7 485.9 361.0 189.9

5.67 296.6 500.9 487.6 362.5 190.8

7.67 352.9 539.8 489.1 369.3 191.0

11.67 414.0 570.7 494.6 369.3 194.6

19.67 456.8 591.3 501.6 378.2 200.3

39.67 485.6 608.9 512.5 389.6 207.7

69.67 499.0 616.2 517.9 394.4 210.6

RUN 2

Superticial Velocity : 1.52 m/s ( 5 ft/s )

Time in Mean Particle Diameter (Microns)
Minutes

384. 323. 271. 228. 192. 161. 134.

.17 6.4 18.9 36.4 54.3 45.9 41.7 19.2

.33 20.8 59.0 120.9 178.2 151.1 125.4 57.0

.50 41.0 103.3 189.4 283.3 250.2 204.2 86.4

.67 60.3 149.1 261.9 356.4 301.2 244.2 99.7

1.00 105.8 231.8 366.5 464.2 376.5 283.4 114.4

1.33 140.3 290.5 426.0 513.8 415.1 299.3 121.2

1.67 178.5 342.7 468.3 543.9 43/.2 310.9 126.6

2.00 209.8 385.6 498.4 565.0 454.3 320.1 131.2

2.67 2/5.1 448.2 533.8 586.4 469.9 329.0 136.6

3.33 339.2 493.9 553.8 598.0 476.6 333.8 139.5

4.67 431.8 551.0 574.3 610.1 485.1 340.2 143.7

6.00 501.1 584.0 585.1 616.7 490.2 344.1 146.2

8.00 568.7 610.9 593.2 622.4 495.3 348.3 148.6

10.00 622.2 630.2 599.1 627.2 500.1 351.9 150.5

12.00 654.6 639.4 602.7 630.2 503.3 354.5 151.9

17.00 709.1 653.7 608.9 637.5 513.4 363.5 157.5

22.00 736.9 661.3 613.5 645.5 521.4 371.5 162.5

32.00 770.3 670.2 622.4 652.4 530.4 381.5 169.9

47.00 795.1 678.0 627.4 658.1 536.6 388.5 1/5.4

62.00 813.5 683.6 631.1 662.4 542.0 394.4 180.3
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RUN 3

Superficial Velocity : 1.52 m/s ( 5 ft/s )

Time in Mean Particle Diameter (Microns)

Minutes
384. 323. 271. 228. 192. 161. 134. 114.

.17 4.4 8.5 8.9 11.0 14.7 13.2 6.7 3.8

.33 15.6 45.2 79.1 78.7 99.7 52.4 24.3 12.4

.50 28.8 76.1 120.6 123.7 143.8 79.4 35.9 18.1

.67 43.0 111.7 162.1 164.5 179.5 102.0 46.3 23.3

1.00 76.5 182.6 230.7 218.2 221.9 128.7 57.0 29.1

1.33 104.3 228.5 268.9 244.3 235.4 145.1 64.1 33.0

2.00 163.7 303.7 318.9 277.2 250.2 156.1 69.8 36.1

2.66 217.4 354.5 343.9 290.1 260.4 162.5 73.6 38.7

4.00 294.2 415.5 370.9 304.6 270.6 171.4 78.8 42.3

5.33 353.6 447.9 382.0 310.3 274.7 174.9 81.1 43.9

7.33 413.9 474.9 390.0 315.0 278.7 178.6 83.5 45.4

11.33 475.5 495.7 395.6 319.3 282.7 182.4 86.0 47.1

17.33 536.3 514.1 402.0 324.6 289.5 189.4 91.7 50.1

27.33 574.4 523.8 407.5 329.2 294.6 195.4 96.5 54.1

47.33 613.8 536.3 414.3 335.9 300.4 202.1 102.0 59.0

67.33 633.3 543.3 419.5 340.7 304.6 207.1 106.2 63.0

RUNS

Superficial Velocity : 1.52 m/s ( 5 ft/s )

Time in Mean Particle Diameter (Microns)

Minutes
2/1. 228. 192. 161. 134. 114.

.17 53.9 124.3 152.9 66.9 23.0 12.2

.33 123.8 268.6 280.2 131.5 42.6 19.7

.50 157.5 327.2 330.5 160.7 52.3 23.4

.67 170.4 347.9 351.8 174.3 57.1 25.5

1.00 176.7 359.4 368.2 185.2 61.0 28.0

1.33 179.7 365.4 377.9 191.4 63.5 29.0

1.67 181.5 369.2 384.2 196.4 65.4 29.6

2.34 183.3 372.9 389.2 200.9 67.4 30.6

3.67 186.0 379.5 401.3 209.8 70.4 32.0

5.67 188.0 384.8 410.3 217.6 73.9 33.9

10.67 190.5 391.3 422.4 229.5 79.3 37.3

20.67 192.4 395.7 430.8 239.2 86.2, 41.0

40.67 194.1 399.6 438.3 248.6 90.3 44.2



RUN 4

Superficial Velocity :

Time in
Minutes

2.13 m/s ( 7 ft/s )

Mean Particle Diameter (Microns)

192. 161. 134. 114. 96. 81. 67. 58. 49. 41. 19.

.17 6.2 17.4 34.2 72.4 82.0 80.3 63.9 91.4 105.5 62.7 354.8

.33 36.7 141.0 204.0 253.4 244.7 166.2 105.9 139.0 148.6 84.5 433.1

.50 93.6 313.7 364.5 376.8 317.7 207.0 126.1 154.3 159.8 89.2 458.0

.67 157.0 493.4 495.8 458.3 362.0 228.2 135.2 161.0 164.9 91.1 471.5

1.00 259.0 762.7 660.1 541.6 403.0 241.9 140.2 165.3 168.5 93.1 484.4

1.33 369.6 975.7 765.5 578.4 417.1 247.6 143.0 167.9 171.0 95.4 494.1

1.67 449.3 1138.4 840.7 588.1 422.1 250.0 144.2 169.2 1/2.2 95.8 499.3

2.33 624.3 1375.2 916.0 606.8 428.7 253.3 146.0 171.1 173.8 96.6 504.3

3.00 657.0 1490.0 1084.0 650.1 43/.5 257.0 148.2 1/2.2 1/5.1 97.7 510.4

4.33 872.0 1683.5 1120.4 661.0 443.8 261.2 151.0 175.0 177.9 99.5 521.8

6.33 1084.8 1839.5 1144.5 672.3 451.5 268.7 155.4 1/9.0 181.2 101.8 534.1

10.33 1297.2 1930.6 1179.0 694.6 475.8 302.4 163.6 185.4 188.5 113.0 565.1

15.33 1469.5 2014.7 1201.7 709.4 488.8 313.5 1/0.9 192.5 195.3 117.0 586.1

25.33 1745.6 2133.4 1227.2 723.8 501.3 324.4 176.6 198.7 200.2 121.1 605.1

35.33 1889.1 2196.2 1252.0 743.4 515.7 366.2 181.9 201.9 204.4 128.0 628.7

55.33 2108.9 2312.5 1295.7 776.9 545.1 426.8 188.3 209.7 213.2 159.3 659.3
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RUN 11

Superticial Velocity : 1.83 m/s ( 6 ft/s )

Time in Mean Particle Diameter (Microns)
Minutes

271. 228. 192. 161. 134. 114. 96.

.17 .9 2.3 4.8 12.1 17.2 23.9 28.5

.33 3.3 8.0 17.4 37.6 47.8 57.8 64.9

.50 6.4 16.0 32.4 64.8 77.8 87.5 92.1

.67 10.1 26.0 53.1 96.8 109.0 114.4 114.6

1.00 18.3 50.4 86.1 149.0 153.9 148.9 139.8

1.66 37.1 103.1 130.5 222.1 202.5 178.7 157.5

2.66 63.8 162.8 178.8 279.7 230.2 191.8 163.1

4.66 120.0 229.5 214.2 311.7 240.9 195.4 164.6

8.66 168.0 276.5 240.0 322.9 243.4 196.2 165.0

16.66 213.4 296.7 247.7 325.5 244.6 196.8 165.6

31.66 243.3 306.0 251.2 327.9 246.3 198.1 167.0

61.66 261.7 310.2 254.0 330.4 248.2 199.4 168.3

RUN 12

Superficial Velocity : 3.35 m/s ( 11 ft/s )

Time in Mean Particle Diameter (Microns)

Minutes
384. 323. 271. 228. 192. 161. 134. 114.

.17 4.9 11.4 19.4 28.7 41.3 58.8 58.1 57.9

.33 13.2 27.7 46.8 65.2 88.7 121.3 114.1 107.8

.50 21.2 44.3 74.1 101.8 139.8 176.5 159.9 145.1

.68 28.8 61.7 106.0 141.2 191.3 216.9 191.6 167.5

1.00 4.3.1 92.9 153.5 192.0 246.5 267.2 223.9 188.5

1.67 68.2 142.1 213.2 249.4 311.6 303.6 244.5 199.8

2.67 94.2 185.9 254.4 277.8 334.5 317.1 250.3 202.3

6.17 166.7 248.4 289.3 296.0 346.6 323.6 253.5 203.8

16.17 247.2 282.4 301.9 302.8 352.2 329.0 .257.4 206.9

37.16 303.4 307.5 317.1 312.6 360.9 337.6 263.3 211.7

58.17 330.0 325.9 329.5 320.9 368.2 344.6 268.3 215.5



RUN 13

Superficial Velocity : 1.83 m/s ( 6 ft/s )

Time in
Minutes

228.

Mean Particle Diameter (Microns)

192. 161. 134. 114. 96. 81.

.17 1.9 6.2 48.4 6.1 18.6 36.0 20.6

.33 8.8 22.3 79.0 37.2 45.5 58.7 34.7

.50 18.8 41.5 110.4 63.7 64.8 72.2 42.1

.67 30.5 62.5 139.2 82.3 76.2 79.1 45.5

1.00 64.1 92.6 173.2 98.2 83.6 83.4 47.9

2.00 98.9 115.3 185.5 101.0 84.3 83.6 48.0

10.00 112.0 119.6 185.9 101.3 84.7 84.0 48.5

RUN 14

Superficial Velocity :

Time in
Minutes

2.74 m/s ( 9 ft/s )

Mean Particle Diameter (Microns)

228. 192. 161. 134. 114. 96. 81. 67. 58. 49. 41. 19.

.17 8.9 14.0 24.5 41.6 59.0 55.2 44.1 32.3 43.0 51.1 21.1 142.2

.33 46.0 65.5 96.3 132.9 158.2 130.5 87.4 53.0 65.3 71.7 31.0 188.1

.50 81.8 114.3 160.3 190.3 203.8 155.2 98.2 57.2 68.2 74.1 31.8 195.8

.67 116.9 159.2 208.2 224.7 226.9 167.4 102.2 58.8 69.4 75.3 32.1 199.1

1.34 228.0 272.6 289.3 254.7 245.5 174.9 104.5 60.0 70.6 76.7 3L.6 202.6

2.01 316.7 332.0 316.0 271.7 247.6 175.9 104.9 60.2 70.7 76.9 32.3 203.2

3.01 408.3 386.4 328.7 274.0 248.4 176.3 105.1 60.3 70.8 77.0 32.7 203.3

5.01 514.1 427.2 334.3 275.6 249.4 176.9 105.4 60.4 71.0 77.0 33.0 203.3

8.01 586.3 441.9 337.1 277.2 250.6 177.6 105.8 60.4 71.0 77.1 33.1 203.4

11.68 632.7 450.4 340.5 279.7 252.8 180.2 108.4 62.3 73.1 79.2 39.2 203.4



RUN 15

Superficial Velocity :

Time in
Minutes

1.83 m/s ( 6 ft/s )

Mean Particle Diameter (Microns)

542. 456. 384. 323. 271. 228. 192. 161. 134. 114. 96.

.17 1.6 3.2 5.9 11.2 15.3 21.3 28.2 28.0 27.6 8.0 2.6

.33 10.3 11.5 17.1 27.0 31.9 42.1 49.5 46.9 43.8 12.5 3.8

.50 23.8 22.2 29.4 42.6 46.1 57.4 64.2 58.6 52.9 14.7 4.2

.67 36.9 32.0 39.8 54.3 56.3 67.0 73.6 65.1 57.2 15.8 4.5

1.00 64.2 50.7 60.1 73.7 70.6 79.5 83.0 71.4 61.0 1/.0 4.7

1.50 103.3 77.6 85.8 95.9 85.7 89.4 89.6 76.7 64.1 18.0 4.9

2.50 160.3 111.7 115.1 116.3 95.5 95.1 94.1 79.5 66.0 18.7 5.1

3.50 211.3 139.0 132.6 126.1 98.6 96.9 95.4 80.5 66.6 19.0 5.2

5.50 301.8 178.0 151.3 135.1 101.1 98.5 96.7 81.5 67.3 19.3 5.3

7.50 375.4 202.5 159.7 138.1 102.0 99.1 97.3 81.9 65.5 19.5 5.3

9.50 438.7 222.5 165.2 140.5 103.3 100.1 98.1 82.5 6/.9 19.7 5.3

11.50 481.7 232.4 166.6 140.7 104.6 100.3 98.3 82.7 68.1 19.9 5.6

13.50 519.1 239.8 167.5 141.0 105.6 100.4 98.4 82.9 68.2 20.1 5.8

17.50 563.0 247.0 167.8 141.1 105.7 100.5 98.5 83.0 68.3 20.2 5.7

25.50 645.0 260.1 168.4 141.3 105.8 100.7 98.7 83.1 68.4 20.4 5.8



RUN 16
RUN 17

Superficial Velocity :
1.95 m/s ( 6.4 ft/s ) Superficial Velocity : 1.92 m/s ( 6.3 ft/s )

Time in
Minutes

Mean Particle Diameter (Microns) Time in
Minutes

Mean Particle Diameter (Microns)

114. 96. 81. 192. 161. 134.

.17 14.5 17.3 12.8 .17 7.2 11.8 18.6

.42 36.8 37.3 24.3 .33 19.9 30.0 38.6

.75 45.2 42.4 26.3 .67 37.8 52.1 55.9

.92 46.6 43.2 26.8 1.67 61.0 68.6 63.7

3.66 64.0 69.8 64.1

RUN 18

Superficial Velocity : 1.19 m/s ( 3.9 ft/s )

Time in Mean Particle Diameter

Minutes (Microns)
134.

RUN 19

Superficial Velocity : 1.89 m/s ( 6.2 ft/s )

Time in Mean Particle Diameter

Minutes (Microns)
134.

.33 13.0
.13 52.0

.66 34.9
.30 116.7

1.00 44.9
.47 154.6

1.50 76.2
.80 185.1

2.17 107.3
1.80 193.1

3.17 137.2

5.17 161.9

7.17 177.2



RUN 20

Superficial Velocity : 2.47 m/s ( 8.1 ft/s )

Time in Mean Particle Diameter

Minutes (Microns)
134.

.13 79.2

. 30 161.5

. 47 189.6

.97 200.0

RUN 21

Superficial Velocity : 1.92 m/s ( 6.3 ft/s )

Time in Mean Particle Diameter
Minutes (Microns)

114.

.12 47.8

.28 117.4

.45 158.4

.79 179.7

1.79 184.1

RUN 22 RUN 23

Superficial Velocity : 2.47 m/s ( 8.1 ft/s ) Superficial Velocity : 1.89 m/s ( 6.2 ft /s )

Time in Mean Particle Diameter Time in Mean Particle Diameter

Minutes (Microns) Minutes (Microns)

114. 96.

.10 66.7

.27 156.3

.43 191.7

.77 198.5

1.77 201.0

.17 61.4

.33 132.4

.66 177.6

3.66 200.0
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RUN 24

Superficial Velocity : 2.47 m/s ( 8.1 ft/s )

Time in Mean Particle Diameter

Minutes (Microns)
96.

.17 79.3

.33 174.2

.50 191.0

.83 196.2

1.83 199.5

RUN 25,26,27

Superticial Velocity : .94 m/s ( 3.1 ft/s )

Time in
Minutes

Mean Particle Diameter (Microns)

134. 114. 96.

.17 .1 .4 1.2

.33 .4 1.6 3.6

.83 2.1 6.7 I1.1

1.83 8.8 23.7 27.2

3.83 24.2 46.8 39.6
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APPENDIX F

Calculation of uti
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The terminal velocity, uti, of elutriated particles of size i

was calculated and corrected for sphericity, (1)s, according to Wen and

Hashinger [51]

(u
ti

)
spherical

0.153
0.71

d
1.14

(P
s
-q

0.71

Pi
0.29 0.43

and according to Pettyjohn and Christiansen [55]

4)s

(uti)nonspherical

)( )

= 0.943 log (
'0.065)uti)spherical

(F-1)

(F-2)

The validity of the numerical results obtained from equations

(F-1) and (F-2) was verified by calculating (uti.. .)nonspherical from

the charts of Cd
vs. Red of Pettyjohn and Christiansen [55]. They

were found to be in good agreement with each other in the range of

Reynolds numbers of interest.

The sphericities of the particles were estimated using the cor-

relation of Wen and Yu [56] and were found to be

e
s

= 0.8 for sand

(Os = 0.6 for polyethylene particles

s
= 0.8 for zirconia particles

and were assumed to be constant for all sizes.


