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An experimental study is described in which time-average local heat

transfer coefficients were obtained for arrays of horizontal tubes immersed

in a hot fluidized bed. Spatial-averaged heat transfer coefficients, com-

puted from local values, are also reported. Refractory particles with sur-

face mean diameters of 2.14 mm and 3.23 mm were fluidized by combustion

products of propane, which produced bed temperatures of 810 K, 922 K, and

1005 K. The superficial gas velocity ranged from the packed-bed condition

through approximately twice the minimum fluidization level, which was lim-

ited by air blower capacity.

An array of nine tubes arranged in three horizontal rows was em-

ployed. The 50.8 mm diameter tubes were arranged in an equilateral trian-

gular configuration with 15.24 cm spacing between centers. The center tube

in each of the three rows in the array was instrumented with thin

thermopile-type transducers for direct measurements of local heat fluxes

and surface temperatures at intervals of 30° from the bottom to the top--a

total of seven sets of values for each of the center tubes. The three sets

of data are representative of the heat transfer behavior of tubes at the



bottom, top, and the interior of a typical array. Data were also obtained

for a single horizontal tube to compare with the results of tube bundle per-

formance.

Existing correlations for the prediction of overall heat transfer coef-

ficients were evaluated using the results of this study, as well as other

data available for large particles.

Higher rates of heat transfer were obtained with smaller particles

and/or higher bed temperatures. Superficial gas velocity had a significant

effect on heat transfer coefficients. For local coefficients, the tops of the

tubes were affected the most due to the presence of the lee stack. For

spatially averaged values, a sharp increase in the coefficient was observed

when the gas velocity reached that for minimum fluidization; relatively little

variation was noted with further increase in gas flow rate.

Comparison with results for a single tube in a bubbling bed indicated

that bed-to-tube heat transfer in the presence of adjacent tubes was af-

fected only a small amount. Tubes in the bottom, top, and interior rows

exhibited different heat transfer performance. The tube array position in

the bed had rather slight influence on heat transfer; the static bed height

showed practically no effect on the coefficients.
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EXPERIMENTAL STUDIES OF HEAT TRANSFER WITH AN

ARRAY OF HORIZONTAL TUBES IMMERSED IN A

HIGH-TEMPERATURE FLUIDIZED BED

1. INTRODUCTION

Gas-fluidized beds are noted for their excellent heat transfer char-

acteristics. It is generally acknowledged that high rates of heat transfer

can be achieved between the bed and immersed surfaces or vessel walls.

As a result, fluidized bed heat transfer has received considerable attention

by scientists and engineers throughout the world. Extensive reviews are

given by Gutfinger and Abuaf [117], Saxena [173], Saxena et al. [176],

Gelperin and Ainstein [849], and Grewal [108]. Most applications of flu-

idized bed technology, such as catalytic reactors, employ rather small parti-

cles--particles generally smaller than 0.4 mm in diameter--with relatively

low superficial gas velocities. There is a growing interest in intermediate

and large particle (d.p > 1 mm) fluidized beds due to the recent develop-

ment of several new processes. Some well-known applications are: calci-

nation and combustion of radioactive waste material in nuclear technology

[165], heating of process fluids (e.g., crude oil) [56], dry cooling towers

[13,14], and, particularly, fluidized combustion of coal.

Fluidized-bed combustion offers great potential for the utilization of

all ranks of coal to meet air standards. Crushed coal is usually burned in

a bed of dolomite or limestone in which particles are held in suspension by
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means of upward flowing gas. The inert material reacts with the sulfur

dioxide which is produced during the combustion of high-sulfur coal, form-

ing a dry solid disposable waste. In addition, the low combustion tempera-

ture decreases the amount of nitrogen oxide produced in such systems [138,

158,185] compared to pulverized coal combustion with no special modifica-

tions. Further, due to higher heat transfer rates the size of the heat ex-

change area can be substantially reduced [182]. The drawbacks of this

technique are: (a) corrosion/erosion of bed walls and internals [138]; (b)

difficulties encountered in processing, recycling and handling the large quan-

tities of sulfur content particles produced during the combustion. However,

the advantages strongly outweigh the disadvantages, making this process an

attractive alternative to conventional combustion systems.

The heat produced in the fluidized-bed combustors is commonly

transferred to an array of immersed tubes--usually in horizontal orientation

[47]. These heat exchange tubes are used for steam generation in electric

utility applications and for liquid or gas heating in process industries. Dif-

ferent design aspects of such systems for both industrial and pilot-plant

scales are discussed by Goblirsch et al. [100], Basil [25], Leon et al. [138],

McLaren and Williams [151], Canada et al. [45], and Canada and Staub [46].

There is an extensive literature on the field of fluidization. It is

treated in several books, including those of Botterill [37], Kunii and Leven-

spiel [134], Zabrodsky [207], Davidson and Harrison [62], and Cheremisinoff

and Cheremisinoff [55]. Past efforts undertaken by various investigators

have been directed either at vertical or horizontal single tubes, however, the

requisite knowledge for the development of efficient fluidized bed boilers is

the study of heat transfer characteristics of tube bundles. Relatively few

studies have been conducted on bed-to-tube-bundle heat transfer and most of
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them have focused on the effects of tube-bundle arrangement and tube diam-

eter on the heat transfer coefficient [29,30,67,85,113]. Reported data are

restricted primarily to small particles or cold two- and three-dimensional

beds. The ability to describe the behavior of large particle beds at high

temperatures is essential for a reliable design of steam generators.

Overall bed-to-tube heat transfer coefficients have been obtained in

several recent studies involving fluidized beds with large particles at high

temperatures [112,116,155]. Local time-averaged heat transfer coefficients

over the surface of tubes immersed in a fluidized bed provide additional in-

formation to the combustor designer. A number of recent investigations

have reported local heat transfer results for both horizontal and vertical

tubes in cases involving small and large particle conditions [7,123,135,137,

143,211]. To the best of our knowledge, however, virtually no data are yet

available to elucidate local time-averaged heat transfer coefficient for a

bundle of tubes immersed in a bed of large particles at elevated tempera-

tures. The acquisition of these types of data is the primary goal of the

present study.

1.1 Present Work

From the combustor design standpoint, time-averaged local and overall

heat transfer coefficients to an immersed tube represent the most important

fluidized bed heat transfer information, particularly for beds of large parti-

cles at high temperatures. Local values provide information on heat trans-

fer coefficient variations for heat transfer surfaces and thus provide a

better understanding of the fluid bed heat transfer characteristics. They

are important for studying thermal stresses and fatigue in tube walls as

well as corrosion of the tube material. Overall values allow one to study



4

the influences of various parameters, such as particle size and material,

bed temperature and pressure, tube size and material, etc. on a bed-to-tube

heat transfer. These types of values are essential for material selection

and other design aspects of a fluidized-bed combustor.

There is a general lack of information for local and overall heat

transfer coefficients to arrays of horizontal tubes, particularly for beds of

large particles at high temperatures. Also, the results of several investiga-

tions on the influences of tube array position (the distance of the centerline

of the bottom row from the distributor plate) and static bed height on bed-

to-tube heat transfer are contradictory. Studying these effects was a sec-

ondary goal of the present investigation.

Experimental work performed in this study was conducted at bed

temperatures of 810, 922, and 1005 K. Bed particle sizes of 2.14 mm and

3.23 mm nominal diameter were employed. Particle sizes used are close to

those used as bed material in pilot plant fluidized-bed combustors.

For the purpose of tube array design, the following considerations

were made: In an array of horizontal tubes, the heat transfer to any tube,

not affected by side walls (it is known that the solids motion is different

for centrally located tubes and those adjacent to a side wall [164]), is influ-

enced only by the presence of neighboring tubes. It is also known that the

spacing between tubes should not be less than a pitch/diameter ratio of 2, to

prevent severe restriction of particle motion and a sharp decrease in heat

transfer [19,30,84,85,113,139,151]. Typical heat exchanger designs employ

tubes with diameters in the range 50.8 mm (2 inches) arranged horizontally

[182].

To match these design aspects, an array of nine tubes arranged in

three horizontal rows was used. The 50.8 mm diameter tubes were posi-
.
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tioned in an equilateral triangular configuration with 15.24 cm (6 inches)

spacing between centers. The center tube in each of the three rows was

instrumented with thin thermopile-type transducers for direct measurement

of local heat flux and surface temperature at intervals of 30° between the

bottom and the top--a total of seven sets of values for each of the center

tubes. These three sets of data are representative of the heat transfer be-

havior of tubes at the bottom, top, and the interior of a typical array. The

particular equilateral triangular tube array was selected because this config-

uration seems to give better fluidization characteristics, and hence better

heat transfer, than an in-line (square pitch) array [85,182]. This tube ar-

rangement is the most common in current industrial practice.

The tube array position (the distance of the centerline of the bottom

row from the distributor plate), for a fixed array configuration, and the

static bed height, relative to a fixed tube array, were varied and data were

acquired under a variety of operating conditions. Data were also obtained

for a single horizontal tube to compare with the results of tube bundle per-

formance.

The results of the present study were compared with data from sev-

eral other experimental investigations. In addition, existing correlations for

overall heat transfer coefficients were evaluated using the results of the

present study and compared with large particle data from a number of other

experimental investigations. Finally, minimum fluidization velocity was ob-

tained for a range of bed temperatures.
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1.2 Phenomenon of Fluidization

Fig (1.1) illustrates the operational stages that may occur in a gas-

solid fluidized bed. Typically, gas is introduced to a bed--partially filled

with solid particulate material--through a distributor plate at the bottom of

the container. As the gas flow is increased gradually, with a corresponding

increase in pressure difference, a point is eventually reached at which the

weight of the particles is balanced by the induced drag force acting upon

them. At this point the bed expands, the particles move apart, and experi-

ence a transition from a "packed" stationary condition to a loose "fluidized"

state--in many ways, they behave as a liquid. The superficial velocity at

this state is termed the "minimum fluidization velocity", Umf. The total

pressure drop across the bed at minimum fluidization conditions is equal to

the weight of the bed material per unit cross-sectional area. Increases in

gas velocity somewhat beyond Umf result in the formation of particle-free

zones or "bubbles" which rise through the bed and burst in the same way as

gas bubbles would behave in a boiling liquid. At bubbling conditions, the bed

is divided essentially into two phases: 1) the dense phase where a gas-

particle emulsion exists, and 2) the lean or bubble phase where the gas is

basically particle free. Bubbles generally originate at the distributor plate

for fine particles, Zenz [213]; whereas, for large-particle beds, it was ob-

served by Cranfield and Geldart [60] and Loew et al. [142] that the forma-

tion of bubbles occurred somewhat above the distributor plate out of long

and narrow voids.

As gas bubbles rise they coalesce and grow and if a sufficiently deep

bed is used, the bubbles may eventually become large enough to spread
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Fig. (1.1) Operational stages in a gas-solid fluidized bed.
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across the vessel; the bed is then said to be "slugging" with many particles

being thrown up into the space above the bed known as the "freeboard". In

beds of coarser particles, slugging is more likely to occur because bubbles

grow more quickly as they rise. Finally, at still higher velocities, the up-

per surface of the bed together with the large voids and/or bubbles disap-

pear and the bed becomes "turbulent." The turbulent state is a totally dif-

ferent phenomenon with different hydrodynamic characteristics than the flu-

idized state.

Catipovic et al. [49] and Catipovic [47] described three distinctive

regimes of fluidization for large particles in beds with a single immersed

tube. These are: "slow bubbles", "rapidly growing .bubbles", and "turbul-

ent". Figure 1.2 shows these regimes of fluidization. The slow bubble re-

gime occurs for gas velocities slightly above Umf where bubbles do not

grow significantly in size and rise slower than percolating gas of the emul-

sion. With a rise in velocity, the rate of bubble growth increases with ele-

vation--possibly forming slugs--and the rapidly growing bubble regime sets

in. The transition to a turbulent regime may only be attained at very high

gas velocities.1

1.3 Gas-Solid Motion in a Fluidized Bed with Immersed Horizontal Tubes

The motion of gas and solid materials in a fluidized bed are altered

by the presence of immersed surfaces. In the case of horizontal tube

1Genera lly, the transition from one regime to another occurs at a
higher gas velocity (or lower ratio of U0 /Umf ) when particle size in-
creases (see Catipovic et al. [49]). Interestingly, higher bed temperature is
a contributing factor. This is as a result of an increase in bubble size,
and therefore slower bubble growth, with increase in bed temperature in
beds of coarse particles (the latter needs to be yet specified).



wall solids
slugs slugs

MINIMUM SLOW BUBBLE RAPIDLY GROWING SLUGGING REGIME TURBULENT
FLUIDIZATION REGIME BUBBLE REGIME (deeper beds)

U/Umf

TURBULENT REGIME

FAST
BUBBLES RAPIDLY GROWING BUBBLES

(OR SLUGS)

SLOW
BUBBLES

1-1-large particles

PARTICLE DIAMETER, dp

a.-

REGIME

Fig. (1.2) Fluidization phenomena and regimes in large
particle beds. Adapted from Catipovic [47].
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bundles inserted in small particle beds it has been reported [157,159] that

the size and distribution of the bubbles were greatly altered. Bubbles were

observed to break into smaller ones and were distributed over the bed

cross-section much more uniformly compared to a bed with no internals.

Jovanovic [124] indicated that bubble behavior for beds with immersed tubes

exhibits smoother characteristics than for empty beds.

In a recent study, Mogtahedi [156] investigated the effect of an im-

mersed tube-bank in a gas fluidized bed. The tube-bundle was a staggered-

array of tubes 1.9 cm in diameter, with a pitch to diameter ratio of 3.5

He observed that bubble size distributions were not altered greatly by the

presence of the tube-bank in the bed. There is little work reported in the

literature on the behavior of large particle beds with obstacles (for such a

bed, bubble properties were studied by Glicksman and McAndrews [99] and

by Glicksman et al. [98]). If closely-spaced horizontal tubes are employed,

bridging may occur between adjacent tubes along horizontal rows. In a

study of large particles (dp = 2.00 - 2.38 mm) in a two-dimensional bed

with horizontal tube bundles (ten 25 mm cylinders in three rows on a trian-

gular array with 64 mm spacing), Loew et al. [142] reported that bridging

air pockets formed frequently at the lower row of the bundle which im-

peded particle movement.

From various investigations reported in the literature on gas-solid

motion around horizontal tubes, the following are the most prominent fea-

tures:

a) Formation of a relatively defluidized cap of particles on the

downstream surface of the cylinders,

b) Attachment of a thin film or gas cushion at the upstream face

of the tubes, and



c) Bubble formation at the horizontal diameter points due to local

acceleration of the gas flow.

Figure (1.3) shows a typical distribution of bubbles and particles

around a horizontal tube in a bubbling bed. Glass and Harrison [93] in their

work with 0.1 mm particles observed that it was the attached air void at

the bottom of tubes that became an unstable chain of bubbles alongside the

cylinders, whereas Loew et al. [142] reported nucleation of small bubbles at

the sides of the tubes even when there were no bubbles attached to the bot-

tom.

The extent and permanence of the stagnant cap decreases with a rise

in gas velocity and/or with smaller tube sizes. Particle motion is also in-

fluenced by the depth of tube immersion. When tubes were immersed fur-

ther in a 2-D bed of large particles, the cap extent was greater and particle

movement was reduced [142]. An opposite effect was reported in 2-D bed

of small particles [118,119].

Finally, it was found that, in a 3-D bed, the defluidized cap and up-

stream gas film are neither as large nor as permanent as those observed in

2-D beds (for instance see Rooney and Harrison [169]).

These observations on gas-solid flow in the neighborhood of horizon-

tal tubes have important heat transfer implications, such as corrosion on the

top of actual fluid-bed combustor tubes at lower gas velocities [181]. This

can be attributed to the defluidized cap and its low heat transfer coeffi-

cient.

The maximum local heat transfer coefficient is expected in general

to occur at the sides of the horizontal tubes at low gas velocities--as for

the minimum coefficients they are found at the bottom and top regions of

the cylinder associated with the gas film and stagnant cap of solids,
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respectively--and move toward the leeward or top of the tube as the

fluidizing gas velocity is increased [47,176].

1.4 Mechanism of Heat Transfer Between Fluidized Beds and Immersed

Surfaces

The mechanism whereby heat is transferred to the heat exchange

surface in a fluidized bed is as follows. As bubbles sweep by an im-

mersed surface, fresh particles come into contact with the surface and stay

for a finite time. They are subsequently displaced and move back into the

body of the bed. The ongoing exchange of particles adjacent to the surface

of immersed obstacles has been confirmed by visual observation and by in-

stantaneous heat transfer measurements. Fig. (1.4) is a schematic diagram

of a typical bubbling gas-solid fluidized bed with an immersed horizontal

tube. In such a bed, heat is transferred to the immersed surface by pack-

ets of particles, by gas percolating between the particles and the surface,

and by gas bubbles.

To a first approximation, the total heat transfer coefficient between

an immersed tube and a gas-solid fluidized bed can be regarded as equal to

three additive components [22,37,109,203]:

h = hpc + hgc + hr ( 1 . 1 )

where hpc = particle convective component accounting for the heat

transfer to aggregates of particles by unsteady-state con-

duction through thin gas layer between solid particles and

the surface wall,

hgc = gas convective component accounting for transfer of heat

due to both gas flow between particles and bubbles

touching the surface, and
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hr = radiant component that becomes important only at bed tem-

perature differences of about 873 K [37].

The simple addition of the three components, mentioned above, should

be used with caution, especially when two or more components are of com-

parable magnitude. In the case of small particle applications, the radiative

component is not simply additive to the others, but occurs partially at the

expense of the gas convective and particle convective mechanisms [25,36,

166]. However, it is considered to be additive to the others for a bed of

large particles since the temperature of the particles remains approximately

constant during contact with the tube surface [63,97]. This subject will be

discussed in more detail in a succeeding chapter.

Gelperin and Ainstein [84] proposed a most general equation for the

effective heat transfer coefficient with allowance for both the quantity of

heat transferred by gas convection and for the period when the exchange

surface is in contact with bubbles. Designating a fraction of the total time

a bubble contacts the surface, i.e., the bubble contact fraction, by f0, then

the fraction of time which the tube spends in contact with the emulsion

phase, the emulsion contact fraction would be 1-f 0. The total heat

transfer is then represented by:

h = (1-f0)he + fohb (1.2)
where

and

he = hp0 + hegc + her (1 . 3)

hb = hbgc hbr (1.4)
In the emulsion phase, heat transfer is assumed to be composed of particle

convection (whose motion is a direct result of bubble flow), gas convection

due to the interstitial gas velocity, and radiation. Bubble phase heat trans-
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fer consists of gas convection and radiation (assuming a transparent bub-

ble). All these components of heat transfer occur in a parallel manner, as

shown in Fig. (1.5). The dominance of each component depends on the

variation of system parameters, such as particle size, superficial velocity,

and bed temperature. In general, when the particle Reynolds number (Rep)

is low, as for the case of small particles or at low temperatures, the par-

ticle convective component becomes dominant. The gas convective compo-

nents become important when Rep is high, as for the case in which large

particles or high pressures are encountered.

Several theoretical models have been developed for evaluating differ-

ent modes of heat transfer; these will be discussed in the next chapter.

1.5 Large Particle vs. Small Particle: A View of Fluidization

Characteristics

As discussed in the introduction, most fluidized-bed studies have con-

centrated on fine-particle systems, whereas fluidized beds of large particles

have only recently become a topic of interest.

The behavior of solid particles fluidized by a gas is classified into

four groups by Geldart [82]. For large and/or very dense particles, which

are categorized in his group D, the bubble rise velocity is smaller than the

interstitial gas velocity between the particles (slow bubble regime). With

an increase in superficial gas velocity, the slow bubble regime shifts to one

of rapidly growing bubbles and finally to the turbulent regime, Catipovic et

al. [49].

A different powder classification scheme for fluidized-beds is pro-

posed by Saxena and Ganzha [174]. This classification is based primarily

on the realization of the nature of the boundary layer around the particles
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and the different characteristic flow patterns around the particles. Four

groups of particles are recognized. These are: Group I (3.25 < Ar <

21700), Group IIA (21700 < Ar < 130000), Group IIB (130000 < Ar < 1.6

x 106), and Group III (Ar > 1.6 x 106). The boundary layer around the

particles being laminar for Group I, shifts to an increasingly turbulent for

Group IIA and to a fully turbulent for Group JIB. For Group III particles,

the gas flow through the bed is turbulent. Large particles are expected to

be classified in the second group and beyond.

A discussion on particle classification schemes is given by Sastri and

Kolar [172] to bring out the potential of Archimedes numbers as criterion.

From the heat transfer point of view, results for large particles

have shown dissimilar trends and contradictory behavior compared with

small particles. In a large particle bubbling bed the temperature decrement

of a particle during its contact with the heat transfer surface is negligible.

This is due to the fact that the thermal time constant of a large particle is

greater than its residence time and therefore particles near the surface re-

main essentially at the bulk bed temperature. Thus, the heat transfer pro-

cess between the particles and the surface is one of steady-state. In this

case the heat transfer rate is not, therefore, a function of particle renewal

rate and the gas convective component of heat transfer becomes important,

Glicksman [94], Glicksman and Decker [97], and Catipovic [47].

For small particle beds, transition from "packed" to "fluidized" state

is accompanied by a much larger rise in the overall heat transfer coeffi-

cient than that found in large particle systems. This is primarily due to

the increase in the particle convective component of heat transfer with the

sudden decrease in particle residence time in a bed of small particles. For

large particles, however, it is gas convection which constitutes the major
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part of the overall heat transfer [21,146] and, therefore, there is only a

modest rise in h on fluidization.

In a bed of small particles a maximum value of h is experienced and

with a further increase in U0, the overall heat transfer coefficient de-

creases. The increased gas velocity results in a reduction of particle resi-

dence time and an increase in bed voidage (a decrease in particle concen-

tration near the heat transfer surface). The value of h is then determined

by the net contribution of these two opposing effects.

The values of h for large particle beds increases rather smoothly

with Up to a value which is almost constant; an indication of insensitivity to

the particle replacement time. The gas convective heat transfer coefficient

increases with Up, which results in an augmentation of the overall heat

transfer coefficient.

For large particle systems, h has been observed, in general, to in-

crease with d p t t f I ![22 23 31 33 47 63]. This is due to the increase in the gas

convective component of heat transfer with an increase in particle size.

For small particle beds, h is relatively unaffected by a variation in

system pressure level. In contrast, the overall heat transfer coefficient in-

creases markedly with pressure in beds of large particles [28,31,33,44].

The increase in thermal conductivity of the fluidizing gas with increasing

pressure is mainly responsible for an increase in gas convection which

augments the overall heat transfer coefficient.

In a fluidized bed containing large particles, the radiant exchange

between the bed and the wall can be handled in a very straightforward

fashion [63,94,97]. Since the particles adjacent to the tube surface are ap-

proximately isothermal, the net radiative heat transfer can be modeled as

that between two parallel isothermal planes. When the tube is in contact



20

with a bubble, considering that the bubble is transparent, it receives the

same amount of radiant energy as it does from the bed. Therefore, radia-

tion acts independently of conduction and convection. This simplification is

not valid for small particles due to the fact that there is a significant re-

duction in particle temperature while residing near the surface. Thus, the

convective and conductive fluxes are reduced by the radiant cooling of the

particles and vice versa. As a result, radiation is not simply additive to the

other modes of heat transfer for small particles.

1.6 General Observation on the Effect of Several Bed Parameters on

Overall Bed-to-Tube Heat Transfer Coefficient

After reviewing several experimental investigations dealing with hori-

zontal tubes immersed in fluidized beds of small and/or large particles, the

following were found to be the principal observations regarding the effect

of different parameters on overall bed-to-tube heat transfer coefficients.

1.6.1 Superficial Velocity

In a fluidized bed of small particles, as fluidizing velocity increases,

the overall heat transfer coefficient increases sharply until a maximum

value is attained. With further increase in gas velocity, the values of h

decreases. The rate of increase in the coefficients is rapid for velocities

near Um f, but slower for larger values of Up. In contrast, large particle

beds show a modest rise in the heat transfer coefficient with Up to an

asymptotic value.

In a bed of small particles, particle residence time and its bulk

packing density near an immersed heat transfer surface are the main fac-

tors in determining the rate of heat transfer. A decrease in particle resi-
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dence time and/or increase in particle concentration close to the heat trans-

fer surface result in augmentation of the heat transfer rate accordingly.

When gas velocity increases, particle residence time decreases--bubble fre-

quency increases, resulting in increased particle mixing--therefore, the heat

transfer rate goes up. However, at the same time, the bulk particle pack-

ing density decreases (in other words, bed porosity increases), resulting in

a reduction in heat transfer rate. From this observation, it is evident that,

at any fluidizing velocity, the net contribution of these two opposing effects

determines the value of h.

In a bubbling bed made up of large particles, the thermal time con-

stant of a particle is much greater than its residence time [94,97]. In such

a case, the temperature of the particle in contact with the heat transfer

surface is nearly unchanged. Thus, the heat transfer between particle and

the wall approaches a steady-state condition. In this case, in contrast with

small particle beds, heat transfer rate is not a function of bubble frequency

or particle renewal rate. It is, therefore, the gas convective heat transfer

contribution that plays the major role in determining the value of h--large

particles with higher values of Umf and larger values of Reynolds number

(for gas flow over the particles) have a significant convective heat transfer

contribution due to eddies in the larger voids between the particles near the

surface. As a result, there is a modest increase in h with an increase of

U0 in a bed of large particles. Even with a change from packed to a

minimally fluidized state, it is not followed by a sudden change in the value

of h as it is for beds of small particles. Experiments by Baskakov and

Suprun [21] and Maskaev and Baskakov [146] showed that gas convection be-

came increasingly important when particle size increased. It should be
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noted that in beds of large particles, heat transfer from bubbles covering

the surface is also important.

1.6.2 Particle Size

For relatively small particles in the range where the contribution due

to unsteady-state heat conduction to moving solid particles is significant, h

is inversely proportional to dp. The increase in heat transfer rate with

decrease in particle size can be related to a change in heat flow resistance.

When the particle size decreases, there is a decrease in gas conduction

paths both between the heat transfer surface and the particles close to it

and between the particles. This results in a reduction in the resistance to

heat flow and, consequently, the heat transfer rate increases. Small parti-

cles are also more efficient in exchanging heat with the surface due to

larger particle surface area per unit volume of the bed.

As particle size increases, unsteady-state heat conduction becomes

less important and the contribution due to gas convection becomes more sig-

nificant (this is why the maximum heat transfer coefficients for larger

particles are less pronounced). Therefore, at some value of dp gas con-

vection becomes the dominant mode of heat transfer and overall heat trans-

fer rate will increase with particle size.

1.6.3 Bed Temperature

The effect of bed temperature on overall heat transfer coefficient is

rather complicated. In general, the value of h increases with a rise in bed

temperature due to the increase in thermal conductivity of the fluidizing gas.

Additionally, an increase in bed temperature increases the radiation heat

transfer contribution. Baskakov et al. [22] measured overall and radiative

heat transfer coefficient in beds of small and large particles at high tern-
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peratures. They found that the relative contribution of radiation increases

with particle size, although the absolute quantity of heat transferred by ra-

diation was independent of the particle diameter. This suggests that radia-

tion heat transfer must be taken into account in large particle beds when

the bed temperature is sufficiently high (above 873 K, Botterill [37]).

Glicksman and Decker [97] proposed a model for the prediction of

heat transfer coefficient between a heat transfer surface and a bed of

large particles at low temperature, i.e., with radiation ignored. The ex-

pression is:

Nu = (1-0[9.42 + 0.042 Re Pr]

Or

hd
kf

(1 . 5)

(1-0[9.42 + 0.042 Uodp(pfcpf /kf)] . (1.6)

They argued that at low Rep, h is proportional to gas conductivity and,

therefore, it increases with gas temperature. When the Reynolds number is

very high, h is proportional to gas density and it is independent of gas

thermal conductivity and particle diameter. Therefore, in the latter case,

h, exclusive of the radiation component, decreases with gas temperature due

to a decrease in gas density. Similarly, the influence of dp on h changes

with Rep: at low Rep, h is inversely proportional to dp, while at

high Rep, h is independent of dp.

1.6.4 Slumped Bed Height

There have been various measurements of heat transfer for different

slumped bed heights, L, in both small and large particle fluidized-beds.

Generally, a variation in L has little effect on the value of h as long as

the heat transfer surface is fully immersed in the emulsion. This suggests
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that there is no change in the fluid dynamics in the vicinity of the surface

as L is varied.

1.6.5 Tube Array Position

There have been few studies relating tube array position, H, to heat

transfer, particularly for large particle beds. Also, the results are gener-

ally influenced by other parameters, such as tube arraya configuration and

bed and distributor geometry. Therefore, no firm conclusions can be made.

1.6.6 Tube Positions in Array

The variation in heat transfer between tubes in an array has been

observed by various investigators. A general conclusion is that tubes at

higher elevations in the tube bank have higher heat transfer coefficients,

however this depends on tube array configuration and a different result may

be reached.

The parameters considered above are also included in the present

study and are discussed in detail in succeeding chapters. The following is

a brief discussion of the effect of other parameters which have been found

to influence heat transfer to surfaces immersed in small and large particle

beds. These parameters are not considered in the present study.

1.6.7 Bed Pressure

The thermal conductivity of a fluidizing gas increases with pressure

and results in greater convective heat transfer rates. In a large particle

bed, where convective mixing is important, an increase in pressure signifi-

cantly affects the overall heat transfer coefficient.
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1.6.8 Tube Diameter

Overall heat transfer coefficients decrease, in general, with an in-

crease in tube diameter. This is probably due to an increase in particle

residence time adjacent to tube surfaces and a larger stagnant cap of parti-

cles on top of the tube. In a study by Doherty et al. [67], h first de-

creased with an increase in tube diameter and reached a minimum. It then

increased with further increase in tube diameter.

1.6.9 Tube Spacing

Closely spaced tubes restrict the movement of solid materials near

the surfaces and the heat transfer rate correspondingly decreases. How-

ever, heat transfer results have shown that if sufficient space is provided

between the tubes, the tube array would have no effect on heat transfer re-

sults. Generally, a pitch to diameter ratio of 2 or greater is suggested for

preventing severe particle motion and a resultant sharp decrease in bed-to-

tube heat transfer.

Discussion of other parameters, such as distributor design and geom-

etry, bed dimension, tube materials, etc., are beyond the scope of this study

and will, therefore, not be discussed further.
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As was discussed in the introductory chapter, the total heat transfer

coefficient between a gas-solid fluidized bed and an immersed surface can

be evaluated as the sum of three components, Equation (1.1). The impor-

tance of each component is dependent upon the bed conditions (such as parti-

cle size, temperature, pressure, etc.) and in some cases one or two compo-

nents can be neglected. As was discussed in the introductory chapter, the

particle convective component is a product of unsteady-state conduction

through the gas layer between the surface and adjacent solid particles. The

contribution of this component is predominant when the particle Reynolds

number is low, as for the case of small particles and for non-pressurized

systems at temperatures where radiation is negligible. For large particles,

generally, the unsteady-state conduction is not significant. For such a case

where particle Reynolds number is high, the gas convective component be-

comes dominant and becomes increasingly important for larger and denser

particles and at high operating pressures. This subject will be discussed in

more detail in succeeding chapters.

Most theoretical studies for small particle beds have involved devel-

oping models for transient heat transfer between fluidized beds and im-

mersed surfaces. In such cases, gas convection can be neglected. In the

case of coal combustion, however, large particles and high temperatures are

encountered. Thus, gas convection and radiation contributions must be taken
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into account. In the discussion to follow a number of theoretical models

are considered which have been proposed to predict different heat transfer

contributions, namely particle convection, gas convection, and radiation.

2.1.1 Particle Convection

Numerous studies can be found in the literature which deal with the

particle convective component of heat transfer [15,20,22,35,37,40,41,57,69,77,

84, 132 ,141,145,152,197,202,207,214]. There are basically three different ap-

proaches to modeling bed-to-tube heat transfer by unsteady-state conduction

to moving solid particles:

a. One of the earliest models was proposed by Levenspiel and Wal-

ton [141]. They assumed the principal resistance to heat transfer from

bed-to-surface to be due to a fluid film, i.e., the boundary layer resistance.

The film thickness is reduced by the scouring action of moving solid parti-

cles, which results in a reduction in film resistance. In this model, parti-

cles are treated as obstacles preventing boundary layer growth. Here,

thermal properties do not play a role in bed-to-wall heat transfer. Wen

and Leva [197] and others [69,140] developed a model using similar concepts.

b. The widely used "packet" theory of heat transfer is the basic

assumption behind many models. This theory stems from the work of

Mickley and Fairbanks [152]. According to this model, heat is transported

to or from surfaces by an unsteady-state process involving groups or pack-

ets of particles. These packets are brought into contact with the immersed

surface by the motion of rising bubbles in the bed. A packet is treated as

homogeneous and its effective thermal properties are assumed to be those

of a bed at Umf. The basic concept of this theory is that heat is trans-
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ferred between the heater surface and several rows of particles by tran-

sient conduction during the packet residence time.

This model has been modified by several investigators [20,22,84,132,

202,204]. Some of the modified versions of the model include a contact re-

sistance at the bed-wall interface. Baskakov [20], Baskakov et al. [22],

Gelperin and Ainstein [84], and Xavier and Davidson [202] added a thermal

resistance layer next to the wall. Kubie and Broughton [132] modified the

packet theory to consider the influence of thermophysical properties of the

bed material near the surface due to voidage variation. Yoshida et al. [204]

assumed a finite packet length. Antonishin et al. [15] developed a model

without using a contact resistance.

c. A simple theoretical approach based on the treatment of a single

particle was developed by Botterill and Williams [35]. They assumed that

heat is transferred between the first row of particles and the heater sur-

face by transient conduction. Others [37,57,207,214] used a similar approach

to develop theoretical models. Ziegler et al. [214] and Chung et al. [57] de-

veloped a model based on the penetration concept--their assumption was that

during the time a particle remains at the surface, heat is transferred by

convection from or to the fluid adjacent to the surface. Ziegler et al. [214]

used a statistical distribution of particle residence times to study the rela-

tion of heat transfer coefficients to solid thermal properties and Chung et

al. [57] studied the effect of particle conductivity on heat transfer.

The single row particle approach is appropriate when the residence

time of the particles is short. As residence time increases, heat penetrates

deeper into the bed so that more than one row of particles are affected.
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Botterill, et al. [41] proposed a model based on two rows of particles. Ga-

bor [77] considered a particle chain of essentially unlimited length, which

led to a simplified consideration of alternative slabs of gas and solids.

It should be noted that in all of these models, the knowledge of par-

ticle residence time and its distribution are needed to predict heat transfer

rates. An exception is the work of Glicksman and Decker [95] and Decker

and Glicksman [63]. They proposed models which are valid only if the

time constant of the particle is much larger than its residence time so the

particle temperature remains essentially constant. Consequently, the heat

transfer process can also be assumed to be steady-state and particle resi-

dence time does not affect the heat transfer calculation. In their model

[63], which is in general applicable to large particle beds, the emulsion con-

vection was considered to be the same as that of a packed bed.

A totally different approach was taken by Martin [145], who proposed

a model using some basic ideas from kinetic theory of gases.

2.1.2 Gas Convection

There are a limited number of theoretical models reported in the lit-

erature which predict the gas convective component of heat transfer in a

fluidized bed. These models consider particular conditions under which gas

convection is the dominant mode of heat transfer. Among such conditions

are: large particle diameters, high operating pressures, gas velocities near

Umf, regions of high voidage or defluidized particles due to the surface ge-

ometries, and very high velocities [109].

Botterill and Denloye [38] proposed a model to describe heat transfer

between a vertical tube and packed beds as well as incipiently fluidized

beds. The region considered was that of increased voidage adjacent to the
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heat transfer surface, extending about one-half a particle diameter from the

tube surface. Steady-state heat transfer theory in the wall region was ap-

plied.

Gabor [76] developed a model to predict the gas convective component

of heat transfer between an immersed vertical surface and beds with ve-

locities near Umf. The heat transfer coefficient at minimum fluidizing

conditions was considered a measure of the gas convective component of

heat transfer.

Adams and Welty [6] developed a single particle model to calculate

instantaneous bubble and emulsion phase gas convective heat transfer for

particles larger than 2.0 mm. The model was developed by analyzing flow

within channels between the particles in contact with the tube surface.

Since the model is too cumbersome for use in predicting heat transfer

rates, Adams [3,4] developed approximate models for emulsion and bubble

phase cases. Adams [5] further extended the scope of the model by includ-

ing transient conduction behavior within the solid particles.

Fatani [70] used the alternate slab model of Kolar et al. [131], with

the addition of radiation, and modified it so that transmission through the

solid slab was considered. He used this model to predict the convective and

radiative heat transfer in small and large particle gas-fluidized beds.

A gas-convection model has recently been proposed by Mazza and

Barreto [150].

2.1.3 Radiation

Radiation becomes significant at high temperatures, generally at tem-

peratures above 873 K [37]. This is particularly so for large particle beds.
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A majority of the models, developed to predict relative contribution of radi-

ation, are applicable to beds of small particles; however, their predictions

are rather contradictory.

Borodulya and Kovensky [32] and Borodulya et al. [34] proposed mod-

els of radiative heat transfer in a dispersed medium using the optical pile

model for a fluidized bed. The dispersed medium was represented by an

assembly of reflecting and absorbing parallel planes. These models are

able to calculate the emissivity of an isothermal fluidized bed and the tem-

perature distribution near a heat transfer surface when the radiative prop-

erties of the particles and the heat exchanger are known.

Using the single-particle model of Ziegler, et al. [214], Basu [24] de-

veloped a model to predict the effect of coal combustion on the heat trans-

fer to an immersed surface in a fluidized bed. The relative contribution of

radiation was found to vary between 10 and 20% at bed temperatures be-

tween 1073 to 1173 K with wall temperatures between 293 to 303 K for

sand particles (dp = 0.28 mm).

Kolar et al. [131] investigated the radiative contribution in a bed of

small particles using the alternative slab model of Gabor [77]. They con-

sidered that radiation heat transfer takes place at the surface of each solid

slab, and the surface was assumed to be opaque. The model predicted that

the radiative contribution was substantial for large particles and for high

surface and bed temperatures.

Brewster and Tien [42] and Brewster [43] proposed analytical models

for radiative heat transfer in a fluidized bed by treating the particles as in-

dependent media for thermal radiation. Yoshida et al. [206] proposed a

model based on the concept of effective thermal conductivity for evaluating

radiative heat transfer coefficients, from bubble and emulsion phases, in a



32

bed of small particles. Their results indicated the relative contribution of

radiation to be insignificant for dp = 0.18 mm and for temperatures below

1273 K.

Thring [187] used three different models to predict radiative heat

transfer coefficients. The values of radiative contribution predicted by

these three models were widely divergent.

Based on gas film-emulsion packet model, Vedamurthy and Sastri

[193] proposed a model to investigate the radiative and conductive contribu-

tions for the emulsion and bubble phases at different fluidizing velocities,

bed temperatures, and particle sizes in an air ash system. Heat was as-

sumed to be transferred from the emulsion packet to the wall by conduction

through the gas film and by radiation through the transparent film. The

role of radiation was overestimated due to the assumption of black body

conditions at the wall surface and for the emulsion. The relative contribu-

tion of radiation was found to be between 17 to 30 percent for a bed tem-

perature of 1173 K and particle diameter of 0.5 mm.

Chen and Chen [54] included radiation in the overall heat transfer and

proposed a model based on the discrete flux method. In this model, the

packet emulsion phase was treated as a radiatively participative medium

with absorption, emission, and scattering of thermal radiation occurring

throughout the emulsion. Radiative transfer during bubble contact was added

to the packet heat transfer as a time-weighted contribution. The model es-

timated a 10 to 20 percent contribution of radiation for sand particles (dp

0.25 and 0.61 mm) and bed temperatures of roughly 1073-1173 K.

A combined radiative and conductive transient heat transfer between a

wall and a fluidized-bed was investigated by Flamant [73]. The theoretical
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approach was based on the "packet model" assuming the emulsion to be an

optically thick semi-transparent grey medium.

All models mentioned above are basically applicable to fluidized beds

of small particles. Fewer models are available in the literature for pre-

diction of radiation contribution in beds of large particles. Fatani [70] used

the alternate slab model of Kolar et al. [131] to predict the combined radia-

tive and convective components. This model indicated that the radiative heat

transfer coefficient varies directly with particle diameter, surface and bed

temperatures.

Mahbod [144] used the Adams-Welty [6] model and the method of the

coupled convective/transient conduction analysis of Adams [5] with some

modifications to predict the radiation contribution to the total heat transfer

between a large-particle gas-fluidized bed and an immersed horizontal tube.

He concluded that the radiative properties of bed particles and immersed

tube materials have significant radiative heat transfer roles.

None of the models described above are useful for prediction pur-

poses since they require knowing some parameters, such as particle/packet

residence time and its distribution, which are not generally available.

An approximate method for evaluating the radiant component in flu-

idized beds of large particles was suggested by Glicksman and Decker

[95,96,97] and Glicksman [94]. They assumed that the temperature of the

particles adjacent to the tube surface were at approximately TB and Tw

with E ef and ew, respectively. This method gives an upper limit for radi-

ation.

It can be concluded that the relative contribution of radiation, in gen-

eral, becomes increasingly important with increases in particle size, bed
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temperature, tube surface temperature, and radiative properties of bed ma-

terial and tube surface.

For more information on thermal radiation, see the recent work by

Tien [188]. In this work, an overview of the existing knowledge on radia-

tive transfer in packed and fluidized-beds is given.

2.2 Heat-Transfer Measurements: Instrumentation and Data

A review of the fluidized-bed heat transfer literature indicates a rel-

atively large amount of heat transfer data to be available. For example,

see the reviews of Saxena et al. [176], Zabrodsky [207], Grewal [108], and

Gelperin and Ainstein [84]. Most of these studies, however, are for beds

of small particles at low temperatures. In recent years, experimental ef-

forts have concentrated on large particles and/or high temperature beds

[21,38,44,47,48,51,64,75,89,112,116,155,179,212], which are encountered in

fluidized bed combustors.

The following discussion is presented keeping in mind that the main

thrust of the present work is the study of the time-averaged local and

spatial-averaged bed-to-tube heat transfer.

2.2.1 Instantaneous Heat Transfer

To obtain instantaneous heat transfer data, fast-responding measuring

elements or probes are required; this requirement constitutes the main

source of difficulty for such measurements. These types of data are es-

sential in validating most of the proposed models, such as those discussed

earlier.

A number of studies have used thin, electrically heated foils or

metallic films with low heat capacity as fast-responding heat transfer ele-
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ments. Such measurements were made on the basis of the existence of

maximum and minimum heat transfer rates due to the emulsion and bubble

passage at the measuring ports. Generally, the method which applied to

measure instantaneous values was that of providing a constant power supply

to the film heater and then following its temperature fluctuations. Emulsion

residence time (r) and bubble contact fraction (f 0), and hence emulsion

and bubble heat transfer rates, were calculated from such measurement.

Mickley et al. [153] used a thin platinum foil on a vertical tube and

tracked its temperature variation. Their work was limited to very fine

particles.

Baskakov et al. [22,23] used a 5 Am-thick strip of platinum on verti-

cal tubes, 15 mm and 30 mm in diameter, and on a 160 x 230 mm plate in-

clined at different angles and followed its temperature fluctuations. Tests

were carried out

(max. d = 0.65

in beds of corundum (max. dp = 0.5 mm) and slay beads

mm). They proposed empirical correlations for r and

f°. In addition, they investigated the effects of gas-particle system prop-

erties, as well as the shape and arrangement of internals, on the hydrody-

namics of stream-lining of the bodies by fluidized bed and heat transfer

from them. They confirmed that hgc increases with an increase in parti-

cle diameter.

The technique Crescitelli et al. [61] used for instantaneous heat

transfer measurements was that of filming the fluidized bed through a

transparent wall close to points at which miniature resistance probes were

implanted. Their technique allowed simultaneous measurement of particle

velocities and heat transfer coefficients. The maximum particle diameters

used were 0.125 mm and 0.6 mm for silica sand and glass beads, respec-
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tively. Instantaneous heat transfer coefficients were measured by means of

resistor probes of the thin film type.

Figlolia et al. [71] measured instantaneous heat transfer coefficients

using a platinum film probe and maintained a constant film temperature by a

control bridge circuit. The probe response time was on the order of 500

Asec. Glass beads were the bed materials with a maximum diameter of

0.568 mm. They concluded that the particles near the submerged surface

remain at or very close to the bulk bed temperature due to the occurrence

of significant lateral mixing. In addition, they confirmed that for the range

of particle sizes they used, 0.256 to 0.568 mm, the particle convective com-

ponent of heat transfer dominated the overall heat transfer between the bed

and the submerged surface. A similar technique was applied by Fitzgerald

et al. [72] to build a fast-responding probe.

Richardson and Shakiri [168] and Khan et al. [126] used the idea of

generating temperature fluctuations of a small electrically heated element to

the bulk of a small particle fluidized bed to predict instantaneous heat

transfer coefficients. They studied the effect of particle and gas proper-

ties, gas pressure, and particle shape on heat transfer results. Correlations

for maximum heat transfer coefficients were presented.

Catipovic [47] used platinum resistance heaters with their tempera-

tures held constant by an electronic control circuit. Instantaneous heat

transfer coefficients were obtained for horizontal single tubes and tube ar-

rays. Air, at room temperature, was used as the fluidizing gas. A wide

range of particle sizes (0.37 to 6.6 mm) and gas velocities (0.1 to 5.6 m/s)

were covered. Instantaneous voidage and surface pressure variations were

also measured, employing capacitance elements and pressure transducers,

respectively. Pressure transducers were also used by Kilkis et al. [128] to
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study bubble behavior around a horizontal tube and capacitance probes were

employed by Chen [53] and Ozkaynak and Chen [161,162] to calculate bubble

frequencies and packet residence times along with their heat transfer mea-

surements.

Several other investigators [177,190,212] used instrumentation tech-

niques similar to those described above for instantaneous heat transfer mea-

surements. Catipovic [47] mentioned two problems common to such efforts,

these being non-uniformity in probe surface temperature and the temperature

difference between the measuring element and the object on which it was

placed.

None of these instruments are suitable for use in high-temperature

fluidized beds. The only instantaneous data generated for hot beds, to the

best of our knowledge, are those of Gosmeyer [106] and Yoshida et al.

[205]. Gosmeyer [106] used a Gardon gauge (see Gardon [80,81]), which is

basically a circular foil heat flux gauge, to generate his data at bed temper-

ature of 1090 K using a particle diameter of 3.21 mm. His results are not

reliable due to poor repeatability. Recently, George [88] developed a trans-

ducer for measuring instantaneous heat flux at high-temperature bed condi-

tions.

2.2.2 Local Total Heat Transfer

The technique many investigators [56,84,135,136,160] have applied to

obtain local heat transfer data in low temperature beds is the use of an

isothermal metal strip attached to the tube surface, heated electrically.

From the power dissipation, the heat transfer rate can be computed.

Noack [160] performed experiments to obtain local heat transfer data

in a low temperature and small particle bed (dp = 0.6 mm). Gelperin and
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Ainstein [84] investigated local heat transfer at ambient temperature and

small particle beds, maximum dp = 0.35 mm, for horizontal and sloping

tubes with different diameters. They reported little increase in h0 at the

lower stagnation point with velocity attributed to low solid concentrations at

that region.

Cherrington et al. [56] used 0.127 mm (0.005 inch) thick nicrome

strips to instrument plexiglass tubes. They made measurements of local

heat transfer to horizontal tubes up to 15.24 cm (6 inches) in diameter.

They performed tests in cold beds with particles up to 2.5 mm mean diam-

eter. They observed that hOmax occurred at the 90° positions for low

fluidizing velocities. At higher velocities the point of maximum heat trans-

fer rate shifted upward to the 135° positions. In addition, at the upper

stagnation point, 0 = 180°, the coefficient increased rapidly with an in-

crease in U0, whereas little change occurred at the lower stagnation point.

In general, three zones of particle activity were indicated, the "oscillatory

cap" (.0 N 180°), "surfline" (0 = 90°-135°), and "gas shrouded" (0

0°). The gas shrouded coefficients were observed to be insensitive to

fluidization velocity, while the greatest changes in profile shape were ob-

served in the cap and surfline zones. The three distinctive zones were also

mentioned by others (e.g., see Golan and Cherrington [101]).

Kurosaki et al. [135,136] used a strip of stainless steel foil 30 Am

thick and 20 mm wide bonded to the outer surface of a bakelite cynlinder

(DT = 40 mm) to measure local heat transfer coefficients in a low-temper-

ature bed. Glass beads of 0.4 mm mean diameter were fluidized by air in

a bed with rectangular cross sections of 250 x 90 mm. Maximum local

heat transfer coefficient moved from the lower stagnation point to the 90°

position and then shifted to about the 150° position and finally to the uypper
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stagnation point for low (fixed bed), moderate (bubbling bed), high (slugging

bed), and very high (turbulent) gas velocities, respectively.

Local heat transfer coefficients were also measured by Magiliotou et

al. [143] in a small-particle low-temperature bed. A very thin metal strip

heater was constructed on the surface of a porcelain clay cylinder by

painting the surface using gold alloy (a line of 0.7 mm width and 7 cm

clenth was painted on the surface of the cylinder). Glass beads of 0.3 mm

mean diameter were used. A maximum heat transfer coefficient of about

800 W/m2K was achieved at the upper stagnation point of the tube at a gas

velocity of 0.37 m/s. Using a similar technique, Zahariades and Assael

[211] made measurements of he for different tube sizes (up to 2.1 cm in

diameter) and bed materials. Particle mean diameters of up to 0.51 mm

were employed. Local coefficients were found to vary significantly with

angular positions around the cylinder. Also, the magnitude of the local co-

efficients varied considerably with the particle diameter and were less sen-

sitive to changes in the cylinder diameter for the parameters employed in

their measurements.

Single-position probes have been used in all the investigations men-

tioned above. This design requires the rotation of the tube in order to

measure local heat transfer coefficients for all positions of interest. Also,

it may introduce significant experimental error by having a discontinuity in

surface temperature. Heat transfer elements can be at temperatures quite

different from the surrounding surface; the experiment of Noack [160] is an

exception.

Local heat transfer measurements were also made by Chandran et al.

[51], utilizing similar methods, for horizontal single tubes and tube arrays at

ambient temperature in a large particle (up to 1.58 mm) pressurized (up to
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405 kPa) fluidized bed. Eight strips of 50.8 Am thick inconell foil, bonded

side-by-side around a solid lexan rod, were used for instrumentation. Each

strip was heated electrically. A near isothermal surface temperature was

maintained by heating each strip independently and thus any error caused by

surface temperature discontinuity was eliminated. Heating elements were

also employed by Baskakov et al. [24] to measure local heat transfer at 30-

degree -angle divisions, confirming the results obtained by Gelperin and AM-

stein [84].

Berg and Baskakov [26] used a different technique to measure local

heat transfer coefficients around a horizontal tube. They measured the

temperature difference across a low thermal conductivity heated tube and

solved the heat conduction equation for the tube wall, assuming one-

dimensional conduction. Air at room temperature was used as the fluidizing

medium and particle mean diameter up to 0.32 mm were employed. They

reported similar observations, as mentioned above, namely the existence of

an immobile stack of particles at the upper stagnation point of the tube,

which was removed when the fluidizing gas velocity was increased. The

maximum heat transfer coefficient was observed to occur at the lateral part

of the tube. They also concluded that the distribution of he around the

surface of the tube became more uniform with a decrease in tube diameter

and an increase in particle size.

The technique Samson [170] applied to measure local heat transfer

coefficients was based on the differential temperature across a bronze plug

insulated from the heater surface wall. Spheres and horizontal and vertical

cylinders with fairly large diameters (DT = 11.5 cm) were immersed in a

bed of sand particles (dp = 0.141 mm) fluidized by air at a bed tempera-
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ture of 355 K. He observed a maximum heat transfer coefficient at 72 de-

grees from the lower stagnation point for the horizontal tube at moderate

and high velocities. This behavior was attributed to a wider and deeper de-

fluidized zone on a large diameter tube, compared to a relatively smaller

tube size. He noted the difficulty in measuring the small temperature dif-

ferences involved.

All of the experimental work mentioned above was conducted at low

bed temperatures and, with the exception of Cherrington et al. [56] and

Chandran et al. [51], used small particle mean diameters as the bed medium.

George [87] applied thin (0.076 mm) thermopile heat flow sensors to

a horizontal tube and obtained local heat transfer coefficients in a high-

temperature (up to 1050 K) and large-particle fluidized bed. A relative er-

ror of 4 percent for non-uniformity in surface temperature was reported.

His data support the presence of a stagnant cap of particles on top of the

tube at low gas velocities, which was removed when the velocity was in-

creased.

Vadivel and Vedamurthy [191] made local radiative and total heat

transfer measurements to a horizontal tube embedded in a fluidized bed

combustor using an instrument, similar to that of Samson [170], based on

differential temperature across a steel plug. Experiments were conducted

at a bed temperature of 1023 K and with particles of size distributions of

6-0 mm and 4-0 mm. They found the maximum value of the total heat

transfer coefficient to occur at the bottom of the tube for low gas veloci-

ties moving gradually upward along the sides of the tube as the gas velocity

was increased.

Some investigators [22,23,47] who conducted experiments to measure

instantaneous local heat transfer (see Section 2.2.1) have also reported
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time-average local heat transfer coefficients. Results presented were cal-

culated from instantaneous values and were not measured directly. Similar

conclusions to those mentioned above, regarding variation of he along the

circumference of horizontal tubes, were made.

A summary of the recent studies that have dealt with measurement of

the time-average local heat transfer coefficients to horizontal tubes is pre-

sented in Table (2.1).

The following observations are generally agreed to exist for a hori-

zontal tube immersed in a fluidized-bed. A stagnant cap of particles is

found on the top of a tube at low gas velocities. This results in low val-

ues of the heat transfer coefficient near the upper stagnation point. The

cap is more stable on larger diameter tubes. At the bottom of the tubes,

gas pockets are formed from time to time, resulting in low values of heat

transfer. Thus, hemax occurs somewhat above the equator. An increase

in fluidization velocity removes the stagnant cap and causes intense particle

movement around that area, resulting in a substantial increase in heat trans-

fer. On the other hand, the bed porosity close to the tube surface at the

equatorial lateral zones increases significantly, which decreases the heat

transfer rate. Consequently, as gas velocity is increased, hemax moves

away from the lower stagnation point. Finally, heat transfer at the up-

stream side is less sensitive to changes in gas velocities and the variations

of he around the tube becomes more uniform with an increase in particle

mean diameter.
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Table (2.1) Specifications of a number of experimental investigations for
the measurement of local heat transfer coefficient for horizontal
tubes.

Ref
no.

DT

(mm)
di)

(mm)
Particle
material

TB

(K)

U0
Ranges
(m/s)

Bed
Tubes size

config. (m)

[22] 125 0.25 corundum ambient up to 1 single 0.6 x 1.2
220 tube cross-

section
[56] 50.8 0.39 glass ambient 0.1-0.49 single 0.2

1.0 beads & 0.55-1.22 tube column
1.0 limestone 0.64-2.56

[191] 60 0-6 1023 0.87-1.7 single 0.3 sq.
0-4 tube water

jacketed
coal
combustor

[27] 35 0.3 to glass ambient 0.6-3.5 single 0.2 x 0.2
0.85 beads tube cross-

section
[26] 20 0.06 electro- ambient up to single 0.2 column

40 0.1 corundum 0.25 tube
0.32

[101] 101.6 > 1.0 crestite 547-1163 0.91 to tube 0.61 X 1.46
[103] limestone

& sulfated
pfizer
dolomite

3.35 bundle, cross-
equilat. section
P/DT = 2

[1] 30 0.165 activated - 0.03-0.8 single 0.278 plexi-
0.342 charcoal tube glass column
0.48

[157] 31.8 0.08 magnesia < 473 up to single tube 0.37 x 0.15
15.9 0.3 & tube cross-

bundle, section
staggered
( -4DT, Sv=
1. Dir), in-
line (STI=2DT,
S -1 5I3 T)V- T

[51] 28.58 0.125 glass ambient up to 12 single 0.203
31.75 to beads Umf tube & column

1.58 tube 0.305
0.65 bundle, column

SH=3.2DT
S -1V- 8DT



Table (2.1) Continued.

Ref
no.

DT

(mm)
dp

(mm)

[143] 9.0 0.3

[135] 40 0.4
[136]

[105] 50.8 2.14
3.23

U0 Bed
Particle TB Ranges Tubes size
material (K) (m/ s) config. (m)

glass ambient 0.12 to single 0.07
beads 0.37 tube plexiglass

column

glass ambient up to single 0.25 X 0.09
beads about tube cross

1.48 section

refrac- 810-1005 up to single 0.30 X 0.60
tory 3.5 tube & cross-

material tube section
bundle,
equilat.
P/DT = 3

2.2.3 Overall Heat Transfer

The method many investigators have used to obtain overall heat trans-

fer data in low temperature beds was that of employing some type of elec-

tric heating element and keeping its temperature constant by varying the

heater input power supply. The heat transfer rate is then calculated from

the power dissipation.

Vreedenburg [196] conducted experiments to measure total heat trans-

fer between a horizontal tube and a bed of fine particles (0.064 to 0.316

mm) at moderate temperatures (313-613 K). The effects of various vari-

ables such as tube diameter (DT = 16.9 to 51 mm), particle diameter, and

bed temperature were investigated. A correlation for the prediction of h

was proposed.

Petrie et al. [165] carried out experiments to study the calcination of

radioactive waste in a fluidized bed. Heat transfer coefficients were mea-

sured for triangular arrays of horizontal bare and finned tubes at high flu--
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idizing air rates. Sand with mean diameter of up to 0.735 mm was em-

ployed. The heat transfer tests were made with condensing steam as the

heat source inside the tubes. Effects of tube spacing on heat transfer re-

sults were studied. They found that for tube-to-tube separations exceeding

43 particle diameters, there was no significant influence of other tubes

within the heat exchanger. Further, they concluded that significant increases

in heat transfer rates were achieved when finned tubes were employed. A

correlation for predicting heat transfer rates from multiple horizontal tubes

to fluidized beds was proposed.

Zabrodsky et al. [209] used this technique to measure heat transfer

coefficients between immersed in-line and staggered bundles of horizontal

tubes (DT = 30 mm) and air-fluidized beds of large particles. Their mea-

surements were made at room temperature and ambient pressure for

spherical millet (dp = 2 mm) and non-spherical fire clay (dp = 3 mm)

particles. A copper cylinder with an electric heater inside it was used as

the heat transfer probe. It was found that the heat transfer coefficient is

more sensitive to changes in the values of horizontal pitch than those of the

vertical pitch. A correlation for the prediction of total heat transfer coef-

ficient was proposed.

Using electrically heated copper tubes (DT = 14 mm), Borodulya et

al. [29,30] conducted experiments to measure total heat transfer between

horizontal in-line and staggered bundles of tubes and air fluidized beds of

small (sand, dp = 0.25, 0.66 mm) and large (millet, dp = 2 mm) particles,

respectively. They noted that for small particles, the values of h for tube

bundles with P > 2DT are about the same when different tube arrange-

ments are applied and are identical to values corresponding to that of a sin-

gle tube. In the case of large particles, it was concluded that for any stag-
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gered tube arrangement the h values are independent of SH and Sy, as long

as these are greater or equal to 2DT. On the other hand, for in-line tube

bundles, the approximately constant values of h are achieved with the criti-

cal values of SH > 2DT and that of Sy > 2DT.

Grewal and Saxena [114] carried out extensive studies on overall heat

transfer between a horizontal tube and an air-solid fluid bed. In experi-

ments for the measurements of h, the electrically heated heat transfer tube

was mounted 213 mm above the distributor plate. Different particle mate-

rial and mean diameters (up to 0.504 mm) were fluidized at room temper-

ature. They found that h increased with an increase in U0, but decreased

with larger gas velocities and attained a maximum at some intermediate

value of fluidizing gas velocity. This was attributed to particle residence

time on the surface and particle density close to the surface and that both

are reduced when U0 is raised. As a result, the magnitude of h depends

upon the net contribution arising from these two opposing factors. Further,

they studied the effect of tube diameter, tube material, bed height, distribu-

tor plate design, and heat flux on heat transfer coefficients. It was con-

cluded that the values of h decreased with an increase in tube diameter due

to an increase in particle contact time. No effect of tube material and bed

height on heat transfer coefficients were observed.

Bartel and Genetti [19] reported heat transfer coefficients for a

horizontal bundle of electrically heated tubes (DT = 15.9 mm) in a bed of

glass beads (up to 0.47 mm in mean diameter) fluidized with air at near

room temperature. Bare and finned tubes were employed. They observed

the heat transfer coefficient to increase with increasing air mass velocity.

In most cases a maximum value was reached and then, with further in-

crease in air velocity, the coefficient decreased. This behavior, touched
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upon earlier, was due to a lower particle fraction in the vicinity of the tube

bundle with an increase in- fluidizing air velocity. It was also observed that

the rate of heat transfer for the bundle increased with increasing fin height

to a certain value and then leveled off with a further increase.

Lese and Kermode [139] conducted overall heat transfer measurements

from a horizontal electrically heated tube to a fluidized bed in the presence

of nearby unheated tubes. Particles of three different materials (glass,

tabular alumina and silicon carbide) with mean diameters of up to 0.295 mm

were fluidized with air at room temperature. The effect of the number of

tubes, their size, configuration, and the type of fluidized materials on heat

transfer rates was studied. It was found that the presence of the unheated

tubes had significant effect on h for the heated tube. The coefficient with

tubes on the sides and top of the heated tube was more than 30% higher than

that with tubes on the side only. This was caused by the formation of a

stagnant cap of particles on the top of the heated tube in the case of tubes

on the side only. An addition of two tubes on the bottom had an adverse

effect, that is, the heat transfer coefficient decreased. These tubes played

the role of obstacles for bubbles to reach the bottom of the heated tube and

this prevented any solid renewal there, thereby lowering the heat transfer

coefficient. They also concluded that when two tubes were side-by-side

and within one tube radius of each other, bridging occurred which reduced

the heat transfer coefficient. With unheated tubes on both sides of the

heated tube, the reduction of heat transfer coefficient was even higher.

However, if a sufficient number of tubes was added in a closely spaced

packed array, the void spaces disappeared and the heat transfer coefficient

showed no degradation.
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Canada and Staub [44,45] determined total heat transfer coefficients

for small (dp = 0.65 mm) and large (dp = 2.6 mm) glass particles to bun-

dles of horizontal bare and finned tubes in a low-temperature bed. Effects

of several variables--such as particle size, gas fluidizing velocity, static

bed height, bed pressure, and tube location in the array--on the overall heat

transfer coefficient were studied. They found little variation of heat

transfer coefficient with static bed height for both particle sizes at high

gas velocities. The maximum variation between the tubes in the different

rows was about 10 percent. The heat transfer coefficient increased with

an increase in pressure. The value of h approximately doubled for a pres-

sure increase from 1 to 10 atmospheres. At 1 atmosphere, the smaller

particles yielded average coefficients higher than for the larger particles,

whereas, at 10 atmospheres, h for the larger particles was the larger.

This is due to an increase in the gas convection contribution with pressure

for larger particle sizes.

In all of the investigations mentioned above, overall heat transfer co-

efficient measurements were made at low temperatures. The technique

many investigators used to obtain h in high temperature experiments was to

measure the inlet and outlet coolant temperatures, along with an estimation

of the outside tube-wall temperature by assuming unidirectional convection

and conduction to the coolant and tube wall, respectively. Studies which

used this technique to measure overall heat transfer coefficient follow.

Wright et al. [201] conducted experiments in fluidized beds of crushed

refractory and coal ash with a large size spectrum (max. dp = 2.9 mm)

for various tube geometries and positions above the distributor plate. The

bed temperature was between 1073 K and 1173 K. Horizontal and vertical
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tubes were employed. They concluded that horizontal tubes at different po-

sitions above the distributor plate exhibited different heat transfer results.

In general, heat transfer coefficients first increased and then decreased

with tube height above the distributor plate and was a maximum somewhere

in the middle of the bed, depending on the size of the tubes and their ar-

rangement. It was also concluded that fluidized beds with a wide variation

in particle size demonstrate nearly constant heat transfer coefficients over

a wider range of fluidizing velocities than when narrow size cuts are used.

Further, it was suggested that thermal radiation from a well-fluidized bed

is the same as from a black body and is additive in the overall heat trans-

fer determination.

With the method described above for hot beds, Howe and Aulisio

[121] measured overall heat transfer coefficients to horizontal tubes (DT =

50.8 mm) in a fairly large fluidized bed (6 x 2 x 6 ft or 1.83 x 0.61 x

1.83 m). Bed temperatures up to 1099 K and limestone particles with mean

diameters of 0.8 to 1.37 mm were tested. Effects of fluidizing gas veloc-

ity, particle size, and static bed height were studied. It was found that an

increase in static bed height yielded a higher h due to an increase in parti-

cle population density around the tubes.

Grewal and Hajicek [111] obtained experimental values for heat

transfer coefficients between an atmospheric fluidized bed combustor and an

immersed array of horizontal tubes at bed temperatures ranging from 1043

to 1179 K. Silica sand (d.p = 0.562 to 1.128 mm) was used as bed material

during the combustion of low-rank coals. The relative horizontal pitch,

SH/DT, and relative vertical pitch, Sv/DT, were 2.11 and 1.58, respectively.

The observations made regarding the effect of fluidizing gas velocity, parti-

cle size, and bed temperature on heat transfer coefficients were in agree-
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ment with the reported trends found by many previous investigators. For

instance, the value of h increased with an increase in the value of Up, but

decreased with further increase in fluidizing gas velocities and attained a

maximum at some intermediate value. Also, the heat transfer coefficient

decreased with an increase in particle diameter and increased with an in-

crease in bed temperature.

Combustion of low rank coal in a 30.48 cm (1 ft) diameter bed was

studied by Leon et al. [138]. Limestone and dolomite with mean diameters

up to 1.51 mm were used as sorbents. Bed temperature was between 1061

and 1197 K. Total heat transfer coefficients were measured for horizontal

heat exchanger tubes located in the bed and freeboard areas. In addition to

other findings, they concluded that the heat transfer coefficients were de-

pendent on the bed depth, fluidization velocity, and bed temperature. The

value of h increased as fluidizing velocity and bed depth increased for both

bed and freeboard tube locations. It was also found that for a tube located

near the top surface of the bed, the heat transfer coefficient was higher

than for a tube located closer to the distributor plate.

Tang and Howe [184] developed a sophisticated computer data reduc-

tion program to analyze the thermal performance of a 1.83 cm x 1.83 cm

(6 ft x 6 ft) atmospheric fluidized bed. Overall heat transfer coefficients

were determined for tube banks located in the bed and freeboard. The

immersed tube bank consisted of tubes with DT = 38.1 mm arranged on a

12.7 cm triangular pitch. The bottom row of tubes was situated approxi-

mately 53 cm above the air distributor plate. Mean particle sizes ranged

from 1.48 to 2.21 mm and bed temperature was between 1091 to 1171 K.

They found that heat transfer coefficients for tubes in the freeboard region
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were approximately one order of magnitude less than those in the immersed

fluidized bed.

Grewal et al. [116] carried out experiments to measure overall heat

transfer coefficients between immersed horizontal tube bundles and an

atmospheric-fluidized-bed combustor burning low-rank coals. Silica sand

(dp = 0.888 to 4.484 mm) and limestone (dp = 0.716 to 1.895 mm) were

used as bed material. Bed temperatures were in the range of 1047 to 1125

K. The experimental data were used to assess the existing correlations for

the heat transfer coefficient for both small and large particle conditions.

A different method of measuring total heat transfer coefficients at

high temperatures is the use of a fluxmeter. Using this technique, Mathur

and Saxena [148] measured total and radiative heat transfer coefficients

between an immersed surface and a bed of sand particles (dp = 0.559 and

0.751 mm). Bed temperatures up to 1175 K were reported. Total heat

transfer coefficients increased significantly with bed temperature and gas

velocity. For particle mean diameter of 0.751 mm, the maximum total heat

transfer coefficient increased from approximately 160 to 440 W/m2K when

the bed temperature increased from 395 to 1175 K. A table was presented

listing a number of investigations of high-temperature heat transfer in gas-

fluidized-beds. The tables also identifies the experimental technique used

by each investigator. Three different measurement techniques were noted

for both total and for radiative heat transfer coefficients.

Other studies dealing with the measurements of overall heat transfer

coefficients in hot beds are those of Grewal and Goblirsch [110], Goblirsch

et al. [100], Mitor et al. [155], and Renz et al. [167].
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2.2.4 Radiation Heat Transfer

Experimental results of the radiative component of heat transfer are

important for a combustor designer. There is, however, both a lack in ex-

perimental measurement and a sharp contradiction among the available data

for the radiation contribution. A variation between 0 to 60 percent of radi-

ation heat transfer to the total is reported, Alavizadeh [7]. Radiation be-

comes important only at temperatures above 873 K, Botterill [37]. Thus, in

fluidized bed coal combustors, where the temperature is high, radiation must

be considered.

One technique often used for radiation measurements is direct detec-

tion by radiometers covered by a window transparent to thermal radiation,

Alavizadeh [7], Ilchenko et al. [122], Basu [25], and Ozkaynak et al. [163].

The windows are used to protect the radiometers from damage due to par-

ticle impingement. Baskakov et al. [22] and Yoshida et al. [206] measured

these types of data indirectly by employing two calorimetric metal probes

with different surface emissivities. The difference in total heat transfer

for the probes was attributed to the radiative heat transfer contribution.

Ozkaynak et al. [163] touched upon some of the errors and difficul-

ties that might have been encountered in these two methods. The first

technique is subject to error due to: 1) the narrow thermal radiation

transmittance band of the windows which filters a portion of the incident

radiation, and 2) radiation from hot windows to radiometers which results

in overestimation of the radiative contribution. By calibrating the probe, the

first error is usually removed. In the second method, namely the use of

calorimetric probes with different surface emissivities, uncertainties in the
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emissivities and their variations with temperature are the causes of the er-

rors. To avoid these difficulties, they [163] used a window material (zinc

selenide) with wide band transmittance and high thermal conductivity. Also,

the temperature of the window was controlled by a cooling technique.

Local radiative heat transfer data are very scarce in the literature.

The only available data of this type, to the best of our knowledge, are

those of Alavizadeh [7], Alavizadeh et al. [8,9], Lei [137], Chung and Wetly

[58,59], and Vadivel and Vedamurthy [191]. Alavizadeh used a silicon win-

dow mounted flush with the tube wall to allow transmission of the radiative

heat flux. The transmitted radiation was detected by a thermopile-type heat

flow sensor placed behind the window. The temperature of the window

was controlled by a cooling method. The probe was then calibrated against

a black body source. The use of a silicon window and control of its tem-

perature resolved all the errors described earlier.

Alavizadeh [7] and Alavizadeh et al. [8,9] obtained local radiative and

total heat transfer coefficients to a horizontal tube (DT = 50.8 mm) in a

small (dp = 0.5 and 1.0 mm) and large (dp = 2.14, 3.23 mm) particle flu-

idized bed. Bed temperatures of up to 1053 K were tested. They found

that radiative heat transfer coefficients increased with particle size and bed

temperature. The relative contribution of radiative heat transfer to the to-

tal was reported to be 15 percent for 3.23 mm particles at bed temperature

of 1053 K.

Lei [137] used a similar technique to that of Alavizadeh [7] to mea-

sure local radiative and total heat transfer coefficients for an array of

horizontal tubes immersed in a large-particle fluidized-bed. Three differ-

ent window materials, silicon, sapphire, and quartz, were tested. It was
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concluded that silicon window material was most suitable for radiative heat

transfer measurement.

Chung and Welty [58,59] measured local radiative and total heat trans-

fer coefficients for tubular arrays in a high-temperature fluidized-bed.

The heat transfer probe, originally developed by Alavizadeh et al. [8,9] and

modified by Lei [137], was used in their work. The radiative component of

the total bed heat transfer was transmitted through a transparent window

(silicon) mounted on the top of a cavity within the instrumented tube and

delected by a heat flux sensor bonded to the base of the cavity. Mean par-

ticle sizes of 0.97 mm, 1.53 mm, and 2.37 mm and bed temperatures of 705

K, 761 K, and 812 K were examined. They found a radiative contribution of

approximately 7% of the total for dp = 0.97 mm and TB = 812 K and near

8% for dp = 2.37 mm and TB = 705 K.

Vadivel and Vedamurthy [191] measured radiative heat transfer coef-

ficients around the surface of a horizontal steel tube (DT = 60 mm). The

apparatus they used was made of a quartz glass plate mounted on top of a

cavity provided in the wall of the tube. The transmitted radiation was then

detected by a thermoelectric device--located in a chamber beneath the win-

dow. They found that radiation contributed about 35% of the total heat

transfer in a bed temperature of 1023 K. Also, it was observed that the

relative contribution of radiation increased with particle size.

Probes equipped with quartz glass windows were also used by other

investigators [122,194] for the measurement of overall radiative heat trans-

fer coefficients. Ilchenko et al. [122] found spatial-averaged radiative heat

transfer coefficients at bed temperatures up to 1700 K--bed temperatures

above 1300 K were achieved by igniting the gas in the bed. Different types

of inert materials with a variation in size from 0.57 to 1.75 mm were flu-
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idized by air. The quartz optical glass and thermoelectric detector were

mounted at the bottom of a copper cylinder. They observed that for a tem-

perature rise from 1300 K to 1600 K, the radiation contribution increased

from about 27% to 45% for corundum particles with 1.75 mm in mean diam-

eter. Also, with a similar technique, Vedamurthy and Sastri [194] investi-

gated the radiation contribution in an air-ash system operating between 1123

and 1223 K. The relative contribution of radiative heat transfer was found

to be between 20 to 40 percent of the total.

Yoshida, et al. [206] measured hr values based on the difference in

surface emissivities of two heat exchanger pipes (1.3 mm OD) placed ver-

tically in an electrically heated fluidized bed of 0.18 mm particles. They

found the radiation contribution to be insignificant for bed temperatures up

to 1273 K.

Baskakov et al. [22] also made measurements of radiative heat trans-

fer coefficients by following the changing temperatures of two spheres of

low Biot numbers and different surface emissivities (one sphere with an

oxidized surface, E = 0.8, and the other one with a silver plated surface, E

= 0.1). Experiments were conducted in a bed of chamotte particles (dp =

0.35 to 1.25 mm) and temperatures up to 1123 K. A radiation contribution

of 10% was observed for the largest particle size and highest bed tempera-

ture when the wall temperature was at about 500 K. Also, the values of

hr increased substantially (by a factor of 7 to 8) as the surface tempera-

ture of the sphere raised from 433 K up to 1003 K, while the bed tempera-

ture remained at 1123 K.

Basu [25] took a different approach in measuring radiative heat

transfer coefficients. He used a copper tube (DT = 6.5 mm) and covered

it with a coaxial transparent silica tube--with an air gap left between the
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tubes--to avoid heat conduction. The radiation heat transfer was then cal-

culated from the heat taken by the coolant in the copper tube and from the

log-mean temperature difference. The technique was also used to measure

overall heat transfer coefficients from an identical copper tube. Experi-

ments were carried out in a fluidized bed coal combustor in which sand

(d.p = 0.325 to 0.5 mm) was used as the bed material. The role of radi-

ation on the overall heat transfer was studied both theoretically and experi-

mentally. The effect of carbon content of the bed on h was also studied.

Results indicated that for bed temperatures between 1073 to 1173 K, the ra-

diation contribution was only 5 to 10 percent of the total heat transfer (the

wall temperature was of the order of 293 to 303 K). It was also concluded

that radiation is not additive for fine particles.

From the results of various experimental investigations it can be con-

cluded that, in general, the relative contribution by radiation increases and

becomes important with an increase in particle size and bed and tube sur-

face temperatures. A summary and yet more detailed study of radiative

heat transfer is given by Alavizadeh [7]. Radiative heat transfer measure-

ments were not included in the present study.

2.3 Correlations

To the best of our knowledge, no correlation has been developed, to

this date, for predicting local heat transfer coefficients in our experimental

arrangement. In contrast, a relatively large number of correlations have

been proposed for evaluating overall heat transfer coefficients. The ma-

jority of these correlations are applicable to small particle beds at low

temperatures. As a result they do not include the contribution due to radia-

tion. Many recently proposed correlations of this type have been summa-
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rized by Grewal [107,109], Grewal and Goblirsch [110], and Grewal and

Saxena [113,114,115]. The use of these correlations should be limited to the

experimental conditions at which they were derived.

Here, a brief discussion of some of the important and perhaps most

commonly used correlations is presented.

2.3.1 Overall Heat Transfer Coefficient

A list of several correlations for predicting h is given in Table

(2.2); these expressions are applicable to horizontal smooth tubes. One of

the earliest and best-known correlations is that of Vreedenberg [195], which

was later modified by Andeen and Glicksman [14] to account for the effect

of bed porosity on heat transfer rate. Grewal and Saxena [114] introduced

additional factors into the modified Vreedenberg correlation in order to con-

sider the influence of volumetric heat capacity of solid particles, tube diam-

eter, and gas thermal conductivity on overall heat transfer coefficients.

The values of bed voidage, E, in this correlation can be estimated from the

following correlation proposed by Goroshko et al. [104]:

E = t[18 Rep + 0.36 Re2]/Ar (2.1)

The Vreedenberg correlation and its modified versions are applicable

to horizontal single tubes immersed in small particle beds. For large parti-

cle applications, the remaining correlations listed in Table (2.2) apply. The

correlation of Glicksman and decker [95] was developed on the basis of

steady-state conduction between the heat transfer surface and the particles.

The values for bubble fraction in bed, 8, in this correlation can be calcu-

lated from the relation:

1 (Lmf/Lf) = 1 - (1-0/(1-fird) (2.2)



58

Table (2.2) Correlations for the prediction of overall heat transfer coeffi-
cient for tubes immersed in fluidized beds of large particles (except
for reference [14] ) .

Reference Correlation

Modified 1.11,2 0.326
Vreedenberg Nu") = 900(1-i) Pr0*3 + NurD[14] Afpf dp 3ps 2g

Glicksman & Nup = (1-8)[9.3 + 0.042 RepPr] + Nurp
Decker [95]

Zabrodsky 7.2 kf(1-02/3
et al. [209] h + 26.6 U00'2Cpfpfdp

dP

Catipovic Nup = 6(1 -f0) + 0.0175(1-f0 )Ar0.46pr0.33

et al. [50]

(f0 88 Re 0
'
5 + 0.0042 Re )Pr 0

'
33 Nurp0 '

DT
mf mf

1 - fo = 0.45 + 0.061(Uo-Umf + 0.125)-1

Decker & Umfdp
Glicksman Nup = (1-8)[6 + 0.05(1 +26) Pr + Nurp
[63] of

(11.0+3UmOdp10.5
+ 0.664 pr0.33(dp/1)0.58 +

of

Mathur &
Saxena [147]

U0 = $51Tb + (1+26)Umf

Nurp

R = average bubble length = 1/47rDT

Nup = 5.95(1 -e)2/3 + 0.055 Ar°"3 Re°'2 Pr 1 / 3 + Nurp
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with Lf anif obtained from the following correlation proposed by Babu et

al. [17]:

Lf ILmf = 1 +
10.978(Uo-Umf) 0.738dp1.006ps0.376

Tr

mf
0.937 0.126

w Pf
(2.3)

According to Zabrodsky et al. [209] and Grewal [109], the values of ö can

also be calculated by estimating E from the expression proposed by Staub

and Canada [179]:

Uo/E = 1.05U0 + (1-Ealf)Umf/End (2.4)
where E mf can be obtained from the modified Eurgun correlation proposed

by Geldart and Cranfield [83]:

1.75 pfUmf + 180[(1Emf)/dp](AfUmf)
3Emfdp(pspf)g = 0 (2.5)

All the necessary properties of the fluidizing gas are to be calculated at the

film temperature, Tf, which is defined as the arithmetic average of the bed

temperature and tube surface temperature.

The correlation of Decker and Glicksman [63] takes into account the

heat transfer contribution from bubbles to the surface; it was developed,

similarly to that of the Glicksman and Decker correlation [95], based on the

assumption of steady-state conduction.

In the correlation proposed by Catipovic et al. [50], the first, second,

and third terms represent contributions due to particle convection, gas con-

vection for the emulsion phase, and gas convection for the bubble phase, re-

spectively. All of the necessary properties of the fluidizing gas are evalu-

ated at bed temperature.

By correlating experimental data for widely spaced tube bundles in a

bed of large particles, Zabrodsky et al. [209] developed a semi-empirical
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equation, which is also listed in Table (2.2). Values of e needed in this

equation can be calculated from Equations (2.4) and (2.5). All of these

correlations are compared with the results of the present study in Chapter

6.

Staub [178] proposed a model for horizontal tube bundles and for

large particle applications. This model was developed by considering a tur-

bulent flow regime in the bed and accounting for the effects of restrictions

on the motion of large particles in the bed by the tubes. This correlation

requires some parameters which are not measured in this study. There-

fore, it is not used for comparison with the present experimental data.

Finally, for a bundle of horizontal tubes immersed in a fluidized bed

of small particles, h can be estimated by the correlations of Bansal et al.

[18] and Grewal [107]. These correlations account for the effect of tube

arrangement on the heat transfer coefficient.

2.3.2 Maximum Overall Heat Transfer Coefficient

A number of correlations and theoretical models for predicting the

maximum overall heat transfer coefficient have been developed. A list of

several of them, mostly applicable to single tubes, is given by Grewal and

Saxena [115] and Borodulya et al. [29]. They [115] concluded that none of

the correlations examined were capable of predicting performance under

different operating conditions. They proposed a correlation which accounts

for the specific heat of solid particles. Also, in another effort, Grewal

and Saxena [113] wrote a paper on the maximum heat transfer coefficients

between a fluidized bed and an immersed horizontal tube bundle. They pre-

sented a table of correlations and theoretical models on this topic which

emphasized small particle beds.
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A summary of several correlations for predicting maximum heat

transfer coefficients at different bed conditions is given in Table (2.3).

Except for the correlations of Glicksman and Decker [95] and Zabrodsky et

al. [209], the rest of them are for the maximum Nusselt number (Numax)

as a function of the Archimedes number (Ar). The range of Archimedes

numbers for which these equations apply is included. Extrapolation of these

correlations beyond the given range is not recommended.

Table (2.3) Correlations for the prediction of maximum overall heat trans-
fer coefficients between a fluidized bed and immersed tubes.

Reference Correlation

Zabrodsky Numax = 0.88 Ar6'213
et al. [208]

80 < Ar < 106

Varygin & Numax = 0.86 Ar°*2
Martyushin
[192] 10 < Ar < 2 x 105

Maskaev & Numax = 0.21 Ar0.32
Baskakov
[146] 1.4 X 105 < Ar < 3 x 108

Grewal & N uma x = 0.90 (Ar D12.7/DT)0.21 ( ry
los

/ c
Pf )45'5 Ar-6'7Saxena [115]

300 < Ar < 104

Glicksman & Numax = (1-6)(9.3 + 0.042 Reopt Pr)
Decker [95]

for dp > 1 mm

hmax = [7.2 kf(1-emf) 2/3],dp + 26.6 Uopt0.2cpfpfdp

Experimental conditions: staggered and in-line tube
bundles,

DT = 30 mm, dp = 2, 3 mm

Numax = 0.843 Ar6'15 + 0.86 dp1/2 Ar0.39

103 < Ar < 2 x 106

Experimental conditions:

DT = 12.7 mm, 0.16 mm dp < 2.37 mm

Zabrodsky
et al. [209]

Denloye &
Botterill [64]
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The correlations proposed by Glicksman and Decker [95] and Zabrod-

sky et al. [209] for the estimation of hmax in large particle beds are sim-

ilar to those given in Table (2.2), except that the optimum fluidizing gas

velocity associated with the maximum heat transfer coefficient is used.

The

values of Uopt can be calculated from the correlation of Todes et al.

[189]:

Reopt = Ar/[18 + 5.22(Ar)0.5] . ( 2 . 6 )

Also, knowing that hmax occurs at velocities near Um f, the bed voidage at

minimum fluidization conditions (end) is used in the correlation of Zabrod-

sky et al. [209]. The values of E mf can be calculated from Equation (2.5).

For large particle applications, the correlation of Maskaev and

Baskakov [146] and the correlation of Denloye and Botterill [64] can also be

applied. In the case of small particles, the maximum heat transfer coeffi-

cient between a tube and a fluidized bed can be estimated from correlations

proposed by Zabrodsky et al. [208] and Varygin and Martyushin [192]; and

for a horizontal tube from the Grewal and Saxena [115] correlation. The

reliability of the correlations listed in Table (2.3) are checked by compari-

son with existing data for large particles in Chapter 6.

Maximum heat transfer coefficients for an array of horizontal tubes

can be estimated from the correlations listed in Table (2.4). In these cor-

relations, the influence of tube spacing on the heat transfer coefficient is

considered. The correlation of Tamrin et al. [183] can be used for esti-

mation purposes in large particle systems, whereas the correlation proposed

by Gelperin et al. [85,86], Chekansky et al. [52], and Grewal and Saxena

[113] are applicable only to small particle beds. These correlations are



Table 2.4 Correlations for the prediction of maximum overall heat transfer coefficient between a flu-
idized bed and an immersed horizontal tube bundle.

Reference Correlation Experimental Conditions

Tamarin Numax = 0.146[Ar arctan(P/DT)]1/3 staggered tube bundle; DT =
et al.
[183] 4 x 104 < Ar < 3 x 106 , 30 mm; dp = 2 mm (millet)

2 < P/DT < 3.3 and 3 mm (crushed fireclay)

Gelperin
et al. Numax = 0.79 Ar622(1
[86]

215 < Ar < 2200 ,

1.5 < SH/DT < 10

Gelperin
et al. Numax 0.74 Ar 6- 211
[85]

DT 0.25

SH)

DT
SH

DT \10.25
(1 +

(Sy+DT)).]

200 < Ar < 2400 ,

2 < SH/DT < 9 , 1 < Sy/DT < 10

in-line tube bundle; DT

20 mm; dp = 0.16, 0.26, and

0.35 mm, quartz sand

staggered tube bundle; DT =

20 mm; dp = 0.16, 0.26, and

0.35, quartz sand



Table 2.4 (continued).

Reference Correlation Experimental Conditions

Chekansky hmax = 28.2 ps0.2kf0.6dp-0.36 staggered tube bundle; DT =a
152]

l. t A \0.04 i DT \-0.12 50 and 102 mm; dp = 0.44

kdp) kD20) mm (porous corundum) and

16 < A/dp < 63 0.22 mm (quartz sand)

Grewal & Di, staggered tube bundle (equi-Saxena Numax = 0.9 Ar 1 4'
I_113] DT lateral triangles); dp =

Cps 45.5 Ar-I3.7 0.167 and 0.504 mm (silica
CPf sand) and 0.259 mm (alumina)

[1 0.21(P/DT)-1-75]

75 < Ar < 2 x 104 ,

1.75 < P/DT < 9 .
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compared with the results of this study and with those of other investiga-

tors in Chapter 6.

There exist several other correlations for the prediction of heat

transfer coefficients between a fluidized bed and different types of heat

transfer surfaces (vertical, finned, rough, and inclined tubes) at different

bed conditions. Grewal [109] has summarized several of these correlations

and has listed those proposed for finned tubes. Since this study deals with

horizontal bare tubes, this subject will not be discussed further.
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3. EXPERIMENTAL APPARATUS

Equipment used to measure local heat transfer rates and surface

temperatures on the tubes is described in this chapter; discussion will fol-

low in the order:

a. Oregon State University High-Temperature Fluidized Bed Facil-

ity

b. Instrumented Tubes

c. Data Acquisition System

3.1 Fluidized Bed Facility

A schematic illustration of the facility is shown in Fig. (3.1). A de-

scription of various components of the facility, except for the test section

and cooling system, is given in Junge [125], Gosmeyer [106], George [87],

and Alavizadeh [7]. A brief discussion of the principal components of the

facility follows.

3.1.1 Test Section and Distributor Plate

The test section was designed and constructed to accommodate both

single tubes and tube array experiments with different tube configurations.

Fifteen mounting ports were provided on each side of the test section with

an equilateral triangular configuration and 15.24 cm (6-inch) spacing be-

tween centers. The ports were set in 3 columns and 5 rows. The center-

line of the bottom row was 30.48 cm (1 ft) above the distributor plate.

For each tube array experiment, three consecutive rows, a total of nine
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ports, were utilized. This allowed tests to be conducted with different tube

bank locations from the distributor plate. Pressure taps were provided at

10.16 cm (4-inch) vertical increments to permit measurements of bed pres-

sure at different elevations.

The test section was made of 15.24 cm (6-inch) thick refractory

material with cross-sectional dimensions of 0.30 x 0.60 m (1 x 2 ft) and

interior height of 1.20 m (4 ft). The top end of the test section flares out

to a final dimension of 0.6 x 0.6 m (2 x 2 ft). A large door (mounted on

a trolly system for easy removal and replacement) was provided to permit

access to the instruments and/or for maintenance and inspection purposes.

A drain plug at the base of the test section, just above the distributor plate,

was provided for the removal of bed media as needed. A disengaging zone

with cross-sectional area of 0.6 x 0.6 m (2 x 2 ft) at the top of the test

section prevented particles from escaping. A glass viewport was provided

at the top of the disengaging zone to allow visual observation of the top of

the bed. It was also used as a filling port for adding particles into the test

section.

Two inconel plates (commercial designation: 601), each 3.18 mm

(1/8 inch) thick, comprised the distributor. They were held together by a

bolted flange connection between the inlet plenum and the test section of the

facility. This design permitted the removal and replacement of the distrib-

utor plates with relative ease. The top plate contains 171 holes of 6.35 mm

(1/4 inch) diameter placed on 31.75 mm (1.25 inch) centers in a square

pattern. The lower plate was identical to the top plate except for having

9.53 mm (3/8 inch) diameter holes. The holes line up, one above the other,

when the plates are assembled. To prevent particles from flowing back,

when the bed was not fluidized, a stainless steel (ASTM 316) 16-mesh
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screen with 0.457 mm wire diameter was employed. The screen was laid

between the two plates.

3.1.2 Air Flow Rate Measurement

A schematic illustration of the test facility is shown in Fig. (3.1).

Briefly, air flow into the system was provided by an air blower. Two si-

lencers are in the system at the inlet and outlet of the blower, reducing the

noise level. The compressed air flow is then metered through a venturi

orifice and directed into the combustion chamber. The air flow rate and

its inlet pressure to the propane burner are controlled by adjusting the air

inlet and bypass valves. The high-temperature combustion products leaving

the combustion chamber proceed to the fluidized bed test section through the

distributor plate.

The air flow rate was measured by an ASME standard venturi me-

ter. The pressure difference between the venturi meter throat and up-

stream section was monitored by a manometer. Downstream from the me-

ter, air pressure and temperature were measured as well. Gosmeyer [106]

calibrated the meter and--by employing the venturi pressures and flowing

air temperature--developed a computer program (based on ASME standard

[16]) to compute the superficial gas velocity in the bed.

3.1.3 Fuel and Temperature Controller

Propane was supplied to the burner by a main fuel valve. A propor-

tional type controller was used to regulate the propane flow rate and pro-

vide the desired gas temperature at the combustion chamber exit. The fuel

flow rate could also be manually controlled by a bypass valve.

A digital thermometer and a type K (chromel-alumel) thermocouple

were used to measure the fluidized-bed temperature. The thermocouple
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was located centrally at 15.2 cm (6 inches) above the distributor plate and

protruded into the test section about 10.2 cm (4 inches). The bed tempera-

ture could be set on the control panel and the fuel flow rate was automati-

cally adjusted to meet the set temperature. When operating at high air ve-

locities, the fuel bypass valve was fully open to maintain the desired bed

temperature. No direct combustion occurred in the bed itself. It took place

in the refractory-lined combustion chamber and the products were then di-

rected to the test section.

In order to examine the temperature variation in the fluidized-bed

column and indicate when the bed has reached steady-state conditions, a sec-

ond thermocouple (type K) was used. It was mounted centrally at 45.7 cm

(1.5 ft) above the distributor plate and protruded 10.2 cm (4 inches) into

the fluidized-bed. Temperature readings from the two thermocouples indi-

cated that in a bubbling bed there was practically no temperature gradient

through the bed and, therefore, the bed temperature was well-defined.

Galvin [78] measured temperature distributions in the same fluidized bed for

particle sizes of 1.285 mm and 3.5 mm and bed temperatures of 533 K

(500°F), 810 K (1000°F), and 1144 K (1600°F). His results indicate the

temperature readings from two thermocouples located at 0.152 m and 0.457

m elevations to be representative of the bed temperature. He also found

that for the larger particles, the bed temperature was better defined than in

the case of the smaller ones, and measured a nearly flat temperature pro-

file over the height of the emulsion region. Finally, he found that the tem-

perature distribution in a hot fluidized bed is uniform, with the stipulation

that the area of concern is within the emulsion, and that boundary effects

were negligible.
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In contrast to a bubbling bed, a large temperature variation (roughly

200 K) exists in a packed bed. This problem was partially circumvented by

first fluidizing the bed, eliminating the temperature gradient, and then taking

data immediately after the bed was brought back to its original packed bed

state. Although this allowed a fairly uniform bed temperature, it was ques-

tionable if steady-state conditions were established under these operating

conditions. For this reason, heat transfer results obtained for a packed-bed

condition are less reliable than other experimental results.

3.1.4 Cooling System

A previous cooling system had been designed for single tube experi-

ments. Adjustments were made and new components were added to the old

system to accommodate experiments with a single tube, as well as tube ar-

rays.

Briefly, water was pumped through the coolant passages in a closed

circuit by a 2.2 kW centrifugal pump. A shell-and-tube heat exchanger--

with city water running through the tube side--was used to control the

coolant-temperature. This allowed the maintenance of the instrumented

tubes at the desired temperature.

3.2 Instrumented Tubes

Fig. (3.2) shows a schematic illustration of an instrumented tube.

All nine tubes used in the array were made of bronze (commercial designa-

tion: SAE 660) with a thermal conductivity of 86 W/mK. The outside

and inside diameters of each tube were 50.8 mm (2 inches) and 31.7 mm

(1.25 inches), respectively.
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Three tubes were instrumented by mounting seven thermopile-type

heat flux transducers side-by-side around half of each tube periphery (30°

apart). Each heat flux transducer employed in this study consisted of a

Micro-Foil Heat Flow Sensor2 (hereafter referred to as the sensor) with a

copper-constantan surface temperature thermocouple. Calibration data, for a

particular sensor, were provided by the manufacturer. An illustration of

the sensor with its dimensions is shown in Fig. (3.3).

A relatively high temperature thermal conducting epoxy3 was used for

attaching sensors to the surface. Each sensor protruded above the tube sur-

face no more than 0.080 mm. The sensors were 0.076 mm (0.003 inch)

thick, except where the lead wires exit the sensors where the thickness

was slightly greater.

Longitudinal grooves (4.8 mm wide and 7.9 mm deep) were milled in

the tube wall and the sensor lead wires were inlaid in wire channels and

were directed to the outside. Each groove was covered by a brass bar

stock, which was machined to conform to the tube contour. Two stainless

steel bands were used to secure the bar stocks in place.

To cover and protect the heat flow detectors against bed abrasion, a

0.127 mm (0.005 inch) thick and 7.62 cm (3 inch) wide stainless steel

shim, cut to appropriate length, was tightly wrapped around the periphery of

each tube where the sensors were mounted. On each tube, the shim was

clamped to the tube wall by three screws, as shown in Fig. (3.2). A high

thermal conductivity paste4 was applied under the shim stock to reduce

2Model number 20455-1, RdF Corp., Hudson, New Hampshire; maxi-
mum operating temperature is 533 K.

Omegabond 200, Omega Engineering, Inc., Stamford, CT. Service-
able up to 473 K; k = 1.5 W/mK.

4Omegatherm 201, Omega Engineering, Inc., Stamford, CT. Stable
up to 478 K; k = 2.3 W/mK.
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thermal contact resistance. This material was also applied between the

strips in the wire and in the wire channels. A description of a similar

heat transfer probe is given by George [87] and Alavizadeh [7].

The response time of the heat transfer probes was estimated by Ala-

vizadeh [7] to be 2.3 sec for the response to be within 5% of the step

change. The time constant of the sensors for 63.2% of the response was

computed by George [87] to be 0.24 sec. For the response to be within 5%

of the step change, the time constant approximately tripled (0.72 sec), which

is still less than one-third of the response time reported by Alavizadeh [7].

This difference is probably caused by the presence of thermal contact re-

sistances between both the sensor and the tube wall and the sensor and the

shim stock, which were not included in the calculation performed by George

[87]. A time constant of 0.02 seconds for a 63.2% response to a step

change in surface heat flux was given by the manufacturer for the sensor

alone.

Time constants of the sensors are not required in the data reduction.

In addition, it is obvious that the time constant is too large for the heat flux

measurements to be interpreted as instantaneous values.

3.3 Data Acquisition System

The Micro-Foil heat Flow Sensor with detector thermopiles and sur-

face temperature thermocouple, produced signals in the form of analog volt-

ages which were directly related to the local heat flux and local surface

temperature. Local heat transfer coefficients were then computed from

these values.

Equipment used for data acquisition and reduction were:

a. HP-3497A data logger (scanner)
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b. HP-85 microcomputer (controller)

c. HP-82901M dual disk drive (recorder)

The analog form data were scanned by an HP-3497A analog-to-digital volt-

meter (maximum sensitivity of 0.001 microvolt) equipped with a real-time

clock. All wires from the sensors were connected to an HP-4442A device,

a general analog measurement terminal. A built-in resistance as cold junc-

tion compensation, provided in the terminal, was used for the detector ther-

mocouples. An HP-85 microcomputer was employed as the control unit and

for the reduction of the data to a useful form. All the raw signals and re-

duced data were stored and recorded by an HP-82901M dual disk drive,

which was linked to the controller and the scanner by an HP-IB interface

connector. A quick user's manual guide for the application of the data ac-

quisition system has been written by Alavizadeh [10].

A computer program was developed for data collection and reduction.

A listing of this program is given in Appendix E. More information re-

garding data collection and reduction is given in Chapter 4.



4. EXPERIMENTS

Experiments carried out in this study are categorized into four

groups:
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1) Experiments (I), being the main focus of the present study,

were conducted to study both heat transfer to an array of hori-

zontal tubes and heat transfer performance of different tubes in

the bundle when the array was immersed in a large-particle bed

at elevated temperatures. This study involved two different

particle sizes, three different bed temperatures, and ranges of

superficial gas velocities. Effects of these variables on tube

array heat transfer behavior were thus measured. The first

and second sections of Chapter 5 are devoted to the results of

these experiments.

2) Experiments (II) were carried out for two reasons: First, to

study the effect of tube-array position in the bed (tube height

above grid), H, on heat transfer results and, second, to support

the data generated in experiments (I). Results of these experi-

ments are presented in Section 5.3 of Chapter 5.

3) Experiments (III) were to study the effect of slumped bed

height, L, on heat transfer results. Section 5.4 of Chapter 5

covers the results of these experiments.

4) Finally, experiments (IV) were carried out for a single tube to

compare with the results of tube array performance. The
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single tube case represents a reference point for studying the

effect of tube spacing on heat transfer. The results of single

tube experiments are presented and discussed for comparison

with the array heat transfer data.

Comment: A number of experiments were conducted to measure

minimum fluidization velocity for a range of bed temperatures.

Results of these experiments are presented and discussed in

Appendix A.

4.1 Test Conditions

4.1.1 Bed Material

A granular refractory material (commercial designation: Ione Grain)

with density of 2700 kg/m3 was used for the bed particles. The density of

this material is somewhat higher than limestone (2320 kg/m3), which is a

common material used in fluidized-bed combustors. The size distribution of

Ione Grain remained stable after many hours of operation. Particles with

mean diameters of 2.14 mm and 3.23 mm were fluidized at bed tempera-

tures of 810, 922, and 1005 K. The nominal particle size range for

fluidized-bed combustors is expected to be between 0.37 mm and 4.1 mm

[47].

The mean particle diameter was computed by the method suggested in

Kunii and Levenspiel [134]:

1

dP Xi
(1) dpi

( 4 . 1)

where xi is the mass fraction of particles in size interval i and dpi is

the average diameter of size interval i.
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Size distribution of the ione grain particles which were used is

summarized in Table (4.1). Chemical composition of this material, given

by the supplier,5 is also included. Also shown in this table are the thermal

properties of the particles as measured by Ghafourian [92]. Thermal con-

ductivity of bed material has been proven to play an insignificant role in

heat transfer to surfaces immersed in fluidized beds [57,210,214]. Also, no

dependence has been found on volumetric heat capacity of particles in a

large-particle bed [210].

Table (4.1) Ione grain* size distribution, ps = 2700 kg/m3.

Screen
Number

Screen
Opening
Diam.
(mm)

Fraction
( %)

Fraction
(%)

4 4.76 0.16 -
5 4.00 0.28 8.8

6 3.36 0.61 36.8

8 2.38 36.50 54.4

10 2.00 36.92

12 1.68 19.33

16 1.19 4.66

Pan 0.00 1.54

dp = 2.14 mm 3.23 mm

*Chemical composition: 53.5% silica; 43.8% alumina; 2.3% tita-
nia; & 0.4% other.

Thermal properties:
c = 0.204-0.235 cal/gram °C (853.5-983.5 Ws/kgK),
kips = 1.1-1.41 W/mK for 494-833 K, and

s = 0.855-0.874 for 375-452 K.

5North American Refractories Co.



80

4.1.2 Geometry

Two types of experimental runs were made: 1) with a staggered

tube array and 2) with a single tube. Data obtained from the single tube

experiments were compared with the results of tube bundle performance.

In the case of tube array experiments, as described in Chapter 1, an

array of nine tubes arranged in three horizontal rows was used. Tubes

were positioned in an equilateral triangular configuration with a pitch to di-

ameter ratio of 3 (15.24 cm spacing between centers). The center tube in

each of the three rows was instrumented. The instrumented tubes in the

top, middle, and bottom rows are designated as "T", "M", and "B", respec-

tively.

For experiments (I), the tube array position (the distance of the

centerline of the bottom row from the distributor plate), H, was 30.5 cm.

The packed-bed height was 71 cm. Fig. (4.1) illustrates the array geome-

try used in these experiments.

For experiments (II), H was increased from 30.5 cm to 43.7 cm and

56.9 cm, corresponding to values of L of 71 cm to 84.2 cm and 97.4 cm,

respectively. The change in H was achieved by moving the array up to the

next row in the test section. The slumped bed height was also increased

accordingly.

In experiments (III), H was fixed at 30.5 cm and L varied from 71

cm to 84.2 cm and 97.4 cm.

In the case of single tube experiments, the instrumented tube was lo-

cated where tube M was positioned in the array for experiments (I), Fig.

(4.1). In this situation, the centerline of the tube was located 43.7 cm

above the distributor plate and the packed-bed height, L, was about 71 cm.
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The test conditions set for all experiments carried out in the present

study (excluding the experiment conducted to measure Umf in terms of bed

temperature) are summarized in Table (4.2). Presented in this table are

the values of particle size (dp), bed temperature (TB), range of superficial

gas velocity (U0), slumped bed height (L), and tube bank position (H)--or

position of a single tube--used in all the experiments. Also shown are the

values of minimum fluidization velocity (Umf) and maximum spatial average

heat transfer coefficient (rimax).

4.2 Test Procedure

The major steps of the test procedure were the same for both single

tube and tube array experiments. Differences were mainly in the system

setup. In the case of tube array experiments, tubes were placed into the

test section with the arrangement shown in Fig. (4.1) mounting ports were

provided on the test section walls to hold the tubes in place. The coolant

lines were attached and the bed was filled with particles (packed bed height

and tube array position in the bed are given in Table (4.1) for each test).

The bed was then fired and its temperature was increased slowly following

the warm-up schedule given by Junge [125] (see Appendix B for more de-

tails). The instrumented tubes, with a total of 21 heat transfer detectors,

were connected to the data acquisition system. Due to the temperature limit

(475 K) for the epoxy--the material used to bond the sensors to the instru-

mented tubes--the detector temperatures, with type T thermocouples, were

monitored constantly during the runs to assure safe operation. The desired

temperature was then set by adjusting the coolant flow rate.



Table (4.2) Summary of test conditions and results.

SINGLE TUBE

TUBE ARRAY EXPERIMENTS EXPERIMENTS

Tube array position in bed (tube

to grid spacing), H (cm)

Slumped Bed Height,

L (cm)

Mean Particle Diameter,

d (mm)

Bed Temperature,

T
B

(K)

Range of Superficial

Gas Velocity,

U
0

(m/s)

Minimum Fluidization

Velocity, Umf (m/s)

30.5 43.7 56.9 30.5 43.7

71 84.2 97.4 84.2 97.4 71

2.14 3.23 2.14 3.23 2.14 3.23 2.14 2.14 3.23

810 922 1005 810 922 1005 810 922 810 922 810 922 810 810 922 810 922 810 922 810 922

1.00 1.20 1.24 1.42 1.43 1.58 1.08 1.26 1.34 1.35 1.16 1.33 1.64 1.22 1.36 1.42 1.42 1.24 1.08 1.58 1.30

to to to to to to to to to to to to to to to to to to to to to

2.80 2.96 3.50 2.76 3.20 3.48 2.70 3.02 2.72 3.10 2.62 2.88 2.66 2.76 2.92 2.67 2.90 2.80 3.12 2.76 3.13

1.60 1.65 1.60 2.20 2.25 2.30 1.55 1.60 2.25 2.25 1.60 1.60 2.20 1.65 1.65 1.67 1.65 1.55 1.60 2.20 2.25

Max. Heat Transfer Top: 177 190 191 170 172 172 181 187 151 166 172 180 142 184 192 182 193

Coefficient, Middle: 187 199 210 176 180 190 191 203 161 176 177 187 153 193 200 192 200 192 201 173 179

Rmax ("2K) Bottom: 182 194 200 174 178 183 186 204 166 171 182 192 159 180 189 179 189
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After the bed temperature approached the desired level, the bed was

fluidized to the maximum possible superficial gas velocity. While the bed

was fluidized, the temperature was adjusted, using the temperature con-

troller and fuel bypass valve until the desired temperature was reached. At

this stage, data were collected and the gas flow rate was altered to collect

the next set of data. During each test, the bed temperature was well-

defined and it did not change by more than ±10 K.

Minimum fluidizing conditions were achieved by monitoring the pres-

sure drop across the bed and by visual observation of the bed from the

viewport. A sudden change in bed pressure drop was an indication of

reaching the minimum fluidization velocity. When the bed was at or near

packed-bed conditions, a fairly large temperature gradient existed in the

bed. In order to remove this temperature variation, the bed was first fully

fluidized and then was brought back to or near the packed-bed state. By

this means, the bed remained close to isothermal (the bed temperature was

controlled within ±20 K of the set temperature). It was questionable, how-

ever, that steady-state conditions were established in the bed. Therefore,

data obtained at or near packed-bed conditions are not reliable.

All test runs were carried out following similar procedures to that

described above. For more detailed operating procedure, refer to Appendix

B.

4.3 Data Collection

Three tubes were instrumented, employing a total of 21 sensors--7

sensors were mounted side-by-side around half of each tube periphery,

spaced in angular increments of 7r/6 radians. Each sensor contained a

thermopile and a thermocouple (type T) junction. There were, therefore, a
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total of 42 voltage signals from the sensors: 21 for local heat flux and 21

for local surface temperature. All signals from the sensors were scanned

in about 4 seconds. At each gas velocity setting, the scans were repeated

25 times with the total time being approximately 103 seconds.

A computer program, COL-RED, as listed in Appendix E, was devel-

oped to collect all signals and reduce them to heat flux and surface temper-

ature values. The local heat transfer coefficient was then calculated. De-

termined from these data were the time-averaged local heat flux, surface

temperature, and heat transfer coefficient. Spatial-averaged values were

calculated from the time-averaged data.

All signals in the form of voltages and all reduced data were stored

and recorded, using the same computer program. Recorded also were bed

temperature (°F), particle size (mm), air inlet pressure (inch Hg) and

temperature (°F) downstream from the venturi meter, and pressure drop

(inch H2O) across the venturi meter. The program, if desired, printed out

the recorded data and graphs of time-averaged local heat flux, surface tem-

perature, and heat transfer coefficient vs angular position for all three

tubes.

4.4 Data Reduction

The superficial gas velocity was computed using the computer pro-

gram developed by Gosmeyer [106], using the results of the venturimeter

calibration. This program is included in the main computer program (COL-

RED) and is listed in Appendix E.

Data reduction procedures, along with the equations used to convert

raw signals (volts) to local heat flux and surface temperature are given in

Appendix C.
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Instantaneous local heat transfer coefficients were computed using the

relation

TB Two1

where index i refers to each reading.

Time-averaged local values of surface temperature, heat flux, and

the heat transfer coefficient were obtained by summing the instantaneous

readings and then dividing by the total number of samples taken (N=25) at

each gas velocity:

1
Z = Zi , (4.3)

N i=1

where Z stands for Two or qo or

(4.2)

he.

About 103 seconds of data were sampled for each condition; 42 chan-

nels (42 signals from 21 sensors) were scanned for 25 times, i.e., a total

of 1,050 samples were collected at each gas velocity. It should be noted

that in the case of single tube experiments, since only 14 channels were

used and were scanned 25 times, the total number of samples was reduced

to 350. The total time of scanning, however, was still 103 seconds. The

relatively long response time of the heat transfer probes (about 2.3 seconds

for the sensors covered with shim stock), along with the limitation on com-

puter memory, confined the number of readings to 25 samples per channel.

Increasing the sample size did not improve the repeatability of the results.

Therefore, we found that an approximately four-second time lag between

each reading on a channel, repeated 25 times, was quite sufficient for heat

transfer measurements without losing any precision.

Spatial average heat transfer coefficients were calculated using the

trapezoidal rule in the form:
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R = 1 /12[110=0o + 2120=300 + 2h0=600

+ 24.900 24=1200 2h0=1500 h0 =1800] (4.4)

A similar equation was used for evaluating spatial average surface temper-

atures, Tw.

4.4.1 Comments

George [87] calculated the viscosity and thermal conductivity of the

combustion products as given by Wilke [200]. These properties were found

to be within 4% of those of the air at the same temperature. Therefore,

air properties were used in computation of gas velocity with no real loss of

precision.

In calculating the heat flux, as discussed earlier, it was assumed that

all the heat arriving at the upper surface of the shim stock was absorbed

by the heat flow detectors. This was based on the fact that the difference

between the two values was less than 1% (see Appendix D).

The temperature of the heat flow detector was used to approximate

the local tube wall temperature. This was justified by the small tempera-

ture drop across the shim thickness, which was estimated by George [87] to

be less than 1.8 K at the worst condition.
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5. RESULTS AND DISCUSSION

Table (4.2) has highlighted some of the findings of this study. Sec-

tions 5.1 and 5.2 of this chapter are allotted to the results of experiments

(I), along with the results of single tube experiments, in the form of local

and spatial values, respectively. In each section the effects of superficial

velocity, particle size, and bed temperature on bed-to-tube heat transfer be-

havior are discussed. In addition, heat transfer behavior of different tubes

in the array is also discussed.

Results of experiments (II) for the effect of tube bank position, H,

on tube array heat transfer behavior are covered in Section 5.3. Data of

experiments (I) are used as a reference for comparison. Results, similar

to those of Sections 5.1 and 5.2 are discussed in the forms of local and

spatial average values.

In Section 5.4, results of experiments (III) for the effect of slumped

bed height, L, on tube array heat transfer behavior are discussed. Here

also data of experiments (I) are employed as reference basis for compari-

son.

An rms (root mean square, see Doblin [66], Thresher and Binder

[186], and Kline and McClintock [130]), error of about ±8 percent (see Ap-

pendix 0) was computed for the time-averaged local and spatial-averaged

heat transfer coefficients. The repeatability of the results reported here

was found to be less than 7%.
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5.1 Local Values

Figs. (5.1) through (5.6) show time-average local heat transfer coef-

ficients vs angular position for tubes T, M, and B in the array at different

bed conditions. Two particle sizes (dp = 2.14, 3.23 mm), three bed tem-

peratures (TB = 810, 922, 1005 K), and a range of superficial gas veloci-

ties were considered. The velocity range covered was from a packed con-

dition to the highest velocity possible with the air blower capacity available,

which was well above minimum fluidization. Plots of a similar nature are

shown in Figs. (5.7) and (5.8) for a single tube.

At each condition, data were collected for 10 to 15 gas velocities.

The velocities chosen are those below Umf (packed bed condition), at or

near Umf, above Umf (bubbling bed), and well above Umf (at or near slug-

ging).

The plots indicate that the local coefficients, at a particular angular

position, are influenced by particle size, gas velocity, and bed temperature.

Also, tubes at different positions in the array demonstrated rather different

heat transfer behavior. In addition, dramatic heat transfer coefficient vari-

ations were observed along each tube circumference. Finally, some differ-

ences exist between tube array and single tube heat transfer behavior.

These observations are discussed below in detail.

5.1.1 Effect of Superficial Gas Velocity

The most obvious effect of changing U0 was the very large change in

magnitude of the local heat transfer coefficient at the upper stagnation point

of each tube as the gas velocity increased. In Fig. (5.1), the value of hoz)
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Fig. (5.1) Time-averaged local heat transfer coefficient vs.
angular position for top, middle, and bottom tubes

in the array; dp = 2.14 mm, TB = 810 K.
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Fig. (5.2) Time-averaged local heat transfer coefficient vs.
angular position for top, middle, and bottom tubes

in the array; dp = 2.14 mm, TB = 922 K.
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Fig. (5.3) Time-averaged local heat transfer coefficient vs.
angular position for top, middle, and bottom tubes

in the array dp = 2.14 mm, TB = 1005 K.
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on the top of tube M increased from 6 to 185 W/m2K when the gas veloc-

ity increased from 1.3 to 2.43 m/s. Similar trends were also displayed

by tubes T and B and by a single tube at different bed conditions. This

behavior is known to be related to the formation of a relatively cool stag-

nant cap of particles which remains on the top of the tubes at low gas ve-

locities. At higher velocities, however, the stack was removed. Available

information in the literature (Glass and Harrison [93], Kulkarni [133], and

Lese and Kermode [139] for fine particle beds and George [87], Lowe et al.

[142], Catipovic [47], and Alavizadeh [7] for small and large particle beds)

confirm this observation.

For large particles, the stack became mobile at smaller values of

Uo/Umf when the results of this study were compared with the data of

Alavizadeh et al. [8] for small particles, dp= 0.5 mm. Catipovic [47] mea-

sured local heat transfer coefficients for a range of particle sizes (dp=

0.37 to 6.0 mm) in a 2-D bed at low temperature. He found that when

large particles were fluidized, the stack became mobile at values of

Uo/Umf only slightly in excess of 1, while this value almost doubled with

dp = 0.37 mm. Stringer [181] reported a large amount of corrosion of the

top of actual fluid-bed combustor tubes under conditions of low gas veloci-

ties. This can be attributed to an immobile lee stack and its low heat

transfer coefficient. The low coefficient causes local overheating and a

consequent sulfur attack on the tube material.

When the results of single tubes and tube arrays were compared, it

was observed that the stack had the tendency to be present at higher gas

velocities in the latter case--especially for smaller particles. This is be-

lieved due to the greater restriction on particle movement for an array of

horizontal tubes than for a single tube.
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Bed temperature has, apparently, a very small effect on the mobility

of the stack in large particle beds. For all bed temperatures considered

here, the cap became mobile at a value of Uo/Umf slightly greater than 1.

Results of Catipovic [47] showed similar behavior but for low bed tempera-

tures.

For both a single tube and tubes in an array, there was a significant

variation in the values of he around the circumference of the tubes at low

gas flow rates. With an increase in gas velocity, the distribution tended to

become relatively uniform. This was more noticeable with dp = 2.14 mm.

For example, in Fig. (5.1) the differences between individual coefficients

around the tube surface was rather insignificant for velocities greater than

1.9 m/s. This behavior is consistent with the results of George [87],

Catipovic [47], and Alavizadeh [7].

Data of various investigations indicate that, in general, local coeffi-

cients are much more affected by velocity changes when small particles

(d < 1 mm) are fluidized. Therefore, larger particle diameters and also

higher gas velocities result in a smaller variation of he around the surface

of tubes and should be favored from the standpoint of thermal stresses in

tubes.

At the lower stagnation point (0 = 00), the local heat transfer coef-

ficient varied with gas velocity in an irregular manner, particularly for

packed bed conditions. This behavior in large particle beds has also been

observed by Catipovic et al. [49] for low bed temperatures and by Alav-

izadeh [7] and George [87] at high bed temperatures. Also, a similar obser-

vation was made by Chandran et al. [51] in a bed of small particles (d.p =

0.61 mm) at low temperature. In a bubbling bed, however, the coefficients

at 0 = 0° were nearly constant for all values of U0. This was probably
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due to the presence of a void, i.e., an air cushion at this location. The

very low emulsion contact fraction (1 - fp), on the order of 0.17 to 0.07,

and the short residence time at the 0° position, measured by Catipovic [47]

for large particles, confirm this observation. Cherrington et al. [56] also

concluded that stagnation point heat transfer is unaffected by Up. In addi-

tion, only slight changes in the value of he at the lower stagnation point

were observed for different particle sizes and bed temperatures; thus indi-

cating the presence of the void. For this reason, the bottom of the tubes

experienced less change in heat transfer than any other location for the

range of gas velocities considered. In some cases (for example, Figs. 5.4

and 5.7) it appears that the air cushion extended as far as the 30°-60° lo-

cation. With an increase in velocity, particles likely penetrated the cushion

more and made direct contact with the heat transfer surface.

For the range of gas velocity considered, tube T in most cases expe-

rienced a greater variation in local coefficients than tubes M and B, exclud-

ing the variation at the 180° position. This was more noticeable for the

lower part of the tubes, especially at the 0° position.

At relatively high gas velocities, the distribution of the local coeffi-

cients along the circumference of tube T was generally more uniform than

for tubes M and B. At times the variation was even less than 10 percent.

For example, see Fig. (5.2), U0 = 2.96 m/s.

The maximum local heat transfer coefficient, hOmax, generally oc-

curred at the lower stagnation point when the bed was packed. As the gas

velocity was increased and reached or slightly exceeded Umf, hOmax

shifted to a lateral position on the tubes where more dynamic flow condi-

tions were present. Similar observations have been made by other investi-

gators [7,26,47,84,87]. With further increase in gas velocity, the bed condi-
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tion becoming one of intense bubbling, the location of hOmax shifted to the

upper portion of the tubes, around the 1200-135° position, and, on rare oc-

casions, at 150°. This is thought to be due to the increase in porosity in

the equitorial lateral zones [176] and the disturbance of the high particle

density region on the upper half of the tubes by rising bubbles [23]. Fi-

nally, when the gas flow rate was further increased to the level where the

bed became highly agitated, hemax shifted to a region close to the upper

stagnation point. It even occurred in a few cases at the 180° position for

smaller particles (Fig. (5.1) and (5.2)). Similar behavior is expected to

occur for larger particles (dp = 3.23 mm) with sufficiently high gas flow

rates. Due to test facility limitations, this condition could not be achieved.

The largest value of hOmax occurred at moderate gas velocities, in

the vicinity of the 120° position, for all cases tested. An exception was

for dp = 3.23 mm and TB = 810 K (Figs. (5.4) and (5.7)) in which values

of h®max were observed to increase steadily with increasing gas velocities

for both single tubes and array conditions.

At a particular bed condition, tubes T, M, and B in the array, as well

as a single tube, behaved in almost the same manner with respect to the

maximum local heat transfer coefficient, both qualitatively and quantitatively.

For dp = 2.14 mm and TB = 810 K, variations of the local heat

transfer coefficient with gas velocity are shown in Figs. (5.9) through

(5.11) for tubes T, M, and B, respectively. The values of he at seven an-

gular positions, from 0° to 180° with 30° increments, are all included in

these figures. Values of the spatial-averaged heat transfer coefficients, h,

are also shown. The data suggests that thermal stresses would, in general,

be greatest at or near Umf.



250

200

50

102

dp = 2.I4mm
Ts= 810K

A

V

0 1

1.0 1.4

0

TUBE T

AVERAGE

nn

SYMBOL 8 (DEGREE).

A 0

O 30

60
90
120

v GAS FLOW
150

180

I I I i I

1.8 2.2 2.6 3.0
U0 ( m/s)

Fig. (5.9) Time-averaged local heat transfer coefficient vs.
superficial gas velocity on the top tube in the array.



250

200

103

-1_____1
dp= 2.14mm
TB: 810 K

A

50

1

1.0

V
V

1

1.4

V

TUBE M

AVERAGE\ A ...
a

0 0 ; 0

8 0 0

0 0 0 0 o
A A p 0

A A -
A

Qe
I

GAS FLOW

SYMBOL

A

0

0

0

V

8(DEGREE)

0

30

60

90

120

150

180

..I1

...1

1.8 2.2 2.6 3.0
Uo (m /s)

Fig. (5.10) Time-averaged local heat transfer coefficient vs.
superficial gas velocity on the middle tube in the array.



250

200

2 150

E

104

x100-

dp= 2.14mm
TB= 810 K

A

0

8

50 v

o t I

TUBE B

AVERAGEII N

D
0 0 0 0

0 A A A AO
A

0
0 30

60
90

t 120
GAS FLOW v 150

180III1 I 1 I

SYMBOL 9(DEGREE)

1.0 1.4 1.8 2.2 2.6
Uo ( m/s)

Fig. (5.11) Time-averaged local heat transfer coefficient vs.
superficial gas velocity on the bottom tube in the array.

3.0



105

5.1.2 Effect of Particle Diameter

Values of local heat transfer coefficients, at a particular angular po-

sition, varied moderately with particle size for a given bed temperature, see

for example Figs. (5.1) and (5.4). When, at a particular bed temperature,

the results of this study were compared with values of local coefficients

obtained by Alavizadeh et al. [8] for particle sizes of 0.5 and 1.0 mm, the

effect of d was striking. A bed of smaller particles was more sensitive

to velocity changes than one containing larger particles, except for the 180°

position. Also, the local coefficients at 0 = 0° were unaffected by particle

size for a bubbling bed. This was an indication of low particle concentra-

tions at that location, as was discussed earlier. Finally, higher rates of

heat transfer were obtained in a bed of smaller particles. This behavior is

consistent with the hydrodynamic information available in the literature

(Botterill [37], Zabrodsky [207], Gelperin and Ainstein [84]).

5.1.3 Tube Array Heat Transfer Performance

This subject has already been covered in part in previous sections, in

which the effects of U0 and dp were considered. Here, some of the dif-

ferences in heat transfer performance between tubes in an array are high-

lighted. Figs. (5.12) through (5.17) show local heat transfer coefficients

for tubes B, M, and T in the array for four different gas velocities at

different bed conditions. The velocities chosen are those which represent

the bed at different stages: packed (U0 < Umf), incipiently fluidized (U0

at or near Umf), bubbling (U0 > Umf), and at or near slugging (U0 >>

Umf).
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The most obvious trend is the fairly large difference between the

values of he for the three tubes at packed bed conditions, particularly at

lower bed temperatures. With few exceptions, the differences were higher

at O = 0° and lower at 0 = 180°. Although this behavior was not consis-

tent for all bed conditions tested, it was, nevertheless, an indication of dis-

similarity of h0 variation for the three tubes. At this stage, local values

were, in general, lowest and highest for tube T and tube B, respectively.

This is due to the relative distance of the tubes from the distributor plate

when a temperature gradient exists in the bed. Tubes closer to the distrib-

utor plate were subject to higher temperatures.

At velocities well above Umf, the differences in local values at a

particular position for the three tubes did not exceed 10 percent. The vari-

ation in local values along the surface of the tubes was highest at or near

Umf and lowest at high gas velocities. Except at velocities near Umf, tube

T, in general, experienced less variation in h0 than tubes M and B. In gen-

eral, tube T displayed lower heat transfer rates than tubes M and B.

5.2 Spatial Average Values

As mentioned in Section 4.4, spatial average heat transfer coeffi-

cients, E, were calculated from the local values using Equation (4.3). Figs.

(5.18) through (5.23) shoW these values in terms of gas velocity for the

three tubes in the array and for a single tube at different bed conditions.

Spatial-average tube surface temperature (iv,r) is shown in Fig. (5.24) for

tube M. It should be noted that, at a particular bed condition, values of rlw

for tube T, M, and B were within a few degrees of each other in a bub-

bling bed. In the following subsections, the effects of gas velocity, particle

size, and bed temperature on heat transfer results are discussed.
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5.2.1 Effect of Superficial Gas Velocity

The most influence on h values is the significant increase in the

magnitude of the coefficients as the gas velocity was raised above Umf.

This is primarily due to an increase in the particle convective component of

heat transfer as a result of bubble-induced particle motion (cold particles

near the surface of the tubes are replaced with hot particles from the flu-

idized bed core). The increase in h. relative to iimf is sharper and more

pronounced for smaller particles than for larger particles. Also, for the

latter case, the corresponding rise occurs in a wider range of gas velocity.

As the gas velocity was increased above Umf, the spatial-average

heat transfer coefficient increased, reaching a maximum value. In the case

of smaller particles, h tended to decrease smoothly beyond the maximum

with a further increase in gas velocity, particularly at the highest bed tem-

perature (TB = 1005 K). This behavior was exhibited for both the case of

tubes in an array and for a single tube. For larger particles, h approached

an asymptotic limit, except for the TB = 1005 K case. This behavior is

attributed to the increase in bed voidage, greater bubble frequency, and

higher bubble contact fraction as the gas velocity increases. Catipovic [47]

measured bubble contract fraction in a 2-D bed at near room temperature.

His results indicated that the values of f0 increased from 0.41 to 0.49 and

from 0.48 to 0.54 with values of Uo/Umf from 1.5 to 3.0 for particle sizes

of 1.3 mm and 4.0 mm, respectively. Similar observations regarding the

behavior of h with U0 have been reported by many other investigators, such

as Denloye and Botterill [64], dp = 0.37 to 1.02 mm; George and Grace [91]

for small particles, all at low bed temperatures; Grewal and Hajicek [111]
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for large particles, TB = 1043 to 1179 K; and Kharechenko and Makhorin

[127] for hot bed studies, dp = 0.34 to 1.66 mm, TB = 573 to 1173 K.

5.2.2 Effect of Particle Diameter

The effect of particle size on }I was discussed in the previous sec-

tion where the effect of gas velocity on average coefficients was consid-

ered. Values of Fimax were always greater for smaller particles than for

larger particles at the same bed temperature, Figs. (5.25) and (5.26), how-

ever, the differences were rather small--for tube M, less than 6 percent,

10 percent, and 10 percent at bed temperatures of 810 K, 922 K, and 1005

K, respectively. Similarly, for single tubes the differences were on the

order of 10 percent and 11 percent at bed temperatures of 810 K and 922 K,

respectively.

Fig. (5.27) shows maximum spatial-averaged heat transfer coeffi-

cients versus particle diameter. Included in this figure are data of Alav-

izadeh et al. [8] for a range of particle sizes of 0.5 mm to 3.23 mm. For

this range, the figure clearly shows Emax to have decreased with an in-

crease in particle size. This decrease was steeper for smaller particles.

For larger particles, the decrease was more gradual. Further increase in

dp may result in augmentation of the total heat transfer rate and Fimax,

after reaching a minimum value, starts increasing with dp (Baskakov et al.

[22], Gelperin and Ainstein [84]). The minimum point on these curves oc-

curs, according to various investigations, somewhere in the neighborhood of

2 mm particle diameter depending on many factors such as tube size, tube

orientation, bed geometry, and operating conditions. Results of cold bed heat

transfer studies by Catipovic [47] and Maskaev and Baskakov [146] for
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particles ranging from 0.37 to 6.6 mm and 2.00 to 9.53 mm, respectively,

confirm this behavior.

The relationship between Emax and dp can be explained as follows.

As was discussed in the introductory chapter, the total bed-to-surface heat

transfer is due to the combined effect of three components, namely particle

convection, gas convection, and radiation, Equation (1.1). Particle convection

takes place between the particles and the surface through a thin gas layer.

Gas convection is governed by the interstitial gas velocity through the voids

between the particles near the surface. Interstitial gas velocity varies with

U0 and therefore, gas convection is expected to increase with particle

Reynolds number, Rep = Uodpivf . As particle size is increased, the

particle convective component decreases due to a thicker gas layer in the

vicinity of the tube surface. Particle replacement rate, i.e., particle resi-

dence time, decreases with dp causing greater particle convection. The

thermal time constant of the particles increases with dp, resulting in re-

duction of particle convection. If the particle is sufficiently large that its

thermal time constant is greater than its residence time, the temperature of

the particle remains essentially unchanged while contacting the surface. In

such a case particle convection will be no longer influenced by particle re-

newal rate. In contrast, the gas convection increases due to a larger

Reynolds number. In general, higher values of Umf and a larger value of

Reynolds number for large particles provide conditions for a substantial gas

convection due to eddies in the larger voids between the particles in the

vicinity of the surface. Finally, if sufficiently large particles are used, the

gas convection contribution becomes dominant and Emax will increase with

particle size.
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Radiative heat transfer coefficients increase with particle size

[7,191,194]. This is due to a lesser temperature drop for larger particles

when they come into contact with the immersed surface in a bubbling bed

and thus constitute a higher average temperature for the same residence

time. According to Alavizadeh [7], the increase in hrB was approximately

33 percent for an increase in particle size from 0.52 mm to 3.23 mm at

812 K bed temperature. However, the effect of particle diameter on radia-

tion contribution was rather small. Values increased from 4 percent to 9

percent for the same particle size increase, from 0.52 mm to 3.23 mm, at

the same bed temperature, 812 K. Decrease in total heat transfer rate and

increase in radiation with an increase in particle size results in higher ra-

diative contribution when the particle convection is dominant.

5.2.3 Effect of Bed Temperature

Spatial-average heat transfer coefficients reached highest maximum

values for the higher bed temperature tested in this study, Figs. (5.25) and

(5.26). For example, for tube M, cimax increased from 187 to 210

W/m2K, a 12 percent increase, for dp = 3.23 mm when the bed tempera-

ture was raised from 810 to 1005 K.

An increase in bed temperature results in an increase in radiant heat

transfer between the bed and the tube. For tube array conditions, a 55% in-

crease in the value of Erg was reported by Lei [137] for a temperature

change from 812 K to 1000 K with dp = 2.14 mm. In the case of single

tubes, Alavizadeh [7] reported that for a bed temperature rise from 812 to

1050 K, the value of hrB increased by 90 percent and 83 percent for parti-

cle sizes of 2.14 mm and 3.23 mm, respectively. Bed temperature thus

plays a larger role in radiation heat transfer than particle size. For identi-
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cal bed conditions, Alavizadeh [7] observed that the radiation contribution in-

creased from 8 percent to 13 percent and from 9 percent to 15 percent of

the maximum total heat transfer coefficient. In addition, the convective

component of heat transfer increased by 13 percent and 4 percent for

smaller (dp = 2.14 mm) and larger (dp = 3.23 mm) particle sizes, re-

spectively. The latter suggests that the increase in hmax with bed temper-

ature cannot be solely explained by increased radiation. Thermophysical

property variation of the gas and solid materials with bed temperature in-

fluence the convective component. For instance, an increase in TB in-

creases the thermal conductivity of the gas and thus, particle convection in-

creases. Thus, when particle convection is dominant, and knowing that ra-

diation does not change much with dp, an increase in bed temperature shifts

the minimum in max toward a larger value of particle size in 171-dp

curve, Fig. (5.27). The effects of thermal properties of gas and solid

materials on heat transfer rates have been studied by Golan et al. [103]. It

should be noted that, depending on the relative importance of particle con-

vection or gas convection, bed temperature may have an opposite effect on

convective heat transfer. This effect is predicted by the model proposed by

Glicksman and Decker [97] for the heat transfer coefficient for large par-

ticles, Equations (1.5) and (1.6). The first term in Equation (1.5) is the

conduction (or particle convection) term and the second term expresses gas

convection, lateral mixing. Assuming a gas with Pr near unity, then--as

was discussed in the introductory chapter--at low Re, h is proportional to

gas conductivity and therefore it should rise with bed temperature. For

very high Re, the lateral mixing term is dominant and h is proportional to

gas density and is independent of gas thermal conductivity and particle diam-

eter. Thus, for this case, it will decrease with gas temperature. At some
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intermediate values of Re, h is roughly independent of gas temperature.

The effect of particle size on h can also be deduced from this relation.

5.2.4 Tube Array and Single Tube Heat Transfer Performance

Tubes in the bottom, top, and interior rows exhibited different heat

transfer behavior. In a bubbling bed, tube M, in general, exhibited higher

values of 171 where values for tube B were next highest. The differences,

however, were not significant; the largest difference in h was about 13

percent between tube M and tube T at TB = 1005 K, dp = 2.14 mm, and U0

= 2.13 m/s (Fig. (5.20)). In a few cases (Figs. (5.19) and (5.22)) the

three tubes performed rather similarly with only slight differences in the

value of h - -the percentage difference was within the experimental error.

These small differences are probably due to the complex trajectories and

breakup of bubbles within the tube bundle.

Similar observations, regarding tube heat transfer in different rows

in a bundle, were made by other investigators. Chandran et al. [51] con-

ducted experiments for a 10-row horizontal tube bundle (DT = 31.75 mm) in

a small particle bed (dp = 0.65 mm). They observed small differences in

heat transfer coefficient for tubes at different locations within the bundle.

Their results indicated a somewhat higher heat transfer coefficient for a

tube interior to the bundle than for one in the bottom row of the bundle.

In an experiment carried out by George and Grace' [90], a 4-row

horizontal staggered array (DT = 25.4 mm) was employed. The horizontal

pitch-to-diameter ratios were 3.75 and 2.75; the vertical pitch to diameter

ratio was fixed at 3. The tube-to-grid spacing was also fixed at 0.76 m.

Silica sand particles with mean diameters of 0.102 mm, 0.47 mm, and 0.89

mm were used. They reported that in the case of the smallest particles,
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higher heat transfer was obtained for tubes in the second row than the

first, but the difference was less than 10 percent. The third row, on the

other hand, gave somewhat lower heat transfer coefficients. For 0.47 mm

sand, the highest heat transfer coefficients were found in the first row.

Finally, for the largest particle size there was very little effect of tube

position on the measured heat transfer coefficients. Canada and Staub [45]

also reported a maximum variation of about 10 percent for tube heat trans-

fer at different rows in a bundle. Other experimental investigations

[101,151,157] have found no significant variation in bed-to-tube heat transfer

between tubes at different rows in a bundle.

While no suitable data are available, it is plausible to assume that

tubes at different locations in an array behave in different manners with

respect to radiant heat transfer. It is expected that in a bubbling bed, the

radiation component will be less for tube M than for tubes B and T. Due to

intense bubbling, the interior tube may "see" the relatively cool neighboring

tubes, as well as the high temperature emulsion. Also, tube T could possi-

bly "see" relatively cooler particles due to radiant heat loss of the particles

at the interface of the particle plane and the freeboard to the walls of the

bed. This loss may be insignificant if the level of particles above the tube

bundle is reasonably high. Results from experiments (III), Table (4.2),

concerning the effect of slumped bed height, L, on heat transfer rates, to

be discussed in Section 5.4, display higher values of fi for tube T when L

was increased from 71 cm to 84.2 cm for the same tube-bank location.

Tube B being closer to the distributor plate and in the zone of higher gas

temperature, it is probably subject to higher radiation heat transfer than the

other tubes. This is not a firm conclusion due to the lack of bed hydrody-

namic knowledge when an array is present.
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In the case of a packed bed, tube B exhibited the highest value for ii,

with tube M values being next highest in all bed conditions. The value of Fi

remained lowest for tube T at all gas velocities. The only exception was

for dp = 2.14 mm and TB = 810 K (Fig. 5.18), where at high gas veloci-

ties, tube B displayed the lowest heat transfer coefficients. In the packed

bed conditions, tubes closer to the distributor plate are exposed to higher

gas and particle temperatures and, therefore, showed higher heat transfer

coefficients.

In comparing the relative behavior of single tubes and tube arrays,

single tubes have shown, in general, slightly higher heat transfer coeffi-

cients than tubes in arrays at the same bed conditions [47,139,175]. Contra-

dicting behavior has been reported by some investigators [51,90,157].

Cold bed studies of Catipovic [47], Lese and Kermode [139], and Sax-

ena and Grewal [175] indicated that, in most cases tested, a tube array, at

least for tubes internal to the array, exhibit lower values of the heat trans-

fer coefficient than for a single tube. This is due to higher bubble contact

fraction and particle residence time for an array compared to a single tube

(see Catipovic [47]). In the case of hot beds, where radiant heat transfer

becomes important, the radiation component is higher for a single tube than

tube arrays at the same bed conditions [137]. It is therefore expected that

the difference in fi between single tubes and tube arrays will be even

larger. Results of this study do not follow such a trend for all bed condi-

tions tested, indicating that there are other factors beside the radiation com-

ponent which influence the difference in h, namely the convective compo-

nent. For smaller particles and bed temperatures of 810 and 922 K (Figs.

(5.18) and (5.19)), the single tube exhibited higher values for h than tubes

in an array at all gas velocities. These differences were minimal when
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compared with tube M, particularly in the fluidized state. For larger parti-

cles (Figs. (5.21) and (5.22)) the values of h for a single tube and tube M

were within a few percent of each other when the bed was fluidized. For

all bed conditions, the discrepancies in heat transfer coefficients between a

single tube and tubes in an array were generally greatest at or near Umf

and least at high gas velocities. This is probably due to differences in

particle residence time, being shorter for single tube, at low gas velocities.

This difference reduced with increase in gas velocity and/or particle size

(see for example Catipovic [47]). For a qualitative comparison, data pre-

sented for a single tube in Figs. (5.20) and (5.23) are those of Alavizadeh

et al. [8,9], obtained at the same fluid bed at 1050 K.

The above comparisons between single tubes and tube array heat

transfer results suggest that in the case of bubbling beds, single tube stud-

ies are useful for predicting heat transfer, both qualitatively and quantita-

tively, in staggered-tube bundles with a pitch-to-diameter

greater. Similar conclusions have been reached by other

[29,47] for a pitch-to-diameter ratio of 2 or greater.

ratio of 3 or

investigations

5.3 Effect of Tube Array Position, H, on Heat Transfer Coefficient

As was mentioned in the introductory chapter, the presence of a tube

bank and its position in a fluidized bed can significantly alter the flow be-

havior which ultimately influences the heat transfer coefficient. For exam-

ple, with horizontal tubes, bubble distribution in the bed improved and bed

slugging was reduced [157,159].

The heat transfer coefficient may have different values in different

zones along the height of a fluidized bed [127,154]. In a bed of small parti-

cles at high temperature, Kharchenko and Makhorin [127] moved a spherical
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probe along the axis of the fluidized bed from 30 mm to 350 mm from the

grid. The height of the unexpanded bed was 100 mm. They observed that

the heat transfer coefficient in the zone immediately above the grid and in

the upper part of the bed was lower than in the main operating zone in the

middle of the bed due to poor circulating of particles. The difference be-

tween the maximum and minimum values of the heat transfer coefficients at

different zones of the bed did not exceed 10 percent. A similar observation

was made by Miller and Zakkay [154] in a bed of large particles. Leon et

al. [138] reported that a tube located higher in the bed had a significantly

higher heat transfer coefficient than one near the bottom. Ho et al. [120]

studied the heat transfer characteristics of grid zone in a fluidized bed of

small particles (max. dp = 0.92 mm) at room temperature. They concluded

that the characteristics of heat transfer in the grid zone were significantly

different from those in the bubbling zone.

Bearing this in mind, the natural question which arises concerning the

design of a tube bundle in conjunction with a fluidized bed is the location of

the optimum position. To address this question a number of tests were

conducted similar to that of experiments (I), with the same array configu-

ration but different positions. Array positions were established by moving

the bundle in experiments (I) one row up (H = 43.7 cm). After a series of

tests the array was moved up again (H = 56.9 cm). The slumped bed

height, L, was also increased accordingly to cover the top row in the array.

Test conditions and some of the findings of these experiments are given in

Table (4.2) under experiments (II). Results from experiments (I) were

used as reference.

Similar to the previous section, results are discussed in the form of

local values and spatial-averaged values. Most of the observations made
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regarding the effect of different parameters, such as U0, dp and TB on

heat transfer coefficients of experiments (I) are basically valid for the

data obtained from experiments (II).

5.3.1 Local Values

Figs. (5.28) through (5.31) and (5.32) through (5.34) show local val-

ues of heat transfer coefficients at different bed conditions for H = 43.7

cm and H = 56.9 cm, respectively. At the lowest tube to grid spacing (H =

30.5 cm), there were cases at low velocities which the value of ho on top

of tube T was smaller than for tubes M and B. This is an indication that

the lee stack for tube T is more stable than for the other tubes at that low

velocity, e.g., see Figs. (5.1), (5.2), and (5.3) at velocities of 1.66 m/s,

1.65 m/s, and 1.73 m/s, respectively. When the tube to grid spacing, H,

was increased, such a behavior no longer occurred. Tube T experienced the

highest variation for he at the lower stagnation point (0 = 0°), compared

to the other tubes for H = 30.5 cm. This variation decreased when H was

increased.

Tube array location, H, had a moderate effect on the value of the

largest maximum local heat transfer coefficient, hOmax, at different bed

conditions. Its effect was more pronounced with larger particles. In addi-

tion, tubes at different locations in the array behaved differently regarding

the influence of H on hOmax For the larger particle size (dp = 3.23

mm), the value of hOmax decreased when H was increased. This reduc-

tion was highest for tube T and lowest for tube B. For example, at TB =

810 K and dp = 3.23 mm, hOmax decreased from 188 to 166 and 157

W/m2K for tube T and from 204 to 200 and 188 W/m2K for tube B

when H was raised from 30.5 to 43.7 and 56.9 cm, respectively. In the
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Fig. (5.32) Time-averaged local heat transfer coefficient vs.
angular position for top, middle, and bottom tubes in
the array; H = 56.9 cm, dp = 2.14 mm, TB = 810 K.
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case of smaller particles (dp = 2.14 mm) and for the same change in H, a

different behavior was observed. At TB = 810 K, hOmax changed from 207

to 204 and 191 W/m21( for tube T and from 214 to 226 and 203 W/m2K

for tube M. Tube B showed no change.

For a higher bed temperature (TB = 922 K) an increase in H was

accompanied by a somewhat similar effect on hOmax to that of a lower

bed temperature (TB = 810 K). For larger particles, hOmax decreased

from 196 to 179 W/m2K for tube T and from 203 to 199 W/m2K for

tube M and finally from 217 to 207 W/m2K for tube B when H increased

from 30.5 cm to 43.7 cm. In the case of smaller particles, hOmax changed

from 220 to 212 and 197 W/m2K for tube T and from 224 to 233 and 212

W/m21( for Tube M and finally from 232 to 234 and 229 W/m2K for

tube B for the same variation in H from lowest to the highest, respectively.

It seems that there is no simple explanation for the observations

mentioned above. The reason for all these should certainly be sought in the

flow behavior in the bed with the presence of the array and the impact the

array location may have on it.

5.3.2 Averaged Values

Figs. (5.35) through (5.38) and (5.39) through (5.41) show spatial-

averaged heat transfer coefficients versus gas velocity for the array at dif-

ferent bed conditions for H = 43.7 cm and 56.9 cm, respectively. Single

tube data are also included in these figures for a direct comparison with

tube arrays. In addition, Figs. (5.42) through (5.45) are provided to show

the effect of H on h for three tube locations in the array at different bed

conditions.
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Fig. (5.37) Spatial-averaged heat transfer coefficient vs. superficial gas velocity
for the top, middle, and bottom tubes in the array and for the

single tube; H = 43.7 cm, dp = 3.23 mm, TB = 810 K.
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Fig. (5.41) Spatial-averaged heat transfer coefficient vs. superficial gas velocity
for the top, middle, and bottom tubes in the array and for the

single tube; H = 56.9 cm, dp = 3.23 mm, TB = 810 K.
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As discussed in Section 5.2, in a bubbling bed tube M displayed higher

values for h than tubes B and T with the array positioned at H = 30.5 cm,

particularly for smaller particle sizes. For the array positioned at H =

43.7 cm, this behavior remained the same for all bed conditions, except for

dp = 3.23 mm at TB = 810 K (Fig. (5.37)), where the trend reversed be-

tween tube M and tube B. The largest value of hmax was also displayed

by tube B. When H was increased to 56.9 cm, for the bed conditions con-

sidered, higher values in h were observed for tube B than for tubes M and

T.

The array heat transfer behavior mentioned above is valid specifi-

cally for a bubbling bed. At packed bed conditions higher values of heat

transfer coefficient were generally shown for tube B than for tubes M and

T; tube T experienced the lowest values of h. Thus, it can be concluded

that tube T experienced the lowest heat transfer at all tube-to-grid spacings.

The effect of array position, H, on tube heat transfer behavior was

different for each particle size. For smaller particles (Figs. (5.42) and

(5.43)), as H raised from 30.5 cm to 43.7 cm, the heat transfer coeffi-

cients for the three tubes increased slightly at fluidizing conditions. A few

exceptions were observed at high gas velocities where h remained relatively

unchanged when H was raised to 43.7 cm; see Fig. (5.42) for tubes T and

M. The maximum heat transfer coefficient for each tube was also achieved

at this tube bank position (H = 43.7 cm), except for tube T at TB = 922 K

(Fig. (5.43)), where the highest value in h occurred at H = 30.5 cm. Val-

ues of h dropped rather significantly when tube to grid spacing increased to

56.9 cm, the reduction in Fi was minimum for tube B.

In the case of larger particles (dp = 3.23 mm), Fi decreased with

increasing H for each of the three tubes in the array. The reduction of
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with H was more pronounced at lower bed temperature (TB = 810 K), par-

ticularly for tube T (Fig. (5.44)). For example, Fimax dropped from 170

to 151 and 142 W/m2.1( for tube T and from 176 to 161 and 153 W/m2.K

for tube M and, finally, from 174 to 166 and 159 W/m2K for tube B when

H was raised from 30.5 cm to 43.7 cm and 56.9 cm, respectively. At TB =

922 K, for an increase in H from 30.5 cm to 43.7 cm, the value of rimax

decreased from 172 to 166 W/m2K and from 180 to 176 W/m2K and, fi-

nally, from 178 to 171 W/m2K for tubes T, M, and B, respectively.

The above discussion suggests that in the case of smaller particles,

higher rates of heat transfer can be achieved when the array is positioned

at H = 43.7 cm, whereas for larger particles the array achieves higher

rates of heat transfer when it is located closer to the grid (H = 30.5 cm).

The worst condition will occur when the bundle is at its highest position (H

= 56.9 cm) in the bed for both particle sizes. The change in hmax with H

is less than 20 percent in all cases, and generally is much less than that.

In a similar investigation regarding the effect of H on h, McLaren

and Williams [151] conducted an experiment in a 0.9 m square cross-sec-

tional bed. Small particles at low temperatures were fluidized. Their ar-

ray consisted of two rows of 35 mm tubes in a triangular configuration and

with a pitch-to-diameter ratio of 4. The tube-to-grid spacing, H, was var-

ied from 5 cm to 60 cm. They found that when the bundle was raised

from near to the bottom to the upper half of the bed, the bed-to-tube heat

transfer coefficient was increased by about 20 percent.

Golan et al. [102] found that H had no effect on the heat transfer co-

efficient when the array (equilateral triangular, P/DT = 2, DT = 10 cm)

was moved from 25 cm to 45 cm from the grid in a bed of large particles

(d = 2 mm) at low temperatures.
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From the above observations, one may conclude that the effect of H

on heat transfer coefficient does not follow a general pattern. This is

likely due to the involvement of different parameters, bed geometry, grid

design, array configuration, etc., in each experimental investigation. How-

ever, it is certain that, in a fluidized bed, for achieving higher rates of

heat transfer, the array should be positioned in zones where the greatest

particle activity will exist. Such locations are apparently neither too close

nor too far from the grid, i.e., basically in the middle of the bed. Such a

progression in values of the heat transfer coefficient has been observed by

other investigations [127,154] in an open bed. The decrease in heat transfer

coefficient near the top of a bed is thought to be related either to a de-

crease in solids activity or an increase in bubble volume fraction at that

zone [184].

5.4 Effect of Static Bed Height, L, on Heat Transfer Coefficient

Static bed height has been shown to have some influence on bubble

size and bubble frequency in an open bed. Generally, the bubble diameter

increases and bubble frequency decreases with an increase in bed height

[11,60]. Despite the change in flow behavior with L, the heat transfer co-

efficient has been observed by various investigations to be unaffected by the

change in bed height as long as the heat transfer probes are fully immersed

in the bed. Thus, for design purposes, it is important to determine an ac-

ceptable bed height where the heat transfer coefficient is not altered sig-

nificantly and yet pumping costs are low due to lower bed pressure drop.

To provide some insight into this problem, experiments were conducted to

evaluate the influence of static bed height on tube array heat transfer be-

havior.
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A number of tests similar to those of experiments (I), with the same

tube array configuration but different bed heights, were conducted. Test

conditions and some of the results of these experiments are presented in

Table (4.2) under experiments (III). The static bed heights reported (L =

84.2 cm and 97.4 cm) are nominal heights only since a portion of the bed

volume was occupied by the tubes. Data from experiments (I) are used as

a reference.

Effects of various parameters such as gas velocity, particle size, and

bed temperature on the heat transfer coefficients obtained in experiments

(III) are similar to those of experiments (I) discussed earlier and therefore

are not repeated here. Differences due to the influence of bed height are

mostly reflected in averaged heat transfer coefficients which are discussed

below.

Figs. (5.46) through (5.47) and (5.48) through (5.49) show spatial

averaged heat transfer coefficients versus gas velocity in an array at dif-

ferent bed conditions for L = 84.2 cm and 97.4 cm, respectively. In addi-

tion, Figs. (5.50) and (5.51) are provided to show the influence of L on

for individual tubes in the array.

An increase in bed height had more effect on tube T in the array

than on tubes B and M under bubbling-bed conditions. Values of h, including

hmax, for tube T were generally lower than for tubes B and M at L = 71

cm. When L was increased, values of the heat transfer coefficient for

tube T were lower than those for tube M, but were higher than for tube B

(Figs. 5.46 through 5.49). This was probably due to an increase in particle

population density around the surface of tube T--particularly around the up-

per half of the tube--which resulted in higher heat transfer coefficients

when L was increased.



Fig. (5.46) Spatial-averaged heat transfer coefficient vs. superficial gas velocity for the top,
middle, and bottom tubes in the array; L = 84.2 cm, dp = 2.14 mm, TB = 810 K.
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Fig. (5.47) Spatial-averaged heat transfer coefficient vs. superficial gas velocity for the top,
middle, and bottom tubes in the array; L = 84.2 cm, dp = 2.14 mm, TB = 922 K.



Fig. (5.48) Spatial-averaged heat transfer coefficient vs. superficial gas velocity for the top,
middle, and bottom tubes in the array; L = 97.4 cm, dp = 2.14 mm, TB = 810 K.



Fig. (5.49) Spatial-averaged heat transfer coefficient vs. superficial gas velocity for the top,
middle, and bottom tubes in the array; L = 97.4 cm, dp = 2.14 mm, TB = 922 K.
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Figs. (5.50) and (5.51) show, in a fluidizing condition and when the

tubes are fully immersed in the bed, that an increase in L has little or no

effect on tube heat transfer performance. Tube T showed some increase

(less than 10%) in h with an increase in L, while for tubes immersed

deeper in the bed (tubes M and B) there was less influence of bed height on

heat transfer coefficients. This indicates that an increase in L does not

change the main-zone particle activity, where tubes M and B are located, and

increased the particle population density at the upper part of the bed by an

insignificant amount. It should be mentioned that the minimum fluidization

velocity did not change significantly with L as was expected (see Table

(4.2)). A similar observation was made by Cranfield and Geldart [60] in a

bed of large particles.

Reasonable agreement was found with other experimental investiga-

tions for the effect of bed height on the heat transfer coefficients in beds

of both small and large particles. In an experiment conducted by Cherring-

ton et al. [56], a 6-inch diameter tube was positioned 18 inches above the

grid in a large particle bed and two different static bed heights, 15 inches

and 21 inches, were used. His results indicated that the measured overall

heat transfer coefficient was about 7% higher for the deeper bed. It was

also reported that an increase in bed depth increased particle activity at the

upper portion of the tube surface.

Saxena and Grewal [175] carried out experiments for a 3-row array

of horizontal tubes (DT = 2.86 cm) with a pitch-to-diameter ratio of 1.75,

immersed in small-particle beds (dp = 0.259 mm). Bed heights of 25 cm

and 36 cm were used, while H was 13.2 cm. No influence of L on bed-to-

tube heat transfer was observed.
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Canada and Staub [45] also found little variation in the heat transfer

coefficients with bed height, for a bank of horizontal tubes immersed in

both small (d.p = 0.65 mm) and large (dp = 2.6 mm) particle beds.

Several other experimental investigations [102,114,151] have also found

that a change in bed height had practically no effect on heat transfer so

long as the tubes were fully immersed in the bed. A small number of in-

vestigations [121,138,171,195] have found that heat transfer rates increased,

by a small amount, when bed height was increased.



165

6. COMPARISON

In this chapter, results of the present study are compared with the

large-particle data of Catipovic [47] for he and with the large-particle data

of several experimental investigations for hmax. Included in this chapter is

a comparison of various published correlations for hmax and h with the

results of the present study. In assessing correlations for hmax, the re-

sults of several other experimental investigations have been employed.

Data obtained from experiments (I) (see Table (4.2)) are used in all

the following comparisons.

6.1 Comparison of the Present Experimental Data with Results of Other

Investigations

6.1.1 Local Total Heat Transfer Coefficients

The local heat transfer coefficient and its variation along the cir-

cumference of a horizontal tube, as discussed in the introductory chapter, is

dependent upon a number of variables such as particle size, shape, and ma-

terial; bed temperature and bed geometry; gas velocity; and tube size and

material. This dependency and the lack of heat transfer information in the

literature for the particle size, bed temperature, and geometry considered in

this study, make it difficult to make a meaningful comparison between the

local heat transfer results of the present study and other experimental in-

vestigations. Nevertheless, for a quantitative comparison, the values of he

for dp = 2.14 mm and TB = 810 k are plotted (Fig. 6.1) against the results
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of Catipovic [47] for dp = 2 mm and TB = 302-311 K. Results shown are

for Uo/Umf = 1.12 for both a single tube and a tube in an array. Addi-

tional information is provided in Fig. (6.1).

From Fig. (6.1) it can be seen that the distribution of he over the

surface of the tube in both experiments follows similar trends--the maxi-

mum in he occurs near the 110-130° position. Despite the differences in

bed geometry, particle shape and material for the two studies, the main

reason for the quantitative differences in he should be due to differences

in the bed temperature. The addition of radiation and the change in gas and

particle thermal properties with temperature are characteristics of high-

temperature fluidized bed operation.

6.1.2 Maximum Overall Heat Transfer Coefficient

Of the many experimental investigations employing horizontal tubes,

only a limited number have used large particles. A list of several of them,

along with test conditions, is presented in Table (6.1). Values of hmax

from these studies and from the present study are also given in this table.

It is evident that the results of the present study for hmax are in

close agreement with the data of Tang and Howe [184] and Wright et al.

[201] for the same range of particle sizes considered here. Their results

are somewhat higher due to a higher bed temperature.

6.2 Comparison of the Present Experimental Data and the Results of Several

Other Investigations with Correlations

In this section, the results of the present study are compared with a

number of correlations for the prediction of hmax and h. In addition, the



Table (6.1) Specifications of several experimental studies for horizontal tubes immersed in large-
particle fluidized beds.

Reference Symbol

Solid

Material

Borodulya
et al.
[30]

Ilchenko
et al.
[122]

A

Cherrington
et al.
[56]

Tang &
Howe
[184]

Spherical millet
(Ps=1200 kg/e)

Chamott
(Ps=650

e
kg/m3)

rn
Lime tone (P =2450
kg/e)

Refractory material
(P$ =2660 kg/e)

Refractory material
(Ps=2400 kg/mu)

dp

(mm)

TB

(K)

DT
(mm)

2.0 room 14
temp. (copper)

1.15 1005

810

1.0 room 50.8
temp. (plexi-

glass)

2.5

1.48 1116 38.1

2.17 1171

Comment

171 (for
in-line tube
bundle, SH=
S -3D )V- T

120 (for
staggered
array,
P/DT = 2)

359

300

334.5

266.5

280

258

Rectangular
fluidized bed
(60x60 cm),
L = 60 mm
H = 100 mm

Single tube,
Tw = 333-393 K;

Bed temp. up to
to 1700 K

Single tube

Staggered array
P/DT = 3.33;

Tw = 474 K



Table (6.1) (continued).

Reference Symbol

Solid

Material

dp

(mm)

TB
(K)

DT
(mm)

hmax

W/m *lc)

Leon et
al.
[138]

Goblirsch
et al.
[100]

Wright et
al.
[201]

Canada &
Staub [45]

Alavizadeh
et al. [8]

Alavizadeh
[7]

17

1I

V

17

A
iik

Limestone & dolo-
mite

Limestone, coal, &
coal ash

Crushed refractory
and coal ash

Glass q (Ps=
2480 kg/m)

Ione graig (Ps=
2700 kg/le)

Zone
graiteg

)

(Ps=
kg/

1.51

1.07

1.90
2.35
2.50
2.75

2.6

1.0

2.14

3.23

1061

1045

1073-
1173

room
temp.

810

922

1050

21.34
(carbon
steel)

42.16

34

31.75

50.8

50.8

300

280

200
245
232
225

261 (for
L=25 cm)

238 (for
L=40 cm)

187 (for
L=70 cm)

276

289

227

204

Comment

Single tube (2
tubes used, 1 c
45.72 cm & 1 @
165.1 cm above
distrib. plate;
bed temp. up tc

1200 K

4 tubes in row,
w/center-to-
center distance
of 16.51 cm; T%
450 K; bed temr
up to 1255 K.

Staggered array
P/DT = 2.23

5 rows, stagger
ed array,
SH = 10

.
16 cm

Sy = 5.71 cm

Single tube

Single tube



Table (6.1) (continued).

Reference

Catipovic
[47]

tube array:

single tube:

tube array:

single tube:

tube array:

single tube:

tube array:

single tube:

tube array:

single tube:

Symbol

Solid

Material

dp

(mm)

TB DT
(K) (mm) W m Comment

AL

Quartz said (Ps=
2700 kg/m°)

1.3

room 50.8
temp.

144

Single tube &
staggered array
P/DT = 2

A 1.3 156

Dolomite kPs= 2.0 127
2750 kg/mu)

2.0 136

2.85 129

2.85 137

4.0 131

4.0 139

6.6 137

6.6 146



Table (6.1) (continued).

Reference Symbol

Solid

Material

dp

(mm)

TB
(K)

DT
(mm) W/m Comment

Present
study

Ione grain
2700 kg/mu)

50.8 Single tube &
staggered array

P/DT = 3
tube array: (10 2.14 810 187

single tube: cp 2.14 192

tube array: 4 2.14 922 199

single tube: Q 2.14 201

tube array: 2.14 1005 210

tube array: 3.23 810 176

single tube: 3.23 173

tube array: 3.23 922 180

single tube: 3.23 179

tube array: 3.23 1005 190

z;
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experimental data of several other investigations, as listed in Table (6.1),

are also compared with the correlations for hmax.

6.2.1 Maximum Overall Heat Transfer Coefficient

Table (6.1) shows experimental conditions and values for the maxi-

mum heat transfer coefficients of several investigations for horizontal sin-

gle tubes and tube bundles in large particle beds. Data presented in this

table have been obtained at different experimental conditions. Results of the

present study and those listed in Table (6.1) are compared with the corre-

lations listed in tables (2.3) and (2.4). Predictions for hmax from corre-

lations involving parameters that have not been measured in this study have

not been considered here.

Most of the investigators mentioned in Tables (2.3) and (2.4) have

correlated data which were obtained at or near ambient temperature with

air as the fluidizing gas. In this study, all the gas properties were evalu-

ated at the bed temperature. George [87], who conducted experiments in the

same fluidized bed facility as for this study, found that the properties of

the combustion products are within 4% of those of air at the same temper-

ature. Thus, with no real loss of precision, properties of air have been

used in the data reduction.

In the prediction of Glicksman and Decker [95] (Table 2.3), the bub-

ble fraction of the bed, 5, was not measured experimentally for the present

study and for those in Table (6.1) and was estimated using Equations (2.2)

and (2.3). Similarly, the values of mf needed for correlation of Zabrod-

sky et al. [209] was calculated using Equation (2.5). Finally, the values of

optimum fluidizing velocity, Uopt, in the correlations of Glicksman and

Decker [95] and Zabrodsky et al. [209] were determined from Equation



173

(2.6). One exception was the comparison of Catipovic's [47] data with the

correlations where his experimentally measured values of .5 and elm were

employed.

The first three correlations in Table (2.3) are compared with the

data presented in Table (6.1) and are shown in Figs. (6.2) to (6.4) in

terms of Numax versus Ar. The correlation of reference [192] seems su-

perior to the other two, in which the majority of the data are reproducible

with ±25% uncertainty. The correlation of Zabrodsky et al. [208] seems to

overpredict most of the data, including the data from the present study.

The prediction of Maskaev and Baskakov [146], which was developed for

large particle applications, significantly overpredicts the data of Catipovic

[47], while the data from this study are predicted within 25%.

Figs. (6.5) through (6.8) show the comparisons between the experi-

mental Numax and values calculated from correlations number 5 through 7

in Table (2.3) and correlation number 1 in Table (2.4). These correlations

were developed for large particle beds. The equation of Zabrodsky et al.

[209] underestimated the data of this study by as much as 20%, while the

correlations of references [64] and [95] overpredicted the data by less than

25% and 35%, respectively. The Tamarin et al. [183] prediction reproduces

the values of hmax for the present study within 15% band uncertainty.

Correlations number 2 to 5 in Table (2.4) were specifically devel-

oped for predicting hmax for horizontal tube bundles; they take into account

the effect of tube spacing. They are for the low range of Ar and are

therefore applicable to small particle beds. However, since, to the best of

our knowledge, there are no correlations of that nature (except for Tamar-

in et al. [183]) available in the literature, these correlations are compared
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here with the large particle data and the results are shown in Figs. (6.9)

through (6.12). It is interesting to note that these correlations predicted the

experimental data in the Table (6.1) somewhat better than those which are

already discussed. Correlations of Grewal and Saxena [113] and Gelperin

et al. [85], in particular, are relatively superior to the other correlations

considered here and the data of the present study correlate well with their

predictions, about 10% discrepancy. However, they are not considered ap-

propriate for predicting data taken under different experimental conditions.

In some cases, the large deviation between experimental and theoreti-

cal values of hmax could be caused partially by the method employed by the

investigator in measuring h. For example, the correlation of Grewal and

Saxena [115] (Table 2.4) underpredicts the experimental data of Cherrington

et al. [56] by as much as 50% (Fig. 6.13). But, as was explained by Gre-

wal and Saxena [114], Cherrington et al. [56] measured the heat transfer co-

efficient from small electrically heated strips placed along the circumfer-

ence of an unheated plexiglass tube. Since the solid particles moving along

the surface of the tube were not preheated before coming in contact with

the heated strip, the measured heat transfer coefficients were too large

(and, therefore, its large deviation with predicted value is justified). How-

ever, this correlation predicts the single tube data of the present study

within ±10%.

The correlations of Gelperin et al. [86] and Chekansky et al. [52]

overpredict the data of this study by a maximum deviation of 25%. Finally,

the correlation of Grewal and Saxena [113], originally developed for a sin-

gle tube, reproduces the tube array data of the present study within ±10%

and is superior to the other correlations. In addition, Borodulya et al. [29]

and Grewal and Saxena [113] found good agreement between several experi
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mental data sets for small particle beds and the latter correlation. There-

fore, in view of these findings, until better correlations are developed, the

use of this correlation is recommended for computing hmax for a bundle of

horizontal tubes immersed in a fluidized bed.

6.2.2 Overall Heat Transfer Coefficient

There are several correlations and theoretical models available in the

literature for the prediction of overall heat transfer coefficients, h, for the

small particle range. A number of them were examined, and a new corre-

lation was proposed by Grewal and Saxena [114]. Of those, the Vreeden-

burg correlation [195], as modified by Andeen and Glicksman [14], has been

most successful in correlating several sets of experimental data. Bansal et

al. [18] proposed a correlation for a horizontal tube bundle immersed in a

fluidized bed of small particles. They used the modified Vreedenburg cor-

relation [14] and included a factor to account for the influence of tube pitch

on the heat transfer coefficient. Grewal [107] investigated the effect of

relative tube pitch, P/DT, on the heat transfer coefficient for a horizontal

staggered tube bundle immersed in an air fluidized bed of small particles.

A correlation based on the experimental data was proposed.

Lesser attention has been paid to developing correlations and theoreti-

cal models for large particle bed applications. A list of several of them is

given in Table (2.2). The modified Vreedenburg correlation [14], which

was developed for small particle applications, is also included in this table.

All correlations in Table (2.2) were developed for low bed tempera-

tures where radiation could be neglected. However, for the purpose of

comparison with the present experimental results, the measured radiative

heat transfer coefficients of Lei [137] for tube arrays were employed.



The radiative heat transfer coefficient can be calculated from the

following well -known equation:

hr = 5.672 x 10-8
(TB4_Tw4)

x
(TB-Tw)

1

1 1

EW Eef
In the above equation, it is assumed that solid particles are at bed tempera-

ture. This holds for large spherical particles, usually greater than 2-3

mm, since their temperature remains essentially unchanged while near the

surface. For the coarse and irregularly shaped particles used in this study,

with several contact points, a substantially larger temperature drop is possi-

ble [94,122]. This was also observed experimentally by Ilchenko et al. [122]

in a hot bed study. They reported that the temperature of chamotte parti-

cles with a fraction of 2-5 mm in size was below the temperature of the

bed core to a distance of approximately one particle diameter from the heat

transfer surface. Therefore, Equation (6.1) will only give an upper limit

for radiation.

Figures (6.14) through (6.16) illustrate the comparison between the

correlations listed in Table (2.2) and the experimental data of this study.

Note that tube array data values for tube M) are used in this comparison

since that is the case of greatest practical interest.

The reader is reminded that the values of 5, in the correlation of

Glicksman and Decker [95] and 6, in the correlation of Zabrodsky et al.

[209] were not measured experimentally. They were calculated using Equa-

tions (2.2) and (2.3) for 6 and (2.4) and (2.5) for E. Also, the values of

E needed for the modified Vreedenburg correlation [14] were estimated

from Equation ( 2.1 ).
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There are a few other correlations for large particle systems which

require some parameters that are not measured in this study and therefore

are not considered. Among such correlations, for example, are those of

Ganzha et al. [79] and Staub [178]. Further, theoretical models of Adams

and Wetly [6] and Mahbod [144], discussed in the introductory chapter, cannot

be used here for prediction purposes since they require, as input, the

voidage distribution and the particle spacing near the heat transfer surface

and some other parameters not measured in this study.

The correlation of Glicksman and Decker [95,97] was developed as-

suming steady-state conduction from the heat transfer surface to the first

row of particles and lateral mixing of the gas. Their prediction, in gen-

eral, overestimates experimental values with a large deviation. This dis-

crepancy decreases for larger particles (dp = 3.23 mm). Similar behavior

was found by Catipovic [47] for particle sizes of 1.3 mm and 4 mm. In

contrast, Zabrodsky et al. [209] reported good agreement between this theory

and experimental values of fire clay (dp = 3 mm).

The Catipovic et al. [50] correlation, composed of contributions due to

emulsion and bubble phases, underestimates the results of the present study

by more than 20% and 25% for smaller and larger particles at well-fluidized

conditions, respectively. Similar observations were made by Decker and

Glicksman [63] when this theory was compared with the data of Staub et

al. [180] for a particle size of 2.6 mm at bed pressures of 1 to 10 atmo-

spheres. The theory was also inadequate for correlating the experimental

results of Borodulya et al. [33,33] at high pressures up to 8.1 MPa. Fur-

ther, it failed to predict the qualitative variation of h with gas velocity.

The correlation of Zabrodsky et al. [209] seems to reproduce the

present experimental data quite well at bubbling bed conditions; a maximum
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deviation of -12% is estimated. Borodulya et al. [30] also found good agree-

ment between this theory and experimental values for 2 mm millet particles

at atmospheric pressure, while in their other efforts [31,33] the theory

failed to predict the high pressure experimental results.

The theory of Decker and Glicksman [63] was developed with the

same concepts as the theory of Glicksman and Decker [95,97]. In addition,

they took into account the heat contribution from bubbles to the heat trans-

fer surface. In their equation (see Table 2.2), the conduction Nusselt num-

ber, the first term in the second bracket, was taken to be 6.0, as suggested

by Decker and Glicksman [63], and Glicksman [94], for irregularly-shaped

particles, which we consider to be the case in the present study. This

value can vary from 6 to 12 for irregular shapes to spherical particles. At

velocities well above Umf, this theory overestimates the experimental data

of the present study by a maximum deviation of about 10% for dp = 2.14

mm and successfully correlates the data for larger particle sizes. How-

ever, it fails to predict the results at low velocities.

The data of the present study are overpredicted by the correlation of

Mathur and Saxena [147] within a 12% range at well-fluidized conditions. A

much larger percentage deviation exists at low gas velocities.

The modified Vreedenburg correlation [14], which was developed to

account for changes in bed voidage, falls short of successful predictions

and, as would be expected, is not adequate for large particle applications.

Catipovic [47] and Glicksman and Decker [95] also reached a similar con-

clusion.

It is likely that some of the disagreement between predicted and ex-

perimental values creeps in due to the approximate choices made for E and

8. Direct measurements of these parameters, and more appropriately is()
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instead of 8, is highly recommended for a fair evaluation of these theories

of heat transfer for large particle systems. Bearing this in mind, it is

clear from the above evaluation that the theories examined here are inade-

quate for predicting bed-to-surface heat transfer in fluidized beds of large

particles at different experimental conditions. However, until more reliable

correlations are available, the theories of Zabrodsky et al. [209], Mathur

and Saxena [147], and Decker and Glicksman [63], being relatively success-

ful in correlating the experimental results of the present study and some

other investigations, are recommended for prediction of bed-to-tube heat

transfer in large particle non-pressurized fluidized bed systems.
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7. SUMMARY, CONCLUSIONS AND RECOMMENDATIONS

7.1 Summary and Conclusions

Experiments were carried out under a variety of operating conditions

for the measurement of time-averaged local heat transfer coefficients with

tubes at different locations in a horizontal array, immersed in a fluidized

bed of large particles at elevated temperatures.

The array consisted of nine tubes arranged in three horizontal rows.

Tubes, having diameters of 50.8 mm, were positioned in an equilateral tri-

angular configuration with a pitch-to-diameter ratio of 3. The center tube

in each of the three rows was instrumented by thin thermopile-type trans-

ducers, which made possible the direct measurement of local heat flux and

surface temperature at 30-degree intervals around half of each tube periph-

ery--a total of seven sets of values for each of the center tubes. The

three sets of data are representative of the heat transfer behavior of tubes

at the top, bottom, and the interior of a typical array.

Experimental work was conducted with bed temperatures up to 1005

K. lone grain particles with mean nominal diameters of 2.14 mm and 3.23

mm were employed. The superficial velocity of high temperature air

spanned the range from the packed-bed condition to approximately twice the

minimum fluidization velocity.

Four different series of experiments were conducted. The first in-

volved studying heat transfer to the array of horizontal tubes. Heat trans-

fer performance of the different tubes in the bundle were also compared.
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The second and third series were conducted to study the influences of tube

array position and slumped bed height on heat transfer results, respectively.

Finally, the fourth series considered a single tube for comparison with the

results of tube array performance. The test conditions for all experiments

are listed in Table (4.2).

Chapter 1 provided an introduction and general information on the

subject of fluidized bed phenomena, while Chapter 2 was a review of the

literature of previous studies. Chapter 3 described the experimental equip-

ment used for time-average local heat flux and surface temperature mea-

surement. A description of the Oregon State University high-temperature

fluidized-bed test facility, a detailed description of the instrumented tubes,

and the description of the data acquisition system were included in this

chapter. Chapter 4 described the test conditions and procedures, along with

the procedures used for data collection and reduction.

In Chapter 5, a large body of experimental data was presented in the

form of local and spatial-averaged values. The effects of gas velocity,

particle size, and bed temperature on heat transfer results were discussed.

The heat transfer behavior of tubes at different locations in the array were

studied and were compared with single-tube heat transfer performance. Fi-

nally, the influences of tube array position and static bed height on heat

transfer data were discussed.

A comparison between the results of the present study and a number

of other experimental investigations was given in Chapter 6. An assessment

of existing correlations for predicting hmax and h was also presented in

this chapter.

The following conclusions, resulting from this study, have been

reached:
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1) Superficial gas velocity had a significant effect on local heat

transfer coefficients. The coefficients at the top of the tubes

were affected the most and were related to the behavior of the

"lee stack" of particles. The stack, being present at low gas

velocities, was removed at higher velocities. The presence of

the stack was generally less pronounced for single tubes than

for tube arrays at the same bed conditions, primarily due to

greater restrictions on particle movement for the latter case.

Also, the stack became mobile at smaller values of Uo/Umf for

larger particles than for smaller particles.

2) Under fluidizing conditions, the variation in heat transfer coeffi-

cients around the circumference of the tubes became more uni-

form as gas velocity increased, particularly for smaller parti-

cles. The greatest variation of h0 was observed to occur at or

near Um f.

3) At the lower stagnation point, local coefficients varied with gas

velocity in an irregular manner, particularly at packed-bed con-

ditions. In a bubbling bed, however, the coefficients at 0 = 0°

were relatively insensitive to gas velocity, indicating the pres-

ence of a low-particle-density region, i.e., a void.

4) The maximum local heat transfer coefficient, occurring gener-

ally at 0 = 0° for packed-bed conditions, was observed to oc-

cur at larger values of 0 as the gas velocity was increased. In

a bubbling bed, it generally occurred at the 0 = 120° to 135°

position for moderate gas velocities. At still higher velocities,

it occurred at larger values of 0 and, in a few cases, occurred
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at O = 180°. In most cases the largest hOmax occurred near

the 120° position and at moderate gas velocities.

5) Relatively large differences were achieved for h0, for tubes T,

M, and B under packed-bed conditions. The greatest variation

was at 0 = 0°, the least at 0 = 180°. In a bubbling bed these

differences were significantly smaller and did not exceed 20%.

6) For the range of gas velocities tested, in general tube T experi-

enced the greatest variation in h0, compared with tubes M and

B, except at 0 = 180°. The variation of he around the circum-

ference of tube T was less than for tubes M and B, except near

Umf. At some high gas velocities, this variation was less than

10%, indicating nearly uniform particle motion along the surface

of the tubes.

7) Values of spatial-averaged heat transfer coefficients increased

significantly as the gas velocity increased above Umf, due to

bubble-induced particle motion. The increase was more pro-

nounced for smaller particles than for larger particles. In gen-

eral, as gas velocity was increased beyond the minimum flu-

idization velocity, E. increased regularly, approaching an asymp-

totic limit for larger particles. With the smaller particles, ri

reached a maximum, then decreased gradually as Up was fur-

ther increased.

8) Heat transfer coefficients showed little variation for the parti-

cle sizes and bed temperatures' used in this study. The differ-

ences in hmax for the two particle sizes (2.14 mm and 3.23

mm), at the same bed temperature, were within 11% for all

tubes in an array, as well as for the single tube. Values of
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hmax for particle sizes of 2.14 mm and 3.23 mm increased by

12% and 8%, respectively, when the bed temperature increased

from 810 K to 1005 K.

9) Tubes in the bottom, top, and interior rows exhibited different

heat transfer performance. Tube M, in general, experienced

higher values of E; tube B was next highest under fluidizing

conditions. At packed-bed conditions, however, tube B displayed

higher values of 1i, followed by tube M. The difference in

between the three tubes did not exceed 13% in the fluidized

state. The variation was significantly greater for packed-bed

conditions.

10) In a bubbling bed, the single tube displayed higher values of h

than did tube arrays for the same bed conditions. These dif-

ferences were not significant, however, particularly in the case

of larger particles. Thus, in bubbling beds, single tube results

are representative of heat transfer behavior in tube arrays.

11) The tube array level above the distributor, H, had rather in-

significant influence on heat transfer performance. Higher

rates of heat transfer were achieved when the array was lo-

cated at H = 437 cm for smaller particles, whereas for larger

particles the array displayed higher rates of heat transfer when

it was positioned closer (H = 30.5 cm) to the grid. The worst

condition occurred when the bundle was at H = 56.9 cm for both

particle sizes. The variation in iimax with H for the three

tubes was within 20% at all bed conditions.

12) The static bed height, L, had practically no effect on bed-to-

tube heat transfer. The greatest influence was experienced by
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tube T. An increase in L apparently increases the particle pop-

ulation density around the surface of a tube; h generally in-

creases by less than 10%.

13) A large body of correlations from the literature were examined

against large-particle data of the present study and a number of

other experimental investigations. It was found that until more

reliable correlations are developed, the theory of Grewal and

Saxena [115] for predicting hmax and the correlations of

Zabrodsky et al. [209], Decker and Glicksman [63], and Mathur

and Saxena [147] for estimating h, in non-pressurized

fluidized-bed systems, are most accurate.

7.2 Recommendations

1) Due to the relatively narrow range in bed temperature used in

this study, from 810 K to 1005 K, the effect of bed temperature

on heat transfer coefficients was relatively small. A wider

range of bed temperature would make it possible for one to

evaluate this effect more precisely. A variation of at least 400

K, e.g., from 650 K to 1050 K, is suggested. If additional large

particle tests with tube arrays are to be performed, a bed tem-

perature higher than 1050 K will present difficulties in main-

taining an isothermal bed temperature.

2) Only modest variation in heat transfer coefficients was ob-

served with the particle sizes (2.14 mm and 3.23 mm) used in

this study. Employing other bed materials with a wider range

in particle size would be desirable. An upper limit on particle
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size, of approximately 3.5 mm exists, due to limitations on air

blower capacity in the current OSU apparatus.

3) Much experimental work remains to be performed in the area

of heat transfer to tube arrays immersed in large particle flu-

idized beds at elevated temperatures. For example, the present

study could be extended to cover different tube array geometry

and configurations with different tube sizes and materials.

Finned-tube heat transfer studies could also be undertaken.

This can be done with the present fluidized-bed test facility

with a modified test section.

4) The distributor plate warped during the test and caused uneven

fluidization of the bed at or near Umf (at higher gas velocities

the bed was bubbling uniformly). The use of a ceramic dis-

tributor plate would resolve this problem. However, if the use

of a ceramic distributor plate is not feasible, a single thick in-

conel plate with the screen welded at the bottom is suggested.

5) For visual observation and possibly filming of the fluidized-bed,

some quartz viewing ports might be provided on the walls of the

test section. The best place for the ports on the current test

section would be at the replaceable sides and the removable

door.

6) There is a severe lack of detailed hydrodynamic information

(such as emulsion residence time, bubble contact fraction, bubble

frequency, or voidage) for regions of the fluidized-bed near the

tube surface in beds of large particles at elevated temperatures.

This is even a greater need in the case of tube arrays. This

information is of essential importance to the fundamental under-
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standing of fluidized-bed heat transfer mechanisms. A knowl-

edge of this information is necessary for assessing some of the

existing analytical models and for developing predictive correla-

tions. In this regard, it is of great interest to generate instan-

taneous heat transfer data, which would likely provide some of

the hydrodynamic information. One possibility is to expose a

bare detector to the fluidized-bed to examine the effect of bed

abrasion.

7) The development of predictive correlations for the heat transfer

to horizontal tubes immersed in large-particle, high-temperature,

fluidized-beds remains a need.

8) The present fluidized-bed facility needs some modification in

order to expand its functions. This includes increasing the air

blower capacity and improving particle handling procedures.

9) Some efforts should be directed toward studying heat transfer

for shallow fluidized beds, turbulent bed conditions, and for the

freeboard section in beds of large particles at high-tempera-

tures.
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APPENDIX A

Minimum Fluidization Velocity

Minimum fluidization velocity (Umf) is one of the basic physical

properties of fluidized bed systems and it is an essential quantity for de-

signing fluidized bed combustors or reactors. Despite the fact that most

commercial fluidized beds operate at temperatures somewhat higher than

ambient, data on the variation of Umf with temperature have not been re-

ported widely in the literature, especially for large particle beds. Also,

published correlations for predicting Umf for high-temperature and large-

particle operations are inadequate.

Minimum fluidizing velocities have been estimated by relating the

pressure drop through a packed bed when the bed voidage is at its minimum

fluidization value to the weight of the bed per unit area [37]. Desai et al.

[65] carried out measurements of Umf at temperatures up to 973 K in a

14.0 cm I.D. glass tube with nitrogen as the fluidizing medium. Their re-

sults indicated a linear relation between Umf and temperature on a log-log

plot. However, it was determined that both the slope and intercept of the

line depend upon the properties of the bed material and that experimental

values of these parameters are needed for every bed material and gas com-

bination used. The latter seems necessary due to the marked discrepancy

observed by investigators between measured minimum fluidizing velocities

and predictions made using values of physical properties at the temperature

of operation [39].
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The simple and ordinary way to measure Umf is to find the bed

pressure drop versus gas flow rate through the bed. Bed pressure drop

should be measured as the gas flow rate is progressively reduced to break

down any internal structures remaining from the packed-bed phase. The

observed marked changes in bed pressure drop is an indication of a change

to packed-bed conditions. Some investigators have determined Umf by not-

ing the velocity where a marked change in the bed-to-surface heat transfer

coefficient was observed. This is not a particularly accurate method when

using particles with a wide size spectrum, as indicated by Botterill [37].

The gas velocity determined in this way is considered to be the gas flow

rate at which free bubbling occurred and is usually greater than Umf.

However, if a horizontal surface is immersed in the bed, free bubbling can

occur before the bed is fluidized, due to local fluidization. This phe-

nomenon has been studied by a number of investigators, including Kilkis et

al. [129].

In this study, minimum fluidization velocity was found by reducing

gas velocity from that required to sustain bubbling to a velocity where a

sharp decrease in the bed pressure drop was observed. The Umf found in

this way was very much repeatable.

Large particle bed material with a wide particle size distribution is

generally used in industrial applications of fluidized beds [56], particularly

in fluidized bed combustors. Such systems have no well-defined value of

Umf [17,37,39,68,201] and thus other parameters, such as minimum bubbling

velocity, have been used in the literature to characterize total transition

from a static to a fluidized bed condition. Also, the term "normal minimum

fluidization velocity" has been used by Cherrington et al. [56].
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In comparing systems with narrow particle size distribution with

those having a wide particle size range, but similar average sizes, systems

of the latter type tend to fluidize with less gas flow due to an increase in

bed voidage [37]. Many investigators [17,37,39,56,201] working with systems

of large, wide size spectra have indicated that segregation occurred within

the bed, causing the larger particles to collect at the base of the bed,

thereby producing poor fluidization at this region. Wright et al. [201] car-

ried out experiments with a wide particle size spectrum, ranging from 0.5

mm to 6.4 mm, and observed that beds with particle diameters greater than

about 3.2 mm exhibited segregation effects. Similarly, Cherrington et al.

[56] reported the occurrence of segregation for limestone particles with a

size distribution of 200 to 4000 p.m. They also concluded that only particles

of about 600 Am or smaller were in a well-fluidized state; they further in-

dicated that multi-layer fluidization may have occurred as was described by

Wen and Yu [199].

Gosmeyer [106] measured Umf for both beds with immersed hori-

zontal cylinders and beds with no internals. Bed temperatures of 561 to

1091 K and a mean particle diameter of 3.21 mm were employed. His re-

sults, as expected, showed that at a particular temperature, measured values

of Umf were always greater for the bed with no internals than when hori-

zontal surfaces were present.

Botterill and Teoman [39] measured Umf for sand particles with

mean diameters ranging from 0.462 mm to 2.32 mm at bed temperatures up

to 1233 K. They observed that Umf for small particles decreased with an

increase in bed temperature due to increase in gas viscosity. For Reynolds

numbers in the laminar or transition flow regimes, an increase in gas vis-

cosity will result in an increase in drag coefficient and thus cause Umf to
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decrease. For large particles, however, Umf first increased with temper-

ature because flow was turbulent and gas density, the relevant factor for

such a case, was decreasing. With further increase in temperature, the

flow changed to laminar and gas viscosity again became the dominating fac-

tor. Consequently, Umf began to decrease.

Babu et al. [17] listed a number of published correlations for esti-

mating Umf, based on properties of the fluidizing medium and solids. They

indicated that all the correlations, except for a few, are similar in form at

conditions approaching the laminar particle movement region. The correla-

tions were divided into two categories. Correlations in the first category

are those which require knowledge of density and average particle diameter

of the fluidized solids and density and viscosity of the fluidizing medium

(see Frantz [74]). Correlations of the second category need additional in-

formation on the shape factor and the incipiently fluidized bed voidage, E mf,

to estimate Umf (see modified Ergun [199] correlation).

Several investigators developed empirical correlations, for the first

type mentioned above, by applying the general form of the modified Ergun

correlation. A list of a number of them is given by Mathur et al. [149].

The expression for two of these correlations in dimensionless form is

given below:

Wen and Yu [198,199]:

Remf = [(33.7)2 + .0408 Ar]1/2 33.7 (A.1)

Babu et al. [17]:

Remf = [(25.25)2 + .0651 Ar]1/2 25.25 (A.2)

There are some limitations in utilizing theses equations. For exam-

ple, Umf calculated from these correlations may not be sufficient to flu-

idize the entire bed if it is for deep beds or for particles with wide size
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distribution or with high density. In the development of this correlation, ex-

perimental data at near room temperature were employed.

Measured values of Umf for both tube-array and single-tube cases

for a range of bed temperatures and particle sizes are listed in Table

(A.1) for several studies. The Archimedes, Ar, and Reynolds number at

minimum fluidization, Remf, are also reported in this table. These values

are plotted against the correlations of Wen and Yu [199] and Babu et al. [17]

in Fig. (A.1). The majority of the data are underestimated by the predic-

tion of Wen and Yu [199], while they are overestimated by the correlation

of Babu et al. [17]. Thus, none of the curves can represent the entire data

adequately.

The results of this study show that Umf is independent of bed depth.

Similar observation was made by Cranfield and Geldart [60].
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Table (A.1) Summary of experimental results for several studies.

TB Umf
Reference (K) (m/s) Remf Ar Symbol

dp = 0.52 mm

6

Alavizadeh
et al. [8]

dp = 1.0 mm

810 0.3 1.86 1.22 x 103

Alavizadeh 810 0.48 5.73 8.68 x 103
et al. [8]

dp = 2.14 mm

922 0.50 4.86 6.52 x 103

Present study 683 1.55 52.13 1.23 x 105,
727 1.61 48.90 1.07 x 10,?
788 1.68 44.81 8.99 x 104,
810 1.60 40.87 8.51 x 101
852 1.70 40.38 7.90 x 104
894
922

1.76
1.65

39.20
34.33

7.04 x 104,
6.39 x 101+

1005 1.60 28.83 5.25 x 104

Alavizadeh [7]

dp = 3.21 mm

1050 1.75 31.43 5.53 x 104

Gosmeyer [106] 561 1.83 127.85 6.58 x 105
614 1.78 105.30 5.14 x 10?.
672 1.83 91.67 4.04 x 103,
714 1.83 85.92 3.78 x 10,3
758 1.85 78.73 3.29 x 103,
808 1.90 73.09 2.88 x 103,
872 2.00 69.17 2.48 x 103,
919 2.03 65.31 2.26 x 103,
966 2.05 61.65 2.10 x 103,

dp = 3.23 mm

1030 2.01 55.52 1.91 x 103

Present study 700 2.20 107.47 5.39 x 105
810 2.20 84.83 2.92 x 105
922 2.25 70.65 2.20 x 10,?,

1005 2.30 62.55 1.80 x 103

Alavizadeh [7] 1050 2.36 63.97 1.90 x 105

7

0

0
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Wen and Yu 1 199 1 Babu et al 1 17 1

1 1 I I I 1 1 1

10

1 1 1 1 1 1 1 1 1 I I I 1 1 1 1 1

Ar * 10-3
100 1000

Fig. (A.1) Comparison of several experimental data with the correlations of Wen and Yu [199]
and Babu et al. La]. For symbols, see Table (A.1).
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APPENDIX B

Test Procedure

In this appendix, a detailed description of the major steps taken in

the set-up and execution of an experimental run is given. This information

may be of interest to those who will conduct future research with the same

fluidized bed facility used for this study. It is assumed that the reader is

familiar with the Oregon State University High-Temperature Fluidized Bed

Facility and has read the information in Welty [196] and Junge [125]. The

information below applies to both single tube and tube array experiments,

except that the attachment of the coolant lines to the tube or tubes were

different.

1) There are 15 mounting ports available on the present test sec-

tion. Position the tube or tubes in the desired mounting ports

and plug the unused ports with the 2.5 inch pipe caps provided

for this purpose.

2) Seal all gaps between each tube and the mounting port by a 2.5

inch cap with a 2-inch diameter hole machined at its center.

Use 1/4-inch thick teflon sealant type, cut in 2-inch long strips,

laying two or three of them inside the cap and around the sur-

face of the tube to ensure there is no gas leakage. When using

a tube size other than 2-inch 0.D., then an appropriately-size

hole should be drilled at the center of each cap.
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3) Mark the desired bed depth on the inside wall of the test sec-

tion so that it can be checked from the- top viewport.

4) Attach the tube or tubes to the cooling system lines. The cool-

ing system for the tube-array experiment can accommodate nine

tubes. The connections to the tubes are provided by rubber

hoses and are tightened by ordinary clamps. If a single tube is

employed, use the cooling system provided for single tube ex-

periments (see test procedure given by Alavizadeh [7]).

5) Close the particle drain plug and pour some particles into the

test section through the access door.

6) Close the test section access door, and carefully seal all gaps

between the door and the test section by using the castable re-

fractory (commercial designation: KS4).

7) Add particles from the top viewport up to the marked level.

8) Turn on the high-temperature-limit switch. This switch is pro-

vided as a safety factor and it shuts off the burner if the

coolant temperature exceeds a set value. The set temperature

is adjustable and it was about 150°F for the present study.

9) Check the cooling-fluid reservoir to make sure there is enough

coolant (up to the filter) and open all valves on the cooling

system circuit. Turn on the coolant pump to establish coolant

flow through the tubes. The flow rate of the coolant can be

adjusted by the bypass valve next to the pump. The pump pres-

sure gauge should be kept below 30 psi. The heat exchanger is

connected to city water as secondary coolant.

10) Set the burner shut-off controller to about 500°F and continue

increasing it as the gas temperature is raised. This set tern-



230

perature is sensed by the thermocouple placed under the distrib-

utor plate. In case of a sudden increase in gas temperature,

this controller shuts off the burner to prevent unexpected dam-

age to the plate. The set temperature should always be about

200°F above the inlet gas temperature.

11) Light the propane burner and warm up the fluidized bed accord-

ing to the instructions given by Junge [125]. Follow these in-

structions carefully when first using the fluidized bed after a

period of inactivity to prevent damage to the refractory mate-

rial. After the first run the moisture which accumulates in the

refractory material will be driven off; consequently, it will not

be necessary to follow this instruction strictly for subsequent

runs.

12) The temperature controller is connected to the thermocouple be-

neath the grid for monitoring the gas temperature and hence the

bed temperature. The gas temperature is compared with the

controller set temperature and the fuel flow rate is automati-

cally adjusted. The refractory material is very resistive to

thermal shocks, whereas the distributor plate is not. When

raising the bed temperature, it should be noted that a large tem-

perature difference, about 200°F, across the plate, will possibly

damage the plate and cause warpage. To prevent this, compare

the temperature of the top and lower portion of the bed, shown

by two thermocouples located at these regions. If the differ-

ence is relatively small (less than 300°F) and, in addition, the

temperature in the lower part of the bed, right above the grid,

is relatively close to the gas temperature set on the controller,
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then increase the set-point temperature by about 200°F. The

warm-up procedure may be shortened by fluidizing the bed be-

fore raising the bed temperature at each sequence. For high

temperature settings, above 700°F, the manual fuel bypass valve

may need to be opened in order to provide enough gas for com-

bustion.

13) While the bed is warming up, connect sensor lead wires to the

data acquisition system. Locate the computer system far enough

from the test section to protect it from excessive temperature.

14) Because of the huge thermal mass of the test section, it takes

some time for a steady-state condition to be reached in the bed.

If the bed is warmed up too quickly, an unsteady-state condition

will result when the bed is fluidized. Be sure to allow enough

time for the test section to warm up to resolve this problem.

In addition, a large temperature gradient will develop in the bed

when it is packed. Transforming the bed from a packed to a

fluidized state will result in a bed temperature drop. The re-

sulting bed temperature can be estimated by averaging the tem-

perature of the top and bottom thermocouples when the bed is

packed. During warm-up, the bed should be fluidized frequently

to minimize large temperature gradients in the bed. This also

helps to achieve a more uniform bed temperature.

15) Transformation of the bed from a packed to a fluidized state

requires a higher air flow rate. This may hamper the combus-

tion of air and fuel if the flow rate is too small. When the

bed is operating at high temperature, a lengthy delay in combus-

tion may severely damage the plate due to the existence of a
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large temperature difference across the plate. A precautionary

step to prevent this problem from occurring is to increase the

fuel flow rate before the bed is fluidized. For example, for

the highest air flow rate the fuel bypass valve should be opened

fully and as the air flow rate is decreased, adjust the fuel flow

rate accordingly. However, in the occurrence of combustion

failure, check the solenoid fuel valve and set it at the open po-

sition, immediately decreasing the air flow rate to the point that

ignition in the burner takes place again.

16) After reaching the desired bed temperature, estimated from step

number 14, open the manual fuel bypass valve and fluidize the

bed starting with the highest air flow rate. Then, fix the de-

sired bed temperature by adjusting the temperature controller

and fuel bypass valve. If the desired bed temperature is not

achieved, you may have to return to the packed state, wait until

the appropriate temperature is reached, and repeat the sequence.

17) During the test monitor the temperature of all detectors on the

instrumented tubes and, by adjusting the coolant flow rate and/or

city water flow rate to the heat exchanger, achieve the required

tube wall temperature. The wall temperature should be kept

below the maximum temperature limit of the instrumentation

(473 K). If the coolant temperature is approaching the set tem-

perature on the high temperature limit switch, you may turn off

the switch or it should be reset. The coolant temperature

should be kept below its boiling point for obvious reasons.

Check the coolant level in the tank and add more coolant if

needed.
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18) Take the first set of data and record bed temperature, particle

size, air inlet pressure and temperature, and pressure differ-

ence across the venturimeter. These values are needed for the

superficial velocity calculation.

19) Decrease the air flow rate, adjust the temperature controller

and fuel bypass valve to maintain a constant bed temperature and

repeat the data collection process.

20) To measure minimum fluidization velocity, first find the ap-

proximate air flow rate at which the bed changes from the flu-

idized to the packed state. Increase the air flow rate slightly

and fluidize the bed again. Monitor the bed pressure drop (the

manometer connected to the pressure taps at the bottom and top

portions of the bed) carefully and slowly decrease the air flow

rate. A sharp change in the pressure drop is an indication that

you have reached minimum fluidization velocity. Double check

this by observing the bed from the top viewport.

21) For air flow rates at which the bed is at or near the packed

state, a fairly large temperature gradient is established within

the bed, altering its isothermal characteristics. In the present

study, this difficulty was partially circumvented by first flu-

idizing the bed to minimize the temperature gradient, and then

defluidizing the bed and immediately taking data. This allowed

data to be taken while the bed temperature was still fairly

well-defined. However, it is questionable whether steady-state

conditions were established under these operating conditions.

22) Warm bed to the next desired temperature and repeat steps 16

through 21 for each case of interest.



234

23) Reduce the bed temperature slowly following steps 10 and 11 in

reverse order. When the gas temperature is below 500°F, shut

down the system following the procedure given in Junge [125].

Maintain coolant flow until the bed is cool (below 250°F).
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APPENDIX C

Conversion of Sensor Voltage Reading

to Temperature and Heat Flux

Each microfoil heat flux sensor (thermopile-type, model number

20455-1, RdF, Inc.) included a type T (copper-constantan) thermocouple and

two multi-junction thermopiles on each side of the detector (see Figure

3.3). These sensors are self-generating transducers, requiring no special

wiring, reference junctions or signal conditioning. The use of an HP-3497A

high precision data logger also aided in obtaining maximum resolution.

Thermocouple voltage readings were converted to temperature, em-

ploying a polynomial fit suggested by Analog Devices [12] for type T ther-

mocouples:

TD = a0 + alE + a2E2 + a3E3 + a4E4 , in °C (C.1)

where a0 = 0,

al = 2.56613 x 10-2,

a2 = -6.19549 x 10-7,

a3 = 2.21816 x 10-11,

a4 = -3.55009 x 10-16, and

E = VT x 106, in Ay

and VT is the detector thermocouple reading in volts. No reference voltage

was necessary in computing E since the HP data logger was equipped with

hardware cold junction compensation. This polynomial fit has an accuracy
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of ± 0.5°C for temperatures between 0°C and 200°C, which is within the

range of the sensor surface temperature encountered in this study.

Signals in volts from detector thermopiles were converted to heat

flux using the following equation:

VD 106 F(TD)
(3.154) , in W/m2 (C.2)

SD

where VD is the detector thermopiles' voltage output in volts; SD is the

detector sensitivity constant in (AV/Btuift2hr) given by the manufacturer

at 21°C temperature for each detector, and F( TD) is the detector surface

temperature multiplication factor compensating for the change in thermal

conductivity of the sensor with temperature TD. Note that F(TD) used in

Equation (C.2) corresponds to a temperature which is at minimum elapsed

time with measured heat flux.

The multiplication factor, F( TD), is supplied by the manufacturer in

a plot of F vs. TD, Fig. (C.1). A second-order polynomial fit is per-

formed to estimate this factor between 50°C and 180°C, the range encoun-

tered in our experiment. The result is:

F(TD) = b0 + bi TD + b2TD2 TD in °C (C.3)
where b0 = 1.062806,

b1 = -2.794375 x 10-3, and

b2 = 5.144126 x 10-6.

The sensitivity constant, SD, of heat flux detectors and other specifi-

cations, as provided by the manufacturer, are given in Table (C.1). Gauges

numbered from 1 to 7 refer to the angular positions of sensors on each in-

strumented tube from the bottom, 0= 0°, to the top, 0= 180°, with 30° di-

vision, respectively. The three instrumented tubes are distinguished with
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letters B, M, and T, referring to the location of each tube in the array, and

are physically shown on the proper tube.

Table (C.1). Sensitivity constant of heat flux detectors,* SD,
at 70°F (21°C) surface temperature.

Gauge
No. 0(0)

Tube Tube Tube

1 0 0.223 0.234 0.224

2 30 0.236 0.215 0.206

3 60 0.207 0.206 0.209

4 90 0.211 0.199 0.236

5 120 0.208 0.209 0.211

6 150 0.203 0.221 0.208

7 180 0.208 0.204 0.203

*Maximum recommended heat flux = 50 Btu/ft2sec.
Response time (based on 62% response to step function for a

bare sensor) = 0.020 sec; maximum operating temperature
= 500°F.

Thermal capacitance (amount of heat required to raise thg
mean temperature of the sensor 1°F) = 0.01. Btu/ ft4 °F

Thermal resistance (temperature difference across the sensor
per unit o heat flow through the sensor) = 0.003.
°F /Btu/ ft4 hr
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APPENDIX D

Error Analysis of Heat Transfer Measurement

The Micro-Foil Heat Flow Sensor was covered by a 0.127 mm thick

stainless steel shim stock. Four sources of error, as previously identified

by George [87], inherent in the heat flux measurements are:

(a) The error in surface temperature measurement due to the pres-

ence of the shim stock.

(b) The error due to heat conduction along the shim stock surface.

(c) The error resulting from disturbance of thermal boundary layer

due to nonuniform surface temperature in the bubble contact re-

gion.

(d) The error due to calibration and data acquisition.

These errors will be discussed and their magnitudes estimated in the fol-

lowing. Note that in operation the heat flux signal was found to vary less

than 5% from its time-average value. Therefore, only a steady-state error

analysis will be made. Time-averaged values will be used for all parame-

ters.

D.1 Error in (a)

George [87] computed the temperature drop across the shim stock,

for the worst possible case, to be less than 1.8 K. This was only 0.3 per-

cent of the bed-to-tube surface temperature difference. The error in (a)

is thus negligible and not considered in this study.
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D.2 Error in (b)

For estimating this error, George [87] performed a two-dimensional

steady-state heat conduction analysis to assess the ratio of heat flux trans-

mitted to the sensor to that absorbed at the upper surface of the shim

stock. A ratio of about 0.98 was found, i.e., only about 2 percent of the

heat flux absorbed at the upper surface of the shim was not conducted to

the sensor's active area. Note that in this analysis the temperature drop

across the shim was neglected.

In the present study, the sensors were mounted side-by-side around

half of the tube periphery. Therefore, the nonuniformity in surface tem-

perature in the 0 direction would be largely eliminated. A maximum tem-

perature difference of about 6 K was found for each sensor, in this direc-

tion, for a typical high-temperature experiment. For this reason, only a

one-dimensional steady-state heat conduction analysis was considered. A

uniform convective boundary condition is assumed for the upper surface and

a uniform temperature, Tw2, at the edge, x = x0, Figure (D.1), of the

sensor. The sensor is considered to represent a contact resistance,

Rgage, between the shim stock and tube wall. Boundary conditions and the

coordinate system for this analysis are also given in Figure (D.1).

The formulation of the pfoblem is:

or

d2Ts q2 - q1 h2(Ts-Tw2) - h (TB-Ts)
k161 k181

d2Ts h2 + h1 h2Tw2 + h1TB
772-C k 1 1

Ts
kib

(D.1)

(D.2)
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Fig. (D.1) Boundary conditions and coordinate system
for heat conduction analysis.



Boundary conditions are

and

T s ( X 0 ) = Tw2

dTs(0)
0 .

dX

Equation (D.2) can be reduced to:

d277

ax
where

- m2i 0

m2
h2 + h1 h2Tw2 + hiTB

, n =
kibi

n
and n(x) = TS(x)

The boundary conditions are then

and

n(x0) = Tw2
n

n-7.7
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(D.3)

(D.4)

(D.5)

(D.6)

(D.7)
dX

The general solution of Equation (D3) can be written in the form

n(x) = a1 cosh(mx) + a2 sinh(mx) (D. 8)

Using the boundary conditions, then

Tw2 n/m2

and therefore

cosh(mx0) a2 =

n n
Ts(x) = n(x) + = a1 cosh(mx) + .

mh mh
(D.9)



One quantity of interest is the ratio of heat transmitted to the sensor to

that absorbed at the upper surface of the shim stock:

q2 h2(TsTw2)

q1 hl(TB Ts)

The parameters used are as follows:

TB = 1005 K,

Tw2 = 385 K,

h2 liRgauge = 1892 W/m2 K,
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(D.10)

h1 = 231 W/m2 K,

ki L; 20 W/m K, and

Si = 0.127 mm.

After averaging the calculated values of q2/q1 over the sensor's active

area, it was found that about 99 percent of the heat flux absorbed at the

upper surface of the shim stock was conducted to the sensor. This value

should be a little smaller for sensors positioned at 0 = 0° and 0 = 180°

for obvious reasons.

D.3 Error in (c)

A laminar thermal boundary layer analysis was performed by George

[87] to investigate the error caused by part (c). A relative error of about

4 percent was found for nonuniformity in surface temperature, using the

data of bubble contact fraction given by Catipovic [47].

As mentioned earlier, by mounting sensors side-by-side around half

of the tube periphery, the nonuniformity in surface temperature, and the as-

sociated measurement error, would be substantially reduced. Therefore,

this error is neglected in the present study.
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D.4 Error in (d)

The local heat transfer coefficient is given by

q0 CVD
(D.11)

TB - TWO TB Two

where C = heat flux sensor calibration constant at the given surface

temperature and

VD = voltage output of the sensor.

The root-sum-square (RSS) random error for calibration and data

acquisition is (see, for example, Thrasher & Binder [186]; Kline & McClin-

tock [130]; and Doeblin [66]):

Oho)
hOran

2

(ATB)2

(TB -TWO) 2

The RSS random error is then calculated using the uncertainty in

each quantity based on the manufacturer's specifications and operating expe-

rience. For a typical high temperature experiment, the maximum random

error was found to be

Oho) (10)2 + (4)21/2
= [( 0 . 0 5 ) 2 + (0.05)2 +

(810-417)2heiran

± 0.08 .

Errors in tube wall temperature and bed temperature contribute very little

to the random error.

(D.12)



D.5 Overall Error

The inherent error in (b) computed in section D.2 is next added to

the random error to obtain the overall error:

(Aho)

k hOoverall
= (+0.08, -0.08) + (0, -0.01)
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= ( +0.08, 0.09) .

Therefore, it is concluded that the values of the local heat transfer

coefficient reported are approximately within the range of (+0.08, -0.09) of

actual values.
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APPENDIX E

Computer Program

The BASIC computer program (COL-RED) listed here is written for

the HP-85 (Hewlett-Packard) microcomputer. The program is self-

explanatory. Instructions and helpful remarks are provided in the program.

Additional related information is given in Sections (3.3), (4.3), (4.4), and

Appendix C.

In summary, the program is capable of executing the following oper-

ations:

a. Superficial gas velocity calculation: The program calculates Up

by using the results of the venturimeter calibration. These val-

ues as inputs are bed temperatures (°F), particle size (mm),

air inlet pressure (in Hg), and temperature (OF) downstream

from the venturimeter.

b. Sensors temperature calculation: Due to the temperature limit

for the epoxy, the detector temperatures are monitored con-

stantly during the runs to assure safe operation.

c. Data collection: The program scans all the voltage signals from

the sensors and displays, prints, or stores them, if desired.

d. Data reduction: The program converts the voltage signals, col-

lected in c above, to temperature and heat flux, calculating the

heat transfer coefficient from these results. From the coeffi-
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cients, the time-averaged local values are computers. Finally,

spatial-averaged values are calculated from the local values.

e. Storing, printing, and displaying data: All the reduced data can

be stored, printed, or displayed, if desired.

f. Plotting the data: The program displays and prints graphs of

time-averaged local values in terms of angular position, if de-

sired.
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10 ! ***** ( COL-RED ) *****
20 !

30 !

40 ! THIS PROGRAM COLLECTS AND STORES
50 ! ALL VOLTAGE SIGNALS FROM 21 SENSORS
60 ! ( A TOTAL OF 42 SIGNALS, 21 FOR
70 I TEMPARATURE AND 21 FOR HEAT FLUX ).

80 ! THE SIGNALS ARE THEN REDUCED TO
90 I TEMPARATURE AND HEAT FLUX; AND FROM
100 THEM THE LOCAL HEAT TRANSFER COEF.
110 ARE COMPUTED. NEXT TIME-AVERAGED
120 AND SPATIAL-AVERAGED VALUES ARE
130 COMPUTED AND ARE STORED.
140 THE PROGRAM ALSO COMPUTES THE
150 SUPERFICIAL GAS VELOCITY. THE
160 TEMPARATURE OF THE SENSORS CAN
170 BE MONITORED DURING THE RUN.
180 THE COLLECTED AND THE REDUCED
190 i DATA AND GRAPHS OF THE TIME-
200 AVERAGED VALUES VS. ANGULAR
210 POSITION CAN BE DISPLAYED AND/OR
220 PRINTED IF DESIRED.
230 CLEAR
240 ON KEYS 1," UO " GOTO 310
250 ON KEYS 2," TEMP GOTO 910
260 ON KEYS 4," SCAN " GOTO 1540
270 ON KEY 6," NEXT " GOTO 18E0
280 KEY LABEL
290 GOTO 290
300 ! U0 CALCULATION
310 I VENTURI DATA PROCESSING
320 65=980.6 @ D6=2.4414 @ F6=1
330 F5=1.0342 @ C5=.984 @ S7=3.5 @ 85=.50505051
340 I INPUTS

350 DISP "WHAT IS PARTICLE DENSITY(gr/c3) AND DIAMETER(mm)";@ INPUT R6,P5
360 DISP "WHAT IS BED TEMP('F)";@ INPUT T6
370 DISP "WHAT IS AIR INLET TEMP ('F) AND PRESS(inHg) AND PRESS DROP(inH20)"0 I
NPUT T5,P6,05
380 I ----STARTS CALCULATING
390 T7=(.02*T6-1.29)/(1663.1-.085*T6)
400 R7=.6297/(459.7+T6)
410 M5=.0003934+.0000001376*(T6-1200)
420 A6=M5/(P5*R7)
430 A7=P5*P5*P5*G5*R7*(R6-R7)/(M5*M5)
440 A8=SQR (33.7*33.7+.0408*A7)
450 U6=A6*(A8-33.7)
460 U7= U6/30.48
470 P6=P6*.4912
480 P7=14.697+P6
490 P8=P7-.03613*D5
500 R5=P8 /R7
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510 S6=P5'1.429
520 S8=(1-R5".2857)/(1-R5)
530 S9=(1-135^4)/(1-65"4*S6)
540 Y5 =SQR (S6*S7*S8*S9)

550 66=39.626/(T5+469.7)
560 G7=GE*P7*.068041

570 W5=5.983*C5 *F5*06*F6*Y5*SOR (D5*G7)
580 AS=W5/67
590 S5=A5*36.0414*P7/(T5+459.7)
600 P6=P6/.4912
610 66=55*T7
620 C6=(S6+2*B6)*(459.74-76)/529.7
630 U0=C6/120
640 U8=U0 /U7

650 1 ----FINISHED CALCULATING---
660 DISP

670 DISP "DO YOU WANT THE OUTPUT DISPLAYED OR PRINTED(1=DISP,2=PRINT)";
680 INPUT X50 IF X5>2 OR X5<1 THEN 670
690 ON X5 GOTO 700,710
700 CRT IS 1 @ GOTO 720
710 CRT IS 2
720 DISP

730 DISP 'PARTICLE DENSITY=",R6;"gr/c3"
740 DISP "PARTICLE DIAMETER=",P5;"mm"
750 DISP "BED TEMP=",T6;"'F"
760 DISP "AIR INLET TEMP=",T5;"'F"
770 DISP "AIR PRESS DROP=",D5;"inH20"
780 DISP "AIR INLET PRESS= ",P6 ; "inHg"
790 DISP "CAS DENSITY=",R7;"GAS VISCOSITY=",M5
800 DISP W5,A5,S5,B6,U8
810 DISP "UMF="1U6
820 DISP "SUPERFICIAL VELOCITY=",U0;"ft/sec"
830 CRT IS 1

840 DISP

850 DISP "PUSH CONT FOR KEY LABEL"
860 PAUSE
870 GOTO 240
880 ! SENSORS THERMOCOUPLE VOLTAGE READINGS
890 ! AND TEMPARATURE CALCULATIONS
900 CLEAR
910 !

920 CLEAR 709
930 OUTPUT 709 ; "AFOAL21"

940 OPTION BASE 1

950 DIM 8(21),T1(21 )

960 FOR 12=1 TO 21
970 OUTPUT 709 ;"AS"
980 ENTER 709 ; B(I2)
990 NEXT 12

1000 A1=0 0 A2=.0256613 @ A3=-.000000619549
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1010 A4=2.21816E-11 @ A5=-3.55009E-16
1020 FOR J2=1 TO 21
1030 Y=B(J2)*1000000
1040 T1(J2)=Al+Y*(A2+Y4(A3+Y*(A4+Y*A6)))
1050 NEXT J2
1060 FOR L2=1 TO 7
1070 DISP USING 1080 ; L2;T1(L2);L2+7;T1(L2+7);L2+14;T1(L.24-14)
1090 IMAGE 0,2X,3D.D,2(2X,20,2X,30.0)
1090 NEXT L2

1100 DISP "DO YOU WANT TO PRINT THE DATA?" @ INPUT C1$
1110 IF C1$(1,1]="N" THEN 1160
1120 FOR K2=1 TO 21
1130 PRINT USING 1140 ; K2(1.1(2)
1140 IMAGE DD,6X,30.2D
1150 NEXT K2

1160 DISP "DO YOU WANT NEW SET OF DATA?" @ INPUT C2$
1170 IF C2$[1,13="N" THEN 240
1180 GOTO 900
1190 ! *4E4** DATA COLLECTION ****
1200 !

1210 ! DATA AQUISITION AND
1220 ! REDUCTION PROGRAM
1230 !

1240 ! DATA LOGGER AND CONTROLER
1260 ! ARE HP3497A AND HP85
1260 !

1270 ! SITUATION OF BNC CABLES:
1280 ! EXIT TRIG TO TIMER
1290 ! EXT INCR TO VM COMPLETE
1300 ! CHANNEL SELECTION:
1310 ! 0 THRU 20 FOR THERMOC.
1320 ! 21 THRU 41 FOR H.F.
1330

!

1340 !

1350 !

1360 ! DATA LOGGER PSEDO CODES:
1370 ! "AFO" DEFINES FIRST CHAN.
1380 ! "AL41" DEFINES LAST CHAN.
1390 ! "AS" DEFINES ANALOG STEP
1400 !

1410 ! THIS IS FOR KEEPING THE RECORDS
1420 CLEAR
1430 DISP WHAT IS THE NO. OF READINGS PER CHANNEL?"
1440 INPUT N
1450 DISP "WHAT IS THE RUN NO.?"
1460 INPUT R

1470 DISP "WHAT IS THE VEL. NO."
1490 INPUT V
1490 DISP " WHAT IS THE TEMP. NO."
1500 INPUT T
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1510 DISP " WHAT IS THE BED TEMP.('F)"
1520 INPUT B

1530 DISP "ARE THE NUMBERS CORRECT?" @ INPUT 01$
1540 IF 01$11,1I="N" THEN 1430
1550 ! DATA LOGGER SET UP
1560 I AND TAKING DATA
1570 DIM A(42,25)
1580 CLEAR 709

1590 OUTPUT 709 CAFOAL41"
1600 CLEAR @ DISP IT IS NOW TAKING DATA"
1610 SETTIME 0,0
1620 FOR J=I TO N
1630 FOR I=1 TO 42
1640 OUTPUT 709 ;"AS"
1650 ENTER 709 ; A(I,J)
1660 NEXT I

1670 NEXT J
1680 E=TIME
1690 ! DONE TAKING DATA
1700 CLEAR @ DISP "DONE TAKING DATA"
1710 DISP "TIME=";E;"Sec"
1720 GOTO 240

1730 ON KEYS 1,"DISP(V)" GOTO 1810
1740 ON KEY4 2,"STORE(V)" GOTO 2190
1750 ON KEY4 4,"PRINT(V)" GOTO 1980
1760 ON KEY4 6,"NEXT" GOTO 2940
1770 ON KEYS 8,"PROCESS" GOTO 2500
1780 KEY LABEL
1790 GOTO 1790
1800 I DISP VOLTAGE
1810 CLEAR
1820 FOR L=1 TO N
1830 DISP L
1840 DISP USING 1850
1850 IMAGE "GAGE",6X,"VOL(T)",8 X,"VOL(0)",2/
1860 FOR K=1 TO 21
1870 DISP USING 1880 ; K,A(K,L),A(K+21,L)
1880 IMAGE DD,2(5X,MD.6D)
1890 NEXT K
1900 DISP A(42,L)
1910 !

1920 DISP "DO YOU WANT TO CONTINUE @ INPUT A2$
1930 IF A2$C1,13="N" THEN 1950
1940 NEXT L
1950 CLEAR

1960 GOTO 1730
1970 ! PRINT VOLTAGE
1980 PRINT

1990 PRINT "NO. OF PEADINGS=",N,"TIME(Sec)=",E
2000 PRINT "RUN NO.=',R,"VELOCITY NO.=",V
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2010

2020
2030

2040

2050
2060

2070

2080

2090

2100
2110

2120
2130
2140

2150

2160
2170
2180

2190
2200
2210

2220
2230

2240

2250
2260

2270

2280
2290

2300

PRINT "TEMP NO.=" ,"BED TEMP.('F) = ",B

FOR P=1 TO N
PRINT "SCANNING NO.=",P
PRINT USING 2050
IMAGE 3/,"GAGE",6X,"VOL(T)",8 X,"VOL(Q)",2/
FOR M=1 TO 21
PRINT USING 2080 ; M,A(M,P),A(M+21,P)
IMAGE 00,2(5X,MD.60)
NEXT M
PRINT A(42,P)
!

CLEAR

DISP "DO YOU WANT TO CONTINUE?" @ INPUT A4$
IF A4$C1,1l="N" THEN 2160
NEXT P
CLEAR
GOTO 1730

! STORE VOLTAGE
MASS STORAGE IS ":0700"

!

CLEAR
! DISP "WHAT NAME DO YOU WISH TO STORE THE DATA UNDER?"
! DISP "THE NAME GOES WITH THE RUN NO."
! INPUT A6$
! DISP IS IT A RIGHT NAME?" @ INPUT C2$
! IF C2$[1,1)="N" THEN 1990
! DISP "HAS THIS FILE BEEN PREVIOUSLY CREATED?" @ INPUT A7$
! IF A7$E1,1"N" THEN CREATE A6$,32,41*N*8
DISP "WHAT IS THE RECORD NO.YOU WANT TO STORE THE DATA IN?"
DISP "RECORD 1-15 AND 16-30 FOR FIRST AND SECOND TEMP. AND 31 & 32 FOR PACK

ED BED"
2310 INPUT D

2320 DISP "IS IT A RIGHT NO.?" @ INPUT C3$
2330 IF C3$(1,11="N" THEN 2310
2340 ASSIGNS 1 TO "RUN1"

2350 CLEAR
2360 PRINTS 1,0 ; A(,)

2370 ASSIGNS 1 TO *

2380 CLEAR
2390 DISP "STORING DATA FINISHED"
2400 GOTO 1730
2410 ! DATA REDUCTION PROGRAM
2420 ! CONVERTS THE VOLTAGES TO
2430 ! TEMP. ,HEAT FLUX AND ALSO
2440 1 CALCULATES HEAT TRANSFER
2450 ! COEFF.
2460 C

2470 ! DEFINE THE DIM FOR GAGE
2480 ! COEFF.,TEMP.,H.F. AND
2490 ! HEAT TRANSFER COEFF.
2500 CLEAR
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2510 1 ***** DATA REDUCTION *****
2620 DIM S(21),T(21),0(21),H(21)
2530 ! INPUT GAGE COEFF.( CALIBRATION CONSTANT )

2540 FOR I1=1 TO 21
2550 READ S(I1)
2560 NEXT Il

2570 DATA .223,.236,.207,.211,.208,.203,.208
2580 DATA .234,.215,.206,.199,.209,.221,.204
2590 DATA .224,.206,.209,.236,.211,.208,.203
2600 !

2610 DISP "PROCESSING THE DATA"
2620 FOR J1=1 TO 21
2630 T(J1),Q(J1),H(J1)=0
2640 NEXT J1
2650 ! CONVERSION OF VOLTAGES TO
2660 ! TEMP,H.F. & HEAT TRASFER
2670 1 COEFF.
2680 ! INPUT THE POLYNOMIAL
2690 ! COEFF. FOR TEMP.:
2700 A1=0 @ A2=.0256613

2710 A3=-.000000619549 @ A4=2.21816E-11 @ A5=-3.55009E-16
2720 1 INPUT POLYNOMIAL COEFF.
2730 ! FOR CURVE FITTING TO
2740 ! FIND GAGE MULTIPLICATION
2750 ! FACTOR
2760 81=1.05052 @ B2=-.00257113 @ B3 =.0000042123
2770 ! BED TEMP IN DEG C :

2780 61=(13-32)45/9
2790 FOR K1=1 TO 21
2800 FOR L1=1 TO N
2810 Z=A(K1,L1)*1000000
2820 T1=A1+2*(A2+2*(A3+2*(A4+2*A5)))
2830 T(K1)=T(K1)+T1
2840 F=B1+T1*(132+63*T1)
2850 21=A(K1+20,L1)*1000000
2860 01=21*3.154*F/S(K1)
2870 Q(K1)=Q(K1)+01
2880 H1=01/(61-T1)
2890 H(K1)=H(K1)+H1
2900 NEXT Ll
2910 T(K1)=T(K1)/N @ D(K1)=0(K1)/N @ H(K1)= H(K1) /N
2920 NEXT K1
2930 GOTO 1730
2940 ON KEYS 1,"STORE-AV" GOTO 3040
2950 ON KEYS 2 GOTO 2940
2960 ON KEYV 3,"DISP-AV" GOTO 3230
2970 ON KEY# 4 GOTO 2940
2980 ON KEYS 5,"GRAPH" 60T0 3340
2990 ON KEYS 6,"PRINT-AV" GOTO 3650
3000 ON KEY# 8,"FINISH" GOTO 3770
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3010 CLEAR @ KEY LABEL
3020 GOTO 3020
3030 I STORE AVAREGED DATA
3040 MASS STORAGE IS ":0701"
3050 ! DISP "WHAT NAME DO YOU WISH TO STORE THE DATA UNDER?"
3060 1 DISP THE NAME GOES WITH AVRUN NO."
3070 ! INPUT 81$
3080 ! DISP " IS IT A RIGHT NAME?" @ INPUT C4$
3090 ! IF C4$(1,1)="N" THEN 2840
3100 ! DISP "HAS THIS FILE BEEN PREVIOUSLY CREATED?" @ INPUT B2$
3110 1 IF 62$[1,1)="N" THEN CREATE 81$,32,21*3*8
3120 CLEAR

3130 DISP "WHAT IS THE RECRD NO. YOU WANT TO STORE THE AVERAGE DATA IN?"
3140 DISP "RECORD 1-15 AND 16-30FOR FIRST AND SECND TEMP. AND 31&32 FOR PACKED B
ED'

3150 INPUT DI
3160 DISP " IS IT A RIGHT NO.?" @ INPUT C5$
3170 IF C5$(1,13="N" THEN 3150
3180 ASSIGNS 2 TO "AVRUN1"
3190 PRINTS 2,D1 ; T(),0(),H"
3200 ASSIGNS 2 TO *

3210 GOTO 2940
3220 1 DISPLAY AVERAGED DATA
3230 CLEAR

3240 DISP USING 3250
3250 IMAGE 3/,'GAGE',2X,"T('C)",2X,"Q(W/M2)",2X,"H(W/M2'K)",2/
3260 FOR N1=1 TO 21
3270 DISP USING 3280 ; NI,T(N1),Q(N1),H(N1)
3280 IMAGE DD,2X,3D.2D,2X,61).2D,2X,513.2D
3290 NEXT N1

3300 DISP "PUSH CONT TO BACK TO KEY LABEL"
3310 PAUSE
3320 GOTO 2940
3330 ! GRAPHS
3340 CLEAR
3350 DIM W(21)

3360 DISP "T=1,Q=2,H=3,>3 OR <1 KEY LABEL"
3370 INPUT SI@ IF S1>3 OR S1(1 THEN 2940
3380 ON SI GOTO 3390,3430,3470
3390 FOR P1=1 TO 21
3400 W(P1)=T(P1)
3410 NEXT P1
3420 GOTO 3510
3430 FOR P1=1 TO 21
3440 W(P1)=Q(P1)
3450 NEXT P1
3460 GOTO 3510
3470 FOR P1=1 TO 21
3480 W(P1)=H(P1)
3490 NEXT P1
3500 GOTO 3510
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3510 CLEAR
3520 DISP "XI,X2,Y1,Y2,LX,LY"
3530 INPUT X1,X2,Y1,Y2,L1,1-2
3540 GCLEAR
3550 SCALE X1 ,X2,Y1 ,Y2

3560 XAXIS Y1,L1 @ YAXIS X1,L2
3570 LDIR 0 @ MOVE X1,Y1
3580 LABEL "$"&VAL$ (D)&"$"&VAL$ (X1)&"$"&VAL$ (X2)&"$"
3590 FOR V-X1 TO X2
3600 DRAW V,W(V)
3610 NEXT V
3620 PAUSE
3630 GOTO 3360
3640 ! PRINT REDUCED DATA
3650 PRINT
3660 PRINT "NO. OF READINGS=",N,"RUN NO.=",R
3670 PRINT 'VELOCITY NO.=",V,"TEMP. NO.=",T
3680 PRINT "BED TEMP('F)=",B,"RECORD #=",D1
3690 !

3700 PRINT USING 3710
3710 IMAGE 3/"6AGE",2X,"T('C)",2X,"Q(W/M2)",2X,"H(W/M2'K)",2/
3720 FOR M1=1 TO 21
3730 PRINT USING 3740 ; MI,T(M1),O(M1),H(M1)
3740 IMAGE DD,2X,30.213,2X,60.20,2X,50.20
3750 NEXT Ml
3760 CLEAR @ GOTO 2940
3770 CLEAR
3780

3790 MASS STORAGE IS ":D700"
3800 DISP "****** END ******'
3810 END


