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Abstract approved

Gas mixing is studied in fluidized beds of large particles. The

bed is 0. 483 m by 0. 127 m (19 in. by 5 in. ) in cross section and has
transparent plexiglass panels on the front and back. A tube matrix
made of twenty-seven 50.8 mm (2 in.) diameter plexiglass cylinders
fixed in an equitriangular pitch (with the pitch to diameter ratio equal

to 2) is used to study the effects of tubes. Experiments are done in a

bed with and without tube array. Sand and dolomite particles with

mean particle diameter of 1.3 mm (0. 051 in. ) to 4.0 mm (0. 157 in.)

are used. Gas velocities are varied from minimum fluidization

velocity to an excess velocity of 2.5 m/s.
Two large particle fluidization regimes are described. The

experimental evidence is presented in support of the existence of slow

bubble and exploding bubble regimes. A semi-theoretical equation
establishing the boundary between these two modes of fluidization is

derived.
A slow bubble regime is encountered in the bed in which the

interstitital velocity of the gas exceeds the rising velocity of bubbles.

Here the gas uses the bubble as a convenient shortcut on its way

through the bed.



The exploding bubble regime is reached at higher superficial gas
velocities when the bubble growth rate is of the same magnitude as the

bubble rise velocity. Large pressure drop oscillations, gross gas
bypassing, defluidization of some of the particles and rapid bubble
growth are characteristics of the exploding bubble regime.

A new criterion is suggested for distinguishing between the fast

and the slow bubble regimes. The criterion is derived as a relation-
ship between two non-dimensional groups.

The expansion of the bed of large particles with and without tube

array is also studied. Theoretical equations are proposed for cor-

relating relative bed voidage versus relative excess gas velocity.
They are based on the two-phase theory and all are developed as a

special case of one general equation.
The equation derived for the slow bubble regime fits the experi-

mental data of this study better than other existing correlations. The

equation developed for the fast bubble regime compares favorably with
literature data for fine particles. A special case of the general
equation can be developed for stationary bubbles and for the slugging

regime.
It is found that there is little difference in expansion of beds with

and without a tube array at low excess gas velocities. However, for

higher excess gas velocities expansion is considerably greater for

beds with a tube array. Exploding bubbles in a bed without tubes are

responsible for this difference.
The dispersion of tracer gas injected continuously through a line

source above the distributor plate is determined for time-averaged

concentration measurements. The tracer concentration at points

within the bed is successfully predicted using a single-phase model

with interstitial gas velocity (based on average bed voidage) as a

characteristic fluidization velocity. The model is insensitive to axial



dispersion and depends only on radial dispersion coefficients. The

radial dispersion coefficient does not depend on either horizontal or
vertical position in the bed and is a strong function of excess gas
velocity.

Considerable difference is found in tracer dispersion in beds
with and without tube array.

A new model, called the meandering flow model, is proposed
for gas flow through fluidized beds of large particles. The concept of

meandering flow is developed on the basis of actual physical movement

of gas.

The series of peaks observed in tracer concentration data
records are explained by a bulk lateral movement of gas induced by
large bubbles. A simple mathematical technique is suggested for the
analysis of tracer data. As a result of the application of the meander-
ing flow model the turbulent and meandering dispersion coefficients
are defined. Meandering of fluid through the bed does not contribute
to gas mixing, and consequently the meandering dispersion coefficient
has to be subtracted from the overall radial dispersion coefficient.
Only the turbulent dispersion should be used in the evaluation of the
extent of gas mixing in fluidized beds of large particles, which con-
tributes to gas phase combustion.
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NOTATION

a ratio of horizontal and vertical distance from the tracer
source (y/z)

2
A

o
cross-sectional area of the fluidized bed (m )

Al cross- sectioiial area open to flow in fluidized beds with
internals (m )

b constant; appears in various places in text

c concentration of gas tracer (ig /m3)

c fluctuating concentration (kg /m3) (see eq. (7.3))

c time average concentration of gas tracer (kg/m3)

c* normalized time average concentration of gas tracer
(c(y. z)/c(0, z))

C constant; appears in various places in text

db
effective bubble diameter (m)

dp surface mean particle size (m)

dpL limiting particle diameter above which is impossible to have
fast bubbles in the bed without transition to exploding bubbles

dt

Dm

Dt

D , D
y

Dz

f

gc

g

(m)

bed diameter (m)
2meandering dispersion coefficient (see eq. (7. 6)) (m /s)

turbulent dispersion coefficient (see eq. (7. 7)) (m2/s)

2radial dispersion coefficient (m /s)

axial dispersion coefficient (m2/s)

frequency (1 /s)

= 1 (kg -m)/(N. s") conversion factor
29. 81 (m/s ), acceleration of gravity



L height (m)

Lo distance between the distributor plate and the tube bank (m)

L height of the fixed bed (m)m

Lmf bed height at minimum fluidizing conditions (m)

Lf height of the bubbling fluidized bed (m)

m(x, z) a probability function which describes the bulk lateral
motion of gas 1 /m)

p pressure (N im2)

Op pressure drop (1\1/m2)

r distance from the gas tracer source (m)

t, T time (s)

t(y-x, z) a function which describes the tracer gas concentration
resulting from the eddy type dispersion (kg /m3)

T
0

ub

ubr

ue

of

umf

temperature (°C)

characteristic fluidization velocity, u o/E (m/s)

velocity of bubble rising through a bed (m/s)

velocity of bubble with respect to emulsion phase (m/s)

upward velocity of gas through the emulsion phase (m/s)

upward velocity of gas at minimum fluidizing conditions (m/s)

superficial gas velocity at minimum fluidizing conditions
(m/s)

u' fluctuating velocity (m/s) (see eq. (7.3))

ut terminal velocity of falling particles (m/s)

u mean velocity (m/s)



uo superficial velocity (m/s)

u space averaged superficial velocity (m/s)
os

time averaged superficial velocity (m/s)
OT

6u excess gas velocity (uo-umf), (m)

v volumetric flow rate of gas (m3 /s)

3
V

f
volume of fluidized bed (m )

Vmf volume of fluidized bed at minimum fluidizing conditions (m )

x characteristic distance (m) (see Figure 7. 2)

y horizontal distance from the gas tracer source (m)

z vertical distance from the gas tracer source (m)

Greek Symbols

a ratio of effective bubble throughflow to bubble throughflow

6 volume fraction of fluidized bed consisting of bubbles

E average void fraction in the fluidized bed

E ,E ,E ,E
m void fraction in the emulsion phase of a bubbling bed,

in a bubbling bed as a whole, in a bed at minimum
fluidizing conditions, and in a packed bed, respectively

reduced horizontal distance (eq. (6. 2)) (m)

Gag viscosity of gas (kg/m. s)

P g , Ps gas density, solid density (kg /m3)

0-t
= Dtz /u mean square displacement of gas tracer due to the
eddy motion (m4)

2
o- = D z /u mean square displacement of gas tracer due to the
m meandering of the fluid (m2)



Dz /u overall mean square displacement of gas tracer (m 2
)

mean residence time of fluid in the fluidized bed (s)

sphericity of a particle

coefficient (see eq. (5. 15))



GAS FLOW IN FLUIDIZED BEDS OF LARGE PARTICLES,
EXPERIMENT AND THEORY

INTRODUCTION

Most applications of fluidized beds involve gas: fulidization of

fine' particles (usually less thane 5 mm in diameter), Many investi-
gators have researched gas flow, heat transfer and solid mixing in
fine particle beds and have produced a number of very good relations.
Several models based on the behavior of bubbles have been developed
and used successfully to describe the performance of a fluidized bed
as a chemical reactor.

Unfortunately, these correlations and models are not applicable
for fluidized beds of large particles, and cannot be used to predict
behavior of such beds, Major differences in the fluid dynamic behav-
ior of the beds of coarse and fine particles come from the different
nature of gas flow through and around ascending bubbles.

Fluidization of large particles was not studied extensively until

recently. Beds of coarse particles became more important with
increased interest in fluidized bed coal combustion. Fluidized bed

combustors typically use large limestone particles (greater than 1 mm

IIn this work particles are characterized as small or fine if
they are of such size and density that gas velocity at minimum fluidiza-
tion is smaller than the rising velocity of bubbles. Particles which
are of such size and density that the velocity of gas at minimum
fluidization exceeds the rising velocity of bubbles will be in general
called large or coarse particles. These terms do not designate any
complete or exact classification of particles but refer to hydrodynamic
conditions around bubbles in fluidized beds. The choice of words may
be unfortunate, but it is already established in literature. They are
part of common understanding between investigators in this field.
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in diameter) to scavenge the SO2 produced by burning sulfur-
contai -ling coal.

A number of other applications of large particle fluidization
have been found, including incineration of solid waste, separation of
nuclear waste products, flue gas cleaning, solvent extraction and dry-

ing. Applications will probably increase in the near future because
other processes may benefit from advantages which fluidized beds of

large particles offer. If such processes are to be designed by some-
thing other than trial and error, then extensive and detailed research
is needed in the areas of solid mixing, heat transfer and gas mixing.

The goal of this work is to provide fundamental data in the area
of gas mixing and the better understanding of basic phenomena which

takes place in fluidized beds of large particles.
We began our investigation without knowing what to expect and

with little literature to guide our experiments. Being in the situation
to conduct an on line" research, with only the global goals specified,
made it sometimes difficult to make the right decision and required a
lot of intuition and experience from the senior investigators. The

course of the investigation was by no means straightforward. The

experimental program had to be partially redesigned a couple of times,
because we were constantly discovering and learning new facts about

phenomena of large particle fluidization. This is probably the reason
why the presented material covers only a portion of our experimental

efforts. Several "loose ends" left behind are actually beginnings for
new studies one of which is already underway. A large amount of

information is collected on magnetic tapes. We could only begin their

analysis and it is up to the future studies to make a maximum use of

them.
In Chapter II, the "stage" is set for everything presented later

on. The basic definitions are given and fluidization language is



introduced, In Chapter III the experimental set up is described, Iri

the remaining chapters the presentation follows a common rule:
Experimental data are presented first, and then in the very next
chapter theoretical developments are presented. It is hoped that keep-
ing experimental data separated from the other part of the thesis will
make it easier to find the necessary information. We have given up
on the common practice of keeping a literature survey in a single
place. There are very few articles which deal with fluidization of
large particles; so the decision was made to reference and discuss
those publications only when they are in close connection with a given
subject.

Chapters IV through VII deal with experimental data and theo-
retical analysis of bed expansion and gas dispersion.

They are actually the heart of this work. Summary and
re .ommendations are presented in Chapter VIII. The Appendices con-

tain derivations and other detailed information which is not included
in the main text.
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II. REGIMES OF FLUIDIZATION IN BEDS
OF LARGE PARTICLES

Introduction

An analysis of the motion of fluid and particles in the neighbor-
hood of rising bubbles was first given by Davidson (2). Davidson's

elegant model successfully accounted for the movement of both gas

and solids and for the pressure distribution around bubbles, Since

then, many extensions and improvements were suggested; Jackson
(52), Pyle and Rose (3): Murray (4), were the first to make contribu-
tions. However, Davidson's model is still used and referred to more
often than to other versions because of its simplicity and basic cor-

rectness.
The behavior of the fluid in a bubbling bed is fundamental to any

first principle calculation of the efficiency of fluidized beds as a

chemical reactor. The streamlines followed by the fluid near rising
bubbles were derived by Davidson as the central part of his model.
Davidson assumed that the emulsion phase obeys the laws of potential
flow and that. relative to the particles, the interstitial fluid velocity
is given by Darcy's Law. However, Davidson's results refer only to

the flow outside the rising bubble. A theory describing the flow within

the rising bubble was given by Pyle and Rose (3) some three years

later.
Figure 2. 1 summarizes the efforts of both Davidson and Pyle and

Rose. There are two basic flow situations which may occur around

and within the bubble. The one shown on Figure 2, la represents the

so -called fast bubble and the other one, Figure 2. lb is the slow bubble.

The differences in fluid flow characteristics associated with these two
types of bubbles are of great importance. They actually define two



(a) FAST BUBBLE

4

(b) SLOW BUBBLE

Figure 2. 1. Differences in gas streamlines between a fast bubble and a slow bubble.
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different regimes of fluidization which we discuss below. (In the

Appendix A we develop a criterion, in terms of nondimensional groups:

for distinguishing between slow and fast bubbles. The criterion is
based on the existing experimental and theoretical equations and is
good for any particle size, density, fluid and temperature.

Regimes of Fluidization

Figure 2. 2 represents a qualitative map of the regimes
encountered when large and moderately large particles are fluidized.

A fast bubble regime exists in the bed in which the gas percolat-
ing through the emulsion is moving upward slower than the bubble°

uf < ubr (2. 1)

Gas enters the lower part of the bubble and leaves at the top.
However, it is then swept around and returns, forming a captive
cloud around the bubble. Fast bubbles are characteristic of beds of
fine particles, although particles up to 1 mm may find themselves in

this regime at least for higher values of uoiumf.

The various bubble-and-emulsion models (Rowe (5), Partridge

and Rowe (6), Latham et al. (7), Kunii and Levenspiel (8), Kato and

Wen (9), Fryer and Potter (10)) were developed for the fast bubble

regime. All these models assume that most of the gas which passes
through a bubble is recirculated back to it, and they define mass
transfer coefficients which are based on limited exchange of gas

between locally mixed bubbles and emulsion regimes.

A slow bubble regime is encountered in a bed in which the

interstitial velocity of the gas exceeds the rising velocity of the

bubble
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Turbulent Regime

\
Fast \ Exploding

Bubbles Bubbles

Slow
Bubbles

PARTICLE DIAMETER, dp

Figure Z. 2. A qualitative map of large particle fluidization regimes.



uf>ubr

8

(2,2)

Here the gas uses the bubble as a convenient shortcut on its way

through the bed. Because of the relative absence of recirculated gas,
the bubble-emulsion models are not adequate for slow bubbles. There

is evidence that the solids movement is different too; slow bubbles
have significantly smaller wakes of solids trailing behind them than do
fast bubbles, and the extent of solids mixing and gas backmixing is
lower than in small-particle fluidized beds (Cranfield and Geldart (11),
Cranfield (12), McGaw (13)).

Slow bubbles are expected to appear when large particles are
fluidized because the interstitial velocity has to be high in order to
achieve the fluidized state. This regime has recently been investi-
gated by McGrath and Streatfield (14), Cranfield and Geldart (11),
Cranfield (12), Canada et al. (15), and McGaw (13).

Cranfield and Gliddon (16), have developed a model for this type

of bubbling regime. However, the model is rather complicated (the

use of a computer is required) and exclusively oriented toward a
specific application adsorption in shallow beds of large particles. A

general and complete slow bubble bed model is yet to be developed.
The exploding bubble regime is reached at higher superficial gas

velocities when the bubble growth rate is of the same magnitude as the

bubble rise velocity, e.

d(db)

dt ub
(2. 3)

This regime is characterized by large pressure drop oscillation,
with amplitudes comparable to a significant portion of mean pressure

drop through the bed. Bubbles in this regime have been observed in

shallow beds of large particles (Lf < dt) by Cranfield and Geldart
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(11), Canada et al. (15), and McGaw (13). The diameters of erupting
bubbles can reach 1/2 to 3/4 of the bed height. In deeper beds, the bed-

diameter bubbles form and a transition to slugging takes place
(Geldart et al. (22)).

The bubble-and-emulsion models do not account for an accumu-

lation of mass in the bubble; it is assumed negligible compared to gas
throughflow. For the exploding bubble regime the accumulation in the

bubble is comparable to the throughflow. Thus, it follows that the
bubble-and-emulsion models should not be used for this regime either.

At high velocities still another flow regime has been found in
which large gas voids or bubbles are absent. It has been named the

turbulent regime (Yerushalmi et al. (17)) and it occurs both in large
and small particle beds (Yerushalmi et al. (17), Canada et al. (15)),

There is not much published data on the limiting velocity for the
turbulent regime but it does seem to occur at a smaller multiple of
the minimum fluidizing velocity (u/umf ) for coarse-particle beds.
Surprisingly, pressure drop fluctuations decrease significantly.
Models for representing turbulent beds have yet to be developed.

Criteria for Distin uishin between Re ime s

In this analysis the interstitial gas velocity is calculated from

of
umf

mf
= ue, with Em

f
0.4 (2, 4)

which ought to be a reasonable approximation for large-particle beds.
Interstitial velocities measured by McGaw (13), in beds containing

particles from 1.8 to 3.9 mm agree well with equation (2.4) for
superficial velocities up to about Zumf. The minimum fluidizing



velocity is given by Wen and Yu (18),

3
d P (P -1) ).g 1/2Pg s g ] -33.71D(33.7)2+0.0408

2
umf d p

P g

For single bubble the rise velocity ubr

ubr = O. 711(gdb)1/2

is given as

10

(L 5)

(2 6)

For a swarm of bubbles the rise velocity ub is given by Davidson

and Harrison (1)

ub = uO - umf + ubr (2. 7)

In a swarm the bubble velocity relative to the surrounding

emulsion phase remains u.br, and u.br is therefore used in the
slow-to fast bubble transition criterion (Bar-Cohen et al. (19)).

The only known bubble-growth equation for beds of large par-

ticles has been developed by Granfield and Geldart (11),

db 0.0326(uo-umf)1.11L0. 81
(2. 8)

Since the authors have observed that bubbles do not originate at

the distributor, their equation applies for L > 5 cm. The original

equation contained the minimum bubbling velocity, umb, instead of

the minimum fluidizing velocity, umf, but in fluidized beds of

coarse particles there is very little difference between the two

(Broadhurst and Becker (20), Yerushalmi et al. (17), McGaw (13))

The equation was developed on the basis of data in shallow beds but
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was also used and verified in deep beds by Geldart et al. (22). it

differs significantly from bubble growth equations for beds of fine

particles (Rowe (24)) which is an indication of the difference in fluid

dynamics between bubbles in large-particle and small-particle beds.
Equations (2. 4), (2. 5), (2. 6) and (2. 8) can be combined with

equations (2.1) and (2.2), (see Appendix A), to obtain the criterion for
determining whether bubbles are fast or slow. The division between

fast and slow bubble regimes is represented graphically by solid lines
in Figures 2.3 and 2.4 for fluidized beds of limestone at room tem-
perature and atmospheric pressure, with bed height as a parameter.
For a given bed height the region on the corresponding solid line
designates the slow bubble region, while the points above the line lie

in the fast bubble region.
At this point the question arises as to whether it is possible by

increasing the superficial velocity to reach the fast bubble regime for
any particle size. To answer this question properly we must consider

the ratio of bed height and bed diameter (Lf

Shallow Beds

For many coarse particle bed applications shallow beds are of
significance due to some fundamental design constraints; Anson (23):

Cranfield (12). Such shallow beds with Lf < dt cannot exhibit

slugging in the practical sense even at very high superficial velocities,
regardless of whether small or large particles are fluidized (Zenz
and Othmer (25), Baeyens and Geldart (26), Geldart et al. (22)). This

could lead to the conclusion that by increasing the gas throughput the

fast bubble regime would be achieved. However, for beds of large

particles this is not the case. Slugs do not form, but well-behaved

fast bubbles do not form either.
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As the excess gas velocity is increased, the bubbles will grow
more rapidly. At a certain value of (u-umf), the bubble diameter

will grow as quickly as the bubble rises, giving rise to exploding'

bubbles. This condition can be represented as

which is equivalent to

d(db) dL
dL dt ub

d(db )

dL

14

(2. 9a)

(2. 9b)

Using equation (2. 8) for bubble growth, the criterion for explod-

ing bubbles takes the form

uo umf 21. 85L0° 17 (2. 10)

The boundary of the exploding bubble regime for different bed
heights is represented by a broken line in Figures 2.3 and 2.4. These
lines can be considered valid for d > 0.5 mm since equation (2.8)

p
applies for coarse particles only The boundary corresponds to what

has been described as 'the onset of violent oscillations" (Cranfield
and Geldart (11)) or "the transition from gentle bubbling to an apparent

slugging behavior" (Canada et al. (15)). The point of intersection of

these boundaries with slow bubble-fast bubble boundary for a given bed

height (point A) determines the limiting particle diameter, dpL,

beyond which it is impossible to obtain fast bubbles in the bed without

undergoing the transition from bubbling to the regime of exploding

bubbles.
Figure 2.4 indicates that in beds of coarse particles, the

exploding bubble regime is reached at relatively low uiumf ratios.
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The limiting ratio for this regime decreases with increasing particle
size. Figures 2.3 and 2.4 show that the fast bubble region is limited
to a rather narrow range of particle sizes and superficial velocities.

With large increase in the superficial gas velocity, the exploding
bubble regime can undergo a transition to the turbulent regime.
Canada et al. (15) report the transition values as a fraction of ut,

which turns out to be 8-9umf for 0.64 mm particles and 2.5umf

for 2.6 mm particles.

Dee_p_Beds

When bed height is such that it enables bed-diameter bubbles to
form at higher superficial velocities (i. e. , when L > dt), a transi-
tion to real slugging takes place. If the excess gas velocity exceeds
the value obtained from equation (2. 10), slugs will certainly appear in

the upper portion of the bed, However, slugs will appear even at low

values of (u-umf) (lower bubble growth rate) provided the bed is

sufficiently deep. Therefore, the broken lines in Figures 2.3 and 2. 4

represent an upper limit for determining dpL. As bed depth

increases, the limiting particle diameter decreases and indicates the
transition to slugging. The height in the bed where slugs appear at a
particular excess gas velocity can be determined from equation (2. 8)

by setting db = Cdt, with C = 1 for solid slugs and C < 1 for

wall slugs (Geldart et al. (22)).

At this point we have reasons to conclude that most fluidized
beds of large particles will probably operate in either the slow or the

exploding bubble regime. Shallow beds of large particles operate only

in these regimes (or the turbulent regime). Fast bubbles do not occur

in shallow large-particle beds.
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A question which remains intriguing at this moment is why and
how the transition from slow bubbles to exploding bubbles occurs.

Many investigators who have worked with fluidized beds of large

particles have noticed that the quality of fluidization changes when the
superficial velocity is raised above a certain value. No one offers a

definite explanation for this phenomenon. "It is clear that some
unusual even occurs around uo umf = .5 m /s... without consider
ably more investigation, one can only speculate as to the reason for
this strange behavior' (Geldart and Cranfield (48)). "When the gas

velocity was increased (uo-umf = . 35) the bubbling became violent
and bubble throughflow becomes an unknown function of gas

" (Cranfield and Gliddon (16)). Our own observations

(analysis of motion pictures filmed in a two-dimensional bed) of this
phenomenon are summarized below.

When the bubble is formed in the vicinity of the distributor
plate, it usually takes up the form of a long lenticular cavity (Figure
2. 5a) which rises slowly and unstably because of its blunt shape.
More gas is fed into the bubble while it departs from the region of its
origin, and surrounding particles close the void behind it. [The

voidage of the emulsion phase adjacent to the distributor plate is
somewhat higher than the voidage of the emulsion phase at other points
in the bed. The particles in this emulsion layer are always in agi-
tated motion allowing a quick redistribution of fluid supplied through

the distributor.]
This situation is probably very unstable~ the roof material

usually knifes down to form three or more small irregular cavities
(Figure 2. 5b). The end cavities so formed usually absorb their
"sister" cavities and quickly form stable more or less circular bub-
bles (Figure 2. 5c). If the excess gas velocity is low, (below the

critical value) gentle bubbling will take place. Bubbles formed under
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Figure 2. 5. Development of a (a, b, c, d) slow bubble and (e, f, g, h)
exploding bubble in a fluidized bed of large particles.
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these conditions will be roughly of the same size and will grow very
little once they leave the vicinity of the distributor plate unless bubble
coalescence occur. Pressure oscillation across the bed will

When the superficial gas velocity is increased, bubbles will grow
faster and bigger before allowing surrounding particles to close the
gap behind them (Figure 2. 5f).

At some point, defined quantitatively by equation (2. 9a), the

bubble will grow as fast as it rises. When this happens, the bottom of
the bubble stays at the same place while the roof of the bubble moves
faster than the expected bubble rise velocity. When such a bubble

reaches the top of the bed and its roof opens up to freeboard pressure.
the bottom of the (former) bubble suddenly becomes the top of the bed
(Figure 2. 5d) which in the case of very large exploding bubbles could

be as low as a few centimeters from the distributor plate. In such
a situation almost all the air supplied through the distributor plate
flows toward the new-formed opening letting the rest of the particles
practically defluidized. The defluidized particles collapse and fill up
the cavity left by the former bubble (Figure 2. 5h) which stops the

channeling of fluid. This creates conditions for refluidization of par-
ticles and, eventually, creation of the new bubble which will have
much the same future.

The picture just given is based on the following experimental
observation.

Frame-by-frame analysis of the motion pictures taken in the
two-dimensional bed examine the history of the single bubble. All

details of bubble formation and explosion can be clearly seen and veri-

fied,

Gas tracer measurements (described in Chapter VI) indicate a
large gas bypassing whenever the bed is operating in the exploding

bubble regime. This is the direct experimental evidence of gas
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channeling which starts at the moment of bubble explosion.
There is a remarkable agreement between the experimental

data and our semi-theoretical findings synthesized in Figure 2.3
The broken lines in Figure 2.3 which indicate transition to

exploding bubble regime agree very well with data of Canada et al.
(15) who fluidized large glass beads (density identical to that of lime-
stone) in beds with diameters of 0.3 and 0. 6 m, and several different

heights. For example, for a bed height of 0. 25 m, Figure 2.3 shows
that the transition to the exploding bubble regime occurs at

u umf = 0.37 m /s, while the experimental data indicates a value of
0.35 - 0. 45 m /s. With the bed height of 0. 5 m, the respective values

are 0. 43 m is (Figure 2. 3) and O. 42 - 0. 45 m is (data).

Further evidence of the transition to exploding bubbles comes
from our own measurement of the bed pressure drop. Particles of
different sizes were fluidized at different excess gas velocities and for
different bed heights. The variance of the pressure oscillations
between the bottom and the top of the bed were calculated and plotted

against excess gas velocity. Figure 2.6 shows this plot for a 0. 45 m

high bed. It is evident that around uo umf = 0. 45 m is the vari-
ance starts increasing sharply indicating formation of large bubbles
and transition to exploding bubble regime. The value, 0. 45 m /s,

agrees quite well with one which can be read off the graph in Figure

2.3.
The above discussion is concerned only with beds without

internals, where bubble growth is limited only by fluid dynamic con-
ditions and proximity of walls. When tubes are present the transition
to exploding bubbles may not occur at all.

Figure 2.. 6 also shows the variance of the pressure oscillations

measured in a bed containing a tube array. The variance does not

increase significantly for higher values of excess gas velocity.
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Experiments show that fluidization of large particles in a bed with
tubes goes rather smoothly compared to similar ones without tubes.
Formation of large exploding bubbles is suppressed by the tube 12,,ndie

which actually controls the size of bubbles; which is a very fortunate
effect. The influence of tube array on bed expansion and gas disper-
sion is discussed in the chapters which follow.

There is evidence that in large particle beds the voidage is not
uniform in the emulsion phase. This is in disagreement with a funda-
mental assumption of the "two-phase" theory developed by Toomey and
Johnstone (49) which states that the excess fluid above that required to
fluidize a bed of particles passes through the bed as visible bubble
flow, where visible flow is equated to the sum of the observed volumes
of bubbles moving through the bed.

When turbulent and exploding bubble regimes are concerned, it
is almost certain that the two-phase theory does not hold. In turbulent

regime bubbles are absent and there is no proper ground for any con-
sideration of two-phase theory. The exploding bubble regime is still
a bubbling type regime, but the bubbles growth indicates that there is
more air flowing into the bubbles than leaving them. This is probably
caused by a greater voidage behind the bubble than in front of it
Furthermore, when bubbles explode, defluidization of particles takes
place, while gas is channeled through the remains of the former
bubble- This situation does not have anything in common with usual
understanding of two-phase theory,

We have no reason, at this moment, to consider two-phase
theory inadequate for the slow bubble regime. The data on bed

expansion will actually show that it holds reasonably well under the

somewhat restrictive conditions characteristic of slow bubbles.
A more detailed discussion of these subjects is presented in

Chapters IV and V.
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III. APPARATUS AND INSTRUMENTATION

The schematic flow sheet of experimental equipment and instru-
mentation is given in Figure 3. 1 and 3. 2. Six different systems are
included in the apparatus and instrumentation.

1. Fluidized bed and fluidizing media.

2, Air supply system.
3. Tracer injection system.
4. Tracer sampling system.
5. Pressure measuring system.
6. Data acquisition system.

Fluidized Bed and Fluidizing Media

Fluidized Bed

The vessel in which the solids are fluidized is made of steel and
plexiglass. It is 0. 483 m by 0. 127 m (19 in. by 5 in. ) in cross-

section and has transparent panels at front and back. The panels can

be easily removed to allow the insertion of tube array or instrumen-
tation systems for measuring voidage or gas flow within the bed.
Instrumentation systems can be tested in the bed with accompanying
motion pictures, so it is possible to compare the transient data with
the actual fluidization phenomena that are taking place.

The bed is thick enough not to be considered two-dimensional.
The minimum fluidization velocity for all particles used in this study
are in excellent agreement with predictions using the correlation of

Wen and Yu (18). In truly two-dimensional beds the parti.cles are

immobilized by the proximity of walls and consequently. higher gas

velocities are needed for minimum fluidization.
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On the other hand the bed is thin enough to permit visual
observation and filming of bubbles and inserted instruments.

Perforated plates were used as gas distributors. The holes in

the distributor plate were covered with wire screen to prevent par-
ticles from falling in the windbox when the bed was not fluidized. The

size and number of openings depends on the diameter and density of

particles and the height of the slumped bed (L ). In order to insure
a good quality fluidization,the pressure drop across the distributor
plate (A pAB) was constantly monitored and various distributors
were used to keep the distributor pressure drop to at least 30% of the
pressure difference across the bed (A p

B-00
). Gas channeling and

defluidization of particles at low superficial velocities was prevented
by inserting a plate with smaller percentage of open cross-sectional
area. Three different bed heights Lm = 0. 305, 0. 457, 0. 710, were

used in this study. The broken lines in Figure 3.3 indicate all three
bed levels.

There are several ports on the side of the bed which were used
for pressure and gas sampling probes. The locations of the ports are

shown in Figure 3.3.
Experimental runs for bed expansion and gas tracer dispersion

were made with and without tube array. Basic dimensions of the bed

and tubes are given in Figure 3.3. The entire tube matrix is made of
plexiglass and could be easily inserted or removed from the bed.
This particular equilateral triangular design of the tube assembly was

selected for a variety of reasons! a) observations show that staggered

tube array (triangular pitch) gives better quality fluidization than a

rectangular pitch array (36, 45); b) several investigators (45, 46, 47)

have suggested that the distance between the distributor plate and the

first row of tubes be at least 0.15 m (6 in. ). This is the zone of

increased particle motion which should not be obstructed by bed
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internals; c) some earlier studies (36, 46, 50) suggest that the. pitch

to diameter ratio should be around two. The tube array with ratios
smaller than two restrict the flow of particles at low superfiCal
velocities and act as an additional gas distributor at higher gas flow
rates.

Fluidizing Media

Table 3.1 summarizes the properties of the solids that were
used and the range of experimental conditions that were investigated,
Dolomite and quartz sand were used because they are both likely to

be used in fluidized bed coal combustors.
The mean surface particle diameter was determined from the

sieve size analysis. The following formula is used to calculate the

surface average particle size.

1
d

p Ex, /d .
1 pi

The density of particles was evaluated from volumetric meas-

urement using water. The experimental values obtained fall within the

range of densities reported in several standard reference books
(73,74).

The voidage at minimum fluidization was determined both from

pressure drop experiment and volumetric measurements.
The minimum fluidizing velocity was obtained from a pressure

drop versus superficial velocity diagram. Figure 3.4 shows this

diagram for 1,3 mm particles. Experimentally obtained values for

minimum fluidizing velocities were checked against a semi-

theoretical equation given by Wen and Yu (18). Excellent agreement

was found.



Table 3.1: Properties of solids and ranges of velocities and temperatures used in the experiments.
Air Is the fluidizing gas.

Material Density
Os (kg /m3)

Mean
Particle
Diameter
d (mm)
P

Size
Range
(mm)

Minimum
Fluidi-
zation
Voidage

Eta
Sphericity

4,s

Minimum Fluidizing Velocity

Gas
Super-
ficial
Velocity
Range
u(m/s)

o/umf
Bed

Temperature
T
b
(°C)

Experimental

umf(exp)(1")

Theoretical

umf(th) (m/s)

Quartz
Sand 2700 1.30 1.00- 0.44 0.82 0.73 0.75 0.48-2.58 3.54 28-40

1.68

Dolomite 2750 2.00 1.68- 0.42 0.85 1.11 1.13 1.19-2.62 2.36 26-42
2.38

2.85 2.38- 0.41 0.95 1.45 1.45 0.91-3.26 2.25 30-39
3.36

'
1

4.00 1.36- 0.40 0.97 1.83 1.81 1.6 -4.08 2.24 39-45
4.76

(Note: 1 kg/m
3

= 0.062 lb/ft
3

; 25.4 mm = 1 in; I m/s = 3.28 ft/s)
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The sphericity of the particles was also determined from the
generalized graph of Wen and Yu (18).

The upper range of superficial gas velocities was limited only
by the excessive elutriation of particles. A typical experiment
started with data collection at velocities too low for fluidization. The

velocity was then increased and data collected in the slow bubble and

exploding bubble regimes. The turbulent regime was not reached

because of the carryover of particles.

Air Supply System

The air, needed for fluidization, was supplied by Roots Blower
Model 1228. The maximum output from the blower is 3.78 m3 is at

0.51 atm (8000 cfm at 7.5 psi). The blower is powered by 350 hp

diesel engine (Caterpillar model 3406T). The blower and engine are

located in a specially constructed soundproof room. The air is directed
into a duct system which supplies air to the entire fluidization
facility in the Chemical Engineering building. Gas flow through the

fluidized bed is measured by an orifice flow meter located immedi-
ately upstream of the main test facility. The orifice flow meter was

calibrated against a standard laminar flow meter.
The fine particles elutriated from the bed were collected by four

cyclones. Collected material was usually not returned to the bed.
The extensive carryover of particles prevented the use of superficial
velocities higher than 5.5 m/s ( 18 ft/s). All experiments were con-

ducted at atmospheric pressure.
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Tracer Injection System

The tracer injection system consists of a tracer gas storage
tank, tracer flow control valve and tracer in'ector.

Gas tracer detection can be accomplished by a variety of means.
Radioactive or chemical tracers generally have the highest sensitivi-

ties. We have avoided using radioactive tracer gases because of dif-
ficulties in handling them, particularly in getting rid of them once

they have gone through the bed. Propylene was used as a tracer gas
because it is inexpensive and gives a strong response from the photo-

ionization detector. Furthermore, it is one of the least dangerous

hydrocarbon tracers. It forms an explosive mixture within a very
narrow range of concentrations. Only after a long exposure to high

concentration propylene does one develop symptoms of poisoning.

The tracer gas was stored in a 180 liter bottle container. The

outlet pressure was regulated by a Matheson gas regulator which was
set at 2.72 atm (40 psi). A 6.4 mm (1/4 in. ) polyethylene tube

connected the bottle and the tracer injector. A needle valve was used
to control the tracer flow rate. The flow rate was not metered; it was

only adjusted to a value which gave the desired signal level at the

tracer detecting instrument.
Before the tracer gas was injected into the bed, it was premixed

with a small separate stream of air. This is schematically indicated

in Figure 3.2. The dilution of propylene is necessary to prevent

saturation of the photoionization detectors.
The tracer injector shown in Figure 3. 5 consists of two 6.4 mm

(1/4 in. ) stainless tubes. The smaller one is welded perpendicularly

to the larger tube. It runs across the width of the bed and is located in

the center position 8 mm (1/3 in. ) above the distributor plate. This

tube has a large number of holes (0. 8 mm in diameter (1 /32 in. no The
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mixture of propylene and air released through these holes effectively
makes a sheet of tracer gas. This is a very convenient way of intro-

ducing a tracer since the analysis of the dispersion data reduces to a

truly two-dimensional case. The tracer injector is covered by a thin
cloth which prevents the fine dust from plugging the holes. The

uniformity of tracer dispersion was tested in the empty bed with the
mobile sampling probe located 2.5 cm above the injector. The results

were satisfactory,

Tracer Sampling System

The tracer sampling system consists of a) sampling probe;
b) photoionization detector; c) vacuum pump; d) electrometer and
e) low pass filter. A block diagram of the tracer sampling system is
included in Figure 3. 2 which gives an overall block presentation of the

gas tracer system

Sampling Probe and Vacuum Pump

Gas is withdrawn through a sampling probe from the bed, it
passes through the photoionization detector and exists through a

mechanical vacuum pump. The probe uses a porous stainless steel
filter to prevent solids from being withdrawn along with the gas.
Stainless steel tubing is used which has an outside diameter of 1.6 mm
(1/16 in. ) and an inside diameter of 0. 076 mm (. 003 in. ). Rapid

response of the sampling probe is obtained by maintaining a high gas

velocity in the sampling line. This is accomplished by operating the

photoionization detector at low pressure (0. 066 atmospheres). [n

order to prevent leakage of air into the photoionization detector at this

reduced pressure, the entire unit is enclosed in an air-tight vessel
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which is maintained at 0. 066 atmospheres. The photoionization

detectors exhaust directly into this chamber. The pressure in this
chamber is read on a closed-end mercury manometer. Figure 3. 6

shows sampling probes, vacuum vessel and the closed end manometer.

Photoionization Detector

Tracer concentration was measured by photoionization detectors.

They behave much like a flame ionization detector, except that they
are more sensitive and more stable. A wide variety of organic com-
pounds and some inorganic compounds can be detected with this

technique

A schematic diagram of the photoionization detector is shown in
Figure 3. 7. The photons (10.2 eV energy) which are emitted from the

lamp pass through an ultraviolet light transmitting window into the
ionization chamber where absorption of the radiation by a molecule
which has an ionization potential of 10.2 eV or less will lead to ion

formation via the reactions

+
RH + hv RH + e

A positively biased high voltage electrode is used to accelerate any
ions formed by absorption of ultraviolet light to the collector electrode
where the current, proportional to concentration, is measured.

If the carrier gas absorbs ultraviolet radiation strongly another

set of reactions may occur:

N
7

hv N

-
N

2
+R +e

(b)



Figure 3.6. Sampling probes, vacuum vessel and close end manometer.
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Either reaction (a) or (b) can yield the same result if the energy
transfer process is efficient. However, photoionization with 10.2 eV

photons does not provide any sensitivity to permanent gases because
of their high (> 12 eV) ionization potentials. Only species with
ionization potentials below about 10.5 eV can be detected by 10.2 eV

source.
Photoionization is practically a non-destructive measuring

technique. The apparent ionization efficiency is 10-4, only 0. 01% of

the sample is actually ionized. The detector senses the concentration
and as the sample flow rate is decreased, the sensitivity increases.
The instrument has a nominal sensitivity of 1.5 x 102 microamperes
when the concentration of propylene in the chamber is 10-4 atmos-

pheres. The response is essentially instantaneous and is limited by
the flow of gases through the tracer sampling system.

The photoionization detector model PI-51-01-16 is manufactured
by Hy Instruments The ion current obtained from a detector is meas-
ured by an electrometer amplifier which is described in the next
section

Electrometer and Low Pass Filter

The heart of the electrometer amplifier is a very low bias
current operational amplifier (model 310) manufactured by Analog

Devices. The technical specifications for this amplifier are given on
the manufacturers data sheet and can be found elsewhere (65). The

amplifier is connected to measure the current in the photoionization
detector as shown in Figure Cl and Figure C2 in Appendix C. The

sensitivity of the amplifier is adjustable from approximately 5 to 100

volts per microampere input current. Thus a concentration of

500 ppm in the photoionization detector ought to produce an output
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voltage of (approximately) T 5 volts at the high gain setting.
Careful shielding precautions are needed in order to reduce

60 Hz pickup. All the resistors shown in Figure C2 are included in a
small metal box on the back of the socket for the Analog Devices 310

amplifier,
The output signal from the photoionization detector for a steady

tracer concentration is not smooth. It fluctuates 120 times per

second due to the fluctuation in intensity of the ultra-violet lamp.
The fluctuations in ion current which are caused by AC operated

ultraviolet lamp are effectively removed by filtering the output circuit
signal( through an eighth order Butterworth filter (also shown in Appen-

dix C: Figure C3). The corner frequency of the filter is 80 Hz. The

filter is located on a small board in the same module as the electro-
meter amplifier, It has a DC gain of 1.33 which raises the output
voltage to 10 volts when the propylene concentration in the photo-
ionization detector chamber is 100 ppm atmospheric pressure. Tech-

nical data for all the amplifiers used in the electronics circuits are
given elsewhere (65). Figure 3.8 is a photograph of the electrometer
amplifiers and low pass filters.

The electrometers used with the photoionization detector are
housed in a small cabinet which contains its own ± 15 volt power

supply (Analog Devices model 902). Connections are made through

the rear of the cabinet. The output from each photoionization
detector is connected through a separate BNC connector to its elec-
trometer amplifier: the amplifier output is connected through an
emphenol connector at the rear of the cabinet to a cable leading to the

analog to digital converter at the minicomputer.
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Figure 3. 8. Photograph of electrometer amplifiers and low pass
filter.
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Pressure Measuring_System

The pressure measuring system consists of a) pressure
probes b) pressure transducers and c) purge air system,

Pressures are measured at four different axial locations in the
fluidized bed and immediately below the distributor plate. Figure

3.3 shows the possible locations of the pressure probes. The pres-

sures are read differentially. One reading corresponds to the pres-
sure difference between the pressure at a given depth in the bed and
the pressure in the freeboard above the bed essentially the pressure
drop across that part of the bed which is above the probe. The probes

themselves consist of 6. 4 mm (1 /4 in. ) pipes which can freely move in

any lateral position. They terminate in 6. 4 mm (1 /4 in ) tubing which

connects them to the pressure transducers. The tip of the pressure
probe is covered with fine low pressure drop wire screen to prevent:
bed material entering them.

The pressure transducers and amplifiers are located within the
pressure measuring module shown in Figure 3. 9. The pressure
transducers are manufactured by National Semiconductor (model
LX 1601D) and are true integrated circuit type transducers. The out-

put voltage is linearly related to the differential pressure across the
transducer

The output signal from each of the transducers is scaled and
zeroed using two operational amplifiers with a zeroing potentiometer

and a gain potentiometer. Six such circuits are located inside the
pressure measuring module, close to the corresponding pressure
transducers on a fibreglass board.

Purge air for each of the pressure probes is delivered through a
small flow meter equipped with a needle valve. A differential pres-
sure regulator serves to keep the pressure drop across the valve
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constant, thereby maintaining a constant flow through the purge meter.
The purge air tends to keep particles and dust from moving into the
pressure measuring lines and thus prevents the slow response which
occurs when solids partially plug the lines. The purge meters are
manufactured by Fischer and Porter Company, Model No. 103135N-
53RB2110.

Data Acquisition System

The analog signals (± 10V) from three photoionization detectors
and five pressure transducers are sent through the main electronic
console to the real time interface of the Data General model 840
NOVA minicomputer located in the Chemical Engineering Department.

NOVA minicomputer has 128 analog-to-digital input channels and can

sample data at a rate exceeding 10, 000 points /second.

In its lower speed data gathering mode (up to approximately 100
data points /second) the data is transferred directly to a disc, thus
allowing approximately two million data points to be collected in a
run. Except for very simple calculations, data processing is not done
on the NOVA minicomputer; rather, the data is transferred to the
main computing facility at Oregon State University. Most of the more
complicated software is developed and usually carried out on the

CYBER computer. Figure 3. 10 shows the block diagram of the data-

acquisition computer facility. In addition to using the minicomputer

for data acquisit:,on, a two-channel instrumentation type chart
recorder and an 8 mm motion picture camera were used in gathering

data.
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IV. EXPANSION OF FLUIDIZED BEDS OF LARGE
PARTICLES; EXPERIMENTAL RESULTS

Introduction

There are two reasons why bed voidage (void fraction of the

bed) measurements are included in the scope of this work.
The first is in line with our principal goal] to provide funda-

mental data on fluidization of large particles.
The second reason is that is is needed in calculating the gas dis-

persion coefficient. To do this, we must evaluate the fluidization
velocity which is defined as u = u oh.; where e is average bed

voidage at given excess gas velocity.
The average voidage is a very useful parameter for almost any

theoretical or empirical consideration of fluidization data. It is par-
2ticularly useful (a) for evaluation of the total bed expansion, (b) as

an indicator of different fluidization regimes and (c) for assisting in
formulation of simplified flow models based on average bed behavior.

There are several ways of measuring the average voidage in a

fluidized bed. Direct type measurements usually utilize more
sophisticated methods such as capacitance probes and x-ray or
gamma-ray absorption.

Indirect type measurements are more 'conservative" and some-
times more elegant. Often they require no measuring instruments
other than a simple ruler.

Bed height (Lf) is usually the best indirect measure of bed

expansion. The ratio (Lf /Lm) has been used by several workers

2Very often bed expansion is used to evaluate average voidage,
as in the case of this study.
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(1, 11, 14, 26) to estimate bed voidage. Techniques for measuring bed
height (bed expansion) range from holding a ruler against the bed to
using a photo diode imbedded in the walls of the fluidized bed. Use of

cinephotography and pressure drop measurements are also "popular
techniques.

Pressure drop measurements turned out to be our best choice.
The surface of bubbling large particle beds is subject to large vertical
oscillations of variable amplitudes which makes any visual technique

extremely difficult. On the other hand, pressure drop measurements
are rather simple and easy to perform. Furthermore, any measure
of pressure drop oscillations may be a good indicator for transition
between different fluidization regimes.

After all, measuring the pressure drop through fluidized
bed is not a difficult task even if such fluidized bed is a coal combustor
with temperatures over 800°C. This fact is an extraordinary advan-
tage over almost any other technique for voidage measurement since
other investigators can reproduce such measurements without diffi-
culties. We also used a more sophisticated probe, namely the
capacitance probe. Unfortunately we could not alleviate the problem

of measuring local voids created by the capacitance probe itself
instead of voids which actually exist in the bed.

There are only a few articles (11, 14. 15) which report data on

bed voidage for large particles. Our experimental efforts extended

the existing data ''bank" since we employed larger particles and
higher excess gas velocities than anybody else.

Experimental Data

This study includes experiments for four different particle
sizes, three bed heights, and a variety of excess gas velocities.
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Experiments were done in beds with and without tubes, A complete

tabulation of experimental conditions is given in Table 4. 1.

The bed is instrumented with a set of four pressure probes,
They are located at different vertical positions depending on the over-
all bed height, and location of tubes (if present). The tip of the probe

is always positioned in the center of the bed. A schematic represen-
tation of the experimental set-up is given in Figure 4 1. Four simul-
taneous signals are recorded for a period of three minutes. The rate
of analog-to-digital sampling is 25 samples per second. The data

obtained is permanently recorded on magnetic tapes and set aside for
later analysis.

The mean and variance of pressure drop oscillations are the
only two parameters extracted from collected data. (There is, of
course, a lot of other useful information which could be obtained from
original data but for the scope of this study only mean and variance
are needed. ) The height of the bed, Lf, was calculated from mean
pressure drops of all four probes. In Figure 4. 2 we show how one

can use a graphical technique to obtain the value of Li The inter-
cept of the straight line with the x axis is the desired value, Lf.

A numerical procedure was used to fit the best straight line through
four points which represent the mean pressure readings of the four

probes.
We define here as the top of the bed a height where the pressure

becomes, for all practical purposes, equal to the pressure in free-
board. The height of the slumped bed, L , can also be calculatedm
from pressure drop measurements, or directly by simply holding a
ruler against the bed. Comparison of these measurements shows

excellent agreement. The maximum difference between the two never

exceeds a few particle diameters.



Table 4.1: Summary of experimental conditions for bed expansion experiments.

d
p

(Auk)

1.

(m) 1

Axial Position of the Probe
Above Distributor

2 3 4

Range of

(uo-u.d/umi
End

"ad

(a)

4.00 0.305 0.08 0.15 0.23 0.30 0.055-0.833 0.40 1.83

4.00 0.470 0.08 0.23 0.30 0.38 0.050-0.850 0.40

4.00 0.635 0.08 0.23 0.38 0.60 0.042-0.875 0.40
U)

2.85 0.304 0.08 0.15 0.21 0.30 0.103-1.08 0.41 1.45

2.85

104

0.475 0.08 0.23 0.30 0.38 0.113-0.933 0.41

2.00 0.305 0.08 0.15 0.23 0.30 0.077-1.36 0.42 1.11

u.1 2.00 0.478 0.08 0.23 0.30 0.38 0.082-1.33 0.42

1.30 0.305 0.08 0.15 0.23 0.30 0.138-2.13 0.44 0.73

1.30 0.483 0.08 0.23 0.30 0.38 0.125-2.02 0.44

1.30 0.738 0.08 0.23 0.38 0.60 0.113-0.833 0.44

4.00 0.441 0.08 0.20 0.30 .38 0.153-1.55 0.40 1.83mw
4.00 0.457 0.08 0.20 0.30 .60 0.546-1.54 0.40 1.83w

c'l. 2.85 0.457 0.08 0.20 0.30 .38 0.021-1.33 0.41 1.45
i-:

:m

1.30 U.451 0.08 0.20 0.30 .38 0.165-2.31 0.44 0.73
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Figure 4. 1. Schematic representation of the experimental set-up
for bed expansion measurements.
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Figure 4.3 shows the bed expansion calculated from pressure
data for a bed without internals. Some interesting information can be
obtained from this graph.

The initial bed depth, L , is not an important parameter.m
Except for low values of relative excess gas velocity, where some
significant differences exist, the bed expansion is not a function of

initial bed depth. Cranfield and Geldart (11) come to the same con-

clusion. They show that initial bed height is important only for very

small L /d ratios. In those cases the jetting region next to am r
distributor plate makes up most of the bed. However, for higher

values LmIdt their data points fall around the same line. One of

the broken lines in Figure 4.3 represents the results of the Cranfield
and Geldart investigation for 1.76 mm particles of alkalized alumina

in a bed 0.3 m high (Lm /dt "=". 0. 5).

Shallow beds of large particles without internals seem to have an
upper limit for their expansion ratio (L

f
/1. m). It would be prema-

ture to make any definite conclusion about the limiting value itself
because of the small amount of data available. Without more investi-

gation (tracer studies), we could only hypothesize as to the reason for
this phenomenon. One of the hypotheses which appears promising is
to visualize this situation in terms of different fluidization regimes.
Data shows that the limiting value is reached at higher excess gas
velocities, where the bed is operating in an exploding bubble regime.
One of the characteristics of the exploding bubble regime is significant
gas bypassing through the exploding bubbles and defluidization of sur-

rounding particles. In such situations any increase in excess gas

velocity is simply bypassed by exploding bubbles. This means that

particles see hardly any ''benefits" from increased throughput of air.
Before concluding discussion related to Figure 4.3 we should

see how particle diameter influences bed expansion. Unfortunately,
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this question cannot be completely answered because of apparent
scatter in the data. [We tried several different types of plots but none

of them helped to clear this question. Scatter of data always pre-

vented any significant conclusion. ] A literature survey on bed

expansion for fluidized beds of large particles produced only a few

references with experimental data. All of them are shown in Figure

4. 3,

Figure 4. 4 shows bed expansion as a function of excess gas

velocity (uo-umf) for a fluidized bed with internals (the tube array

described in Chapter III). We note that the superficial velocity, uo,

defined for the open bed cross section, does not represent a true
superficial velocity for fluidized bed with internals. Any type of
internals reduces the open cross section of the bed. Therefore for the

same mass flow rate of air, particles always "see" higher velocity.

It is obvious that superficial velocity in this case must be calculated
on the basis of available area for fluid flow. Only then is the compari-

son between data obtained in beds with and without internals fair and

meaningful. In Appendix B, we show two methods for calculating the

superficial velocity in beds with internals.
For the purpose of direct comparison all bed expansions is

plotted together in Figure 4.5. For low values of excess gas
velocities (slow bubble regime) bed expansion from beds with and

without internals coincide. However, as the excess gas velocity is
increased the expansion for the bed with internals is much higher. It

appears that particles "feel" this increase in velocity, and that air

bypassing is reduced. Furthermore, the particle size finally comes

into the picture. All these effects are due to the influence of tubes

which prevent formation of large bubbles. A more detailed discussion

on the influence of tube array on bed expansion and gas dispersion is

presented in chapters which follow. Mass balance of the bed inventory
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offers a simple relation for evaluation of the average bed voidage

Vfps(1-E) = Vmf p
s

(1-E )

(4. 1)
V

= 1 - (1-5 )
V

f

f
mf

Volume of the fluidized bed, Vf, is calculated from the measured

bed height, Lf, and other geometrical dimensions of the vessel.
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V. VOIDAGE IN FLUIDIZED BEDS OF LARGE
PARTICLES, THEORY

Methods of Correlation

Table 5.1 gives a summary of some investigations on bed
expansion and voidage in fluidized beds.

The relationship between voidage and fluidization velocity has
been the object of study and concentrated efforts for many investiga-
tors. Much of that effort at least in the beginning, went into
investigation of liquid-solid fluidized beds. This was probably the

reason why the first empirical correlations were developed for
liquid-solid systems. Many of the proposed expressions employ the
terminal velocity of particles (as characteristic velocity), which was
an obvious hint from the theory of settling of solids and Stokes Law.

A number of workers (41, 42, 43) suggested that the most con-

venient way of showing the relationship between fluidizing velocity

and voidage should be in the form:

ofu E (5. la)

The above expression gives fairly reliable results for liquid
solid systems. Many corrections and improvements have been sug-
gested for this relation in order to get away from its empirical nature
based in parameter n. Despite those efforts, equation (5. 1) is still

regarded as an empirical one parameter relation.
For gas-solid fluidization systems various relationships (30, 33,

54) based on laboratory investigations of small particles have been

suggested.



Table 5.1; Summary of investigations on bed expansion and voidage in fluidized bed.

Author
Fluidization

System
Particle Regime of
Size(mm) Fluidization Proposed Correlation

Howmand
Davidson (31)

Bar-Cohen
et al. (32)

Capes
McIlhenney (33)

Hanratty
Bandukwala (29)

gas-solid
(air)-(sand)

small slugging
iio>sumf

gas-solid small 4 slow bubble
large slugging

uo<ut

gas-solid .5<d <1.5 Bed with

lead r internals

CO2 - sand slow bubble

De plastic uo<ut

liquid-solid 0.6<d <0.7 insufficient
P1_[steell data

glycerin glass

Cranfield g
Geldart (11)

Shen 4
Johnston (30)

gas-solid
alkalized

(air) -(alumina
.

gas-solid

(air)-(
X1-21-5i

)
catalyst

d .1.76

0.2,d <0.08

slow bubble
u
o
<2u

mf

fast bubbles

Canada
et al. (15)

gas-solid
(air)-(limestone)

.6<d <2.6 slow bubble,
fast bubble,
turbulent
u
o
<0.6u

t

Xavier gas-solid .16<d <.88 fast bubble

et al. (54) (air)-(sand)

Richardson (55) liquid-solid
(water)-(lead)

dp = .55 insufficient
data

Lf -Laf
uo o mt

'mf .35 g td td

(1-emt)(uo/umf-1)

c cmf + (uo/ume1+1/2cmi

uo ut/e

c ' n a2+b2Rep

.(l_02expi2.5c/(1- 36 ,

ut

(Ps-
2,.__)2ygdp LI c

u =
39

E
18eexp(2.5c/(1-

64--
)1

none

-L
mf 0.0188

(u
o
-u

mf
)

mf

Experimental
Technique

theoretical
work

theoretical
work

differential
pressure drop
(bed expansion)

visual
observations
(bed expansion)

tine
photography
(bed expansion)

visual
observations
(bed expansion)

visual
observationsu

o C u (bed expansion)

c cm: mf ;cgel istesd

Lf -Lmf u
o
-u

mf
L
mf

uhr
n-I

l/n on
f2a I 40-0) 11-f--"" )uch u uch

cind
photography
(bed expansion)

visual
observation
(bed expansion)

u = extrapolated value of uo at t -1
tich= fluid channeling velocity
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Equation (5. 1) was once again presented as a possible solution.
This time, however, it was not as successful as it had been for solid_
liquid systems, primarily because the velocity ut did not relate
to the actual terminal velocity of the particles. Equation (5, 1),

became an empirical two-parameter correlation.
Kunii and Levenspiel (8) discuss very briefly a few other pro-

posed correlations and conclude: It appears that there is no gen-
erally applicable equation available at present for estimating the
average voidage in gas fluidized systems.

Tubes or other internals are often present in a fluidized bed.
The effects of internals on the behavior of fluidized systems are
reported in only a few articles in the literature. The large variety of
sizes and designs of internals is probably the reason why a common or
general approach in correlating bed voidage with fluidization velocity
has not been suggested. Several workers have (33, 35, 44) investigated

expansion and behavior of fluidized bed with internals. Capes and

Mcllhenney (33) presented an empirical voidage -velocity relationship.
Voidage in fluidized beds of large particles is a topic only

recently addressed in the literature. Canada et al. (15), Xavier

et al. (54) and McLaughlin (34) report empirical voidage -velocity cor-
relations. Geldart (39) reports only data. It is interesting to note
that equation (5. 1) gets some attention again. Canada et al. (15),

used the same form of equation (5. 1) to fit their data but, as expected,
the values for their parameter n are different from those previously
reported for liquid-solid and gas-solid (small particles) systems.
McLaughlin (34), on the other hand, adopted a widely applied correla-

tion form for gas-liquid systems. That equation

1 -E
o = Cu

0
+

Emf
mf umf (5. lb)
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still has one adjustable parameter. Therefore we again have an
empirical one-parameter correlation. Both authors, Canada and
McLaughlin, claim that the above equation fits data quite well and
suggests C = 1 for any engineering prediction.

Alternative Methods of Correlation

Various attempts were made to find a more theoretical basis for
the relationship between voidage and fluidization velocity by develop-
ing approximate mathematical models.

A fresh approach in that direction was presented by Hanratty
and Bandukwala (29). They obtained an approximate correlation (see
Table 1) between voidage and fluidizing velocity by using effective
density and viscosity in a modified form of Stokes Law. However,

thier results applied well only for liquid-solid systems.
Another very promising model is reported by Bar-Cohen, et al.

(32). They use a two-phase theory in combination with appropriate
assumptions about bubble rise velocity to derive bounding relations for
the void fraction in both small and large particle beds. Their corre-
lation distinguish between slow and fast bubbles and, therefore, can
be used for prediction of the bed voidage in different fluidization
regimes. They also present an overall approximate equation for bed
expansion in large particle fluidized beds.

emf + (1-e
mf)(uo /umf -1) /(u

o
/umf+1+0. 5emf ) (5.1c)

However, the main importance of their work is not in suggested equa-

tions. The new approach in the analysis of the bed voidage-
fluidization velocity relationships is the most valuable part of the

presented theoretical study.



60

Theoretical Relations for Void Fraction in Aggregative
Fluidized Beds

The most general and the most important conclusion resulting
from the pioneering work of Davidson and Harrison (1), is that the
operating characteristics of gas-solid bubbling beds are very much
determined by the dynamics of bubbles. Kunii and Levenspiel (8) were

among the first to accept this basic concept and incorporate its con-
sequences into one of the best existing models for freely bubbling
beds. Since all the happenings in a fluidized bed are actually centered
around ascending voids, it seems logical that any sound voidage-
velocity correlation has to be founded on the relationships which

describe bubble dynamics.
The two-phase flow relation provides a starting point for further

development of such a correlation.

u0 umf(1-6) (ub+a3umf)6 (5. 2)

The first term on the right side of equation (5. 2) represents the
upward flow of gas through the emulsion phase. This term represents
the product of the upward gas velocity in the emulsion, umf, and the

fraction of the cross section of the bed occupied by the particulate
phase.

The second term represents the upward flow associated with
rising bubbles. This term has two parts; the first part accounts for
visible bubble flow while the second takes care of effective bubble

throughflow. Visible bubble flow is the amount of gas transported

through the bed by the bubble itself (bubble volume x bubble rise

velocity or, based on typical cross section of the bed, bubble fraction

x bubble rise velocity). Effective bubble throughflow is a portion of

the gas passing through the equatorial plain of the bubble which leaves
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at the top and is not swept around and recirculated. According to

Davidson's theory the upward flow of gas through the equatorial plane

(bubble throughflow) of a three-dimensional bubble is 3umf . This

means that a bubble is processing three times the amount of gas
processed by the equivalent section of emulsion phase.

However, there are several experimental studies (13, 14, 16, 48)
which disagree with Davidson's theoretical finding and point out that
bubble throughflow is much higher than 3umf . For example,

Cranfield and Gliddon (16) suggest a value of 5umf based on their

experimental data.
The gas which flows through the equatorial plane of a bubble is

not entirely "fresh" gas. A certain amount of it is recirculated.
Depending on the "slowness" of the bubble, the amount of recirculating
gas can vary anywhere between 0 and 3umf (if we accept a theoretical

value of 3umf
as bubble throughflow). By changing a value of

parameter a between 0 and 1 we can accommodate equation (5. 2)

for any particular flow situation. Therefore, effective bubble

throughflow is the product of the parameter a and the bubble

throughflow.

Equation (5. 2) necessarily involves the absolute bubble rise

velocity, ub. The rise velocity of a single bubble, ubr, is

described by the theoretical equation of Davis and Taylor (37):

ubr = C jgdb (5.3)

{ubr is the relative velocity between the bubble and surrounding

particles. }
After reviewing most of the experimental work in gas -solid

systems, Kunii and Levenspiel (8) suggested the value of 0. 711 for

the constant, C. However, when a bubble finds itself in a crowd
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of other bubbles, its rise velocity becomes higher than the prediction
of the equation (5. 3). The explanation is simple.

When bubbles form at the distributor plate, they have to make
room for themselves by pushing the whole column of particles and

other bubbles ahead. The rate of the creation of new bubbles is pro-
portional, according to two-phase theory, to excess gas velocity,
uo - umf. Therefore, if the relative velocity between bubble and
particulate phase stays unchanged, ubr, its absolute rise velocity
must be given by,

ub = uo umf + ub r (5. 4)

We can now substitute equation (5. 4) in the equation (5. 2) and

obtain

uo = umf(1-8) + [1.1
o
+u, +(3a-1)umf]o

D r
(5. 5)

After several rearrangements, equation (5. 5) takes the following

form:

/umf

Lulumf+[ubr+(3a-1)]

where ,6u = uo umf

(5. 6)

From a material balance of the bed inventory, we can obtain a
relationship between bubble fraction, 6, and average bed voidage, ea

(1-e) = (l-Emf)(1-8)

which is equivalent to,

(5. 7a)
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(5 7)

A new relationship is obtained when equation (5. 7) is substituted in

equation (5. 6):

E -E u/umfmf
1-Emf Lulu mf+[ubri u mf+ (3 a -1)]

(5, 8a)

If a few rearrangements are made, the above expression will give,

E-Emf 1 Du
1 -E

[ub,.
/Umf +(3a-1)] umf

This brings us to a point where we can clearly distinguish
between several possible cases: stationary, slow and very fast

bubbles.

Stationary Bubbles

(5.8)

For the very slow bubble the amount of recirculating gas is

negligible. The effective throughflow is equivalent to entire bubble

processing capability, 3umf' e. a z 1. Also, the rise velocity

of a stationary bubble relative to emulsion, ubr' is very small.

This makes the ratio ulpr
/umf even smaller and negligible when

compared with other terms. Therefore, equation (5.8) reduces to,

E -Emf 1 Lu u`bra= 1, --' 0
1-E 2 umf

(5. 9)
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The inspection of equation (5. 8) shows that an increase in bubble rise
velocity, ubr, results in decreased voidage. Therefore, the above
expression must represent the upper limit of bed voidage in the slow
bubble regime.

Slow Bubbles

A stationary bubble is a good approximation for very small
bubbles in beds of large particles. Slow bubbles usually ascend

through the bed with some definite velocity. The reason we call them
slow is not because of their small velocity but rather small ratio of

(a correct criterion for slow bubbles is ubr iuf < 1, but
ulD r /umf
if

ub r lumf < 1
then a correct criterion is always satisfied since

umf < uf; for details see Chapter II). For a statonary bubble both

ubr and abr /umf tend to be very small. However, for any other

slow bubble, the rise velocity, ubr, is larger and ratio u.br iumf

may or may not be negligible. We will leave the term u.br iumf'

and use equation (5. 10) for correlation of bed expansion data for slow

bubble regime.

As far as the parameter a is concerned, it is a good and
convenient approximation to leave it at value 1 as long as

br iu
f

< .5. Therefore, for the case of slow bubbles equation (5,8)
reduces to:

E -Smf 1 ,6u
, a = 1

1 -E rubriumf+21 umf
(5. 10)
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Fast Bubbles

For the other extreme, fast bubbles, the recirculation of gas is
complete. Parameter a takes the value of 0 and equation (5.8)

reduces to
£ -EYmf 1 6u

1-E [ubr /umf 1] umf a= 0 (5,11)

Kunii and Levenspiel (8) suggest u_b r /uf > 5 as a point where we
can safely make the assumption that bubble cloud is negligible,

a = 0.

We already pointed out that for fast bubbles

ubr
>> 1

of

which is equivalent to

ubr
>> 1 since umf < ofumf

Hence, the second term in the denominator of equation (5. 11)
can be safely ignored and we can write:

E -Emf
1 6 u

1 -E
(

b
U. iur mf umf

(5, 12)

The above equation is applicable as long as the bubble rise

velocity, ubr, is not overly influenced by the proximity of walls of

the fluidized bed. It is reasonable to expect that in the regime of fast

bubbles a point may be reached when the bubble diameter becomes
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comparable in size with the diameter of the bed. According to

Hovmand and Davidson (31), the rise velocity of the bubble is governed

by the bed diameter, dt, rather than by the bubble diameter, db,
whenever db/dt > 1/3. Therefore, once again we have to redesign'
equation (5. 2) in order to obtain an expression capable of handling

the slugging bed data.

Slugs in Fast Bubble Regime

The onset of slugging represents the terminal stage of aggrega-

tive fluidization. Deep beds with fast, growing bubbles are very

likely to experience this regime.
The absolute slug velocity is given by Hovmand and Davidson

(31).

u
s 1

(u
o mf

) + O. 35 jgdt (5. 13a)

where .35 gdt is slug rise velocity relative to surrounding par-
ticles. The absolute bubble rise velocity in equation (5.2) now has to

be replaced by the absolute slug rise velocity. This substitution pro-

duces the following equation,

uo = um f(1-6) + [u-umf+0.35/gdt +3au 18 (5. 13)

Slugs in the bed of small particles are also a form of fast
bubbles (transition to slugging usually occurs when fast bubbles are

already well-developed). It is reasonable to assume that parameter

a has a value close to zero. Therefore, equation (5. 13) can receive

identical treatment as equation (5.5), which enables us to write the

final equation immediately.
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(5.. 14)

It is interesting to note that Hovmand and Davidson (31)
developed an identical equation (see Table 1) by following a different
line of reasoning.

Slugs in Slow Bubble Regimes

There are several workers (15, 19,34, 38) who suggested the

possibility of a transition to slug-flow type bubbling occurring in a
slow bubble regime. However, this phenomena has not been
thoroughly investigated. The shape of the streamlines around and
within these so-called slow-slugs is uncertain. Still, the influence of
the slow slugs on the bed expansion can be roughly estimated by using

the following line of reasoning.
The rise velocity of a slug is always smaller than the rise

velocity of the same size bubble. Consequently, equations (5, 9) and

(5, 10) are applicable for slow slugs too, and equation (5.9) represents
an upper limit for voidage in both slow slug and slow bubble beds
Since a slow slug has a lower velocity than a bubble of the same size,
it is logical to expect that voidages in a slow-slug bed will fall closer
to that upper limit simply because the rise velocity of slugs better
satisfies the assumption made in the development of equation (5. 9).

Other Cases

In the preceding analysis we considered several rather extreme
cases: stationary (ubr/uf 0), slow (u.,br /uf < 0. 5) and very fast
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bubbles (ub r /uf > 5). Equations (5.9) and (5. 12) represent theoretical
upper and lower limits for voidage in the bubbling fluidized bed.
Equation (5. 14) is probably more useful than equation (5. 12) for the

analysis of experimental data obtained under laboratory conditions
The size of laboratory equipment is very often limited. That is the
reason why bubbles usually will grow to the diameter of the fluidized
bed column and free bubbling is terminated with one or the other form

of slugging. Therefore, equation (5. 14) will actually set a lower limit

on bed voidage for the majority of reported data.
We should realize that a whole range of other flow situations

exists between these cases. In many practical situations we have to
deal with bubbles which are neither extremely fast nor stationary
These cases are harder to treat analytically, especially when the
bubble rise velocity is nearly equal to the interstitial gas velocity.

A region around the bubble penetrated by recirculated gas called

the bubble cloud, causes difficulties in our analysis In the case of

very fast or very slow bubbles, the size of the cloud is negligible. In

intermediate cases, the cloud may occupy a significant portion of the
surrounding emulsion. When that happens the visible bubble flow can-

not be represented anymore by the product ub6, simply because the

bubble fraction, 5. does not take into account cloud, and equation
(5. 2) is then incorrect. The entire analysis becomes even more
complicated if bubble wake comes into the picture. We could handle
these problems by correcting appropriate terms in equation (5. 2);
however, the final outcome of such analysis would be a needless

complication. In the intermediate region where bubbles have appreci-

able clouds, it suffices to interpolate the results for the two bounding

cases. Equations (5. 9, 5. 12 and 5, 14) already strongly suggest the

form of such a "compromising" model. It is easy to see that all three

equations have the form of equation (5. 15).
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E -E
rrif Lu < 0.5 '5.15)

1 -E umf

In theory, the parameter may take any value between 0

and 0. 5. However, it is physically unrealizable that parameter q

becomes equal to zero. Such situations would call for an infinitely

fast and infinitely large bubble.
In beds of large particles where slow bubbles are common, we

should expect to obtain values close to 0. 5. When fast bubbles are

encountered (beds of small particles) these values can become smaller

than 0.05.
Parameter is a funcation of umf and u,or. For fast

bubbles that function becomes approximately equal to umfiubr, for

slow bubbles it takes a form of umf /(u.or +2umf) while for stationary

bubbles it reduces to 0. 5. Bubbles tend to become bigger and faster

when excess gas velocity is increased. That is the reason we should

not expect that a single value of LIJ fit a given experimental data for

an extended range of excess gas velocities. However, for sufficiently

large particles 4i is almost a constant, independent of ubr and

umf ; consequently a good fit can be expected for a wide range of

excess gas velocities. A similar situation is encountered in fluidized

beds with internals. In such beds, the bubble growth is limited by the

internals, and when a maximum bubble size is reached, again

becomes independent of ubr.

Correlation of the Experimental Data

Figure 5. 1 presents relative bed voidage data in a way proposed

by equation (5. 15). The dimensionless excess gas velocity and dimen-

sionless voidage form the x and y axis of the suggested plot.
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Equation (5. 15) is used for correlation of all our data. Table

5.2 summarizes the obtained results.
Figures 5. 2a, b, c show relative bed voidage for a bed with tube

array only, along with their best fits. The calculated values for

parameter i are in agreement with our expectations. The highest

value, 0. 41, is obtained for largest particles, 4 mm. In the bed of
4 mm particles, bubbles are slower than in the bed of 2.85 mm or
1.3 mm particles; consequently, the voidage should be closer to the
theoretical upper limit given by equation (5. 9), represented by a
dotted line in Figures 5. 2a, b, c. The experimental results confirm
this expectation.

In a fluidized bed with internals, bubble growth is limited. This

is the reason a single value of fits our data excellently for every
particle size. In Figure 5. 2a, we show the predictions of the empiri-
cal correlation of Canada et al. (15),

uo (1 -Emf
= u

o
+

E
umf

mf
(5, 16a)

of the theoretical expression of Bar-Cohen et al. (32) (Figure 5. 2b)

mf + (1-Emf)(uo /umf 1)(uo /umf+1+ 1/2 E
m f

(5. l7a)

and our theoretical equation for the slow bubble regime (Figure 5. 2c),
developed in the previous section.

E -E mf
=

r 1 Lu
1 -e ubr /um + umf

(5. 10)
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Table 5.2: Summary of the values of coefficient Y.

d
Residual

p Mean Regime of

(mm) R2 Square Fluidization Comment

4.0 0.41 .990 0.00076 slow bubble tube array

2.35 0.33 .996 0.00024 II If

1.3 0.29 .996 0.00047
,, ,,

4.0 .50 .950 0.00055
t, no tubes

2.35 .48 .962 0.00044
,,,

2.0 .45 .961 0.00039
If

1.3 .33 .965 0.30034
rt er II

4.0 .33 .939 0.00151 slow bubble

exploding bubble.

2.35 .27 .913 0.00229

2.0 .21 .926 0.00213

1.3 .16 .909 0.00213
IT
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Equations (5. 16a) and (5. 17a) can be rearranged to take the form
of equation (5. 15):

and

E - E mf ,6u
1 -E mf umf E mf

E - E 2e 2e
mf mf 6 u . mf

1 -E LIE +14emf+1 umf mf

(5 16)

(5. 17)

Figures 5. 2a,b, c clearly show that equation (5. 10) is superior
to equation (5. 16) and gives more consistent and better prediction than

equation (5. 17). It is important to note that for different particle
sizes both relations, (5. 16) and (5. 17) are predicting bed voidage in

the wrong direction; bed voidage increases when particle diameter
decreases. This is a direct consequence of inappropriate expressions

for parameter LI). Furthermore, parameter LP in equation (5, 16)

can take values even higher than 0. 5, which is the upper theoretical

limit. On the other hand, 11i in equation (5. 17) cannot reach that

value at all.
Despite the fact that equation (5. 10) gives much better prediction

than other equations it does not fit the bed voidage data exactly. The

cause of 'ins discrepancy is probably in a bubble throughflow. The

two-phase theory states that bubble throughflow is 3umf . We

already mentioned that some investigators (13, 14, 16, 48) questioned

this theoretical result and experimentally found higher values: as high

as 5umf . This would certainly bring equation (5. 10) in close agree-

ment with our data. Figure 5. 3a shows relative bed voidage data for

the bed without the tube array. Equation (5. 15) is used again to cor-

relate experimental results. It is obvious that the fit is not as good as
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in the previous case (see Table 5. 2). Values obtained for parameter
tp, are too low, but still in expected order, The reason for this

discrepancy comes from the fact that our relative bed voidage data
covers two different fluidization regimes. A single value of param-
eter L.k cannot accommodate a wide range of excess gas velocities
because the bubble size changes considerably when a transition from
slow bubble to exploding bubble regime occurs. For this reason, we
partitioned data into two groups. All bed voidages obtained for low

values of excess gas velocity form the slow bubble data, the others
form the exploding bubble data. This partition is done according to
criterion shown in Figure 2.3.

The broken lines in Figure 5. 3b are obtained by fitting the
relative bed voidage data for slow bubble regime only with the equation
(5. 15). The slopes of the broken lines are now bigger, hence, the
parameter takes values very close to the theoretical limit.

However, the data for exploding bubble regime does not give

meaningful values for parameter 4. The order of magnitude analy-

sis shows that only bubbles of 120 to 200 cm in diameter can account

for low values of 4. That is a totally unreal situation, and an
explanation has to be found somewhere else. In Chapter II we gave a

detailed description of an exploding bubble regime and presented evi-
dence which showed that large gas bypassing and defluidization of

particles are characteristic for this regime. Both phenomena are

incompatible with the assumptions of the two-phase theory, For

example; equation (5. 2) does not have any provision to account for

accumulation of gas or increased bubble throughflow during the bubble

explosion.

Equation (4. 1) is also in error whenever the defluidization of

particles takes place. During the period when portions of the bed are

defluidized, (not supported by the gas flow) the pressure drop
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decreases giving the impression that less material is present in the

bed.

Therefore, we should not expect that any of the above equations,
developed on the basis of the two-phase theory, hold for the exploding

bubble regime.
Figure 5.4 shows some experimental data for the fast bubble

regime found in the literature. Fluidization of small particles is a
well investigated phenomenon and a lot of experimental data are avail-

able. Equation (5. 12) is in very good agreement with presented data.
In summary, the correlations between the voidage and fluidiza-

tion velocity have been the subject of many investigations in the past.
The majority of suggested correlations have very limited application.
Only a few of them (29, 31, 32) are developed on a theoretical basis.

The theoretical equations which we propose are based on the

two-phase theory and are developed as special cases of the equation

(5. 8). The derived theoretical equation for slow bubble regime is

better than other existing correlations. The equation developed for

fast bubble regime compares favorably with existing data. A problem
still exists in correlation of exploding bubble regime data. A differ-

ent approach has to be adopted in order to account for the defluidiza-
tion of particles and excessive bubble throughflow.
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VI. DISPERSION OF GAS IN FLUIDIZED BEDS OF LARGE
PARTICLES TIME AVERAGE CONCENTRATIONS

Predicting the performance of a gas-solid fluidized bed as a
chemical reactor requires that we know the flow pattern of gas through

the bed. Different approaches have been used to study the movement

of gas. All of them, however, utilize some type of tracer gas as a
tool for exploring the flow characteristics. Steady-state and

unsteady-state tracer injection are the two possible techniques of

introducing the tracer gas. The interpretation of the experimental

results may take different routes.
Fitting data to some type of diffusion model is probably the

simplest and most widely used approach. Axial and radial dispersion

coefficients are the parameters of these models. Several mathemati-
cal techniques are used to solve the basic diffusion equation whose
complexity depends on the boundary conditions and simplifying

assumptions.
Stimulus-response curves are often used to interpret flow pat-

tern in the fluidized bed. Levenspiel (53) gives a detailed explanation

of this experimental technique. F and C curves are useful for
evaluation of a mean residence time of gas in the fluidized bed as a

whole. However, if we want to learn how long a gas element spends in

the emulsion or in the bubble phase, we have to resort to more
elaborate and complicated tracer techniques. Stimulus-response

technique fails to give a unique answer in this type of application,
unless they are coupled with other information about the investigated

phenomena.
The results of tracer experiments are also used to fit bubble-

emulsion models. A number of two-region models have been proposed

but only a few of them (7, 8, 9) have survived the test of practical

application. Caution has to be exercised when tracer results are used
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to determine parameters of these models. Some two-region models
are ''loaded'' with a large number of adjustable parameters The

excellent fit, usually obtained with these models does not prove the

validity of the model. It is rather a consequence of the large degree
of freedom introduced by an excessive number of parameters.

Table 6. 1 summarizes some of the studies using tracer tech-

niques. As we can see gas tracer measurements reported in the
literature have been invariably made in fluidized beds of small par-

ticles.

Gas Tracer Measurements in Beds of Large Particles

The design of a gas tracer experiment is mainly determined by
the technique to be used for interpretation of experimental data. If a

diffusion model is used then the boundary conditions of the appropriate

diffusion equation are important. They determine the mode of the

tracer injection and detection. In other words, the tracer experiments
must be viewed as part of the particular approach to the identification

of gas flow characteristics.
In fluidized beds of large particles gas moves up through the

interstices between particles faster than the bubble rises, hence the

bubbles provide a short cut rather than a mean of transportation to

carry gas recirculating around the bubble through the bed Exploding

and slow bubbles are characteristic for a large particle fluidized bed.

Exploding bubbles induce large disturbances which have significant

effect on gas movement. Effective bubble throughflow is large. All

this indicates that the rate of gas exchange between the bubble and

emulsion phases is extremely high. None of the existing bubble-

emulsion models would be able to handle these differences. Those

models are adequate only for fine particle beds.



Table 6.1: Summary of measurements of gas mixing, fluidized beds

Carrier

Observer Gas

Gilliland 4 air

Mason (68)

Danckwerts air

et al. (69)

Reams
et al. (70)

Schugerl (71) air

Yoshida 6 air
Kunii (72)

Rowe E air

Evans (58)

Lehmann 6 air

Tracer
Gas

Ile

Method
of Injection

step input

He pulse input

11
2

steady state

pulse input

Solids
(ims)

Velocity

(m/s) Results

Me distribution of
residence times

Ile, Freon

12,Freon
22

step input

Ile steady state

He steady state

Schugerl (59) 4 pulse input

distribution of
residence times

0.102<d <0.452
p

glass beads

Fluid Catalytic
Cracking process
catalyst

0.06<d <0.2
sand P

0.04<d <0.5
p

dp = 0.15

microspherical
catalyst

dp 0.154

quartz sand

dp 0.18

quartz sand

0.134<uo<0.52

u
o

- 0.222

0.02<uo<0.16

0.07<uo<0.64

0.35<uo<0.22

u
mf

= 0.02

0.00111<uo<0.072n

umf<uo<3umf

F curve

C 6 F curve

radial dis-
persion co-
efficient D

y

axial 6 radial
dispersion co-
efficient 0

z'
Gy

F curve

radial dis-
persion co-
efficient D

y

axial 6 radial
dispersion co-
efficient Oz,

to region model
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Measuring the stimulus-response curves in coarse particle beds
is difficult. These beds are usually shallow, 0.35-1 m deep, the
interstitial gas velocity can be as high as 5 m/s which means that an
element of gas can leave the bed in less than 0. 1 s. This, requires
very fast instrumentation with time resolution on the order of magni-
tude of a few milliseconds. Furthermore, the lack of experience in
interpreting the stimulus response curves for large particle beds
would add to the already existing problems in application of this

technique (53). Steady-state injection of tracer would at least relax
the requirement for an extremely fast detection instrument. However,

there are other reasons, which we discuss in the following section why
a fast responding instrument is still desired for tracer gas measure-
ments in fluidized beds of large particles even if the tracer gas is
injected steadily.

Fitting data to a diffusion type model with axial and radial dis-
persion coefficients, Dz and D , to the experimental data is a

y
simple and conservative approach. In the case of fluidization of large

particles it is also a reasonable approach since the investigated
phenomenon is far from being well understood. The use of a two-

region model of some kind would be very speculative at this moment.
With all this in mind, we decided to conduct a steady-state

tracer experiment with the idea of using a diffusion model for inter-

pretation of experimental data.

Description of the Experiment

A large number of steady-state gas tracer experiments were
performed in a 2-dimensional fluidized bed. The tracer injection and

sampling systems are shown schematically in Figure 3.2. Features

and characteristics of these two systems are also discussed in
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Chapter III. Tracer is injected as a line source 8 mm above the
distributor plate, in the middle and across the width of the bed. The

solution of a diffusion equation is much easier and simpler whan

tracer is injected through the line source, because the spreading of
the tracer gas becomes a simple 2-dimensional dispersion process,

Three sample probes are used for continuous withdrawing of

small quantities of gas at various points in the bed. Several ports
drilled through the side of the bed provided access for the probes at

different axial positions. The axial positions were 0.15, 0. 22, and

0.3 m for the bed without tubes and 0.2, 0.3 and 0.38 m in the bed
with tubes. Once placed at the given axial position each probe could

move laterally to take the sample at any desired point. The exact

radial position is determined by measuring the length of the remainder

of the probe outside the bed. Several radial measurements, usually
10, of tracer concentration are taken in order to trace the complete
concentration profile at a given axial position. Figure 6.1 schemati-
cally shows the positions of a few typical sampling sites and the tracer

injection line. Table 6. 2 summarizes important experimental condi-

tions,
Sampling Rate. The photoionization detectors (see Chapter III)

are used for continuous monitoring of gas tracer concentrations. The

output analog signal (+10 to -10 volts) is sampled 40 times a second
for a period of 4.2 minutes and the digitized data are stored on

magnetic tapes.
Ad.ustment of the Tracer Gas Flow Rate. The flow rate of

tracer gas is adjusted before each run. All three probes are placed

in the center of the bed directly above tracer source. The optimal

experimental conditions are obtained when the flow rate of the tracer

gas is increased up to a point where each of the three channels give a

signal 20% below the maximum allowable reading. This requires that
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SAMPLING
SITE

TRACER
SOURCE

Figure 6.1. Tracer measuring sites in a two-dimensional fluidized
bed.
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d

(mm)

Range of
Au (m/s) Lalf(w)

T
b
(c)

Axial Positions of Probes(m)
1 2 3

Regime of
Fluidization

No. of
runs

4.0

2.85

3I

-0.24

-0.14

-0.18

1.86

1.72

1.31

0.457

0.457

0.457

39-45

30-39

28-40

0.15 0.22

0.15 0.22

0.15 0.22

0.30

0.30

0.30

slow bubble
'and exploding
bubble regime

54

74

42

4.0

2.85

1.3

-0.22

-0.53

-0.24

2.26

1.56

1.85

0.457

0.457

0.457

42-45

37-38

36-39

0.20 0.30

0.20 0.30

0.20 0.30

0.38

0.38

0.38

slow bubble
regime

48

42

45
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the amplification of the signal coming from the photoionization
detectors is adjusted according to the distance of the sampling probes
from the tracer source. The sample of the gas taken by the probe
closest to the injection line has larger amounts of tracer than the
samples taken with the other two probes. Consequently, the amplifi-

cation of the signal on the first channel has to be reduced otherwise,
the level of the signal would exceed +10 volts, which is the upper
acceptable limit for analog-to-digital converter. After these adjust-
ments the system is left to operate for 15 minutes before any data are
taken. The settings on the tracer gas flow rate and the signal ampli-
fications are not changed until all data are collected for the given

superficial velocity. When the superficial velocity is changed the

above procedure is repeated. The amount of tracer gas introduced in
the system is never metered. The only requirement is that the flow

rate must stay constant during the experiment. Therefore, we elimi-
nate the calibration of a flow meter and avoid uncertainties in reading
the correct values for the tracer flow rates.

The level of the background signal is always determined before

and after each series of runs. The difference between the two back-

ground readings is usually negligible because of the lengthy warmup

period (45 minutes). The electronic circuits which are part of instru-
mentation would usually be left on for several days. The background

reading is automatically subtracted from all experimental recordings
so that any later mathematical manipulation would involve only a

true data".
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( 6. la)

is calculated from the raw data. This calculation is done on the Nova

computer immediately after a complete concentration profile is traced.
When these values are obtained they are coupled with other experi-
mental data like axial and radial positions of the probes, fluidizing
velocity, bed voidage, temperature, etc. , and placed on an 0S3 file.

At this stage the data is essentially ready for further analysis.
Figure 6. 2 shows a representative tracer concentration profile

across the bed at a given height above the distributor plate and the

tracer source. All points represent a time average of actual tracer

signals. The concentration profile is a bell-shaped curve as

expected. The gas movement is modeled by assuming that there is an

upward bulk flow with superimposed diffusion in both the horizontal
and vertical directions. We assume that the process of eddy diffusion
and convection of tracer gas in the 2-dimensional fluidized bed can be

described by the partial differential equation,

2
a

2
c a c ac

D + D = u
z

az2 y ayz 3z
(6. 1)

The above equation is for a nonisotropic media (Dz different

then D ). (Dz and D are the vertical and horizontal coefficients
yy

respectively. ) A simple change of variables, y and z, will rear-

range equation (6. 1) in the form applicable for quasi-isotropic media
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0_ 2)

The problem of continuous line source in moving infinite media is first
treated by Wilson (56) and some 42 years later by Cars law and Jaeger

(57). They found that the solution of equation (6. 2) is given by

urc(z,
uz

T1) = )expr 1

2 TrD
Ko(

2D2D
z z

(6. 3)

where K () is the modified Bessel function of the second kind of
0

order zero. Q is the strength of the source per unit length and time,
and distance r is defined as

r = z2 +r12 (6. 4)

When is large the Bessel function Ko() can be repre-

sented by

For

2

Ko() = e
8

+
3Tr

!(8)

> 2 with less than 5% error we can write

Ko() = 1 e

5 a )

(6. 5)

When equations (6. 5) and (6. 4) are subsituted into equation (6, 2)

we finally obtain



D
exp 1- /14a

4
2.Dz2 \l-rrDzuzl+a z

uzc(y, z)

where a = or in the normalized form

z) ex Fuzc(y, z) 1
1+a2 ---z d

Y

Radial and axial dispersion coefficients, D and Dz, are
y

evaluated by a least square data fit. The difference between the

actual reading and that predicted by the model is minimized by the

choice of parameters D and Dz.
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Characteristic Fluidization Velocity. The characteristic
fluidization velocity, , appears also as a parameter in equation
(6. 6). It is important to note that velocity can be defined in a

number of different ways.

Rowe and Evans (58) suggest that excess gas velocity (uoumf),
or as they call it "bubble flow'', should be used in diffusion equation
which describes the motion of gas in fluidized beds. Their choice

seems correct for their experiments. They performed tracer gas
experiments in fine particle fluidized beds. Bubbles beds of small

particles are fast bubbles and they are the principle mean of gas
transport. However, in beds of large particles bubbles are not

vectors for the gas phase. Interstitial gas moves faster than bubbles.
A small portion of gas rizes up as very small bubble 7`cloud ". The

rest of it uses the bubble as a short cut. Therefore, it would be

incorrect to use an excess gas velocity as a characteristic fluidization
velocity since only a very small portion of gas is transported by



bubbles themselves. A characteristic gas velocity defined as

u = uo /6
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(6. 7)

is a better alternative. This velocity is closer to the actual gas

velocity inside the bed. A more sophisticated approach could be

applied if an overall mean residence time (T) or the mean resi-
dence time in each of the phases were known. Lehmann and Schugerl
(59) use mean residence time to define the characteristic fluidization
velocity 3 This, however, requires much more elaborate experi-
ments which does not seem justified for the simple picture of gas

mixing based on a diffusion model.
Often in the literature (60, 61) we find that the dispersion

coefficients are calculated on the basis of superficial velocity uo.

This is a convenient and practical approach since superficial velocity
is a quantity easy to measure. However, uo is not a real charac-

teristic fluidization velocity. Gas usually moves through the bed with

velocities much different from uo . Nevertheless u or any other

velocity can be accepted conventionally to represent a characteristic
fluidization velocity to give "effective'' dispersion coefficients. But

caution must be exercised when results of two different studies are
compared, because different velocities could be used in evaluation of

dispersion coefficients.
Equation (6. 7) is a compromise between an oversimplified and

needlessly complicated approach. It gives values quite close to the

actual velocity of gas and is still simple to use
Preliminary Data Analysis. Equation (6, 6) is used to evaluate

time-average radial and axial dispersion coefficients D and Dz,

3 This is interstitial velocity based on average bed voidage.
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A two-dimensional search routine finds the optimum set of D and

Dz such that square deviation between experimental and calculated

concentration profile is minimized. The objective function is repre-

sented by equation (6. 8)

2

,E) exp
2

uDz (1 14-a
2

) 8)
D

1+a z

The preliminary data analysis leads to several interesting
conclusions.

The tracer data does not give very reproducible values for the
dispersion coefficient in the vertical direction since the overall
response is not sensitive to this parameter. In fact, except for the

region very close to the injection line the calculated spread of tracer
as a function of position is found to be about the same whether the

vertical dispersion coefficient is 3000 or 0.01. Several investigators

(58, 62, 63) came to the same conclusion. Rowe and Evans (58) con-

clude that ''the above model is insensitive to changes in the axial dis
persion coefficient and depends mainly on the radial coefficient
[Carberry (62) even suggests that we can ignore the first term in

equation (6. 1) since the a
2Jaz 2 is small when compared to

u(ac /az).1,

Schugerl (63) on the other hand proposed that both dispersion
coefficients be made equal, arguing that dispersion is isotropic in gas

fluidized beds (of small particles). This is not easy to reconcile with

the fact that bubble motion is mainly axial.
Figure 6. 3 shows the differences between three calculated

concentration profiles evaluated from equation (6. 6) when the axial

dispersion coefficient is forced through values 3, 000, 1,631 and 0. 01.
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The differences are negligible. Thus the decision was made to drop
the first term in equation (6. 1) and calculate only the radial disper-
sion coefficient from the experimental data. This greatly simplified
the solution of equation (6. 1) which is now given in the form4

c(y, z) 2 uc-- = exp[-y
4D z

c(o, z)
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(6. 9)

We have already mentioned that the average concentration profile
shown in Figure 6. 2 is a bell-shaped curve. This suggests that the

experimental data can be fit by a normal distribution function

Therefore,
g(y).

c*(y, z) = [g(y)/g(o)]z = exp[ -y2 /20-2] (6. 10)

where o- is the standard deviation of the mean concentration curve.

By inspection of the two solutions (6. 9) and (6. 10), we see that o-
2

has to satisfy the following relationships

2

0-
2 2Dz Cr 1.1or D

u 2z
(6, 11)

Therefore by measuring the spatial variance of the time
averaged tracer concentration curve we can determine the radial dis-

persion coefficient, D.

Incidentally, the simple relation of Einstein between the diffu-

sion coefficient D and mean square displacement y2 of tracer in

4For the sake of simplicity we will no longer use a subscript
for the radial dispersion coefficient D . We will use only the
symbol D.



2 dimensions is given by

2 2

D = 1°
y 2t 2z

Since the variance o-
2 is equal to the mean square distance

we can write

2
0- uDy

z
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(6. 12a)

y
2

(6, 12)

which is identical to the solution of equations (6. 9) and (6. 10).
Equations (6. 10) and (6. 11) are now used for data analysis.

Figure 6. 4 is a graphical representation of the numerical procedure
employed in evaluation of the horizontal dispersion coefficient. The

typical data fit was usually very good and residual sum of squares was

small.
Figure 6. 5 shows the radial dispersion coefficient obtained in a

bed without internals, for three different sizes of particles, measured
simultaneously by three probes at 0.15, 0.22, and 0.3 m above the

tracer injector. Figure 6. 6 represents average values of lateral dis-
persion coefficients calculated from all three probes at a given super-

ficial velocity. These figures indicate
Dispersion of gas increases with an increase in the excess gas

velocity.
The dispersion coefficient, D, is independent of the axial and

radial position in the bed.

The dispersion coefficient, D, is a function of the mean particle

diameter.
While the first two conclusions are easily deduced from Figure

6. 5 the third needs more explanation. For low values of excess gas

velocity, up to 0. 45 m/s, dispersion of gas is greater in beds of
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of the horizontal dispersion coefficient.
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bigger particles. It is greater in the bed of 4 mm particles than in
the bed of 2. 85 or 1.3 mm particles. However, when the excess
velocity is increased above 0. 45 m/s the influence of the particle size
becomes opposite. Higher dispersions are measured in beds of
L 3 mm particles than in beds of 2. 85 or 4 mm particles. The

explanation for this unexpected switch has to be linked with a change of
fluidization regimes. According to our criterion given in Chapter II
a change between the slow bubble and exploding bubble regimes occurs

somewhere between 0. 4 and 0. 5 m/s, for the particles used in this
study. The value of 0. 45 m/s is exactly in the middle of the range
where the change of fluidization regimes is expected. This is another,
indirect, experimental support of our theoretical findings in Chapter
II. A more detailed study on the formation of bubbles and gas distri-
bution in the exploding bubble regime must be done before a thorough
explanation can be given of the influence of particle diameter on gas
dispersion in fluidized beds of large particles.

Figure 6. 7 shows the radial dispersion coefficient obtained in
beds with a tube array in place. The average values calculated from
readings of all three probes are plotted in Figure 6. 8. Both figures
look quite different from the corresponding figures for beds without
internals. The differences are especially evident in Figure 6. 9 where
dispersion coefficients for beds with and without a tube array are
plotted together for comparison.

For the lower range of excess gas velocities, the lateral dis-
persion coefficient in beds with tubes increases very rapidly and it is
considerably larger than the corresponding value in beds without

tubes. However, at higher values of (uo-umf) the increase is sub-
stantially slower. The values of dispersion coefficients are smaller
than the values obtained in beds without tubes and become almost

independent of excess gas velocity.



0 4 ;4!
cJE

0.3

0.2

0.1

0

0.03

t.d

0U 0.02

0
cc

a.

a 0.01
_1
_J

LL1

0

bed with tube array
L =0.20 0.30 0.38

dP= 4.00 x 10-3m 0
2.85 0 A A
1.30 9 o e

Lm= 0.457m

Os

O
O

Slow Bubble Regime

0.5 1.0 1.5

EXCESS GAS VELOCITY, umf (m/s)

0 2 4 6
(ft /s)

Figure 6. 7. Radial dispersion coefficient obtained in bed with a tube array in place, for
three different sizes of particles, measured simultaneously by three probes
at three vertical positions above the tracer injector.

2.0 2.5

8



in 0.4-
NE

0.3

0.2

0.1

0

0.03-

ET_

0U
Z 0.02
0
rz
tita

0.01

CC

0>

Slow Bubble Regime
tube array
d

P
=4 00 x 10-3M

2.85
1.30

Lrn=0.457rn

0 0.5 1.0 1.5 2.0 2.5

EXCESS GAS VELOCITY, uo-umf (m/s)
I I I I I I I

0 2 4 6 8
(WS)

Figure 6. 8. The average values of radial dispersion coefficient in bed with tube array
calculated for all three probes.



NI
:Z" 0.4-

0.3

0.2

0.1

0

N
E

0
t--z 0.03-

U
LL

w0
z 0.02
0

Cl)

Cr

0.01,
-J
4:1

0

no tubes tube array

dp= 4 00 x 10-3m
2.85
1.30

Lm=0.457m

0

0
A
0

0.5

A

O

0

_t

1.0 1.5 2.0

EXCESS GAS VELOCITY, u0- umf (m/s)
I I I I I I I I I I

0 2 4 6
(WS)

Figure 6. 9. Comparison of the average radial dispersion coefficient in bed with and without
tube array.

8

2.5



106

Several unique phenomena account for this difference. It is
characteristic for the fluidized bed with tube array that as velocity is
increased, a local fluidization of particles occurs much before the
entire mass of particles is fluidized. This localized fluidization

usually takes place on the side of the tubes. In that region motion of

the particles is considerable and sometimes even the small bubbles
are formed and escape. When the velocity is increased the tubes
become generating points for bubbles, and many small bubbles move
vigorously between the tubes contributing to the increased mixing of
the gas and particles. This is one reason why the dispersion coeffi-
cient increases sharply at the beginning of fluidization. However,

with the increase of excess gas velocity the point is reached when
bubbles cannot readily grow bigger because the tube array limits their

size. If the amount of excess gas is increased beyond this point some
other mechanism has to provide a means for gas transport through the

bed. The bubbles at this stage of fluidization become elongated
(sausage-like), and very often connect for a short period of time
2 or 3 tubes forming a long channel which offers little resistance for
gas flow. Their life is short and they come and go randomly in one

part of the bed and then another. The gas which flows through these

channels usually carries a small amount of particles. With a further

increase of the excess gas velocity, the channels become more per-
sistent and longer, connecting more than 2 or 3 tubes. They definitely

form a new lean particle phase which generally moves upward. The

rest of the bed consists of a much denser phase and moves downward

usually on the sides of the bed along the walls to counterbalance

upward transport of particles.
This is the point when the transition from the freely bubbling

fluidization to a turbulent or streaming flow regime is finished. The

slow bubble regime is gradually replaced by a fluidization regime
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which can handle larger amounts of excess gas. The exploding bubble

regime is not noticed at any point during the transition from slow
bubble to the streaming flow regime. Figure 2. 6 clearly confirms the

visual observation. The variance of the pressure drop in the bed with
tube array did not increase even at higher excess gas velocities.
Similar phenomenon is observed by McLaughlin (34) and Canada et al.

(15). The tube array suppresses formation of big bubbles and con-
sequently prevents incipiation of the exploding bubble regime.

The existence of lean and dense phase streams which traverse
the bed through several rows of tubes reduce the randomness of the
gas and particle motions. In the fully developed streaming flow, par-
ticles and gas are carried through the bed within the narrow stream
without much possibility for "side trips" and mixing. In other words,

the bed becomes more "ordered."
The dispersion coefficient can be viewed as a measure of the

mean square random walk distance. Thus it is logical to expect that
its value reach a maximum limit since it is not increased by entering

the exploding bubble regime. This is evident from equation (6. 12a).

The lateral dispersion coefficient is directly proportional to the
lateral mean square random walk distance.

The upper range of excess gas velocities achieved in this study
reach only to the transitional region between slow bubbles and stream-

ing flow. Due to the design constraints of our fluidized bed facility, a
fully developed streaming flow regime could not be achieved.

Figure 6. 8 clearly shows that the increase of excess gas velocity
is not followed by an increase in lateral dispersion coefficients. The

rise of the coefficient D, is practically stopped for higher gas
velocities where bubble size is limited by the tube bank.

Figure 6. 9 compares the experimental results from beds with

and without tube arrays. The first "obvious" conclusion which can be
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deduced from this figure is that the mixing of gas in fluidized beds
without internals at higher excess gas velocities is better than the
mixing in beds with tube arrays. Still, it is hard to picture that the
bed of exploding bubbles, with gross gas bypassing, can provide more
useful mixing than the bed with tube array. Figure 6. 9 simply does
not fit our intuitive expectations which are based on the visual
observation of beds. Therefore, a more detailed investigation of our
experimental data is needed in order to gain a better insight in gas
mixing in beds of large particles, and possibly make us less reluctant
to accept conclusions drawn from Figure 6. 9.
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VII. MEANDERING FLOW MODEL

Our data analysis has included, so far, only the time average
tracer gas concentrations. We will now examine more closely the
actual tracer signal at given locations (y, z). Figure 7. 1 shows

representative signals obtained in a 4 mm particle bed at three differ-

ent locations.
The tracer concentration record at a point is actually a series of

peaks of different amplitudes, between which the reading drops to the

background level. This shows that our simple dispersion model pic-
ture is correct only on a time average basis. It is obvious that the

simple dispersion model cannot explain the instantaneous tracer

signals.
Therefore, a new approach is needed in the analysis of our

experimental data. Stimulus-response technique which we mentioned

in Chapter IV is not applicable (even if the transient data are avail-
able) because of the irreproducible nature of gas flow in the exploding

bubble regime.
In this chapter, a new simple and practical flow model is pre-

sented which can account for the tracer gas signal shown in Figure

7. 1.

Diffusion Equation

The transfer of mass in systems of flowing fluids may take, in

general, three different forms.
Bulk flow of fluids is the mechanism for overall movement of

mass through the system. This type of mass transfer is accounted

for by an average bulk fluid velocity.
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Figure 7. 1. The tracer record at three different radial positions in
bed of 4 mm particles.
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Molecular diffusion is perhaps the most investigated mass
transfer mechanism and hence is very well described in literature.
Random movement of individual molecules provides the basic mechan-

ism for diffusional mass transfer. Although the microscopic nature

of this process is random, molecular events occur so often and the
number of molecules is so large that molecular diffusion is usually
described by exact physical laws which are characteristic of determi-

nistic processes.
Turbulent transfer of mass is a phenomenon related to the

hydrodynamic turbulence which very often occurs in fluid flow. It is

triggered by local flow instabilities and pictured as a motion of groups
of molecules, clumps, eddies which retain their identities for a short
period of time. Like molecular diffusion, turbulence has a random

nature. There exist many empirical correlations describing turbulent
mass transfer which greatly simplifies design problems.

Equation (7. 1) is one of the more general forms of partial dif-
ferential equations which describe mass transfer and fluid flow.

ac + v (c1-7) v [D v (c)]

For one dimensional flow with radial dispersion the above

equation reduced to

az c Sc
2

u az = 0
ay

(7.1)

(7. 2)

It is a common understanding that equation (7. 1) and (7.2) hold only

for systems which do not have significant flow and concentration

fluctuations. If there are fluctuations, then velocity and concentration

are resolved into steady and fluctuating components:



u = u + u'

c c + c'
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(7. 3)

Fluctuations on molecular level are small enough so that they

can be safely ignored.
However, the turbulent fluctuating component may or may not

be possible to ignore. It all depends on the time scale on which we

are observing given phenomena.

T
1

udt = u + T
T

u 1dt

(7. 4)
T

1
T

cdt = c + J c'dt
0

If we wish to base our mass transfer model on a long-time
scale, then the integrals on the right side of equation (7. 4) will con-
verge to zero and all other quantities will become time invariant.

u u°, c =c (7. 5a)

This is exactly the approach we have used in Chapter VI. We

picked a long enough tracer record so that its mean became inde-

pendent of time. Since the fluctuating components still exist no matter
how we mathematically treat the problem., it is logical to expect that

their influence on fluid mixing have to show up somewhere. The dis-

persion coefficient, D, is the parameter which now incorporates the

influence of the turbulent nature of the flow. This means that for the

sake of the relative simplicity of the diffusion equation, we choose to
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assign the influence of short-term fluctuations to a hypothetical
molecular diffusion coefficient which we now call dispersion coeffi-

cient.

There are some practical situations in which a "long-term"
fluctuation is superimposed on the molecular and simple eddy-type
diffusion.

For example, a plume released from the stack represents a
disturbance which retains its identity for a longer period of time.

The motion of the water in rivers may take up the form of large
eddies which could be as big as the depth of the river.

Fluidized beds are another example. A stream of fluid which
meanders through the bed gives rise to random fluctuations in con-
centration.

If we decide to look closer into a time record of these kinds of
flows, then the fluctuating component has to be taken into account.

Meandering Flow

Figure 7. 1 shows the actual tracer record at three different
radial positions in the bed of 4 mm particles. These positions are
schematically shown in Figure 7. 2. With information available in

Figures 7.1 and 6.2 and with a little bit of intuition, we can capture
the real physical process by a simple model which can take into
account larger fluctuations and in its limit still fit the dispersion
model.

The dispersion of gas through the bed is the result of the super-

position of two processes:
a. gross movement of the gas along the meandering path.

[The lateral component of the movement is the random

variable induced by bubble formation at the bottom of the bed
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and bubble explosion at the top. The axial component is

nothing more than some characteristic upward gas velocity
through the bed (probably very close to interstitial velocity).]

b. eddy type dispersion of the gas around the meandering path.
Figure 7. 2 attempts to explain visually these two mechanisms.
We can now see that the mean tracer concentration curve in
Figure 6. 2 (represented by equation (6. 10)) is the convolution

of two functions (which we do not know yet) each describing

one of the two basic mechanisms of gas movement. Since the

convolution of two normal distribution functions is also a
function normally distributed around its mean, a form

assumed by equation (6. 10), it is logical to postulate that the
two unknown functions are normal distribution functions.

Therefore, we define the following functions:

m(x, z) --a probability function which describes the bulk

lateral motion of gas (meandering path)

1
D z

x2 2
m(x, z) exp(- ), o-

2Tro-
m u

2o-m m

(7. 6)

and t(y-x, z) --a function which describes the tracer
gas concentration resulting from the eddy-type disper-

sion of gas around its meandering path.

, (y-2x)2, 2
Dtz

t(y-x,z) =
2

expl- ); crt u
2-rro-

t
2c't

(7. 7)

2
The variance cr

t
can be replaced by its dispersion model equivalent,

(Dtz /u). We can now define the mean tracer concentration as



T
c(y, z) c(y, z, t)dt = J t(y-x, z) m(x, z)dx

and, similarly, the mean square of the tracer concentrations as

c
2(y,

z ) =
1

T
2 2c (y, z, t)dt t (y-x, z) m(x, z)dx

0

Since t(y-x, z) and m(x, z) are normal distributions we can

immediately write:

c(y, z)
1

=

and similarly

2
c (y, z)

T
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(7. 8)

(7. 9)

T 2

c(y, z, t)dt exp[- Y (7. 10)
2

2(o-2+o-2 )
t m t m

2 M2
c (y, z, t)dt exp[ - Y

2

] (7. 11)
2Tro- Jo- 2 +20-2 2o-2 +u

2

t t m m t
or, in the normalized form

2
r c(y, z)

c *(y, z) = exp[- 2 2 I ' c''(Y' z)
2( ut +0- m

) c(0, z)
(7. 12)

2 2
2 Y 2 c (y, z)

2 2 jc *(y, z) = exp[- c *(y, z) = (7. 13)
+2uo-

' 7(0, z)
t m

Therefore, by measuring the instantaneous gas concentrations at dif-
2

ferent locations (y, z) one can determine the variances o- and
2

o- and the dispersion coefficient D from
m m
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(7. 14)

The ratio between D and Dt gives an estimate of the importance

of "long term" fluctuations in the process of mass transfer.
Comparison of the equations (7. 12) and (6. 10) reveals that

Or

2 2
O2 = o- +

m t

D -= Dm + Dt (7.15)

Therefore, the overall lateral dispersion coefficient is the sum

of two independent coefficients Dm and Dt.

For any gas-gas or gas-solid reaction in the fluidized bed, the
important parameter is coefficient Dt. The meandering dispersion

coefficient D does not contribute to actual mixing of fluids from
m

the standpoint of chemical reaction.
The combustion of coal in a fluidized bed involves two different

reactions. There is the gas-solid reaction of the oxygen in air with

coal-char particles. There is also the gas-phase reaction between
volatiles evolved from the coal and the oxygen in the air. When the

coal is fed into the bed, the volatiles are immediately released in the

form of a plume, while the remaining char will stay in the bed for a

longer period of time. The volatiles-oxygen chemical reaction occurs

only on the surface of the plume which is the interface between the two

reactants. As far as this reaction is concerned it is irrelevant how

far laterally the plume of volatiles has meandered. But the mixing

between the reactants, determined by coefficient Dt is very impor-

tant. It determines how much reaction occurs between the volatiles

and the oxygen rich air. A substantial error could be made in the
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evaluation of the combustion efficiency if an overall lateral dispersion
coefficient is used instead of the coefficient Dt. This could be a

critical error in the case of coal combustion since almost 50% of the
coal heating value is in the volatiles, and since the overall lateral
dispersion coefficient, D, may be caused by a large meandering dis-
persion coefficient rather than good fuel-air mixing.

The meandering flow model can be viewed as follows:

The concentration of the tracer gas at any point in the fluidized

bed at time t is given by the product of two functions t(y-x, z)

and m(x, z).

The function t(y-x, z) is the solution of the diffusion equation

(7. 2) that would be obtained if large fluctuations (meandering) did not

exist.

The function m(x, z) is actually a probability that the meander-
ing plume, which originated at some location in the flow, will pass
through the given point. The form of such a probability function must

be determined from experimental data and from any other
possible insight into the nature of fluid flow. In this case we assume

(and find confirmation in the data) that m(x, z) is a normal probabil-

ity density function.
Figures 7.3, 7. 4, and 7. 5 show how the overall lateral disper-

sion coefficient is split between the coefficient Dm and Dt in the

bed without tube array. It is a surprising discovery that the meander-
ing dispersion coefficient often makes up the larger portion of the

overall dispersion coefficient.
A few experimental points were collected in the bed at a velocity

too low for fluidization. For these readings the lateral dispersion of

gas in a packed bed was due exclusively to the turbulent eddy diffusion.

At low values of excess gas velocity, (the slow bubble regime),

the overall dispersion coefficient is close to the values of the turbulent
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dispersion coefficient Dt. However, when the excess gas velocity is
increased and transition to exploding bubble regime is completed D

comprises the major portion of the overall dispersion coefficient
The turbulent dispersion on the other hand increases only slightly or
does not increase at all as in the case of 4 mm particles.

From Figures 7.3, 7.4 and 7. 5 we can also deduce that the
coefficient Dt is higher for smaller size particles, 1.3 mm, than
for 4 mm particles. This is the direct consequence of the "slowness"

lD r
/urrifof bubbles. In the bed of 1.3 mm particles the ratio

u
is

bigger than in the bed of 4 mm particles for the same size bubbles.
This indicates that the bubbles in 1.3 mm particle beds are "faster"
and have bigger clouds. Bigger clouds, mean more recirculation of
gas and more mixing.

Thus, we conclude that the exploding bubble regime shows poor

performance as far as the mixing of gas is concerned. Furthermore,

the high values of the overall lateral dispersion coefficient observed
in the bed without tubes are mainly due to the bulk lateral motion of the

gas caused by big exploding bubbles. This type of motion does not

contribute to gas mixing and to that extent to gas-gas or gas-solid
reaction.

Figure 7. 6, 7. 7 and 7.8 show how the lateral dispersion coeffi-

cient D is partitioned between the other two dispersion coefficients

when there is a tube array in the bed. The overall picture is quite

different. Despite the fact that the dispersion coefficient D is

smaller in the bed with a tube array, the turbulent dispersion coeffi-

cient Dt is considerably larger than the coefficient obtained in the

bed without tubes (see Figure 7.9). The lower value of D is pri-
marily due to the low values of the meandering dispersion coefficient.
The meandering motion of gas is suppressed by the tube array while

turbulent dispersion is enhanced.

m
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Thus, it appears that beds with internals can do a better job in
gas mixing and consequently in promoting a chemical reaction.

Besides increasing Dt, tube arrays reduce the oscillation of
the bed surface and the pressure drop oscillations across the bed.

The absence of exploding bubbles reduces on the elutriation of

particles (63).
There is experimental evidence that the mixing of solids is also

considerably improved (64).
The optimum design of the tube array deserves more attention

and further study since it can improve the mixing of gas and other
performance characteristics of the gas fluidized bed reactor.
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VIII. SUMMARY AND RECOMMENDATIONS

We began the presentation of our first results in Chapter II. A

clear understanding of characteristics of all the possible fluidization
regimes is extremely important for any study in the beds of large

particles.
Equations (2. 8) and (2. 9) are the important relationships in

quantitizing the criterion for distinguishing between the slow bubble

and the exploding bubble regime. This criterion is given by equation

(2. 10)

uo umf = 21. 85L0.
17 (in CGS system) (2. 10)

The boundary of the exploding bubble regime for the different
bed heights is represented by a broken line in Figures 2.3 and 2.4.
These lines are valid for d > 0.5 mm since equation (2. 8) applies

for coarse particles only. Equation (2.8) is from the paper by
Cranfield and Geldart (11) and is the only equation available in the

literature for bubble growth in beds of large particles. Our experi-

mental results: pressure drop oscillations Figure 2.6, bed expansion

data Figure 4.5, meandering dispersion coefficients Figures 7.3-7.5,
and visual observations graphically represented in Figure 2.5 fit

nicely into the theoretical predictions given by equation (2. 10) and

Figure s 2.3 and 2.4.
At this point we give our first recommendation for future

studies. The bubble growth equation (2. 8) should be checked against

new experimental data which could be collected in existing facilities.

This equation could be improved if a more theoretical approach, based

on two-phase theory and the statistics of bubble coalescence is

applied.
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The criterion for flow bubble and exploding bubble regime should

be represented in terms of non-dimensional groups, similarly to the
slow bubble-fast bubble criterion developed in Appendix A.

Furthermore, a criterion which will indicate the transition
between the bubbling fluidization and turbulent or streamflow regime
is needed and should be included into the diagrams presented in

Figure 203.
The material presented in Chapter IV deals with the bed expan-

sion. Experimental results are presented in Figures 40 3, 40 4, and

4. 5. The theoretical equations are developed in Chapter V.
The theoretical equations which we propose are based on two-

phase theory and are derived as special cases of equation (5.8)

E -E mf 1 4u
1 _c [ubr iumf +(3or-1)] umf (5. 8)

The derived theoretical equation for the slow bubble regime fits the

data better than other existing correlations

E -E mf 1 Lu
1-E [Li Al +2] ubr mf mf

(5. 10)

The equation developed for the fast bubble regime compares

favorably with existing data

E -Emf 1 Lu
1 -s [ubr /umf] umf

(5. 12)



Equation (5. 8) reduced to equation (5. 14) in slugging beds of

small particles. This equation has already been proposed by

Hovmand and Davidson (31).

-Emf r
umf

Zsu

1 -£ 0.35 iCTI ut mf
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(5. 14)

A special case of equation (5. 10) can be obtained for very slow,
stationary, bubbles where u_Or /umf = 0.

-E mf Lu= 0. 51-s umf ( 5. 9)

A problem still exists in correlation of exploding bubble regime
data to account for the partial defluidization of particles and excessive

bubble throughflow.
The above equations hold for beds with and without tube array.
This portion of our study can be extended in two directions.

Equation (5.8) could be improved if effective bubble throughflow, a,

is expressed as a function of the ratio ub riumf. One possibility is

to develop such an expression from the potential theory of gas flow

around and within the bubble. Further improvement of equation (5.8)

is possible if bubble wakes are taken into account.
Some additional research effort should be directed toward

investigation of bubble movements between the tubes in beds of large

particles. It seems possible that the bubbles rise faster through the

beds with tube arrays than predicted by equations (5.3) or (5. 13a).

Some of the needed information could be extracted from the data on

bed expansion (not reported in this study) collected by capacitance

probes. Several different tube arrangements should be used in order
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to determine the influence of tube spacing on maximum bubble size.
In Chapter VI we showed the data on gas mixing obtained from the

steady-state tracer experiments. The data are the first reported for
beds of coarse particles. This partially fulfilled one of the goals of

this study, to collect the fundamental data for fluidized beds of large

particles.
A single phase model of gas dispersion makes good predictions

of time-averaged tracer gas concentration at points within a bubbling
fluidized bed. The profile of the normalized tracer gas concentration
in a horizontal plane is given by equation (6. 6).

-7 , C Ly2Zi
2

u
Dz_

z) ex
Pc(o, z) 4 2

Dz
1+a 15--

D1+a2 z
D

(6. 6)

However, it was found that the model is insensitive to changes in the
axial dispersion coefficient and depends mainly on radial coefficient,

This justified an additional simplification which is effectively done by
dropping out the coefficient D. Equation (6.9) predicts the normal-
ized average concentration profile as well as equation (6. 6) does.

z) 2 u= expL-y 4Dz
c(o, z)

(6. 9)

(D is the radial dispersion coefficient. The radial dispersion coef-
ficient increases rapidly with increase in the excess gas velocity

(uo-umf) from a dispersion coefficient characteristic for packed beds
to 20 times that value for 1.3 mm particles. In the lower range of

excess gas velocities the lateral dispersion coefficient in the bed with

tubes increases very rapidly and it is considerably higher than the
corresponding values in beds without tubes. Local fluidization at the
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sides of the tubes which occurs even before the entire bed is probably
fluidized is responsible for this phenomenon.

At higher gas velocities the increase of the dispersion coefficient
in beds with a tube array is considerably slower. The values are

smaller than those obtained in beds without tubes.
The analysis presented in Chapter VII showed that the time-

averaged dispersion coefficient should not be used for combustion

modeling. The concept of meandering flow indicates that the disper-

sion is mainly due to the lateral bulk movement of gas influenced by

large exploding bubbles.
The basic idea of meandering flow comes from the actual motion

of a gas element (simulated by tracer gas) through the bed. When the

fluid element enters the fluidized bed it moves generally upward with

average velocity u. However, a random lateral motion is superim-
posed on this vertical direction of flow. The results of these two
velocities could be viewed as a motion of a meandering stream which
"wanders" left and right and still moves in the direction of bulk flow.
Along that meandering path the plume mixes with surrounding fluid in
the same way as it would mix if meandering flow would not exist at all.

A simple mathematical technique is suggested for the analysis of

tracer data. This technique allowed us to distinguish between

meandering and turbulent dispersion. The turbulent dispersion coef-

ficient is the one which should be used in evaluation of reactant con-
version in fluidized beds of large particles. Meandering dispersion

does not contribute to gas mixing from the standpoint of chemical

reaction. Figure 7.2 schematically explains the meandering flow.

The function t, defined by equation (7. 7), describes the

process of mixing and is nothing more than the solution of simple dif-

fusion equation. The function m, defined by equation (7. 6) is a

probability density function which statistically characterizes the bulk
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lateral motion of gas.
Figures 7.3 through 7.8 show how the overall radial dispersion

coefficient splits between turbulent and meandering dispersion coef-

ficients.
Gas dispersion coefficients for fluidized beds of large particles

have not yet been reported in the literature. This made it impossible

to check out data against the works of other investigators. We feel
that more investigations are needed before generalizing of the func-
tional relationship between dispersion coefficients and other fluidiza-

tion parameters.
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APPENDIX A

Slow Bubbles Versus Fast Bubbles

The major breakthrough in theoretical treatment of bubbling beds

was made by Davidson who proposed an elegant and simple model for

the movement of gas and solids in the fluidized bed. In the book by

Davidson and Harrison (1), one can find the complete exposition of

their model. They discuss the hydrodynamics of rising bubbles, and

it could be easily seen that, if the interstitial gas velocity is taken as
the reference velocity, all bubbles in a fluidized bed behave as either

fast or slow.
Kunii and Levenspiel (8) elaborate a little bit more on this

subject, but they dismiss further treatment of slow moving bubbles as

a case easy to treat and not of much practical importance. Since then,

many investigators have devoted their work to the investigation of fast

bubbles and "powder beds. " The various bubble and emulsion models
(5, 6,7, 8, 9, 10) were developed as a result of such efforts. B ecause
of the relative absence of recirculating gas, the bubble and emulsion
models are not adequate for slow bubbles. However, it appears that

some researchers forgot this fact. Gordon and Amundson (66) used

the Kunii-Levenspiel model for modeling the combustion of carbon

particles of diameters up to 10 millimeters, in a bed with a cross

section area of 1. 17 m2, at superficial velocities up to 12.5umf.
Beds with such coarse particles would be in the slow bubble regime or

the rapidly growing bubble regime for most of the superficial veloci-

ties used, and most probably in the turbulent regime for high values of

u /u .
o mf

Vedamurthy and Sastri (67) modeled heat transfer to walls of a

fluidized bed coal combustors by assuming that the bed contained
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vigorous fast bubbles at superficial velocities of up to 8umf. Coal

particles were as large as 3 millimeters. It is unlikely that the
emulsion packet residence times used, which were based on the fast
bubbling model, represent a realistic picture. The misuse of existing

bubble and emulsion models can lead to grossly erroneous results
because beds of coarse particles are likely to be in the slow bubble or
the rapidly growing bubble regime, possibly slugging, and for suffi-
ciently high velocities, in the turbulent regime. For all of the regimes
except the fast bubble regime, new models need to be developed.

Our goal here is to develop a slow-bubble-fast-bubble criterion
in terms of nondimensional groups. The criterion divides the entire
region of fluidization into two zones, the slow-bubble and fast-bubble

zone. It is based on the existing experimental and theoretical equa-
tions, and is good for any particle size, density, fluid and tempera-
ture.

The superficial velocity at minimum fluidization conditions is

found by combining the well-known Ergun equation

,2,
(1-E I-Lu 1-E p u

LLp
g - 150

m )

0 + 1.75 m(_g_o )2
(1)

L c 3 2 3 cl: d
(4)

s
d p ) cm s p

with the balances of forces at the onset of fluidization

= (1-c )(P -P )L mf s g gc

When equations (1) and (2) are combined we obtain

(2)



3

1.75
(

dpumfpg
)

150( 1-Emf ) dp umfpg dppg(ps -pg)g
+

3 la 2E3 la 2

(1)sErrif ()s Emf la
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(3)

If we limit our analysis to spherical particles, with Emf = 0.38, then

equation (3) simplifies to

dumf
gp

2
d u fp d

3p
(p -p )g

3 L 9(
p g)2+ 1694.9 Pm Pg g

P, 2
(4)

We consider now only large particles with particle Reynolds number
over 1000, which allows further reduction of equation (4).

dumfpg
2

d
3 p(ps -pg)gp31.9( ) =
p g

2
P.

(5)

For most gas-solid fluidized systems, (ps -pg) could be replaced

(with very little error) by ps, which finally gives an equation for

the minimum fluidization velocity:

d
p

p
s

g

u
2

mf 31.9pg (6)

The equation for bubble rise velocity, is first derived by Davies and

Taylor (37),

abr 22.25(db). 5 (in CGS system)

When the bubble rise velocity, ubr, is equal to the interstitial

velocity, uf, the bubble is neither fast nor slow, in which case

(7)



we have

umf
u ,

f E Thor

or, using equation (6) and (7)

d
p

p
s

g
495.5 db

31.9 p E
2

g mf

If we now define a nondimensional group, G, as

d p
G =

dbp
g

our criterion for slow/fast bubbles reduced to

fast bubble: G < 2.33

slow bubble: G > 2.33
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(8)

(8a)

( 9 )

(10)

The above criterion was developed only for large particles with
particle Reynolds numbers exceeding 1000, and (Ps -pg) Ps.

However, nothing stands in our way to accept the nondimensional

form G for other, widely different fluidizing conditions. Since the

group G is a strong function of Re , we should then expect that

the critical value of G changes with Re , and only in the limiting

case, Re > 1000, assumes the value of 2.33. Figure Al shows
p

the entire range of values which group G can assume for different

fluidization conditions. Shown on the same graph are the lines of con-

stant number F and S. These are defined as
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Figure Al. Slow bubble vs. fast bubble criterion.
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The significance of this graph lies not so much in the fact that we can
now easily determine regimes of fluidization, but more in the pos-
sibility that we can use it as a helpful tool in designing (choice of
particles and bubble size), scaling up, and simulating a hot fluidized

bed.
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APPENDIX B

In Chapter IV we presented bed expansion data for beds with and

without tube array. The experimental data are plotted on

Lf ILm vs (t_to -umf) graph. It was found that the bed expansion is a

very strong function of excess gas velocity.
A number of other parameters such as particle diameter,

sphericity, and bed size and height of the slumped bed are also

important for bed expansion. However, those parameters seem to be

of secondary importance. The excess gas velocity is the most impor-

tant one.

Note that the superficial velocity, uo, defined for open bed

cross section does not represent a true superficial velocity for fluid-

ized beds with internals. Any type of internals reduces the open
cross section of the bed. For the same mass flow rate of air par-
ticles always "see" higher velocities. Consequently, the excess gas

velocity, L u = uo umf' is in error by the same factor.
If the comparison between data obtained in beds with and without

tube is to be meaningful then superficial velocities must be calculated

on the basis of available area for flow.

Let A
o

be the area open to flow in the portion of the bed

without tubes (cross section of the open bed) and Al be the area

open to the flow in the portion of the bed with tubes.

The space-averaged superficial velocity is defined as

Lo A
o

Lf-Lo
uos = uo Lf + uo Al Lf (1)

where Lo is the height of the portion of the bed without tubes. If

the bed has no tubes, equation (1) reduces to



uos u
o (Lo = L

f
)

or if the tubes are present throughout the bed

where

Also

A
o

uos uo A (L = 0)
1

o
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(2)

(3)

A time-averaged superficial velocity is defined by equation (4)

to Ao tl
u = u + u

OT 0 T 0 1-1
1

T

Lo (L -L ) A
f o 1

t = and t
o u 1 uo A

T tl T t2

(4)

(5)

(6)

When equations (5) and (6) are substituted in the equation (4) we obtain

L
f

uo uo L
o

+(L f
-L

o 1
)(A /A

o
)

(7)

If Lo = Lf or Lo = 0 under the same assumptions, this
equation also reduces to equations (2) and (3), respectively. For the

conditions of this study the differences between equations (7) and (1)

are minimal. However, if the correction for superficial gas velocity

is not made the relative bed voidage at given excess gas velocity would

be much higher.
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APPENDIX C

Figure Cl. Block diagram of electrometer amplifier for photo-
ionization detector.
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Figure CZ. Circuit for electrometer amplifier.



Figure C3. Butterworth filter used to remove 120 Hz ripple from photoionization detector.


