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A new reactor has been developed to study mass transfer and

reaction between two fluid phases.

Its unique features are the uniformity of composition of the two

phases, and the ability to independently adjust the individual phase

resistances to mass transfer. Mixing studies using tracer techniques

verified liquid phase uniformity. Gas-liquid absorption studies

established the ability of the reactor to independently measure each

phase resistance.
This reactor overcomes the shortcomings of other laboratory

equipment presently in use.

The absorption of oxygen into water was used to study the liquid

phase film coefficient. The following new liquid film coefficient cor-

relation between the bulk of the liquid to a flat gas- liquid boundary

was obtained by correlating results of this study and five previous

studies of various stirred type reactor systems:
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The absorption of ammonia into water and into a sulfuric acid

solution were used to study the gas phase film coefficient. Three gen-

eral correlations were developed for the gas phase based on the film,

penetration or surface renewal, and boundary layer theories for mass

transfer. Respectively, these correlations are:
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The general correlations for the gas and liquid phases will be

useful in future studies and design of industrial equipment.
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A NEW APPARATUS FOR STUDYING MASS TRANSFER
AND REACTION BETWEEN TWO FLUID PHASES

I. INTRODUCTION

Simultaneous mass transfer with chemical reaction has become

increasingly important in the chemical industry. Over the last 20

years many experimental and theoretical contributions have appeared

in the literature which have increased the general understanding of

this phenomena. Many theories have been proposed and much experi-

mental data taken in an attempt to verify one theory or another.

Numerous types of experimental equipment have been used in gather-

ing the data. Still there is a definite need for a piece of equipment

that is flexible enough to allow the variables which affect a mass

transfer-chemical reaction system to be changed independently and in

a controlled manner so that the resulting change in the overall trans-

fer rate can be monitored.

It is the purpose of the study to develop such a piece of equip-

ment. Ideally, the apparatus (Figure 1) will have the following

features:

1. Adequate mixing of both phases so that each bulk concentra-

tion is uniform

2. Independent control of the agitation rate of each phase

3. Ability to vary the interfacial surface area so that the surface



to volume ratio can be changed

4. Independent control of the concentration of reactant in each

phase by varying the feed compositions or rates

5. Control of the temperature and pressure of the system

CAO

CBO

C--

Figure 1. Idealized apparatus.

CA

Controlled
interfacial
area

CB

2

The analysis of mass transfer-chemical reaction systems is

greatly simplified by such an idealized piece of equipment. When the

idealized apparatus is operated at steady state, the analysis to deter-

mine total transfer rates requires only a simple material balance.

The rate is obtained without complex manipulation of the experimental

data. Thus, simplifying assumptions which generally produce error
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and render interpretation of many other experimental studies difficult

are not encountered.

Critical to the operation of such a reactor are the assumptions

of uniform phase composition and the ability to independently study the

separate phase resistances to mass transfer. Therefore, the purpose

of this study is to build a suitable apparatus and verify that the critical

assumptions are valid. Mixing studies using tracer techniques are

used to determine the uniformity of each phase. Gas-liquid absorption

studies are selected to verify the reactor's ability to measure inde-

pendently each phase resistance.
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II. DESCRIPTION OF OTHER LABORATORY EQUIPMENT

Experimental studies of absorption and absorption with

chemical reaction are carried out to obtain kinetic parameters for

industrial equipment and to check different absorption models or find

the effect of various factors. Types of equipment used in laboratory

research for these purposes generally measure the rates of absorption

into quiescent liquids or into agitated liquids.

An apparatus which can be modelled by assuming a quiescent

liquid provides a good method for measuring diffusivities and solubili-

ties of gases in solutions and in a few cases reaction-rate constants

for gases dissolving in and reacting with the liquid. This type of

apparatus consists of passing a film or jet of liquid continuously

through a gas for a short contact time such that the liquid is assumed

quiescent while in contact with the gas. The rotating drum of

Danckwerts and Kennedy (11) which provides a film of liquid to be car-

ried by the surface of the drum through the gas, the moving band

absorber of Govindan and Quinn (17) which carries a film of liquid on a

band of nichrome ribbon through a gas, the wetted-wall column which

has a film of liquid flowing by gravity down a vertical surface enclosed

in a gas, and the laminar jet are examples of this type of apparatus.

The quiescent liquid equipment mentioned above is shown in Figure 2.

The quiescent liquid absorption apparatus does not provide
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Figure 2. Quiescent liquid absorbers.
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independent control of the variables affecting the transfer rate. The

volume cannot be varied independently of the surface area since the

ratio of surface area to volume is constant. This is easily shown for

the laminar jet whose surface area to volume ratio is

(Trdh)/(7d2h/4) = 4/d. For the other types of absorbers mentioned it

is also true that the ratio of the surface area to volume is a function of

the diameter and is constant. This requires that several absorbers of

different size be used to study the effect of liquid volume or surface

area. Also, this type of apparatus is often used for studying gas

phase resistance since the liquid phase resistance is relatively con-

stant in order to provide a quiescent condition. This is a more severe

restriction due to the necessity of varying independently the film

resistances when experimentally identifying the different regimes.

Finally and most important, the analysis of all the above mentioned

equipment is complicated by the presence of a changing concentration

driving force in the liquid film as the film progresses through the gas

phase. This requires integral analysis of the results from such a

piece of equipment based on some idealized flow model, and an

approximation of the overall transfer rate.

Absorption into agitated liquids more closely approaches the

behavior of industrial equipment and provides more flexibility of

analysis. The form of agitation is turbulent flow over vertical or

horizontal surfaces, bubbling of gas through liquid, spraying of liquid
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through gas, mechanical agitation or a combination of any of the above.

Laboratory equipment such as the string of discs absorber (Figure 3)

of Stephens and Morris (42) or the string of spheres absorber (Figure

3) of Lynn, Straatemeir and Kramers (32) were designed to simulate

industrial operations. Basically they consist of a string of spheres

or discs supported by a thin wire suspended vertically in a column.

Gas enters the bottom of the column and flows out the top with liquid

flowing down the wire, over the disc or spheres and out the bottom.

Generally the liquid composition and sometimes the gas composition

vary substantially and progressively as these fluids flow through the

column making it impossible to measure the transfer rate directly.

Again integral analysis based on a specific flow of two phases must be

used. In this connection the amount of mixing that occurs at the junc-

tion of two spheres or discs is not well defined. Two cases can be

analyzed theoretically: 1) mixing is assumed complete and, 2) no

mixing is assumed to occur. Unfortunately experimental studies fall

between these two extremes. For this type of apparatus the liquid

phase mass transfer coefficient and the gas phase transfer coefficient

can be varied by changing the liquid and gas flow rates respectively.

However, since the composition of gas and liquid in the column and

the amount of mixing occurring at the junctions can only be approxi-

mated at best, the analysis of the transfer rate is not exact; thus there

is much uncertainty in the flow model for this system. Also if surface
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turbulence is present at the gas-liquid interface, an experimental

measurement of the interfacial area becomes necessary. Regardless

of these numerous shortcomings, these absorbers do provide suitable

models of industrial packed columns. However, due to their short-

comings they are not suitable basic studies for experimental identifi-

cation of all kinetic regimes.

Another agitated vessel which was designed specifically to model

a packed column is the stirred cell (Figure 3) of Danckwerts and

Gillham (10). Basically the cell consists of a liquid contained in a

cylindrical vessel with a turbine type stirrer suspended from above

the liquid. The stirrer is positioned so that its bottom edge just cuts

the surface of the liquid. Operation of both the gas and the liquid side

of the reactor can be either batch or continuous. Also, static baffles

and/or bulk liquid agitation can be provided to completely mix the bulk

of the liquid. For well-mixed conditions analysis of this absorber

requires a simple material balance.

The stirred cell has been found to be very sensitive to the posi-

tion of the agitator (9, 10, 41) which is undesirable. Also since the

agitator extends from the liquid to the gas, it is impossible to inde-

pendently study the effect of the gas and liquid film resistances. In

order to vary the interfacial surface area, different cells are required

since the interfacial area is constant for a given cell. Finally the

agitation rate is limited to about 180 rpm (9, 41) since vortexing,
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producing irregular behavior, appears on the liquid surface at higher

rpm. These limitations and restrictions on the flexibility of the

stirred cell limit it to certain specific kinetic regimes and to

modelling of packed columns. General experimental studies of all the

kinetic regimes are not possible.
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HI. THEORY

Since this study involves analysis of gas - liquid absorption and

absorption-reaction systems, for convenience the theoretical develop-

ment is based on the absorption of component A from the gas phase

by a liquid for straight absorption. For absorption with chemical

reaction the reactant in the liquid phase which reacts with A once

it is absorbed by the liquid is designated B.

Lewis and Whitman (29) in 1924 were first to propose the con-

cept that the resistance to mass transfer is concentrated in films of

fluid on either side of the interface. Since the diffusing material had

to pass through these films in succession it was reasonable to assume

these resistances to be additive such that the rate of absorption of A

by a liquid could be expressed as

1
dNA PA -HA CA

-r -A S dt
1

HA

kAg + kA/

where 1 /kAg and 1 /kAf

(1)

are the individual resistances to mass

transfer in the gas and liquid phases resulting from the films, and

HA is the equilibrium phase distribution coefficient. The sum of

the individual resistances is often called the overall mass transfer

resistance, 1 /KAg.

The phase distribution coefficient provides insight into the
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absorption mechanism and under certain conditions leads to simplifi-

cations of the rate expression. Two extremes exist, one for HA

very large corresponding to absorption of a slightly soluble gas and

the other for HA very small corresponding to absorption to a very

soluble gas. Considering the equation for straight absorption, Equa-

tion 1, it is easy to see that for a highly soluble gas, the gas film

resistance controls the rate of mass transfer. Similarly for a slightly

soluble gas the liquid film resistance controls.

To treat absorption-chemical reaction systems for simplicity it

is assumed that gaseous A is soluble in the liquid phase but that

reactant B is insoluble in the gas phase. This assumption limits

any reaction to the liquid phase. The process by which A moves

from the gas phase to the liquid phase where it then reacts is

described in the following steps:

1. Diffusion of A from the bulk of the gas phase through the

gas film to the interface where equilibrium is assumed to

exist

2 Diffusion of A from the interface toward the bulk of the

liquid phase

3. Diffusion of B from the bulk of the liquid phase toward the

interface

4. Chemical reaction within the liquid phase where A and B

meet, or are both present.
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Therefore the overall expression for mass transfer with reaction

must account for the mass transfer resistance of each phase and the

chemical reaction resistance within the liquid phase. The combination

of these resistances is numerous, varying from mass transfer con-

trolling or infinitely fast chemical reaction to chemical controlling or

infinitely slow chemical reaction.

The general approach to studying mass transfer with chemical

reaction is to identify characteristic kinetic regimes. These regimes

have been discussed and developed by many authors (1,9,26, 28,37, 40).

The development of these regimes for the two-film theory will follow

the presentation of Levenspiel (28). Starting from the infinitely fast

chemical reaction case and proceeding to the infinitely slow chemical

reaction case, these regimes are presented in Figure 4 and discussed

in the following.

Case A. Instantaneous- reaction with respect to mass transfer.

Since the reaction is instantaneous, A and B are not able to exist

simultaneously at any point within the liquid film, and reaction will

occur at a plane. To the gas phase side of this reaction plane the

liquid contains only A and to the bulk liquid side of this plane only

B and the reaction product are present. For this case the diffusional

resistance is said to be controlling so that the gas phase reactant con-

centration, PA, and the liquid phase reactant concentration, CB,
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determine the relative position of the reaction plane.

The overall rate expression is developed for a general reaction

of the type

A(in the gas phase) + bB(in the liquid phase) product

For this reaction one mole of dissolved A reacts instantaneously

and irreversibly with b moles of B in solution. At steady state

the rate of transfer of A to the reaction plane must be equal to the

rate of transfer of B divided by b.

-r" = -r" ibA (2)

The rate of transfer to the reaction plane is written in terms of the

transfer coefficients and their respective concentration gradients as

Bi 5 r"
0-r kAg(PA-PAi) (CAi-0)

5
= ) -

b B 5005

The liquid mass transfer coefficients, kik/ and kW'

(3)

are for

straight absorption without chemical reaction and therefore based on

the total film thickness, 50.

In order to obtain an expression for -r" from Equation 3 in

terms of measurable variables, two additional equations are needed.

First, by definition the phase distribution coefficient or Henry's law

constant for gas-liquid equilibrium, HA, is



PAi = HA CAi (4)

16

where subscript i refers to the interface conditions. Secondly,

the fundamental development of the film theory defines the absorption

coefficient for straight absorption as

D.
kjk 60

By combination of Equations 3, 4, and 5 to eliminate the

(5)

unknowns, 6, 60' PAi and CAr the expression for the transfer

rate becomes

DB/ CB
+

PA

1
dNA DAI b HA

-r" = - = (6)
A S dt 1

+
1

HAkAg kA/

Case B. Instantaneous reaction with high concentration of B.

The specific requirement for Case B is

k P < k CB lbAg A B (7)

This is to say that the rate of mass transfer of B toward the reac-

tion plane by diffusion through the liquid film is greater than or equal

to the transfer rate of A from the gas phase to the reaction plane.

Under this condition the reaction plane must move to the interface.
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Also since it was initially stipulated that B was not soluble in the

gas phase, the reaction plane cannot proceed into the gas phase but

must remain at the interface. When this occurs the concentration of

A at the interface, PAi' is zero due to the instantaneous reaction.

For this case the expression for the rate of transfer and reaction

becomes

1
dNA-r" k P

A S dt Ag A (8)

Note that further increase of CB does not affect the transfer rate.

Case C. Fast reaction limited to the film. For a fast chemical

reaction the rate is such that A and B can exist mutually but only

within the liquid film. In comparison to Case A the reaction zone has

spread out instead of being only a plane. The reaction rate is still

fast enough so that the reaction is complete within the film and no A

enters the bulk of the liquid phase.

An exact analytical analysis of this regime is not available.

The general approach is to define an enhancement factor, E, to

account for the added transfer due to chemical reaction.

E (
rate of mass transfer with reaction ,

rate of mass transfer without reaction) (9)

This allows the transfer rate in the gas and liquid films to be written

as



-r"A = kAg (PA -PAi ) = kAI C AiE

18

(10)

Combining Equation 10 with Equation 4 and eliminating the unknowns

PAi and CAi yields

-r"A
1

HA
+kAg kAi E

PA

The enhancement factor is a complex function of the liquid film

coefficient, reaction kinetics and reaction stoichiometry. Due to the

nature of E, no exact analytical expressions are available for its

prediction. Van Krevelen and Hoftijzer (46) have presented an

approximation of E (±10%) for a second order reaction when the

diffusion coefficients within the liquid film are equal. Danckwerts (9)

has further stated that this approximation is also valid for the case

where the diffusion coefficients are not equal if proper variables are

selected. Also, Hikita and Asai (22) have obtained a general approxi-

mation for an (m,n)-th order reaction (rA = km, n CmA CnB ).

Case D. Fast reaction with concentration of B high. If the

concentration within the film is essentially the same as the bulk con-

centration, CB can be considered constant throughout the liquid

phase. For this case the reaction zone probably extends from the

interface some distance into the liquid film. Since the reaction rate
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is still fast all reaction is contained in the film and no A enters the

bulk of the liquid phase.

In the case of a second order chemical reaction, r = kCA CB'

the chemical rate becomes pseudo first order. For this case the

enhancement factor becomes

D kC D k
1 1 /2

E (
A B )1/2 ( 2
kAQ

k
(12)

With the enhancement factor so defined, the transfer rate for Case D

becomes

PA
-r"A

1
HA

kAg DA/ kl

(13)

Hikita and Asai (22) have presented an approximate solution (± 8%) for

the 'fast pseudo mth order' regime. The expression obtained by

Hikita and Asai for the transfer rate is

m+1 n2kmnDA/ CAi CB
)1

/2-r" (A m+1

CB = constant

(14)

From Equation 14 and 10 the expression for the general enhancement

factor for a fast pseudo mth order regime becomes



2k D Cm- 1Cn
1 m Ai Ai B

)1
/2

,Em, n kAf m+1

CB = constant.

20

(15)

By comparing Equation 11 and 15 it is seen that the general expression

for the transfer rate is independent of the liquid film mass transfer

coefficient, km, for the fast pseudo mth order regime.

Case E and F. Intermediate reaction rates. For reaction rates

that are about equal to mass transfer rates, the reaction zone will

extend from the interface to within the bulk of the liquid phase. With

reaction occurring throughout the liquid phase, the concentration

gradient of A across the film becomes influenced by the diffusional

resistance. A decrease in the ratio of the interfacial surface area to

bulk liquid volume causes the bulk concentration of A to decrease

since less A diffuses in per liquid phase reaction volume. There-

fore the ratio

interfacial surface areaa. (VI volume of liquid phase (16)

is important in determining the overall transfer rate.

A general expression for the transfer rate for this reaction

regime has not been developed as yet. Addition of another factor, ai,

to the already numerous number of factors which affect the transfer
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rate only serves to complicate the analysis of even special cases

within this regime. Presentation of these special cases is not bene-

ficial to the objectives of this study since it is sufficient only to

recognize the general characteristics of each regime and the important

variables.

Case G. Slow reaction. In this case the amount of dissolved

gas held up in the film is small. The mass transfer resistance to A

in the film is still important. The transfer process is such that it can

be visualized as one of physical absorption followed by chemical reac-

tion within the bulk of the liquid phase. For a second order reaction

the rate of transfer is

rA kCA CB

A a-r" = = kA (PA -PAi ) = kA/ (CAi -CA a)
g.

(17)

By combination of Equations 17 and 4 and eliminating PAi' CAi and

CA' the transfer rate for Case G becomes

PA
-r =A

1
HA HA ai

+ +kAg kA/ kCB

(18)

Case H. Infinitely slow reaction. In this case the mass trans -

fer is negligible and the entire liquid phase becomes uniform in con-

centration of A at the concentration corresponding to the partial
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pressure above the liquid. Since the rate of reaction is infinitely slow,

the concentration is simply equal to the rate of reaction within the

liquid. For a second order reaction, the rate is

-r A = kCA CB (19)

A summary of the eight reaction regimes in terms of what

affects the transfer rate is given in Table 1. Experimental identifica-

tion of a kinetic regime is best illustrated with the aid of Table 1 and

Figure 5. Figure 5 is an action-response type plot. As in Table 1

a positive sign indicates that the action taken affects the transfer rate,

a negative sign indicates no effect and a circled positive sign indicates

probable effect.

Table 1. Summary of kinetic regimes.

Variables Affecting Transfer Rate
Regime CB PA kA.e kAg

A + + + + + -
B + + + -
C + + + + + +
D + + + + +
E o e + + e e e
F ® 0 +
G + + +
H + +

+ 0 0 0
+ + + +
+ +



Unknown system
vary gas phase resistance,
kAg or interfacial area, S

Cases A, B, C, D, E, F & G

Cases E, F & G

vary liquid volume, VI

Cases A, B, C & D

Case H

23

vary liquid agitation rate, kAf

Case A & C Case B & D

+1
Case D

vary concentration of
B, CB

Case B

Figure 5. Experimental identification of kinetic regimes.

Further identification between Case A and Case C and between

Case G and Cases E and F can be obtained since general expressions

for the transfer rates of Cases A and G are known.

For the action-response plot to be a viable tool in the experi-

mental analysis of kinetic regimes it is necessary that the transfer

rate be measurable and the variables mentioned to be independently

controllable. Ideally the proposed reactor system does provide the

necessary control and variable flexibility. Also because the two

phases are assumed well mixed the transfer rate is easily measured

by means of a material balance.
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Figure 6 gives a graphical display of a material balance on the

liquid phase of the reactor for a straight absorption system. Mathe-

matically, the steady state material balance is

Input: v CAO + (-r"A )S (20)

Output: of CA (21)

viCAO

(-r"
A

)S

interface

vf CA

Figure 6. Liquid phase material balance.

Solving Equation 20 and 21 for the transfer rate we obtain

v/(CA -CAO)
-rA " (22)

Similar equations can be developed for the transfer rate for absorption

with chemical reaction. Based on unit surface area they are as fol-

lows:
rB v (C

BO
-C B )

-r" - =A b bS
(23)
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Film Model Versus Other Models. In developing the general

expression for the transfer rate f or only Case A the film
model has been employed due to its simplicity. For the case of liquid

side controlled absorption, experimental evidence in the literature

suggests that the liquid mass transfer coefficient is proportional to

the diffusivity to the one-half power. Therefore the defining equation

of the film model, Equation 5, differs from experimental results.

Many models have been proposed to account for simple absorp-

tion and absorption with chemical reastion. Such models as the

'Still Surface' model discussed by King (25) and Danckwerts (8), the

'surface-renewal' or 'penetration' model developed first by Higbie

(21) and modified by Danckwerts (7) and the 'film-surface renewal'

models of O'Connor and Dobbins (34) and Toor and Marchello (33, 43)

are far more sophisticated than the simple film model. With this

greater sophistication of modelling, the analysis becomes more diffi-

cult and in some cases impossible. Although the film model does not

appear consistent with experimental study in terms of the dependency

of kA.t on DA/
'

it generally predicts results which are quite

similar to those obtained from the more sophisticated models.

Actually in many cases the predictions of the film model are identical

to the other models.
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The models which have been extensively developed and used in

prediction of transfer rates are the penetration, surface-renewal and

film models. Generally the penetration model is more complicated

than the other two models whereas the film model is always the

simplest. This is not to say that Danckwerts' surface-renewal model

is a likely compromise since cases exist where analysis using this

model are impossible but can be performed with either the penetration

or film model. In practice the uncertainty in the physical variables

involved is greater than the differences in predictions made by the

three models. Therefore there is no practical value in the selection

of a more sophisticated model which only serves to complicate the

analysis.
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IV. ABSORPTION SYSTEMS STUDIED

Two basic types of absorption are studied in order to evaluate

the double stirred cell. The first_ study involves straight absorption

without chemical reaction and two systems are selected here: oxygen

absorbed by water, and ammonia absorbed by water. These two sys-

tems provide study of a slightly soluble gas, oxygen, and a very

soluble gas, ammonia. The second type of absorption studied is

absorption accompanied by an instantaneous chemical reaction. Two

different cases of the instantaneous absorption-reaction of ammonia

in sulfuric acid solution are studied. The first case is for an instan-

taneous reaction occurring within the liquid film so that the overall

mass transfer coefficient controls. This is regime A, discussed

above. The second case is for an instantaneous reaction occurring at

the interface so that the liquid film coefficient does not affect the

overall transfer rate, but the gas phase mass transfer coefficient

controls. This is regime B, discussed above.

A. Oxygen-Water System

The oxygen-water system is selected primarily because it

represents a true absorption system without chemical reaction. This

system is also convenient since special precautions are not required

for safety and handling, and the analysis of dissolved oxygen is easy
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to monitor and measure.

The oxygen-water system has been studied in the past because

of its industrial importance to the wastewater treatment industry and

to investigate the absorption mechanism in an attempt to verify

absorption theories. Experiments to further the development of

wastewater treatment technology have usually been performed with

aerators (38, 56). Experiments to study the absorption mechanism

have been performed with laminar jets (6), wetted-wall columns (15),

agitated vessels with bubbling (36, 55), pulsed bubble columns (2),

packed columns (5,39,50,51), and stirred reactors (24,31,54,55).

Since oxygen is only slightly soluble in water, the liquid phase

resistance is expected to control the absorption rate. The previous

studies mentioned have verified that the oxygen-water system is con-

trolled by the liquid phase mass transfer resistance and that the gas

phase resistance can be completely neglected. Therefore, using the

oxygen-water system the liquid side mass transfer coefficient should

be obtainable directly from experiment.

B. Ammonia-Water System

The ammonia-water system is selected because it represents

absorption without chemical reaction. Also, very high rates of mass

transfer can be expected due to the high solubility of ammonia in

water. The large solubility of ammonia into water is attributed to
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hydrogen bond formation (13, 30, 48). The chemical resistance in the

liquid phase due to this ionization is considered negligible. Therefore

the ammonia-water system is representative of a true absorption sys-

tem without chemical reaction.

The ammonia-water system has been studied in the past because

of its industrial importance and as a means for studying the absorp-

tion mechanism. Experiments have been performed with wetted-wall

columns (19,45,49), falling liquid sheet device (4), packed towers

(14,23), and stirred reactors (18,54).

These previous studies indicate that generally both the gas and

liquid phase resistance are important in determining the overall

absorption rate. For the stirred reactors the gas phase resistance

accounted for approximately 60% of the total resistance. For the

packed tower and wetted-wall studies the gas phase resistance con-

tributed 30 to 90% of the total resistance. Since both film resistances

are important to the ammonia-water system, the overall mass trans-

fer coefficient is measured directly. From this coefficient and the

previous data for the liquid side mass transfer coefficient a gas film

mass transfer coefficient is calculated.

C. Ammonia-Sulfuric Acid Solution System

The ammonia-sulfuric acid system is selected because it is very

easy to analyze and provides essentially the same hydrodynamic
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conditions as studied in the straight absorption systems. Also this

system is simple enough so that two cases of absorption with an

infinitely fast chemical reaction can be studied without difficulty.

Previous studies of the ammonia-sulfuric acid system are

sparse probably due to the corrosive nature of sulfuric acid solutions.

Experiments have been reported for a wetted-wall column (45) and for

a stirred reactor (54). The stirred reactor data was actually for

absorption of ammonia into 2.3 N hydrochloric acid, not sulfuric acid.

For the experimental studies in the Case A regime, the overall

mass transfer coefficient is measured. This overall coefficient is

compared to that obtained for the ammonia-water system. Also, a

gas film mass transfer coefficient is calculated from the overall

coefficient and the liquid film coefficient. This calculated coefficient

is compared to the gas film coefficient obtained from the Case B

regime experimental studies. Case B allows direct measurement of

the gas film coefficient since reaction occurs at the interface so that

the liquid film coefficient is not important.

The four absorption experiments performed in this study are

summarized in Table 2.



Table 2. Summary of absorption studies.

Type of Experiment Purpose Basic Equations Involved

Straight absorption of oxygen
by water

Straight absorption of
ammonia by water

Reaction of ammonia with
sulfuric acid,
kAgPA > kat/ CB /b
(Regime A)

Reaction of ammonia with
sulfuric acid,
kA PA k

13
Cg A / B

(Regime B)

direct measurement of k Equation (1), 1 /kAg = 0

direct measurement of KAg
indirect measurement of kAg

direct measurement of KAg
indirect measurement of kA g

direct measurement of kA
g

Equation (1)
1 /KAg = HA /kA/ + 1 /kAg' and
oxygen-water experiments

Equation (61
1/KAg = HA /kA/ + 1 /kAg' and
oxygen-water experiments

Equation (8)
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V. EXPERIMENTAL METHODS

A. Description of Equipment

The reactor system should be flexible enough in design to allow

the study of any two phase system with mass transfer or with mass

transfer accompanied by chemical reaction. Such a reactor system

required control of the following variables:

1. Agitation rate of each phase

2. Interfacial area

3. Inlet flow rate of each phase

4. Inlet concentration of each phase

5. Temperature and pressure of the system

The description of the system is divided into three main head-

ings; the reactor, liquid system and gas system. An additional head-

ing, tracer system, is provided in this section for the description of

the equipment used for the auxiliary mixing studies.

a. Reactor

The reactor, shown in Figure 7, is constructed segmentally

from sections of lucite plastic tubing, 10 cm ID. Each segment is

approximately 5 cm in height. The ends of each segment are fitted

with plastic flanges which are machined from 0. 6 cm thick lucite
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sheet. The approximate volume per segment is 400 ml.

Two segments are used to construct the bottom of the reactor

vessel. The end of the bottom segment is fitted with a 16.7 by 16.7

by 1.2 cm lucite plate. This bottom plate is drilled and tapped in the

center for a 1/4-inch stainless steel Swaglok fitting which is bored to

1/4-inch ID for the stirring rod. A three blade propeller type agi-

tator and 1/4-inch stirring rod made of nalgene are used in the bottom

segment. The propeller and rod were obtained from Van Waters and

Rogers Co. The approximate diameter of the agitator is 5.0 cm.

The stirrer is placed within 1.0 cm of the bottom plate.

The bottom plate is also fitted with a 1/2-inch diameter plastic

pipe which is used as an exit line. The center of the exit line is

located halfway between the center of the bottom and the inside wall of

the reactor. The exit line is connected to a level control device by a

3/8-inch diameter tygon tube. The level control device consists of a

simple overflow which can be raised or lowered independently of the

reactor.

A 1/4-inch diameter hole is drilled 2 cm up the side of the top

segment of the bottom of the reactor. This hole is fitted with a 3 cm

long piece of platic tube which is connected to the inlet liquid flow

line.

Four static baffles are equally spaced on the inside of the

reactor walls to promote bulk mixing. The baffles are constructed of
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0.2 cm thick strips of lucite plastic 0. 8 cm wide. The baffles are

placed approximately 0. 2 cm from _the reactor wall to minimize dead

spaces near the wall. These baffles run the full height of the liquid

phase of the reactor. Also four static baffles in a cruciform arrange-

ment are placed on the bottom of the reactor under the stirrer to

minimize the vortexing action of the propeller on the liquid.

Two separate tops are used in the absorption studies. These

tops are identical except for the type and position of the agitator. One

segment is used to construct each top of the reactor. The end of the

segment is fitted with a 13.5 cm diameter by 0. 6 cm thick lucite plate.

The center of this plate is fitted with either a 4 blade turbine agitator

or a 3 blade propeller agitator. The agitator is held by two 1/4-inch

stainless steel bearings mounted 4.5 cm apart in a plastic housing

which is centered on the plate. The four blade turbine is cut from a

plate of 2. 5 cm thick lucite plastic and fastened to a 1/4-inch nalgene

stirring rod. The diameter of the turbine is 9. 5 cm with a blade

thickness of approximately 0. 2 cm. The four blade turbine is placed

2. 0 cm from the reactor interface plate. The 3 blade propeller

agitator and agitator rod are the same as the liquid phase agitator and

rod. The propeller is placed 4. 1 cm from the interface plate. The

distance specified for the position of the agitator is from the center

line of the agitator width to the interface plate.

Three 1/4-inch holes are drilled in one quadrant of the top plate.
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Each hole is placed halfway between the center of the top and the outer

wall of the reactor. The holes are also equally spaced with respect

to each other within the quadrant. The center hole of the three holes

is fitted with a 4.5 cm plastic tube 1/4-inch outside diameter extend-

ing 1.2 cm into the reactor. This tube is connected to the inlet gas

streamline. The outer holes are also fitted with 1/4-inch plastic tub-

ing which does not extend into the reactor more than 0. 1 cm. One of

these tubes is connected to the outlet gas stream line. The other is

used as a pressure tap and connected to a U-tube manometer.

The interface plates are constructed of 0.2 cm thick lucite

sheet. The plates are 13.5 cm in diameter. The laying out of the

holes to be drilled in the interface plate is somewhat arbitrary how-

ever symmetry is considered. The interface holes are drilled with a

1/4-inch drill. The actual size of each hole is measured with a

micrometer after drilling. Details of each plate are shown in Appen-

dix I. To assemble the reactor the interface plate is sandwiched

between the top and the bottom sections of the reactor and secured

with 4, 1/8-inch bolts equally spaced around the flange. Vacuum seal

grease is used on both sides of the interface plate to provide a good

seal.



37

b. Liquid System

The liquid system, shown in Figure 8, consists of a make-up

tank, flow measurement and control equipment, and liquid side

agitation assembly.

The conical bottomed round make-up tank is made of stainless

steel and has a capacity of about 200 gallons. The tank is provided

with a stainless steel coil for cooling and three stainless steel coils

for heating. The contents of the make-up tank are pumped directly

to the constant head tank with an Eastern Industries Model No. D-11

1/5-Hp stainless steel centrifugal pump.

The constant head tank, 36 cm diameter by 50 cm in height, is

made of polyurethane. A 1/4-inch diameter hole is placed in the bot-

tom side of the constant head tank and fitted with a 1/4-inch plastic

tube for the outlet flow line. A 3/4-inch plastic tube is fitted about

40 cm up the side of the constant head tank. To the 3/4-inch plastic

tube a 1 inch tygon tube is attached as an overflow line back to the

make-up tank. The overflow line provides a constant head, or a con-

stant liquid level, by allowing continuous overflow to the make-up tank.

Liquid from the constant head tank flows by gravity from the

I/4-inch tap near the bottom of the tank through 1/4-inch tygon tubing

to a stainless steel gate valve. This valve is used to provide flow

control. After this valve the liquid is directed either to a low or a
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high flow rate flowmeter. For liquid flow rates less than 20 cubic

cm/min (water at 70°F and 1 atm) a Fischer and Porter Co. flow-

meter, tube number 1/8-12-G-5/36 with a 1/8-inch sapphire float, is

used. For flow rates greater than 20 cubic cm/min (water at 70°F

and 1 atm) a Fischer and Porter Co. flowmeter, tube number

1/4-25-G-5/84 with a 1/4-inch stainless steel float, is used. The

flow from the flowmeters is connected to the inlet liquid flow tap on

the side of the reactor bottom with 1/4-inch plastic tubing.

The liquid side agitator assembly consists of a 1/2-Hp model

2H-145 AC-DC Dalton motor, a 10 to 1 gear reduction assembly for

the motor, and a Superior Electric Co. type 116 phase 1 Powerstat.

The liquid stirring rod which is set in the 1/4-inch stainless steel

Swaglok passed through a 1/4-inch bearing that is fixed to a table 10

cm beneath the bottom of the reactor. The bottom plate of the reactor

is also bolted to the table via 10 cm supports to provide stability and

minimize vibrations. The stirring rod is connected directly to the

agitator assembly by a flexible coupling made of 1/4-inch diameter

tygon tubing.

c. Gas System

The gas system, shown in Figure 9, consists of gas flow con-

trol, gas sampling, gas saturation and gas side agitation assembly.

Reactant gas from a cylinder flows through a 1/4-inch plastic
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tubing to a stainless steel Whitey Micro metering valve model 21 RS

4-SS. This valve is used to control flow to the reactor. After the

valve the gas passed through a Fischer and Porter Co. flowmeter,

tube number 08F-1/16-16-4/36 with a 1/16-inch sapphire float, which

is used to monitor the reactant flow rate. At this point the reactant

gas is either mixed with a diluent gas before the saturator or mixed

with the diluent gas after the saturator.

The diluent gas from a cylinder flows through a 1/4-inch plastic

tubing to a brass Whitey Micrometering control valve, model number

21 RS 4-B. From this valve the gas passes through a Fischer and

Porter flowmeter, tube number 08F-1/16-8-5/36 with a 1/16-inch

sapphire float, to monitor the diluent flow rate. From the flowmeter

the diluent is directed to a one liter vacuum flask fitted with a rubber

stopper which served as a water trap. The stopper is bored with a

1/4-inch hole and fitted with a piece of 1/4-inch plastic tubing to pro-

vide an exit for the gas. From this exit the gas flows to a saturator.

The saturator consists of two chambers, each containing approxi-

mately 1 liter of water. In the bottom of each chamber is a piece of

fretted glass to provide gas dispersion. Gas from the saturator is

mixed with the reactant gas.

The gas mixture then flows to a calibrated gas collection vessel

and from there to the reactor gas inlet. The gas collection vessel can

be bypassed so that it can be removed and its contents analyzed without
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upsetting the reactor.

Gas flows from the reactor via the reactor gas outlet tap through

another calibrated gas collection vessel. Again this vessel can be

bypassed without upsetting the reactor to enable removal and analysis

of the vessel. From the bypass or the gas collection vessel gas flows

to the final Fischer and Porter flowmeter, tube number 08F -1 /16 -10-

5/36 with a 1/16-inch sapphire float.

The gas side agitation assembly consists of a Super Electric

Co. type 116 phase 1 powerstat and a 1/10-Hp standard laboratory

stirring motor. The stirring motor is connected to the stirring rod

with a flexible coupling of 1/4-inch tygon tubing to minimize vibrations.

Temperature measurements are made with a solid state digital

thermocouple thermometer and copper -constantan thermocouples.

The digital thermometer is made by United Systems Corporation,

Model Series number 590TF Thermocouple Thermometer type T.

Thermocouples are placed in each phase inside the reactor, in the

exit gas line, and in the saturator. The digital thermometer is accu-

rate to ± 1°F.

d. Tracer System

The tracer system, shown in Figure 10, is used primarily for

mixing studies but is also used as an indication of steady state condi-

tions for mass transfer studies. The tracer system consists of a
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signal generator, conductivity probe, signal converter and recorder.

A 1000 cps signal is provided by a 3310 A Hewlett-Packard

function generator. The conductivity probe is constructed of two

platinum wires each approximately 0.1 cm in diameter and 3 cm in

length. The two wires are insulated from each other and are fixed in

epoxy as close together as possible without short circuiting. After

the epoxy has hardened, the tip of the probe is cut with a razor blade

perpendicular to the length of the wires. A Honeywell Electronik 19

strip chart recorder is used to monitor the output of the conductivity

probe. The short circuit voltage across the probe is kept at about

2.5 volts DC so that probe overvoltage and probe induced reactions

and temperature gradients remain negligible.

The signal converter consists of the three resistors and one

capacitor as shown in Figure 10 as well as an AC converter. The AC

converter is a 4 diode bridge, number 18 D B 6 A.

B. Materials

Ordinary tap water which is degassed by boiling is used for the

absorption studies rather than pure water. Absorption studies with

pure liquids, besides requiring elaborate precautions to maintain

purity, have been considered in previous studies (16, 20) to be of no

practical interest. Slight contaminations of pure water will have a

significant effect on the transfer rate whereas the effect of tap water
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is negligible. Therefore, greater reliability and interest is placed

on tap water studies.

The gases and their purities- used in the absorption studies are

given in Table 3. The gases were purchased from Industrial Welding

Supply, Inc., Albany, Oregon, a firm of repute.

Table 3. Gas specifications.

1. Oxygen
Medical USP Grade 99. 59% pure

2. Nitrogen
Prepurified (less than 8 ppm foreign
material)

3. Ammonia
Anhydrous Refrigeration Grade
99.99% pure

The chemicals used in the absorption studies are reagent grade.

C. Mixing Studies Procedure

The mixing studies were performed in three steps. Step 1 con-

sists of calibrating the conductivity probe and tracer solution. Step 2

consists of evaluating the reactor performance to determine and cor-

rect any nonideal flow conditions. Step 3 consists of estimating the

time required to reach the perfectly mixed condition at various liquid

agitation rates.

Step 1 requires determining the output voltage across the con-

ductivity probe for a given concentration of tracer in solution. Step
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2 and 3 require measurement of the tracer concentration-time signal

at the outlet of the reactor or within the reactor. From the general

shape of the output response signal, information about the reactor

system is obtained.

Step 1. The calibration of the conductivity probe and tracer

solution was carried out in a 1000 cc lucite plastic beaker. The out-

put voltage across the conductivity probe when submerged in 800 cc

of tap water was measured for various concentrations of tracer in

solution. Repeated measurements produced the probe output voltage

versus tracer concentration calibration curve.

Step 2. The performance of the reactor requires evaluation of

the response signal as measured at the exit of the reactor for a pulse

injection of tracer at the entrance to the reactor. The reactor was

filled by gravity flow to the interface plate with water from the con-

stant head tank. At a constant agitation rate and liquid flow rate, a

known amount of tracer was injected in the inlet flow line with a 2 cc

Becton, Dickerson and Company Hypodermic Syringe. Accuracy and

precision of the syringe is defined experimentally in Appendix I. The

volume injected by the syringe is reproducible to ±1%. The concen-

tration of tracer in the outlet flow line was measured with the conduc-

tivity probe and recorded on a Honeywell Electronik 19 recorder. The

outlet concentration was recorded for at least one residence time for

all runs. The liquid in the reactor was drained after each run and the
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reactor flushed until the probe output became constant.

Step 3. The procedure in Step 3 is the same as Step 2 except

that after several runs are made at the exit of the reactor the probe is

moved inside the reactor. Also the strip chart recorder is operated

at its maximum rate (1 inch/sec) for all runs in Step 3 since only the

first 0 to 15 seconds of the output response signal are of interest.

Mixing studies were not performed on the gas phase of the double

stirred cell. For proper operating conditions the assumption of a well

mixed gas phase should introduce negligible error even for zero agita-

tion rate of the gas phase. Bennett, Cut lip, and Yang (3) recently

reported gas phase mixing studies of catalytic laboratory reactors.

The gas phase of a typical catalytic reactor contains an agitator to

provide mixing and a basket which contains the catalyst. Oftentimes

the catalyst basket is rotated and thereby serves as the agitator as

well. The results of Bennett, Cut lip and Yang show that at room tem-

perature the gas phase is well mixed provided the residence time is

not too short. They found for zero agitation that for a residence time

of 10.31 seconds deviation from the well mixed conditions existed due

to bypass whereas for a residence time of 21.23 seconds the gas phase

was well mixed. For the double stirred cell used in this investigation,

the gas phase residence times during the absorption studies were

greater than 400 seconds. The catalytic laboratory reactor possesses

flow restrictions due primarily to the catalyst basket. Since the
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double stirred cell is essentially free of flow restrictions, its mixing

characteristics should be better than the catalytic reactor.

D. Absorption Studies Procedure

Four absorption studies were used to evaluate the double stirred

cell. Oxygen was absorbed by water to study the absorption of a

slightly soluble gas without chemical reaction. Ammonia was

absorbed by water to study the absorption of a very soluble gas with-

out chemical reaction. Ammonia was absorbed in sulfuric acid solu-

tion to study absorption accompanied by an instantaneous reaction.

The ammonia-sulfuric acid solution was studied under conditions

where the liquid mass transfer coefficient was significant and where it

was negligible.

Oxygen-Water System. The effect of the liquid agitation rate on

the liquid side mass transfer coefficient was studied for the oxygen-

water system. Degassed water was prepared by boiling tap water in

the make-up tank and then cooling to the desired run temperature. A

positive nitrogen atmosphere of less than one-half centimeter of

water, gage pressure, was provided for the make-up tank and the

constant head tank. The nitrogen atmosphere above the make-up tank

and the constant head tank was maintained throughout the experiment

to provide a constant oxygen level in the inlet water. During an

experimental run, the concentration of dissolved oxygen in the inlet
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and outlet stream was monitored with a Yellow Springs Instrument

Model 54 oxygen meter and probe.

The concentration of oxygen in the water flowing to the reactor

was recorded at the beginning and the end of each experimental run.

The concentration of oxygen in the water flowing from the reactor was

monitored periodically and recorded throughout the run. When steady

state was attained a final oxygen concentration in the water from the

reactor was recorded. Agitation rates as well as significant pres-

sures and temperatures were monitored and recorded throughout the

experimental run. A qualitative evaluation of the interface appearance

and any unusual changes in the reactor system were also noted.

The liquid side mass transfer coefficient was measured at three

agitation rates of the liquid. Data were collected at agitation rates of

250, 350, and 500 rpm. The liquid mass transfer coefficient was also

measured for several different interfacial areas. The interfacial

areas used were 3. 845, 8. 242, 13. 748, 19, 368, and 23. 064 cm 2.

The gas phase was pure oxygen to insure that the gas phase resistance

was of no importance.

Ammonia-Water System. The gas phase for the ammonia-water

system was a mixture of nitrogen, which was saturated with water at

the reactor temperature, and ammonia. The saturated nitrogen and

ammonia gases were mixed after the saturator prior to the reactor.

Degassed water was prepared and maintained as in the oxygen-water
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studies. Analysis of the outlet gas concentration both in the gas phase

and the liquid phase required special procedure.

The outlet gas stream from the reactor passed continuously

through a calibrated glass sampling vessel which could be isolated and

analyzed. The reactor was operated at steady state for approximately

10 residence times before the gas collection vessel was isolated and

analyzed to insure that a representative sample was obtained. To

analyze the gas contained in the sampling vessel, it was displaced

from the vessel by nitrogen and forced through a fretted gas bubbler

submerged in a solution of sulfuric acid of known concentration. After

all the gas was bubbled through the sulfuric acid solution, the solution

was titrated with sodium hydroxide. The concentration of the ammonia

gas was calculated from the amount of sulfuric acid which had reacted

with the ammonia. Accuracy and precision of this method is defined

experimentally in Appendix I.

The gas concentration in the liquid outlet stream was also

obtained by titration. A known quantity of liquid was drawn from the

reactor exit taking care not to upset the reactor. This liquid was

directly siphoned into a flask containing a sulfuric acid solution of

known strength. After collection, the solution was titrated with

sodium hydroxide and the concentration of ammonia calculated from

the amount of acid which had reacted.

The effect of gas side agitation on the overall mass transfer
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coefficient was studied for the ammonia-water system. Two different

agitators and agitator positions were used. The initial runs were

performed for a 5 cm diameter 3 blade propeller gas side agitator

located 4.1 cm from the interface. The interfacial area of 23.064 cm

and the liquid agitation rate of 350 rpm were constant for all runs car-

ried with the 5 cm diameter agitator except one. For the one excep-

tion the interfacial area was 1.288 cm2. The gas side agitation rate

was varied from 100 to 1000 rpm for the initial studies. The second

set of runs were performed for a 9.5 cm diameter 4 blade turbine gas

side agitator located 2 cm from the interface. The interfacial area of

3.842 cm2 and the liquid agitation rate of 350 rpm were constant for

all these runs. The gas side agitation rate was varied from 35 to

650 rpm.

Ammonia-Sulfuric Acid Solution System. The procedure and

analysis for the ammonia-sulfuric acid system is identical to the

ammonia-water system. In addition, the gas concentration coming to

the reactor was monitored as well as the outlet gas concentration by

the same procedure outlined for the ammonia-water system. Analysis

of the liquid concentration of ammonia or in this case the amount of

ammonia reacted was performed by direct titration of a liquid phase

sample.

The indicator used for all titrations consisted of a few drops of

1.25 grams of methyl red and 0.825 grams of methyl blue in 1000 ml
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of 95% alcohol. This indicator was recommended for use in previous

studies of ammonia absorption (14, 23).

For this study the interfacial area, liquid agitation rate, gas

agitator diameter and height of the agitator from the interface were

all kept constant. They were 3.842 cm2, 350 rpm, 9.5 cm. and 2 cm

respectively. The gas phase agitation rate was varied from 100 to

600 rpm.
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VI. ANALYSIS AND DISCUSSION OF RESULTS

A. Mixi.ag

Step 1. A summary of the data obtained for the calibration of

the conductivity probe is contained in Appendix III. The response of

the conductivity probe to the concentration of tracer in solution is

found to be linear for tracer concentrations greater than 5 x 104 ml

tracer per ml solution. The probe response vs tracer concentration

curve for the linear portion of the data is obtained by least squares

analysis. The data is best represented as

millivolts ml tracer= 315(recorded 800 ml soln) - 128

Concentration units of ml tracer per 800 ml solution are selected

since the volume of liquid contained in the reactor during an experi-

mental run is 800 ml. This basis thus facilitates conversion from

millivolts to actual ml tracer present.

Step 2. The purpose of Step 2 is to check the assumption of per-

fect mixing within the liquid phase of the reactor. Results are tabu-

lated in Appendix III in the form of dimensionless concentration and

dimensionless time. The initial experimental run for Step 2 is

plotted in Figure 11. The bypass theoretical model which best fits

this output tracer response is also shown. From Figure 11 the

amount of bypass is estimated as 21% for the initial reactor configuration.
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The initial configuration was for the inlet and outlet liquid

streams entering through the bottom of the reactor. To eliminate

bypass, the inlet stream is moved to the side of the reactor 7.5 cm

above the bottom plate. This positions the inlet stream above the

agitator and one full revolution of the agitator from the outlet.

Figure 12 represents a typical experimental run after the inlet

stream was moved. The output from a perfectly mixed tank is also

shown. Comparison of Figure 11 and Figure 12 indicates that the

majority of the bypass is eliminated after moving the inlet. Compari-

son of the experimental data with the ideal mixed output of Figure 12

suggests that improvement in bulk mixing is possible.

To further promote bulk mixing within the liquid phase, baffles

were added to the reactor. The baffles on the side of the reactor were

sized and positioned according to recommendations from previous

mixing studies (44). Baffles were also placed at the bottom of the

reactor under the agitator to eliminate vortexing and provide a smooth

interfacial surface. Figure 13 is representative of an experimental

run after baffles were added. Also shown in Figure 13 is the ideal

mixed output. Comparison of the two output responses of Figure 13

indicates that the ideal mixed condition is approached. Unfortunately

the degree to which ideal mixing is established can not be ascertained

since a criterion for the ideal mixed conditions does not exist. As

indicated by Figure 13, the presence of a bypass stream or dead
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spaces within the reactor is probably negligible. With proper operat-

ing conditions the assumption of a well-mixed liquid phase probably

will not introduce significant errors.

Step 3. The objective of Step 3 of the mixing studies is to obtain

an approximation of the time necessary to reach a well-mixed condi-

tion within the liquid phase. The response was monitored at two

positions for this study. The initial experiments were conducted for

the probe located at the exit line of the liquid phase. For these initial

experiments it is assumed that a well-mixed condition exists when the

tracer output response is non fluctuating and is dedaying. In general

this corresponds to the maximum output and approximately corres-

ponds to the point where the ideal mixed curve crosses the experi-

mental curve. Figure 14 is representative of a typical run and

determination of the mixing time. Data for this study are summarized

in Figure 15 and Appendix III.

The mixing times obtained for the initial study were somewhat

greater than expected and difficult to measure. Also a slight lag time

in the response output was known to exist due to the positioning of the

probe. To eliminate the lag time and possibly obtain a more repre-

sentative measure of the mixing time the probe was placed inside the

reactor and the mixing time study repeated. For this study it is

assumed that a well mixed condition exists when the probe output

response is within 5% of the true or non fluctuating value. Figure 16
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shows a typical output response and mixing time determination. A

summary of the experimental data are shown in Figure 17 and Appen-

dix III.

The experimental estimate of the mixing time is used as cri-_

terion for establishing acceptable liquid flow rates for absorption

studies. A minimum acceptable agitation rate of 250 rpm is selected

arbitrarily. From Figure 17 it is noted that at this agitation rate a

mixing time of less than 5 seconds can be expected. As a criterion,

the mixing time is to be less than 3% of the average residence time of

the liquid phase. For the oxygen absorption studies the mixing time

represents less than 0. 2% of the average residence time where as for

the ammonia absorption studies the mixing time represents less than

2. 5% of the average residence time.

The maximum allowable agitation rate in the liquid phase is

determined qualitatively by observation of the interfacial surface at

different agitation rates. It is desirable to keep the interfacial sur-

face as smooth as possible. Very slight movement of the interface is

acceptable. Occurrences such as pulsing, rippling, or general surface

breakup of the interfacial surface are not acceptable. The interface

plate, serving to provide a constant interfacial area, also is very

effective in damping out most disturbances that would otherwise render

the interfacial surface unsatisfactory. A transition region from

acceptable to unacceptable occurs at about 600 rpm agitation rate of
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the liquid phase. To insure a good interfacial appearance the agitation

rate for the liquid phase is kept below 550 rpm for the absorption

studies.

The gas phase agitation rate as expected is also found to effect the

interfacial appearance. Very high agitation rates of the gas phase cause

breakup of the interface and extreme turbulence. To minimize the gas

phase agitation's effect, the agitator is operated below 700 rpm for

the 9.5 cm diameter agitator and below 1000 rpm for the 5.0 cm

diameter agitator.

B. Absorption

a. Oxygen-Water System

For the absorption of a slightly soluble gas, such as oxygen, the

following expression of the rate of physical absorption of gas A based

on unit surface

PA -C AHA
-r" =A

1
HA

kAg
kAQ

(25)

can be simplified. The phase distribution coefficient, HA' for the

oxygen-water system is very large so that the relative magnitude of

HA /kAf is much greater than

resistance,

likAg. Therefore the gas phase

1/kAg, is negligible and Equation 25 becomes



-r"A = kAi (PA /1-IA -CA )
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( 26)

Also, for this study the gas phase is selected as pure oxygen which

insures that there is no gas phase resistance (1/1cAg = 0). Equation

26 is said to be descriptive of a system where the liquid film controls.

A material balance on the liquid phase provides the following

expression for the rate of absorption based on unit surface

,

(CA -CAO)-r 'A

Equation 22 and 26 are combined to obtain

vi(CA-CA )
kA/5 = PA

CAHA

(22)

(27)

PA
A plot of v,e(CA-CA,)/(H CA) vs S according to Equation 27

A
should produce a straight line of slope k which passes through

the origin. Such a plot of the results of the oxygen-water system

studies is presented in Figure 18. A summary of the data is contained

in Appendix IV. From Figure 18 it is concluded that a straight line

that passes through the origin can be drawn through the data. This

verifies that Equation 27 and the assumptions on which it is based are

valid for the system.

To obtain the best estimate of the liquid mass transfer
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coefficients at the three agitation rates studied, a least squares

analysis forced through the origin is performed for each agitation

rate presented in Figure 18. The values obtained for the liquid mass

transfer coefficient at 250, 350 and 500 rpm are 2.73 x 10-3

3.39 x 103 cm/sec, and 4.53 x 10-3 cm/sec respectively.

cm/sec,

Order of magnitude comparisons between these values and

values obtained for other studies of the oxygen-water system which

involve stirred type reactors can be made. Whitman and Davis (54)

report a value of 0.92 x 10-3 cm/sec at 60 ± 5 rpm for an 8 liter

porcelain reactor containing 4 liters of water at 20°C and an average

partial pressure of oxygen in the gas phase of 738 to 758 mm Hg.

Yoshida et al. (55) report values of 3.4 x 10-3 cm/sec to

9.4 x 10-3 cm/sec for agitation rates of 80 to 200 rpm for a stirred

type reactor 25 cm in diameter and 15 cm in liquid depth operated at

25°C with pure oxygen at atmospheric pressure. Without regard to

the physical parameters of the system, the data reported by Linek

(31) for the absorption of oxygen into 0. 5M Na2SO4 can also be used

as a comparison. Linek reports values of 0.94 x 10-3 cm/sec to

4.24 x 103 cm/sec for agitation rates of 50 to 245 rpm for a stirred

type reactor 29 cm in diameter with a liquid depth of 17.5 cm for a

pure oxygen gas phase at 20°C and atmospheric pressure. These

values all indicate that the order of magnitude of the liquid mass trans-

fer coefficient obtained in this study is in agreement with previous
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reported values.

A more meaningful comparison of past and present data may be

made by attempting to account for hydrodynamic and physical differ-

ences in the reactor systems. Dimensionless correlations for forced

convection mass transfer for other equipment such as wetted-wall

columns and packed columns or for such mechanisms as flow past flat

plates, cylinders or spheres suggest that the mass transfer coefficient

can be expressed as a dimensionless variable, the Nusselt number,

in terms of the Reynolds and Schmidt numbers for the system.

For the stirred type reactor the mixing Reynolds number (Re),

the Schmidt number (Sc), and the Nusselt number (Nu) are defined

as follows:

Re =

Sc =

2nDa

jk

D t kAsNu D.

(28)

(24)

(30)

where Da is the agitator diameter, Dt is the reactor diameter,

Djk is the diffusion coefficient of the

kinematic viscosity, kAf

in phase k, v is the

is liquid phase mass transfer coefficient

and n is the agitation rate in revolutions per time. The mixing
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Reynolds number as defined by Equation 28 has been widely used for

studies of agitated vessels (44).

From heat and mass transfer analogies for convective flow in

pipes, it is also known that the Nusselt number is a function of a

geometric factor which accounts for differences between pipes. For

the stirred type reactors two dimensionless factors were originally

included in the analysis. These are the ratio of the agitator diameter

to the tank diameter, Da /Dt' and the ratio of the agitators relative

level in the liquid phase to the depth of liquid in the liquid phase, H/L.

This study is compared statistically with five other studies for

stirred type reactors in an attempt to find a general correlation.

Table 4 summarizes the reactor system variables. The dimensionless

variables used in the correlation are tabulated in Appendix IV. The

data of Whitman and Davis (54) cannot be included in the comparison

since they failed to report the diameter of the agitator which is neces-

sary in calculating the mixing Reynolds number.

A regression analysis on the dimensionless variables listed in

Table 4 was performed. Details of the statistical analysis are con-

tained in Appendix V. From this analysis the effect of Da /Dt was

found to be insignificant. Elimination of this variable from the analy-

sis provides the following correlation for the six studies:

. 80 H 0.77Nu = 0.0029Re 1.00Sc0 ()L (31)



Table 4. Systems correlated - liquid phase.

Source 1 2 3 4 S 6

System 02-H20 02-H20 CO2-0. 53M Na
2

SO4 02-0. SM Na2 So4 CO 2-H20 CO2-2M MEA

CO2-2M ammonia
Nut range 1,050-1,743 3,277-9,032 7,265-14,140 1,040-4,734 445-2,090 2,759-3,681

Rei range 11,580-23,160 14,830-37,060 13,000-21,950 6,860-33,610 1,160-3,205 4,510-5,410

Sc 347 347 467 467 619 840

H/L 0.15 0.667 1.0 0.286 1.0 1.0

Da/Dt 0.5 0.4 0.96 0.345 0.96 0.96

'Present Study.
2Yoshida et al. (SS).
3Danckwerts and Gillham (10).
4Linek (31).

Shrier and Danckwerts (41).
6Danckwerts and McNeil (12).
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The six studies were compared using this equation in Figure 19. The

multiple correlation coefficient for this equation is 0.98. As indicated

by the correlation coefficient and Figure 19 this equation is quite good

in predicting the mass transfer Nussel number for the systems and

reactor configurations.

Simplification of the general correlation is considered at this

point. The Reynolds number and H/L variables are grouped

together and the statistical analysis repeated. The equation for this

simplication is found to be

O. 49 H 0.95O. 0375c (Re)L (32)

The correlation coefficient for this equation is 0.97 which is not much

different from the previous value of 0.98 obtained for Equation 31.

Therefore the simplification is considered quite acceptable. Further

simplification is sought by forcing the exponent on the Schmidt num-

ber to 0.5. The statistical analysis of this model predicts the follow-

ing

Nu
)2 L= 0. 0345ScO. 5(Reli) 0. 95 (33)

The correlation coefficient for this case is again 0.97 when calculated

to two significant figures. Since the correlation coefficients for

Equations 32 and 33 are essentially identical, the simplification is
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considered acceptable. Equation 33 is selected as the best represen-

tation of the six experimental studies.

Figure 20 is a plot of the experimental data from the five pre-

vious studies and the present study assuming Equation 33 as the

proper correlation. Also shown on Figure 20 as two dotted lines is

the ±30% bracket for the general correlation. Since there is scatter

in the experimental data it is reasonable to assume that the best cor-

relation at this time is

Nu = O. 022Sc 0. 5 (Re H) 1. 0
L (34)

Further data will produce greater accuracy on the exponents of the

correlation and the value of the constant. Since the six studies rep-

resent only 24 data points, assuming greater accuracy would be

presumptuous. Equation 34 is shown on Figure 20 for comparison

purposes. It is evident from Figure 20 that the error introduced by

Equation 34 versus Equation 33 is minimal. Therefore Equation 34

represents a satisfactory working correlation based on the results of

this study and five other studies for the various systems and reactor

configurations shown in Table 4.

b. Ammonia-Water System

The absorption of ammonia by water presents a special problem
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for absorption studies since the resistance to mass transfer is con-

tained in both films. The total resistance to mass transfer is gen-

erally expressed in terms of an overall coefficient, KAg,

defined as follows:

1 1
HA

KAg kAg
kAQ

75

which is

(35)

From Equation 1 and the overall mass transfer coefficient the rate of

physical absorption of gas A based on unit surface becomes

-r"A =KAg (PA -CA HA ) (36)

Generally for the case of a very soluble gas the phase distribution

coefficient, HA, is very small so that the relative resistance to

mass transfer in the gas phase, 1/kAg, is very much greater than

the relative resistance in the liquid phase, likAi. This would be

a case where the gas phase resistance would be controlling and the

overall mass transfer coefficient would become equal to the gas phase

mass transfer coefficient. As pointed out earlier in Section IV pre-

vious studies have shown that the liquid phase resistance is generally

of importance for the ammonia-water system and may even represent

as much as 70% of the total resistance. Therefore, the simplification

that KAg is approximately kAg can not be made.

Equation 36 is combined with Equation 22 to obtain the following



expression for the overall mass transfer coefficient:

KAg S(PA -HACA)

vi(CA-CA0)
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(37)

For this study the initial concentration of ammonia in the liquid, CAO,

was zero. Also, the magnitude of the bulk gas phase concentration

was very much greater than the bulk liquid phase concentration times

the phase distribution coefficient which is to say that PA >> HACA.

Therefore Equation 37 is simplified without loss of accuracy to

vl CA
KAg = (38)

The initial studies were for the gas phase segment which con-

tained the three blade propeller agitator. They are summarized in

Figure 21 and Appendix IV. Figure 21 indicates an insignificant

change in the overall mass transfer coefficient as a function of the gas

phase agitation rate for the initial studies. Since the three blade

propeller is a considerable distance from the interface, it is likely

that a negligible change in the gas film thickness, thus the mass trans-

fer coefficient, occurs even for a five to ten fold increase in the gas

phase agitation rate.

To obtain more turbulence and thereby have a greater effect on

the film thickness a second study was performed with the gas phase
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Figure 21. Ammonia - -water gas phase data.
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section which contained the four blade turbine close to the interface.

The two gas phase sections were essentially identical except for the

type and position of the agitators. For the ammonia-water system the

values of the overall mass transfer coefficient at various gas phase

agitation rates were calculated directly from Equation 38. The results

for the ammonia-water system are presented in Figure 21 and in

Appendix IV. The mixing Reynolds number times the geometric cor-

rection factor for the gas phase is selected as the abscissa of Figure

21 so that the changes in agitator diameter and position are taken into

account.

The individual gas phase coefficient is calculated from the

overall mass transfer coefficient, the liquid phase mass transfer

coefficient, and the phase distribution coefficient according to Equa-

tion 35. The liquid phase coefficient for oxygen-water can be modi-

fied according to either the penetration or film theory to obtain the

ammonia-water liquid phase coefficient. For the penetration theory
1/2 1.0kA/ /DA/ is considered constant where as kA/ /DA/ is con-

sidered constant for the film theory. The value of the diffusion coef-

ficient for oxygen water, DO is taken as 2.5 x 10-5 cm2/sec
2-H20'

at 25°C for this study (Appendix II). For the diffusion of ammonia in

water, DNH3-H20
(Appendix II). Therefore the penetration model correction amounts to

is taken as 2.6 x 105 cm 2/sec for this study

less than 4% and the film model to less than 2%. Since there is
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considerable uncertainty in the diffusion coefficients themselves and

the correction in either case would be small, neither correction is

applied to the oxygen-water liquid phase mass transfer coefficient.

Calculation of the individual gas phase mass transfer coeffi-

cients follows directly from Equation 35. A summary of the results

are plotted in Figure 21 and contained in Appendix IV. The shape of

the curves of Figure 21 and the general relationship between the gas

phase Nusselt number, the Reynolds number, the Schmidt number and

the geometric factor are discussed in the ammonia-sulfuric acid

solution section.

A comparison of previous data is difficult to make for the

ammonia-water system. Only two studies were found for stirred type

reactors. Hanks and McAdams (18) report values from 3.6 x 105 to

7.5 x 105 gmole/cm2 atm sec for the overall mass transfer coeffi-

cient for concentrations of ammonia in the gas phase of 6 to 65 mole %.

Their stirred reactor was operated at atmospheric pressure and room

temperature with the agitation rate of each phase kept constant at

350 rpm. Other details of the reactor were not reported. For their
PI

range of study Tr kAg is constant and approximately equal to

3.4 x 105 gmole/cm 2 atm sec.

Whitman and Davis (54) also conducted experiments with a

stirred type reactor for the ammonia-water system. The overall

mass transfer coefficient reported by them at an agitation rate of
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60 ± 5 rpm in both phases was 1.5 gr/hr cm 2 atm which is equivalent

to 2.45 x 10-5 gmole/cm2 atm sec. Their experiment was carried

out at 20°C and atmospheric pressure with an average partial pres-

sure of ammonia in the gas phase of 21.3 and 28.3 mm Hg for the two

experimental runs reported.

Comparison of these two reported results with the present study

indicates that the relative magnitude of the three studies are in agree-

ment. The reports of Whitman and Davis in 1924 and Hanks and

McAdams in 1929 failed to provide adequate information concerning

the physical parameters of their reactors which makes additional

comparisons of their data impossible.

It is unfortunate that further comparisons similar to that pre-

sented in the oxygen-water system analysis can not be undertaken due

to the lack of adequate data. However, the relative magnitude of the

individual phase resistance can be estimated as a final comparison.

An estimate of the fraction of total resistance due to the gas phase can

be obtained by taking a ratio of the gas phase resistance to the total

resistance. Values taken from Figure 21 indicate that at low gas

phase agitation rates the gas phase resistance amounts to about 80%

of the total resistance whereas at the high gas phase agitation rates it

accounts for approximately 60%. These estimates are in general

agreement with those mentioned earlier for stirred type reactors.
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c. Ammonia-Sulfuric Acid

Direct measurement of the overall mass transfer coefficient is

possible for the infinitely fast chemical reaction regime when the

overall film resistance controls. In terms of the overall mass trans

fer coefficient, KAg, the expression for the transfer rate, Equation

6, becomes

DB/ CB
-r = K (P +H )A Ag A A DA b (39)

Equation 39 is combined with Equation 24 to obtain an expression for

KA in terms of measurable variables
g

PA PA
v Irk) -( )III POP

KAg = DA/ CB
RTS[P A+ HADDB/

Equation 39 could also be combined with Equation 23 to obtain

K v/ (CB0 CB)
Ag DA/ CB'

bS[P +HA A DB b/

(40)

(41)

Thus the overall coefficient is measured either by monitoring the gas

phase, Equation 40, or by monitoring the liquid phase, Equation 41.

The concentration level of sulfuric acid in the liquid and the residence



time of the liquid in the reactor dictates which method of analysis

should be used. The operating conditions for this study result in an

insignificant change in the liquid concentration of sulfuric acid
CBO-CB

C
x 100% < 1%) so that Equation 41 can not be used accu-

BO
rately. Therefore Equation 40 was selected to experimentally measure
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K . Since the partial pressure of ammonia to and from the reactorAg

changes by a factor of about 10 for this study, accurate analysis by

Equation 40 may be expected.

For the infinitely fast reaction occurring at the interface the

expressions for the transfer rate, Equations 8 and 24, are combined

to obtain

PA PA
kAg = RTSPA PI 0 PI (42)

Study of this reaction regime is possible by operating at a low enough

partial pressure of ammonia in the reactor to satisfy the criterion

stipulated in Equation 7, or

kBi CB
k P <Ag A b ( 7 )

The operating conditions for the Case A and Case B studies are the

same except for the partial pressure of the reacting gas. The value of

the gas side mass transfer coefficient for use in Equation 7 is esti-

mated from Figure 21.
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The results of the Case A reaction studies of ammonia and

sulfuric acid, where KAg is calculated from Equation 41 are pre-

sented in Figure 22 and summarized in Appendix IV. Also plotted in

Figure 22 are the values of K obtained for the straight massAg

transfer ammonia-water system for the same agitator (9. 5 cm diam-

eter). Figure 22 shows that the experimental results obtained for the

Case A reaction studies compare well with the ammonia-water system

results indicating that the double stirred cell is operating properly.

The final test of the double stirred cells performance is made in

the Case B study. For Case B the gas film transfer coefficient, kAg'

is measured directly since the reaction occurs at the interface

rendering the liquid film coefficient unimportant in determining the

transfer rate. The directly measured values of kAg are compared

to values of kAg obtained indirectly from the overall transfer

coefficients and the liquid mass transfer coefficient. The data are

shown in Figure 23 and for the Case B study is summarized in Appen-

dix IV.. Again good agreement is obtained.

In order to compare the results obtained for the 5 cm diameter

agitator with the 9.5 cm diameter agitator dimensionless variables

are selected which are consistent with the liquid mass transfer coef-

ficient correlations. The gas phase Nusselt number is defined as
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Nug = DA Trg

kAgRTDt PI 86

(43)

where R is the universal gas constant, Dt is the reactor diam-

eter, PI is the partial pressure of inerts in the gas phase and

kAg, DAg, Tr and T are the gas phase mass transfer coefficient,

diffusivity, total pressure and temperature of the system, respec-

tively. Since the gas phase is the same for all studies, the gas phase

Schmidt number is constant and not included in the comparison. Fig-

ure 24 represents the dimensionless plot of all the gas phase results.

As indicated by the solid line on Figure 24 the Nusselt number

asymptotically approaches a limit as Re H/L goes to zero. The

limiting Nusselt number is thought to be, the result of natural convec-

tion mass transfer. From dimensional analysis and heat transfer

analogies the Nusselt number for natural convection mass transfer is

known to be a function of two dimensionless quantities, the Grashof

number and the Schmidt number. The mass transfer Grashof number

is defined as

L3 g.6 pAGr AB 2pv

where L is the characteristic length of the system, g is the

acceleration due to gravity,

(44)

pA is the concentration driving force,

and p and v are the density and kinematic viscosity of the system,

respectively.
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Using heat transfer analogies for the average Nusselt number

for a horizontal circular disk, the average mass transfer Nusselt

number for the double stirred cell gas phase can be approximated.

Kreith (27) states "for a square plate with a surface warmer than the

surrounding medium facing up" the recommended equation for heat

transfer in the laminar range of the Grashof number is

Nu = O. 54(GrPr) /1 4 (45)

According to Kreith this equation can be used "as a first approxima-

tion" for a horizontal disk if slightly modified. To modify this equa-

tion the characteristic length of the square plate, L, is replaced

by 0.9 times the diameter of the disk. Also, in order to modify this

for mass transfer the Grashof and Prandtl numbers for heat transfer

are replaced by the Grashof and Schmidt numbers for mass transfer,

respectively. With these modifications Equation 45 becomes

Nu = O. 60(GrABSc) 1 /4 (46)

The mass transfer Grashof numbers calculated for this study

are all within the recommended laminar range of Kreith, 105 to

2 x 107. Also the density gradient for Equation 42 is the same as

encountered in the double stirred cell. Therefore Equation 46 is con-

sistent with heat transfer studies described by Equation 45 and should

provide a good estimate of the natural convection Nusselt number.
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In order for the Nusselt number for natural convection to be

consistent with the overall Nusselt number defined by Equation 43, a

dimensionless pressure correction term is also included in Equation

46. Thus the natural convection Nusselt number based on the diam-

eter of the cell used in this study is

Nuf = O. 6(Gr ABSc)1 /4
Tr

PI
(47)

The dimensionless pressure correction term in the above expression

varies from 0.935 to 1.0 for this study in all cases except one. The

pressure correction for the one exception is 0.715.

Since the bulk concentration within the gas phase is different for

each run the average Nusselt number for natural convection also

varies. The range of natural convection Nusselt numbers calculated

for the experimental runs is 10 to 19 with an average value of 14.4.

Since the variation in natural convection Nusselt numbers is signifi-

cant, it is anticipated that elimination of its effect from the overall

Nusselt number would smooth the data. Figure 25 shows the effect

of eliminating the Nusselt number due to natural convection from the

overall Nusselt number. The term Nug-Nuf represents the portion

of the overall Nusselt number due to forced convection. A least

squares analysis of Figure 25 predicts
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(48)

The correlation coefficient is 0.81. Also shown as a dotted line in

Figure 25 is the following equation

Nu Nuf = 4. 4(Re H) O. 4
g

(49)

The simplicity of the exponent and the constant of Equation 49 makes it

more desirable than Equation 48. Also, due to the scatter of the data,

differences between predictions based on Equation 49 and Equation 48

are not significant. For these reasons Equation 49 is recommended

at this time.

To provide a complete correlation for the gas phase Nusselt

number, the Schmidt number needs to be included in Equation 49.

Experimental evidence is not conclusive as to the relationship

between the gas phase resistance and the gas phase diffusivity. Most

experiments suggest that kAg is either proportional to the diffusiv-

ity to the one-half power or to the two-thirds power. Therefore, the

Nusselt number due to forced convection for the double stirred cell is

probably related to the Schmidt number either to the one-half or the

one-third power. Equation 49 is modified to account for the Schmidt

number for these two cases as follows

Nu = Nuf + 5. 2(Re H) 2 /5Sc 1 /3
g

(50)
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(51)

Further studies of systems with widely differing Schmidt numbers

should be considered to determine which of the two equations is

applicable.

Equations 50 and 51 are for the laminar range of the Grashof

number. It is only conjecture on this author 's part that either equa-

tion is valid for the double stirred reactor. The appearance of Figure

25 does certainly suggest that an equation similar to Equation 46 is

valid for the double stirred cell. The dependency of the gas phase

Nusselt number on the Schmidt number needs to be investigated in

future studies.

The liquid phase Nusselt number should also be a function of a

forced convection and a natural convection Nusselt number. However,

due to the magnitude of the concentration driving force in the liquid

phase and the hydrodynamics of the liquid film, the natural convection

Nusselt number is negligible in comparison to the forced convection

Nusselt number. Therefore, it is not necessary to include the natural

convection term in the analysis.
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VII. SUMMARY

The objective of this study was to develop a new apparatus for

studying mass transfer and reaction between two phases. This

apparatus was to be flexible enough to allow the variables which

affect a mass transfer-chemical reaction system to be changed inde-

pendently and in a controlled manner so that the resulting change in

the overall transfer rate could be monitored. Design of this device

was based on an idealized apparatus (Figure 1, Section I) which over -

comes the shortcomings of other laboratory equipment presently in

use (discussed in Section II). The key to success for this device was

to demonstrate phase uniformity and the ability to independently study

the separate phase resistances to mass transfer. The results of this

study show that phase uniformity is obtained in less than 2. 5% of the

average phase residence time (Section IV-A) and that the reactor has

the ability to independently study the separate phase resistances

(Section IV-B).

In addition to meeting the main objectives of this study, analysis

of the experimental data gave the following new liquid film coefficient

correlation between the bulk of liquid to a flat boundary which should

prove useful to future studies and design of industrial equipment:

Nu
1

= 0.022 (Re)IL(H ) I Sc0.5 (34)



where Nu
.e

and Re/ are defined as follows:

Dt kA/Nu DA/

2n Da
Ref =

94

(30)

(28)

This correlation is based on the results of this study and five other

studies of different reactor configuration and various systems which

are summarized in Table 4 (page 70). This correlation provides a

method of relating one study to another and also has the ability to

predict the behavior of a reactor configuration for given operating

conditions.

Also developed in this study was a general correlation for the

gas phase mass transfer coefficient which should prove helpful in

future studies and design of industrial equipment. The gas phase cor-

relation is

Nug = Nuf + 4.4[(Re) (H )g L g
O. 4 (49)

Since only one gas phase system was studied, the effect of Schmidt

number on the Nusselt number was not experimentally determined.

However, based on knowledge of the commonly encountered mass

transfer models, two correlations which account for the Schmidt num-

ber were proposed. These correlations are
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Nu
g

= Nuf + 5.6[(Re) g L( --H ) g g
]0.4Sc0.5 (51)

HNu 1-- Nuf + 5.2[(Re)(L g) ]
0.4Sc

0.33
gg g

(50)

The Schmidt number in Equation 50 represents predictions based on

the boundary layer model (see reference 53, page 541), while Equa-

tion 51 is based on the surface-renewal or penetration model (Section

III). Equation 49 is consistent with predictions based on the film

model (Section III). Further study with different gases should indicate

which correlation is better.
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VIII. RECOMMENDATIONS FOR FUTURE STUDY

Since this is the first study on this type of device many questions

are still to be answered. Some of these which could be examined and

further looked into are listed and discussed below:

1. The time to reach uniformity in the liquid phase for the

reactor configuration and operating conditions of this study

was found to be from 2 to 5 seconds (Section IV-A). Ideally,

a mixing time of zero is desired. However the limiting

restriction on any geometry and uncertainty of mixing is the

necessity to maintain a smooth interface. Different types of

agitators and/or reactor configurations should be investigated

to determine if smaller mixing times are possible and which

arrangement is optimum.

2. The uniformity of the gas phase was not determined experi-

mentally for this study. Based on a recent gas phase mixing

study for catalytic reactors (discussed on page 47) it is

unlikely that the time to reach uniformity in the gas phase is

significant (>3% t). However, gas phase mixing studies

should be performed to verify this assumption.

3. The dependency of the gas phase Nusselt number on the

Re dimensionless variable was not extensively investigated

here. Two agitators of different diameter which were located



97

different distances from the interface were employed in this

study. In order to verify the dependency of the Nusselt num-

ber on H(Re)() and to establish the generality of this

relationship, different reactor configurations should be

studied.

4. Three complete correlations for the gas phase (Equations 49,

50 and 51) were proposed in this study based on existing mass

transfer models (film, boundary layer and penetration, see

Sections III and VII). To determine which correlation, if

any, is correct or to develop a new correlation which includes

the Schmidt number, systems of widely differing Schmidt

numbers in the gas phase should be studied.

5. The liquid phase correlation presented in Equation 34 was

based on liquid phase data for water or water solutions. To

show that this equation is good for any liquid phase, analysis

of other systems should be undertaken.

6. To provide additional evidence that the gas or liquid phase

correlations are consistent with mass transfer models,

studies of systems at different temperatures should be

attempted since this is probably the simplest way of varying

the relative contributions of mass transfer and reaction.

7. Use of the double mixed reactor is not limited to simple gas

liquid systems where the reaction takes place only in the
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liquid phase. Complex systems such as multicomponent sys-

tems or mutually soluble phase systems can be investigated.

Specifically the study of liquid-liquid extraction, gas-liquid

absorption with reaction in the gas and liquid phase, and gas

absorption into solutions containing two or more reactants

should be studied.

8. The ability of the double mixed reactor to provide simple and

accurate measurements of mass transfer coefficients makes

it attractive for gathering data for design of industrial packed

towers. Danckwerts and Gillham (10) were first to demon-

strate the ability of a stirred-type reactor to model packed

towers for a given system. To extend the technique used by

Danckwerts and Gillham to any system, general correlations

relating equipment operating conditions and configurations to

mass transfer coefficients for stirred type reactors and to

mass transfer coefficients and packing surface to volume

ratios for packed columns are needed. This study provides

the mass transfer correlations for stirred-type reactors.

Correlations for packed columns are generally based on the

combined effect of the mass transfer coefficient times the

surface to volume ratio. Future studies should be conducted

to determine independently the effect of operating conditions

and configurations of packed columns on either the mass



99

transfer coefficient or the surface to volume ratio. Deter-

mination of a correlation for one will allow calculation of the

other from existing correlation for the combined effect.
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APPENDIX I

Calibrations
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Table I-1. Rotameter FP-1/4-25-G-5/84.

Scale Reading Flow Rate
Df /D

t
cc/sec Water at 25°C

23.4
22.0
21.0
20.0
18.0
16.0
13.0
10.0
7.0
5.0
3.0

10.72
9.85
9.30
8.81
7.75
6.82
5.30
3.88
2.50
1.63
0.78

Table I-2. Rotameter FP-1/8-12-G5.

Scale Reading
Df/Dt

Flow Rate
cc/sec water at 23°C

12 22.0
10 15.1

8 9.5
6 4. 9
5 3.1
4 1.8
3
2
1 0.0
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Table 1-3. Rotameter FP -1 /8-12-G5 temperature correction factors.*

Scale Reading Temperature, °D
Df/Dt 23 24 25 26 27

12 1.0 1.005 1.010 1.015 1.020
10 1.0 1.007 1.013 1.020 1.026

8 1.0 1.010 1.020 1.030 1.040
6 1.0 1.013 1.027 1.040 1.053
5 1.0 1.015 1.030 1.045 1.060
4 1.0 1.015 1.030 1.045 1.060

*Factors calculated from Fischer -Porter operating manual.
Note: To convert flow rates listed in Table 1-2 to temperatures

listed in Table 1-3 multiply by the correction factor.

Table 1-4. Rotameter FP-08F - 1 /16 -4/36 with 1/16-inch
sapphire float at 14.7 psia and 70°F.

Scale Reading
Df/Dt

Flow Rate
cc/min N2 cc/min 02 cc/min NH3

16 209 184.5 315
14 169 148.0 252
12 130 113.5 195
10 93.7 82.0 147

8 58.3 51.0 98.4
7 43.0 37.5 73.0
6 30.9 27.0 54.3
5 20.0 17.5 35. 8
4 12.6 11.0 35.8
3 8.5 7.4 22.5
2 4.0 3.5 7.2
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Table 1-5. Rotameter FP- 08F- 1/16 -8 or 10-5/36 with
1/16-inch sapphire float at 14.7 psia and
70°F.

Scale Reading
Df/Dt

Flow Rate
cc/min N2 cc/min 02 cc/min NH3

10 75.0 65.6 125.6
8 43.5 38.1 72.8
7 31.0 27.0 52.0
6 20.7 18.0 34.7
5 13.0 11.4 21.8
4 7.0 6.0 11.7
3 2.8 2.5 4.7
2 0.5 0.4 0.8

Table 1-6. Gas sample volume calibration.

Sample Grams Distilled Water
No. Contained at 69°F

Vessel number 1

1 242.55
2 244.65
3 245.65
4 244.65

Average = 244.3 ± 1.05 grams
Density at 69°F = 0.998 grams /cc
Gas sample volume = 244.3 /0.998 = 244.8 cc or 245 cc
(deviation/average) x 100% = (1.05 /244.3) x 100% < 0.42%

Vessel number 2
1 253.2
2 253.2
3 252.5

Average = 253 ± 0.4 grams
Gas sample volume = 253 /0.998 = 253 cc
(deviation/average) x 100% = (0.4/253) x 100% < 0.2%
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Table 1-7. Accuracy and precision of gas sampling technique.

Procedure: Sample volumes 1 and 2 are filled simultaneously with an
ammonia-nitrogen gas mixture. Each vessel is analyzed
independently according to the method outlined in Section
V using fire bubblers in series. Also since ammonia can
be detected by odor at about 100 ppm, this is used to
determine the presence of ammonia flowing to successive
bubblers .

Results:
Bubbler #

ml 0. 1065N
acid

ml 0. 1N base
to Titrate

moles /liter (104)
NH3

Sample volume 1
1 5. 015 3. 265 8. 481
2 5.000 5.270 0.244
3 5.000 5.280 0.183
4 5.000 5.260 0.265
5 5.000 5.260 0.265

Sample volume 2
1 5. 105 3. 265 8.584
2 5. 000 5. 290 0.138
3 5. 000 5.280 0. 177
4 5.000 5.260 0.256
5 5.000 5.280 0. 177

Ammonia gas could not be detected by odor in the gas flowing to
bubblers 2, 3, 4, or 5 for other experiments. Therefore the amounts
found in bubblers 2 through 5 are considered the deviation in the
experimental method.

maximum % difference 8. 584 8. 481
between 1 and 2 ) = ( 8.481 ) x 100% < 2%

standard deviation based on
(trace amounts found in ) < 3%
bubblers 2 through 5
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Interface plate actual size
4, 1/4" holes

Plate No. 1

approximate area = 0.15 inches 2

Actual area = 1.288 ± 0.010 cm 2
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Plate No. 2

Interface plate - actual size
12, 1/4" holes approximate area = 0.59 inches 2

Total area = 3. 845 * 0. 026 cm2



Interface plate actual size
24, 1 /4" holes

Plate No. 3

approximate area = 1. 18 inches 2

O 0 o
0 0 0 \

0 0 0 0
0 0 0 0
0 0 o °

0 0 o
0 0 0

Actual area = 8. 242 ± 0. 090 cm2

112
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Interface plate - actual size
40, 1 /4 " holes

Plate No. 4

approximate area = 1.96 inches 2

0 ° 0
0 000 00 0 00 0 0 0o o

000 0 0 0
o ° o o °o0 0 00 0 0 0

o o

Actual area = 13.748 ± 0.110 cm 2
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Interface plate - actual size
56, 1/4" holes

Plate No. 5

approximate area -= 2.65 inches 2

O ° o0 0 0 0 00 0 O 0 00 0 o 00 0 0 0
0 000 0 000

0 0 000 00 0 0 0o0 0
o o

Actual area = 19. 368 ± O. 503 cm2
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Plate No. 6

Interface plate actual size
72, 1 /4" holes approximate area = 3.5 inches 2

000
0 00 0 000 0 0
O 0 0

0000 0 0 0 0
0 0 0 0 O 0
COo Coo ooo

000

Actual area = 23.064 ± 0. 129 cm2
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APPENDIX II

Physical Properties
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Figure 26. Henry's law constants for oxygen.
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Figure 27. Henry's law constant for ammonia.
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Table II-1. Density and viscosity at 1 atmosphere and 25° C.

Substance
Density
gm/cc

Viscosity
gm/cm-sec Reference

Water
Nitrogen

0.997
1.15 x 103

0.893 x 102
1.77 x 104

35

53

Table 11-2. Gas phase diffusivities

NH3 N2 at 20°C and one atmosphere (reference 53)
DAB = 0.241 cm2 /sec

at 25°C
D

AB 293= (0. 241)( 298-) 3 /2 = 0.247 cm2 /sec

Table 11-3. Liquid phase diffusivities.

Solute Solvent
Conc. of solute

moles /liter
Temp.

°C
DAB (105)

cm2 /sec Reference

H SO4 H2O 1.5 10 1.21 52
2 2.0 10 1.26 52

0.3 13 1.34 52
0.6 13 1.44 52
0.8 13 1.50 52
1.0 18 1.6 52
3.0 18 1.9 52
5.0 18 2.2 52

10.0 18 2.7 52
1.0 20 1.5 52
1.5 20 1.56 52
2.0 20 1.58 52

NH3 H2O 1.0 8 1.36 52
1.0 12 1.64 52
1.0 15 1.77 52
3.5 5 1.24 53
1.0 15 1.77 53

02 H2O dilute 25 2.5 35
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Figure 28. Sulfuric acid-water diffusivities.
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Figure 29. Liquid phase diffusivities.
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APPENDIX III

Mixing Stud ies
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Table III-1. Accuracy and precision of syringe.

cc Distilled Water Weight of Water
70°F grams

2.0
2. 0
2. 0
2. 0
2. 0
2. 0
2. 0
2. 0
2. 0
2. 0

1.98265
2. 01025
2. 00870
2. 00170
1. 99145
1.99605
2.00975
1.99157
2. 00325
2.00405

Average = 2. 000 ± O. 004 grams
(deviation/average) x 100% = (0.004/2.0) x 100% = 0.2%

1. 5
1. 5
1. 5
1. 5
1. 5

1.50945
1.50060
1.49605
1.49860
1.50255

Average = 1. 502 ± O. 001 grams
(deviation/average) x 100% = (0.001/1.502) x 100% < 0.2%
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Table 111-2. Tracer probe calibration.

ml Tracer per 800 ml Millivolts Recorded
Tap Water at 25° C Run #1 Run #2

0.0 0 0

0.2 0

0.4 15 0

0. 6 70 50

0.8 120 110

1.0 185

1.2 245 260

1.4 305

1.6 380 365

1.8 440

2.0 520 495

Least squares analysis for concentration of
tracer greater than or equal to 0.4 ml /800 ml
gives:

millivolts = 315 (conc. tracer) - 128
correlation coefficient = 0.996
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Code for Step 2 and Step 3 mixing studies.

first digit - purpose of experiment
2 - step 2 study
3 step 3 study

second letter
M mixing studies

third letter - probe position
I inside reactor
E - exit of reactor

fourth letter - inlet flow position
B bottom of reactor
S side of reactor

fifth letter type of baffles
N - without baffles
B - baffles

sixth and seventh digits run number
01 to 65

example: 2MIBN01, step 2 mixing studies, probe inside
reactor, inlet flow in bottom of reactor, reactor
without baffles, run number 1.

Table 111-3. Summary of step 2 and 3 mixing studies.

Type of
Study Probe Inlet Baffles Run #

2M E B N 01-02
2M E S N 03-09
2M E S B 10-14
3M E S B 15-43
3M I S B 44-65
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Table 111-4. Mixing studies.

0
+

C

2MEBN01: Co --= 0.9, t = 40.0 sec. , ni 450 rpm
0. 0.
0.0110 1.40
0.0138 1.10
0.0166 1.12
0.0276 0.605
0.0440 0.685
0.0606 0.605
0.0688 0.623
0.0826 0.569
0.1100 0.550
0.1650
0.2200

00..

0.499
2MEBN02: Co 0 9, t = 40.0 sec. , ni = 450 rpm

0. 0.
0.0132 1.390
0.0158 1.390
0.0210 1.245
0.0262 1.225
0.0368 1.065
0.0498 1.110
0.0656 0.995
0.0788 0.990
0.1310 0.905
0.1838 0.871
0.2360 0.790

2MESN03: Co -= 1.0, t 53.5 sec. , n/ 592 rpm
0. 0.
0.0075 1.28
0.0130 0.77
0.0149 0.83
0.0168 0.78
0.0187 0.85
0.0206 0.87
0.0243 0.94
0.0262 0.93
0.0300 1.00
0.0356 0.96
0.0374 0.96
0.0562 0.96
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Table 111-4. Continued.

0
+

C

2MESN04: Co = 1.0, t = 40 sec. ,

0.
0.0125
0.025
0.050
0.075
0.100
0.125

= 590 rpm
0.
0.83
0,78
0.94
0.95
0.94
0.93

2MESN05: C 0 = 1.0, t = 53.3 sec. , = 510 rpm
0. 0.
0.00375 1.13
0.0075 0.94
0.0094 1.00
0.0131 0.93
0.0188 0.93
0.0244 0.97
0.0281 0.95
0.0381 0.97
0.0375 0.96
0.0563 0.96
0.0750 0.95
0.0940 0.94
0.1310 0.91
0.1680 0.89

2MESN06: C 0
1 0, t = 40 sec. n/ = 445 rpm

0. 0.
0.0075 0.93
0.0125 0.88
0.0275 0.74
0.0350 0.88
0.0425 0.88
0.0450 0.94
0.0500 0.94
0.0525 0.98
0.0750 0.96
0.1000 0.95
0.1500 0.93
0.2000 0.90
0.2500 0.86
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Table 111-4. Continued.

0 C

2MESN07: C 0 = 1.0, t = 40 sec. ,
0.
0.0125
0.0300
0.0500
0.1000
0.1500
0.2000

= 510 rpm
0.
1.01
0.93
0.99
0.97
0.94
0.91

2MESN08: Co = 1.0, t = 40 sec. , = 590 rpm
0. 0.
0.02 0.96
0.03 0.91
0.05 1.02
0.10 1.01
0.15 0.99
0.20 0.95
0.25 0.92

2MESN09: Co = 1.0, t = 80 sec. , n = 595 rpm
0. 0.48
0.0025 0.30
0.0050 0.78
0.0062 0.70
0.0082 0.96
0.0100 0.93
0.0162 1.01
0.0250 1.00
0.0500 0.98
0.0750 0.96
0.1250 0.92



Table 111-4. Continued.

e
+c

2MESB10: Co = 1 8, t = 200 sec. , n/ = 445 rpm
0. 0.
0.01 0.67
0.02 0.94
0.04 0.96
0.10 0.92
0.20 0.83
0.40 0.68
0.60 0.56
0.80 0.45
1.00 0.37

2MESB11: Co = 1 85, t = 200 sec. , ni = 575 rpm
0. 0.
o. 01 0.98
0.05 0.95
0.10 0.91
0.20 0.82
0.30 0.74
0.40 0.67
0.50 0.60
0.60 0.55
0.70 0.49
0.80 0.44
0.90 0.40
1.00 0.36

2MESB12: C
0

= 1 4, t = 80 sec. , n/ = 575 rpm
0. 0.
0.05 0.94
0.10 0.88
0.20 0.80
0.30 0.72
0.40 0.64
0.50 0.57
0.60 0.51
0.70 0.46
0.80 0.41
0.90 0.37
1.00 0.34
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Table 111-4. Continued.

0
+

C

0.
ZMESB13: Co = 1 9, t = 200 sec. , ni = 495 rpm

0.
0.01 1.03
0.02 0.98
0.05 0.95
0.10 0.91
0.20 0.81
0.30 0.74
0.40 0.67
0.50 0.60
0.60 0.55
0.70 0.49
0.80 0.45
0.90 0.40
1.00 0.37

2MESB14: C = 1.05, t = 200 sec. , n1 = 400 rpm0
0. 0.
0.01 0.83
0.02 0.97
0.04 0.97
0.10 0.92
0.20 0.84
0.30 0.76
0.40 0.68
0.50 0.63
0.60 0.57
0.70 0.52
0.80 0.48
1.00 0.35
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Table 111-5. 3MESB15 through 3MESB43.

Run # t, sec n
1
, rpm Mixing Time, sec

15 100 480 3. 8
16 100 480 3. 3
17 100 520 2. 5
18 100 545 2. 8
19 100 700 1. 8
20 100 500 4. 0
21 100 390 6.5
22 100 345 5. 5
23 100 350 6. 0
24 100 350 6.5
25 100 365 4. 5
26 100 365 5. 7
27 100 620 2.3
28 100 710 2. 2
29 100 710 2. 1
30 100 850 1. 6
31 100 850 1. 7
32 100 400 6.7
33 100 370 6.0
34 100 600 3. 6
35 100 460 5. 0
36 100 600 2. 7
37 100 500 4.3
38 100 700 1. 7
39 200 710 3. 1
40 200 710 1. 9
41 200 500 2. 9
42 200 510 3. 0
43 200 420 5.4
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Table 111-6. 3M1SB44 through 3M1SB65.

Run # t, sec rpm Mixing Time, sec

44 200 350 3.0
45 200 350 3.1
46 200 450 2.5
47 200 450 2.3
48 200 450 3 . 0
49 200 490 2.0
50 200 490 2.8
51 200 490 2.3
52 200 620 1.6
53 200 620 1.5
54 200 620 1.6
55 200 565 1.7
56 200 565 1.9
57 200 565 1.8
58 200 250 4.7
59 200 1000 0.9
60 200 785 1.2
61 200 785 1.2
62 200 785 1.2
63 200 500 2.0
64 200 500 1.8
65 200 500 1.7
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APPENDIX IV

Absorption Studies



Table IV-1. Oxygen-H20 data summary.

Run

No.

nil

rpm

n
g

rpm

Tr

mm Hg

T

°C

PI
AO

mm Hg

P
A

mm Hg

P/H
A A
ppm

v

cm3/min
C

ppm

C
A

ppm

S

cm2

A cmCA
3

k x 103A/
cm/sec

( ) vi
PA sec

H
CA

A

1 355 375 758.4 27. 2 27. 1 731. 2 36. 6 5. 2 4. 6 19. 6 23.064 0. 0765 3. 32

2 355 380 758.0 27.0 26.7 731.3 36.8 11.5 5.7 14.5 23.064 0. 0757 3. 29

3 350 380 761.6 26.5 26.0 734.6 37.4 17.0 5.7 12.5 23.064 0. 0773 3. 36

4 350 380 761. 6 27.0 26. 7 734. 9 37. 1 8. 8 5. 9 14. 1 13. 748 0.0522 3. 70

5 350 380 756. 1 26.8 26.4 729.7 36.9 11.4 5.9 12.2 13. 748 0. 0485 3.53
6 360 385 756. 1 26. 1 25.4 730. 7 37.5 2. 8 5. 9 12. 3 3. 845 O. 01185 3. 08

7 350 380 763. 6 26. 5 26. 0 737. 6 37. 6 7. 6 5. 9 11. 6 8. 242 0.0277 3. 37

8 350 380 765.5 26.3 25.7 739.6 37.8 11.5 5.9 14.1 19.368 0.0662 3. 42

9 510 375 755. 8 26. 8 26.4 729. 4 36. 8 2. 9 5. 9 13. 7 3. 845 O. 0163 4. 24

10 500 380 763.5 27. 0 26. 7 736. 4 37. 2 7. 6 5. 9 12. 8 8. 242 0. 0358 4. 34

11 500 380 763. 4 26. 3 25. 7 737. 7 37. 7 10.4 5. 9 16. 6 19. 368 0. 0923 4. 76

12 500 380 758.1 26.7 26.3 731.8 37.2 12.0 5.9 12.8 13.748 0. 0570 4. 15

13 250 380 759. 3 25. 9 25. 1 734. 2 37.8 10. 1 5.9 11. 7 13. 748 0. 0374 2. 72

14 250 380 756.1 25.9 25.1 731.0 37.7 11.1 4.4 11.7 19.368 0. 0520 2. 68

15 250 380 756. 4 26. 7 26. 3 730. 1 37. 1 5. 8 4. 4 10. 2 8. 242 0.0208 2.53
16 250 380 758.0 25. 9 25. 1 732. 9 37. 7 16.5 4. 4 10. 7 23. 064 0.0641 2. 78



Table IV-2. Liquid phase correlation data.

Reference System °C D /D
a t H/L Re(10 -4)

Sc Nu(10-3) NuSc- 1/ 2 Re Li (10-3) Re ScO. 81( H )0.

Present study 02-H20 25 0.5 0. 15 1. 158 360 1. 092 57. 6 1. 74 3.162
25 0.5 0.15 1.621 360 1.356 71.5 2.42 4.426
25 0.5 0.15 2.316 360 1.812 95.5 3.47 6.324

Yashida et al. 0
2 2
-H 25 0. 4 0. 667 1. 483 360 3. 400 179. 2 9. 87 12. 78

(55) 25 0.4 0.667 1.946 360 4.700 247.8 13.0 16.77
25 0.4 0.667 2.316 360 5.000 263.6 15.4 19.95
25 0. 4 0. 667 2. 965 360 7. 300 384.8 19. 8 25.55
25 0.4 0.667 3.706 360 9.400 495.5 24.7 31.93

Danckwerts and CO2- 25 0. 96 1. 0 1. 300 769 7. 265 262 13. 0 28. 28
Gillham (10) 0. 53Na2S 04 25 0.96 1.0 1.510 769 8.569 309 15.1 32.85

25 0.96 1.0 1.715 769 10.68 385 17.2 37.31
25 0.96 1.0 1.934 769 12.37 446 19.3 42.08
25 0.96 1.0 2. 195 769 14. 14 510 22.0 47. 76

Linek (31) 02- 20 0.345 0. 286 0.686 486 1. 084 49.2 1. 94 3.922
0.5M Na 2504 20 0. 345 0. 286 1. 372 486 1. 844 83. 6 3. 92 7. 843

20 0.345 0. 286 2.058 486 2. 366 107 5.88 11.76
20 0.345 0.286 3.361 486 .4.918 223 9.60 19.21

Shrier and CO2-H20 18 0. 96 1. 0 O. 1160 618 0. 445 17.9 1. 16 2.117
Danckwerts (41) 18 0. 96 1. 0 O. 1679 618 0. 784 31.5 1. 68 3.064

18 0. 96 1.0 0. 2380 618 1. 336 53. 7 2. 38 4. 344
18 0.96 1.0 0.3205 618 2.090 84.0 3.21 5.849

Danckwerts and CO2- 18 0. 96 1. 0 0.451 840 2. 759 95.2 4.51 10.54
McNeil (12) 2M MEA 18 0. 96 1. 0 0. 451 840 3. 217 111 4.51 10.54

CO2-2M-
ammonia

18 0.96 1.0 0.541 840 3. 681 127 5. 41 12. 64

77(10-5)



Table IV-3. NH3-water data summary.

Run
No.

Da

cm

nil

rpm rpm

Tr

mm Hg °C 3cm /min

v
AO
3cm /min

(102)
A
atm

CA(103)

moles

v_e

3 /minmc 2in cm

K (105)
ASmles

HA

1 atm

kAg(105)

mole
2cm atm sec 2cm atm secliter mole

1 5 250 100 761 24.2 21 38 2.80 6.08 231 23.064 3.62 0.0163 4.65
2 5 350 100 759.8 24.2 21 38 2.78 5.82 231 23.064 3.49 0.0163 4.22
3 5 350 200 759.8 24.2 21 38 2.81 5.98 231 23.064 3.55 0.0163 4.28
4 5 350 1000 759.8 24.2 21 38 2.80 6.04 231 23.064 3.60 0.0163 4.35
5 5 350 200 759.3 23.9 21 38 2.83 5.72 231 23.064 3.37 0.0161 4.21
6 5 350 300 759. 3 23. 6 21 38 2. 87 4. 26 330 23. 064 3.54 0.0158 4. 24

7 5 350 300 759. 3 23. 6 21 38 2. 92 13. 8 100 23. 064 3. 40 0. 0158 4. 04

8 5 350 300 759. 3 23.6 11 19 1.57 3. 38 231 23. 064 3.59 0.0153 4. 28

9 5 350 300 759.3 23.6 21 57 4.77 10.0 231 23.064 3.50 0.0163 4.38
10 5 350 300 770.4 23.9 21 38 28.1 4.71 231 1.288 5.01 0.0260 8.10
11 9.5 350 100 756.0 25.3 21 23 6.47 3.46 231 3.845 5.35 0.0180 7.46
12 9.5 350 400 758.0 25.6 21 23 5.32 3.58 231 3.845 6.73 0.0179 10.42
13 9. 5 350 100 757. 2 25. 0 21 -15 4. 85 2. 41 231 3. 845 4. 98 O. 0175 6. 70
14 9.5 350 500 754.0 25.0 21 12 2. 23 2. 16 231 3.845 9. 70 0.0168 18.62
15 9.5 350 500 754.0 25. 3 21 11 2.06 2.03 231 3.845 9.87 0.0167 19. 15

16 9.5 350 35 752.2 25.0 21 11 4.05 1.95 231 3.845 4.82 0.0174 6.40
17 9.5 350 200 752.2 25.0 21 11 2.84 1.80 231 3.845 6.34 0.0170 9.29
18 9. 5 350 650 752. 2 25.0 30 11 0. 973 0.921 231 3. 845 9. 48 0.0160 17. 12
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Table IV-4. Initial concentration of H 2
SO4 in solution.

ml Solution ml 1N Base Normality of
Titrated to Titrate Acid Solution

1.000 2.300 2.300
1.000 2.290 2.290
1.000 2.305 2.305
1.000 2.300 2.300
1.000 2.300 2.300

From Run #28, Regime A

PA = 0.0392 atm kAg =

average = 2.30N
= C BO

16.10 x 10-5 moles/cm 2 atm sec

v
1

= 230 cc/min = 3.83 cc/sec S = 3.845 cm 2

-r" PA = kAg A

= (16.1 x 10-5 moles/cm2 atm sec)(0.0392 atm)

< 6.5 x 106 moles/cm2 sec

-r"A = v
1
LC B /S or LC

B A= -r"S/v
1

ACB < (6.5 x 106 moles/cm2 sec)(103 cc/liter)

X (3.845 cm 2)/(3.83 cc/sec)

< 6.6 x 10-3 moles /liter

(AC B /C BO
) x 100% = (6.6 x 103/1.15) x 100% < 0.6%

therefore CB =-- C BO = 1.15 moles /liter = 2. 30N



Table IV-5. NH3-2. 3N H 2504 data summary.

(105) kv v K
AA0 A g(105) A g

(105)

Run
No. Regime

Da

cm rpm rpm
Ti Tr

mm Hg
T

6C
cm

3cm 3cm PAO

atm

PA

atm cm2
moles 1 atm mole

cm2 atm sec mole cm2 atm secmin min min

19 B 9.5 350 200 762. 0 24. 4 32 20 230 0. 3463 0. 0360 3. 845 0.0166 7. 78

20 B 9.5 350 200 762.0 24.4 32 20 230 0.3627 0.0402 3.845 0.0167 7.46

21 B 9.5 350 100 761.7 24.0 32 30 220 0.4387 0.0514 3.845 0.0168 7.66

22 B 9. 5 350 250 763. 0 24. 0 32 15 230 0. 3475 0.0266 3. 845 0.0161 10.83

23 B 9. 5 350 350 762. 7 23. 9 32 14 230 0. 3080 0. 0229 3. 845 0.0159 10.52

24 B 9.5 350 250 751. 2 24. 4 32 14 230 0. 2709 0.0246 3. 845 0.0163 8.06

25 B 9.5 350 300 747. 8 23. 9 32 14 230 0. 2808 0. 0221 3. 845 0.0160 9. 59

26 B 9. 5 350 150 747. 7 24. 9 32 15 230 0.2897 0. 0274 3. 845 0.0168 7. 92

27 A 9.5 350 400 762.4 24.2 31 30 220 0.5055 0.0478 3.845 7.07 0.0170 11.03

28 A 9.5 350 600 762.4 24.6 31 30 210 0. 5242 0.0392 3.845 8.31 0.0173 14.44

29 A 9.5 350 500 761.2 24.5 32 29 230 0.4874 0.0470 3.845 6.82 0.0171 10.44

30 A 9.5 350 300 761.7 24.1 32 30 220 0.4621 0.0512 3.845 5.81 0.0168 8.21

31 A 9.5 350 150 748.6 24.5 32 28 230 0. 4644 0.0515 3.845 5.90 0.0171 8.42
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Table IV-6. Gas phase correlation data at 25.C.

Run
No. Da/Dt H/L Re Sc Nu (Re-) Gr(10-s) Nu

f Nug-Nu
fSystem L g

NH3-H20 1 0.5 0.18 271 0.623 44.02 48.7 5.09 13.83 30.2
2 0.5 0.18 271 0.623 39.93 48.7 5.07 13.82 26.1Da = 5 cm
3 0.5 0. 18 541 0.623 40.69 97.5 5. 11 13. 85 26. 8
4 0.5 0. 18 2, 707 0. 623 41. 38 487 5. 09 13. 83 27. 6
5 0.5 0.18 541 0.623 38.19 97.5 5.14 13.87 24.3
6 0.5 0.18 812 0.623 40.51 146 5.20 13.90 26.6
7 0.5 0.18 812 0.623 38.56 146 5.30 13.96 24.6
8 0.5 0.18 812 0.623 41.76 146 2.86 12.13 29.6
9 0.5 0. 18 812 0. 623 39. 17 146 8. 65 15.48 23. 7

10 0.5 0.18 812 0.623 56.00 146 51.05 18.05 38.0

NH 3-H20 11 0.95 0.60 977 0.623 69.08 586 11.74 16.41 52.7
12 0. 95 0. 60 3, 909 0. 623 97. 82 2, 345 9. 65 15. 81 82. 0Da = 9.5 cm
13 0. 95 Q. 60 977 0.623 63.06 586 8.80 15.53 47. 3
14 0. 95 0.60 4, 886 0. 623 179.7 2, 932 4.04 13. 14 167
15 0. 95 Q. 60 4, 886 0. 623 185.5 2, 932 3. 74 12. 91 173
16 0. 95 0. 60 342 0.623 60. 70 205 7. 35 14. 97 45. 7
17 0. 95 0. 60 1, 954 0.623 88. 96 1, 173 5. 15 13. 87 75. 1
18 0. 95 0.60 6, 352 0.623 168.3 3, 811 1. 77 10.82 157

NH3-2. 3N 19 0. 95 0.60 1, 954 0.623 70.54 1, 173 6.53 14. 60 55. 9
20 0. 95 0.60 1, 954 0. 623 67. 34 1, 173 7. 30 14. 96 52. 4

H 2504' 21 0. 95 0. 60 977 0.623 68. 38 586 9. 33 15. 72 52.7
Regime B 22 0. 95 0. 60 2, 443 0.623 99. 13 1, 466 4.83 15. 62 83. 5

23 0. 95 0. 60 3, 420 0. 623 95.69 2, 052 4. 16 13. 22 85. 9
24 0. 95 0. 60 2, 443 0. 623 73. 93 1, 466 4.46 13. 43 60.5
25 0.95 0.60 2, 931 0.623 88. 13 1, 759 4.01 13. 10 75. 0
26 0. 95 0. 60 1, 466 0. 623 72. 42 880 4. 98 13. 77 58. 6

NH3-2. 3N 27 0. 95 0. 60 3, 909 0. 623 98. 76 2, 345 8. 69 15. 50 83. 3
28 O. 95 0.60 5, 863 O. 623 130.55 3, 518 7. 11 14.87 116H2SO4'
29 0. 95 0.60 4, 886 0.623 93.58 2, 931 8.52 15. 42 78. 2

Regime A 30 0.95 0.60 2, 931 0.623 73. 17 1, 759 9. 30 15.65 57.5
31 O. 95 0.60 1, 466 0.623 75.05 880 9. 34 15. 66 59.4
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APPENDIX V

Statistical Details



Dimensionless Liquid Phase Mass Transfer Correlation

Computer regression analysis of

Nu
e 1

= 4) i /[ReaScb(/L)c(Da /Dt /)cl]

Correlation

141

(53)

Nu/ = 0. 0129Re1. 039Sc0. 530(H /L)0. 727 (D a IDt )0. 338

Drop least significant variable

Departing variable as selected by computer analysis, (Da/Ddi

1.002 0.800Nu
.e

= O. 00289Rei 2 0Sc(H/L)O. 772
.1 1

Multiple regression coefficient for Equation 31, R2 = 0.98

Test of significance of (Da /Dt).12

departing F value = 7.89

degrees of freedom = 1, 19

F(1, 19)0. 99 = 8.18 > 7.89 . . (Da ID
t).P

not significant

Test of remaining variables all found significant

First simplification

Nu/ = O. 0369(ReH/L) O. 948ScO. 489
.e I

R2 = O. 97

(53)

(31)

(32)



Second simplification

O
Nui = 0. 0345(Re H/L)/ . 948 ScO. 500

R2 = O. 97

Dimensionless Gas Phase Mass Transfer Correlation

Computer regression analysis of

Correlation

Nu
g

- Nuf = 4)[(Re H /L)a]
g

Nu - Nuf = 4. 411(Re H/L)
g g

0.389

R2 = 0.81

142

(54)

(48)
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APPENDIX VI

Sample Calculations



Liquid Phase

Run # 16, oxygen-water

NT/ = 16.5 cc /min 0.275 cc /sec CAO = 4.4 ppm

CA = 10.7 ppm PA /HA = 37.7 ppm S = 23.064 cm2

ni = 250 rpm

From Equation 27,

vi(CA-CAO) (0.275 cc/sec)(10.7-4.4)kAi S( C )

PA (23.064 cm2)(37.7-10.7)
HA A

= 2.78 x 10-3 cm/sec

Dt = 10 cm Da = 5 cm DA/ -5= 2.5 x 10 cm 2 /sec

p = 0.994 gm/cc p. = 0.894 x 10-2 gm/cm sec

kA/ at 250 rpm and 25°C = 2.73 x 103 cm/sec

From Equation 28,
2

n /Da (250 rev/min)(min/60 sec)(5 cm) 2
Re/ =

v
(0. 894 x 10-2 gm /0.994 -Ell-)cm sec cc

= 1.158 x 10

From Equation 29,

4

144

v 0.894 x 10-2 gm cm/sec 1Sc = ( ) ( )
12 DA/ 0.994 gm/cc 2.5 x 10-5 cm2 /sec

= 360
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From Equation 30,

DkAl (10 cm)(2.73 x10-3t cm/sec)
Nu = = 1.092 x 103

I D -5 2Al (2.5 x 10 cm /sec)

Gas Phase

Run # 11, ammonia-water

v
1

= 231 cc/min = 3.85 cc/sec n = 100 rpm
g

n
1

= 350 rpm CA = 0.00346 moles /liter

PA = 0.0647 atm S = 3.845 cm2

HA = 0.0180 liter atm/mole

kAi at 350 rpm = 3.39 x 103 cm/sec

From Equation 38,

KAg
z-- SPA (3.845 cm 2)(0.0647 atm)(1000 cc/liter)

v ICA (3.84 cc /sec)(0.00346 moles /liter)

= 5.35 x 105 moles
cm2

m
atm sec

From Equation 35,

kAg =
-4 2moles /,cm1 10 atm sec,

1
HA 1.87 0.53

+KAg kA/

= 7.46 x 10-5 moles
cm2

m
atm sec

1 cm2 atm sec = 1.87 x 104 cm
2 atm sec

KAg 5.35 x 10-5 moles mole
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HA 0.0180 liter atm/mole 1000 cc
= ( )( )kAi 3.39 x 10-3 cm/sec liter

= 0.53 x 104 cm2 atm sec /mole

Dt = 10 cm Da = 9.5 cm Tr = 0.992 atm

PI = 0.927 atm p = 1.15 x 10-3 gm/cc

4 = 1.77 x 10-4 gm/cm sec DAg = 0.247 cm2/sec

R = 82.06 cc atm/mole °K T = 25°C = 298°K

g = 980 cm /sect

From Equation 43,

kAgRTDt PI
Nu =g DAg Tr

(7.46 x 10-5 mole )(82 cc atm.06 )(298°K)(10 cm)
cm atm sec mole°K

(0.247 cm 2 /sec

0.927x ( )0.999

= 68. 53

From Equation 29,

Sc =
v

(
1.77 x 104 gm/cm sec

)(
1

g DAg 1.15 x 10-3 gm/cc 0.247 cm2/sec

= 0.623

From Equation 44,

GrAg = L 3
g,O,PA/

, pv2

)
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(0. atm)(17 gm/mole) 4.50 x 10-5pp = gm/ccA (82.06 ccmole Katrno )(298°K)

v
E

= (
1.77 x 104 gm/cm sec

2
,
) 0.154 cm /sec

1.15 x 10-3 gm/cc

L3 = (0.9Da )3 = (9 cm) 3 = 729 cm 3

(729 cm3 )(980 cm/sec 2)(4.49 x 10-5 gm/cc)GrAg =
(0. 154 cm 2/sec) 2(1.15 x 10-3 gm/cc)

= 11.74 x 10 5

From Equation 47,

Nuf = O. 6(GrAgScg) 1/4 PI
Tr

0.927Nuf = 0.6[(11.74 x 105)(0.623)] 1 /4( 0.999) 16.29

Run #19, ammonia - 2.3 N sulfuric acid, Regime B.

v = 32 cc/min = 0.533 cc/sec n = 200 rpm
g

n = 350 rpm PAO = 0.3463 atm PIO = 0.6567 atm

(PA /P
I
)0 = 0. 5273 PA = 0.0360 atm P = 0.9670 atm

(PA /PI) = 0.0372 Tr = 1.003 atm S = 3. 845 cm

R = 82.06 cc atm/mole°K T = 24. 4° C = 297.4°K

From Equation 42,

V IT

kAg = [(PA /P I)O- (PA/PI)]RTSPA

2
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(0.533 cc/sec)(1.003 atm)(0.5273 - 0.0372)kAg =
(82.06 cc atrn )(294.4°K)(3.845 cm2)(0.0360 atm)mole °K

= 7.76 x 105 mole

at 25°C

cm2 atm sec

kAg = (7.76 x 10 -5)()( 297.4)
3 /2 = 7.78 x 10-5 mole

cm2atm sec

Run #27, ammonia - 2.3 N sulfuric acid, Regime A.

vI = 31 cc/min = 0.517 cc/sec n
g

= 400 rpm

ril = 350 rpm PAO = 0.5055 atm PIO = 0.4975 atm

(PA /PI )0 = 1.0161 PA = 0.0478 atm P
I = 0.9657 atm

(PA /PI) = 0.0495 Tr = 1.003 atm

R = 82.06 cc atm /mole°K T = 24.2°C = 297. 2 °K

HA = 0.0170 liter atm /mole CB = 1.15 mole /liter

b = 1/2 DA/ = 2.6 x 10-5 cm2 /sec

DB/ = 1.85 x 10-5 cm2 /sec DA/ /DB/ = 0.71

From Equation 40,
PA PA

vI7[(P )0-(P )1I IKA =g DA/ CB
RTS[PA+HA D bB.

i



149

DB/ CB liter atmHA
B/

(0.0170 mole ) (0.71)(1.15 mole/liter)(2)

= 0.0278 atm

D
PA + HA D

A/ CB
= 0.0478 + 0.0278 = 0.0756 atm

B.

KA =g cc atm(82.06 )(297.2°K)(3.845 cm2)(0.0756 atm)mole°K

(0. 517 cc/sec)(1.003 atm)(1. 0161 - 0.0495)

= 7.07 x 10-5 mole
cm atm sec

From Equation 35,

kAg =
1

HA 1.41 - 0.50
1 10-4 mole /cm atm sec2

KAg k

= 10.99 x 10-5 mole
cm2atm sec

1 cm2atm sec = 1.41 x 104 cm2atm sec
KAg 7.07 x 10-5 mole mole

k
0HA (0.017 1 atm/mole) 100 cc -4 cm2atm sec

) 0.50 x 10sec molekAI ( 3 .

at 25°C

kAg 297= 10.99 x 10-5( 298
2

)3/2 = 11.03 mole /cm2atm sec



150

APPENDIX VII

Notation
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Notation

Numbers in parenthesis after descriptions refer to equations in

which symbols are defined. Units employed in this text are used to

illustrate the dimensions of the various symbols.

a. interfacial contact area per unit volume (16), cm-1i

A & B reactants

b stoichiometric coefficient for reactant B
+

C dimensionless tracer concentration

CA concentration of reactant A in the main body of liquid phase,
moles /cc

CAi interfacial concentration of reactant A, moles /cc

CAO initial concentration of reactant A, moles /cc

CB concentration of reactant B in the main body of the liquid phase,
moles /cc

CBO initial concentration of reactant B, moles /cc

C
0

initial tracer concentration, ml per 800 ml solution

d diameter of laminar liquid jet, cm

Da agitator diameter, cm

DA/ diffusivity of A in liquid phase, cm2/sec

DB/ diffusivity of B in liquid phase, cm2/sec

Djk general diffusion coefficient of solute j in solvent k, cm2/sec

Dt reactor diameter, cm

E enhancement factor (9)
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h height of laminar liquid jet, cm

H agitator position, distance from interface to agitator blade
centerline, cm

HA phase distribution coefficient or Henry's Law constant (4),
liter atm/mole

k second order reaction rate constant, cc/mole sec

k1 first order reaction rate constant, sec

kAg gas phase mass transfer coefficient for component A,
moles /cm' atm sec

kAi liquid phase mass transfer coefficient for component A, cm/sec

kae liquid phase mass transfer coefficient for component B, cm/sec

k.k general k phase mass transfer coefficient for component j,
cm /sec

k general (m, n)th order reaction rate constantm,n
L height or depth of fluid phase in reactor, cm

NA moles of A

n agitation rate of gas phase, rev/min
g

of agitation rate of liquid phase, rev/min

PA partial pressure of component A in main body of gas phase, atm

PAi interfacial partial pressure of component A, atm

PAO initial partial pressure of component A, atm

PI partial pressure of inerts in main body of gas phase, atm

P10 initial partial pressure of inerts, atm

R ideal gas law constant, 82.06 cc atm/mole°K
2

R multiple correlation coefficient
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- rA overall transfer rate of component A based on volume of fluid,
moles A/cc sec

-r"A overall transfer rate of component A based on unit interfacial
surface, moles A/cm2 sec

- r overall transfer rate of component B based on unit interfacial
surface, moles B/cm2 secB

S interfacial surface area, cm 2

t time, sec

t reactor fluid residence time, V/v, sec

T temperature, °C

volumetric flowrate, cc/min

V reactor fluid phase volume, cc

Greek Letters

6 distance to reaction plane for absorption-instantaneous reaction
system, cm

60 liquid film thickness, cm

n- total pres sure , atm

0 dimensionless time, run time / t

absolute viscosity, gm/cm sec

kinematic viscosity, pip, cm 2 /sec

p mass density, gm/cc

(1:,(X1X2X3. ) function of Xi, X2, X3, .

AC B change in concentration of reactant B, C
BO

CB
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Dimensionless Groups

GrAB Grashof number (44)

Nu
g

gas phase Nusselt number (43)

Nuf liquid phase Nusselt number (30)

Nuf free or natural convection Nusselt number (47)

Pr Prandtl number, heat transfer

Re Reynolds number (28)

Sc Schmidt number (29)

Subscripts

i interface

I inerts

g gas phase

i liquid phase

0 initial or inlet condition

Miscellaneous

a > b a greater than b

a< b a less than b

approximately equal to

therefore




