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Local and average heat transfer coefficients for heat transfer 

from an internal tube in a bundle of tubes to an air fluidized bed were 

investigated for both batch fluidization and fluidization with particle 

recycle. The fluidized bed heat exchanger was compared to a typical 

baffled heat exchanger in terms of pumping and space requirements. 

The fluidized bed tubular heat exchanger consisted of a 44 -inch 

long, 5. 75 -inch inside diameter shell with 19, 3/4 -inch diameter 

tubes arranged in a 1 -116 -inch triangular pitch. A cyclone 

separator was used to separate and return particles to the fluidized 

bed. Two types and three sizes of particles were used in this study. 

Glass spheres of O. 0052 and O. 0151 -inch average diameter were used, 

and aluminum particles of O. 0306 -inch average diameter were used. 

Tubes at the four possible tube locations were heated electrically. A 

movable thermocouple probe was fitted inside the heated tube to 

measure the tube wall temperature at any vertical height. Bulk gas 

temperatures were determined with protected thermocouples placed 
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at several locations in the bed. 

Variables studied included particle size, shape, and concentra- 

tion; gas mass velocity; and tube location. Arithmetic average heat 

transfer coefficients over 11 -inch sections of the bed were compared 

with previous work and correlated with an equation based on a particle 

mode heat transfer mechanism. Local heat transfer coefficients are 

estimated to be accurate within + 10 percent in the most dense sec- 

tions of the bed and within + 5 percent in the sparse sections of the 

bed. 

The results of this study are as follows: 

1. Tube location had only a slight effect on local heat transfer 

coefficients. In most cases local heat transfer coefficients for batch 

fluidization are smallest in magnitude at the central tube location. 

While a tube location 3/8 of the way out from the center has the 

largest coefficients, local coefficients for tube locations near the 

wall are usually of an intermediate value. For fluidization with par- 

ticle recycle, local coefficients measured at the central tube location 

were 10 to 20 percent greater than coefficients at the other tube 

locations. 

2. For batch fluidization the average Nusselt number is cor- 

related with an equation based on a particle mode heat transfer 

mechanism, i. e. 
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where $ is the ratio of the average surface area of a particle to the 

surface area of a sphere of the same average diameter. This equa- 

tion relates the variables studied to the average Nusselt number. 

3. For fluidization with particle recycle average Nusselt num- 

bers are correlated with the following equation: 
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4. It is concluded that the fluidized bed tubular heat exchanger 

is advantageous in terms of pumping and space requirements over the 

conventional baffled exchanger when batch fluidization with of fine 

glass particles is employed. 
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HEAT TRANSFER IN A FLUIDIZED BED 
TUBULAR HEAT EXCHANGER 

INTRODUCTION 

Industrial process heat transfer usually involves transferring 

energy from a hot flowing fluid to a cold flowing fluid, or as is the 

case in nuclear reactors, transferring energy from an energy gen- 

erating source to a flowing fluid. To solve this problem engineers 

have devised many types of heat exchangers. The type most used in 

industrial processes is the baffled tubular heat exchanger. The 

tubular heat exchanger consists of a tube bundle located inside a 

cylindrical shell. One fluid usually flows inside the tubes and another 

fluid on the shell -side of the tubular heat exchanger. 

Many devices have been used to decrease the resistance to heat 

transfer. Some of these devices include rough surfaces, extended 

surfaces, scraped surfaces, and baffled tubular 
heat exchangers. When trying to decrease heat transfer resistance, 

one or more of the following methods are usually used: 

1. The laminar film thickness is decreased by promoting 

turbulence. 

2. The effective resistance to heat transfer is decreased by 

an extended surface area. (This is used often in compact 

heat exchangers.) 
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Both of these methods, unfortunately, increase operating expense, 

usually in the way of pumping power cost. 

The term fluidization was first used to describe a certain mode 

of contacting granular solids with fluids. When a fluid is passed up 

through a bed of granular solids, there is a certain flow rate at which 

the solids are suspended. This state is known as minimum fluidiza- 

tion. At this flow rate and at higher rates, the solids act as a fluid; 

however, due to rapid irregular motion of the solids, the fluidized 

bed appears as a well mixed tank. 

Although recorded application of fluidization dates back to the 

Sixteenth Century when it was used in ore processing, important 

industrial applications did not come into existence until the Twentieth 

Century. In 1921 the Winkler Gas Generator for manufacturing pro- 

ducer gas was developed in Germany (18, p. 5). In this process a 

fluidized bed of coal was used to contact coal with air and steam. The 

first large scale application in the United States was the catalytic 

cracking of oil vapors developed in 1940. This unit consisted of two 

vessels, a reactor and a regenerating vessel. Solid catalyst was 

transferred in a loop from the reactor to the regenerator and back to 

the reactor. With the application of fluidization to catalytic reactors, 

the need for transferring energy to and from the reactor arose. Since 

that time considerable effort has been applied to investigating heat 

transfer in fluidized beds. 
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Heat transfer coefficients for heat transfer from a surface to 

the fluid in a gas -fluidized bed are many times larger than the cor- 

responding gas film coefficients in one phase flow (18, p. 183). This 

increase in heat transfer is attributed to the increased turbulence 

the fluidized bed offers, as well as the energy transferred by solids 

in contact with the surface. 

This investigation is a study of local and average heat transfer 

rates on the shell -side of a fluidized bed tubular heat exchanger. 

Local heat transfer coefficients were measured with a moving thermo- 

couple probe inside an electrically heated tube. This probe made it 

possible to measure local heat transfer coefficients at any point along 

the tube and for any tube location for various gas rates and particle 

concentration. 
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THEORETICAL ASPECTS AND LITERATURE SURVEY 

The transfer of energy in the form of heat is an operation oc- 

curring in most fields of engineering whether of a mechanical, elec- 

trical, chemical, or nuclear nature. Heat is transferred by one or 

more of three possible modes: conduction, convection, and radiation. 

Pure conduction occurs in solids, but it seldom occurs in fluids be- 

cause fluids are free to move. The transfer of heat by radiation is 

significant only at high temperatures. Convective heat transfer is 

the transfer of heat by fluid motion. If the fluid motion is due to 

density gradients, the energy is transferred by free convection. If 

the fluid motion is forced by pumping, the energy is transferred by 

forced convection. 

It has been observed that convective heat transfer resistance 

can be decreased by increasing the turbulence in the fluid flow. The 

increase is attributed to a reduction in the thickness of the laminar 

sublayer which usually provides most of the resistance to heat trans- 

fer. Such devices as spiral wire, twisted strips, and sand granules 

affixed to heat transfer surfaces have been used to increase the scale 

and intensity of turbulence ( 16, p. 396). Pulsations and vibra- 

tions have also been used to increase turbulence (16, p. 396).. 

Baffles are used in most tubular heat exchangers to increase heat 

transfer coefficients. A large increase in heat transfer coefficient 
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can also be obtained by providing a fluidized bed of solid granules 

adjacent to the heat transfer surface (18, p. 183). 

Proposed Fluidized Bed Heat Transfer Mechanisms 

There have been several theoretical mechanisms of fluidized 

bed heat transfer proposed in the literature (4;5;18, p. 183 -185; 39). 

A brief description of some of these will be given in order to provide 

a basis for understanding correlations to be presented. 

The film theory proposed by Leva, Weintraub, and Grummer 

(19) postulated that a thin laminar film exists near the wall of the heat 

transfer surface. The major resistance to heat flow was considered 

to be in this thin film. The scrubbing action of the fluidized particles 

against this film decreases its thickness, thereby decreasing the re- 

sistance to heat flow. The film thickness is believed to be affected by 

the particle velocity adjacent to the surface and the particle concen- 

tration. Since these two factors have opposite effects on heat transfer, 

a maximum heat transfer coefficient would be observed when the heat 

transfer coefficient is plotted versus the mass velocity, G. 

Walton and Levenspiel (20) proposed a film model in a different 

perspective. They considered the major resistance to be in a laminar 

layer which forms on the heat transfer surface. This laminar layer 

is destroyed when particles pass through it. Therefore, in fluidized 

beds the average laminar layer is thinner than in the corresponding 
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one phase flow. 

Wicke and Fetting, as reviewed by Leva (18, p. 185) proposed 

a fluid -film- fluidized -core model. This model postulates the 

existence of a film adjacent to the surface, a boundary layer, and a 

fluidized core. Particle motion in the boundary layer is parallel to 

the surface except for some lateral particle exchange between the 

fluidized core and the boundary layer. Particles are visualized as 

stirring agents, and since heat capacities of solids are much greater 

than heat capacities of gases, particles are chiefly responsible for 

energy transfer in the bed. This model assumes that the film is the 

major resistance to heat transfer. 

Mickley and Fairbanks (23) proposed a mechanism in which 

"packets" of particles contact the surface wall for a short duration. 

Unsteady state conduction of energy into the packet is the controlling 

resistance to heat transfer. "Packets" are visualized as leaving the 

surface, breaking up, and dissipating heat to the bulk of the bed. 

The "packet" properties were assumed to be those of a quiescent bed. 

They presented a mathematical model of this mechanism which pre- 

dicted the heat transfer coefficient to be proportional to the quiescent 

bed thermal conductivity, heat capacity, and density, i. e. 

(1) h=1-k qC qp s 
b b qb 



where 

s = stirring factor (dependent upon the bed dynamics) 

7 

By using several gases of different thermal conductivities, they were 
1/2 able to show that h is proportional to kqb 

q 

There have been several extensions, modifications, and addi- 

tions (4; 5; 40) to the theory presented by Mickley and Fairbanks. 

One of the most recent is the theory presented by Ziegler, Koppel, 

and Brazelton (40). The theory postulates that a particle moves from 

the bulk of the bed at a temperature, Tb, to the heat transfer surface. 

Conduction at the point of contact is assumed to be small, and radia- 

tion from the surface to the particle is assumed to be negligible. The 

particle gains energy from the fluid flowing around it while it is at the 

surface. After some time the particle returns to the bulk of the bed 

and dissipates its energy, the average time that the particle remains 

at the wall is a function of the state of fluidization. The surface is 

assumed to be covered in a hexagonal packing with spherical par- 

ticles. With these assumptions these workers were able to derive 

the following theoretical equation: 

where 

hD 4r /1-3- 
p kg 6k 9 2 

1 + g 
p C D 2 

s s p 

6 = average contact time 

Nu (2) 

. 

- p 
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This relationship predicts a well established fact (22, p. 303), 

that the Nusselt number is independent of the solid thermal conduc- 

tivity. The dependency of the heat capacity of the solids, Cs, was 

experimentally confirmed by these authors. 

An experiment performed by Ziegler and Brazelton (39) con- 

firms a particle mode heat transfer mechanism. These experi- 

menters measured simultaneous heat and mass transfer from a 

1 -1/2 diameter celite sphere. The celite sphere was saturated 

with water. The rates of mass and heat transfer were simultaneously 

measured when the sphere was placed in an air stream and when the 

sphere was placed in a fluidized bed. The particles used had negli- 

gible absorptivity for the diffusing water and consequently had no 

capacity for mass transfer. 

As a result the only mechanism of importance for transfer of 

mass is diffusion through the film. Without fluidized particles the 

transfer of mass and heat are analogous, that is, both types of 

transfer can be considered as diffusion through the film. If heat is 

not transferred by a particle mode, mass and heat transfer coef- 

ficients would increase by the same factor. If heat is transferred by 

a particle mode the analogy breaks down and mass and heat transfer 

would increase by different factors. 

These experimenters observed increases in heat transfer co- 

efficients from 10 to 20 fold, but mass transfer coefficients only 
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increased from 1 -1/2 to 2 times. They concluded that 80 to 95 per- 

cent of the heat must be transferred by a particle mode. 

A complete discussion of a modification of the model presented 

by Ziegler, Koppel, and Brazelton will be proposed by the present 

author in the last part of this section. 

Experimental Study of Fluidized Bed Heat Transfer 

The experimental study of fluidized bed heat transfer has been 

broken down into two categories: Particle -to -Fluid Heat Transfer 

and Surface -to- Fluidized -Bed Heat Transfer. 

Particle -to -Fluid Heat Transfer 

In a fluidized bed the particles serve as energy carriers. The 

particles gain energy at the heat transfer surface and then release 

it to the fluid phase. In particle -to -fluid heat transfer, one is in- 

terested in the rate of heat transfer from the particle to the fluid. 

As a starting point, experimental work done with a single spherical 

particle will be considered. 

Froessling, as cited by Knudsen and Katz (16, p. 511) cor- 

related rates of evaporation of water drops and obtained the following 

relationship for mass transfer: 

DAB- 2. 0+ 0. 60 Scl/3Re 1/2 
AB p 

(3) 
K D 

m p 
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By substituting Nu and Pr for KmD 
P 

DAB and Sc respectively, 

a relationship for the analogous heat transfer correlation is ob- 

tained, i. e. 

Nu = 2. 0 + 0. 60 Pr1 /3Re 1/2 
P P 

(4) 

Other workers (16, p.511; 39) have confirmed this correlation. 

In a fluidized bed there are many particles, and particle inter- 

actions would be expected. Two possible interactions that would be 

expected in a fluidized bed are particle agglomeration and disturbed 

velocity and temperature profiles. Particle agglomeration will in- 

crease the effective particle diameter which will result in poor gas - 

solid contacting. This effect will decrease the Nusselt number from 

the single particle case (11). The flow of fluid around each particle 

will affect the velocity and temperature profiles around neighboring 

particles as will particle collisions. This will in turn affect the heat 

transfer coefficient. 

Particle -to -fluid heat transfer in fluidized beds has been ex- 

perimentally investigated by several workers (9; 1 3; 14; 15; 30; 35; 

36). Walton, Olson, and Levenspiel (35) investigated particle -to- 

fluid heat transfer using sized Utah coal for the solid phase. They 

obtained the following relationship for the Nusselt number: 

1 7 
D -0. 2 

, 
Nu = 0, 0028 Re (-e-) 

P P Dt 
(5) 



where 

D t = bed diameter 

11 

Juveland, Deinken, and Dougherty (14) recently measured par - 

ticle-to- fluid -heat transfer coefficients in beds of ZrC particles 

fluidized by helium or argon. The particles were heated by induction 

to temperatures as high as 1150° C. These workers were able to get 

large temperature differences between the gas and the particle which 

should increase the accuracy of measurement greatly. Their results 

are shown in Figure 1. For comparison the results of Zenz and 

Othmer (38), which are representative of much of the published data, 

are shown. The broken line represents the work of Walton, Olson, 

and Levenspiel (35). Froessling's correlation for a single sphere is 

also included for comparison. 

More recently Holman, Moore, and Wong (1 3) measured heat 

transfer from stainless steel and lead spheres fluidized in water. 

The spheres were heated by an induction heating field. These authors 

correlated particle Nusselt numbers with the following equation: 

5 2.0 23 Dt 12 P f 2 µ 0. 83 
Nu = 1. 28 x 1 0- (Re F ) Pr ( D ) 

p P s o 
(6) 

The velocity correction factor, F , was used to account for variations 
E 

in porosity. 

As can be noted from Figure 1, particle -to -gas Nusselt numbers 

( ) 
P P e 
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for fluidized beds are one to two orders of magnitude lower than for 

a single sphere. Juveland, Deinken, and Dougherty explained these 

low values in terms of poor gas -solid contacting resulting from gas 

by- passing around aggregates of particles. 

Surface -to- Fluidized -Bed Heat Transfer 

Heat transfer from a surface to the fluidized bed has been in- 

vestigated for both external wall and internal heating surfaces (1). 

It has been observed that a plot of the heat transfer coefficient, h, 

versus the mass velocity, G, has a maximum. The data of Lemlich 

and Caldas (17) shown in Figure 2 illustrate this fact. 

Several workers have developed correlations to predict the 

maximum Nusselt number. Most of these correlations are power 

functions of the Archimedes number, Ar. Martyushin and Varygin; 

Zabrodskii; and Gel!perin, Ainshtein, and Romanova, as reviewed by 

Ainshtein and Gel'perin (1) report the exponent on Ar to be in the 

range, 210 to 1/4. Agreement among workers is poor, probably 

because gas properties, void fractions, measurement location, and 

bed geometry were different among the various investigations. 

Gel'perin, Ainshtein, and Romanova, as reviewed by Ainshtein 

and Gel'perin (1) measured heat transfer from a vertical bundle in a 

fluidized bed and obtained the following correlation for the maximum 

Nusselt number: 



 0 

lL 
14 _ 

m 

600 

500 

400 

300 

200 

100 

LEMLICH AND CALDAS' DATA (I7) 
X D a 219 MICRONS 

D = 292 MICRONS 

- Op = 685 MICRONS 

10,000 20,000 30,000 40,000 

MASS VELOCITY, Lbm /Hr. Ft2 

Figure 2, Typical Heat Transfer Coefficients vs. 
Mass Velocity Curves 

14 

N 

s 

0 

I 

0 



where 

O. 22 S 0. 09 Nu max max 0. 64 Ar max max (---) 
t 

gD 3 

Ar = 
p Ps Pf 

v2 Pf 

15 

(7) 

S = distance between the axes of tubes 

d t = tube diameter 

There have been numerous correlations for the particle 

Reynolds number when the Nusselt number is a maximum (1 ). Most 

workers present their data as a power function of Ar, and they agree 

that the exponent is approximately 1/2. Calculated Reynolds numbers 

differ by an order of magnitude (1). The correlation presented by 

Sarits, as reviewed by Ainstein and Gel'perin (1) gives the largest 

values. His correlation is 

Re = 0. 66 Ar1/2 opt (8) 

where Reo 
P 

is the particle Reynolds number when the Nusselt 

number is a maximum. The correlation presented by Martyushin 

and Varygin, as cited by Ainshtein and Gel'perin (1) gives the 

smallest values, i. e. 

Re = 0.118 Art /2 
opt (9) 

Surface -to- fluidized -bed heat transfer has been correlated in 

two branches, the ascending and descending branches of the h -G 

curve. Most of the available data represent the ascending branch. 

- 

- 
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Mickley and Trilling (24) measured heat transfer coefficients 

in a fluidized bed with a heated outer wall. They used air as the 

fluidizing medium and glass spheres of diameters: D =1 4. 8 x 10 4ft, 
P 

D = 8. 83 x 10 -4 ft, D = 5. 08 x 10 -4 ft, D = 3. 33 x 10 -4 ft, and 
P P P 

D = 2. 29 x 10 -4 ft. These workers presented the following tentative 
P 

dimensional correlation: 

p mG O. 263 
h = O. 0118 ( 3 ) 

D 
P 

where h, pm, G, and D are expressed in 
lb P hr ft ° F ft 

lb 
Btu m 

and ft respectively. 
hr ft 

(10) 

Gamson (1 0) correlated the data of Mickley and Trilling using 

dimensional analysis and obtained the following equation: 

jH Nu - 2. 0 (aG)-0. 69 -0. 30 

Re Pr µ 
P 

where 

a = the particle surface area per unit volume of the bed 

Walton and Levenspiel (20) studied heat transfer from an ex- 

ternal wall to a dense -phase fluidized bed. They used glass, coal, 

and an industrial catalyst of several diameters as the solid phase. 

They correlated their data in terms of their proposed film theory, 

h -0. 7 - 0. 6 Re 
P 

(1 2) 

= 

i. e, 

_ 
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Toomey and Johnstone (31) measured simultaneously heat 

transfer from a vertically inserted tube in the center of a fluidized 

bed and from the bed to a water cooled outer wall. Air was used as 

the fluidizing medium and several sizes of glass beads were used as 

the solid phase. These authors claimed that the quantity, DpGmf /µ' 

is proportional to the Reynolds number in the void spaces adjacent 

to the wall, and that Log G/Gmf reflects the effect of the particle 

velocity. These workers obtained the following correlation for heat 

transfer to the outer wall: 

D G 0. 47 
Nu = 3. 75 ( Pµ mf G 

mf 
(13) 

where Gm is the mass velocity when the bed begins to expand. 

The data of Mickley and Trilling agree well with data of Toomey 

and Johnstone for particle concentrations over 20 lb /ft3. Agree- 

ment between these two workers shows that heat transfer coefficients 

in fluidized beds are independent of heat flow direction. 

These workers (31) also measured local heat transfer coef- 

ficients for transfer to the outer wall at various vertical positions in 

the bed. Two types of curves were observed, as is shown in Figure 

3. In Type I the coefficients are higher at low strata and decrease as 

higher strata of the bed are examined. In Type II coefficients pass 

through a maximum. Which type exists depends on the particle size, 

P 

) Log ) 
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bed cross - sectional area and the fluidization height. They suggested 

the dimensionless group, 

D Lf 
P 

D Lf /A, as a possible criterion, i. e. 
P 

> 0. 008 Type I 

< 0. 008 Type II 

(14a) 

(14b) 

A 

D Lf 
P 
A 

Dow and Jakob (8) investigated heat transfer from an outer wall 

to a fluidized bed of two and three inches in diameter. Aerocat, pitch 

coke, and iron were used as solid phases and air was used in all 

cases as the fluidizing agent. They considered all possible variables 

that might affect heat transfer and with the aid of dimensional analysis 

their data gave the following experimental correlation: 

hD Dt 0. 65 D 0. 17 (1 - E)psCs 1/4 DtG O. 8 
0. 55 ( L) (D ) 

E 
C ( ) 

f 
pg 

g 

(15) 

The data of Dow and Jakob extend over a mass velocity range of 

about 50 to 300 lb m /hr ft2. This correlation fits the data well over 

this range but the exponent on the mass velocity, G, seems to de- 

crease as G approaches and increases beyond 300 (18, p. 197). The 

mass velocities investigated by both Mickley et al. and Walton et al. 

were greater than 300. Gamson reports an exponent of 0. 31 on G 

for the data of Mickley and Trilling; Walton and Levenspiel report an 

exponent of 0. 30 on G. Van Heerden et al. (32) report an exponent 

g P 
µ 

ff 

s 
J 
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on O. 45 on G. 

Lemlich and Caldas (17) investigated the descending branch of 

the h -G curve for external wall heat transfer to a fluidized bed. Water 

was used as the fluidizing agent and glass spheres were the solid 

phase. They correlated the heat transfer j factor within ± 19 per- 

cent as follows: 

iH 
Nu Dt 0. 79 DtG -1 

_ 1 P1 - 1.4 (D ) ( ) E 

Re Pr p 
P 

(16) 

Rukenshtein, as cited by Ainshtein and Gel'perin (1) also in- 

vestigated the descending branch of the curve for external wall heat 

transfer to a fluidized bed. This experimenter correlated his data in 

terms of the Reynolds, Prandtl, Archimedes, and Nusselt numbers, i. e. 

Nu = 0. 067 Re 
O. 237Pr1/3Ar0, 522 

P P 
(17) 

Sarkits, as cited by Ainshtein and Gel'perin (1) investigated both 

the ascending and descending branch of the h -G curve for a fluidized 

bed with an internal coil heater. For the ascending branch the 

author proposed the following correlation: 

O. 4 O. 27 1,3 Cs 0. 45 Dt 0.16 HO 0. 45 
Nu = O. 0133 Rep Arb Pr ( C ) (D ) (lj ) (18) 

g P P 

For the descending branch the following correlation was proposed: 

-0.14 0.49 1/3 C 0.45 Dt 0.16H 0.45 
Nu = 0.00705 Rep Arb Pr (z--) 

( D ) (D ) 
g P P 

(19) 

µ 

t 
p p 

P 
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where 

H0 = height of the surface 

Traber, Pomerantsev, Mukhlenov, and Sarkin, as cited by 

Ainshtein and Gel'perin (1) studied heat transfer from an internal coil 

heater to a fluidized bed for both the ascending and descending 

branches of the h -G curve. They excluded the heat capacity ratio, 

i. e. , for the ascending branch 

0,65 0.1 1/3 D 
t 

0.13 H0 0. 16 
Nu = 0.024Re Arb Pr (D ) (ID } 

P P 
P P 

for the descending branch 

Nu = 0.0165 Re 
'3 D 0. 13 HO 

Nu 
0. 16 -0. 34 0.57 1/3 t 

P P b (D ) ( D } 

P P 

(20) 

(21) 

Kagan, Fastovskii, and Rovinskii, as cited by Ainshtein and 

Gel'perin (1) studied the ascending branch of the h -G curve for heat 

transfer from a coil in a fluidized bed. They proposed a correlation 
in. terms of the particle Reynolds number, void fraction, particle and 

equipment dimensions, and fluid and solid properties, i. e. 

NupE Re 0.6 1/3Csps 0.4S-dt 0.27 
_ 0.019 

[6(1-E)] Pr (C ) ( 

g g P 

where 

(22) 

d 
t = coil tube diameter 

S = coil tube spacing 

Vreedenberg (33) investigated heat transfer from a horizontal 

heating tube in a fluidized bed. This worker correlated the Nusselt 

number in terms of the Reynolds number, void fraction, and fluid and 

solid properties, i. e. 

6(1-0 Dpt) 



Nut = 

hdt CsN. 0.3 (1-E)p 
s 

0.44 

k - 0. 66( k) Ret 
E 

g g 
Pg 
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(23) 

Gel'perin, Kruglikov, and Ainshtein, as cited by Ainshtein and 

Gel'perin (1) also studied heat transfer from a horizontal tube to a 

fluidized bed. These experimenters reported the following correla- 

tion for the ascending branch: 

Nu E Re 

6(1-E) [6(1-E) 
P p - 1.18 (24) 

As previously mentioned, Toomey and Johnstone (31) simul- 

taneously measured heat transfer with respect to the outer wall and 

a tube inserted vertically in the center of the bed. This study 

enabled a comparison of external surface and internal surface heat 

transfer coefficients. Figure 4 is a plot of the ratio of internal to 

external heat transfer coefficients versus the mass velocity, G. 

Even though particle size was varied about 15 fold, the correla- 

tion is quite satisfactory. This correlation indicates that at low mass 

velocities internal coefficients are three to four times greater than 

the corresponding external coefficients. As the mass velocity is in- 

creased, this ratio decreases and becomes less than one when G is 

greater than 1000. These workers presented no correlation for the 

internal heat transfer coefficients. 

Mickley and Trilling (24) investigated heat transfer in a fluid- 

ized bed with an internal vertical heater at the center of the bed. 
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These authors used several sizes of glass beads as the solid phase 

and air as the fluidizing agent. Gamson (10) correlated their data in 

terms of j factors for heat transfer, i. e. 

jH = - 2. 53 ( á G )-0. 8(1 E)-0. 3 

Re Pr /3 p. 

P 

(25) 

Gel'perin, Kruglikov, and Ainshtein, as cited by Ainshtein and 

Gel'perin (1) experimentally investigated heat transfer from a ver- 

tical tube in a fluidized bed. These authors considered several radial 

locations of the vertical tube. The following correlation was proposed: 

Nu E G mf 0.2 Re 0.285 0.36 
6(1pE) 

- 1.18 ( G) p) (1 - 
R) 

where 

(26) 

r = the radial position in the bed 

R = the radius of the bed 

V reedenberg (34) studied the effect of tube location on heat 

transfer coefficients by using a vertical tube at three locations. The 

ratio of the heat transfer coefficient at a radial location, r, to that at 

the axis varied as is shown in Figure 5. This investigation indicates 

that the largest heat transfer coefficients occur at r/R = 0. 4. 

Using the results of Vreedenberg, and assuming the heat 

transfer coefficient to be proportional to (1 - E), Wender and Coop, 

(37) reviewed the literature and proposed the following correlation: 

Nupl 

L6(1 
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(27) 

where CR is read from Figure 5 and C p /k has the units of hour 
g g g 

per square foot. 

Both Gel'perin et al. and Vreedenberg discuss the effects of 

tube location on the heat transfer coefficient as a function of only the 

tube location. The results of Toomey and Johnstone (31), as they 

are shown in Figure 4, indicate that the effect is also a function of 

the mass velocity. This leaves some question as to the validity over 

a large mass velocity range of the correlations presented by 

Gel'perin et al. and Wender and Cooper. The correlation presented 

by Gel'perin et al. indicates that the Nusselt number approaches zero as 

the vertical tube location approaches the outer wall. This is not 

feasible. Cooper and Wender propose an exponent of one for (1 - E) 

which is in disagreement with several authors (1; 10; 23;- 24; 27, p. 47). 

Gel'perin, Ainshtein, and Romanova, as cited by Ainshtein and 

Gel'perin(41) studied heat transfer from a vertical tube in a bundle 

of vertical tubes located in a fluidized bed. They proposed a cor- 

relation of the Nusseit number as follows: 

á 22( )0. 09 
1 _ K [Tanh(- Nu = 0. 64 ArO. - b 

p t mf 
1] (28) 

p = 



where 

G 
fl) 

b = 2. 24 - 1, 29 (p + 0. 4)-1 

K=0.73(1 - 

27 

This correlation does not indicate a dependence on the void fraction. 

Noë (27) made a preliminary study of heat transfer from a ver- 

tical tube located in a bundle of vertical tubes in a fluidized bed. Air 

was used as the fluidizing agent and two sizes of glass spheres were 

used as the particulate phase. Mass velocities from 700 to 2800 

lbm /hr ft2 were investigated. The heat transfer coefficients were 

observed to be proportional to the particle fraction, (1 - E), raised to 

about the 1/2 power. It was also noted that local heat transfer coef- 

ficients in the dense phase varied with tube location. Lowest local 

coefficients in the dense phase were observed at the center tube loca- 

tion and the highest values were observed at tube locations near the 

wall. For the mass velocities investigated, this observation is in 

agreement with the results of Toomey and Johnstone (see Figure 4). 

Presently Proposed Heat Transfer Model 

The model that is proposed here is an extension of the model 

proposed by Ziegler, Koppel, and Brazelton (40). In formulating this 

model the following assumptions are made: 

1. Fluidized particles are spheres of uniform diameter. 
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2. The physical properties of the solids and the fluids are 

constant. 

3. Particles from the bulk of the fluidized bed , having the 

bulk medium temperature, Tb, move adjacent to the trans- 

fer surface. While adjacent to the surface, the particle .re- 

ceives energy by convection from the fluid around the 

particle. This fluid is assumed to be at the arithmetic 

mean of the wall and the bulk medium temperature, i. e. 

Tw+Tb 
Tf 2 

(29) 

After some time the particle leaves the surface and returns 

to the bulk of the bed. This mechanism is sketched for a 

typical particle in Figure 6. 

4. The major portion of the heat transfer occurs by the 

mechanism described above. 

5. Radiant heat transfer from the surface to the particle is 

neglected. Baddour and Yoon (3) have shown this effect to 

be negligible for packed beds at temperatures below 600° C. 

6. Conduction at the point of contact is negligible. Botterill 

et al. , as cited by Ziegler, Koppel, and Brazelton (40), 

have shown that this effect is very small. 

The boundary value problem describing the temperature in the 

particle while it is near the wall, given the above assumptions, may 

- 



HOT PARTICLE RETURNING 
TO BULK MEDIUM 

If 

Tb . 

If 

29 

ARTICLE AT 
SURFACE ABSORBING 

NERGY 

If 

PARTICLE WHICH HAS 
BEEN IN BULK MEDIUM 

Figure 6. Schematic of Proposed Heat 
Transfer Mechanism 

T 
b 

T(r,e) 

N 

N 

N 

N 
Tw 

0 



30 

be written as follows: 

where 

a ( q, 'T ) _ 1 a t a (VD) 
aT 2 an ( an ) 

(n, 0) = 1 

(30) 

N- 2k 
s 

a (0,'ï) _ 0 
an 

a(1,1} +N ,T) =0 
311 

h D 
c p 

Tf- T 
_ 

Tf - Tb 

4k 
s0 s T- 

2 
P CDp 

2r 
D 
p 

The solution to this boundary value problem (40) is well known 

and is given by the following equation: 

0o 2 X 2 +(N - 1)2 
2N 2T [ n sin 

- e 
I 

sin X. n (31) 
q x 2[A2 +N(N - 1)] J n 

n n 
1 

where the eigenvalues, , are the roots of 
n 

X 
n n 

cot X = 1 - N (32) 
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X 

_ ) 



31 

Since the fluid velocity near the wall is small, the Nusselt num- 

ber for fluid -to- particle heat transfer near the wall can be approxi- 

mated by the limiting value of Froessling's single spherical particle 

correlation. This value will be high since Nusselt numbers in a 

fluidized bed are lower than those predicted by Froessling's correla- 

tion; however, this will compensate for omitting transfer by other 

mechanisms. The following approximation can now be made for N: 

h D 2 k D k 
c P ^_ g p- g N 2k D 2k k (33) 

s p s s 

For most gases and solids used in fluidization, 

k 

k 0. 1 

s 
(34) 

The first eigenvalue, X is small (40) and can be approximated 

by expanding the eigenvalue equation in a power series, i. e. 

X 

3 3 

1 1 1 

I 6 + ' ' 1 - N 2(1 - N) + 

2 6 N 
X 3 N 

1 ` 2 + N - (35) 

From eigenvalue tables (6, p. 492), it can be shown that for all 

N, X > 4 if n> 2; therefore, only the first term in the series solu- n 

tion is of any significance. By using the approximation for Xi and 

- 

1 N N./717T 

< 
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series approximations for the trigonometric functions, Equation 31, 

evaluated at = 1 can be reduced for small N to 

where 

M 
12 k 

d b 

p C D 2 
s s p 

e-3NT= e-MO (36) 

Calculations show that Equation 36 is within ten percent of Equation 

31 for all N< O. 2. 

The quantity, M, is independent of the solid thermal conduc- 

tivity; therefore, this model predicts that the solid thermal conduc- 

tivity has no effect on heat transfer, an experimentally observed 

fact (22, p. 303). 

Equation 36 can now be used to evaluate the instantaneous rate 

of heat transfer at the surface of the particle as a function of the time 

it has been at the wall. Using the limiting Nusselt number of two, 

q(3) = hcllDp2 [Tf - T(1)1 

(0) = 2kgIIDp(Tf Tb)c-MO 

qt(0 ) = IIDpkg( Tw - Tb)e-MO 

(37a) 

(37b) 

(37c) 

The length of time that a particle remains at the surface will 

vary, conceivably from zero to infinity. Let f(0) dO be defined as 

- 

1 

- 

i P g w 
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the fraction of particles at the surface at any time which has been at 

the surface for a time between 0 and O + d0. It seems reasonable 

that f(0) will have a maximum, that is, a contact time which occurs 

most often. A function which is convenient to use and does have such 

a maximum is the gamma distribution function, i. e. 

f(0)- l ae-0 /ß 
a! (3 

The time average heat flux is then given by 

00 

¡ IIDpkg( Tw - Tb) 
q = ` f(0 )g(0)d0 - 

4 (1 + 
M0 ,o. +1 

0 a+1 

(38) 

(39) 

where 

0 = the average contact time 

Ziegler, Koppel, and Brazelton observed that the distribution 

shape factor, a, equal to one gave a dependency on the solid heat 

capacity which was consistent with their experimental results. With 

this in mind, a value of one will be used for a, i. e. 

1=1 

(1 + 
M-6)2 

2 

IlDpkg( Tw - Tb) 
(40) 

In order to obtain an expression for the heat transfer flux based 

on the wall surface, the number of particles at the surface per unit 

area will have to be derived. The number of particles per unit area, 

I 

P 1 
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y , will be related to the particle fraction, (1 - E), and the particle 

diameter. The heat transfer coefficient has been reported (10; 23; 

24; 27, p. 47) to be proportional to (1 - E) 
0. 48; therefore, a relation 

of the following form can be proposed: 

Yp 
E)0. 48 

(41) 

For a completely covered surface with hexagonal packing, y and 

(1 - E) are 

Therefore 

and 

- 
2/ 

Yp 2 
D 

P 
(42) 

(1 - E) = 14/27 (43) 

K 
1 

= 1. 59 

1 

f(DP ) - 2 
D 

(44) 

(45) 

By substituting Equations 44 and 45 into Equation 41, we can get 

the following equation for y 
P 

. 

Yp 2 
D 

1. 59(1 - E)0.48 

P 

By multiplying q 
P 

by y 
P 

, we can write an equation for the 

heat flux from the wall surface, i. e. 

(46) 

P 

= Kl (1 - 

P 

P 
P 



5. 0(1 - E) 
0. 48 kg(Tw - Tb) 

6k 6 
2 

D (1 + g 
) p 

p C D 2 
s s p 

The particle Nusselt number is 

Nu - 6k `0 P 
(1 + g ) 

p C D 
s s p 

E)0. 48 
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(47) 

(48) 

The average contact time, Á, would be affected by the following 

variables: 

1. mass velocity, G 

2. particle diameter, D 
p 

3. particle density, p 
s 

4. gas density, p 
g 

5. gas viscosity, 
N, 

6. mass velocity at minimum fluidization, G 

7. acceleration due to gravity, g 

mf 

The variable, Gm is not an independent variable. It can be related 

to the other variables by the dimensionless correlation presented by 

Miller and Logwinuk (25), i, e. 

G _ 

0. 001 25 Dp2(p - pg)0 9pg1. lg 
s 

(49) 

2 

4 
= Yp9p 

p 



36 

With the aid of dimensional analysis the following dimensionless 

groups can be obtained: 

P 
1/2 D G 

(GG ), ( p s ) , 
( 

0 g 
l 2 ), ( µ ) 

mf g D 
p 

With these groups an equation of the following form for 6 is 
1 

obtained in the form: 

P 
= C1( Repe( p )1 /2 G )f ( 

s) 
mf g 

(50) 

The exponents in this equation have to be determined experimentally. 

Substituting Equation 50 into Equation 43, the following is obtained: 

Nu 
_ 5.0(1 - E) 

0. 48 

p 
[1 + 

6kgCl 
(Dp)1j2Re e( GG )f(Ps)f 

p C D 
g p mf Pg 

s s p 

2 

(51) 

1 It would be expected that the average contact time, O , would also 
depend on the particle fraction, (1- E ); however, no such depend- 
ency was observed experimentally in the correlation obtained. 
The assumed temperature of the gas surrounding the particle of the 
wall and the average contact time are not independent in the model 
and the effect of particle fraction appears to be not too significant 
in the range of the present experiment. In the final equation (51) 
the interdependency of assumed temperature and contact time cancel. 

p 
P 

- 
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EXPERIMENTAL EQUIPMENT 

The experimental equipment was designed and assembled in 

order that a study could be made of local shell -side heat transfer co- 

efficients in a fluidized bed tubular heat exchanger. Some of the 

equipment components used in this study were used in a preliminary 

study undertaken by Na (27, p. 10). Since a complete description 

of these components is given by Noë, only modifications and additions 

to these components will be discussed in detail. The major com- 

ponents of the equipment include the model fluidized bed tubular heat 

exchanger, the air blower, the direct current power source, the 

cyclone separator, and measuring devices. A general set up of the 

equipment, with the exception of the air source, is shown in the 

photograph in Figure 7. 

The Model Heat Exchanger 

The model heat exchanger consisted of a tube bundle containing 

a heating element and a shell. The shell consisted of a conical air 

distributing section, a test section, and a disengaging section. 

The conical air distributing section was used to expand the flow 

cross section from 2 inches to 5. 75 inches. Two thermocouples 

were inserted through the walls of this section to measure the air 

inlet temperature. This section is described by Noë (27, p. 10). 
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Figure 7. Photograph of Experimental Equipment 
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The disengaging section was a nine -inch OD by 1/8 -inch wall 

by 1 2 inches long, cast acrylic tube. Four, three -inch diameter 

acrylic nipple exhaust ports were mounted on the tube one inch from 

the top. Flexible rubber tubes were connected to the nipples for 

exhaust to the cyclone separator. The disengaging and test sections 

were connected as described by Noë (27, p. 13). A thermocouple 

was inserted through the wall of the disengaging section 3/4 inch from 

the bottom. This thermocouple was used to measure the temperature 

of the particle -air mixture in the disengaging section. 

The test section was constructed from a six -inch OD 44 -inch 

long cast acrylic tube with a 1/8 -inch wall. A three -inch OD 

acrylic nipple inlet was mounted two inches from the bottom for re- 

turning particles from the cyclone separator. A three -inch neoprene 

seated quick- opening valve was placed between the separator and the 

particle inlet to control the particle flow rate. Four thermocouples 

and thermocouple shields were mounted at 9. 25, 1 7. 25, 27. 25, and 

38. 25 inches from the bottom. The shields consisted of cylinders 

made of fine wire mesh and were inserted through the test section 

shell. The thermocouples were placed inside the wire mesh shields 

to give contact with the gas only. Four pressure taps located 5. 5 

inches from the bottom of the tube and every 11 inches thereafter 

were affixed to the test section. A description of the taps is given 

by Noë (27, p. 13). A transversing thermocouple was placed at a 
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height of 8. 5 inches from the bottom of the tube. This probe con- 

sisted of a 1/16-inch stainless steel tube and a thermocouple pro- 

truding out of the tube wall. The stainless steel tube goes across the 

tube bundle between rows of tubes as shown in Figure 8. A screw 

type moving device was used to move the thermocouple to various 

radial positions. This probe was designed to determine any radial 

variation in the bulk shell -side temperature. The test section was 

connected to the air intake section with a 1/2-inch thick, seven -inch 

diameter, plastic flange and secured by 12, two -inch by 1/4 -inch 

bolts. 

The tube bundle consisted of 19, 3/4 -inch OD, 60 inches long, 

321 stainless steel tubes arranged in a 1-1/16-inch triangular pitch. 

The tube layout is shown in Figure 8. One end of each tube was fitted 

with a 3/4 -inch plastic plug to facilitate fitting into the lower tube 

sheet. 

The top tube sheet, fabricated from two, one -inch thick 11 -inch 

diameter, plywood disks was connected to the disengaging section by 

six, two -inch by 1/4 -inch bolts. 

The bottom tube sheet, placed between the air intake and test 

sections, consisted of 100 mesh wire cloth placed on 14 mesh wire 

screen. 

The heating element, type 321 stainless steel tube, had a 3/4- 

inch OD by . 01 2 -inch wall and 60 -inch length. The heating element 
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was equipped with electrical connectors as described by No (27, p.17). 

The entire model heat exchanger, excluding the air intake, was 

mounted in a three -foot long "cradle" made of slotted angle iron. 

This was mounted inside a 7. 5 -foot high vertical frame. 

The Air Blower 

Air was supplied from a Sutorbilt 8HB blower driven by a 30 hp, 

1760 RPM General Electric AC induction motor. The blower was 

rated at 550 cfm (one atm. and 68° F) at 9 psi outlet pressure. 

Three -inch standard steel pipe was used to carry the air to the 

model heat exchanger. To eliminate vibration from the blower, 

flexible hose was installed between the blower and the pipe entrance. 

The three -inch pipe was reduced to two inches and connected to the 

air intake section by a rubber hose. 

The air flow rate was controlled by two gate valves. One, a 

two- inch -by -pass valve controlled the air flowing through a by -pass 

to the atmosphere. The other control valve was in the three -inch air 

supply line. A three - inch - quick- opening neoprene seated valve was 

used in another by -pass from the air supply line. This valve was 

physically placed near the quick- opening valve in the line which re- 

turns particles from the cyclone separator in order that both valves 

could be closed or opened simultaneously. 

The air was metered by a two -inch diameter, 16 gauge, square 
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edged orifice located in the three -inch air supply line. The orifice 

was machined accurately from a smooth brass plate to desired 

specifications, and pressure taps were located at the proper dis- 

tances from the orifice plate. The orifice meter was calibrated with 

a pitot tube which was placed in the three -inch air supply line. De- 

tails of this calibration are given in Appendix B. 

The Direct Current Power Supply 

A battery charger and a constant voltage transformer were used 

to supply energy to the stainless steel tube. A diagram of the elec- 

trical circuit is shown in Figure 9, and a description of the com- 

ponents of the circuit is given by Noë (27, p. 17). The resistance 

in the circuit was adjusted so that the current was about 39 amperes. 

The emf and current were measured by a DC voltmeter with 

a range of zero to three volts and a DC ammeter with a range from 

zero to 50 amps. Both instruments were manufactured by Simpson 

Electric Company and are accurate to ±2 percent at full scale. 

The Cyclone Separator 

In order to obtain measurements at gas velocities greater than 

the terminal velocity of the particles in the heat exchanger, a cyclone 

separator was designed and fabricated to separate the particles from 

the air leaving the model heat exchanger. 
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The separator was made out of 132 -inch steel sheet metal. It 

was 60 inches long and 1 2 inches in diameter. The various sections 

of the cyclone were proportioned as recommended by Perry (29, sec. 

20 p. 69). A drawing of the separator is given in Figure 10. 

Measuring Devices 

The pressure drop across the bed and orifice was measured by 

a manometer system using Meriam manometer fluid with a specific 

gravity of 0. 827. The supply line pressure was measured by a mano- 

meter using mercury as the fluid. 

The wall temperature was measured at various positions by a 

thermocouple probe which moved up and down inside the tube wall. 

The probe consisted of two copper contacts rounded to the shape of 

the tube wall. A thermocouple was embedded in each contact but 

electrically insulated from the copper. Each copper contact was 

held in contact with the wall by a spring. An enlarged view of the 

probe is shown in Figure 11. A detailed description of the probe is 

given by Noë (27, p. 19). 

All temperatures were measured with copper -constantan 

thermocouples. Number 30 B. and S. gauge, Leeds and Northrup 

thermocouple wire, was used. Thermocouple emf was read using 

a Leeds and Northrup potentiometer model 8662. 

The probe thermocouples and the air inlet thermocouples were 
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each connected in series to read twice the average probe emf and 

twice the average air inlet emf respectively. Thermocouples placed 

in the shell -side of the model heat exchanger were used to determine 

the bulk temperature of the air flowing through. As previously men- 

tioned, the transversing thermocouple was used to detect radial 

variation in the bulk air temperature. All reference junctions were 

kept in an ice bath at 32° F. A description of the thermocouple cali- 

bration and the tube wall probe temperature correction is given in 

Appendix C. 

A switching system was used to complete the thermocouple cir- 

cuits. A Leeds and Northrup type G speedomax recorder was used to 

record the probe readings and therefore indicate when the probe was 

at steady state. 
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EXPERIMENTAL PROGRAM 

The objective of this investigation was to determine local and 

average heat transfer coefficients for transfer of energy from a 

heated tube in a tube bundle to air flowing through a fluidized bed at 

various operating conditions. The experimental program was de- 

signed to fulfill this objective. 

The variables that are most likely to affect the transfer of 

energy from an internal surface to a fluidized bed can be broken into 

three general groups; (1) properties of the fluidizing medium and 

fluidized particles, (2) operating conditions and (3) equipment geom- 

etry and design. 

Fluidizing medium's properties would include such quantities as 

thermal conductivity, density, heat capacity, and viscosity. Fluidiz- 

ing particles' properties would include thermal conductivity, density, 

heat capacity, size, and shape. Operating conditions would include 

particle concentration and distribution, superficial gas velocity, heat 

flux, and the temperature driving force. The size, location, and ar- 

rangement of the heat transfer surface as well as the boundary geom- 

etry of the fluidized bed are also variables to consider. 

Variables under consideration in this investigation are particle 

concentration or static bed height, particle distribution, superficial 

gas velocity and heating tube location. Heat flux, tube wall 
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temperature profile, and vertical bulk gas temperature profile were 

measured in order to calculate the desired coefficients. Bed section 

pressure drops were also measured in order to calculate power re- 

quirements and particle distributions. 

Air was used as the fluidizing medium. The air used was ap- 

proximately at the same temperature for all runs which enabled 

keeping the thermal conductivity, heat capacity, viscosity and density 

of the air constant. Only one tube bundle configuration was con- 

sidered. 

Particle Size and Thermal Conductivity 

Two types and three sizes of particles were used in this in- 

vestigation. Glass spheres, manufactured by the Minnesota Mining 

and Manufacturing Company, of 0. 0052 and 0. 0151-inch average 

diameter were used. Aluminum particles, manufactured by Aluminum 

Metallurgical Granules, of 0. 0306 -inch average diameter were used. 

The average diameters were determined by arithmetic averages of 

measurements taken from photographs of microscope enlargements 

of the particles. The size distributions of the particles were also de- 

termined by such photographs; the distributions are shown in Figure 

1 2. Representative photographs of the particles are shown in Figure 

13. The fine and coarse glass spheres were screened to give 65100 

mesh and 20/35 mesh ranges respectively in order to have a more 
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narrow range. It can be seen from Figure 13 that the fine and coarse 

glass particles are spherical whereas the coarse aluminum particles 

are somewhat irregular in shape, but still generally spherical. The 

densities o f the glass and aluminum particles are 1 56 lbs /ft3 and 

169 lbs /ft3 respectively. 

Aluminum and glass have densities and heat capacities which 

are similar in magnitude, but the thermal conductivity of aluminum 

is 200 times greater than the conductivity of glass. This allows an 

investigation of the effect of particle thermal conductivity on heat 

transfer. 

Particle Concentration and Distribution 

Static bed heights of four and nine inches were investigated at 

all heater tube locations, which gave average particle concentrations 

of 9 and 20 lbs /ft3 respectively. At some tube locations, data were 

taken at static heights of two and six inches. Data were also taken 

without particles in the system in order to compare with data re- 

ported in the literature (2, p. 93; 7). The static bed heights were 

measured with a scale which was on the test section shell. 

At high gas velocities (well above the terminal velocities of the 

particles) an even distribution of particles existed in the test section; 

thus, particle concentration is a constant in the test section. At low 

velocities (where particles are not circulated through the cyclone 
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separator), the particle distribution in the test section was deter- 

mined by measured values of the vertical pressure gradient (21). 

Gas Mass Velocity 

A wide range of gas velocities was used in this investigation to 

determine the most effective velocity in terms of heat transfer and 

power requirements. The mass velocity ranged from 680 to 8580 

lbs /hr ft2. Four flow rates were investigated at each static bed 

height. The first rate was chosen so that the fluidized bed height was 

about half way up the test section. The second rate was adjusted to 

give a fluidized bed height equal to the height of the test section. The 

remaining rates were above the minimum rate necessary for re- 

cycling of solids. These four rates averaged 1530, 1860, 3100, and 

3900 lbs /hr ft2 for the fine glass spheres; 2740, 3210, 5380, and 

6860 lbs /hr ft2 for the coarse glass spheres; and 2800, 4300, 5400, 

and 6500 lbs /hr ft2 for the aluminum particles. Deviation from these 

averages was ± 25 percent; therefore, approximately the same flow 

rates for the different static bed heights were used. 

Heating Tube Location 

Figure 8 shows the tube layout. Since the tube bundle layout 

is symmetrical, only four heating tube locations were needed to in- 

vestigate all possible heating tube locations. The tube locations are 



55 

numbered in Figure 8 and will be referred to by number. The center 

location is numbered one; the location half the distance from the cen- 

ter is numbered two; and the two outer locations are numbered three 

and four. Heat transfer was studied at all four locations for various 

static bed heights and gas velocities. 

The heating tube wall temperature was measured at 11 positions 

along the tube. For most runs the locations 1. 0, 3. 0, 5. 0, 11. 0, 

17, 0, 23. 0, 29. 0, 35. 0, 41. 0, 43. 0, and 45.0 inches from the bottom 

were used to get the necessary data to obtain the temperature profile 

along the tube. 
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EXPERIMENTAL PROCEDURE 

The following preliminary procedure was performed before each 

experimental run: 

1. The stainless steel heating tube was placed in its desired 

location. 

2. A thermos flask was filled with crushed ice and water. 

The thermocouple reference junctions were placed in the 

flask to give a reference temperature of 32° F. 

3. The potentiometer was balanced against an internal 

standard cell. 

4. The tube wall probe thermocouple was set to its initial 

position. 

5. The power supply was turned on. 

6. For low flow rates (no solid circulation), the desired 

amount of particles was placed in the test section. The air 

blower was turned on, and the control gate valves adjusted 

to give the desired flow rate. For high flow rates (with 

solid circulation), the blower was turned on and the flow 

rate adjusted. Solids were then allowed to flow from the 

cyclone separator through the quick- opening neoprene 

particle control valve. The desired static bed height was 

obtained by finding the correct opening for this control 
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valve. The quick -opening neoprene by -pass valve was 

used to reroute the air while the static bed height was 

being measured. 

7. The speedomax recorder was turned on and set to record 

the tube wall thermocouples' emf. When steady state was 

observed, the recording of data commenced. 

The following procedure was followed in recording the neces- 

sary data: 

1. The tube wall probe emf was measured with the poten- 

tiometer. The probe was then placed in the second posi- 

tion and the recorder was turned on in order to observe 

when the probe reached steady state. At steady state the 

procedure was continued until all 11 probe positions were 

measured. 

2. While the probe was coming to steady state between probe 

emf measurements, the remaining data were taken. The 

current, voltage, gas inlet temperature, gas outlet tempera- 

ture, four bulk gas temperatures, transversing thermo- 

couple temperature (three positions), gas line pressure, 

orifice pressure drop, andbedpressure drops were recorded 

at four equal time intervals during the course of the run. 

After all the data were recorded for one run, the flow rate was 

increased to transfer particles to the cyclone separator. At this 
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point, the equipment was turned off, or the procedure was repeated 

for another run. 

In this manner, data were taken for the various static bed 

heights, gas flow rates, and particles. A typical data sheet can be 

found in Appendix D. 
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CALCULATIONS 

Calculations have been divided into two categories: Calcula- 

tions of temperatures, local temperature differences, heat flux, 

local heat transfer coefficients, average heat transfer coefficient, 

gas rate, and bed section pressure drops were calculated from the 

original data; and calculations of bed section void fractions and bed 

section average heat transfer coefficients were calculated from the 

above calculated data. The calculations of the former category were 

performed on a digital computer, and the latter calculations were 

performed with a desk calculator. 

Calculations Using Original Data 

In order to calculate temperatures from thermocouple emf 

values, equations were developed from data obtained in calibrating the 

thermocouples (see Appendix C). Milne type fifth order interpolating 

formulas were used (26, p. 64). The equation used for the local tube 

wall temperature (see Appendix C for tube wall temperature correc- 

tion) and gas inlet temperature is as follows: 

T = 32 + 22. 728 emf - O. 296 emf (emf - 2) + O. 00956 emf 

(emf - 2)(emf - 4) - O. 000437 emf (emf - 2)(emf - 4) 

(emf - 6) - O. 0000354 emf (emf - 2)(emf - 4)(emf - 6) (52) 

(emf - 8) - O. 00000281 emf (emf - 2) (emf - 4) (emf - 6) 

(emf - 8)(emf - 10) 
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The equation used for the gas outlet temperature, local bulk gas tem- 

peratures, and transversing probe temperature is the following: 

T = 32 +45.455 emf -1.184 emf (emf -1) +0.0765 emf (emf -1) 

(emf - 2) - 0. 007 emf (emf - 1)(emf - 2)(emf - 3) + 0.00113 (53) 

emf (emf - 1)(emf - 2)(emf - 3)(emf - 4) - 0.00018 emf 

(emf -1)(emf - 2)(emf - 3)(emf - 4)(emf - 5) 

A fifth order equation was used to insure a good fit over a large tem- 

perature range. 

A relationship between the gas bulk temperature and the dis- 

tance from the entrance of the heat exchanger was developed from the 

gas inlet temperature and the local gas bulk temperatures. The fol- 

lowing Milne type fourth order interpolating formula was used, i. e. 

Tb Tb +Al (Z- Z2) +A2(Z- Zl)(Z-Z2) +A3(Z -Zl) 
2 

(54) 
(Z- Z2)(Z- 2)(Z- Z 

3 
)+ A4 (Z)(Z-Z1)(Z-Z2)(Z-Z3) 

The coefficients A1, A2, A3, and A4 are determined by divided 

differences of the local gas bulk temperatures Tin, Tb, Tb , and 
1 2 

Tb and the distances from the entrance of the heat exchanger 
3 

Z1, 

Z2, and Z3. From this equation values of the bulk gas temperature 

are calculated for the 11 tube wall probe positions. The local tem- 

perature difference is then calculated from the following equation: 

ATloc 
Tw 

- 
Tb (55) 
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The heat flux was calculated by determining the power dissi- 

pated in the heating element. The product of the measured current 

and voltage drop gives the power dissipated in the heating element 

and the connecting leads. The electrical resistance of the leads is 

estimated to be 0. 00395 ohms; therefore, the expression used for the 

heat flux is: 

q = 3. 475 (I V - 0. 00395 I2) (56a) 

The local heat transfer coefficient is calculated as follows: 

hloc 
_ 

g/6,Tloc (56b) 

To calculate an average heat transfer coefficient, it is first neces- 

sary to calculate an average temperature difference. An integral 

average of the temperature difference is used as is recommended by 

Leva (18, p. 187), i. e. 

L 

ATav r L OT1ocdZ 

0 

(57) 

This integral was numerically evaluated. The average heat transfer 

coefficient was then calculated as follows; 

h ` q/OT av av (58) 

The equation for calculating the gas flow rate from the pressure 

drop across a square edged circular orifice is (28, p. 405) 



where 

G- 
1-R 

3600 C Y0S2 2gcOp 1 

A 4 

G = mass flow rate, lb /hr ft2 

gc = 32.174 lbf ft /lbm sect 

p = gas density upstream, lbm /ft3 

A = cross sectional area of heat exchanger, ft2 

S2 = cross sectional area of orifice opening, ft2 

APO = pressure upstream - pressure downstream, lbf /ft2 

C = coefficient of discharge, dimensionless 
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( 5 9 ) 

YO = expansion factor, dimensionless 

R = ratio of the orifice diameter to the pipe diameter, 

dimensionless 

The expansion factor for a square edged circular orifice is given by 

the following: 

where 

(PI - P2) 4 
YO= 1 

PI K 
(0. 41 +0.35 (3 ) 

K CC 
P 

(60) 

R = ratio of the orifice diameter to the pipe diameter 

From the calibration of the orifice meter (see Appendix B), the co- 

efficient of discharge, C, was determined to be 0. 6024 over the 

range of interest. 

m 

J 

1 



63 

The pressure drop across the orifice was measured with a 

manometer inclined at 30 °. The manometer fluid used had a specific 

gravity of 0. 824; thus, the following equation gives the pressure 

drop: 

AP0 
gc 

where 

ph (51. 39 - 0. 08) sin(30°) 
30. 5 (61) 

Ah = the manometer reading in centimeters 

The line pressure downstream, P2, was measured with a 

mercury manometer. Gas densities were calculated by using the 

ideal gas law, P2, P1, and inlet temperature. 

The pressure drop over the three 11 -inch sections of the 

fluidized bed were measured with manometers using a manometer 

fluid having a specific gravity of O. 824. The following equation gives 

this pressure drop: 

AP 
b 30. 5 g 

c 

Ah ( 51. 39 - O. 08) g 

where 

(62) 

Ah = the manometer reading in centimeters 

It is necessary to know the total pressure drop across the heat 

exchanger in order to calculate power requirements. The total 

pressure drop is the sum of the three section pressure drops, taking 

into account the first five inches and the last six inches of the heat 

exchanger. The following equation was used for the total pressure 



drop: 

16 17 AP,,= OPb1 
+APb2+I1 

AP 
b3 

Calculations from Calculated Data 

64 

(63) 

For batch fluidization, where particles are not circulated, the 

void fractions, E, is calculated for each of the three 11 -inch sections 

of the heat exchanger from the measured values of bed section pres- 

sure drops. The following equation is a good approximation for batch 

fluidization (21): 

where 

(1-E)_ APbg(pspg) 

L = section length, ft 

E = void fraction 

Lg 
c 

= solid density, lb /ft 3 

s m 

p = gas density, lb m /ft3 
g 

APb = bed section pressure drop, lbf /ft2 

(64) 

When particles are circulated, the void fraction is assumed to 

be constant throughout the test section. The void fraction is then 

calculated from the length of the shell -side of the test section, static 

bed height, and solid densities, i. e. 

11 

p 



where 

Sb 

p 

p 

b 

s 

12 Pb 
E-1 45 Sbp 

= static bed height 

= bulk density of solids 

= density of solids 

65 

(65) 

Under the conditions of batch fluidization, arithmetic average 

heat transfer coefficients are calculated in each of the three 11 -inch 

sections of the heat exchanger. When particles are circulated, the 

average coefficient for the entire heat exchanger is used. 

s 
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ANALYSIS OF DATA 

Average Nusselt Numbers without Fluidization 

Data were taken without fluidization to compare the resulting 

average Nusselt numbers with those reported in the literature. 

Average Nusselt numbers in unbaffled heat exchangers have been 

correlated by an equation of the following form (2, p. 93; 7) : 

Nu = hav dt 
- C D 

0. 6( dt G)0. 6 Pr1 3 
av k 1 e E, 

g 

(66) 

where De is the equivalent diameter in inches based on four times 

the hydraulic radius. 

-1/3 The term Nu av Pr was calculated from the data with 

Pr = 0.7 in all cases. In Figure 14 this dimensionless term is 
dG 

plotted versus the dimensional term D 
t in order to make a com- eµ, 

parison with Equation 66. The correlations of Ambrose (2, p. 93) 

and Donohue (7) are also represented in Figure 14. Donohue's cor- 

relation of available data in the literature for tube diameters of less 

than 5/8 inch has a scatter of ± 25 percent. Ambrose's correlation 

is for one -inch diameter tubes arranged in a 2- 3/1 6 -inch triangular 

pitch. Calculated Nusselt numbers using Ambrose's correlation are 

somewhat higher than those calculated from Donohue's correlation. 

Ambrose (2, p. 93) attributes this difference to the larger tubes used 

in his investigation. 

e 
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The data of the present investigation are within the ± 25 percent 

scatter of Donohue's correlation, and the data are between Ambrose's 

and Donohue's correlations as would be expected, since 3/4 -inch 

diameter tubes were used in the present investigation. The results 

of this investigation, as shown in Figure 14, has the characteristic 

0. 6 slope. The results indicate agreement with published correlations 

and also indicate that the measured heat transfer coefficients have 

reasonable values. 

Radial and Vertical Bulk Gas Temperature Profiles 

Radial Bulk Gas Temperature Profiles 

At a vertical height of 8. 5 inches, a transversing thermocouple 

was used to determine the radial bulk gas temperature profile. 

Measured temperature differences for radial locations near the 

heating tube and the outer wall are as large as 2. 0° F, but differences 

in the range 0. 1 to 0. 6° F are more common. Figure 15 shows radial 

temperature profiles which are representative of most runs. The 

profiles shown represent all four tube locations of the tube bundle. 

As would be expected, highest values of the bulk gas temperature are 

located near the heater tube location. 
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Vertical Bulk Gas Temperature Profiles 

A vertical bulk gas temperature profile was determined with 

the aid of several thermocouples protruding from the test section 

outer wall. 

Typical vertical bulk gas temperature profiles are shown in 

Figure 16. The four mass velocities studied for aluminum particles 

are shown. The top two profiles are for batch fluidization, and the 

lower profiles are for higher mass velocities where the particulate 

was refluxed. 

At all mass velocities the bulk gas temperature increases 

several degrees in the first few inches of the fluidized bed. Above 

five inches a constant bulk temperature is observed in the bed, i. e. , 

backmixing exists. This observation has also been reported in the 

literature (11;13). For G = 2500 the fluidization height was approxi- 

mately 30 inches. As would be expected, an increase in the gas bulk 

temperature is observed above 30 inches. 

Local Heat Transfer Coefficients for Batch Fluidization 

Local heat transfer coefficients are plotted versus the distance 

from the test section entrance at a constant gas mass velocity, G. 

Weighted average local heat transfer coefficients for the entire heat 

exchanger (that is, weighted proportional to the number of tubes at 
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each location) are also plotted versus the distance from the entrance. 

Figures 17 and 18 show local heat transfer coefficients for 

batch fluidization of fine glass spheres (D 0. 0052 inch). The data 

are for static bed heights of four and nine inches and mass velocities 

of 1540 and 1860 lb /hr ft2. m 

For G = 1540 particles were fluidized to a height of approxi- 

mately 30 inches. Above this height tube location had no significant 

effect on local heat transfer coefficients except for tube location 4 at 

a static bed height of nine inches. Coefficients are lower in this case 

because the mass velocity was significantly less than 1540 (1020). In 

the fluidized part of the test section heat transfer coefficients at tube 

locations 1 and 2 are the smallest and largest in magnitude respec- 

tively over most of the bed. The heat transfer coefficients at tube 

location 3 and 4 do not vary significantly from each other. 

For G = 1860 the entire test section was fluidized. The local 

heat transfer coefficients at tube locations 1 and 2 are the smallest 

and largest in magnitude respectively over most of the bed. Heat 

transfer coefficients for the tube locations 3 and 4 are usually of an 

intermediate value, and do not vary significantly from each other. 

For static bed heights of four inches heat transfer coefficient 

profiles are of Type I, as described by Toomey and Johnstone (31), 

except for the coefficient profile at tube location 2. At this location 

a Type II heat transfer coefficient profile is observed. For a static 

= 
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bed height of nine inches, heat transfer profiles are of Type II. 

Figures 19 and 20 show local heat transfer coefficients for 

batch fluidization of coarse glass spheres (D = 0. 0151 inch). The 

data are for static bed heights of four and nine inches and mass 

velocities of 2740 and 3210 lb m /hr ft2. 

For G = 2740 particles were fluidized to heights of approxi- 

mately 30 to 35 inches for the four and nine -inch static bed height 

cases respectively. Above this height tube location has no significant 

effect on heat transfer coefficients. In the fluidized part of the bed, 

heat transfer coefficients for tube location 1 are the lowest in magni- 

tude over most of the bed. 

For G = 3210 the entire test section was fluidized. For a static 

bed height of nine inches, the heat transfer coefficients observed at 

tube location 1 are lower than the coefficients for other tube loca- 

tions. For this static bed height heat transfer coefficients at tube 

locations 2, 3, and 4 do not vary significantly from each other. Heat 

transfer coefficient profiles at this static bed height are of Type II. 

For a four -inch static bed height heat transfer coefficients at tube 

location 1, in the dense part of the bed, seem somewhat inconsistent 

since they are larger in magnitude than those of the other tube loca- 

tions. At this static bed height coefficient profiles are of Type I. 

Local heat transfer coefficients at tube locations 2 and 3 for 

fluidization with aluminum particles (D = 0. 0306 inch) are shown 
P 
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in Figures 21 and 22. The data are for static bed heights of four and 

nine inches and mass velocities of 2800 and 4300 lb /hr ft2. m For a 

static bed height of four inches, no significant differences in local 

heat transfer coefficients at locations 2 and 3 are observed. The 

heat transfer profiles are of Type I. For a static bed height of nine 

inches, no significant differences between coefficients at tube loca- 

tions 2 and 3 are observed for the less dense part of the bed. For 

the dense part of the bed the local coefficients of tube location 3 are 

higher than those of location 2 up to a vertical height of about 12 

inches. For vertical heights greater than 12 inches and less than 

30 inches, the coefficients of tube location 2 are greater in magnitude. 

This results because the coefficients of tube location 2 have a maxi- 

mum at a greater distance from the entrance than do the coefficients 

of location 3. 

The criterion based on the dimensionless group, LfDp /A, pro- 

posed by Toomey and Johnstone (31) to determine the heat transfer 

coefficient profile type, indicates that an increase in the fluidization 

height and particle size will increase the tendency to produce a Type I 

profile. The results of the present investigation indicate that particle 

diameter has little influence on the profile type. Increases in the 

fluidization height and static bed height tend to decrease the tendency 

for Type I profiles. With this in mind the group, Dt2 /LfSb, should 

indicate a tendency toward Type I profiles. At each static height and 

P 



t- 30 z 

79 

A 

ALUMINUM PARTICLES, Dp 0.0306 IN. 

STATIC BED HEIGHT = 4 IN. 

G = 2,800 
LOCATION 2 

A LOCATION 3 - AVERAGE VALUE 

A-- 
I I 

5 IO 15 20 25 30 35 40 45 

DISTANCE FROM ENTRANCE, INCHES 

ALUMINUM PARTICLES, Dp = 0.0306 IN. 

STATIC BED HEIGHT = 4 IN. 

G = 4,300 
LOCATION 2 

LOCATION 3 - AVERAGE VALUE 

0 5 IO 15 20 25 30 35 40 

DISTANCE FROM ENTRANCE, INCHES 
Figure 21. Local Heat Transfer Coefficients 

for Batch Fluidization 

45 

W 

W 

8 
Vó 20 
W } WW cn: z 
Q 

i- m 10- 
W 
_ 
J 
U 
O A 

0 

O 



F- 30 z 
W 
C) 
LL 
Lt. 

8 
Uó 20 

w.cv 
WW 

F- I-- 
CO 10 

Q w 

J 

O J 

30 
z 
W 
o 
W 
W 
W 

Uó 20 

LL. I1. 

Z 

l- 
a, 10 

Q W 
_ 
- J 

O 

80 

A A 
ALUMINUM PARTICLES, Dp = 0.0306 IN. 

STATIC BED HEIGHT = 9 'IN. 

G = 2,800 
LOCATION 2 

A LOCATION 3 
- AVERAGE VALUE 

A f 
5 10 15 20 25 30 35 40 45 

DISTANCE FROM ENTRANCE, INCHES 

ALUMINUM PARTICLES, Dp = 0.0306 IN. 

STATIC BED HEIGHT = 9 IN. 

G = 4,300 
LOCATION 2 

A LOCATION 3 
AVERAGE VALUE 

.1 I 1 I t I l 1 

5 10 15 20 25 30 35 40 45 

DISTANCE FROM ENTRANCE, INCHES 
Figure 22. Local Heat Transfer Coefficients 

for Batch Fluidization 

f. 

CL 

5 
0 

- 

0 



81 

fluidization height there were ten local coefficient profiles measured. 

The percent of these ten that are Type I is tabulated in Table I along 

with the group, Dt2 /LfSb. Increases in the magnitude of this group 

appear to increase the tendency toward Type I profiles. The tube 

location also seems to have an effect on the profile type. Tube loca- 

tion 2 exhibits Type II profiles more often than do the other locations. 

Table I. Percent Occurrence of Type I Profiles 
D 

t Percent of 
Type I 

Profiles LfSb 

0689 90 

. 0459 50 

. 0306 20 

. 0204 0 

Local heat transfer coefficients for fluidization with coarse 

glass spheres are approximately 40 percent lower in magnitude than 

coefficients for fluidization with fine glass spheres. Heat transfer 

coefficients for fluidization with aluminum particles and with coarse 

glass spheres are about the same magnitude even though the aluminum 

particles are larger in average diameter. The increase in effective 

surface area of the irregular aluminum particles may account for the 

fact that heat transfer coefficients did not decrease for fluidization 

using aluminum particles. 

. 
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Average Sectional Coefficients for Batch Fluidization 

With experimentally determined average particle fractions and 

average Nusselt numbers over the 11 -inch sections of the fluidized 

bed, average particle contact times, 0, were calculated from Equa- 

tion 48. Calculated contact times averaged 0. 1, O. 4, and 1. 3 

seconds for the fine glass spheres, coarse glass spheres, and 

aluminum particles respectively. These values are in the range re- 

ported in the literature (32; 40). 

To obtain a correlation for the contact times, 0, the dimen- 
l/2 1/2 sionless quantities 0 g /Dp , Gm /G, p sop and Rep were 

calculated. Equation 49 was used to calculate Gm Gmf.. These quantities 

are plotted on logarithm scales in Figure 23. The following correla- 

tion represents the data: 

G 
6( D)1 /2( ss )l' 1 Re = 97( G f)43 

P g 

(67) 

By substituting A, as expressed in Equation 67, into Equation 

48, the following correlation for average Nusselt numbers can be 

obtained: 

Nu 
+580( kg )(P s)1. 1(Gmf)43 2 

C Rep 3/2C 1 2 p G I p sP g s g 

5 11) (1 - 
E)0. 48 

(68) 

, 

- 
p 

Dp C 
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where 4 is the ratio of the surface area of the particle to the sur- 

face area of a sphere of the same average diameter. 

Microscope enlargements (see Figure 1 3) of aluminum particles 

show many cracks and crevices on the particle surface. As a result 

of this observation, 4 = 2 was assumed for the aluminum particles. 

For the spherical glass particles 4 = 1 was used. Equation 68, as 

well as the experimental data, are shown in Figure 24. Most of the 

data for fluidization with the coarse glass spheres and the aluminum 

particles are within f 20 percent of Equation 68. A wider scatter 

exists for fluidization with fine glass spheres; this scatter is attrib- 

uted to less accurate measurement of the section pressure drops 

(and thus E) for the fine glass particles. The fine glass particles had 

a tendency to plug the pressure taps on the test section. 

The correlation based on the modified form of Ziegler, Koppel 

and Brazelton's model agrees with several experimental observations. 

The thermal conductivity of aluminum is 200 times larger than that 

of glass, yet no increase in heat transfer coefficients is observed for 

fluidization of aluminum particles. This is in agreement with the 

proposed mechanism and with published data (22, p. 303). The ex- 

ponent O. 48 for (1 - E) cited by other investigators, as has been pre- 

viously noted, agrees with the present investigation. Back- calcu- 

lated average contact times correlate with the proposed dimensionless 

groups and are in agreement with other workers (32; 40). 
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All tube locations are represented in the data shown in Figure 

24. Average sectional heat transfer coefficients for mass velocities 

studied in this investigation did not have a significant dependency on 

tube location. This is in agreement with the results of Toomey and 

Johnstone (31) as shown in Figure 4. These workers observed little 

difference in heat transfer coefficients simultaneously measured at 

the outer tube wall and at an internal tube located at the center of the 

bed for mass velocities above 1000. 

In Figure 25 Noë's data for fluidization in a verticle tube bundle 

is shown. The line shown in this figure is the present correlation. 

A wider scatter is observed for his data than for the data of the 

present investigation; however, acceptable agreement exists. Most 

of Noë's data fall with ± 50 percent. Nog assumed that plug flow of 

gas existed in the test section. The present investigation has shown 

that backmixing is a more correct model. Coefficients calculated 

by a plug flow model are larger than those calculated with a backmix 

model. This would account for the fact that the calculated average 

Nusselt numbers for Noë's data are greater than for the present cor- 

relation. 

Agreement of the present investigation with Equation 28 is poor. 

Details of experimental conditions were not presented in the review 

article where the results of Gel'perin, Ainshtein and Romanova were 

translated. Since a substantial dependency on tube location in the bed 
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was noted by these workers, it appears, based on the results of 

Toomey and Johnstone (see Figure 4), that the mass velocities in- 

vestigated were less than 500. 

Figure 26 compares Gamson's correlation (10) for a single 

vertical tube at the center of a fluidized bed with the results of this 

investigation. The solid line is Gamson's correlation. The j 
H 

factors of the present investigation are about 20 percent lower than 

Gamson's correlation. These lower values could be attributed to the 

effect that the tube bundle has on fluidization. Particle dynamics 

would be different with a tube bundle than without a bundle. Contact 

times for a single vertical tube geometry would probably be smaller 

for similar operating conditions. The characteristic -0. 3 slope was 

observed in this investigation. It might be well to point out that the 

particle surface area per unit of bed volume, a, is proportional to 

(1 - E) 
(1 - E). For spherical particles a - 6 , and for aluminum par- 

titles a = 12 (1 ° E) 
Dp 

A comparison of the results of this investigation with the cor- 

relation of GelPperin, Kruglikov, and Ainshtein is shown in Figure 27. 

The solid line is Equation 26 which represents their correlation. 

The data of the present investigation fall above this line and show a 

great deal of scatter. Equation 26 shows a large tube location de- 

pendency which indicates that low mass velocities were probably used. 

was assumed. 
P 

p 
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Local Heat Transfer Coefficients for Fluidization 
with Particulate Reflux 

Local heat transfer coefficients are plotted versus the distance 

from the entrance of the test section for the various tube locations 

and for four and nine -inch static bed heights. Weighted average 

local coefficients for the entire tube bundle are also shown. 

Local heat transfer coefficients for fluidization with fine glass 

spheres are shown in Figures 28 and 29. All four tube locations were 

investigated at a static bed height of four inches. At a static bed 

height of nine inches only locations 3 and 4 were investigated. Local 

heat transfer coefficients for fluidization with coarse glass spheres 

are shown in Figures 30 and 31. All tube locations were investigated 

except location 1 for G = 6860 at a static bed height of nine inches. 

Figures 32 and 33 show local heat transfer coefficients for fluidization 

with aluminum particles. Tube locations 2 and 3 were investigated. 

The same general shape of the coefficient profiles are observed 

for all static bed heights and mass velocities investigated. The heat 

transfer coefficient decreases in magnitude over the first five to ten 

inches of the test section; a constant value is then observed to heights 

between 35 and 40 inches from the entrance; and an increase in the 
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heat transfer coefficient is observed over the last five to ten inches 

of the bed. At mass velocities discussed here, particles concentrate 

in the top part of the test section and in the disengaging section; thus 

explaining the increase in heat transfer coefficients in the latter part 

of the test section. 

Coefficients for the coarse glass spheres are about 40 percent 

smaller in magnitude than those of the fine glass spheres. No sig- 

nificant difference in magnitude of heat transfer coefficients for 

fluidization with coarse glass and aluminum particles is observed. 

This fact is again attributed to the greater surface area per unit 

volume that the irregular aluminum particles have. 

Only slightly larger heat transfer coefficients are observed at 

the nine -inch static bed height than at the four -inch static bed height. 

At the mass velocities investigated, an increase in the amount of 

particulate present in the model heat exchanger only slightly in- 

creases the particle concentration in the test section. Most of the 

extra particles were located in the top part of the test section and in 

the disengaging section. An increase in local heat transfer coeffi- 

cient is observed near the top of the test section for an increase in 

static bed height. 

Heat transfer coefficients measured at tube location 1 are 

greater than those at other tube locations. For fluidization with fine 

glass spheres heat transfer coefficients at location 1 are about 1. 5 
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times greater than the weighted average; however, for fluidization 

with coarse glass spheres coefficients at location 1 are about 1. 3 

times greater. For one phase flow through unbaffled heat exchangers 

coefficients at a center location are also greater (27, p. 41). At the 

high velocities investigated here, the two phase flow in the test sec- 

tion approaches one phase flow. Heat transfer coefficients at the 

locations 2, 3, and 4 differ only slightly from each other. In most 

cases coefficients at location 2 are slightly greater than those at 

locations 3 and 4. 

Average Heat Transfer Coefficients for Fluidization 
with Particulate Reflux 

The average heat transfer coefficient over the entire heat ex- 

changer is calculated from Equation 58. Using Pr = O. 7 and calcu- 

lated values of the particle Reynolds and particle Nusselt numbers, 

j factors for heat transfer are calculated. Particle Reynolds num- 

bers are correlated with j factors for heat transfer as shown in 

Figure 34. The following dimensionless equation fits most of the 

data with a scatter of ± 10 percent. 

Nu Re 
68 j = 13)-0. 0. 14 ( 

H Re pr 1 
1/3 

(i) 

P 

(69) 

where c is the ratio of the surface area of the particle to the sur- 

face area of a sphere of the same diameter. The solid symbols in 

P 
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Figure 34 represent data measured at tube location 1. As noted in 

the previous section, coefficients at tube location 1 are greater than 

those of the other tube locations. From Equation 69 one can observe 

that the average heat transfer coefficient is proportional to G 
0. 32 

and D 
0. 68. 

P 

Power and Space Considerations 

Except for specific cases where costs are not the most im- 

portant consideration or where a fluidized bed already exists for 

reasons other than increasing heat transfer coefficients, the fluidized 

bed heat exchanger must be at least as economical as other heat ex- 

changers if it is to be used industrially. 

Because of low heat transfer coefficients, unbaffled tubular heat 

exchangers require large surface areas to obtain desired heat trans- 

fer capacities. Costs of heat exchangers increase with increases in . 

the needed surface area. Baffles have been used in tubular heat ex- 

changers to reduce surface area requirements at the expense of 

pumping costs. The baffled tubular heat exchanger is the most widely 

used industrial heat exchanger, and for this reason it will be corn- 

pared here with a fluidized bed tubular heat exchanger. 

For each particle size four mass velocities were investigated 

at each tube location. Arithmetic averages of the average heat 

transfer coefficient and pressure drop at each tube location were 
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calculated for all mass velocities. Pressure drop through a baffled 

heat exchanger of the same heat transfer capacity, h A , av s 
was calcu- 

lated. The tube configuration and shell diameter of the fluidized unit 

and segmental_ baffles with 20 percent openings were used in the 

hypothetical baffled exchanger. Flow rates through both exchangers 

were the same. The baffle spacing was chosen to make the mean 

mass velocity, G , in the baffled exchanger equal to 5800 lb /hr ft2. m 

The number of baffles was chosen to give the same heat transfer 

capacity as the fluidized unit. Pressure drop and heat transfer coef- 

ficients for the baffled exchanger were calculated as described by 

Donohue (7). 

The ratio of the pressure drop for the baffled heat exchanger to 

the pressure drop for the fluidized exchanger at the same heat trans- 

fer capacity, h A , av s 
was calculated. This ratio is plotted versus 

static bed height in Figure 35 for batch fluidization and in Figure 36 

for fluidization with particulate recycle. When this pressure drop 

ratio is greater than one, the fluidized bed heat exchanger is ad- 

vantageous in terms of pumping costs. 

The plot at the top of Figure 35 describes this ratio at velocities 

where fluidization heights were approximately 30 inches. The ratio is 

greater than one for fluidization with fine glass particles for static 

bed heights less than seven inches. The ratio for fluidization with 

coarse glass particles and aluminum particles is significantly less 
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than one. 

The lower plot of Figure 35 describes the pressure drop ratio 

at velocities where the entire heat exchanger is fluidized. The ratio 

is greater than one for fluidization with fine glass spheres for the 

static bed heights that were studied, The ratio for fluidization with 

coarse glass spheres and aluminum particles is again less than one. 

The pressure drop ratio for fluidization with particle circula- 

tion, as is described in Figure 36, is greater than one for aluminum 

particles. The ratio for fluidization with coarse glass spheres is 

slightly less than one; whereas the ratio for fluidization with fine 

glass spheres is substantially less than one. 

For the high mass velocities used in circulating the coarse glass 

and aluminum particles, calculated pressure drops through baffle 

openings are high. If a 30 percent baffle opening had been used, the 

pressure drop ratio at these velocities would have been less than one. 

One additional pressure drop that should be considered for 

fluidization with particulate recycle is the pressure drop through the 

cyclone separator and connecting conduit. If this pressure drop was 

added to the pressure drop through the test section, the pressure 

drop ratio would be less than one for fluidization with all three par- 

ticle types. 

Since the shell diameter of the fluidized exchanger was used in 

the hypothetical baffled exchanger, a comparison of exchanger lengths 
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will give an indication of surface area requirements for the two ex- 

changers. For fluidization with fine glass spheres the baffled ex- 

changer was longer than the fluidized exchanger except for G ° 1540. 

The baffled exchangers ranged from 1. 04 to 1. 61 times greater in 

length. For fluidization with coarse glass and aluminum particles 

the baffled exchangers were always shorter. 

Estimation of Experimental Errors 

The errors involved in the determination of local heat transfer 

coefficients are: 

1. errors in measurement of thermocouple emf values 

2. errors in measurement of heating element voltage drop 

3. errors in measurement of heating element current 

4. errors in calculating local bulk temperatures 

The values of emf from thermocouples were read to + 0. 002 

millivolts. Over the range of temperature covered this error in 

temperature units is + 0. 07° F. Including a small computational 

error for calculating temperatures from emf values using Equations 

52 or 53, the error is close to + 0.1° F. Error involved in deter- 

mining the local bulk gas temperature from temperatures at thermo- 

couple locations by using Equation 54 is estimated to be + 0. 2° F. 

The total error in the local bulk gas temperature is felt to be close 

to + 0. 3° F. 
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The Simpson ammeter and the Simpson voltmeter used to meas- 

ure the current and voltage drop respectively in the heating element 

had an accuracy of + 2 percent at full scale. Both instruments were 

read at nearly full scale. 

Errors involved in determining the heat flux are estimated by 

using Equation 56a, i. e. 

q = 3.475 (IV - I2RL) (56a) 

q ± error = 3. 475[(1 + 0.02) I (1 + 0.02)V - (1 ± 0.02)212RL] 

q + error = 3. 475 (1 + 0. 0404)(IV - I2RL) 

q + error = (1 + 0. 0404)q (70) 

Errors involved in determining ATloc. are estimated by using 

Equation 55, i. e. 

ATloc 
Y Tw - Tb 

T. + error= (Tw ± 0.1) - (Tb + O. 3) 

AT loc 
+ error= 

AT loc 
f 0. 4 

(55) 

(71) 

By using Equation 56b, errors in the local heat transfer coef- 

ficient can be estimated as follows: 

h - q 
loc ATloc (56b) 

w b - 



_ q(1 + 0. 0404) h + 
loc error ° ATloc ± 0. 4 

+ error h (1 + 0.0404)(1 + 
± 0, 4 

loc ° loc oT ± 0. 4 loc 

108 

(72) 

In this study local temperature differences, ATloc, varied from 

7° F to 188° F. Calculated percent error for local temperature dif- 

ferences, ATloc, in this range are shown in Table IL For batch 

fluidization the smallest measured values for ETloc are 7, 1 2, and 

14° F for fluidization with fine glass, coarse glass, and aluminum 

particles respectively. For fluidization with fine glass particles 

ATloc 
was less than ten for only three cases. For fluidization with 

particulate recycle ATloc was greater than 20° F in almost all cases. 

Table IL Percent Error in Local Heat Transfer Coefficients 

OTloc° F Percent Error 
7 10. 3 

10 8. 4 

15 6. 9 

20 6. 

30 5. 4 

40 5.1 

60 4. 7 

90 4. 5 

140 4. 3 

190 4. 3 

= 
) 

2 
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Manometer readings for the section bed pressure drops were 

read to approximately ± 0. 4 cm of fluid. Except for a few readings 

section bed pressure drops were greater than 3 cm of fluid. For 

3 cm of fluid the estimated error would be ± 1.3 percent. For fluidi- 

zation with fine glass spheres, particles would at times plug the 

pressure taps on the test section which would cause incorrect read- 

ings. The line pressure was read to + 0. 2 cm of Hg. The mano- 

meter reading for the orifice pressure drop was read to ± 0. 4 cm of 

fluid. For fluidization with fine glass, coarse glass and aluminum 

particles, the smallest recorded readings for orifice pressure drops 

were 3. 1 , 8. 1 , and 8. 0 respectively. This would result in maximum 

percent errors in orifice pressure drops of 13. 0, 5. 0, and 4. 9 for 

the fine glass, coarse glass, and aluminum particles respectively. 

A correctly constructed square edged orifice meter has a re- 

producibility of about two percent (29, sec. 5, p. 11). This assumes 

that the correct coefficient of discharge, density, and pressure drop 

are used. With this in mind, a maximum error of the order of 

-F 10 percent is estimated for the gas flow rate. 
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RESULTS AND CONCLUSIONS 

Local and average heat transfer coefficients for shell -side heat 

transfer from a fluidized bed tubular heat exchanger were investi- 

gated. Batch fluidization and fluidization with particle recycle were 

investigated, using air as the fluid phase and glass or aluminum 

particles as the particulate phase. Heat transfer coefficients for air 

flowing through the heat exchanger without fluidization were also 

investigated. 

Average Nusselt Numbers without Fluidization 

The average heat transfer coefficients for air alone agree with 

those calculated from accepted correlations (2, p. 93; 7); therefore, 

it is concluded that correct values of coefficients were obtained by 

the procedure followed. 

Bed Thermal Gradients 

From measurements of radial and vertical temperature pro- 

files, bed thermal gradients are shown to be small in the fluidized 

bed except for the first few inches of the test section. A one to 

three degree increase of temperature is observed over the first few 

inches of the bed. Since thermal gradients in the bed are small, co- 

efficients for a fluidized heat exchanger with all of the tubes in the 
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bundle heated would not differ substantially from the coefficients for 

an exchanger with one tube heated in the bundle. 

Heat Transfer with Batch Fluidization 

For batch fluidization local heat transfer coefficient profiles 

were of two types. For a Type I profile coefficients are high at the 

bottom of the bed and decrease at higher levels in the bed. Type II 

profiles have a maximum. For increasing values of the group 

Dt2 /LfSb, there is a greater tendency to have Type I profiles. When 

fine glass particles are the fluidized medium, the local heat transfer 

coefficients are in the range 25 - 40 Btu /hr ft2 °F for the most dense 

part of the bed. When coarse glass or aluminum particles are the 

fluidized medium, the local heat transfer coefficients are in the 

range 15 - 30 Btu /hr ft2 ° F for the most dense part of the bed. 

Nusselt numbers averaged over 11 -inch sections of the fluidized 

bed are correlated with Equation 68, an equation developed from a 

modified form of the Ziegler, Koppel, and Brazelton model for 

fluidization heat transfer, i. e. 

Nu e 

Ll+!( )(P 
s)1. 1 

Re 3/2 
C sP 

1/2 p G 
P Dp sg g 

5 42, (1 - 
E)0. 48 

Several conclusions can be drawn from this correlation: 

(68) 
P kg 

J 

2 

p 
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1. Particle Nusselt numbers are independent of particle 

thermal conductivity. 

2. Particle Nusselt numbers are proportional to (1 - 00. 48 

(This result agrees with previously published data (10; 

23; 24; 27, p. 47).) 

3. Particle Nusselt numbers are proportional to average 

particle surface area. 

4. Particle Nusselt numbers become less dependent on mass 

velocity as mass velocities are increased. (This fact was 

also concluded by Leva (18, p. 197). when discussing Dow 

and Jakob's results. ) 

Particle Nusselt numbers, Nu , are about 20 percent lower 

than those calculated from Gamson's correlation (1 0) for a single 

vertical heating tube in a fluidized bed. This agreement leads one to 

believe that tube configuration and tube spacing affects heat transfer 

coefficients only slightly. 

Local coefficients did vary slightly with tube location for batch 

fluidization. In most cases coefficients measured at tube location 2 

were the largest and coefficients measured at tube location 1 were 

the smallest. Coefficients measured at tube locations 3 and 4 were 

usually of an intermediate value. Average coefficients did not vary 

significantly with tube location. It is concluded from the results of 

Toomey and Johnstone (31), Vreedenberg (34), and the present 

P 
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investigation that the effect of tube location on heat transfer coeffi- 

cients is a function of the mass velocity. At mass velocities greater 

than 1000 lb /hr ftz tube location affects heat transfer coefficients m 

only slightly. At mass velocities below 700 lb m /hr ft2, it is believed 

that tube location will significantly affect heat transfer coefficients. 

Heat Transfer with Particle Recycle Fluidization 

For fluidization with particulate recycle, local heat transfer 

coefficients decrease in magnitude over the first few inches of the 

test section; the coefficient then remains constant to heights between 

35 and 40 inches from the entrance; and an increase in heat transfer 

coefficient is observed over the remaining five to ten inches. 

Equation 69 correlates the average particle Nusselt number 

within ± ten percent, i. e. 

Nu Re -0.68 
plj3 - 0.14 ( P) 

Re Pr 
P 

(69) 

Except at tube location 1, local heat transfer coefficients are 

only slightly affected by tube location. Average coefficients at loca- 

tion 1 are 10 to 20 percent larger than coefficients measured at loca- 

tions 2, 3, and 4. 

j = 
H 
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Comparisons of the Fluidized Bed Exchanger 
to a Typical Baffled Exchanger 

For batch fluidization with fine glass spheres (D = O. 0052 inch) 

a fluidized bed heat exchanger, having a static bed height of less than 

seven inches, and operating at a fluidized bed height of 30 inches, has 

a smaller pumping requirement than does a baffled exchanger of the 

same heat transfer capacity. When the fluidized bed exchanger is 

completely fluidized, the fluidized exchanger is advantageous in terms 

of pumping requirements when 'using fine glass spheres. 
For fluidization with coarse glass spheres (D = 0. 01 51 inch) or 

aluminum particles (D = O. 0306 inch), the baffled exchanger is ad- 

vantageous in terms of pumping requirements. 

For fluidization with particle recycle, pumping costs are less 

for the fluidized exchanger when fluidized with aluminum particles. 

Calculated pressure drops through the baffle openings were large at 

the velocities used for the aluminum and coarse glass particles, The 

pressure drop through the baffled heat exchanger could be reduced by 

using larger baffle openings. Pressure drops through the cyclone 

separator and connecting conduit were not considered. 

At the same heat transfer capacity, h As, av the fluidized bed 

heat exchanger was advantageous in terms of surface area require- 

ment when completely fluidized with fine glass spheres for all static 

bed heights studied. 

P 

P 

P 
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RECOMMENDATIONS FOR FURTHER STUDY 

1. More experimental information is needed for heat transfer 

from a vertical tube bundle to a gas fluidized bed for mass velocities 

less than 800 lbm /hr ft2. For velocities in this range it is expected 

that tube location will have a significant effect on heat transfer coef- 

ficients. It is suggested when studying the effect of tube location that 

tubes of interest be heated simultaneously. In this manner heat 

transfer coefficients at different tube locations can be determined at 

identical conditions. 

2. A study of heat transfer to a bed fluidized with nonspherical 

particles of known surface area is recommended. A study of this type 

will help to further substantiate the theory presented here and will 

determine quantitatively the effect that particle shape has on heat 

transfer. Such particle shapes as cubes, discs, and pyramids are 

suggested. 

3. Baffles made of wire cloth could be used to more evenly 

distribute the particles over the entire heat exchanger. In effect the 

heat exchanger would consist of several fluidized beds stacked on top 

of each other. In this manner the high heat transfer coefficients of 

dense phase fluidization could be obtained for an exchanger of any 

length. Power requirements of such an operation should be deter- 

mined. 
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4. An increase in the effective area of the heating tubes can 

be obtained by adding fins to the tubes. It appears that longitudinal 

fins would be more feasible since transverse fins on a vertical tube 

would probably increase particle hold -up. The effects of fin spacing 

and fin widths on heat transfer coefficients should be determined. 

Local heat transfer coefficients on the fins and the tube should also 

be determined. 

5. It is recommended that the study of a gas fluidized bed 

tubular heat exchanger be extended to a liquid fluidized bed exchanger. 

Since the mathematical model proposed in the present study is valid 

only for kf /ks < 0. 2 a fluidizing medium such as water, 

kf /ks 
M 

0. 6, would further test the proposed mechanism. The parti- 

cle thermal conductivity in fluidized beds with kf /ks > 0. 2 is ex- 

pected to have an effect on heat transfer coefficients. Several parti- 

cle types having different thermal conductivities should be investi- 

gated. 

6. Gases or liquids that normally cause excessive fouling 

should be used in a fluidized bed heat exchanger to study the effect - 

tiveness of the particle scrubbing action in eliminating fouling. 
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APPENDIX A 

NOMENCLATURE 



Symbol 

1 22 

NOMENCLATURE 

Definition Dimensions 

a effective area for heat transfer per unit 
volume of bed ft 1 

A cross sectional area of fluidized bed ft2 

A for the interpolating formula n for the local bulk gas temperature ° Finch 
gDp3 Ps Pf Ar Archimedes number, dimensionless 
v2 Pf 

b coefficient for Equation 28 dimensionless 

C coefficient of discharge used in orifice 
meter calculations dimensionless 

Cf heat capacity of the fluid Btu /lbm° F 

C heat capacity of the gas Btu /lb ° F 
g m 

Cqb quiescent bed heat capacity Btu /lbm° F 

Cs heat capacity of solids Btu /lb ° F m 

CR correction factor for tube location in the 
fluidized bed dimensionless 

d 
t 

tube diameter ft 

D bed diameter ft 

De equivalent diameter of a tubular heat 
exchanger inches 

D particle diameter inches, ft. 
P 

D bed diameter ft 
t 

DAB diffusivity ft2 /sec 

coefficients 

s 

- 

q m 

e 
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Symbol Definition Dimensions 

emf electromotive force produced by the 
thermocouples millivolts 

f(6) contact time distribution function dimensionless 

F velocity correction factor of Equation 6 dimensionless 
E 

g acceleration due to gravity ft /sec2 
lb ft 

rn gc gravitational constant lb sec 
f 

2 

G gas mass velocity lb m /hr ft2 

Gmf gas mass velocity at minimum fluidiza- lb /hr ft2 tion m 

h heat transfer coefficient Btu /hr ft2. °F 

h heat transfer coefficient for transfer 
c to a particle near the wall Btu /hr ft2 ° F 

h local heat transfer coefficient Btu /hr ft2 ° F loc 

hN natural convection heat transfer coef- 
ficient Btu /hr ft F 

dh manometer readings cm 

H 
0 

heat transfer surface height ft 

I current flowing through the heating ele- 
ment amperes 

jH j factor for heat transfer, Nu /Pr1 /3Re dimensionless 

kc thermal conductivity of copper Btu /hr ft ° F 

kf thermal conductivity of the fluid Btu /hr ft ° F 

kg, KG thermal conductivity of the gas Btu /hr ft ° F 

k mean bed thermal conductivity Btu /hr ft ° F 

g 

m 

° 
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Symbol Definition Dimension 

kqb quiescent bed thermal conductivity Btu /hr ft ° F 

k 
s 

thermal conductivity of the solids Btu /hr ft ° F 

Km mean mass transfer coefficient ft /hr 

L length of test section ft 

Lf fluidization height ft 

Lc length of copper contacts in tube wall 
temperature probe ft 

M exponent coefficient in Equation 36, 
1 2 k 

g s 
/p C D 2 

s p 

N modified Nusselt number, h D /2k 
c p g 

Nu particle Nusselt number, hD /k 
P P g 

Nu average particle Nusselt number, av h D /k av p g 

Nu maximum Nusselt number, h D /k max max p g 

hr 1 

dimensionless 

dimensionless 

dimensionless 

dimensionless 

P Pressure lbf /ft2 2 

APo orifice pressure drop lbf /ft2 

APb pressure drop across a section of the 
fluidized bed lbf /ft 

oPt total pressure drop across the test 
section lbf/ft2 

Pr Prandtl number, Cgµ /kg dimensionless 

q heat flux from heat transfer surface Btu /hr ft2 

q heat flux to a particle near the heat 
P transfer surface Btu /hr ft2 

r radial distance from the center of the bed ft 
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Symbol_ Definition Dimension 

R radius of the fluidized bed ft 

Re Reynolds number dimensionless 

Rep particle Reynolds number, DGµ dimensionless 

Reo 
P 

particle Reynolds number when the par - 
title Nusselt number is a maximum dimensionless 

s stirring factor 

S tube spacing in tube bundle 

Sb static bed height 

S2 cross sectional area of orifice 

Sc Schmidt number, µ¡p gDAB 

T temperature 

Tb bulk bed gas temperature 

T_ bulk bed gas temperature at the nth bulk Ton 
gas thermocouple 

T. 
i 

T. 

T 
w 

Tc 

Tm 

_l 
hr 

ft 

inches 

ft2 

dimensionless 

o F 

o F 

o F 

average temperature of air surrounding 
a particle near the heat transfer surface O F 

gas inlet temperature 

tube wall temperature 

temperature in the copper contact of the 
tube wall probe 

temperature in micarta surrounding the 
thermocouples in the tube wall probe 

° F 

o F 

o F 

o F 

ExTloc 
local temperature difference ° F 

AT average temperature difference ° F av 

Ü 

xn 

m 
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Symbol Definition Dimension 

V voltage drop across heating element volts 

x distance into the copper contact of the 
tube wall temperature probe inches 

X dimensionless distance into the copper 
contact of the tube wall temperature 
probe dimensionless 

Y radial distance to the transverse thermo- 
couple 

Yo expansion factor for the orifice meter 

Z vertical distance from the entrance of the 
test section 

Zn vertical distance to the nth bulk gas 
thermocouple 

a 

Yp 

E 

rl 

o 

é,e 
c 

Pb 

Pg 

Pf 

inches 

dimensionless 

inches 

inches 

shape factor for gamma distribution dimensionless 

ratio of the orifice diameter to the pipe 
diameter dimensionless 

number of particles per unit surface area particles /ft2 

void fractions 

dimensionless radius, 2r /D 
P P 

contact time 

average contact time 

bed density 

gas density 

fluid density 

dimensionless 

dimensionless 

hr 

hr 

lb m /ft3 

lb /ft3 

lb m /ft3 

p 

n 



Symbol 

Pm 

P qb 

Ps 

P1 

F 

v 

Definition 

mean density 

quiescent bed density 

solids density 

gas density upstream from the orifice 

gas viscosity 

kinematic viscosity 

dimensionless temperature 

ratio of the particle surface area to the 
area of a spherical particle of the same 
diameter 

T dimensionless contact time, 
4k 

s0 s 

X n 
eigenvalues 

P CDp 
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Dimension 

lb m ift3 

lb m /ft3 

lb m /ft3 

lb /ft3 m 

lb m /hr ft 

ft2 /hr 

dimensionless 

dimensionless 

dimensionless 

hr-1/2 
2 

s p 
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APPENDIX B 

CALIBRATION OF THE ORIFICE METER 



1.29 

CALIBRATION OF THE ORIFICE METER 

The orifice meter was calibrated with velocity profiles deter- 

mined with a pitot tube. The pitot tube was placed in the three -inch 

diameter gas supply line. A location on the supply line was chosen 

where the velocity profile is fully developed. The pitot tube was 

constructed with a 1/16 -inch stainless steel tube. A screw moving 

device with a mounted indicating dial was used to determine the radial 

location of the pitot tube in the pipe. Pitot tube pressure drops were 

measured with a manometer inclined at 300. 

For six flow rates in the range of interest, point velocities 

were determined at nine radial locations in the pipe. The resulting 

velocity profiles were integrated to determine the average velocities 

in the pipe. The temperature and pressure of the air in the pipe line 

were also measured. Gas density was calculated using the ideal gas 

law. 

The average velocity in the pipe determined from the measured 

velocity profile is plotted versus the calculated quantity, YoS2 /p 1S1 

chop 1 

2 
, and is shown in Figure 37. 

1 -p 
The slope of the line, O. 6024, determined by a least squares 

analysis (26, p. 242) is the coefficient of discharge, C, over the flow 

rates of interest. 

J 
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APPENDIX C 

CALIBRATION OF THERMOCOUPLES AND THE TUBE 
WALL PROBE ANALYSIS 
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CALIBRATION OF THERMOCOUPLES AND THE TUBE 
WALL PROBE ANALYSIS 

1. Thermocouple Calibrations 

The copper -constantan thermocouples used in this investigation 

were calibrated with a mercury thermometer accurate to 0.1° F. 

Both the thermocouple to be calibrated and the thermometer were 

submerged in a well stirred water bath. The thermocouple emf and 

thermometer were simultaneously read for bath temperatures be- 

tween 50 and 180° F. 

The measured temperatures are plotted versus the measured 

emf 's for the various thermocouples on Figure 38. The curve repre- 

sents the Leeds and Northrup calibration for copper -constantan 

thermocouples . 
1 Agreement between the present calibrations and 

the Leeds and Northrup calibration is excellent. The tabulated data 

of the Leeds and Northrup calibration were used to determine the co- 

efficients for the interpolating formulas. 

2. Tube Wall Probe Analysis 

The tube wall probe consisted of two copper contacts rounded to 

the shape of the tube wall. A thermocouple was embedded in the 

1 

The leeds and Northrup standard conversion tables for L and 
N thermocouples are available through the Leeds and Northrup 
Company of Philadelphia. 
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copper contact, but electrically insulated from the copper with epoxy 

and micarta. Each copper contact is held in contact with the tube 

wall by a spring. The sides of the copper contacts are insulated with 

micarta; however, the spring ends of the contacts are adjacent to air. 

It is conceivable that steady state conduction through the copper and 

micarta would not be negligible. 

If we consider the contact to be a 1/8 -inch long cylinder, the 

first 1 /1 6 inch being copper, and the remaining 1/16 inch being 

micarta, we can approximate the contact. Using a relation given by 

McAdams (22, p. 181), a natural convection heat transfer coefficient 

of O. 25 Btu /hr ft2 °F was calculated. In this calculation a tempera- 

ture difference of 10° F was assumed. A heat transfer coefficient 

representing the inverse of the resistance to heat transfer between 

the tube wall and the copper contact was assumed to be 

1000 Btu/hr ft 
2°F. 

The differential equations and boundary conditions with the 

above assumptions are as follows: 

2 
d Tc 

0 0< X< 1 

dX 2 

2 d2T 
0 2< X< 1 

dX 

(73a) 

(73b) 

_ 

F. 



where 

X 
x 

L 

-k dT 

L dX (0) 
= 

hw( Tw - Tc(0)) 

1 1 
Tc(2) 

= Tm 2) 

dT 
l 

dT 
1 

- kc ( ) m dX (-2) 
dX 

-k dT m m 
L dX (1) = hN(Tm(1) - TA) 

TA = air temperature inside probe, °F 

h = 1 000 Btu/hr ft2 °F 
w 

hN = 0. 25 Btu/hr ft2 °F 

k 
c 

= 218 Btu/hr ft °F 

km = 0.1 Btu/hr ft °F 

The solution to the above problem is: 

1 35 

(73c) 

(7 3d) 

(73e) 

(73f) 

[[l+-ì(1X)+_-](T k k 
- TA) 

N 
Tc(X) - 

k k k + TA (74a) 

[ 2 (1 + 
k ) + + h 

] 

c N w 
h 

k h J 
c 



k 
[L(1 -X)+h 1 (Tw- TA) 

Tm(X) k 
Nk 

k + TA 

[1--' (1 +-I-11) i----121 + h ] 

c N w 

136 

(74b) 

The largest errors in determining the local heat transfer coef- 

ficients for the heat exchanger occur when the wall temperature is 

about 90° F; therefore, for the present calculation, the tube wall 

temperature and the air temperature in the probe are assumed to be 

90° F and 80° F respectively. By substituting numerical values into 

Equation 74b, the following equation for the temperature in the 

micarta is obtained: 

T (X)-[040+.0104(1 -X)]1p +80 m 0. 40531 

The thermocouple junction is located at approximately X = 5/8; 

therefore, the temperature at the junction is 

Tm(8) = 89. 965° F 

The error involved in the probe is 

Tw - Tm(8) = 0. 035° F 

(75) 

(76) 

(77) 

This calculated error is greater than would be expected in the 

operating probe, since the assumed values of the temperature dif- 

ference between the contact and the enclosed air and the heat transfer 

- 
h 
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resistance between the contact and the tube wall were purposely 

chosen large. The calculated error is less than the accuracy in- 

volved in reading the thermocouple emf; therefore, it is negligible. 
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APPENDIX D 

SAMPLE RAW DATA SHEET 



1 39 

SAMPLE RAW DATA SHEET 

RUN 9 F Date 7/25/67 

Tube Location 

Static Bed Height 

Type of Particle 

Voltmeter Reading 

Ammeter Reading 

Orifice Pressure Drop 

Inlet Pressure 

Inlet Thermocouple emf 

2 

6 inches 

Fine Glass Spheres 

Volt Volt Volt Volt 

2.78 2.78 2. 77 2. 77 

Amperes Amperes Amperes Amperes 

39.1 38. 9 38.9 38. 9 

cm of fluid cm of fluid 

5. 3 5. 3 5. 3 5. 3 

cm of Hg cm of Hg cm of Hg cm of Hg 

3.8 3.8 3. 8 3. 8 

mv mv mv mv 

2. 065 2. 047 

Outlet Thermocouple emf 1.162 1. 153 

Transversing Thermocouple emf 

2. 052 2. 066 

1.161 1.168 

Y, inches y/D mv mv mv 

0. 575 0 . 1 1. 188 1. 165 1. 163 

1. 75 0 . 4 1. 178 1. 157 1. 1 58 

4.00 0.8 1.101 1. 094 1. 11 2 



cm of fluid cm of fluid 

140 

Section 1, APb 25. 0 25. 0 25. 0 25. 0 

Section 2, Alpb 23. 0 23. 3 23. 3 23. 4 

Section 3, APb 4. 7 5. 2 5. 0 6. 3 

Section 4, OPb 40. 0 40. 0 40. 0 40. 0 

Tube Wall Probe Thermocouple 

Position, inches 1.0 3.0 5.0 8.0 1.1.0 
my my my mv mv 

emf 2.704 2.808 2.803 2.763 2.949 

Position, inches 17.0 23.0 29.0 35.0 41.0 
my my mv mv my 

emf 2.948 3.218 3.765 4.183 4. 51 2 

Position, inches 45.0 
mv 

emf 4. 672 

Bulk bed Thermocouples, emf 

height, inches my mv mv mv 

9. 5 1.188 1. 21 2 1.173 1. 205 

17.5 1.191 1.172 1.179 1.181 

27.5 1.183 1. 1 58 1.167 1. 178 

38.5 1.188 1.168 1.172 1. 164 
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TABLE III. RADIAL BULK BED TEMPERATURE DATA 
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Table III. Radial Bulk Bed Temperature Data 

Run 
Y í Radial Temperature, e F 

1B 

1C 

1D 

lE 

1F 

1G 

1H 

lI 

1J 

3A 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

75. 0 
73. 2 
71. 8 

73.4 
71. 1 

70. 6 

70. 7 

71. 1 

71. 0 

71. 4 
69. 8 
69. 8 

73. 6 

73. 0 

72.7 

71. 5 

71. 2 

71. 6 

71. 8 

71. 6 

71. 3 

70. 3 

70. 3 

70. 2 

77. 5 

77. 4 
77. 0 

72. 2 

72. 1 

72. 2 
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Table III. Continued 

Y 

Run D Radial Temperature, °F 

3B 

3C 

3E 

3F 

3G 

3H 

4H 

41 

5A 

5B 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

68. 2 
67. 7 

68. 5 

67. 1 

68. 2 

68. 1 

68. 5 

68. 1 

67. 8 

68. 2 

68. 3 

68. 2 

65. 1 

64. 8 

64. 8 

63. 3 

63. 3 

63. 3 

78. 5 

78. 9 

78. 8 

80. 8 

80.8 
80. 9 

76. 6 

76. 7 

76.8 

79. 8 

79. 1 

78. 9 
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Table Ill. Continued 

Run 
Y 

D Radial Temperature, ° F 

5C 

5E 

5F 

5G 

5H 

9H 

l0A 

lOB 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 4 
0. 8 

0. 1 

0. 3 

0. 7 

0. 1 

0. 3 

0. 7 

0. 1 

0. 3 

0. 7 

77. 0 
77. 0 
76. 9 

76. 1 

75. 8 
75.8 

76. 8 
76. 5 

76. 3 

67. 4 
67.6 
67. 4 

70. 6 
70. 8 

71. 0 

85.5 
85.6 
85.2 

96. 9 
97.4 
97. 2 

102. 9 
103. 1 

102. 8 
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APPENDIX F 

TABLE IV. EXPERIMENTAL AND CALCULATED DATA 



'1' 1B FT.)F gl_l.SS S7.4-OFS 

TUHF .,í.1 
I TF..DFRAT1IHF 

(''rï G 'F1,4FFG FA.:9F1,HFTT 

HA.? 
Ra. 

17.ti 9n.A 
114.7 
77n.ti 
J74.- 

47.ti "774.h 

41. 477.7 
44.ti 17R,14 

1" I F T T r,,' ^nI r1;F (;,IS nFfdSTTV 
nr:;:'rrC F,F'."'1FTT I-NS./rll, FT, 

11 ,'17RN 

tic, IC FT.'F nl aS5 SPHFnFS 

STATTr nFn utIGHT= 9 INCHFC 1F.AT TIME LOC. NO,4 

TFo9FH.nTI1RF nTrFFREvrF 
nFr,HFFS FAHRFeHFIT 

1?.[. 

1?.1 

11.3 
13.9 
55.9 

14H.1 
I9g.1 

2cH.4 
74F.2 
74-,.? 

747.'-1 

'IFAT FLUx MAcc FLOW HATE 
HTI1/HR. S9, rT, LáS,/HR, SL1. FT, 

10,1.1 1023 

LOCAL HEAT TRANSFER COFFFICTENT 
HTU/HR. SO FT. F 

79.1 
79.q 
11.9 
76.0 
6.5 
2.4 
1.P 
1.0, 

1.5 
1.5 
1.5 

AVG. HT. 'FRANC. CCEFFICIFNT 
RTII/HR. Sn. FT. .F.. ._ ._. 

1.1n 

STATTr 'Fn HF.IT,,HT= 9 InICHFC .IFAT TORE LOC. NC, =4 

P-+^rF I ^C'.I T,^-1 TInF ''AI I TFUPFRATUHF TFn+P1=AATIIRr TITCFFRFFIrF LOCAL HEAT TRANSFER C^FrFICT'NT' 
r,G cA.+oFVHFTT nFgHFFC FAHRrF'HETT HTU /HR. S0. T. F 

-, 97.7 
9'1.1 

14.1 
12.k 

24.2 
27.5 

17. RG.R 11.3 75.0 
4A .9 14.4 24.2 

? '.. . H7.7 15.S 22.1 
26.-; 91.7 19.4 17.9 
1'. 99.? 11.1 
1F.G 10ti.n 31.1 10.9 
u7.S lt11.i 30.5 11.4 
44.H 106,.9 33.9 In.? 

1n.5 37.4 
Iq .I'IR, I+AS nFNSTTV HFaT FLUX MACC FLOW RATF AVG. HT. TRANS, COEFFICIENT 
I1r6.4-rF F.,Y+F t(I L3S./rll. FT. r.T11/tiR, Sr'). cT. I_9G./H9. 42. FT. HTU /HR. S6. FT. F 

,n797 147,? 153h 17.59 

II,1..1 Fl -I- r,IIS' SPHr9FC STATIC nFn HEIGHTe9 INCncS HFAT TUPE LOC. N0. =4 

PaCF I ^rn I T, . 

T r .S 
TIIHF wall TFHPFf7AT11RF TE.INFRAIURF nTFFFPtNrF 
,FIit7FFS FA11RFr)HFTT IIFCHFFG FAHRF.'HEIT 

LOCAL HEAT TRANSFER 
HTU /HR. SQ. FT. 

COEFFICTENT 
F 

7,5 05,1 27.0 12.R 
4," 97,4 12.1 

o, 

17,ti 

1.'.H 

100.7. 

106.7 
101.7 
lnn.R 

30.7 
31.1 
31.7 
31.7 

11.1 
11.1 
ìn.9 
10.9 

90.9 30.H 11.2 
100.9 31.3 11.1 
Inn.9 3q.5 11.4 
Qn.L 
01,4 

19.3 
zn.? 

17.9 
17.7 

j',I FT Tl >u¡'IpF- LIAS nFNSTTy HFr,T FLUX MACe FLOW RATE AVG. HT. TRANC. COEFFICIENT 
;r ItiF TT LrIS./r11. FT, HTI_I/uR. FT. LQS./HH. Sg. FT. RTU /HR, 5n. FT, F 

,n427 74R.3 2525 12.30 

P9^''r I ^C:.1 .^.-: 

nS.1 

1n77 

' T r. 

nI.1 

,F».rFFS 

;1h.4 

9.1 

1fl 

"!.k7 
1.0, 

7r..S 

1''. 
1a,S 

... 
47.I. 
4..,- b 

IÍr,FFC 5d, 

F.p,n 

- 

- 

a 



RII1,1 lE Fr4F,IA5S SPHFPFS STATIC nFri-HEIGHT= 91NCHF9 HEAT TUBE LCC. NC,.c4 

Pn,^,NF 
1 ^.Cnl+,^,u TIINF WAI L TFMOFPATIIHF TF..PFRA TURF OTFFFHENI'F LOCAL HEAT TPANSFFR 

0EHPFFS FAHQFXIHFTT nE:PFE5 FAHPFNHETT RTU/HR. so. T. 
- - a7.5 - 

.. _.. 
2(l,1 

CCEFFICIENT- 
F 

a,c 91.9 25.7 13.7 
17.G 96.0 27.0 17.8 
1..4 99.0 30.1 11.5 

101.? 37.0 Tn.á 
07.2 27.6 175 
96.H 26.5 17.9 

1a,6 96.3 25,9 11.3 
19.- 92.9 22.1 15.5 
4 7 59.5 18.5 18.7 
4.4 51.5 12.9 76.9 

I 1_'.T Tf^nvc,Alu+F GAS 1FNSTTV HFAT FLUX MACC FLOW PATE AvG. HT. TRANC. COEFFICIENT 
IÍF,oFCC Fu',F'H j 1 LHS. /0U. FT. aTU /HP. SO.-T, Lnc. /HG. CO. FT. RTU/Ha. So. FT. F-._.----- 

65,7 

P r, 
1 F 

.0506 146.4 2076 

FT'1F" GLASS SPHFPFS 

14.40 

STATIC SFn HEIGHT= 91NCHF5 HEAT TUBE LCC. 

P70uc 1 "TA 1 ^'i 
Ir..rH:S 

2.5 
1.': 

4.,, 

T.WF ,nAI I TF`4PFPATIIPF Th.mPcNATUEHF nTFFFRFniPF LOCAL HEAT TRANSFER CCEFFICTENT- 
OF5'7FF5 FAHOFIHFIT nE,HFFC FAHRcI,HETT HTU /HP. CO. FT. F 

9c.9 C1.5 17.1 
95.1 20.1 18.0 
94.1 18.6 19.7 
91.9 16.7 22.0 

.', 112.6 
146.6 

30.5 
57.3 

11.9 
6.4 

17.6 179.4 H4.6 4.1 
1°.5 296.5 203.7 1.8 
24.,, 

1',,5 
129.? 
361.4 

764.7 
718,9 

1.5 
1.1 

44.5 1ca.1 772.5 1.3 
l,IrT ìt lr ,,1'19F GAS nFNSiTV HFAT FL!). .MACC FLOW RATE AVG. HT. TRANS. COEFFICIENT 
Ilc,r-cc Fn`1 1c,HFTT 

7^,a 
L3S./rU, FT. 
.079r1 

5T1T/H13. 5g, 
166,9 

cT, Lac,/HR. 50. FT. 
679 

RTU /HP. SO. FT. F 

2.04 

P,n,r 1G F 1^lr r.LSS SoHC,,FS STATIr 0Fn HEIGHT= 4INCNFC HEAT TUBE LCC. NC.e4 

pon-f_ ,^rnl.^., 

fyr A-S 

(,.IHF .Ait Tc-PC9AT/PF TF,PFPnIURF nTFFFHtnInF 
uF,+PFFS FAHpFNHFIT nEgRCFC FAHPF.n.IEIT 

a2.5 14.6 
57.) 17.1 

LOCAL HEAT TaANSFFR 

RTU/HR. co. FT. 

24.0 
70.7 

COFFFICTENT 
F 

5." 95.9 17.5 19.6 - 

- 

11. 94.1 22.1 15.7 
17.° 96.5 25.2 119 
2,.- 05.0 27.9 17.5 ?. 101 .., 30.1 11.A 

104.9 32.7 1n.7 
41.- 101.4 30.2 11.6 

-._. 
9c.1 22.7 1S7 4. 102.'1 25.9 17.1 

1.1 cT TI ,,I .,,1,1,-F iìAS ncNSTTV HFAT FLOX '4ACC FLOW RATE AVG. HT. TRAMS. COEFFICIENT 
(1c-.'.cPG F"H,c -+FTT I_,S./CU. FT. HT11/H9, S,I. cT, Loc./HR. c0. FT. RTII/Ha. Sn. FT. F 

,7.7 ,0791 149,3 1664 13.96 

- " - ---_-"- ""- 

Ir'C'cî 
-__.__. 0.5 .. - 

74.5 
1" . 

...... 11.5 
. .. ._._ . 

. C 

j7.A 

N0..4 

4., 

1:,..; 

- . . . 

v.. 



P:L0 1H FT`IF 

Po.^,NF r ^GAIT, 
T 

'LASS SPHFPFS STATIC REn HEIGHT= 4 IMCHFc PEAT TUBE LAC. 

TNHF :,rALi TrwoFPATUGF TEPFHATURE 0TFFFRENrE LOCAL HEAT TRANSFER 
UE(ìPEEC FAH9FNHFIT nEaHFES FAHRFNHEIT RTU/HR. Sq. FT. .... 4.1-. 

1A.7 70.7 

COEFFICIENT-- 
F 

Si.? 10.5 14.1 
1.n 11.6 11.1 
1,6 11.5 11.3 

11 AR.4 16.1 77.4 - 

1 
7. 

) 104.9 37.4 11.1 .._.... 
13a.7 
lqA,9 

_. b1.1 
124.4 

5.9 
7.4 

41." 725.4 1S(1.4 7.4 41,n 751.1 115.9 7.0 45..1 751.3 175. 7.0 
I'LFT rI, nl,táp GAS nFPSiTV HEAT FLUX MACC FLOW PATE AVG. HT. 'MANS. COEFFICIENT 
rIF(;=FFG LHS.JC1I. FT. HTU/HR. SQ. cl%`á5,/HR. G. FT. HT11/HR. Sn. FT. 

- 

kt,.-4 .n79n 360.0 1333 5.3n 

Wir' 1 I FTNF r,LASS SPHFPFS STATIr nEn IEIGHT= 4 I.iCHFc HEAT TORE LCC. NO. =4 

PR^r+F r ^CAfiC-I . ... 

Tr,r+.S 

TITRE ulALi. TFMPFPATUPF_ TEHPrRATTJRF ryiFFFRENrE 
iìEGRFES FAHRENHFIT nEaHFFc FAHRFNHEIT 

LOCAL HEAT TRANSFER 
RTU/HR. SO. FT. 

CCFFFICTENT- 
F 

1 A5.3 19.7 17.6 
91.1 24.3 14.7 
100.3 32.7 10.A 
1(12.1 33.4 10.1 

17. 101.1 .33.n 10.5 
100.4 32.a 10.7 

?t1. Inns, 32.1 10.7 
tnn.7 31.7 10.9 

61 q4.A 25.3 11.7 
41., AA.4 IH.9 1R.3 

- 15.5 27.4 
T. mPt'1,n 10HF (;AS nFVSTTV HFAT FLUX MAGG FLOW PATE AVG. HT. TRANS. COEFFICIENT ilFr-c LHS./r(1. FT. PTU/HR. SA. FT. LaS./HR. c(1. FT. BTII/HP. Sn. FT. F 

a4.7 

PII" 1 J FT'IF 

pn^'+F 

f,r,FS 
1." 

.(1416 34A.1 2200 11.94 

'LASS SPHFREC STATIC nEn HEIGHTä FINCH, NEAT TORE L,^,C. 

TiiHF idALi TFr+RFRATURF TËk+PFPATURF nTFFFRENrE LOCAL HEAT TRANSFER 
DEGPEFS FAHRFNHFIT nEr,RFEG FAHRENHEIT RTU/HR. SQ. FT. 

q6.1 1A.H 1A.R 

COEFFICIENT 
F 

1. 110,1 31.1 11.1 
5., 

1 1 . , 

116.1 
119.4 
117.5 

35.9 
3 A . A 

37.A 

901 
9.1 
9.3 

116.9 37.5 9.4 
116.9 37.3 9.5 

-;c.) 116.5 36.4 9.7 
4 1 . : 

1 1 1 . 1 

ln1.0 
q6.9 

11.5 
17.2 
21.7 

730.6 
.. .. - 

20.5 
16.3 

I>y_FT TF ,N :nr'1qF r,AS nFNSTTv HEAT FLUX MACe FLOW RATE AVG. HT. TRANS. COEFFICIENT UFi..,FF= F," F"IFT1 LS./CU. FT. HTU/Hg. b4. T. LRG./HR. G0. FT. RTU/HR. Sg. FT. Tf .(. .08A9 352.6 2973 10.57 

reS 
1,n 

4O.s4 

. ... 

1. 
S, 

- 

75,n 
aS.n 

_.. .. . 

F n-''1F 44F T t 
- 

S,h 

" 
' 

11., 

'A., 

yF .1 A5.3 : 

1111T 
F441F.;yFT 

( 

1Cntr^-1 

17,r. 
- 

1,'. 
70.'1 

_.. .. 

4 i.'1 

4c.'1 

NO. 4 

--- 
. .. 

---- 
__.. 

F 

- 



RIIN 11% COARSE-GLASS SPNFPFS STATir nFn HEIGHT_4 INCHES HEAT TUBE LOC. NO.e4 

PROPF 1'CA TON I TURF WALL TF^aPFRATUHF TE"4PFNATURF nTFFFQENCE LOCAL HEAT TRANSFER COEFFICIENT 
TNCFS DEGREES FAHRENHEIT nEr,RFFS FAHRFNHETT BTU /HR. 50. FT. F 

PQ.4 I5.5 27.R 
3. qR.9 23.4 15.1 

107.7 29.3 17.1 
11.0 115.0 36.4 9.7 
17.n 12,1.1 43.3 R.? 
23.0 125.6 SO.n 7.1 
?o.n 12P.1 

i3n.r> 54.1 
6.7 - - -- 
6.6 

41 131.R 55.3 6.4 
47.r, 
45. 

131.7 
135.5 

55.3 
59.3 

6.4 
6.0 

IuLFT Tcw,vt ,AT wE GAS nFNSTTV HEAT FLUX MACC FLOW RATE AVG. HT. TRANS. COEFFICIENT 
i)FGuFC FuHF+F1Y LHS./CU. FT. HTU/HR, STI. cT. 1019./HR. 50. FT. BTN /HR. Sn. FT. F 

72.1 .08U3 354.1 3?09 6.11 

Riird 3B r^aRSE 5I_a55 SPHFRFS STATIr nFr HEIGHT= 4 TNCHFC HEAT TORE LOC. NO.s4 

Pp,^,riF 1 ^CA I T,^,^r TuRF Wail TFMPFRATURF TF'dPCRpTURF nTFFFRENrE LOCAL HEAT TRANSFER COEFFICIENT--- - 
1.r-,4F S UFGNEE'S FAHPFNHFIT OE.HFFC FAHRFr.iHEIT HTU/HR. Cn. FT. F 

1.^ 74.7 lß.? 19.? 
3.' 9?.3 19.2 12.0 
5. l On.? lih.l 9.7 
11., 
1 
7.,, 
?3., 

11n.0 
119.9 
12n.H 

45.0 
54., 
56.4 

7.6 
6.4 
6.1 

20.'1. 1?1.4 S7.n 6.1 
35.`, 

41.1 
123.7 
17n.7 

59.4 
55.7 

5.9 
6.3 

43." 114.5 51.1 6.9 
45..) 1nF.4 40.v 6.5 

I^,1_FT TFM,=F.'-AT'i4E AAS r1FNSTTV HFAT FLUX MACC FLOW RATE AVG. HT. TRANS. COEFFICIENT 
11Fi4uFFC FA,,nF_.,aETt 

qr 6 
LHC./r11. T. 
.r1QC1 

HTU/HR. 5i,1. FT. LPC,/NH. gO. FT, 
340.7 4963 

HTII/HR. Sn. 
7.16 

FT. F 

H, 4%; 3C r'AnSF r-ASS SPHFaFS STATIr nFn 4EIG9T= 4 iNCHEc HEAT TUBE LOr. NO.s4 

PR,^vF 17(7/077;-1 

1"'rti4 S 

3.0 
S.n 

TiiaF WALI TFMPFRATOHF TF-,nPF.tA f URF nTFFFNENrE 
OFriuEES FAHQFNHFI T 0E.RFFc FAHaFniHEIT 

q1.5 15.4 
92.5 24.4 
QQ.? 29.4 

LOCAL HEAT TRANSFER COEFFICIENT 
BTU /HR. Sn. FT. F 

2 ?.7 
14.0 
11.7 

11 ., 110.6 41.2 6.5 
1 7.'1 115.1 46.5 7.5 
?3.o 1 1 Q.5 50.5 6.9 
2n.n 120.2 52.3 6.7 
35.n. lI9.5 51.3 6.8 
41.,1 117.3 48.4 7.7 
43.'i 114.4 45.4 7.6 
45.0 1nn.? 31.3 11.1 

I^*.FT TP ,,P,_. )AT,,PF ß45 rtFN5TTV HFAT FLUX `44CC FLOW RATE AVG. HT. TRANC. COEFFICIENT 
DFGRFFS F.,H-^FwHEII L85./CU. FT. hTU/HR. Sil, T. LPC./HR. cA. FT. BTU /H9. Sn. FT. F 

65.5 .04-0 349.0 7843 8.15 

1.n. 
- . 

S. 

__ 

1S.'I 
.'1 

- - - 

--.. 

' 

_ _....._.. - .. 



GLASS -SPHERES -STATIC RE0 HEIGHT. 4 INCHES 
DIFFERENCE 

FAHRENHEIT 

-- RUN 3D COARSE- HEAT TUBE" LOC-. NO..4 

PROBE LOCATION 
INCHES 

TUBE WALL TEMPERATURE TEMPERATURE- 
DEGREES FAHRENHEIT DEGREES 

HEAT TRANSFER cot_ FrtcTENT-- 
BTU /HR. 50. FT. F 

1.0 78.2 15.1 22.2 
3.0 81.1 16.9 19.9 
5.0 82.7 17.7 19.0 
11.0 84.7 19.6 17.1 
17.0 97.4 32.3 10.4 
23.0 132.6 65.8 5.1 
29.0 179.5 109.9 3.1 
35.0 204.0 132.8 2.5 
41.0 213.0 141.1 2.4 
43.0 216.0 143.4 2.3 
45.0 215.2 142.7 - 2.4 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MACS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT L85. /CU. FT. RTUIHä: SO. FT. LRS. /HR. S3 FT. BTU /HR. SO. FT. F 

61.5 

RUN 3E COARSE 

.0825 

GLASS SPHERES 

356.5 3148 

HEAT TUBE LOC.- 

4.65 

NO..4 STATIC REIS HEIGHT= 9 "INCHES 

FAHRENHEIT INCHES 
tt -TEMPERA 

DEGREES FAHRENHEIT 
-TEx+P 

DEGREES 
ATTpmmsT 

BTU /HR. 50. FT. 

R C,.tFr1CIENT 
F 

- -- 
13 1 27.5 1.0 77.9 -- - - - 

3.0 80.7 14.6 24.7 
5.0 80.4 13.3 27.0 

11.0 79.5 11.7 30.7 
93.7 25.7 14.0 

23.0 155.1 86.8 4.3 
29.0 192.9 125.3 2.9 
35.0 208.8 141.2 2.6 
41.0 224.6 157.2 2.3 
43.0 229.A 162.2 2.2 

232.9- 165.1 2.2 
INLET TEMPERATURE GAS DENSITY HEAT FLUX MACS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT- LAS. /CU. FT. BTU /HR. SO. ET LRS. /HR. SO. FT'. BTU /HR. SO. FT. F- 

64.0 .0830 360.2 2565 4.57 

- TEMPERATURE DIFFERENCE LOCAL 
DEGREES 

-i?1 SE ,LA55 S>m£RES- Nú..4 

COEFFICIENT 
F 

- PROBE LOCATION 
INCHES 

- 

TUBE WALL TEMPERATURE 
DEGREES FAHRENHEIT FAHRENHEIT 

-.8 18 

HEAT TRANSFER 
BTU /HR. S0. FT. 

1.0 81.8 18.8 
3.0 85.7 20.5 17.3 
5.0 19.9 1.G-7 

11.0 54.8 16.6 21.3 
17.0 98.9 28.6 12.4 
23.0 103.1 34.0 10.4 
29.0 10.4 36.4 9.7 
35.0 2 38.0 9.3 
41.0 .7 34.9 10.1 
43.0 .8 32.9 107 
45.0 .6 34.0 10.4 

INLET TEMPERATURE -GAS DENSITY HEAT FLUX MACS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
BTU /HR. SQ. FT LAS./HR. Q. FT. BTU/HP. 5n. FT. F"-- DEGREES FAHRENHEIT L85. /CU. FT. 

62.0 .0822 353.4 3332 12.40 

" - - -- 

-- -- 

- - -- .- - - -- -- --- - - -- -- - - __.. - 

' - 

v 

_._ 
- 

-------17.0 

- 
. 

--. - 

--4.// 

- -- - --- -- 

--' 
. ---- 

86.'7 

. ... 
_ ---- .. - 

_ 
_ _ ---- . 

- - - 

- 

- 

- -- - 
- 

- 

- 

9,9. 

.. .. ..._ 
_... 

..._. .. .__. 

.....- 

3F aAiiY-afn-HeTOHT tNCnCS HEAT TJBE L^-C. 

- -- -- -- 

__.. _.. 



RUN 3G COARSE GLASS SPHERES STATIC BED HEIGHT= 9INCHES HEAT 

TEMPERATURE nTFFERENCE LOCAL 
DEGREES FAHRENHEIT 

18.2 
27.2 
33.8 

TUBE LOC. NO a4 

HEAT TRANSFER COEFFICIENT 
BTU /HR. Q. FT. F 

19.2 

PQORF I,^,CATTCN TUBE WALL TEMPERATURE 
INrHFS DEGREES FAHRENHEIT 

78.1- _1-0 
3.0 8F.5 
5_n CA.1 

12.9 
10 4 

1).n 106.4 43.1 8.1 
17.0 110.6 AE.2 7.3 
73.n 112.4 50.5 6.9 
29-0 113.3 51_.2_ 6.8 
35.0 113.7 51.0 6.9 
41.n 111.1 47.7 7 3 

43.n 106.4 42.6 8.2 
_45.1 .06.2 _ 23.3_ 15.0 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MASS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
FAHRENHEIT__ -____- LBS. /CU. FT.- _BTU /HR. SQ. FTt SRS. /HR. s9. BTU/ i. F- _DEGREES 

59.0 .0830 349.9 
FT. -. 

5228 8.10 
-____. 

RUN 3 H COARSE GLASS SPHERES STATIC RED HEIGHTv 9INCHES HEAT TUBE LCC. NO. :4 

PRONE I_.^,CATTON TUBE WALZ_ TEMPFRATURE 
DEGREES FAHRENHEIT 

7A 9 

TEMPERATURE OTFFERENCE 
DEGREES FAHRENHEIT 

17_2 

LOCAL HEAT TRANSFER 
BTU /HR. S0. FT. 

20 2 

COEFFICIENT 
F INCHES 

1 n 

3.0 90.0 26.7 13.0 
- - - - -. 5.0_. __. _.._- 97.4 __.__ _ _---._ ---- 33.2---------- - - - -.. __. _._.. ...10.5 ----- .... ----- -- - -_._. 

11.n 109.3 44.1 7.9 
17.0 _ - 

- - _ 
_ 112.7 _- - - -. 

_. 
- - - -._ _48.5_.__.__. -_. 7.2 

73.n 114.2 50.5 6.9 
79 n 13.E 49.5 
35.0 112.1 47.9 

_7.p 
7.3 

.41.O_ -_ 110.0 45.5 7.6 
108.2 42.8 43.n 8.1 

- - 
45.0 90.4 -- 25.7 1 -3.5- 

GAS DENSITY MA« FLOW INLET TFMPERATURE HEAT FLUX RATE AVG. HT. TRANS. COEFFICIENT 
0 R --S FAHR NH ç 50. FT. RTU /HR SO. FT F 

60.9 .0863 347.5 6505 8.17 

_ _... - 

- -- 
_. _ -- _ -- - _ 

- ---- _ 
_. 

_ _. _ 

. . _ 

__ . 

- -- -- -- - 

- - - -- -- -- -_ __._ - _ . - -- 

._..___._. - .. 

Ei eT g 



GLASS- SPtiFRES --STATIC RE15-RETGFiT---rTNCKEA 

TEMPERATUR 
DEGREES 

HtATEÜ- TOBE- L3.`n Ñ6.h3 H(TN-4A COARSE 

-PROBE L:T- ATTON- -TÜBE -WA[7_ TEMPERATURE 
INCHES DEGREES FAHRENHEIT FAHRENHEIT 

1 HEAT TGANSFEA-CREFFIGTENT 
BTU /HR. S0. FT. F 

1.3 90.2 20.5 17.1 
3.0 91.6 19.9 17.6 
5.0 90.6 17.7 19.7 
11.0 91.4 16.5 21.2 
17.0 104.5 27.7 12.7 
23.0 107.0 31.7 11.0 
29.0 1n6.ó 32.5 10.8 
35.0 107.0 33.8 70.3 
41.0 104.0 31.5 11.1 
43.0 101.6 29.3 11.9 
45.(i 100.9 28.5 12.3 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MARS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DFGRFES FAHRENHEIT 

68.6 
LHS./CU. FT. 
.0810 

BTU /HR. S. 
349.9 

T. LRS. /HH Q. FT, 
3100 

BTU /KR. Sß. 
13.3q 

FT. F 

GLASS- SP-HFRES STATI Cr RE RIN - 4 B C.,ARSF -- --SEATED TUBE-LOC. NO-..3 

INrHFS DEGREES FAHRENHEIT nEAREES FAHRENHEIT BTU /HR. 50. FT. 
1.0 Rß.7 -21.0 16.7 
3.0 96.8 27.7 12.6 
5.0 102.8 32.8 10.7 

11.0 113.ß 42.9 8.2_ 
17.0 117.4 7.4 
23.0 118.4 48.9 7.2 
29.0 11ß.R 49.1 7.1 
35.0 118.1 47.9 7.3 
41.n 114.9 43.4 S.0 
43.0 108.0 37.0 9.5 
45.0 87.1 17.1 20.5 - 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MASC FLOW RATE AVG. HT. TRANK. COEFFICIENT 
DEGREES FAHRENHEIT ZAS. /cU. FT. RTU /HR. 50. CRS. /HR. S0. FT BTU /HP. So. FT.- F 

6F.ß .081A 350.2 5541 200000000008.00 

RF LOC. RrnJ 4ç 

--PaO*Tf--L"CAi-ON--1`t,r;E WALt--'IFMPER A TUBE'" 
INrHFS DEGREES FAHRENHEIT 

TEuPFRA 
DEGREES 

T URC 7tTCFERENC 
FAHRENHEIT 

LOCAL- HEAT TRANSFER COEFFICIENT 
BTU/ R . 50. FT. F 

1.0 88.4 20.? 17.3 
3.0 96.4 26.8 13.1 
5.0 102.1 31.A 11.1 

11.3 114.1 42.8 8.2 
17.0 119.5 4d.9 7.2 
23.n 11R.5 48.7 7.2 
29.0 11ß.2 48.3 7.3 
35.0 117.R 47.? 7.4 
41.0 114.2 43.0 A.2 
41.4> 101.2 30.4 11.6 
45.0 88.8 18.4 19.1 

INLET TEMPERATURE GAS DENSITY HEAT FLUX 
BTU /HR. SO. FT, 

MASS FLOW --- LRS. /HR. 
RATE 

S0. FT. 
AVG. HT. TRANS. COEFFICIENT 

BTU /HR. S0. FT. F OFGREES FAHRENHEIT- LRS. /CU. FT. 
67.3 ,0826 351.2 6390 8.59 

AT.FeREWC 

- - -- 

- - - 

---- 
° - - 

r 

4/.3 

--- 
' "' FT, "-- '- 

- 

- 

_.- 
-. 

- 
_ .- 

..- -.--- ..._. 
_.-. 

-.. ... 

_ 

1.. .nTUR[-TErtP. 
F 

- 

ßT# NC. . 

.-. 
- -__-. 

- ---- 



R11N- 4D COARSE GLASS SPHERES 

PPCRF LCCAITCN- -- SURF WALL_ TFMPERATURE TEMPERATURE fTFfERENCE 
INGES DEGREES FAHRENHEIT 

qED -HETGHT =YTNCHr STATIC 

DEGREES 

S---HEATED TURF LOCI NO.83 

FAHRENHEIT 
LOCAL- HEAT -TRANSFER COEFFICIENT` 

BTU /HR. SQ FT. F 
1.0 87.1 1óI1 22.6 
3.0 87.4 15.1 23.4 
5.0 A7.4 14.1 25.0 

11.n R6.1 12.0 29.4 
17.n R7.1 14.0 25.2 
73.n 97.8 20.3 17.4 
29.0 109.0 36.1 9.R 
35.0 151.0 77.5 4.6 
41.n 195.0 121.2 2.9 
43.n 201.5 127,3 2.8 
45.0 204.8 130.6 2.7 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MACS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
UFGREES FAHRENHEIT L8S. /CU. FT. 8TU/HR. SQ. FT. LRS. /HR. 50. FT. BTU/ 50. FT. F 

70.1 

RIiN 4E - 

.0814 

-C-7ARSE-GLASS SPHERES 

353.1 2532 8.29 

STATIC RE0 "HEIGHT- o-R-IN NEATER TUBE -LOC. j0.163 

r _URE nTFFERENCE LOCAL ',EA! IHANSFER CUEFFICIEN 
DEGREES FAHRENHEIT DEGREES FAHRENHEIT 8TU/HR. 5Q FT. F 

1.0 90.8 18.2 19.3 
3.n 92.2 17.9 19.6 
5.0 91.7 16.7 21.1 

11.n 99.3 23.2 15.2 
17.0 105.2 30.0 11.8 
23.0 105.7 312 11.3 
79,n 1ná.9 

- _ 

11.2 
35.9 109.1 3 

31.41- 

10.6 
41.0 113.1 75 9.4 
43.0 112.5 36.8 

- ß16 
45.0 124.0 48.3 7.3 

INLET TFMPERATRE GAS DENSITY HEAT FLUX MASS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LHS. /CU. FT. 8TU /HR. 50. FT. LRS. /HR. co. FT. BTU /HR. 50. FT. F 

71.6 .0806 352.0 2929 12.49 4 p CUAH`jE GLASS SRHtHES 51ATrC Rtr) 

- PPCRF I. . ̂ .CATION -Tust WALZ. TFMREPATURF - - -- ---- TEMPERATURE-DTFFFREN E 
INCHES DEGREES FAHRENHEIT OEORFES FAHRENHEIT 

t t TO`C= ND.1<3 

LOCAL TRANSFER- COEFFICIENT- 
8TU/HR. D. FT. F 

__- 
1.0 

_- _- - - - -.- 
84.5 

-. _. 
15.0 23.6 

3.0 86.E 16.2 21.9 
5.0 92.0 20.5 17.3 
11.0 97.6 25.8 13.8 
17.0 101.5 30.8 11.5 
23.0 115.3 44.9 7.9 
29.n 150.9 80.2 4.4 
35.n 197.6 126.6 2.8 
41.0 229.6 158.1 2.2 
43.0 232.3 -- -.._.- _160.9 2.2. 
45.0 226.0 153.8 

- -.. 
2.3 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MA55 PATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. 

-FLOW 
LEIS.,/,. SQ. FT. BTU /HR. SO. FT. F 

6).R .0814 355.0 2756 5.2n 

- - 
' 

-- 

. 

INr,NFS 
--- 

-- -- 

-HEAT- 
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RUN -4 G COARSE- 

PROBE LCCATTCN 
INCHES 

GLASS - SPHERES I INCHES STATIC RED HEATED-TUBE LOC. N0.3 

TUBE WALL TEMPERATURE TEMPERATURE DIFFERENCE 
DEGREES FAHRENHEIT DEGREES FAHRENHEIT 

CAL- HEAT^TRANSTER 
BTU /HR. SO.. FT. 

EFFTC TENT 
F 

1.0 96.0 28.4 12.3 
3.0 109.6 39.8 8.8 
5.0 114.6 44.0 7.9 

11.0 123.1 51.7 6.8 
17.0 129.1 58.7 5.9 
23.0 130.1 60.5 5.8 
29.0 131.5 61.9 5.6 
35.0 131.4 61.4 5.7 
41.0 128.4 57.7 6.0 
43.0 109.5 39.2 8.9 
45.0 106.9 36.1 9.7 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MASç FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. S0. FT. LRS. /HR. S0. FT. BTU /HR. SD. FT. F 

66,4 .0796 349_.2 5310 6.61 

RUN 4H COARSE GLASS SPHERES STATIC RED HEIGHT: 4INCHES 

DIFFERENCE 
FAHRENHEIT 

HEATED TUBE LOC. NO. 03 

LOCAL HEAT TRANSFER COEFFICIENT 
BTU /HR. S0. FT. F 

PROBE LOCATION 
INCHES 

TUBE WALL TEMPERATURE TEMPERATURE 
DEGREES FAHRENHEIT DEORRES 

1.0 89.2 18.3 19.1 
3.0 93,4_ 26,0 13.4 
5.0 105.3 32.1 13.9 

1'.0 137.4 43.1 8.1 
17.0 122.8 >9,4 7.1 
23.0 126.0 53., 6.6 
29.0 126.7 54.1 6.5 

'35.0 125,3 52.7 T 
41.0 121.8 48.3 7.2 
43.0 106,2 33.1 10.6 
45.0 94.4 21.5 16.2 

INLET TEMPERATURE_ GAS DENSITY HEAT FLUX MASS ELOW RAZE AVG. AVG,_ HT.IRAN$,,- CÇEFFISIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. LRS. /HR. S0. FT. BTU /HR. SO. FT. F 

70.1 .0828 349.1 7721 7.93 

RUN 41 COARSE GLASS SPHERES STATIC RED HEIGHT., 4 INCHES HEATED TUBE LOC. N0..3 

PROBE LCCAT 0N 
INCHES 

TUTiE WALL E TEMPERATURE DTFEÉRtÑCE 
DEGREES FAHRENHEIT DEGREES FAHRENHEIT 

LOCAL HEAT TRAN -SAR COEFFICIENT 
BTU/HR. SO. FT. F 

1.0 
3,0 

95.6 
104.5 
106.3 

X2O.0 

24.8 
32.0 
33.3 
45,8 

14.0 
100 
10.4 
7.6 

5.0 
11,0 
17.0 125.1 52.7 6.6 
230 129,6 56,3 6.I_ 
29.0 129.9 57.1 6.1 
?5,0 127.4 54,3 6.4 
41.0 123.4 49.6 7.0 
43_0 1101,8 30_.6 11.3 
45.0 97.0 23.7 14.6 

INLET TEMPERATURE GAS (DENSITY HEAT FLUX MASS FLOW DATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. -FT. BTU /HR. SO. FT. LBS. /HR. S0. FT. BTU /HR. SO. FT. F 

69.7 .0792 346.6 5087 7.5? 
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4-E0 -9-TNZx6!- RUN 5A FINE- GLASS- SPHERES STA-TTC- -Ht I üHY.i- S HEATED TURF LOC. NC. 3 
PAC Ht Lv ATIvisi 

INCHES 

lUöc WALL l 
r 

DEGREES FAHRENHEIT 
c i 'c 

DEGREES FAHRENHEIT BTU /HR. S0. FT. 
1.0 R7.9 13.2 P6.9 
3.0 ßR.0 12.1 ?9.3 
5.0 RR.2 11.4 31.0 
11.0 RR.4 10.5 33.7 
17.0 92.3 14.7 24.1 
23.0 103.6 26,3 13.5 
29.0 120.3 42.5 8.4 
35.0 135.6 57.3 6.2 
41.0 155.7 76.8 4.6 
43,0 157.2 78.1 4.5 
45.0 179.4 100.1 3.5 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MAgq FLOW RATE AVG. HT, TRANS, COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. LRS, /HR. S0. FT. 8TU /HP. S0. FT. F 

73,9 .0819 355.0 1786 10,36 

RUN 5 13 GLASS SPHERES STATIC 4En HEIGHT= 9INCHES HEATED TUNE LOC. NO. 3 
PROBE LCCATTCN- TUBE WALL rFNPERATUHE TtMPF-RATURr_ D FRENCE LOCAL HEAT TPANSFER -C-CEFF-ICTFNT 

INCHES DEGREES FAHRENHEIT DEGREES FAHRENHEIT BTU /HP. S0. FT. F 

1.0 89.4 14.3 24.5 
3.0 91,3 15,3 22.9 
5.0 92.5 14.8 93.6 
11.0 94. 15,0 23.7 
17.0 98.4 18.; 1R.9 
23.0 100.1 22.9 15.2 
29.0 102.5 15.2 13.9 
35.0 103.0 25.3 13.R 
41.0 102.6 24.6 14.2 
43.0 102.5 24.5 4_ 
45.0 98.3 20.0 17.5' 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MASS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. S0. FT. LRS, /HR. 50. FT. BTU /HP. S0. FT. F 

74,2 .0614 349.8 2110 17.57 

RUN S C FINE - GLASS SPHERES STATIC RED HtIGHT= INCHES HEATED TURF L ̂ C. NO. =3 

PROBE LOCATTOH- TUBE WALL TEMPERATURE- TEMPFRATUR'c nTFTERtNCE LOCAL -HEAT -N frig COEFFICIENT 
INCHES DEGREES FAHRENHEIT DEGREES FAHRENHEIT BTU /HR. D. FT. F 

1.0 42.6 21.2 1h.ß 
3.0 101.5 26,3 12.2 
5.0 104.5 30.7 11.2 
11.0 

1V7.44 
32sß 1.0,7 

-17,0 33.9 10.2 
23.0 107 , 3 33.8 10.2 
29.0 105.8 32.1 10.7 

____35.0 103,2 -- 28,9 11.9 
41.0 96.3 21.6 15.9 
43.0 90,8 16,1 21.4 
45.0 85.4 10.8 31.9 u, 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MASS FLOW RATE AVG. HT. TRANS. COEFFICIENT n 

DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. 50. FT, LRS, /HI+. 50. FT. BTU /HP. 5n. FT. F 

70.6 .OBIO 344.1 2857 12.2n 
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RUN 5 D FINE GLASS SPHERES STATIC 5En 

PROBE LOCATTON -- --TUBE WALL TEMPERATURE TEMPERATURE 
INCHES DEGREES FAHRENHEIT DEGREES 

HEIGHTS 9 INCHES 

OTFFERENCE" 
FAHRENHEIT 

HEATED-TUBE LOC. äO.213 

-*LOCAL HEAT ̀ TRANSFER- 
BTU /HR. S. T. 

COEFFICIENT -- 
F 

1.0 a9.R 2O7 16.7 
3.0 95.5 27.9 12.4 
5.0 - -- -102.2 _._ 30.9 1 1 .2 
11.0 103.5 32.0 10.8 
17.0 103.6 32.7 10.6 
23.0 102.9 32.3 107 
29.0 102.1 31.3 11.0 
35.0 100.3 29.0 11.9 
41.0 91.9 20.3 17.0 
43.0 R7.8 16.2 21.3 
45.0 R3.0 11.5 30.1 

INLET TEMPERATURE GAS r)ENSTTY HEAT FLUX Mega FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HP. S. FT. IRS. /HR. S0. FT. BTU/HP. S. FT. F 

65.1 

RUN 5E - -FINE r.LAS55PHERES 

.0892 345.7 3752 

STATIC SEri HEIGHTc 4INCHES 

12.54 

HEATED TUBE LCC. NC.3- 

-PROBE' ,_,;CAI Í TiJB WAI- L TFMPF RATURt -- TENrPFRA- 
INCHES DEGREES FAHRENHEIT DEGREES 

1.0 93.0 
3.0 84.6 
3.0 55.7 
5.0 59.0 

i'LRF_ pí r FtRENUE 
FAHRENHEIT 

LOCAL MEA 
T THAN p R 

BTU/HP. S0. FT. 

CCEF1 D EN1- 
F 

8.7 
9.5 

10.1 
12.5 

41.1 
37.5 
35.3 
25.6 

11.0 
17.0 
23.0 
29.0 
35.0 
40.0 

92.4 
125.5 

T. 

15.9 
52.0 

22.5 
6.9 

COEFFICIENT__ 
FT. F 

194.7 
294.5 
294.4 
296.9 

118.1 
177.4 
217.2 
218.4 
220.9 

Mats FLOW 
LAS. /HR. 

3.0 
2.0 

RATE 
Sp. FT. 

1.6 
1.6 
1.6 

AVG. HT. TRANS. 
BTU /HR. 50. 

45.0 
INLET TEMPERATURE 
DEGREES FAHRENHEIT 

299.5 
GAS DENSITY 
LBS. /CU. FT. 

HEAT FLUX 
BTU /HR. S4. 

73.9 .0818 357.5 1736 3.17 

HHT: 47NCr1tS Mt TuBE L^L. NU.3 RUN 5F F 1Nt GLASS SPHE 

PRORE LCCATTON TUBE WALL TEMPERATURE TEMPERATURE OTFFFRENCE ----LOCAL HEAT- TRANSFER- COEFFICIENT 
INCHES DEGREES FAHRENHEIT DEGREES FAHRENHEIT BTU/HP S0. FT. F 

1.0 91.5 19.0 18.2 
3.0 92.5 18.4 18.7 
5.0 95.0 19.5 17.7 
11.0 96.1 20.4 17.0 
17.0 97.2 22.3 15.5 
23.0 95.9 24.4 14.2 
29.0 100.1 25.3 13.7 
35.0 103.2 27.R 12.4 
41.0 107.8 31.6 10.9 
43.0 105.1 28.9 11.9 
45.0 110.1 33.9 10.2 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MAçS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CV FT. BTU /HR. S0. FT. LRS. /HR. SO. FT. BTU /HR. So. Ffi. 

71.4 .0819 345.0 2153 14.73 
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-GLASS RUN 5 G ENE SPHERES 

PROBE -WALL TUBE 

STATIC - qEp- 

TEMPERATURE 
DEGREES 

HEIGHTS 4-TÑC}IES ` -- HEATED- TUBE LOC. NC.3 

LOCATTCN 
INCHES 

TEMPERATURE 
DEGREES FAHRENHEIT 

TFFERE -NCE 
FAHRENHEIT 

-LOCAL MEAT- TRANSFE 
BTU /HR. SO. FT. 

CCEFFTCTENT- 
F 

1.0 803 18.4 18.5 
3.0 87..1 23.9 14.2 
5.0 92.6 28.7 11.8 
11.0 95.8 31.3 10.8 
17.0 96.3 32.4 10.5 
23.0 94.6 31.0 10.9 
29.0 92.4 28.7 11.R 
35.0 92.3 28.2 12.0 
41.0 R3.9 19.6 17.3 
43.0 79.0 14.7 23.1 
45.0 79.7 15.0 22.6 

INLET TEMPERATURE GAS DENSITY HEAT FLUX mass FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FA REIT LBS. /CU. FT. BTU /HR, 50.x, LRS. /HR. SO. FT. BTU /HR. 50. FT. F 

61.1 .083 339.3 3365 12.84 

RUN 5 H FINE GLASS SPHERES STATIC REO HEIGHT. 4INCKES 

AT Tr NC 
FAHRENHEIT 

HEATED TUBE LOC. NC. 3 
'PADRE LOCATION 

INCHES 
TUBE WALL TEMPERATURE 
DEGREES FAHRENHEIT 

Tt.Mps 

DECREES 
..CA1. -REATTRANS -eTR COEFFICIENT 

BTU /Hp. SO. FT. F 

1.0 84.7 18.5 18.5 
3.0 93.2 25.6 13.3 
5.0 100.3 31.8 10.7 - _11_,0 10G.s3____ 3519 9.5 
17.0 106.7 38.5 8.9 
23.0 107,2 - 39.4 8.7 
29.0 

_- __ 
106.9 39.1 8.7 

35,0 105. 5 37.3 
- 
9.2 
11.1 41.0 99.4 30.9 

43.0 89.6 21.E 16.0 
45.0 R1.9 13.7 24.9 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MASS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. 8TU /HR. S0. FT. LRS. /HR. S0. FT. BTU /HR. SO. FT. F 

65.3 10908 341.8 4787 
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HUN 6A ALUMINUM PARTICLES STATIC 

TEMPERATURE 
DEGREES 

PLO HtIGHT= 91NCHES 

DIFFERENCE 
FAHRENHEIT 

PROBE LOCATTCN -TUBE WALL TEMPERATURE 
INCHES DEGREES FAHRENHEIT 

1.0 95.5 16.3 
3.0 96.6 16.3 
5.0 97.6 16.6 
R.0 96.7 14.9 

11.0 96.1 14.1 

17.0 100.5 26.6 
23.0 161.3 79.7 
29.0 1942112.8 113.1 
35.0 130.0 1 130.0 
41.0 223.7 140.7 
45.0 224.1 140.4 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MASS FLOW RATE 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. - LRS. /HR. 5Q. FT. 

78.6 .0809 381.3 2496 

RUN 6B ALUMINUM PARTICLES STATIC RED HEIGHT= 4IÑCHEC 

PROBE LC T TCN 
INCHES 

- -_ 

HEATtU TUBE LOC. NO.a3 

LOCAL HEAT TRANSFER COEFFICIENT 
BTU /HR. 50. FT. F 

23.5 
23.5 
23.0 
25.5 
27.1 
14.4 
4.8 
3.4 
2.9 
2.7 
2.7 

AVG. HT. TRANS. COEFFICIENT 
BTU /MR. SO. FT. F 

5.2A 

HEATED TUBE LOC. NO.e3 

ABE WALL TEMPERATURE TEMPERATURE DIFFERENCE KCAL HEAT TRANSFER COEFFICIENT 
DEGREES FAHRENHEIT DEGREES FAHRENHEIT BTU /HR. 50. FT. F 

24.1 
23.9 
74.8 
22.8 

1.0 
3.0 
5.0 
11,0 

94.4 
96.1 
96.5 
99.0 

15.4 
15.6 
15.0 
16.3 

17.0 106.8 24.4 
23.0 __. 118.5 36.7 
29.0 134.9 53.0 
35.0 157.5 75.1 
41.0 177.6 94.6 

43,0 180.6 97.6 
45.0 179.7 96.8 

INLET TEMPERATURE GAS DENSITY HEAT FLUX 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. 

15.2 
10.1 
7.n 
5.0 
3.9 
3.8 
3.9 

MASS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
LRS. /HR. SO. FT. BTU /HR. SD. FT. F 

78.1 .0901 371.9 4509 

STATIC REñ HEIGHT= 4INCMES 

TEMPFRATURE nTFFERENCE 
DEGREES FAHRENHEIT 

8.39 

HEATED TUBE LOC. NO.3 

LOCAL HEAT TRANSFER COEFFICIENT 
BTU /HR. S0 FT. F 

PIN ALUMINUM PARTICLES 

PROBE LOCATTCNF 
INCHES 

TUBE WALL TEMPERATURE 
DEGREES FAHRENHEIT 

1.0 93.5 14.6 24.9 
3.0 95.8 16.1 22.5 
5.0 97.8 17.7 20.5 
9.0 99.7 19.4 18.7 
11.0 116.2 35.9 10.1 
17.0 164.2 84.5 4.3 
23.0 193.6 114.3 3.2. 

29.0 248,$ 129.2 2.8 
35.0 222.1 141.7 2.6 
41.0 131.8 150.5 2.4 
45.0 224.2 142.9 2.5 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MAS5 FLOW RATE AVG. HT. TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. LRS. /HR. SQ. FT. BTU /HR. SO. FT. F 

78.5 .0814 362.4 2930 3.9v tp 
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RUN 6D ALUMINUM PARTICLES STATIC REA HEIGHT. 4INCHES HEATED TUBE LOC. N0..3 

PROBE LOCATION- TUBE -WALL TEMPERATURE TEMPERATURE DIFFERENCE FOCAL HEAT TRANSFER COEFFICTENT 
INCHES DEGREES FAHRENHEIT DEGREES FAHRENHEIT BTU /HR. SO. FT. F 

1.0 92.2 15.5 22.6 

3.0 94.2 16.3 21.5 

5.0 98.9 20.2 17.3 

11.0 107.6 28.5 12.3_ 

17.0 116.3 37.9 9.2 

21.0 127.5 49.4 7.1 

29.0 145.5 66.7 5.2 

35,0 161.5 81.4 4.3 

41.0 175.5 94.5 3.7 

43.0 179.1 98.5 3.6 

45.0 177.3 97.1 3.6 

INLET TEMPERATURE GAS DFNSTTY HEAT FLUX MASC FLOW AVG. HT. TRAN.. COEFFICIENT 

DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. IBS. /HR. SQ. FT. BTU /HR. SO. FT. F 

75.8 ,0 891 _- _34.9,9 4768 _ 6,65 

RUN 6E ALUMINUM PARTICLES STATIC RED HEIGHT 4INCRES HEATED TUBE LOC. NO. 

PROBE LOCATION TUBE WALL TEMPERATURE TEMPERATURE DIFFERENCE 

DEQREES FAHRENHEIT -_ DEGREES FAHRENHEIT 
LOCAL HEAT TRANSFER COEFFICIENT 

BTU/HR. S0. ET. F 
_INCHES 

1.0 93.6 21.4 16.3 

1.0 103.2 30.1 11.6 

5.0 110.4 36.9 9.4 

11,.0 126.7 52.9 h.h 

17.0 130.3 56.9 6.1 

23.0 131.4 58.2-- 6.0 

29.0 132.5 58.9 5.9 

35.0 0.1 . 

55.7 6.3- 

41.0 

_ 

1238 48.9 7.1 

41.0 117.8 41.1 A.1 

45.0 97.5 23.0 15.1 

INLET_ TEMPERATURE GAS_OENSLTY HEAT_FLUX FLOW_RATF --MASS KT. 

DEGREES FAHRENHEIT LBS. /CU. FT. BTU/MR. SQ. FT. LBS. /HR. S0. FT. 
AVG._ TRANS COFFEIffENL_. 

BTU/HR. S. FT. F 

71.7 .0836- 348-.4 ____6946_____ 713 

RUN 6F ALUMINUM PARTICLES STATIC RED HEIGHÍ 4INCHES HEATED TUBE LOC. N0. +3 

PROBE -LOCATOR TUBE ALL -TEMPERATURE- TEMPERATURE-DTFFERENCE 

DEGREES FAHRENHEIT DEGREES FAHRENHEIT 

LOCAL MEAT TRANSFER COEF ECIENT 
BTU /HR. SQ. T. F __ARMS 

1 +0 95.3 23.7 14.6 

3.0 104.2 31.2 11.0 

5.0 109.4 35.4 9.7 

11.0 119,2 44.1 7.8 

17.0 126.3 51.5 6.7 

23.0 129.2 -_ 6,3 

29.0 130.6 

_/S.0_ 
56.5 6.1 

,S ,Ii 
13A.3 55..9 A.2 

41.0 126.4 51.6 6.7 

43.0- - 
11a.' 43.á- 7.9 

45.0 97.0 22.2 15.5. 

_ -INLET - TEMPERATURE GAS DFNSj7Y _;EAT FLUX ____HAS RATE AVG. _HT.- _TRANS, _CCEEF1CI.LN_T_ 

DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. LBS. /HR. SO. FT. BTU /HR. SB. FT. F 

70.8 .08Q7 341.._4 557 7.& 
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-RUN 6 G ALUMINUM- PARTICLES 

-PROBE LOCATION TUBE 

INCHES 

STATIC RED HESGtíT.zf-TtiX-HES FEeÌEÖ -TUBE' LOC. NO 

WALL TEMPERATURE TEMPERATURE OPFFERENCE 
DEGREES FAHRENHEIT DEGREES FAHRENHEIT 

LOCAL HEAT'TRAt15FER COE /FTCTTNT 
BTU /HR+ SO. FT. F 

1.0 
3.0 

100.9 
ll8.7 

19.9 
29.7 

17.6 
11.8 

5.0 124.6 35.6 9.8 

11.0 1346 45.5 7.5 
17.0 140.1 53.0 6.6 
23.0 2r3.a 56.5 a.2 
29.0 143.4 56.5 6.2 

35.0 6,4 
41.0 

__14245 
137.1 

_.54.7 
48.1 7.3 

43.0 129.E 39.9 8.8 
45.0 109.9 20.5 17.i, 
TEMPERATURE . ¡STTY HEAT FLUX MASS FLOW RATE AVG.._ HT. TRANS. COEFFICIENT ____IN 

DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. S0. T. LBS. /HR. S0. FT. BTU /HR. SD. FT. F 

138.8_ .0775 149.9 A871 7.54 

HEATED- TUBE RUN-6A ALUMINUM- PARTTCCE S STATIC RED - HEIGHT TNCHES 

TUot WALL TEMPERATURE 1tMVEHAT_UHt OT ERENCt 
DEGREES FAHRENHEIT DEGREES FAHRENHEIT 

LOC. N6. 3 
LOCAL HtAT TRANSFER COtrFICIENT 

BTU /HR. S0. FT. F 

PRDBt LCCATTON 
INCHES 

1.0 92.3 20.2 16.9 
3.0 100.1 26.4 12.9 
5.0 107.9 33.0 10.3 
11.0 116.5 1.5 Os4 

17.0 121.7 46.4 7.4 
23.0 124.6 50.1 6.0 
29.0 126.4 e2.2 6.5 
35.0 126.6 52.1 6.5 
41.0 122.0 46.9 7.3 
43.0 115.2 41.2 8.9 

45.0 94.4 19.6 17.4 
__I_NLET TEMPERATURE_ GAS_DENSITT HEAT FLUX MASS FLOW RATE AV . JiT. TRANS.COEFFIC_IENT 

BTU /HR. Sß. FT. LBS. /HR. Q. FT. BTU /HR. SD. FT. F DEGREES FAHRENHEIT LBS. /CU. FT. 
71,1 .0821 34116 _¢341 8.07 

--- .- -_ -_- 

_ 

-- __.__ -- - -- ._ 

- 
0A5 -- -__ 

_ _ _ 
A - -- - 

- 

__ ___ 
_ _ __.. 

-.... 

_ 
- _ __ 



RUN 7A Allo(TwW1 PARLICLr.S- ST4TIC_aE0 HET:HT- 9INCREs"ALEAIED 
TflRf Wall TGMPGRATONE TE.IPGRAJVRF ni.GFERtNGE LOCAL HEAT ToAHSFFR CCEFFICIE.N1 

sn. FT. F 
onI ' 

10.4 
71 P--- 

FNHFIT OR4REESFalL07 

1.1 11 
15.7 

nEnArEs FAH4FmHFIT BTU/HO. 
17. o 
18.7 

ft 7 11.4 
91.1.- 

,C.0 

95.P 
140.P ----A4f,: A.4 

?O.() $7.4 4 1 
-.4 

Ì lf:ti .. 74 2R 41.n 
211.0 

=76 
7.4 

P.LET TEmPC.',A1uHE 6AS nFMSTy r4Acc FLOW PATE AVG. HT. TPANO. CCIEFFICIFHT 
ATLL/HO. Sn.-.OT. E--- 

___DFICIREES_FAJnExtfEIT 
HFAT FLUX 

I ATU/Hk. SU. __T 14S,/w34. on.lit.-- 
A.14 74.0 2149 35A.5 

III 7B Ai Poo_LICLES _ELT_ATI iiAT"Wl OF° HEILvAI=AltvgmES ±±EATEIL TURF i CC. NG.:2 
PpORG LoCAfrOA TUPF Walt TE!ADFAATVWE TL,4PcM0JORF TÇFtJ1fF LOCAL HEAT_IRA1?5FEK_CCEF.EICLE!tt 

Tmf70FS OF0HP:FS FAH0F4HF1T OFAHFES FAHOrmHETT BTU/HP. co. FT. F 
, . 

____...1 .:1 _cm.h 41..? 
1.o 97.A 22.9 15.4 5.0 47.4 ----:41-. 15.1 

11.0 9,...s 16.1 71.4 
)7.r, 400.1- 16.-:3 
71.0 107.5 0.6 15.0 

LA4.5. -51.11, 4.1 
15.0 140.4 04.4 c.9 
41.n 15.1.6- d5.1 4.1 

100.,, 8A.9 A.o 
4:.0 170,7 ---$11.1 1.A. 

Inl..FT '4,1PElArloF AAS nENST7v HFAT FLUX H.co FLOw PATE AVG. HT. TON. rCFFPfc1FmT 
U017:EESFAlnEEIT_________L.65../CLI. FT. iU/HR.. 59, rt.__Lns../1lH._AO....E.T... ATo/HA...So. FT.....F________ 74.4 .0791 152.3 3712 A.17 

woN 7C AL! vA y roo 'AT TCI GC STATIC NFU HEI54Tm 9TNCRFS HEATED TOPE LoC. NO.:2 

Po:1'4F I ^.Cn1. . TI,:,,F witil TG.041,4704F: tE..PE'40147G 1TcFGRENcE LOCAL HEAr TAANs!EA coEFEnini. 
imr-45 

' 01i6HEE5 FAHDENHFTT necArFc FAH4p.mETT HTU/HR. co. FT. F 
L.n. 44.9 ----G.L.n 1A.7 
3.n 101.o eh.7 11., - 5.11. vn2.h.__ .32.1_ lo..o 
11.0 12no., wp.S A.1 
17.0.. 127.} .....a..2 

Pl.n Ipo.A b1.4 4.R 
24.n __ ____-___-____1?.9.4 41.R 4.11 340 11,.1 52..n A.4 
41.n IPP.k 44.1- A.0 
41.n 114.S .36.0 1.4 

. _ . ___LS....4,_ 

INLET TFml...E2Aro.)E 04S nFNSTTv HEAT FLUx HA eq FLOP PATE AVG. MT. TRANC. rGEFFICICHT 
DE91-TES FA`1.".E,!E11_______LLi5.../CU.. FT. _ ,31U/H9. S4.. FT. ____Lac-iNA. SO. ET. HTU/HP. Sri. FT. .F 

71.9 .1797 1,51.d 507U R.irl 

TUe.E.L5C..__ALC*F.2- 

PdOAF. InC41rf.114 

TwrHF5 . 

1 j Al 7------ 
3." 

._ 

f,I.4.C'e1 - 
1¡ q 

1.4-. a-- 7G. 1 

I7.n 7n.4 
_______2a L r- 

1S-14. 

-FL._ 

- ------- 

1 ' 4 . 

71 4 

10 

_ 

- -- - 
.. ... .____ 

_ ....___. 

. 

__.. 

_ 

.4S1 . 
. --_____Ina.5 

. __ ....._ 

__-...... - - -- -- ---- - --- - -- - - ---------------- - - - 

. 

- - - 

.6401 

-_ . .. .... 

_-_--.-- 

- ----- ----- 
79.0 

. - 
-- 

__. .._ 

- 

_ _ 

r._ ._..___ -.._... . - . . 
. 

. 

7.1 - 

- 

-11.14 . . 

. 

. 



 

D "11.112_1.,.:.:IPT XCLES, _ . 5 T4LT__Ig 

71,.Prqrout., 

nhqHFQ 
nIFYFRENcE 

BE.ATEO TUBE LC. 
LOCAL HEAT .1.,"OSFERA.::7FfTCTT___ p,7.,,,, 1-.c4-14:"..1 rooF ..vsif Ir-4,47nap4,-F 

por...74Ls 0E6PEFQ VA,.QF'.IHFiT 
1.1 Q4.A 

FAHOFmHEIT 
. 

IN.A- 
Fall/HR. 'CO. FT. F 

1f4.7 
1.0 1(11.! eA.,, 

4L....4.-.-.- 

11.'' 117..., .314 9.1 
17.41 1p4.1 46.9- 7.4 
21.1 17,4.0 D040.; 604 

1 vie P 1.,04 A.7 
n1.4 1....) 130.4 A.A 

124.1 -44..5 7.A. 
4.1 117.k JH.? Q.1 

1n7.7 .LH.a.. 12.1 . - 
1 1 rT TFMPr9A10:0: ',AS 11FMS1TY HEAT FLUX MACC FLOW PATE AVG. HT. TRAMS. FOFFrIcIrNT 

FT. .011/t1R. SU. r-T. '1 oR4/HH. Jk0....ET. HTo/Hn. Sm. _FT._ _F_ 
be192 744 OHO 444.0 H.41 

J.11!1.,1211P vAPTICLFS ÇNJIC HFO H_EIR4T- 41NCHFS HEATED VOW L'e. 

1::c414,74 .411 TFmPF4ATt4'E 
i:E.,04FFQ FAH6F,PIFIT 

7.4Pr4.)1ul2F ilT_Fo:FPENCF LOCAL HEAT TnAoRFF0 COFFFICTFNT 
0F1HrER FAHovmHEIT BTU/HP. Ro. rT. F 

iY.1 
71.,? 

-20.1 

41.'1 

11..1 

r,." 
1..1 

111;3.1 

Int..? 
11n.A 
119.1 
110.ti 

. . h4.7 . . 

-49.A 

h 
. 

S1.9 

S1.1 

11.5- 
11.7 

fn. 

Q.2 

6.5 
7.n 

:.)..j, 

.,- 

4.41 
M. 

.1,0 8.1 .4 

.7T 

q 
1:0 

L4 

l'I.FT Ti.,1,ATII(F HFAT ',LUX 
Jo.0 II.R 

..tir:i:.+FR FAm.47IFIF (I.....4:.'/IU:T;;. IU/1114. S..) rT LnR./HR. R6. T. GTO/Hp. Sn FT. F 

MAcc PLOY PATE AVG. HT. TPANQ. rOEFFICIFMT 

7',$1 350.;.! 7.9r .079T SA4H 

4!!A 7F ALU"1'104 "PTY.:LES STATIC 0 OF 0EroHT=4 INCwrS. 

i.,-,f.;.0. 1^.1qi'04 Tliki, wALI TEPFPATURF TF...P01A!OWF njr.FFPEmrF 
T,T.4-s .1E,44EFR FAHnFvHFIT 0En IFFR HEI FAHPFNT - ' 

Le:: 

.1.1 .qA.r 
. 11 101.6 

Q.0 10A.1 27.3 
11.-, 11A0 34..1 

.....41.4 . 17.0 ... 1 JS.0 
) 4. 1 l?7104 47.2 
.2-4.n 11n.5 

. r)....] 
' -. - 

.4.,..) 

1;17.'; 4I.o 
41.A 

- 

1-41.1,i2,144iI-J- 441sliliT7y HFAT Fun( Aftqc FLO6. RATE 
LoR./wP. kTo/14:;.S.3(.1..rT. Q. FT. 14-6.4FF FA:v.,FNAFIT L,!:517.4Ç,U. FT. . 

7.,.4 60,44 

HEATED TARE L1C. 

__ 

LOCAL HEAT ToAMSFFN COFFFICTENT__ 
BTU/HP. q0. FT. F 

10.n 
q.n 
7.4 
6.g 
6.9 
7.6 
04.9 

11.S 
AVG. HT. OAPIS. 

ATU/HP. sm. 
H.Aq 

COEFFICIrNT 
FT. F. 

,,,,;. 7 

_ 

. 

', 1 Ink.i. ...__ 

4A i . ._ _ _ . __ __. _ _ .__ _ _ 

...._1,x,FS_Fw1LIFuliFj_r_______L.c./r0. 

. - ,-- 
. 

riwF 

_ __ ______. 
..114.7 

-- - 

_. ..________ . - . . ----- 

_ _ 

- -. -- --- 
. NO..2 

_ 

......17.7 

------.- _ 

14.2 

. 
. .. ..........- 

. 

,onin 
- -------- ------- 

_ . 

_ 

--..... 

PO. 

_ 

__ 

----- 

... . ...... ..._____. ___ . . 

1,11,orS 

- 

6.4 

--------- 

__ _ . - - 

. . . . 

- 

- 

144.3 

mn .Z 

. __ 

_ 

.. ._ .._ 

._. . .-- 

- 
.. ... _. 

. .. 

.. 



WIN 7 

PDORF 1^CATTON 
INrti1F5 

4_,n 
q.n 

TUBE WALL TEMPERATURE 
DEGREES FAHRENHEIT 

15-.9 
94.7 

TEMPERATURE nIFFFRENr,E 
OERRFES FAHPFMHEIT 

1T_3 

97.4 
10?.6 
116.5 
i-35. 1 

174.6 

18.7 
1b 

LOCAL HEAT TRANSFER COEFFICIENT 
BTU /HR. S0. FT. F 

-?0.9 
19.3 

16.7 
21.7 
35.7 
54.4 
94.1 
7R Z 

?1.6 
16.6 
10.1 
6.6 
3.8 

30.0 220.9 
44-.0 ?27.4 

I,LET TFMPtDATURF_ GAS rFNSTTV HEAT FLUX 
9FGREES- ..HDFNHIT L 5_ /CU. -FI.- _10Ull1A.. Sû. 

74.1 .0793 360.9 

139.3 
144.3 

MACq FLOW RATE 

3049 

2.6 
2.5 

AVG. HT. TRANS. COEFFICIENT 

4.59 

RIIN 7$ ALUMINUm PARTICLES STATIC HFG HEIGHT. 4INCHFS HEATED TURELOC. NO.42 

_P9OHF LOCATION TORE WALL TEMPFRATURE TEMPFRATURE 0TCFFRENrE LOCAL HEAT TRANSFER CCEFFICTENT 
INrHFS DEGREES FAHRENHEIT OERRFFS FAHRENHEIT BTU /HR. SQ. FT. F 

.9i -.A- 17_9 1Q -8 

1.0 99.9 - 22.6 
5_0 104.9 )6.5 
11.0 111.9 32.4 
37 n 114.9 40.7 

23.0 127.5 50.1 
99 -01 1 ».1 44.6 

15.7 
43-.4 
10.9 
A.ß.- 
7.1 
R.0 

35.^ 161.4 83.1 4.3 
41.n 17ç-1 95.7 3.7 
43.0 174.4 99.3 3.6 
45,n 1A4.n 104.A 3.4_- 

I ^'LET TFMPE'ATURF_ GAS DENSTTV HEAT FLUX MACS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
I1c0MEFC FAHDFNHE1T 1 kS-. /Ct1. FT_ Mill /HR SO- cT I R` /HR S(1. FT. BTU /HR.. So- FT. F 

74.8 .0747 355.8 4104 6.84 

ALIIMTMIM PART IGIFS STATIC BFD )IEIGPT- 4 TNCHFS HEATED MBE inc: NO..? 

--- 
14.01 

-1-.A 
14.n 

---47.0 
?1.h » 2n4 

I wS,r/HB..- 50.._Fia___ 

?.c 
' 

- 

cI,_ RTII /wo_ Spas.._ -F 

1.. 

I. GL O 

- 

. - -- .- 



RIIN AA COARSE 

PROSE LOCATION 
INCHES 

GLASS SPHERES 

TORE WALL TEMPERATURE-- 
DEGREES FAHRENHEIT 

STATIC BED HEIGHT.," INCHES 

DIFFERENCE 
FAHRFMHEIT 

16,9 
17.3 
16.2 
13.6 

HEATED TURF I_OC. NO. =2 

LOCAL-HEAT TRANSFER-tOFFF-ICTENT 

BTU/HP. co. FT. F 

21.0 
21).6 

TEMPERATURE 
DE.REES 

1.0 

3.0 
93.3 
95.0 -- - 

5.0 
B0 

94.9 
93.1 

22.0 2(iL 
11.0 92.R 13.2 27.n 
17.0 95.6 Lfi.S 21.6 
23.0 101.3 22.7 15.7 
29.0__ 129.6 51z1 7.0 
35.0 171.8 92.5 7.R 
41.4 214.6 134,1 z.7 
44.0 216.4 135.3 2.6 

INLET TEMPERATURE GAS DENSITY HEAT FLUX mace 
DEGREES FAHRENHEIT LBS. /CU. FT. RTU /HR. SQ. cT, I_RS, /HR. co. FT. BTU /HR. Sn. FT. 

75.5 .0803 356.1 2545 ].5sß 

17f1N 6 B COARSFGLASS SPHERES HEI ,HT= 9 TNCHFS Tug (EMC. NO. =2 STATIC HET) HEATED 

FA-AT E:cATTON 
INCHES 

TARE STALL TFMPFAA1UHt 1t.aHFHATUHr 

DEGREES FAHRENREIT OE.RFES FAHRFMHEIT 

0TcFFRENrE LOCAL HEAT 
BTU /HR. 

TRANSFER 
SO. FT. 

COEFFICIENT 
F 

1.0 94.5 16.3 21.6 
3.0 102.4 27 15_4 
5.0 109.6 28.9 12.1 

11ín 114.2 38.n 9,2 
17.0 127.9 47.7 7.3 
23.0 129.7 50.4 5.9 
79.0 130.3 50.9 6.9 
35.0 124.4 49.5 7,1 
41.0 127.2 45.9 7.6 
41..0 1I6.5 37.2 9.4 
45.0 105.6 24.9 14.0 

_I ̂ !LET TEMPERATURE _QAS DENSITY JtI FLUX M8 FLOW RATE AVG. HT. 'MAMA COEFFICIENT 
DEGREES FAHRENHEIT LRS. /CU, FT. BTU/HP. S0. rT. LRS. /HR. Q. FT. BTU /HR. Sn. FT. F 

77.2 .0749 4 .9 5558 _k14A_ 

111ÌÑ F C -COAWSF 

PAaBF L;:CATjON TUIîF WALL 

INCHFS 
1.n 
3.0 

GLASS SPHERES 

ATUNE 
DEGREES FAHRFMHEIT 

STATIC RFD HEÎGHT=9 INCHES 

OTFFFRENS>¡ 
FAHRFMHEIT 

HEATED TORE IOC. N0. =2 

-COTFFIETENT HEAT TRANSFER 
F 

TtmR-FPATURF 

nE.RFFS 
-LOCAL 

BTU/HP. SO FT. 
99.0 

1fS.1 
20.8 
29.2 

16.9 
12.0 

5.0 117.2 36.0 9.R 
11.0_ -_ 125.6 43,1 82 
17.0 13nR 48.0 7.3 
23.0 48.9 7.2 
29.0 

_131.6 
131.0 47.6 7.1 

35..^, 127.8 43.9 8.0 
41.0 119.1 35.0 10.0 
43.0 107.2 23.4 1rß0 
45.0 1n2.? 19.n 16.5 

INLET TEMPERATURE DENSITY HFAT FLUX MASS FLOW RATE AVG. HT. TPANC. rCEFFICIFNT 
DEGREES FAHRENHEIT 

-_GAq 

LRS. /CU. FT. BTU /HR. SQ. FT. LRS. /HR. SQ. FT. BTU /HP. SO. FT. F 

77.2 .0873 351.3 4814 6 :81 

--.-. .. .. . 

- 

FLOW PATE RYA. MT. TRAMR. FnFFFIFIENT 
F 

. _ 

. 

.____ . 

__ _ . ________. 

_ 

--_-__... 
.__._.___ 

__. 

-""- 

.. 

_..._..... _. 

- 
_ 

... 



RuN RD - COARSE GLASS STATIC HFD HEIGHT_ gTNCHFS- - HEATED TuRF I-r. N,^1.e7 

PRORE LOCATION. - TUBE WALL TFMPFRATIIHE- TEMPFRATUHF nTeFrftA/rE- --LOCAL HEAT TRA^iccFR C^FÇFICTFNT- 

INCHES DEGREES FAHRFnIHFIT nE nRFFc FAHRFHHEIT HTU/HP. co. rT. F 

1.0 9--.:0 17.7 10.0 
3.0 97.0 lA.0 1>1.s 

5.0 97.9 18.0 10.a 

11.0 94.7 17.3 .3,1.1 

17.0 107.8 27.6 17.7 
23.0 1nR.4 ¿9.n 12.1 

29.0 I1n.R 3I.+ 11.7 
35.n 11R.4 382 .7 

41.0 12á.R 47.R 7.4 

43.0 1341 531 ti4 
45.0 144.4 63.6 4.c 

INLET TFMPERATURE GAS nFNSTTV HEAT FLUx Mncc FLOW RATE AVG. HT. THAN . rCFFrICTcvT 

OFGRFFS FAR7FHETI LHS. /CU. FT. HTITIHR, SO-. fT. ` Ctsfi 7h t. co. T. RTU/Hii. Sn. F`T-. 'F- 

76.3 .OR71 351.8 3653 11.9n 

RUN RE -- GLASS 5 STATIC HFO HEI!.wTn 4 TNCHC`5---- HEATED THAI' y^r, g7a7 - 

PRDRE- T0;3C TEraRc4+fTi;a1-.-a{c+r'7tNCÇ 
OEr,RrFc 

µEAT LOCA-T-T-GN- 

INCHES 

1,41J . TFC+^r0n348E- 

DEGREES FAHPFNHFIT 

---tOC-At 
F4H4FHETT 

T<nHSFFR--f^.£EFI-CTrItT 
HTU/HP. co. rT. F 

15:7 1.n 1n3.3 ¿2.7 

3.0 116.1 33.7 11c 
5.0 122.2 38.1 0.7 

11.0 n.6 45.4 7.7 
h.i. 

6.3 
17.0 
23.0 11139"--- R.9 

`14.7 
55.n 

29.0 I37.h 53.8 6.5 

35.0' 136.3 51.R . 
F.7 

41.0 132.7 47.F 7. 
43.0 122.4 37.2 U.4 

45.0 115.1 U.1 11.6 
INLET TFMPERATIIRE GAS OFNSTTV HEAT HEAT FLUX mAce FLOW RaTE AVG. HT. Tannic. r^FFrICIrNT 
DEGREES FAHRENHEIT ----LFS./CU... El-. S0. FT. --- RTI.VHn.' en. -FT. ._ F ---Tuc./HR.--cati FT.- 

79.9 .09n3 34R.7 

HFR-ME-jC.tIT--4-T"JC4FS 

S413 7.hn 

IiEA-TfD-TttRE--i RIIN R-1 -COARSF CLASS SPHERES 5TATiE 

-PRCRF LOCATION TUHF WAIL TFURFRATURE -- TEMPERATURE 

INCHES DEGREES qFNHFIT FAH OEr,RFFC 

1.0 inS.R 

nTcFfuE.tr;`- 

^C. 

LOCAL AEA7 TRAMSccR 
RTU/HR. cu. rT. 

C.^FCFjETF44T--- 

F 

- 

FAHRENHEIT 
16.5 

3.0 1.7 24.6 14.4 

5.0 I¿n14.h 30.3 

11.0 124.5 37.h 9.4 

17.0 13F.6 
23.0 130.0 49.1 7.7 

29.0 .. _ --I39.2- - 49.3 
- 

7.7 
35.0 138.7 48.2 7.4 

41.n 136.1 456 7.0 
43.0 133.4 42.1 R.4 

45.0 -- 123.1 11.7 -- 3I.4 

INLET TEMPERATURE GAS nENSTTV HEAT FLUX MACO FLOW RATE AVG. HT. TPAHC. COEFFICIFNT 
OFGREFS FAHRENHEIT RTu/HR. SO. FT.- T. F -- 

-- 
--- LAS.7CU.- FT. -. -- tac. /HR.O. -FT. RTU /Ha. Si'. ' 

RR.R .0991 355.6 8582 R.ho 

- 

- 

' 

_ 

- 
- 

. . 

. 
' 

TT.7 

-" 

- 

._ . 

- _.- _____- _ 



RUN R G COARSE BLASS SPHERES -sTATIC BED HEIGhtT_ 4-'[NCHFS- MEATEO TuRE 1 ^C. N0.=2 

PRORE LOCATTON TUBE -WALL -TFMPERATURf TEMPFRATURF ""nTrFERENf'E---tßCAL- HEAT TPeNSFER-CCE>FICTFNT-- 

INCHES DEGREES FAHRENHEIT DEr,REES FAHRENHEIT RTU/HP. c0. FT. F 

1.0 9.9 

Iii 

21.7 

3.0 9R.9 70.1 

5.0 99.A 
20.4 

R.0 100.R 20.2 

11.0 104.1 
17.1 

17.0 113.0 11.9 

7:U 1.33.9 
7.1} 

29.0 153.4 4.4 

35.0 196.2 3.2 

41.n 226.7 141.9 2.5 

44.0 ---.-..._. 235.9.-.. .__150.9- 2.4 

INLET TEMPERATURE GAS nFNSTTY HEAT FLUx ACC FLOW RATE AVG. HT. r9nNc, COEFF[CIFNT 

DFGREtS-FA rtPtNHt1i LHS./OTT T. H1U/HR. sil. Fi. LPC./HH. SQ. T. TTT1?7Aa. Sn. CI. p 

7A.5 .0791 355.9 2892 5.77 

RUN ----COARSF-Y'iLASS--SPHERFC 

PPCHE LCCA -T tt-T 
INCHES DEGREES FAHRENHEIT 

1.0 GA.9 

3.0 99.7 
5.0 106.0 
11.0 114.2 
17.0 120.2 
23.0 122.3 
29.0 123.8 
35.0 12A1 
41.0 131.1 
43.0 112.3 
45.0 136.4 

InNLFT TEMPERATURE GAS DENSITY 
DEGREES FAHRENHEIT LHS. /CU. FT. HTU /HR. 

77.0 .0793 

STATTC 

-- 
RED 

4 Tt r-RATVRF 

HE1 nMTa-IrTNF.{FD HEATED TrTPE I^C. N^,T7 

E 

DEGREES 

i 
I h Pr R>rNu.E 

FAHRrmHETT 
..CAt-*rEaT Trra+vSr 

RTU/HR. sn. FT. F 

20.R 17.1 

19.9 17.P 
14.2 

-- - 
25.n 
32.1 11.n 

38.5 R.2 

41.1 H.6 

42.4 H./ 

46.5 7.6 
- 7.3 

. _. 
4H.5 
49.6 7.1 

53.7 6.6 

HEAT FLUX MAcc FLOW RATE AVG. HT. TRAHC. fCFFFICIFMT 

SG. FT. Ldc,FHR. SD. FT. HTIt/HP. 5n. FT. F 

354.1 3n2ó 9.4n 

- 

. 

- - 

- - 

A H - 

ye E AA11 

-. _ - -._ - - 
-._-- - - 

- - 

- 

- ' 

.. -.. 
_.._ -_-. 

.._. -._.-. _. ._._. ... .. 
_ 

..._. 

' - --'- - 

._. .. .. 

_._._.... ......._..___.____._ 

.. ..-.. 

_. --._.. 
..... ._..__.___. 



PUN 9A FINF GLASS SPHERFS 

TUNF WALL TFMPFQATURE 
DEGREES FAHRENHEIT 

94.9 
9A.) 
97,n 
97.3 
97.4 
100.A 
117.3 
137.6 

_. .. 19s.1 
170.5 
180.9 

GAS DENSTTV 
LHS. /CU. FT. 
.O80n 

GLASS SPHERES 

TINE WALL TFMPFR4PJRF 
DEGREES FAHPFNHFIT 

9A.P 
Q7.3 
47.9 
99.7 
1011 
111.4 
1DT.5 

STATIC HEI) HEIGHT= 9 TNCHFS HEATED TUPF LOC. M ̂ ._7 

LOCAL HEAT TQAI,ISrFH COFFFICIFNT 
HTU /HQ co. rT. F 

335 _ 

11A.M 

42_.4 

P9OPF I^CAITCN 
.. . 

1.0 

3n 
S,0 

TEMPrRATURE 0TFFFRENrE 

nF'RFEG FAHRENHEIT 
10,9 
9.? 
8.4 

A.0 
11.0 
)7.0 
73.0 ._ 

79.0. 
3S.!1 --------- __ 
41.0 
44.0 

INLET TFMPEPATIIRE 
DFGRFES FAHnENHEIT ._. ._. -- 

7.3 
7.0 

10.9 
23.5 
43.7 
64_i9 

4A.9 
5C)' 
12.7 
15.7 
P.) 
Si`i 

79.n 
89,4- 

HEAT FLUX hinge FLOW RATE 
HTII /HR. SQ. FT. IRS. /HR. 50. FT. 

357.7 I90 

4.G 
4.0 

AVG. HT. TRAMS. r,^,FFFICIFMT 
RTLI /HP. S0. FT._ F__ 

10.92 

HEATED TURF I. ^,C. Nr). =7 

LOCAL HEAT TQnr'SrFW C,OFFFTCTFNT 

HTU /HP. co). rT. F 

2C1,Z -___. 
11.8 
95.4 -_. -- 
40.2 
11.6_ 
)R.5. 
1R.P 

RIIN 9 g FINF 

PQCPF I nCAITCN 
IXICHFS 

j .n 

STATIC PFD HEI ;HT= 9 INCHES 

TEMPFPX1URF fl -FFREMr'F. 

nE.RFFS FAHPF.IHEIT 

X3.4 
1.0 
5.0 
)).n 

j7.n 
71.0 
7Qsn 

11.0 

------ .___9.k 
8.7 

i1. L_ -- 
12.3 
15.6 

35.n 
41 41.0 

-__- 41.0 
45.0 

INLET TFMPEQATURE 
DFGRFFS FAHRENHEIT 

114.1 
11P.H _.... 
120.7 
l2á.5 

GAS OFNSTTV 
LHU. FT. 

24.5 14.1 
-_- .12._5_______ 

11.9 
9,2. - -- 

AVG. HT. TPAXI. r.^,EFFICIFNT 
BIB/BP. SO. FT. F 

- -._._. __28,1 _ - 
29.4 
- 18(4 

HEAT FLUX MACC FLOW RATE 
HTU /HR. SI]. rT. LAS./HR. SG. FTC 

11.7 .0799 350.8 1828 71,Án 

PIN Q C FINF GLASS SPHERFC STATIC HED HEIrHT= 4INCHES 

PPCRF LCC4TTON TURF WAI_I. TFMPFPATURE TEMPFRATURF 0TFFFHEMrE 

INrHFS DEGREES FAURFNHFIT nE.RFFC FAHRF.IHEIT 

HEATED TURF IOC. MO. -2 

LOCAL HEAT TPAn'SrFH COEFFICIENT 
HTU /HP. co. FT. F 

1.0 95. 12.5 27 B 
3.0 957 10.3 14.0 

5.0 9E7 P.9 X9.4- - 
11.0 107.1 12.5 )7.9 

L7.0 108,1 IA.9 19.4 

21.0 113.1 45.1 11.9 

2Q.0. 1155 ..12._5 

29.6 
35.0 ilP? 11.8 

.41I) 120.4 ------ 11.3 -- - --- ..._ - - -- _30R 
31.5 43.0 121.4 11.0 

9.n 

IMLFT TFMPEr1ATURE GAS nFNS1Tv 

_.-OEGPFES_ FAH9ENHF_IT LBS./CU._ FT, 
R1.0 .0P00 

HEAT FLUX 
BTU/HR. 50. FT, 

348.8 

MACS FLOW PATE 
LPc, /HR. Co. FT. 

11482 

AVG. HT. TPAnIC. fOFFFICIFNT 
@TL/HR. Sn. _FTá...-F-._-- 

167, 

- 

. .. 

H2.7- 

_ 

... 

_ _. _ _ 

. 

. 

- 

. 

_ .. . 

_. . . 

._ 

..._ _ 

_. 

.. 

_ 

. _. - 

_5.n 1213a- 311.4 

_ 

- 
.. ... 

_.. .. .. _ 

__ 
..... .. ........ 

...__. ._.__ .. _...._._ .__ .._.... . 

_._ __._.. .... .. 
. 

.._ _._ 
_ 

_.. 
. 

___ 
....... 

__ 
..... ... .--__ C)., .. ... __. _.... 

.__.. _ __ ... 
- 

... 



RIIN 9 D FINE GLASS SPHERES STATIC HED HEI4HTz 4 INCHES HEATED TLIRE LOC. NO. =? 

PADRE LOCAITCN 
INCHES 

1.0 
3.0 
5.0 

TUBE WALL TEMPERATURE 
DEGREES FAHPFNHFIT 

9 ?.9 
94.? 
96,R 

TEMPERATURE nTFFFRENrE 
nEr.REES FAH9FMHEIT 

9.3 
9.n 
8.5 
7.9 

LOCAL HEAT TRANSFER C^FFFICTFNT 
BTU /HR. Sí1 FT. F 

39,1 _. 

40.6 
42.R 
4RR 9.n 94.9 

11.0 100.7 _13.4 27.1 
17.0 12.5.5 39.0 9.7 
23.0 174.5 88.7 4.1 
29.0 219.4 132.1 2.9 
35.0 252,7_ 175.2 2.1 
41.n 275.9 185.9 1.9 
44.0 277.6 188,1 1.9 

INLET TEMPEQAT11RE_ GAS nFNSTTV HEAT FLUX MACO FLEW RATE AVG. HT. TRANC, rCFFFiC1FNT 
DEGREES FAHRENHEIT LBS./CU. FT. HTU /HP, SU, FT. LPS. /HR, SQ. FT. 8TU/H9. SO. -FT. F- 

R2.5 .0900 364.1 I7.2ó 4.1c 

RIIN 9E FINF GLASS SPHFREC STATIC RFD HEIGHT- 2 INCHES HEATED TURF I, ̂.C. 

PRCBF I_^CATTCN TUNE WALL TFMOFRATURE TEMPrRATURF nIFFFREIfF LOCAL HEAT ToANSFFR C^FEFICfFN7 ._.. .. 
_ -.-.. ._ 

INCHFS DEGREES FAHRFNHFIT DERRFES FAHRFNHEIT BTU/HP. CQ. T. F 

1.0 
3.0 

Ii -. R.n 

11.0 _.... 

17..n 
73.0 

--29.0 

35.0 
41.0 
44.0 

INLET TFMPERATIIRF 

y.EGRFFÇFuMgENHEIL_ __. 

90.9 ì3.5 25e3 ._ .__.._ 
?2.7 
1.9.1_ 

15.9 
13.5 
11.2 
_9.7 
9.n 
13.g -. 
9.0 
79 

AVG. HT. TRAmC. 
BTU/HR.. Sn. 

.. 

rCEFFiCIrsiT 
FT. _F 

95.2 
99.5 

104.5 
109,9 

1...11. 

..- 
11R1 

15.7 

22.4 
26.3 
31.9 - 
36.L 

171 

1239 
-- 

177.7 
ì?R.4 

GAS nFNSTTV HEAT FLUX 
L55../CV. FT..-_.HT11_LN_R..._SQ. FT, 

39,5 

-41.4 44,5 
-.45.4 

NACC FI OW PATE 
I 9¢ /HR. SQ. FT. 

76,1 .4407 355.0 1953 11.99 

RIIN 9 F FINE' 

PRCRF LCCAFT, ̂.N 

GLASS SRHF_RFc 

TURF 1,9 111 TrMDFRATURE 

STATIC Hr0 AFAR., 6TNCHFS 

TEHPFRATURE nTFFFPENrF 
INCHES DEGREES FAHOFNHFIT 0Er :REES FAHRFNHETT 

1.n 92.9 1 ?.5 
3.0 9ç.1 12.4 
5.0_.. 95.0 14.E .. 

9.0 94.1 8.0 
11,íj 12.0 
17.0 

.._9.9.2_ 
99.1 12.7 

23.0 103.9 19.4 
?9.n 119.6 3ì.t 
35.9. 17_4.4 -. - 

39.0 
41.0 131.3 45.7 
44.0 134.8 49.0 

INLET TFMREOATIIHE GAS nFNSTTV HEAT FLUX MACC FLOW RATE. 

DEGREE5 FAHOENHEIT LBS. /CU, FT, RTU /HR. 50. FT. SO. FT. 
7a,7 ,0906 354.8 1725 

HEATED TuRE IN:. 

LOCAL HEAT TDA'`1SFFH ... 
HTU/HR. co. rt. 

?A.1 
79.7 

C^FrFICTrNT 
F 

335 
67.4 
296 - 

79.0 
19.3 
11.4 
91 
7.9 a 
7,2 m 

AVG. HT. T94NC, 
BTi1/HO. 50. 

CFFriCIc 
FT. F 

IT 

- 

. 

... - - - --- - -_. 

' 

. ._.. 

- 

_.. 

._ . 

- 

__ 

-- 
..._._.... 

-..._. 
1H.6-..._. 

. 
. 

. 

.. _ _ ._ 

NG. =2 

........ ---- - . 

_ ...._ ..... 

. . 

- 

. 

_- _... 
. 

- 
_.... ... . ...... ... ....... 

_.. 

.___.___.. .... _ 

__. - ... 

_ 

_ _. 

- 

. ... 

_ _. _ 
_ 



GLASS ipHFRFS HEATED TUBE 

. 

BTU/HP. 

-crri U G CvAnSF STATIC - BEO HEIGHT. 

. - - 

nF_nHFES FAHRFniHEIT 

- 

SO FT. F 

p..,,,F 
i- Cul i.,'i TnAE ¡TALL TFr . 

1mCS VEGREFS FAHRFNHFIT 
--1., 

a.n 
104.2 
1na.7 

21.9 
23.1 

16.2 
15.4 

'", 

u.^ 
1n6.4 
107.0 

21.9 
21.4 

14.2 
16.2 

11.' 112.n e6.3 11 2 
17.0 114.6 30.1 11.1 
21.'1 115.5 31.7 11.2 
1n.n 176.6 42.9 1.3 
3..' 147.0 62.9 5.7 
41.n l61.n 981 1.6 
44. 19R.1 113.n 3.1 

I"LFT TFMWtnATDRF GAS DENSITY HEAT FLUX MASS FLOW RATE AVG. HT. TRANS. COEFFICIENT 
UF;uFFS F4ru'FNHEjT LHS./CU. FT. HTU/HR. S. F1. LPS. /HR. co. FT. BTU/HP. Sn. FT. F 

H1.5 .09i8 356.9 

-Tmr-.r-11H t,:AVCF ,LASS S`IIHFR>"g-- 

3957 8.29 

SI 71C Ht1J HtI5HT_2 INCHES HEATED nmE -N.,' ¡2 
Pu,.7;Tl--r^Çuty,'Ir. --TURF ,JAL1. TFrenFAAT)7RF..___. _-"-TEMRFRATURF r)TFFFRENf'E-. .. 

1 w-,F.S DEGREES FAHRFNHFIT 0EqRFES FAHRFn!HEIT 
LOCAL- HEAT -TRANSFER- CCEFFICTENT -- 

BTU/HP. SO. FT. F 

1., 
1., 

l01.0 
11-k.2 

19.6 
21.9 

19.2 
12.1 

11R1 34.2 10.4 
." 12?.1 36.7 9.7 

11 ,1 - 125.9 4T.2 9.6 
111.7 48.1 7.4 

21., 
?o.o 

142.6 
169.4 

57-.4 
84.4 

6.? 
4.? 

1-., 
41..1 

20q.T 
229.1 . 

123.2 
143.6 

2.9 
2.5 

44., 
1u_FT T^fRh.nAriiRE 

211.5 
GAS nF.NSTTV HEAT FLUX 

145.8 
MASC FLOW RATE AVG. 

2.4 
HT. TRANS. COEFFICIENT 

ï}cï,,qFFS FA'iñF'TH-FTT ZHS. /CU. FT. HTU/HR. G. c r. LAS./HR.- c0. FT. BTU /HR. 50. FT. F 

82.9 .0981 356.0 4114 4.94 

1 

NO.62- 

c.. 

_ .. ._ . 

11.n 

- 

-- 

_.. 
.. 

-. 
-._ ...... ...... . ......... 



3LA-S57SPHEsIks s I A11CRj.fl rte11i4m-4/weRFs KEA-TEO-Tv FtF:-1:17; . =P- 

INCHES DEGREES FAHRENHEIT DEnREEs FAHpFroRETT BTU/HP. 50. rT. 

1 kk71 1AM 74.S 

1.0 107.A 18.h 19.1 

T1.1 12.2 14.0- 

11.n 117.2 26.6 11.4 

1 r. 117.k (.1 1_.1 

21.0 11P.R 29.6 1 20 
'1.0 Y20.h 11'.1 

5.0 121.1 31.6 11.2 

41.0 121.4 31.1 11.4 
26.6 11.4 

f 112.9 Z2.9 15.6 

ILFT TFmPEoAT09E GAS nENSTTN, HEAT FLUX A55 FLOW RATE AVG. HT. TRANS. CIIEFFICIFNT 

'NFoqFFS FA49FOHEIT LS./CU. T. SQ. rT. Lps.THA. Q. Fel. BTU/HP. Sm. FT. F 

44.7 .1050 355.4 4019 13.19 

TCAfT 
INTHE5 

3.0 

TUAF-'4-A-M TFMarRATUR-E TE*7PF1IliTUNF ni PE-PEN-r 

DEGREEs FA6c,Fy.r1T DE69rEs FA6PFmHE1T 

106.,? 
119.7 n:7 

11.0 
1 7 

2-3.0 

43.0 
45.0 

I0,LFT TFHPEDar119E 

--DE('REFs- E-00ENHEII 

114.k 

125.3 
122.5 

GAS 0FNSTTy HEAT FLUX 

L-65./cif. rT. H-Tuikq. SIT. 

16.4 
33.9 

38.5 

38.6 

e9.9 

II 

--LctAL /1EAT-TAmsrrR-ccf-rri i. T_ 

BTU/HP. 511. rT. F 

79.7 
15.4 
12.5 
n.5 
9.9 

9.2 
9.7 
10.0 
12.7 

e6.1 11.6 
mACc FLOW RATE AVG. HT. T9AN5. COEEETCIFNT 
L957,749. 50. FT. HTU/Hp. 5n. r-T. 

.1117 354.8 4584 10.74 

-171751--QI 

I, 

114.4 

-3 %A 

HTU /HR. 

--PaCaF 

1n 

.!? 174.0 
11n.9 

r -117.A -359 
11'.1 

0.7 

200 -144.7 3rT 4 

15.n 
41.11 1-1 f;7- 

FT. 
94.0 

O 

- 

- 



RIiN 10A FINE GLASS SPHERES STATIC BED =1 HEIGHT. 2INCHES HEATED TUBE LCC. NO. 

PRORE LOCATION 
INCHES 

TUBE WALL TEMPERATURE 
@PEES FAHRENHEIT 

T'tMWF A URE 
DEGREES 

DIFFERENCE 
FAHRENHEIT 

LOCAL htAT- TRANSFER COEI TCTENT 

BTU /MR. S0. FT. F___- 

-- 

1.0 

3.0 
5.0 
6.5 

103.5 
110.2 

10,3 
17.2 

34.5 
20.7__ 

117.0 
121.7 

24.0 
28.8 

14.8 

8.0 12.6.4 33.6 
_122_3_ 
10.6 

9.5 130.5 37.7 9.4 
11.0 134.6 41.8 8.5 

17.0 142.2 49,3 7.2 
23.0 167.7 74.7 4.8 

35.0 197,2 103.5 
44.0 26.8.6 174.8 

_34 
2.0 

INLET TEMPERATURE GA$ DENSITY___ -._.HEAT. FLUX MASS FLOW RAZE AVG. HT. TRANS. COEFFICIENT_ 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT. LBS. /HR. SQ. FT. BTU /HR. S. FT. F 

93.2 .0812 - -_ -- _ 355.9 2777 4111ó 

RUN 10B FINE GLASS SPHERES STATIC BED HEIGHT.4 INCHES 

PRORE L ̂ CATTCN 

INCHES 

TUBE WALL TEMPERATURE 
FAHRENHEIT_ _DEGREES 

TEMPERATURE DIFFERENCE 
DEGREES FAHRENHEIT 

1.0 109.8 11.2 

3.0 110.6 11.0 
5.0 114.2 14.0 
8.0 120.4 19.7 

11.0 
___ ._- _ -_ 

126.5 25.8 
14.0 130.8 30,4 
17.0 135.7 35.7 

23.0 148.0 49.6 

29.0 172.1 72.7 
38.0 191.0 90..8 

202.9 102.8 
INLET TEMPERATURE GAS DENSITY_____ HEAT FLUX ___MASS_ LOW RATE 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. SQ. FT, Las. SQ. FT. BTU /HR. SO. FT. F 

HEATED TUBE LOC. NO. 1 
LOCAL HEAT TRANSFER COEFFICIENT 

BTU /HR. SG. FT. F 

32.2 
_32.1_ 
25.8 
18,1 
1.3.9 
11.8 
10.1 
7.2 
5.0 
4.0 
3.5 

AVG, HT. TRANS. COEFFICIENT___ 

97,9 .0805 2658 6,9_6_ 

RUN 10C FINE 

PROBE (,^CATION ----TUBE 
INCHES 

_16Q.1 

GLASS SPHERES STATIC BED 

WALL TEMPERATURE TEMPERATURE 
DEGREES FAHRENHEIT DEGREES 

.1 NO. 

COEFFICIENT 
F 

HEIGHT 4 INCHES HEATED TUBE LOC. 

nTFEF.RE} E 

FAHRENHEIT 
LOCAL HEAT TRANSFER 

BTU /HR SN FT 
1.0 104.7 4.6 80.1 
3.0 106.3 6.0 62.2 
5.0 113.4 13.1 28.3 
7.0 120.7 20.5 18.1 
9.0 129.2 29.4 12.6 

11.0 142.1 42A 8.7 

14.0 166.4 67.8 5.5 
17.0 1ß3.I - 85.1 4.4 
23.0 

-- 
226.3 130.9 2.8 

33.0 272.4 174.0 2.1 
44.n 290.1 190.5 1.9 

INLET TEMPERATURE GAS DFNgILY MEAT FLUX MASC FLOW RATE AVG :1jT TRANS. COEFFICIENT 
DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. 50. FT. LAS. /HR. SQ. FT. BTU/HR. SQ FT. F 

99.8 0802- 371.1 2552 3.44 

-, 

._.__ 

___.__- 

_ _ _.. _ .__. _ _ _._ _ _ .. _ 

__-_- -_ -_ 

.. 

44.0 
___ 

_ ___.._. - -- _- -.__._ _ 

-- - -_ 

-_. 

_ ----- - - 
__._. 

_.__ _ . ._ 

... __ _.._ ....... ... 

-. .. ... 

...__ 

_ 

_. .__.. ... __.__ _____ _ 

- ..._ 

_ _ _ _ .. ._. ._ __...__. 

- 
_.. .._.. 

.__- ... 

__ .. 

..__.__.. ..___- 



RUN 1013 FINE GUSS SPHERES STATIC 

TEMPERATURE 
DEr,RFES 

RED HEIGHT;AiINCHFS 

ntFFFRENC 
FAHRENHEIT 

HEATED TUBE L ̂ C. N. =1 

PROBE LCCATTON- -TUBE -MALL TEMPERATURE 
INCHES DEGREES FAHRENHEIT 

LOCAL SEAT TRANSFER TOFF ICTENT 
RTU /HR, çq. cT. F 

1.0 107.0 10.1 9.6 
3,0 108.7 10.7 31.4_ 
5.0 108.9 10,2 95.7 
A.0 112.4 13,1 77.9 
11.0 115.4 16.n 77.4 
17.0 1 ?7.2 23.3 1 .4 

23.0 125.2 27.7 17.0 
29.0 .129.6 31 .7 11.5 
35.0 

.. 

131.4 33.2 inA 
41.0 131.4 32.5 1l0 
44.0 134.8 36.1 0.9 

INLET TEMPERATURE GAS nENSITy HEAT FLUX MACS FLOW RATE AVG. HT. TRANC, CCEFFICIFNT 
DEGREES FAHRENHEIT LRS. /CU. FT. RTU /HR. SQ. FT. LAS./HR. ÇQ. FT, RTU /HR. S. FT. F 

96.3 .0807 357.9 2043 14.0n 

RUN 10E FINE GLASS SPHERE, STATIC RED NEIr.HT= 9 INCHES HEATED TÜRE t C. NO. =1 

PROBE LCCATIOW- 
INCHES 

luBE WALL TFVFFR"ATURE TEuPFRATURFII T FFFRt nlrE 
DEGREES FAHRFNHFIT DEGREE, FAHRFNHETT 

L'JCAL -RT-AT-TRA TFJ?T 

BTU/HR. cn. cT. F 

1.0 115.2 16.6 71.4 
3.0 116.6 16.1 

_ . 

._.. 
72.n 

._._ 5.0 114R 13.1 77.2 
A.0 1L.R 11.1 11.8 

11.0 115.4 12.7 7.1.0 

17.0 119.2 17.4 7n.l. 

23.0 122.1 21.2 
- - - 16.7 

29.0 
- 

124.9 24.1 14.6 
35.0 175.0 23.7 15.n 
41.0 173.7 21.Q 6.7 
44.0 123.8 22.9 15.0 

INLET TEMPERATURE GAS OFNSTTY HEAT FLUx Hags FLOW RATE AVG. HT. TRARIC, cOFFFTCIFniT 
DEGREES FAHRENHEIT LBS. /CU. FT. HTU /HP. SO. FT. LA./HP. 50. FT. HTU /HR, Sn. FT. F 

97.4 .0803 354.7 

STATIC RED 

TEMPERATURE 
DEORFFS 

3137 - 10.1, 

HEATED To9F ^C. N^, 

LOCAL HEAT TRAIicFFR C^FEFICTEidT - 

HTU/HR. 50. rT. F 

RUN 10 F - FVrNE -G-LA- S - PRETIrS 

PRORE LoCATioN - TUBE WALL TEMPERATURE 
INCHES DEGREES FAHRENHEIT 

HETn -Wf. 9-TN-Cur-S- 

n!FFFNENrF_ 

FAHRFNHETT 
1.0 6.3 5H.7 
3.0 8.7 47.1 
5.0 

___190;:: 

104.8 10.A 13.N 
7.0 103.7 A.0 4n.9 
9,0 104.2 9.9 16,6 

11,0 .. 
_ 

.. ------- 110.3 -------_. -_. - 

16,2 -. . 

72.5 ._.-..._ 
14.0 117.8 24.0 
17.0 127.4 34.1 1n.7 
23.0 151.4 58.4 6,7 
35.0 
44.0 

187,0 
206.9 

94.2 
113.6 

- 

+.0 
1.7 

INLET TEMPERATURE GAS nENSITy HEAT FLUx mass FLCN RATE AVG. HT. TRANC, rCFFcICIFNT 
DEGREES FAHRENHEIT LRS. /CU. FT. RTU /HR. SQ. FT. L95./HR. c0. FT. RTII/HR. Sn. FT. F 

92.1 .0815 364.2 2541 6.74 

.---- 

. 

_ _ ._________ 

- 

..._ _ 

- 
. 

' 

.. 

. 

- - 

. 

, 



RUN 10G FINE 

PRORE LOCATION 

INCHES 

GLASS SPHERES 

TUSE,WALL TEMPERATURE 
DEGREES FAHRENHEIT 

STATIC AEn 

TEMPERATURE 

DEGREES 

HEIGHT.. 4INCHES HEATED TUBE LOC. NO. 1 
DIFFERENCE - LOCAL HEAT TRANSFER COEFFICIENT 

FAHRENHEIT BTU /HR. S0. FT. F 

1.0 114.8 I0.3 34.3 

3.0 118.4 14.2 24.9 

5.0 120.7 16.6 21.2 

11.0 121.8 18.2 19.4 

17.n 122.7 19.5 11.0 

23.0 123.5 20.7 17.0 

29.0 124.5 21.9 16.1 

35.0 124.6 21.9 16.1 

41.0 122.1 18.A 18.8 

43.0 119.2 15.5 22.7 

45.0 117.9 13.8 25.5 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MACS FLOW RATE AVG. HT. TRANS. COEFFICIENT 

.DEGREES FAHRENHEIT- LBS. /CU. FT. BTU /HR. SQ. FT. LRS.[HR g0. TT. BTU /HR. Sn. FT. r 
104.6 .0837 352.7 3976 19.24 

RUN 10 H FINE GLASS SPHERES STATIC 8En HEIGHT. 4INCHES - HEATED TUBE LOC. NG. .1 

PROBE LOCATION 
INCHES 

- -ATURE TEMPERATURE-- RTFF£REwCE 

DEGREES FAHRENHEIT DEGREES 
- -- -LOCAL HEAT TRANSFER CCEFFICIENr 

FAHRENHEIT BTU /HR. SO. FT. F 

1.0 121.5 11.5 30.7 

3.0 125.3 16.2 21.7 

5.0 129.0 20.3 17.3 

11.0 129.5 20.2 17.4 

17.0 125.5 19.0 1R.5 - - 

23.0 130.5 20.1 17.5 

29.0 130.5 21.7 16.2 

35.0 130.6 24.1 14.6 

41.0 128.9 23.3 15.1 

43.0 127.0 20.8 16.9 

45.0 126.6 192 . 18.3 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MAÇÇ FLOW RATE AVG. HT. TRANS. COEFFICIENT 

DEGREES FAHRENHEIT LBS. /CU. FT. BTU /HR. S0. FT. SRS. /HR, 50. FT. BTU /HR. SG. FT. F 

110.7 .0859 352.4 4654 17.74 

' 

____ -_ 

- -- -- 

- 

_.. ___._ 

_ 

- - 

-- -- 

.._. 

__. 

...___ 

-- 1flStfl O Ts 



RIGI 11 A COAOcF r.Ln55 SnHFOFc 

-PqO-AF ^CAT;O-J TIr3F ,1 y 
l TF^+FPnTITAF- 

IrIrHCS nF1;HF-FS FnHr7FNHCtT 

t.a 11,).5 
1.0 171.4 
S.11 177.n 

114.4 .!1 -- --_. ..._.__.__ ... .. 
11.n 143.1 
14.n 147.1 
17.o 141.q 
71.n 154.9 

- - 79.0 177.. 
1S stn_.__._... 1Q1.7 
44.r1 ?16.n 

I"LFT TFMPF_-7ATUpF íì.S nFNSTTV 
I1FGaFFS FAH,F.HFTT LHS./CU. cr. 

I11.7 .n77S 

STATIC RFD HE17Hr= 4 TNCHFS HEATED TIIr1F Irr,. NO. =1 

TEnr9410r7F nTFIc9FNrE LOCAL HEAT Tun9ScFN CCFFFICTF.vT 
nEnRFFS FA-+HcnIHEtT 

lli.? 
2n,. ... 
24.. 
37.4 

BTU/Ho. Ç'1. cT, F 

77.S 
175 
14.. 
11.3 

HEAT FLUX 
HTU /HR. SO. ci. 

366.1 

HIM 11B C^AUSF LAss SPnEnFc 

41,1 
45.9 
46.5 
h7, 7 

11., 

y- 
114. 

ncq FLOLI RATE_ 
I-I'c./Hrt. cq. FT. 

4635 

9 

.1 
7.9 
7.n 
.7 

4.n 
1.7 

AVG NT._nlnn'S_. COEF_c[CIEniT 
HTII/Ho. F1. F 

'`!1i _ 

STATTC ,iFT':HT= 4 TNCHCS HATED TII.F IOC. NC. =1 

w4ï 
I TF'" F F r T F PaOHF I ^CAT.^ TUHF 

_ 

ocnnTlia T_.,P.^nTllRr- n cFCI+FnIr_ LOCAL HEAT Ton^ISFFP C.^,FCFICTFoT 
InIr1.FS [IEGREFS F497F,HFTT nr ;HFFC E4-,acn.1-1FTT HTU/Hp. sn. cT. F 

1.n in'.1 11.1 71.1 
1.n 11n.1 15.7 54.1 

c.n 11?.r+ 17.,Ì 71.c, 

7.n 1 1 7. 1 22.7 16.2 
9.n 

. 

171.1 
... 

29.7 12.6 

11.9 17n.1 i5.4 ln,4 
11.'1 114.7 

. .. 

v11,r, 9.1 

FT.', 147. 7 44.1 .. R ... 
?1.'1 

._.._ 
PASO* 47.9 4.0 

11.0 747.7 150,6 7.4_ 
44,0 741.7 /1.7 7.1 

I,ILFT TF;.14t;,nT 17F ,---.AS nFI,STTV HEAT FLUX .1cc FLCd uPT. F .--------AV; . HT. Tu,tyc .rQFFFICTc,T --- - 

DF(;HFFC F/r,InF:.aFtT 
95,4 

INS./PO. cT, 
,2797 

.+TIJ/HP. SN. 
1S7.5 

cT.' I,,1c./HH. 
45HU 

cn. FT. HTI/Hn. Sn. Ff. F 

4.1G 

PIN 11C C^<1,7cF 

PC,^,l1F I ^r4TT^'I 
INrHr,S 

:LASS cC+HFOFC STATIC HFII 

TIIPF" ,1411 Tc"oronTURc TF,Pcnq1Tur7F 

0F,PEFq F4.r7nrclT nF ,,7FF c 

r1El'HT= 6 TNLHFS 

nTcFcfl¡r,IrE 

F A,oF,ult T T 

HEATED TII.F 11C. I^. 
-C:,CAL nFAT Tnn,ScFIr C^,ccFICTc91 

HTII/Hr.. Sr.l. cT. F 

.n 17".4 !1.o 17.7 
1.n 1??, 24.,. 15.0 
5.11 174. Z5.-; 14.1 
..n 1.37 )_1,n 

11.0 145.1 v11.4 A.0 

14.1 1453 45,5 7.9 
17.,1 147.1 7.6 

23.9 191.'2 '1.5 
7Q. 156.r+ 57.6 

3S.n 1794 12.2 5.n 
44.n 1gG.Q 8.4 4.1 

I.,II,FT_ TF.'1ot2ATIWF 174G f)F^9S77v_ HF4T FLUX 7nçe Ft C RATE AVG. HT. Tu4NIS. r.3FFFTCIFn11 

DFG'7FFC Fav+FIdHFTT 
. 

gq.4 
LHS./rll. FT. 
.117t11 

.i-'I /HR. SO. 
160.7 

cT. Lr75./HH. 
4657 

cD. FT. BTU /HR. Sr). FT. F 

6.90 

. 

.. 

. 

. . . .._.. - 

Sn. 

. . 
_ 

.4F0 

_ . . _ 

. 

. 

51 

3e.. 

7.7 
_ 

A.1 
_... _ . 



RUN 11D COARSE 

PROBE LOCATTON 
INCHES 

GLASS SPHERES 

TUBE WALL TFMPFRATURE 
DEGREES FAHRENHEIT 

STATIC RFD 

TEMPERATURE 
OERREEC 

HEIf,HTz iN HFS 9 

'TFFFREtirE 

FAHRFNHETT 

HEATED TURF Inc. 1 ^C. NO. N. =1 

LOCAL HEAT TPAISEFH COEFFTETF T 

BTU /HR. c'). cr. F 

1.0 
3.0 
5.0 

lna.a 
113.a 
115.4 

14.0 

42.9 

26.3 
71.2 

7.0 114.3 1:.691 24.E 

9.0 117.3 18.2 2n.2 

11.0 12.4.9 25.9 14.2 

14.0 133.1 34.3 1n.n 

17.0 142.0 43.4 4.5 

23.0 174.6 76.4 4.P 

33.0 237.7 140.7 2.6 

44.0 266.6 170.1 7.2 

INLET TEMPERATURE GAS DENSTTv HEAT FLUX MASS FLC PATE AVG. HT. TQn ̂iç, C. ^.E FF1_Clcnil____ 

DEGREES FAHRENHEIT LAS. /CU. T. HTU /HR. Sa. FT. LAC. /HR, cQ. FT. HTU /HR. Sn, T. F 

100.5 0766 36a8 4064 4.67 

RUN 11E COARSE GLASS SPHERES STATIC 8E0 HEIr,HT= 9 INCHES HEATED TURF I C. N0. =1 

PRORE LOCATION TUBE WALL TFMPFRATURE TEMPERATURF nTFFFRENrE LOCAL HEAT TRA >KFFH CCFFF[CiFH.HT 

INCHES DEGREES FAHRENHEIT DEGREES FAHRENHEIT - -___ _ BTU /HR. Sn. FT. F 

1.0 
3.0 
5.0 
4.0 

12'.4 
124.5 
123.5 

17,2 
21.5 

21.0 
16.7 
17.4 
15.6 _ 

20.7 
21.4 

11.0 
_124.5-._ 
110.4 27.6 11.1 

17.0 13?.6 35.5 _.. .- --- __.._. - 
10.2 

23.0 146.1 42.7 4.4 

29.0 154.9 51.5 __ -_._- ___... 
7.n 

35.0 164.2 61.3 c.9 

41.0 171s5 70.1. 

44.0 
- 

179.0 78.3 4.4 

INLET TEMPERATURE GAS DENSITY HEAT FLUX MACC FLCid RATE AVG. HT. TQAnic, C7.EFC1CIF'hT 

DEGREES FAHRENHEIT LAS. /CU. FT. HTU /HR. S0. FT. LAC. /HH. 1Q. FT. BTU /HO. S. c1. F 

103.4 .0776 360.5 4474 H.51 

RUN 11F COAR5E-4C7+55 SPHERES STATIC BED HEIGHT= 4 INCHrs - -_ HEATED TURF 1^.C. D. =1 

PROBE LOCATION 
INCHES 

TUBE WALL TFMPFRATURE TEMPERATURE nirFFRENc E 

DEGREES FAHRENHEIT DEr,RFEÇ FAHRFNHEIT 
LOCAL HEAT Tunn!SFFN CrFFFICirN7 

HTU /HR. cn. cr. F 

1.0 137.1 12.3 2V.7 

3.0 145.6 22.a I4.4 

5.0 152.' 30.6 11.4 

11.0 159.3 39. .l 
17.0 162.3 42.Q 4.4 

23.0 164.6 45.1 HO 
29.0 1Á5.a 46.7 7.7 

15.0 155.7 47 4 7,6 

41.0 ISB.6 40.5 u.9 

43.0 I5.2 - 

31.á _ 11.4 

44.0 144.5 25.7 14.1 

INLET TEMPERATURE 
DEGREES FAHRENHEIT 

126.0 

GAS DENSITY 
LAS. /CU. FT. 
.0865 

HEAT FLUX 
BTU /HR. SG. 

361.5 
F1, 

MASS FLOW RATE 
LAC. /HR. c0. FT. 

6213 

AVG. HT. r4ANC, 
BTII /HR. Sn. PTO/H%.;. 

C^FFFICIFMT 
FT. F 

`n 

' 

.. -, 

_ 

. 

- 

- - -- . 

_. _._ 

- __- .. 
_. 

_ 

S.1 -- -- 

_._ 

_. -- 
_ 

.. 

_. _ __.... -- - 
. - 

._ .__. ..__ 

. 

. 

. ?.?!± . 

--- 

.. . 

' .. 

..._.. 

- 



11 G (.^pucF 

P,.^,,%F 1 ^,CaiT, 
T^ir-FS 

GLASS CPHFRF4 STATIC 

TuHE pl_I 1cMOFRpTURE - 
TE+nPFRp1URE 

;EOREFS FAHRENHEIT nEqHFF4 

nEn HEIGHT= 9INCHES HEATED TUBE LOC. N ̂ ,. 1 
nTFFFRENCE LOCAL HEAT TRANSFER COEFFICiENT 

FAHRFNHEIT BTU/HR. 40. FT. F ....------. _.. _.__...._. 
1.0 

_.. 

119.1 8.5 42.3 
.^ ?4.? 16.A 218 
S.n 131.5 24.7 15.0 

11. 
17.:, 

135.2 
lag.4 

29.5 12.3 -- 
40.a 8.9-. 

23. 151.7 457 7.9 
?,-).q 153.1 47.6 7.6 
'15,-- 157.7 47.9 7.5 
41. 149.5 44.7 R.1 
41.1 lan.! 34.7 10.4 
4c,1 134.8 GH.3 12.8 

I I_Fr rc PE'nT11Rr GA5 ]FNSTTY HEAT FLJx MASS FLOW RAT_ AVE. HT. TRANS. COEFFICIENT 
DF1,FFF Fn+-F"IHEIT 

111.H 
LHS./C,ll. T. 
.ORg7 

HTI1/HR, S0. 
361.5 

FT, LR4./HR. c0. FT. BTU/HR. S0. FT. F 

6300 9.7A 

R,v 11 H COAOÇF GLASS SPHERES STATIC aEn wEIGHTs 9 INCHFe HEATED TUBE LOC. N(. =1 

F.1T HF -T ^L4TT;,^ 

1^rHCS 
1.0 
.c 
c. 

T1JaF-"NrAl t-TaMDFTiATUHE Tl.m tiFUa 

FORTES FAHRENHEIT nEr,RFEc 
-- 

125.9 
129.6 
133.7 

l GWF r5"TFTFRENrE 

FAHRFNHEIT 
15.3 
19.H___ 
23.R 

LOCAL HEAT TRANSEFR-1 OÉFFTCiENT 
BTU/HR. 50. FT. F 

23.3 
18.1 
15.0 

11.'1 137 ' 7:<3 128- 
17.n ik3.7 34.1 10.5 
?Ti.,) 147.6_ 39.0 9.4 . 

2R.,-, 14H.3 39.? 9.1 

35.^. 
_ - _ 

147.3 
_ _ _ _-- - _ _ 38eH 9.2 

41.^ 141.7 35.1 102 
4. , 137e_ 28.4 2.ß_--__._-----_-__-- 
45.n 131.8 22.1 16.2 

I^,LFT TFMNC'>nTUUF GAS nF15ITV HEAT FLUX MnSq ;wo RATE AVG._HT. TRANS. COEFFICIENT 
DFGnFFC FAH0F,HFTT LHS./CU. FT. HTU/HR. 50. T. LRS./HR. 50. FT. BTU/HR. S0. FT. F 

Il35 ___ 111.n .nR2n 357.7 5460 _- 

_. 

. . .. .. 

.- . 

.. _ - . 

_ -- - 

- 
_ _..- 

_._. -.. 

----- --- -. 
_ - ._._ _ 

. _ .. _ _ 

-_ 

_ .._- - -._. _ - 

... 
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APPENDIX G 

TABLE V. CALCULATED AVERAGE PARTICLE FRACTIONS 
AND NUSSELT NUMBERS FOR BATCH FLUIDIZATION 
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Table V. Calculated Average Particle Fractions and Nusselt 
Numbers for Batch Fluidization 

Run Tube Average Section 
Number Location Location, inches 1 - E 

Nu 
p 

Fine Glass Spheres 

1B 4 10.5 0. 184 0. 64 
21.5 0. 011 0. 10 

1C 10.5 0. 120 0. 73 
21. 5 0. 050 0. 50 

1G 10.5 0. 048 0. 46 
21. 5 0. 070 0. 36 

1H 10.5 0.035 0.67 
21. 5 0. 025 0. 24 

5A 3 10. 5 0. 160 0. 83 
21. 5 0. 020 0. 43 

5B 10.5 0. 035 0. 62 
21. 5 0. 042 0. 45 
32. 5 0.035 0. 39 

5E 10. 5 0. 018 0. 64 
21.5 0. 004 0. 1 1 

5F 10.5 0. 013 0. 47 
21. 5 0. 025 0. 41 

9A 2 10. 5 0. 180 1. 18 

21. 5 0. 021 0. 53 

9B 10.5 0. 085 1. 00 
21. 5 0. 055 0. 74 

9D 10.5 0.375 0.74 
21.5 0. 002 0. 15 

lOB 1 10. 5 0. 015 0. 45 
21. 5 0. 013 0. 21 
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Table V. Continued 

Run Tube Average Section Nu 
Number Location Location, inches 1 - E p 

10C 10. 5 0. 010 0. 36 
21.5 0. 004 0. 10 

10D 10.5 0.106 0.69 
21. 5 0. 075 0. 37 
32. 5 0. 025 0. 31 

10E 10.5 0.070 0.78 
21. 5 0. 035 0. 48 
32. 5 0. 030 0. 41 

10F 10.5 0. 080 0. 75 
21. 5 0. 060 0. 24 
32. 5 0. 030 0. 14 

Coarse Glass Spheres 

10.5 
21. 5 

10.5 
21. 5 

10.5 
21. 5 

10.5 
21. 5 

10. 5 

21.5 

10.5 
21.5 
32.5 

10. 5 

21.5 

0.060 
0. 030 

0. 095 
0. 015 

0. 265 
0. 008 

0. 140 
0. 057 

0. 128 
0. 063 

0. 300 
0. 120 
0.008 

0. 100 
0.059 

0.82 
0. 60 

1. 27 
0. 51 

2. 22 
0. 57 

1. 40 
0. 88 

1. 46 
0.86 

2. 16 
1. 43 
0.40 

1. 31 

0.93 

3A 

3D 

3E 

3F 

4A 

4D 

4E 

4 

3 
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Table V. Continued. 

Run 
Number 

4F 

8A 

8D 

8G 

8H 

11A 

11B 

11C 

11D 

11E 

Tube Average Section 
Location Location, inches 1 - E 

Nu 
P 

2 

1 

Aluminum Particles 

10. 5 

21. 5 

10. 5 

21. 5 

10. 5 

21. 5 

32. 5 

10. 5 

21. 5 

10. 5 

21. 5 

32. 5 

10.5 
21. 5 

10. 5 

21. 5 

10. 5 

21. 5 

32. 5 

10. 5 

21. 5 

32. 5 

10. 5 

21. 5 

32. 5 

0. 083 1. 16 
0. 033 0. 65 

0.243 1.92 
0. 053 0. 88 

0. 120 
0. 063 
0. 036 

1. 43 
O. 99 
0. 76 

O. 105 1. 35 
0. 031 0. 64 

0. 060 
0. 038 
0. 030 

O. 94 
0. 71 
0. 63 

0.022 0.69 
0. 020 0. 60 

0. 013 1. 03 
0. 005 0. 43 

O. 035 
0. 024 
O. 012 

O. 065 
O. 010 
0. 003 

O. 035 
O. 033 
O. 035 

0.82 
0. 57 
O. 46 

1. 39 
0. 54 
0. 21 

1. 11 

0.70 
0. 49 

6A 3 10.5 0. 188 3.56 
21. 5 0. 024 1. 24 
32.5 0.003 0.52 
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Table V. Continued 

Run 
Number 

Tube 
Location 

Average Section 
Location, inches 1 - E 

Nu 
P 

6B 10. 5 0. 158 3. 46 
21. 5 0. 049 1. 79 

6C 10. 5 0. 057 1. 97 
21. 5 0. 011 0. 96 

6D 10. 5 0. 068 2. 14 
21. 5 0. 022 1. 19 
32. 5 0. 010 0.80 

7A 2 10. 5 0.250 3.82 
21. 5 0. 051 1.84 

7B 10. 5 0. 088 2. 50 
21. 5 0. 013 1. 01 
32. 5 0. 014 1. 01 

7G 10. 5 0.089 2.53 
21. 5 0. 005 0. 75 

7H 10. 5 0. 050 1.82 
21. 5 0.027 1. 31 
32. 5 0. 010 0. 89 


