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Local and average heat transfer coefficients for heat transfer

from an internal tube in a bundle of tubes to an air fluidized bed were
investigated for both batch fluidization and fluidization with particle
recycle. The fluidized bed heat exchanger was compared to a typical
baffled heat exchanger in terms of pumping and space requirements.
The fluidized bed tubular heat exchanger consisted of a 44-inch
leng, 5.75-inch inside diameter shell with 19, 3/4-inch diameter
tubes arranged in a 1-1/16-inch triangular pitch. A cyclone
separator was used to separate and return particles to the fluidized
bed. Two types and three sizes of particles were used in this study.
Glass spheres of 0. 0052 and 0. 0151~inch average diameter were used,
and aluminum particles of 0. 0306-inch average diameter were used.
Tubes at the four possible tube locations were heated electrically. A
movable thermocouple probe was fitted inside the heated tube to
measure the tube wall temperature at any vertical height. Bulk gas

temperatures were determined with protected thermocouples placed



at several locations in the bed.

Variables studied included particle size, shape, and concentra-
tion; gas mass velocity; and tube location. Arithmetic average heat
transfer coefficients over ll-inch sections of the bed were compared
with previous work and correlated with an equation based on a particle
mode heat transfer mechanism. Local heat transfer coefficients are
estimated to be accurate within *+ 10 percent in the most dense sec-
tions of the bed and within + 5 percent in the sparse sections of the
bed.

The results of this study are as follows:

l. Tube location had only a slight effect on local heat transfer
coefficients. In most cases local heat transfer coefficients for batch
fluidization are smallest in magnitude at the central tube location.
While a tube location 3/8 of the way out from the center has the
largest coefficients, local coefficients for tube locations near the
wall are usually of an intermediate value. For fluidization with par-
ticle recycle, local coefficients measured at the central tube location
were 10 to 20 percent greater than coefficients at the other tube
locations.

2. For batch fluidization the average Nusselt number is cor-
related with an equation based on a particle mode heat transfer

mechanism, 1. e.
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where ¢ 1is the ratio of the average surface area of a particle to the
surface area of a sphere of the same average diameter. This equa-
tion relates the variables studied to the average Nusselt number.

3. For fluidization with particle recycle average Nusselt num-

bers are correlated with the following equation:

Nup Rep -0. 68
j :————7— = 0.14 { )
H Re Pr1 3 ¢

P

4. It is concluded that the fluidized bed tubular heat exchanger
is advantageous in terms of pumping and space requirements over the
conventional baffled exchanger when batch fluidization with of fine

glass particles is employed.
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HEAT TRANSFER IN A FLUIDIZED BED
TUBULAR HEAT EXCHANGER

INTRODUCTION

Industrial process heat transfer usually involves transferring
energy from a hot flowing fluid to a cold flowing fluid, or as is the
case in nuclear reactors, transferring energy from an energy gen-
erating source to a flowing fluid. To solve this problem engineers
have devised many types of heat exchangers. The type most used in
industrial processes is the baffled tubular heat exchanger. The
tubular heat exchanger consists of a tube bundle located inside a
cylindrical shell. One fluid usually flows inside the tubes and another
fluid on the shell-side of the tubular heat exchanger.

Many devices have been used to decrease the resistance to heat
transfer. Some of these devices include rough surfaces, extended
surfaces, scraped surfaces, and baffled tubular
heat exchangers. When trying to decrease heat transfer resistance,

one or more of the following methods are usually used:

. The laminar film thickness is decreased by promoting
turbulence.
2. The effective resistance to heat transfer is decreased by

an extended surface area. (This is used often in compact

heat exchangers.)



Both of these methods, unfortunately, increase operating expense,
usually in the way of pumping power cost.

The term fluidization was first used to describe a certain mode
of contacting granular solids with fluids. When a fluid is passed up
through a bed of granular solids, there is a certain flow rate at which
the solids are suspended. This state is known as minimum fluidiza-
tion. At this flow rate and at higher rates, the solids act as a fluid;
however, due to rapid irregular motion of the solids, the fluidized
bed appears as a well mixed tank.

Although recorded application of fluidization dates back to the
Sixteenth Century when it was used in ore processing, important
industrial applications did not come into existence until the Twentieth
Century. In 1921 the Winkler Gas Generator for manufacturing pro-
ducer gas was developed in Germany (18, p.5). In this process a
fluidized bed of coal was used to contact coal with air and steam. The
first large scale application in the United States was the catalytic
cracking of oil vapors developed in 1940. This unit consisted of two
vessels, a reactor and a regenerating vessel. Solid catalyst was
transferred in a loop from the reactor to the regenerator and back to
the reactor. With the application of fluidization to catalytic reactors,
the need for transferring energy to and from the reactor arose. Since
that time considerable effort has been applied to investigating heat

transfer in fluidized beds.



Heat transfer coefficients for heat transfer from a surface to
the fluid in a gas-fluidized bed are many times larger than the cor-
responding gas film coefficients in one phase flow (18, p. 183). This
increase in heat transfer is attributed to the increased turbulence
the fluidized bed offers, as well as the energy transferred by solids
in contact with the surface.

This investigation is a study of local and average heat transfer
rates on the shell-side of a fluidized bed tubular heat exchanger.
Local heat transfer coefficients were measured with a moving thermo-
couple probe inside an electrically heated tube. This probe made it
possible to measure local heat transfer coefficients at any point along
the tube and for any tube location for various gas rates and particle

concentration.



THEORETICAL ASPECTS AND LITERATURE SURVEY

The transfer of energy in the form of heat is an operation oc-
curring in most fields of engineering whether of a mechanical, elec-
trical, chemical, or nuclear nature. Heat is transferred by one or
more of three possible modes: conduction, convection, and radiation.
Pure conduction occurs in solids, but it seldom occurs in fluids be-
cause fluids are free to move. The transfer of heat by radiation is
significant only at high temperatures. Convective heat transfer is
the transfer of heat by fluid motion. If the fluid motion is due to
density gradients, the energy is transferred by free convection. If
the fluid motion is forced by pumping, the energy is transferred by
forced convection.

It has been observed that convective heat transfer resistance
can be decreased by increasing the turbulence in the fluid flow. The
increase is attributed to a reduction in the thickness of the laminar
sublayer which usually provides most of the resistance to heat trans-
fer. Such devices as spiral wire, twisted strips, and sand granules
affixed to heat transfer surfaces have been used to increase the scale
and intensity of turbulence (16, p.. 396). Pulsations and vibra-
tions have also been used to increase turbulence (16, p.. 396)..
Baffles are used in most tubular heat exchangers to increase heat

transfer coefficients. A large increase in heat transfer coefficient



can also be obtained by providing a fluidized bed of solid granules

adjacent to the heat transfer surface (18, p. 183).

Proposed Fluidized Bed Heat Transfer Mechanisms

There have been several theoretical mechanisms of fluidized
bed heat transfer proposed in the literature (4;5;18, p. 183-185; 39).
A brief description of some of these will be given in order to provide
a basis for understanding correlations to be presented.

The film theory proposed by Leva, Weintraub, and Grummer
(19) postulated that a thin laminar film exists near the wall of the heat
transfer surface. The major resistance to heat flow was considered
to be in this thin film. The scrubbing action of the fluidized particles
against this film decreases its thickness, thereby decreasing the re-~
sistance to heat flow. The film thickness is believed to be affected by
the particle velocity adjacent to the surface and the particle concen-
tration. Since these two factors have opposite effects on heat transfer,
a maximum heat transfer coefficient would be observed when the heat
transfer coefficient is plotted versus the mass velocity, G.

Walton and Levenspiel (20) proposed a film model in a different
perspective. They considered the major resistance to be in a laminar
layer which forms on the heat transfer surface. This laminar layer
is destroyed when particles pass through it. Therefore, in fluidized

beds the average laminar layer is thinner than in the corresponding



one phase flow.

Wicke and Fetting, as reviewed by Leva (18, p. 185) proposed
a fluid-film-fluidized-core model. This model postulates the
existence of a film adjacent to the surface, a boundary layer, and a
fluidized core. Particle motion in the boundary layer is parallel to
the surface except for some lateral particle exchange between the
fluidized core and the boundary layer. Particles are visualized as
stirring agents, and since heat capacities of solids are much greater
than heat capacities of gases, particles are chiefly responsible for
energy transfer in the bed. This model assumes that the film is the
major resistance to heat transfer.

Mickley and Fairbanks (23) proposed a mechanism in which
'"]packets' of particles contact the surface wall for a short duration.
Unsteady state conduction of energy into the packet is the controlling
resistance to heat transfer. ''Packets' are visualized as leaving the
surface, breaking up, and dissipating heat to the bulk of the bed.

The ''packet' properties were assumed to be those of a quiescent bed.
They presented a mathematical model of this mechanism which pre-
dicted the heat transfer coefficient to be proportional to the quiescent

bed thermal conductivity, heat capacity, and density, i.e.

= 1
h \[kquqbp o (1)



where

s = stirring factor (dependent upon the bed dynamics)
By using several gases of different thermal conductivities, they were
able to show that h 1is proportional to kqbl/z.

There have been several extensions, modifications, and addi-
tions (4; 5; 40) to the theory presented by Mickley and Fairbanks.
One of the most recent is the theory presented by Ziegler, Koppel,
and Brazelton (40). The theory postulates that a particle moves from
the bulk of the bed at a temperature, Tb, to the heat tranéfer surface.
Conduction at the point of contact is assumed to be small, and radia-
tion from the surface to the particle is assumed to be negligible. The
particle gains energy from the fluid flowing around it while it is at the
surface. After some time the particle returns to the bulk of the bed
and dissipates its energy, the average time that the particle remains
at the wall is a function of the state of fluidization. The surface is
assumed to be covered in a hexagonal packing with spherical par-
ticles. With these assumptions these workers were able to derive
the following theoretical equation:

th - 41r/f3.

g 6k 6
1 +

= 2
D
pscs P

where

0= average contact time



8

This relationship predicts a well established fact (22, p. 303),
that the Nusselt number is independent of the solid thermal conduc-
tivity. The dependency of the heat capacity of the solids, CS, was
experimentally confirmed by these authors.

An experiment performed by Ziegler and Brazelton (39) con-
firms a particle mode heat transfer mechanism. These experi-
menters measured simultaneous heat and mass transfer from a
1-1/2-inch diameter celite sphere. The celite sphere was saturated
with water. The rates of mass and heat transfer were simultaneously
measured when the sphere was placed in an air stream and when the
sphere was placed in a fluidized bed. The particles used had negli-
gible absorptivity for the diffusing water and consequently had no
capacity for mass transfer.

As a result the only mechanism of importance for transfer of
mass is diffusion through the film. Without fluidized particles the
transfer of mass and heat are analogous, that is, both types of
transfer can be considered as diffusion through the film. If heat is
not transferred by a particle mode, mass and heat transfer coef-
ficients would increase by the same factor. If heat is transferred by
a particle mode the analogy breaks down and mass and heat transfer
would increase by different factors.

These experimenters observed increases in heat transfer co-

efficients from 10 to 20 fold, but mass transfer coefficients only



9
increased from 1-1 /2 to 2 times. They concluded that 80 to 95 per-
cent of the heat must be transferred by a particle mode.

A complete discussion of a modification of the model presented
by Ziegler, Koppel, and Brazelton will be proposed by the present

author in the last part of this section.

Experimental Study of Fluidized Bed Heat Transfer

The experimental study of fluidized bed heat transfer has been
broken down into two categories: Particle-to-Fluid Heat Transfer

and Surface-to-Fluidized-Bed Heat Transfer.

Particle-to-Fluid Heat Transfer

In a fluidized bed the particles serve as energy carriers. The
particles gain energy at the heat transfer surface and then release
it to the fluid phase. In particle-to-fluid heat transfer, one is in-
terested in the rate of heat transfer from the particle to the fluid.
As a starting point, experimental work done with a single spherical
particle will be considered.

Froessling, as cited by Knudsen and Katz (16, p. 511) cor-
related rates of evaporation of water drops and obtained the following
relationship for mass transfer:

K D
1 1

—%n——p=2.0+0.608c/3Re /2 (
AB p

(€]
—



1o
By substituting Nu and Pr for KmDp/DAB and Sc respectively,
a relationship for the analogous heat transfer correlation is ob-

tained, 1i.e.

1 1
Nup =2.0+0.60Pr /3Rep /2 (4)

Other workers (16, p.511; 39) have confirmed this correlation.

In a fluidized bed there are many particles, and particle inter-
actions would be expected. Two possible interactions that would be
expected in a fluidized bed are particle agglomeration and disturbed
velocity and temperature profiles. Particle agglomeration will in-
crease the effective particle diameter which will result in poor gas-
solid contacting. This effect will decrease the Nusselt number from
the single particle case (11). The flow of fluid around each particle
will affect the velocity and temperature profiles around neighboring
perticles as will particle collisions. This will in turn affect the heat
transfer coefficient.

Particle-to-fluid heat transfer in fluidized beds has been ex-
perimentally investigated by several workers (9; 13; 14; 15; 30; 35;
36). Walton, Olson, and Levenspiel (35) investigated particle-to-
fluid heat transfer using sized Utah coal for the solid phase. They
obtained the following relationship for the Nusselt number:

|, D_-0.2
Nu = 0,0028 Re (=) (5)
P P D,
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where

Dt = bed diameter

Juveland, Deinken, and Dougherty (14) recently measured par-
ticle-to-fluid-heat transfer coefficients in beds of ZrC particles
fluidized by helium or argon. The particles were heated by induction
to temperatures as high as 1150° C. These workers were able to get
large temperature differences between the gas and the particle which
should increase the accuracy of measurement greatly. Their results
are shown in Figure 1., For comparison the results of Zenz and
Othmer (38), which are representative of much of the published data,
are shown. The broken line represents the work of Walton, Olson,
and Levenspiel (35). Froessling's correlation for a single sphere is
also included for comparison.

More recently Holman, Moore, and Wong (1l 3) measured heat
transfer from stainless steel and lead spheres fluidized in water.
The spheres were heated by an induction heating field. These authors

correlated particle Nusselt numbers with the following equation:

D
- . t 1/2°P 0.83
Nu =1.28x10 >(Re F )% OPr2/3(—) / (—L) 2ty (6)
P P e D e ¥

The velocity correction factor, ¥ , was used to account for variations
€
in porosity.

As can be noted from Figure 1, particle-to-gas Nusselt numbers
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for fluidized beds are one to two orders of magnitude lower than for
a single sphere. Juveland, Deinken, and Dougherty explained these
low values in terms of poor gas-solid contacting resulting from gas

by-passing around aggregates of particles.

Surface-to-Fluidized-Bed Heat Transfer

Heat transfer from a surface to the fluidized bed has been in-
vestigated for both external wall and internal heating surfaces (1).

It has been observed that a plot of the heat transfer coefficient, h,
versus the mass velocity, G, has a maximum. The data of Lemlich
and Caldas (17) shown in Figure 2 illustrate this fact.

Several workers have developed correlations to predict the
maximum Nusselt number. Most of these correlations are power
functions of the Archimedes number, Ar. Martyushin and Varygin;
Zabrodskii; and Gel'perin, Ainshtein, and Romanova, as reviewed by
Ainshtein and Gel'perin (1) report the exponent on Ar to be in the
range, 2/10 to 1/4. Agreement among workers is poor, probably
because gas properties, void fractions, measurement location, and
bed geometry were different among the various investigations.

Gel'perin, Ainshtein, and Romanova, as reviewed by Ainshtein
and Gel'perin (1) measured heat transfer from a vertical bundle in a
fluidized bed and obtained the following correlation for the maximum

Nusselt number:
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_ 0.22,5.0.09
Nurnax 0. 64 Ar (a:) (7)
where

gD ’ Py P
Ar = Zp 2 f

v Pg
S = distance between the axes of tubes
dt = tube diameter

There have been numerous correlations for the particle
Reynolds number when the Nusselt number is a maximum (1). Most
workers present their data as a power function of Ar, and they agree
that the exponent is approximately 1 /2. Calculated Reynolds numbers
differ by an order of magnitude (1). The correlation presented by
Sarits, as reviewed by Ainstein and Gel'perin (1) gives the largest

values. His correlation is

Re = 0.66 Art/2 (8)
opt

where Reopt is the particle Reynolds number when the Nusselt
number is a maximum. The correlation presented by Martyushin
and Varygin, as cited by Ainshtein and Gel'perin (1) gives the

smallest values, i.e.

1
Re = 0,118 Ar /2 (9}
opt

Surface-to-fluidized-bed heat transfer has been correlated in
two branches, the ascending and descending branches of the h-G

curve. Most of the available data represent the ascending branch.
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Mickley and Trilling (24) measured heat transfer coefficients
in a fluidized bed with a heated outer wall. They used air as the

fluidizing medium and glass spheres of diameters: DP: 14, 8x10-4ft,

1

D
P

D
P

dimensional correlation:

8.83x 104 ft, DP =5.08x10% ft, DP =3.33x10° % ft, and

-4
2.29 x 10 © ft. These workers presented the following tentative

p._GO0.263
h = 0.0118 ( m3) (10)
D
P
1b
where h, P’ G, and D_ are expressed in Btu , r;l,
1b P hr ft°° F 1t

and ft respectively.
hr ft
Gamson (10) correlated the data of Mickley and Trilling using

dimensional analysis and obtained the following equation:

Nu 6G,-0. 69 -0. 30

J :—ﬁ_l = 2.0(=—) (1 - ¢)
H RepPr 3 ap

(11)

where

a = the particle surface area per unit volume of the bed
Walton and Levenspiel (20) studied heat transfer from an ex-
ternal wall to a dense-phase fluidized bed. They used glass, coal,

and an industrial catalyst of several diameters as the solid phase.

They correlated their data in terms of their proposed film theory, i. e,
h -0.7
_— =, 12
e 0. 6 Rep (12)

f
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Toomey and Johnstone (31) measured simultaneously heat
transfer from a vertically inserted tube in the center of a fluidized
bed and from the bed to a water cooled outer wall. Air was used as
the fluidizing medium and several sizes of glass beads were used as
the solid phase. These authors claimed that the quantity, Dmef/p,
is proportional to the Reynolds number in the void spaces adjacent

to the wall, and that Log G/Gm reflects the effect of the particle

f

velocity. These workers obtained the following correlation for heat

transfer to the outer wall:

D Gmf G 0. 47
Nu_ = 3.75 [(-E-"22) Log (—-—)] (13)
P G
mf
where G is the mass velocity when the bed begins to expand.

mf
The data of Mickley and Trilling agree well with data of Toomey

and Johnstone for particle concentrations over 20 lbm/ft3. Agree-
ment between these two workers shows that heat transfer coefficients
in fluidized beds are independent of heat flow direction.

These workers (31) also measured local heat transfer coef-
ficients for transfer to the outer wall at various vertical positions in
the bed. Two types of curves were observed, as is shown in Figure
3. In Type I the coefficients are higher at low strata and decrease as
higher strata of the bed are examined. In Type II coefficients pass

through a maximum. Which type exists depends on the particle size,
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bed cross-sectional area and the fluidization height. They suggested

the dimensionless group, Dpo/A, as a possible criterion, i.e.

DL,
I; > 0. 008 Type 1 (14a)
DL,
12 < 0. 008 Type II (14b)

Dow and Jakob (8) investigated heat transfer from an outer wall
to a fluidized bed of two and three inches in diameter. Aerocat, pitch
coke, and iron were used as solid phases and air was used in all
cases as the fluidizing agent. They considered all possible variables
that might affect heat transfer and with the aid of dimensional analysis

their data gave the following experimental correlation:

t_ t t .
= 0.55 () (5~) > C ) (15)
g 8

g f p

1
hD D, 0.65D 0.17 [(L-¢)p C_ /4DtG 0.8
(
] m

The data of Dow and Jakob extend over a mass velocity range of
about 50 to 300 lbm/hr ftZ. This correlation fits the data well over
this range but the exponent on the mass velocity, G, seems to de-
crease as G approaches and increases beyond 300 (18, p. 197). The
mass velocities investigated by both Mickley et al. and Walton et al.
were greater than 300. Gamson reports an exponent of 0. 31 on G

for the data of Mickley and Trilling; Walton and Levenspiel report an

exponent of 0. 30 on G. Van Heerden et al. (32) report an exponent
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on 0. 45 on G.

Lemlich and Caldas (17) investigated the descending branch of
the h-G curve for external wall heat transfer to a fluidized bed. Water
was used as the fluidizing agent and glass spheres were the solid
phase. They correlated the heat transfer j factor within + 19 per-

cent as follows:

Nu D, 0.79 DG 1 _,
sz—-——7~P1 37 L4 (57) (——) € (16)
RepPr P b

Rukenshtein, as cited by Ainshtein and Gel'perin (1) also in-
vestigated the descending branch of the curve for external wall heat
transfer to a fluidized bed. This experimenter correlated his data in

terms of the Reynolds, Prandtl, Archimedes, and Nusselt numbers, i. e.

2
0. 237Pr1/3Aro, 522

Nu = 0.067 Re (17)
p P

Sarkits, as cited by Ainshtein and Gel'perin (1) investigated both
the ascending and descending branch of the h-G curve for a fluidized
bed withk an internal coil heater. For the ascending branch the

author proposed the following correlation:

C 0.45D 0.16HO 0. 45

S
(E") (—D—) (B") (18)
g P P

0. 4 . 1/:
Nu = 0.0133 Re Ar 0 27Pr /3
P P b

For the descending branch the following correlation was proposed:

.1 .
1/3(Cs 0.45 Dt 0 6HO 0.45

ol ('5“') (‘5“)
g p P

0.14, 0.49

Nu = 0.00705Re ~ “Ar Pr (19)
p p b
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where

HO = height of the surface

Traber, Pomerantsev, Mukhlenov, and Sarkin, as cited by
Ainshtein and Gel'perin (1) studied heat transfer from an internal coil
heater to a fluidized bed for both the ascending and descending
branches of the h-G curve. They excluded the heat capacity ratio,

i. e., for the ascending branch

D 0.13H_0.16
0.65 0.1_ 1/3 ¢ 0

= Q. [ — 2
Nu = 0.024Re ™" Ar " Pr (Dp) ( p) (20)

for the descending branch

D 0.13H_0.16

-0.34, 0,57 1/3 7t 0

J- = — J—

I\up 0.0165Rep Arb Pr (Dp) (Dp) (21)

Kagan, Fastovskii, and Rovinskii, as cited by Ainshtein and
Gel'perin (1) studied the ascending branch of the h-G curve for heat
transfer from a coil in a fluidized bed. They proposed a correlation
in terms of the particle Reynolds number, void fraction, particle and
equipment dimensions, and fluid and solid properties, i.e.

Nu_ e Re 0.6 Cp 0.4S-d 0.27
1
2 =0 019 [—-—p——] Pr /3( $.2 ¢

) | ) (22)
6(1- 6(1- C D
(I-¢) (I-¢) g b
where
dt = coil tube diameter
S = coil tube spacing

Vreedenberg (33) investigated heat transfer from a horizontal
heating tube in a fluidized bed. This worker correlated the Nusselt
number in terms of the Reynolds number, void fraction, and fluid and

solid properties, i. e,
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hdt CSH 0.3 (l-e)ps 0. 44
Nut = —k— = 0. 66(k—) Ret ﬁ (23)
g g g

Gel'perin, Kruglikov, and Ainshtein, as cited by Ainshtein and
Gel'perin (1) also studied heat transfer from a horizontal tube to a
fluidized bed. These experimenters reported the following correla-

tion for the ascending branch;

Nup € Rep 0.32
S =1,18 [6___(1-5)] (24)

As previously mentioned, Toomey and Johnstone (31) simul-
taneously measured heat transfer with respect to the outer wall and
a tube inserted vertically in the center of the bed. This study
enabled a comparison of external surface and internal surface heat
transfer coefficients. Figure 4 is a plot of the ratio of internal to
external heat transfer coefficients versus the mass velocity, G.

Even though particle size was varied about 15 fold, the correla~-
tion is quite satisfactory. This correlation indicates that at low mass
velocities internal coefficients are three to four times greater than
the corresponding external coefficients. As the mass velocity is in-
creased, this ratio decreases and becomes less than one when G is
greater than 1000, These workers presented no correlation for the
internal heat transfer coefficients,

Mickley and Trilling (24) investigated heat transfer in a fluid-

ized bed with an internal vertical heater at the center of the bed,
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These authors used several sizes of glass beads as the solid phase
and air as the fluidizing agent. Gamson (1 0) correlated their data in

terms of j factors for heat transfer, i.e.

Nu
. P _ 6G ,-0.8 -0.3
J.. = _ﬁ_l = 2.53 (——) (1 - ¢) (25)
H RepPr 3 ak ‘

Gel'perin, Kruglikov, and Ainshtein, as cited by Ainshtein and
Gel'perin (1) experimentally investigated heat transfer from a ver-
tical tube in a fluidized bed. These authors considered several radial

locations of the vertical tube. The following correlation was proposed:

Nup € Gmf 0.2 Rep 0. 285 . 0. 36
=1.18 (—— 1 - =
61 =3 [6(1-6)] (-R) (26)
where
r = the radial position in the bed
R = the radius of the bed

Vreedenberg (34) studied the effect of tube location on heat
transfer coefficients by using a vertical tube at three locations. The
ratio of the heat transfer coefficient at a radial location, r, to that at
the axis varied as is shown in Figure 5. This investigation indicates
that the largest heat transfer coefficients occur at r/R = 0., 4.

Using the results of Vreedenberg, and assuming the heat
transfer coefficient to be proportional to (1 - ¢), Wender and Coope:

(37} reviewed the literature and proposed the following correlation:
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Nu C p C p 0.43
P . 0.23 7s5.0.80 s, B g
T = 0.033 CRRep (—-—Cg) (p g)( kg ) (27)

where CR is read from Figure 5 and Cgpg/kg has the units of hour
per square foot.

Both Gel'perin et al. and Vreedenberg discuss the effects of
tube location on the heat transfer coefficient as a function of only the
tube location. The results of Toomey and Johnstone (31), as they
are shown in Figure 4, indicate that the effect is also a function of
the mass velocity. This leaves some question as to the validity over
a large mass velocity range of the correlations presented by
Gel'perin et al. and Wender and Cooper. The correlation presented
by Gel'perinetal. indicates thatthe Nusselt number approaches zero as
the vertical tube location approaches the outer wall. This is not
feasible, Cooper and Wender propose an exponent of one for (1 - ¢)
which is in disagreement with several authors (1;-10,23; 24; 27, p. 47).

Gel'perin, Ainshtein, and Romanova. as cited by Ainshtein and
Gel'perin(4l) studied heat transfer from a vertical tube in a bundle
of vertical tubes located in a fluidized bed. They proposed a cor-
relation of the Nusselt number as follows:

Nu = 0. 64 Aro‘ 22(3)0' 094) . K|:Tanh(3(—}- - b)] (28)
P d, St
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where

Gme 1
b=224-1,29 (—2L +0, 1)
v

r

=0, 1 -
K 73(1 - 2)

This correlation does not indicate a dependence on the void fraction.
Noé (27) made a preliminary study of heat transfer from a ver-
tical tube located in a bundle of vertical tubes in a fluidized bed. Air
was used as the fluidizing agent and two sizes of glass spheres were
used as the particulate phase. Mass velocities from 700 to 2800
lbm/hr ft2 were investigated. The heat transfer coefficients were
observed to be proportional to the particle fraction, (1l - ¢), raised to
about the 1 /2 power. It was also noted that local heat transfer coef-
ficients in the dense phase varied with tube location. ILowest local
coefficients in the dense phase were observed at the center tube loca-
tion and the highest values were observed at tube locations near the
wall. For the mass velocities investigated, this observation is in

agreement with the results of Toomey and Johnstone (see Figure 4).

Presently Proposed Heat Transfer Model

The model that is proposed here is an extension of the model
proposed by Ziegler, Koppel, and Brazelton (40). In formulating this
model the following assumptions are made:

1. Fluidized particles are spheres of uniform diameter.
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2. The physical properties of the solids and the fluids are
constant.

3. Particles from the bulk of the fluidized bed , having the
bulk medium temperature, Tb, move adjacent to the trans-
fer surface. While adjacent to the surface, the particle re-
ceives energy by convection from the fluid around the

particle. This fluid is assumed to be at the arithmetic

mean of the wall and the bulk medium temperature, i.e.

T, = ——— (29)

After some time the particle leaves the surface and returns
to the bulk of the bed. This mechanism is sketched for a
typical particle in Figure 6.

4.  The major portion of the heat transfer occurs by the
mechanism described above.

5. Radiant heat transfer from the surface to the particle is
neglected. Baddour and Yoon (3) have shown this effect to
be negligible for packed beds at temperatures below 600° C.

6. Conduction at the point of contact is negligible. Botterill
et al., as cited by Ziegler, Koppel, and Brazelton (40),
have shown that this effect is very small.

The boundary value problem describing the temperature in the

particle while it is near the wall, given the above assumptions, may
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be written as follows:

2
38 (1, T)_ 1 3 D22 (0. 7),
aT nz am an '

®(m,0) =1

(30)
3% (0, T _

an

9% (1,7

+N3(1,T) =
an N&(l,T)=0

The solution to this boundary value problem (40) is well known

and is given by the following equation:

2 2
+(N -1
© \ 2 e TN D g
_ 2N n n )
3 o Ze 5> sinx _n (31)
N CIND FN(N - 1))
1 n n

where the eigenvalues, X , are the roots of
n

A cotx =1~ N (32)
n n
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Since the fluid velocity near the wall is small, the Nusselt num-
ber for fluid-to-particle heat transfer near the wall can be approxi-
mated by the limiting value of Froessling's single spherical particle
correlation. This value will be high since Nusselt numbers in a
fluidized bed are lower than those predicted by Froessling's correla-
tion; however, this will compensate for omitting transfer by other

mechanisms. The following approximation can now be made for N:

h D 2k D
cp g
2 k D 2k

s P s

e
he}

N:

kg
Tk, (33)
S

£ <ol (34)

The first eigenvalue, X\ is small (40) and can be approximated

]_’

by expanding the eigenvalue equation in a power series, i.e.

From eigenvalue tables (6, p. 492), it can be shown that for all
N, \_ > 4if n>2; therefore, only the first term in the series solu~
n —Z

tion is of any significance. By using the approximation for X} and
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series approximations for the trigonometric functions, Equation 31,

evaluated at 1= 1 can be reduced for small N to

_ =3NT_. -~-M6
b = e = e

Calculations show that Equation 36 is within ten percent of Equation
31 for all N< 0. 2.

The quantity, M, is independent of the solid thermal conduc-
tivity; therefore, this model predicts that the solid thermal conduc~
tivity has no effect on heat transfer, an experimentally observed
fact (22, p. 303).

Equation 36 can now be used to evaluate the instantaneous rate
of heat transfer at the surface of the particle as a function of the time

it has been at the wall. Using the limiting Nusselt number of two,

q,{0) = b 1D _“ [T, - T(1)] (37a)

.;_O(e) = ZkgHDp(Tf - Tb)o'Me (37b)
-M6

q (€)= HDpkg(TW - Tyle (37¢)

The length of time that a particle remains at the surface will

vary, conceivably from zero to infinity. Let f(0) d® be defined as
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the fraction of particles at the surface at any time which has been at
the surface for a time between 0 and 06 + df. It seems reasonable
that f(0) will have a maximum, that is, a contact time which occurs
most often. A function which is convenient to use and does have such
a maximum is the gamma distribution function, i. e.

f(e):‘_IZ.'TT 0% /P (38)

al!p

The time average heat flux is then given by

% | D k (T - T,)
a, = | 10)a0)e0 - o (39)
0 L+ )

where

6 = the average contact time

Ziegler, Koppel, and Brazelton observed that the distribution
shape factor, a, equal to one gave a dependency on the solid heat
capacity which was consistent with their experimental résults. With

this in mind, a value of one will be used for a, i.e.

D k(T - T,)
q = - (40)
P +——I\ge)2

In order to obtain an expression for the heat transfer flux based

on the wall surface, the number of particles at the surface per unit

area will have to be derived. The number of particles per unit area,
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yp, will be related to the particle fraction, (1l - ¢), and the particle

diameter. The heat transfer coefficient has been reported (10; 23;

0.
24; 27, p. 47) to be proportional to (1 - ¢) 48; therefore, a relation
of the following form can be proposed:
0. 48
= K, (1l - ¢ (D ) 41
Yp = Kl = o RO (41)

For a completely covered surface with hexagonal packing, Yp and

(1 - ¢) are

2/\3

y =

P 2 (42)

p

(1 - ¢)=14/27 (43)
Therefore

K, =1.59 (44)
and

£D ) =— (45)

Pp° 5 2
P

By substituting Equations 44 and 45 into Equation 41, we can get

the following equation for Yp :

_1.59(1 - e)o' 48 46

Y 2 (46)
P D
P

By multiplying q by y , we can write an equation for the
P p

heat flux from the wall surface, i.e.
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0. 48
L o(l - -
5.0l -¢) k(T = Ty)

PP 6k © ’ (47)
D (1+—& 5)
P o co

S S P

The particle Nusselt number is

0. 48
5(1 - ¢)

o) - 6k 9§ (48)
(1 +—8 > )2
D
psCs p

The average contact time, 8, would be affected by the following
variables:

1. mass velocity, G

2. particle diameter, Dp

3. particle density, p S

4. gas density, pg

5. gas viscosity, u

6. mass velocity at minimum fluidization, Gmf

7. acceleration due to gravity, g
The variable, Gmf’ is not an independent variable. It can be related
to the other variables by the dimensionless correlation presented by

Miller and Logwinuk (25), i.e.

0. 1.1
0.00125D2(ps-p ) 9p g

- P g g
Gmf m (49)




36
With the aid of dimensional analysis the following dimensionless

groups can be obtained:

(=S (s (——7—6 gl/2> (DPG )
Gmf pg Dpl 2 b

With these groups an equation of the following form for 6 is

obtained in the form:

D ),
— 1 P
8 = c (=2 /2 ge o) (==, (50)
g P Ghp Py

The exponents in this equation have to be determined experimentally.

Substituting Equation 50 into Equation 4§, the following is obtained:

0. 48
Nu = 5. 0(1 - ¢) (51)
6k C D
P T (___E)I/ZRee G )f(ii)g]z
pSCSDp2 g P Gmf pg

! It would be expected that the average contact time, 6, would also
depend on the particle fraction, (1- ¢); however, no such depend-
ency was observed experimentally in the correlation obtained.

The assumed temperature of the gas surrounding the particle of the
wall and the average contact time are not independent in the model
and the effect of particle fraction appears to be not too significant

in the range of the present experiment. In the final equation (51)

the interdependency of assumed temperature and contact time cancel.
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EXPERIMENTAL EQUIPMENT

The experimental equipment was designed and assembled in
order that a study could be made of local shell-side heat transfer co-
efficients in a fluidized bed tubular heat exchanger. Some of the
equipment components used in this study were used in a preliminary
study undertaken by No& (27, p. 10). Since a complete description
of these components is given by Noe, only modifications and additions
to these components will be discussed in detail. The major com-
ponents of the equipment include the model fluidized bed tubular heat
exchanger, the air blower, the direct current power source, the
cyclone separator, and measuring devices. A general set up of the
equipment, with the exception of the air source, is shown in the

photograph in Figure 7.

The Model Heat Exchanger

The model heat exchanger consisted of a tube bundle containing
a heating element and a shell. The shell consisted of a conical air
distributing section, a test section, and a disengaging section.

The conical air distributing section was used to expand the flow
cross section from 2 inches to 5. 75 inches. Two thermocouples
were inserted through the walls of this section to measure the air

inlet temperature. This section is described by No& (27, p. 10).



Figure 7.

Photograph of Experimental Equipment
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The disengaging section was a nine-inch OD by 1/8-inch wall
by 12 inches long, cast acrylic tube. Four, three-inch diameter
acrylic nipple exhaust ports were mounted on the tube one inch from
the top. Flexible rubber tubes were connected to the nipples for
exhaust to the cyclone separator. The disengaging and test sections
were connected as described by No€ (27, p. 13). A thermocouple
was inserted through the wall of the disengaging section 3/4 inch from
the bottom. This thermocouple was used to measure the temperature
of the particle-air mixture in the disengaging section.

The test section was constructed from a six-inch OD 44-inch
long cast acrylic tube with a 1/8-inch wall. A three-inch OD
acrylic nipple inlet was mounted two inches from the bottom for re-
turning particles from the cyclone separator. A three-inch neoprene
seated quick-opening valve was placed between the separator and the
particle inlet to control the particle flow rate. Four thermocouples
and thermocouple shields were mounted at 9. 25, 17. 25, 27.25, and
38. 25 inches from the bottom. The shields consisted of cylinders
made of fine wire mesh and were inserted through the test section
shell. The thermocouples were placed inside the wire mesh shields
to give contact with the gas only. Four pressure taps located 5.5
inches from the bottom of the tube and every 1l inches thereafter
were affixed to the test section. A description of the taps is given

by Noe€ (27, p. 13). A transversing thermocouple was placed at a
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height of 8. 5 inches from the bottom of the tube. This probe con-
sisted of a 1 /16-inch stainless steel tube and a thermocouple pro-
truding out of the tube wall. The stainless steel tube goes across the
tube bundle between rows of tubes as shown in Figure 8. A screw
type moving device was used to move the thermocouple to various
radial positions. This probe was designed to determine any radial
variation in the bulk shell-side temperature. The test section was
connected to the air intake section with a 1/2-inch thick, seven-inch
diameter, plastic flange and secured by 12, two-inch by 1/4-inch
bolts.

The tube bundle consisted of 19, 3/4—inch OD, 60 inches long,
321 stainless steel tubes arranged in a 1-1/16-inch triangular pitch.
The tube layout is shown in Figure 8. One end of each tube was fitted
with a 3/4-inch plastic plug to facilitate fitting into the lower tube
sheet.

The top tube sheet, fabricated from two, one-inch thick 1l -inch
diameter, plywood disks was connected to the disengaging section by
six, two-inch by 1/4-inch bolts.

The bottom tube sheet, placed between the air intake and test
sections, consisted of 100 mesh wire cloth placed on 14 mesh wire
screen,

The heating element, type 32l stainless steel tube, had a 3/4-

inch OD by . 0l 2~inch wall and 60-inch length. The heating element
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was equipped with electrical connectors as described by No& (27, p.17)
The entire model heat exchanger, excluding the air intake, was
mounted in a three-foot long ''cradle' made of slotted angle iron.

This was mounted inside a 7. 5-foot high vertical frame.

The Air Blower

Air was supplied from a Sutorbilt 8HB blower driven by a 30 hp,
1760 RPM General Electric AC induction motor. The blower was
rated at 550 cfm (one atm. and 68° F) at 9 psi outlet pressure.

Three-inch standard steel pipe was used to carry the air to the
model heat exchanger. To eliminate vibration from the blower,
flexible hose was installed between the blower and the pipe entrance.
The three-inch pipe was reduced to two inches and connected to the
air intake section by a rubber hose.

The air flow rate was controlled by two gate valves. One, a
two-inch-by-pass valve controlled the air flowing through a by-pass
to the atmosphere. The other control valve was in the three-inch air
supply line. A three-inch-quick-opening neoprene seated valve was
used in another by-pass from the air supply line. This valve was
physically placed near the quick-opening valve in the line which re-
turns particles from the cyclone separator in order that both valves
could be closed or opened simultaneously.

The air was metered by a two-inch diameter, 16 gauge, square
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edged orifice located in the three-inch air supply line. The orifice
was machined accurately from a smooth brass plate to desired
specifications, and pressure taps were located at the proper dis-
tances from the orifice plate. The orifice meter was calibrated with
a pitot tube which was placed in the three-inch air supply line. De-

tails of this calibration are given in Appendix B.

The Direct Current Power Supply

A battery charger and a constant voltage transformer were used
to supply energy to the stainless steel tube. A diagram of the elec-
trical circuit is shown in Figure 9, and a description of the com-
ponents of the circuit is given by Noé (27, p. 17). The resistance
in the circuit was adjusted so that the current was about 39 amperes.

The emf and current were measured by a DC voltmeter with
a range of zero to three volts and a DC ammeter with a range from
zero to 50 amps. Both instruments were manufactured by Simpson

Electric Company and are accurate to 2 percent at full scale.

The Cyclone Separator

In order to obtain measurements at gas velocities greater than
the terminal velocity of the particles in the heat exchanger, a cyclone
separator was designed and fabricated to separate the particles from

the air leaving the model heat exchanger.
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The separator was made out of 1 /32-inch steel sheet metal. It

was 60 inches long and 12 inches in diameter. The various sections
of the cyclone were proportioned as recommended by Perry (29, sec.

20 p. 69). A drawing of the separator is given in Figure 10.

Measuring Devices

The pressure drop across the bed and orifice was measured by
a manometer system using Meriam manometer fluid with a specific
gravity of 0. 827. The supply line pressure was measured by a mano-
meter using mercury as the fluid.

The wall temperature was measured at various positions by a
thermocouple probe which moved up and down inside the tube wall.
The probe consisted of two copper contacts rounded to the shape of
the tube wall. A thermocouple was embedded in each contact but
electrically insulated from the copper. Each copper contact was
held in contact with the wall by a spring. An enlarged view of the
probe is shown in Figure 11. A detailed description of the probe is
given by Noé& (27, p. 19).

All temperatures were measured with copper-constantan
thermocouples. Number 30 B. and S. gauge, Leeds and Northrup
thermocouple wire, was used. Thermocouple emf was read using
a Leeds and Northrup potentiometer maodel 8662,

The probe thermocouples and the air inlet thermocouples were
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each connected in series to read twice the average probe emf and
twice the average air inlet emf respectively. Thermocouples placed
in the shell-side of the model heat exchanger were used to determine
the bulk temperature of the air flowing through. As previously men-
tioned, the transversing thermocouple was used to detect radial
variation in the bulk air temperature. All reference junctions were
kept in an ice bath at 32° F. A description of the thermocouple cali~
bration and the tube wall probe temperature correction is given in
Appendix C.

A switching system was used to complete the thermocouple cir-
cuits. A Leeds and Northrup type G speedomax recorder was used to
record the probe readings and therefore indicate when the probe was

at steady state.
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EXPERIMENTAL PROGRAM

The objective of this investigation was to determine local and
average heat transfer coefficients for transfer of energy from a
heated tube in a tube bundle to air flowing through a fluidized bed at
various operating conditions. The experimental program was de-
signed to fulfill this objective.

The variables that are most likely to affect the transfer of
energy from an internal surface to a fluidized bed can be broken into
three general groups; (1) properties of the fluidizing medium and
fluidized particles, (2) operating conditions and (3) equipment geom-
etry and design.

Fluidizing medium's properties would include such quantities as
thermal conductivity, density, heat capacity, and viscosity. Fluidiz-
ing particles' properties would include thermal conductivity, density,
heat capacity, size, and shape. Operating conditions would include
particle concentration and distribution, superficial gas velocity, heat
flux, and the temperature driving force. The size, location, and ar-
rangement of the heat transfer surface as well as the boundary geom-
etry of the fluidized bed are also variables to consider.

Variables under consideration in this investigation are particle
concentration or static bed height, particle distribution, superficial

gas velocity and heating tube location. Heat flux, tube wall
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temperature profile, and vertical bulk gas temperature profile were
measured in order to calculate the desired coefficients. Bed section
pressure drops were also measured in order to calculate power re-
quirements and particle distributions.

Air was used as the fluidizing medium. The air used was ap-
proximately at the same temperature for all runs which enabled
keeping the thermal conductivity, heat capacity, viscosity and density
of the air constant. Only one tube bundle configuration was con-

sidered.

Particle Size and Thermal Conductivity

Two types and three sizes of particles were used in this in-
vestigation. Glass spheres, manufactured by the Minnesota Mining
and Manufacturing Company, of 0. 0052 and 0. 01 51 -inch average
diameter were used. Aluminum particles, manufactured by Aluminum
Metallurgical Granules, of 0. 0306~inch average diameter were used.
The average diameters were determined by arithmetic averages of
measurements taken from photographs of microscope enlargements
of the particles. The size distributions of the particles were also de-
termined by such photographs; the distributions are shown in Figure
12, Representative photographs of the particles are shown in Figure
13. The fine and coarse glass spheres were screened to give 65/100

mesh and 20/35 mesh ranges respectively in order to have a more
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narrow range. It can be seen from Figure 13 that the fine and coarse
glass particles are spherical whereas the coarse aluminum particles
are somewhat irregular in shape, but still generally spherical. The
densities of the glass and aluminum particles are 156 lbs/ft3 and
169 lbs/ft3 respectively.

Aluminum and glass have densities and heat capacities which
are similar in magnitude, but the thermal conductivity of aluminum
is 200 times greater than the conductivity of glass. This allows an
investigation of the effect of particle thermal conductivity on heat

transfer.

Particle Concentration and Distribution

Static bed heights of four and nine inches were investigated at
all heater tube locations, which gave average particle concentrations
of 9 and 20 lbs/ft3 respectively. At some tube locations, data were
taken at static heights of two and six inches. Data were also taken
without particles in the system in order to compare with data re-
ported in the literature (2, p. 93; 7). The static bed heights were
measured with a scale which was on the test section shell.

At high gas velocities (well above the terminal velocities of the
particles) an even distribution of particles existed in the test section;
thus, particle concentration is a constant in the test section. At low

velocities (where particles are not circulated through the cyclone
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separator), the particle distribution in the test section was deter-

mined by measured values of the vertical pressure gradient (21).

Gas Mass Velocity

A wide range of gas velocities was used in this investigation to
determine the most effective velocity in terms of heat transfer and
power requirements. The mass velocity ranged from 680 to 8580
lbs/hr ftz. Four flow rates were investigated at each static bed
height. The first rate was chosen so that the fluidized bed height was
about half way up the test section. The second rate was adjusted to
give a fluidized bed height equal to the height of the test section. The
remaining rates were above the minimum rate necessary for re-
cycling of solids. These four rates averaged 1530, 1860, 3100, and
3900 lbs/hr £t% for the fine glass spheres; 2740, 3210, 5380, and
6860 1bs/hr ft2 for the coarse glass spheres; and 2800, 4300, 5400,
and 6500 lbs/hr ft2 for the aluminum particles. Deviation from these
averages was I 25 percent; therefore, approximately the same flow

rates for the different static bed heights were used.

Heating Tube Location

Figure 8 shows the tube layout. Since the tube bundle layout
is symmetrical, only four heating tube locations were needed to in-

vestigate all possible heating tube locations. The tube locations are
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numbered in Figure 8 and will be referred to by number. The center
location is numbered one; the location half the distance from the cen-
ter is numbered two; and the two outer locations are numbered three
and four. Heat transfer was studied at all four locations for various
static bed heights and gas velocities.

The heating tube wall temperature was measured at 11 positions
along the tube. For most runs the locations 1.0, 3.0, 5.0, 11.0,
17.0, 23.0, 29.0, 35.0, 41.0, 43.0, and 45. 0 inches from the bottom
were used to get the necessary data to obtain the temperature profile

along the tube.
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EXPERIMENTAL PROCEDURE

The following preliminary procedure was performed before each

experimental run;

1,

3.

The stainless steel heating tube was placed in its desired
location.

A thermos flask was filled with crushed ice and water.

The thermocouple reference junctions were placed in the
flask to give a reference temperature of 32° F.

The potentiometer was balanced against an internal
standard cell.

The tube wall probe thermocouple was set to its initial
position.

The power supply was turned on.

For low flow rates (no solid circulation), the desired
amount of particles was placed in the test section. The air
blower was turned on, and the control gate valves adjusted
to give the desired flow rate. For high flow rates (with
solid circulation), the blower was turned on and the flow
rate adjusted. Solids were then allowed to flow from the
cyclone separator through the quick-opening neoprene
particle control valve. The desired static bed height was

obtained by finding the correct opening for this control
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valve. The quick-opening neoprene by-pass valve was
used to reroute the air while the static bed height was
being measured.

7. The speedomax recorder was turned on and set to record
the tube wall thermocouples' emf. When steady state was
observed, the recording of data commenced.

The following procedure was followed in recording the neces-

sary data:

1. The tube wall probe emf was measured with the poten-~
tiometer. The probe was then placed in the second posi-
tion and the recorder was turned on in order to observe
when the probe reached steady state. At steady state the
procedure was continued until all 11 probe positions were
measured.

2. While the probe was coming to steady state between probe
emf measurements, the remaining data were taken. The
current, voltage, gas inlet temperature, gas outlet tempera-
ture, four bulk gas temperatures, transversing thermo-
couple temperature (three positions), gas line pressure,
orifice pressure drop, andbedpressure drops were recorded
at four equal time intervals during the course of the run.

After all the data were recorded for one run, the flow rate was

increased to transfer particles to the cyclone separator. At this
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point, the equipment was turned off, or the procedure was repeated
for another run,

In this manner, data were taken for the various static bed
heights, gas flow rates, and particles. A typical data sheet can be

found in Appendix D,
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CALCULATIONS

Calculations have been divided into two categories: Calcula-
tions of temperatures, local temperature differences, heat flux,
local heat transfer coefficients, average heat transfer coefficient,
gas rate, and bed section pressure drops were calculated from the
original data; and calculations of bed section void fractions and bed
section average heat transfer coefficients were calculated from the
above calculated data. The calculations of the former category were
performed on a digital computer, and the latter calculations were

performed with a desk calculator.

Calculations Using Original Data

In order to calculate temperatures from thermocouple emf
values, equations were developed from data obtained in calibrating the
thermocouples (see Appendix C). Milne type fifth order iﬁterpolating
formulas were used (26, p. 64). The equation used for the local tube
wall temperature (see Appendix C for tube wall temperature correc-
tion) and gas inlet temperature is as follows:

T = 32+ 22.728 emf - 0. 296 emf{ (emf - 2) + 0. 00956 emf

(emf - 2)(emf - 4) -~ 0. 000437 emf (emf - 2)(emf - 4)

(emf - 6) - 0. 0000354 emf (emf - 2)(emf - 4)(emf -~ 6) (52)
(emf - 8) - 0. 00000281 emf (emf - 2) (emf - 4) (emf - 6)

(emf - 8)(emf - 10)
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The equation used for the gas outlet temperature, local bulk gas tem-
peratures, and transversing probe temperature is the following:

T = 327%45.455 emf-1.184 emf(emf-1)+0.0765 emf(emf-1)

(emf - 2)~0.007 emf(emf-1)(emf-2)(emf-3)+0.00113 (53)
emf(emf-1)(emf~ 2){emf- 3)(emf~4)=-0.00018 emf
(emf-1)(emf- 2)(emf- 3)(emf~4)(emf - 5)
A fifth order equation was used to insure a good fit over a large tem-
perature range.

A relationship between the gas bulk temperature and the dis-
tance from the entrance of the heat exchanger was developed from the
gas inlet temperature and the local gas bulk temperatures. The fol~
lowing Milne type fourth order interpolating formula was used, i.e.

= 4 -
T, =T, +A(Z-2

) ) HAL(Z = Z) N2~ 2,) YA L(Z-2))

2

(54)
(2-2,0(2-2,)+ A, (ZNZ -2, N2~ 2 )2~ 2,)

The coefficients Al’ A_, A_, and A are determined by divided

2 3 4
differences of the local gas bulk temperatures T. , T, , T, , and
Tb and the distances from the entrance of the heat exchanger Zl’
3

ZZ’ and Z3. From this equation values of the bulk gas temperature
are calculated for the 11 tube wall probe positions. The local tem-~

perature difference is then calculated from the following equation:

AT. =T - T (55)
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The heat flux was calculated by determining the power dissi-
pated in the heating element. The product of the measured current
and voltage drop gives the power dissipated in the heating element
and the connecting leads. The electrical resistance of the leads is
estimated to be 0. 00395 ohms; therefore, the expression used for the

heat flux is:

2
q=3.475{IV - 0.003951") (56a)

The local heat transfer coefficient is calculated as follows:

hloc - q/ATloc (56b)

To calculate an average heat transfer coefficient, it is first neces-
sary to calculate an average temperature difference. An integral
average of the temperature difference is used as is recommended by

Leva (18, p. 187), i.e.
L

S.AT dz (57)
0

n

[l R

AT

av loc

This integral was numerically evaluated. The average heat transfer

coefficient was then calculated as follows:

h = q/ATa (58)

av v

The equation for calculating the gas flow rate from the pressure

drop across a square edged circular orifice is (28, p. 405)
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) 3600 C YOSZ ZgCAPOp1
G = (59)
A 4
1-p
where
_ 2
G = mass flow rate, lbm/hr ft
2
g =32.1741b_ ft/1b_sec
c f m
py T gas density upstream, lbm/f’c3
A = cross sectional area of heat exchanger, ft
S2 = cross sectional area of orifice opening, ft
APO = pressure upstream - pressure downstream, lbf/f'c2
C = coefficient of discharge, dimensionless
Y0 = expansion factor, dimensionless
6} = ratio of the orifice diameter to the pipe diameter,

dimensionless
The expansion factor for a square edged circular orifice is given by

the following:

YO: 1 —(plTl-Kp—-z—)(IO. 41 + 0. 35 ﬁ4) (60)
where
K = ep/é‘v
B = ratio of the orifice diameter to the pipe diameter

From the calibration of the orifice meter (see Appendix B), the co-
efficient of discharge, C, was determined to be 0. 6024 over the

range of interest.
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The pressure drop across the orifice was measured with a
manometer inclined at 30°. The manometer fluid used had a specific
gravity of 0.824; thus, the following equation gives the pressure
drop:

Ah (51.39 - 0.08) sin(30°)

30. 5 (61)

ap, = £
¢
where
Ah = the manometer reading in centimeters
The line pressure downstream, PZ’ was measured with a

mercury manometer. Gas densities were calculated by using the

P., and inlet temperature,

ideal gas law, PZ’ 1

The pressure drop over the three ll-inch sections of the
fluidized bed were measured with manometers using a manometer
fluid having a specific gravity of 0. 824. The following equation gives

this pressure drop:

_sh (51.39 - 0.08) g

b 30. 5 g,

AP (62)

where

Ah = the manometer reading in centimeters

It is necessary to know the total pressure drop across the heat
exchanger in order to calculate power requirements. The total
pressure drop is the sum of the three section pressure drops, taking
into account the first five inches and the last six inches of the heat

exchanger. The following equation was used for the total pressure
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drop:

16 17
= J— + —_—
APT 1 APb APb + 11 APb (63)

1 2 3

Calculations from Calculated Data

For batch fluidization, where particles are not circulated, the
void fractions, ¢, is calculated for each of the three 1l-inch sections
of the heat exchanger from the measured values of bed section pres-
sure drops. The following equation is a good approximation for batch
fluidization (21):

AP glp, - p,)

1-¢)= g
(1 -¢) Tg (64)
c
where
L = section length, ft
€ = void fraction
= solid density, 1b /ft3

Ps Vs m

pg = gas density, lbm/ft3

APb = bed section pressure drop, lbf/ft2

When particles are circulated, the void fraction is assumed to
be constant throughout the test section. The void fraction is then
calculated from the length of the shell-side of the test section, static

bed height, and solid densities, i.e.
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12 _ Py
=1 . = —
€ i5 Sb . (65)
s
where
Sb = static bed height
Py = bulk density of solids

P = density of solids

Under the conditions of batch fluidization, arithmetic average
heat transfer coefficients are calculated in each of the three 11 -inch
sections of the heat exchanger. When particles are circulated, the

average coefficient for the entire heat exchanger is used.
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ANALYSIS OF DATA

Average Nusselt Numbers without Fluidization

Data were taken without fluidization to compare the resulting
average Nusselt numbers with those reported in the literature.
Average Nusselt numbers in unbaffled heat exchangers have been

correlated by an equation of the following form (2, p. 93; 7):

h d d, G
. . 1
Nu .—._Lt =C. D 0 6( t )0 6pr /3 (66)
av kg I e 7S

where De is the equivalent diameter in inches based on four times
the hydraulic radius.
-1/3 .
The term Nu vPr was calculated from the data with
a

Pr = 0.7 in all cases. In Figure 14 this dimensionless term is
dtG

plotted versus the dimensional term DeT in order to make a com-
parison with Equation 66. The correlations of Ambrose (2, p. 93)
and Donohue (7) are also represented in Figure 14, Donohue's cor-
relation of available data in the literature for tube diameters of less
than 5/8 inch has a scatter of + 25 percent. Ambrose's correlation
is for one-inch diameter tubes arranged in a 2 - 3/16-inch triangular
pitch. Calculated Nusselt numbers using Ambrose's correlation are
somewhat higher than those calculated from Donohue's correlation.

Ambrose (2, p. 93) attributes this difference to the larger tubes used

in his investigation.
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The data of the present investigation are within the * 25 percent
scatter of Donchue's ceorrelation, and the data are between Ambrose's
and Donohue's correlations as would be expected, since 3/4-inch
diameter tubes were used in the present investigation. The results
of this investigation, as shown in Figure 14, has the characteristic
0. 6 slope. The results indicate agreement with published correlations
and also indicate that the measured heat transfer coefficients have

reasonable values.

Radial and Vertical Bulk Gas Temperature Profiles

Radial Bulk Gas Temperature Profiles

At a vertical height of 8. 5 inches, a transversing thermocouple
was used to determine the radial bulk gas temperature profile.

Measured temperature differences for radial locations near the
heating tube and the outer wall are as large as 2. 0° F, but differences
in the range 0.1 to 0. 6° F are more common. Figure 15 shows radial
temperature profiles which are representative of most runs. The
profiles shown represent all four tube locations of the tube bundle.

As would be expected, highest values of the bulk gas temperature are

located near the heater tube location.
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Vertical Bulk Gas Temperature Profiles

A vertical bulk gas temperature profile was determined with
the aid of several thermocouples protruding from the test section
outer wall.

Typical vertical bulk gas temperature profiles are shown in
Figure 16. The four mass velocities studied for aluminum particles
are shown. The top two profiles are for batch fluidization, and the
lower profiles are for higher mass velocities where the particulate
was refluxed.

At all mass velocities the bulk gas temperature increases
several degrees in the first few inches of the fluidized bed. Above
five inches a constant bulk temperature is observed in the bed, i.e.,
backmixing exists. This observation has also been reported in the
literature (11;13). For G = 2500 the fluidization height was approxi-
mately 30 inches. As would be expected, an increase in the gas bulk

temperature is observed above 30 inches.

Local Heat Transfer Coefficients for Batch Fluidization

Local heat transfer coefficients are plotted versus the distance
from the test section entrance at a constant gas mass velocity, G.
Weighted average local heat transfer coefficients for the entire heat

exchanger (that is, weighted proportional to the number of tubes at
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each location)are also plotted versus the distance from the entrance.

Figures 17 and 18 show local keat transfer coefficients for
batch fluidization of fine glass spheres (Dp = 0. 0052 inch}. The data
are for static bed heights of four 2nd nine inches and mass velocities
of 1540 and 1860 lbm/hr £,

For G = 1540 particles were fluidized to a height of approxi-
mately 30 inches. Above this height tube location had no significant
effect on local heat transfer coefficients except for tube location 4 at
a static bed height of nine inches. Coefficients are lower in this case
because the mass velocity was significantly less than 1540 (1020). In
the fluidized part of the test section heat transfer coefficients at tube
locations 1 and 2 are the smallest and largest in magnitude respec-
tively over most of the bed. The heat transfer coefficients at tube
location 3 and 4 doc not vary significantly from each other.

For G = 1860 the entire test section was fluidized. The local
heat transfer coefficients at tube locations 1 and 2 are the smallest
and largest in magnitude respectively over most of the bed. Heat
transfer coefficients for the tube locations 3 and 4 are usually of an
intermediate value, and do not vary significantly from each other.

For static bed heights of four inches heat transfer coefficient
profiles are of Type I, as described by Toomey and Johnstone (31),
except for the coeifficient profile at tube location 2. At this location

a Type II heat transfer coefficient profile is observed. For a static
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bed height of nine inches, heat transfer profiles are of Type IL

Figures 19 and 20 show local heat transfer coefficients for
batch fluidization of coarse glass spheres (Dp = 0. 0151 inch). The
data are for static bed heights of four and nine inches and mass
velocities of 2740 and 3210 lbm/hr 2,

For G = 2740 particles were fluidized to heights of approxi-
mately 30 to 35 inches for the four and nine-inch static bed height
cases respectively. Above this height tube location has no significant
effect on heat transfer coefficients. In the fluidized part of the bed,
heat transfer coefficients for tube location l are the lowest in magni-
tude over most of the bed.

For G = 3210 the entire test section was fluidized. For a static
bed height of nine inches, the heat transfer coefficients observed at
tube location | are lower than the coefficients for other tube loca-
tions. For this static bed height heat transfer coefficients at tube
locations 2, 3, and 4 do not vary significantly from each other. Heat
transfer coefficient profiles at this static bed height are of Type IL
For a four-inch static bed height heat transfer coefficients at tube
location 1, in the dense part of the bed, seem somewhat inconsistent
since they are larger in magnitude than those of the other tube loca-
tions. At this static bed height coefficient profiles are of Type L

Local heat transfer coefficients at tube locations 2 and 3 for

fluidization with aluminum particles (Dp = 0.0306 inch) are shown
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in Figures 21 and 22. The data are for static bed heights of four and
nine inches and mass velocities of 2800 and 4300 lbm/hr ftz. For a
static bed height of four inches, no significant differences in local
heat transfer coefficients at locations 2 and 3 are observed. The
heat transfer profiles are of Type I. For a static bed height of nine
inches, no significant differences between coefficients at tube loca=
tions 2 and 3 are observed for the less dense part of the bed. For
the dense part of the bed the local coefficients of tube location 3 are
higher than those of location 2 up to a vertical height of about 12
inches. For vertical heights greater than 12 inches and less than
30 inches, the coefficients of tube location 2 are greater in magnitude.
This results because the coefficients of tube location 2 have a maxi-
mum at a greater distance from the entrance than do the coefficients
of location 3.

The criterion based on the dimensionless group, Lpo/A, pro-
posed by Toomey and Johnstone (31) to determine the heat transfer
coefficient profile type, indicates that an increase in the fluidization
height and particle size will increase the tendency to produce a Type I
profile. The results of the present investigation indicate that particle
diameter has little influence on the profile type. Increases in the
fluidization height and static bed height tend to decrease the tendency
for Type I profiles. With this in mind the group, DtZ/Lbe, should

indicate a tendency toward Type I profiles. At each static height and
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fluidization height there were ten local coefficient profiles measured.
The percent of these ten that are Type I is tabulated in Table I along
with the group, DtZ/Lbe.- Increases in the magnitude of this group
appear to increase the tendency toward Type I profiles. The tube
location also seems to have an effect on the profile type. Tube loca-

tion 2 exhibits Type II profiles more often than do the other locations.

Table I. Percent Occurrence of Type I Profiles

th Percent of
Lbe PZZIf)i(;eIs

. 0689 90

. 0459 50

. 0306 20

. 0204 0

Local heat transfer coefficients for fluidization with coarse
glass spheres are approximately 40 percent lower in magnitude than
coefficients for fluidization with fine glass spheres. Heat transfer
coefficients for fluidization with aluminum particles and with coarse
glass spheres are about the same magnitude even though the aluminum
particles are larger in average diameter. The increase in effective
surface area of the irregular aluminum particles may account for the
fact that heat transfer coefficients did not decrease for fluidization

using aluminum particles.
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Average Sectional Coefficients for Batch Fluidization

With experimentally determined average particle fractions and
average Nusselt numbers over the 11-inch sections of the fluidized
bed, average particle contact times, 8, were calculated from Equa-
tion 48. Calculated contact times averaged 0.1, 0.4, and 1. 3
seconds for the fine glass spheres, coarse glass spheres, and
aluminum particles respectively. These values are in the range re-
ported in the literature (32; 40).

To obtain a correlation for the contact times, 0, the dimen-

1/2/D 1/2
P

. ties B ’ ’
sionless quantities 0 g Gmf/G p s/p g and Rep were
calculated. Equation 49 was used to calculate Gmf. These quantities

are plotted on logarithm scales in Figure 23. The following correla-

tion represents the data:

. 1/2 Ps 1.1 G
6 (£ /7 s Re = 97(———Gf)4/3 (67)
p Pg

By substituting 0, as expressed in Equation 67, into Equation

48, the following correlation for average Nusselt numbers can be

obtained:
0. 48
1 -
Nu = > ¢ (k <) (68)
P [1+580( g )(ps)l.l( mf 4/3 2
Re 3/2 1/2 " G ]
PD, " Copge g
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where ¢ 1is the ratio of the surface area of the particle to the sur-
face area of a sphere of the same average diameter.

Microscope enlargements (see Figure l3) of aluminum particles
show many cracks and crevices on the particle surface. As a result
of this observation, ¢ = 2 was assumed for the aluminum particles.
For the spherical glass particles ¢ = 1 was used. Equation 68, as
well as the experimental data, are shown in Figure 24. Most of the
data for fluidization with the coarse glass spheres and the aluminum
particles are within 1 20 percent of Equation 68. A wider scatter
exists for fluidization with fine glass spheres; this scatter is attrib-
uted to less accurate measurement of the section pressure drops
(and thus €) for the fine glass particles. The fine glass particles had
a tendency to plug the pressure taps on the test section.

The correlation based on the modified form of Ziegler, Koppel
and Brazelton's model agrees with several experimental observations,
The thermal conductivity of aluminum is 200 times larger than that
of glass, 'yet no increase in heat transfer coefficients is observed for
fluidization of aluminum particles. This is in agreement with the
proposed mechanism and with published data (22, p. 303). The ex-
ponent 0. 48 for (1 - ¢) cited by other investigators, as has been pre-
viously noted, agrees with the present investigation. Back-calcu-
lated average contact times correlate with the proposed dimensionless

groups and are in agreement with other workers (32; 40).
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All tube locations are represented in the data shown in Figure
24. Average sectional heat transfer coefficients for mass velocities
studied in this investigation did not have a significant dependency on
tube location. This is in agreement with the results of Toomey and
Johnstone (31) as shown in Figure 4. These workers observed little
difference in heat transfer coefficients simultaneously measured at
the outer tube wall and at an internal tube located at the center of the
bed for mass velocities above 1000.

In Figure 25 No€'s data for fluidization in a verticle tube bundle
is shown. The line shown in this figure is the present correlation.
A wider scatter is observed for his data than for the data of the
present investigation; however, acceptable agreement exists. Most
of Noé&'s data fall with * 50 percent. No& assumed that plug flow of
gas existed in the test section. The present investigation has shown
that backmixing is a more correct model. Coefficients calculated
by a plug flow model are larger than those calculated with a backmix
model. This would account for the fact that the calculated average
Nusselt numbers for Noé's data are greater than for the present cor-
relation.

Agreement of the present investigation with Equation 28 is poor.
Details of experimental conditions were not presented in the review
article where the results of Gel'perin, Ainshtein and Romanova were

translated. Since a substantial dependency on tube location in the bed
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was noted by these workers, it appears, based on the results of
Toomey and Johnstone (see Figure 4), that the mass velocities in-
vestigated were less than 500.

Figure 26 compares Gamson's correlation (10) for a single
vertical tube at the center of a fluidized bed with the results of this
investigation. The solid line is Gamson's correlation. The "jH
factors of the present investigation are about 20 percent lower than
Gamson's correlation. These lower values could be attributed to the
effect that the tube bundle has on fluidization. Particle dynamics
would be different with a tube bundle than without a bundle. Contact
times for a single vertical tube geometry would probably be smaller
for similar operating conditions. The characteristic -0. 3 slope was
observed in this investigation. It might be well to point out that the

particle surface area per unit of bed volume, a, is proportional to

(1 - ¢)
D
(1 - ¢) P

was assumed.

(1 - ¢). For spherical particles a = 6 , and for aluminum par-

ticles a = 12
p
A comparison of the results of this investigation with the cor-
relation of Gel'perin, Kruglikov, and Ainshtein is shown in Figure 27.
The solid line is Equation 26 which represents their correlation.
The data of the present investigation fall above this line and show a

great deal of scatter. Equation 26 shows a large tube location de-

pendency which indicates that low mass velocities were probably used.
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Local Heat Transfer Coefficients for Fluidization
with Particulate Reflux

Local heat transfer coefficients are plotted versus the distance
from the entrance of the test section for the various tube locations
and for four and nine-inch static bed heights. Weighted average
local coefficients for the entire tube bundle are also shown.

Local heat transfer coefficients for fluidization with fine glass
spheres are shown in Figures 28 and 29, All four tube locations were
investigated at a static bed height of four inches. At a static bed
height of nine inches only locations 3 and 4 were investigated. Local
heat transfer coefficients for fluidization with coarse glass spheres
are shown in Figures 30 and 31. All tube locations were investigated
except location 1 for G = 6860 at a static bed height of nine inches.
Figures 32 and 33 show local heat transfer coefficients for fluidization
with aluminum particles. Tube locaticns 2 and 3 were investigated.

The same general shape of the coefficient profiles are observed
for all static bed heights and mass velocities investigated., The heat
transfer coefficient decreases in magnitude over the first five to ten
inches of the test section; a constant value is then observed to heights

between 35 and 40 inches from the entrance; and an increase in the
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heat transfer coefficient is observed over the last five to ten inches
of the bed. At mass velocities discussed here, particles concentrate
in the top part of the test section and in the disengaging section; thus
explaining the increase in heat transfer coefficients in the latter part
of the test section.

Coefficients for the coarse glass spheres are about 40 percent
smaller in magnitude than those of the fine glass spheres. No sig-
nificant difference in magnitude of heat transfer coefficients for
fluidization with coarse glass and aluminum particles is observed.
This fact is again attributed to the greater surface area per unit
volume that the irregular aluminum particles have.

Only slightly larger heat transfer coefficients are observed at
the nine~inch static bed height than at the four-inch static bed height.
At the mass velocities investigated, an increase in the amount of
particulate present in the model heat exchanger only slightly in-
creases the particle concentration in the test section. Most of the
extra particles were located in the top part of the test section and in
the disengaging section. An increase in local heat transfer coeffi-
cient is observed near the top of the test section for an increase in
static bed height.

Heat transfer coefficients measured at tube location 1 are
greater than those at other tube locations. For fluidization with fine

glass spheres heat transfer coefficients at location | are about 1. 5
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times greater than the weighted average; however, for fluidization
with coarse glass spheres coefficients at location 1 are about 1. 3
times greater. For one phase flow through unbaffled heat exchangers
coefficients at a center location are also greater (27, p. 41). At the
high velocities investigated here, the two phase flow in the test sec-
tion approaches one phase flow. Heat transfer coefficients at the
locations 2, 3, and 4 differ only slightly from each other. In most
cases coefficients at location 2 are slightly greater than those at
locations 3 and 4.

Average Heat Transfer Coefficients for Fluidization
with Particulate Reflux

The average heat transfer coefficient over the entire heat ex-
changer is calculated from Equation 58. Using Pr = 0. 7 and calcu-
lated values of the particle Reynolds and particle Nusselt numbers,
j factors for heat transfer are calculated. Particle Reynolds num-
bers are correlated with j factors for heat transfer as shown in
Figure 34. The following dimensionless equation fits most of the

data with a scatter of + 10 percent.

N Re
P

u
. — P —
j.. = 173 ° 0.14 (
H RepPr 3 ¢

)-O. 68 (69)

where ¢ 1is the ratio of the surface area of the particle to the sur-

face area of a sphere of the same diameter. The solid symbols in
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Figure 34 represent data measured at tube location 1. As noted in
the previous section, coefficients at tube location 1 are greater than
those of the other tube locations. From Equation 69 one can observe

_ . . 0. 32
that the average heat transfer coefficient is proportional to G 3

and D 0. 68.
P

Power and Space Considerations

Except for specific cases where costs are not the most im-
portant consideration or where a fluidized bed already exists for
reasons other than increasing heat transfer coefficients, the fluidized
bed heat exchanger must be at least as economical as other heat ex~-
changers if it is to be used industrially.

Because of low heat transfer coefficients, unbaffled tubular heat
exchangers require large surface areas to obtain desired heat trans-
fer capacities. Costs of heat exchangers increase with increases in
the needed surface area. Baffles have been used in tubular heat ex-
changers to reduce surface area requirements at the expense of
pumping costs. The baffled tubular heat exchanger is the most widely
used industrial heat exchanger, and for this reason it will be com-
pared here with a fluidized bed tubular heat exchanger.

For each particle size four mass velocities were investigated
at each tube location. Arithmetic averages of the average heat

transfer coefficient and pressure drop at each tube location were
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calculated for all mass velocities. Pressure drop through a baffled
heat exchanger of the same heat transfer capacity, havAs’ was calcu-
lated. The tube configuration and shell diameter of the fluidized unit
and segmental baffles with 20 percent openings were used in the
hypothetical baffled exchanger. Flow rates through both exchangers
were the same. The baffle spacing was chosen to make the mean
mass velocity, Ge’ in the baffied exchanger equal to 5800 lbm/hr ftz.
The number of baffles was chosen to give the same heat transfer
capacity as the fluidized unit. Pressure drop and heat transfer coef-
ficients for the baffled exchanger were calculated as described by
Donohue (7).

The ratio of the pressure drop for the baffled heat exchanger to
the pressure drop for the fluidized exchanger at the same heat trans-
fer capacity, havAs’ was calculated. This ratio is plotted versus
static bed height in Figure 35 for batch fluidizatien and in Figure 36
for fluidization with particulate recycle. When this pressure drop
ratio is greater than one, the fluidized bed heat exchanger is ad-
vantageous in terms of pumping costs.

The plot at the top of Figure 35 describes this ratio at velocities
where fluidization heights were approximately 30 inches. The ratio is
greater than one for fluidization with fine glass particles for static

bed heights less than seven inches. The ratio for fluidization with

coarse glass particles and aluminum particles is significantly less
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than one.

The lower plot of Figure 35 describes the pressure drop ratio
at velocities where the entire heat exchanger is fluidized. The ratio
is greater than one for fluidization with fine glass spheres for the
static bed heights that were studied. Tre ratio for fluidization with
coarse glass spheres and aluminum particles is again less than one.

The pressure drop ratio for fluidization with particle circula~
tion, as is described in Figure 36, is greater than one for aluminum
particles. The ratio for fluidization with coarse glass spheres is
slightly less than one; whereas the ratio for fluidization with fine
glass spheres is substantially less than one.

For the high mass velocities used in circulating the coarse glass
and aluminum particles, calculated pressure drops through baffle
openings are high. If a 30 percent baffle opening had been used, the
pressure drop ratio at these velocities would have been less than one.

One additional pressure drop that should be considered for
fluidization with particulate recycle is the pressure drop through the
cyclone separator and connecting conduit. If this pressure drop was
added to the pressure drop through the test section, the pressure
drop ratio would be less than one for fluidization with all three par-
ticle types.

Since the shell diameter of the fluidized exchanger was used in

the hypothetical baffled exchanger, a comparison of exchanger lengths
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will give an indication of surface area requirements for the two ex-
changers. For fluidization with fine glass spheres the baffled ex-
changer was longer than the fluidized exchanger except for G = 1540,
The baffled exchangers ranged from 1. 04 to 1. 61 times greater in
length. For fluidization with coarse glass and aluminum particles

the baffled exchangers were always shorter.

Estimation of Experimental Errors

The errors involved in the determination of local heat transfer
coefficients are;

1. errors in measurement of thermocouple emf values

2. errors in measurement of heating element voltage drop

3. errors in measurement of heating element current

4. errors in calculating local bulk temperatures

The values of emf from thermocouples were read to % 0. 002
millivolts. Over the range of temperature covered this error in
temperature units is + 0. 07° F. Including a small computational
error for calculating temperatures from emf values using Equations
52 or 53, the error is close to £0.1° F. Error involved in deter-
mining the local bulk gas temperature from temperatures at thermo-
couple locations by using Equation 54 is estimated to be + 0. 2° F.
The total error in the local bulk gas temperature is felt to be close

to £ 0. 3° F.
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The Simpson ammeter and the Simpson voltmeter used to meas-
ure the current and voltage drop respectively in the heating element
had an accuracy of * 2 percent at full scale. Both instruments were
read at nearly full scale.

Errors involved in determining the heat flux are estimated by

using Equation 56a, i.e.

q = 3.475 (IV - IZRL) (56a)

q ferror = 3.475[(1 £0.02)I(l * 0.02)V - (1 iO.OZ)ZIZRL]

q X error = 3,475 (1 + 0. 0404)(IV - IZR )

L

q X error = (1 1 0. 0404)q (70)

Errors involved in determining AT are estimated by using

loc:

Equation 55, i.e.

AT, = TW - T, (55)

ATloc t error= (TW +0.1) - (Tb + 0. 3)

AT, T error= AT 1+ 0.4 (71)
loc loc

By using Equation 56b, errors in the local heat transfer coef-

ficient can be estimated as follows:

— q
h F —— 6b
loc AT (56b)
loc
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q(l + 0. 0404)

+ =
hloc < srror AT 10.4
loc
h + error = h, (1 +0.0404)(1 + 1. 0.4 ) 72
loc — FFOF loc'” — T AT, 10.4 (72)
ioc
In this study local temperature differences, ATloc’ varied from

7° F to 188° F. Calculated percent error for local temperature dif-

ferences, ATloc’ in this range are shown in Table II. For batch

fluidization the smallest measured values for ATloc are 7, 12, and

14° F for fluidization with fine glass, coarse glass, and aluminum
particles respectively. For fluidization with fine glass particles

ATloc was less than ten for only three cases. For fluidization with

particulate recycle AT was greater than 20° F in almost all cases.

loc

Table II. Percent Error in Local Heat Transfer Coefficients

ATloco ¥ Percent Error

7 10. 3

10 8.4

15 6. 9

20 6. 2

30 5. 4

40 5.1

60 4. 7

90 4. 5
140 4. 3

190 4. 3
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Manometer readings for the section bed pressure drops were
read to approximately + 0.4 cm of fluid. Except for a few readings
section bed pressure drops were greater than 3 cm of fluid. For
3 cm of fluid the estimated error would be £ 13 percent. For fluidi-
zation with fine glass spheres, particles would at times plug the
pressure taps on the test section which would cause incorrect read-
ings. The line pressure was read to * 0. 2 cm of Hg. The manc-
meter reading for the orifice pressure drop was read to % 0. 4 cm of
fluid. For fluidization with fire glass, coarse glass and aluminum
particles, the smallest recorded readings for orifice pressure drops
were 3.1, 8.1, and 8. 0 respectively. This would result in maximum
percent errors in orifice pressure drops of 13.0, 5.0, and 4.9 for
the fine glass, coarse glass, and aluminum particles respectively.

A correctly constructed square edged orifice meter has a re-
producibility of about two percent (29, sec. 5, p. 11). This assumes
that the correct coefficient of discharge, density, and pressure drop
are used. With this ir mind, a maximum error of the order of

1 10 percent is estimated for the gas flow rate.
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RESULTS AND CONCLUSIONS

Local and average heat transfer coefficients for shell-side heat
transfer from a fluidized bed tubular heat exchanger were investi-
gated. Batch fluidization and fluidization with particle recycle were
investigated, using air as the fluid phase and glass or aluminum
particles as the particulate phase. Heat transfer coefficients for air
flowing through the heat exchanger without fluidization were also

investigated.

Average Nusselt Numbers without Fluidization

The average heat transfer coefficients for air alone agree with
those calculated from accepted correlations (2, p. 93; 7); therefore,
it is concluded that correct values of coefficients were obtained by

the procedure followed.

Bed Thermal Gradients

From measurements of radial and vertical temperature pro=-
files, bed thermal gradients are shown to be small in the fluidized
bed except for the first few inches of the test section. A one to
three degree increase of temperature is observed over the first few
inches of the bed. Since thermal gradients in the bed are small, co-

efficients for a fluidized heat exchanger with all of the tubes in the
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bundle heated would not differ substantially from the coefficients for

an exchanger with one tube heated in the bundle.

Heat Transfer with Batch Fluidization

For batch fluidization local heat transfer coefficient profiles
were of two types. Fecr a Type I profile coefficients are high at the
bottom of the bed and decrease at higher levels in the bed. Type II
profiles have a maximum. For increasing values of the group
DtZ/Lbe, there is a greater tendency to have Type I profiles. When
fine glass particles are the fluidized medium, the local heat transfer
coefficients are in the range 25 - 40 Btu/hr ft2 °F for the most dense
part of the bed. When coarse glass or aluminum particles are the
fluidized medium, tke local heat transfer coefficients are in the
range 15 - 30 Btu/hr ft2° F for the most dense part of the bed.

Nusselt numbers averaged over ll-inch sections of the fluidized
bed are correlated with Equation 68, an equation developed from a
modified form of the Ziegler, Koppel, and Brazelton model for

fluidization heat transfer, i. e.

] 56 (1 - 048
Nu = = G > (68)
P {_’1+580 ( g WUEIREEY mf,4/3:l
Re 3/2 1/2 "7 G’
P D" Copgt g

Several conclusions can be drawn from this correlation:
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1. Particle Nusselt numbers are independent of particle
thermal conductivity.

2. Particle Nusselt numbers are proportional to (1 - e)O' 48.
(This result agrees with previously published data (10;

23; 24; 27, p. 47}.)

3. Particle Nusselt numbers are proportional to average
particle surface area.

4, Particle Nusselt numbers become less dependent on mass
velocity as mass velocities are increased. (This fact was
also concluded by Leva (18, p. 197) when discussing Dow
and Jakob's results. )

Particle Nusselt numbers, Nup, are about 20 percent lower

than those calculated from Gamson's correlation (10) for a single
vertical heating tube in a fluidized bed. This agreement leads one to

believe that tube configuration and tube spacing affects heat transfer
coefficients only slightly.

Local coefficients did vary slightly with tube location for batch
fluidization. In most cases coefficients measured at tube location 2
were the largest and coefficients measured at tube location 1 were
the smallest. Coefficients measured at tube locations 3 and 4 were
usually of an intermediate value. Average coefficients did not vary
significantly with tube location. It is concluded from the results of

Toomey and Johnstone (3l), Vreedenberg (34), and the present
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investigation that the effect of tube location on heat transfer coeffi-
cients is a function of the mass velocity. At mass velocities greater
than 1000 lbm/hr ftz, tube location affects heat transfer coefficients
only slightly. At mass velocities below 700 lbm/hr ftz, it is believed

that tube location will significantly affect heat transfer coefficients.

Heat Transfer with Particle Recycle Fluidization

For fluidization with particulate recycle, local heat transfer
coefficients decrease in magnitude over the first few inches of the
test section; the coefficient then remains constant to heights between
35 and 40 inches from the entrance; and an increase in heat transfer
coefficient is observed over the remaining five to ten inches.

Equation 69 correlates the average particle Nusselt number

within t ten percent, i.e.

Nup Rep -0. 68
. = 1/ = 0,14 ( ) (69)
H Re Pr1 3 ¢

Except at tube location'l, local heat transfer coefficients are
only slightly affected by tube location. Average coefficients at loca~

tion | are 10 to 20 percent larger than coefficients measured at loca-

tions 2, 3, and 4.
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Comparisons of the Fluidized Bed Exchanger
to a Typical Baffled Exchanger

For batch fluidization with fine glass spheres (Dp = 0. 0052 inch)
a fluidized bed heat exchanger, having a static bed height of less than
seven inches, and operating at a fluidized bed height of 30 inches, has
a smaller pumping requirement than does a baffled exchanger of the
same heat transfer capacity. When the fiuidized bed exchanger is
completely fluidized, the fluidized exchanger is advantageous in terms
of pumping requirements when using finre glass spheres,

For fluidization with coarse glass spheres (Dp = 0. 0151 inch) or
aluminum particles (Dp = 0. 0306 inch), the baffled exchanger is ad-
vantageous in terms of pumping requirements.

For fluidization with particle recycle, pumping costs are less
for the fluidized exchanger when fluidized with aluminum particles.
Calculated pressure drops through the baffle openings were large at
the velocities used for the aluminum and coarse glass particles. The
pressure drop through the baffled heat exchanger could be reduced by
using larger baffle openings. Pressure drops through the cyclone
separator and ccnnecting conduit were not considered.

At the same heat transfer capacity, haVAs’ the fluidized bed
heat exchanger was advantagecus in terms of suriace area require-
ment when completely fluidized with fine glass spheres for all static

bed heights studied.
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RECOMMENDATIONS FOR FURTHER STUDY

1. More experimental information is needed for heat transfer
from a vertical tube bundle to a gas fluidized bed for mass velocities
less than 800 lbm/hr ftz. For velocities in this range it is expected
that tube location will have a significant effect on heat transfer coef-
ficients. It is suggested when studying the effect of tube location that
tubes of interest be heated simultaneously. In this manner heat
transfer coefficients at different tube locations can be determined at
identical conditions.

2. A study of heat transfer to a bed fluidized with nonspherical
particles of known surface area is recommended. A study of this type
will help to further substantiate the theory presented here and will
determine quantitatively the effect that particle shape has on heat
transfer. Such particle shapes as cubes, discs, and pyramids are
suggested.

3. Baffles made of wire cloth could be used to more evenly
distribute the particles over the entire heat exchanger. In effect the
heat exchanger would consist of several fluidized beds stacked on top
of each other. In this manner the high heat transfer coefficients of
dense phase fluidization could be obtained for an exchanger of any
length. Power requirements of such an operation should be deter-

mined.
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4. An increase in the effective area of the heating tubes can
be obtained by adding fins to the tubes. It appears that longitudinal
fins would be more feasible since transverse fins on a vertical tube
would probably increase particle hold-up. The effects of fin spacing
and fin widths on heat transfer coefficients should be determined.
Local heat transfer coefficients on the fins and the tube should also
be determined.

5. It is recommended that the study of a gas fluidized bed
tubular heat exchanger be extended to a liquid fluidized bed exchanger.
Since the mathematical model proposed in the present study is valid

only for kf/ks < 0.2 a fluidizing medium such as water,

~

kf/ks = 0. 6, would further test the proposed mechanism. The parti-
cle thermal conductivity in fluidized beds with kf/ks > 0.2 is ex-~
pected to have an effect on heat transfer coefficients. Several parti-
cle types having different thermal conductivities should be investi-
gated.

6. Gases or liquids that normally cause excessive fouling
should be used in a fluidized bed heat exchanger to study the effect~

tiveness of the particle scrubbing action in eliminating fouling.
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APPENDIX A

NOMENCLATURE



Symbol

effective area for heat transfer per unit

volume of bed

NOMENCLATURE

Definition

cross sectional area of fluidized bed

coefficients for the interpolating formula

for the local bulk gas temperature

Archimedes number,
coefficient for Equation 28

coefficient of discharge used in orifice

gD _3

P

ps-pf

v

meter calculations

2

heat capacity of the fluid

heat capacity of the gas

quiescent bed heat capacity

heat capacity of solids

correction factor for tube location in the

fluidized bed

tube diameter

bed diameter

equivalent diameter of a tubular heat

exchanger

particle diameter

bed diameter

diffusivity

Py
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Dimensions

-1
ft

ft2

° F/inch
dimensionless

dimensionless

dimensionless
Btu/lbm F
Btu/lbm F
Btu/lbm F

Btu/lb ° F
m

dimensionless
ft

ft

inches
inches, f{t.
ft

ftz/sec



Symbol

emf

£(0)

Definition

electromotive force produced by the
thermocouples

contact time distribution function
velocity correction factor of Equation 6
acceleration due to gravity
gravitational constant

gas mass velocity

gas mass velocity at minimum fluidiza-
tion

heat transfer coefficient

heat transfer coefficient for transfer
to a particle near the wall

localheat transfer coefficient

natural convection heat transfer coef=-
ficient

manometer readings
heat transfer surface height

current flowing through the heating ele-
ment

1/3

j factor for heat transfer, Nu/Pr Re
thermal conductivity of copper
thermal conductivity of the fluid

thermal conductivity of the gas

mean bed thermal conductivity
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Dimensions

millivolts
dimensionless
dimensionless

ft/sec2

1Ib 1t
m

b sec?

f
2
b _ /hr ft

2
b_ /hr ft

Btu/hr oo F

Btu/hr ft2 °F

Btu/hr ft2 °F

Btu/hr ftz °F
cm

ft

amperes

dimensionless
Btu/hr ft ° F
Btu/hr ft ° F
Btu/hr ft ° F

Btu/hr ft ° F



Definition
quiescent bed thermal conductivity
thermal conductivity of the solids
mean mass transfer coefficient
length of test section
fluidization height

length of copper contacts in tube wall
temperature probe

exponent coefficient in Equation 36,
12k 2
g/p sCst
modified Nusselt number, hCDp/Zkg
particle Nusselt number, th/kg

average particle Nusselt number,

hava /kg

D /k

maximum Nusselt number, h ‘
max p’ g

Pressure
orifice pressure drop

pressure drop across a section of the
fluidized bed

total pressure drop across the test
section

Prandtl number, C p/k
g g
heat flux from heat transfer surface

heat flux to a particle near the heat
transfer surface

radial distance from the center of the bed
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Dimension
Btu/hr ft ° F
Btu/hr ft ° F
ft/hr
ft

ft

ft

-1
hr

dimensionless

dimensionless

dimensionless
dimensionless

2
1b f/ft

2
b f/ft

2
1b f/ft

1b /ft2
f
dimensionless

Btu/hr ft2

Btu/hr ft2

ft



Symbol

A
T1oc

AT
av

Definition
radius of the fluidized bed
Reynolds number
particie Reynolds number, DpG/p

particle Reynolds number when the par-
ticle Nusselt number is a maximum

stirring factor

tube spacing in tube bundle
static bed height

cross sectional area of orifice
Schmidt number, p/p gDAB
temperature

bulk bed gas temperature

bulk bed gas temperature at the nth bulk
gas thermocouple

average temperature of air surrounding
a particle near the heat transfer surface

gas inlet temperature
tube wall temperature

temperature in the copper contact of the
tube wall probe

temperature in micarta surrounding the
thermocouples in the tube wall probe

local temperature difference

average temperature difference
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Dimension
ft
dimensionless

dimensionless

dimensionless
-1
hr
ft
inches
2
ft
dimensionless

°F

°F



Symbol

Definition
voltage drop across heating element

distance into the copper contact of the
tube wall temperature probe

dimensionless distance into the copper
contact of the tube wall temperature

probe

radial distance to the transverse thermo-
couple

expansion factor for the orifice meter

vertical distance from the entrance of the
test section

vertical distance to the nth bulk gas
thermocouple

shape factor for gamma distribution

ratio of the orifice diameter to the pipe
diameter

number of particles per unit surface area
void fractions

dimensionless radius, ZrP/D

contact time

average contact time

bed density

gas density

fluid density
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Dimension

volts

inches

dimensionless

inches

dimensionless
inches

inches

dimensionless

dimensionless
. 2

part1cles/ft
dimensionless
dimensionless
hr
hr

3
lbm/ft
1b /ft3

m

3
b_ /ft



Symbol

Definition
mean density
quiescent bed density
solids density
gas density upstream from the orifice
gas viscosity
kinematic viscosity
dimensionless temperature
ratio of the particle surface area to the
area of a spherical particle of the same

diameter

4k ©
s
dimensionless contact time, 5

p sCsD
eigenvalues L
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Dimension

3
b _ /ft

3
b /ft
1b /ft3

m

3
lbm/ft
b /hr ft
ftz/hr

dimensionless

dimensionless

dimensionless

hr“l/2
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APPENDIX B

CALIBRATION OF THE ORIFICE METER
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CALIBRATION OF THE ORIFICE METER

The orifice meter was calibrated with velocity profiles deter-
mined with a pitot tube. The pitot tube was placed in the three-inch
diameter gas supply line. A location on the supply line was chosen
where the velocity profile is fully developed. The pitot tube was
constructed with a 1/l 6-inch stainless steel tube. A screw moving
device with a mounted indicating dial was used to determine the radial
location of the pitot tube in the pipe. Pitot tube pressure drops were
measured with a manometer inclined at 30°.

For six flow rates in the range of interest, point velocities
were determined at nine radial locations in the pipe. The resulting
velocity profiles were integrated to determine the average velocities
in the pipe. The temperature and pressure of the air in the pipe line
were also measured. Gas density was calculated using the ideal gas

law.

The average velocity in the pipe determined from the measured

velocity profile is plotted versus the calculated quantity, YOSZ/p 181

chApop 1

1-[32

The slope of the line, 0. 6024, determined by a least squares

» and is shown in Figure 37.

analysis (26, p. 242) is the coefficient of discharge, C, over the flow

rates of interest.
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APPENDIX C

CALIBRATION OF THERMOCOUPLES AND THE TUBE
WALL PROBE ANALYSIS
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CALIBRATION OF THERMOCOUPLES AND THE TUBE
WALL PROBE ANALYSIS

1. Thermocouple Calibrations

The copper-constantan thermocouples used in this investigation
were calibrated with a mercury thermometer accurate to 0.1° F.
Both the thermocouple to be calibrated and the thermometer were
submerged in a well stirred water bath. The thermocouple emf and
thermometer were simultaneously read for bath temperatures be-
tween 50 and 180° F.

The measured temperatures are plotted versus the measured
emf's for the various thermocouples on Figure 38. The curve repre-
sents the L.eeds and Northrup calibration for copper-constantan
thermocouplesl. Agreement between the present calibrations and
the Leeds and Northrup calibration is excellent. The tabulated data
of the Leeds and Northrup calibration were used to determine the co-

efficients for the interpoclating formulas.

2. Tube Wall Probe Analysis

The tube wall probe consisted of two copper contacts rounded to

the shape of the tube wall. A thermocouple was embedded in the

The leeds and Northrup standard conversion tables for L. and
N thermocouples are available through the Leeds and Northrup
Company of Philadelphia.
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copper contact, but electrically insulated from the copper with epoxy
and micarta. Fach copper contact is held in contact with the tube
wall by a spring. The sides of the copper contacts are insulated with
micarta; however, the spring ends of the contacts are adjacent to air.
It is conceivable that steady state conduction through the copper and
micarta would not be negligible,

If we consider the contact to be a 1/8-inch long cylinder, the
first 1/16 inch being copper, and the remaining 1/16 inch being
micarta, we can approximate the contact. Using a relation given by
McAdams (22, p. 18l), a natural convection heat transfer coefficient
of 0. 25 Btu/hr ft2 °F was calculated. In this calculation a tempera-
ture difference of 10° F was assumed. A heat transfer coefficient
representing the inverse of the resistance to heat transfer between
the tube wall and the copper contact was assumed to be
1000 Btu/hr ft2° F.

The differential equations and boundary conditions with the

above assumptions are as follows:

d T
C 1
> =0 0< X< > (73a)
dXx
2
dTm 1
= - < 1 73b
2 0 Z_X" ( )



-k dT

c c, _ _
L 7;)2“\0) hW(TW Tc(o))

1. 1
TG =T &)

dT dT
K c ,1) - —m (1
- (=) =k —— (=
C ax 2 m d 2
-km dTm
—_— (1Y =h 1y -
L dXx () N(Tm( ) TA)
where
_x
X =g
TA = air temperature inside probe, °F
h = 1000 Btu/hr il o F

h__ = 0. 25 Btu/hr #Z o F

e
11

218 Btu/hr ft °F

0.1 Btu/hr ft °F

o
11

The solution to the above problem is:

L krn krn'

T .(X)= Kk kK
(S0 +-2)+ =+ 2]

2 Kk h h

c N W
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(73c)

(73d)

(73e)

(73f£)

+
TA (74a)
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k
m
(L -X)"‘h—N'] (TW-TA)
Tm(X) = m k T + TA (74b)
[—L-(1+ Dy =+ 1
2 k h
C N W

The largest errors in determining the local heat transfer coef-
ficients for the heat exchanger occur when the wall temperature is
about 90° F; therefore, for the present calculation, the tube wall
temperature and the air temperature in the probe are assumed to be
90° F and 80° F respectively. By substituting numerical values into
Equation 74b, the following equation for the temperature in the

micarta is obtained:

[0.40 +.0l04 (1 - X)]10
0. 40531

Tm(X) = + 80 (75)

The thermocouple junction is located at approximately X = 5/8;

therefore, the temperature at the junction is

5y = °
Tm(g-) = 89.965° F (76)

The error involved in the probe is

-g-) = 0.035° F (77)

T =-T |
W m
This calculated error is greater than would be expected in the

operating probe, since the assumed values of the temperature dif-

ference between the contact and the enclosed air and the heat transfer
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resistance between the contact and the tube wall were purposely
chosen large. The calculated error is less than the accuracy in-

volved in reading the thermocouple emf; therefore, it is negligible.
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APPENDIX D

SAMPLE RAW DATA SHEET



SAMPLE RAW DATA SHEET

RUN 9F

Tube Location 2

Static Bed Height 6 inches

Type of Particle Fine Glass Spheres
Volt Volt

Voltmeter Reading 2. 78 2. 78

Amperes Amperes

Ammeter Reading 39.1 38. 9

cm of fluid

Orifice Pressure Drop 5.3 5.3

cm of Hg cm of Hg

Inlet Pressure 3.8 3.8
mv mv

Inlet Thermocouple emf 2. 065 2. 047

Outlet Thermocouple emf 1.162 1.153

Transversing Thermocouple emf

Y, inches Y/D mv
0.575 0.1 1.188
1,75 0.4 1,178

4. 00 0.8 1.101

139

Date 7/25/67

Voit

2. 77

Volt

2. 77

38. 9

Amperes Amperes

38. 9

cm of fluid

5.3

5.3

cm of Hg cm of Hg

3.8 3.8
mv mv
2. 052 2. 066
1.161 1.168
mv mv
1.165 1,163
1,157 1,158
1.094 1,112




i 1
Section 1, APb
Section 2, AP
Section 3, AP

Section 4, AP

cm of fluid

Tube Wall Probe Thermocouple

Position, inches

emf

Position, inches

emf

Position, inches

emf

1.0
mv

2. 704

17.0

2.948

45. 0
mv

4. 672

140

cm of fluid

Bulk bed Thermocouples, emf

height, inches
9.5
17.5
27. 5

38.5

25. 0 25. 0 25. 0 25.0
23.0 23.3 23. 3 23. 4
4.7 5.2 5. 0 6. 3
40. 0 40. 0 40. 0 40. 0
3.0 5. 0 8.0 11.0

mv mv mv mv

2. 808 2.803  2.763  2.949
23.0 29. 0 35, 0 41,0

mv mv mv mv

3,218 3.765  4.183  4.512

mv mv mv mv

1.188 1. 212 1.173  1.205
1.191 1.172 1.179  1.181
1.183 1.158 1.167  1.178
1.188 1.168 1.172  1.164
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APPENDIX E

TABLE II., RADIAL BULK BED TEMPERATURE DATA
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Table III. Radial Bulk Bed Temperature Data

Y
Run D Radial Temperature, °F
1B 0.1 75.0
0. 4 73. 2
0.8 71.8
1C 0.1 73. 4
0.4 71.1
0.8 70. 6
1D 0.1 70. 7
0. 4 71.1
0.8 71.0
1E 0.1 71. 4
0.4 69. 8
0.8 69. 8
l1F 0.1 73. 6
0. 4 73.0
0.8 72.7
1G 0.1 71.5
0.4 71.2
0.8 71. 6
1H 0.1 71.8
0.4 71.6
0.8 71.3
11 0.1 70. 3
0.4 70. 3
0.8 70. 2
1J 0.1 77.5
0. 4 77. 4
0.8 77.0
3A 0.1 72. 2
0.4 72.1
0.8 72. 2
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Table III. Continued

Y

Run D Radial Temperature, °F
3B 0.1 68. 2
0. 4 67.7
0.8 68. 5
3C 0.1 67. 1
0. 4 68. 2
0.8 68. 1
3E 0.1 68. 5
0. 4 68. 1
0.8 67.8
3F 0.1 68. 2
0. 4 68. 3
0.8 68. 2
3G 0.1 65. 1
0. 4 64.8
0.8 64.8
3H 0.1 63.3
0. 4 63.3
0.8 63.3
4H 0.1 78. 5
0. 4 78.9
0.8 78. 8
41 0.1 80.8
0. 4 80.8
0.8 80.9
5A 0.1 76. 6
0. 4 76. 7
0.8 76.8
5B 0.1 79.8
0. 4 79. 1
0.8 78.9
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Table III. Continued

Y
Run D Radial Temperature, °F
5C 0.1 77.0
0.4 77.0
0.8 76.9
5E 0.1 76. 1
0.4 75.8
0.8 75.8
5F 0.1 76.8
0.4 76.5
0.8 76. 3
5G 0.1 67. 4
0.4 67. 6
0.8 67. 4
5H 0.1 70. 6
0.4 70. 8
0.8 71.0
9H 0.1 85.5
0.3 85. 6
0.7 85. 2
10A 0.1 96.9
0.3 97.4
0.7 97.2
10B 0.1 102, 9
0,3 103.1
0.7 102. 8
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APPENDIX F

TABLE IV, EXPERIMENTAL AND CALCULATED DATA
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1.0 - I 2- 7% U . 1Be2 o 1962
3.0 8RS 27.2 12+9
5.0 Q6al 33.8 10ads
110 10644 43,1 Se)
e 3T @ Y066 AB2 - S Te3
23.0 1174 50.5 649
2980 1Y 3e3 D12 SR L BeB.
35.0 1137 5140 649
4140 131363 47,7 by e |
43.0 1064 4246 Be2
e S Rbed o . 2343 . N 2150 O
INLFT TFMPERATURE GAS NFNSTTY HEAT FLUX Magg FLOW RATE AVGs HT. TRANG. CCEFFICIENT
. OFGREES FAHRENHEIT . LBS./CUs FTe. ..BTU/HR. S5Qe FT, | RS§,/HRe.SQs FT,. BTU/HRe SNe FTe F . .
£9,0 .0830 349.,9 5228 Beln
~ RUN 3H ~ CCARSE ALASS SPHERES STATIC aEn HEIGHT= 9 INCHES HEAT TUBE L0Ce NCoxmd

PREHF 1.oCATICN TUBE WALL TFMPFRATURE

LCCAL HEAT TRANSFER CCEFFICIENT

INCHFS DEGREES FAHRENHFIT DEGRFES FAHRENWETLT BTU/HRe SQe FTe F
1.0 7849 17.2 2062
3eN 9N.0 2647 130
L. BLD - 97k e e 330 . s P - S
11e0 109.3 4441 7.9
. 170 R 11267 i SABB Ta2
?23.0 1162 50.5 69
2940 113.2 49,5 2+ S,
3540 112.1 47.9 743
. .6lep e 1100 — 4548 ... - 7.6
4340 1n8+2 42.8 8.1
. 45.0 . I 904 . e 2547 L , 1365 .
INLET TEMPERATURE GAS DENSTITY HEAT FLUX Mase FLCW RATE AVGe HTe TRANS. CCEFFICIENT
DFGREFS FAHRENHEIT LBS.sCU. FTa BTU/HR. SQa FT LA, /HRs SQa FTa BYU/HRS SO FIe F

6049 «0843 34745

6505 B8e17

151



TTTRUNT& AT T CTARSE GLASYS SPREREY

—PRCBRE LSCATTCN

STYATIC RENR WEIGHT= 9 INCRFS

HREATED TUBE LECe NUem3
TUBE WAL TEMPERATURE ™ TEMPERATURE DYFFERENCE — LCCAL MEAT TRANSFER COEFFICTENT

INCHFES DEGREES FAHRENHEIT OEAREES FAHRENHELT BTU/HRe SQ« FTse F
1.3 902 20.5 171
3.0 9146 19,9 176
5.0 9046 1777 19.7 -
11.0 916 16,5 2142
17.0 10445 277 ) 12y T T
23.0 107.0 31.7 110
20.0 1n6.6 J2.5 108
3540 10740 33.8 10.3
4130 10430 T 3157 B & L
43.0 10146 2943 11.9
- ws.0 T T 100.9 T - Tes.ss T T 123 o
IMLET TEMPEDATURE GAS DENSTTY HEAT FLUX MAgg FLOW RATE AVGe HTe TRANS. CCEFFICIENT
DFGREES FARREWNHETLT 8BS, /7¢U FTe BYU7HR. S5G. FT, LRS,7HN, &0+ FT, BTU7HR. S0. FTe F
ARL6 .08lo 349,9 3100

~ 13.3g

T RUNT4B T T CTARSE GLASS SPHRFRES —

STATIC REN HETGHT= 9 INCHES — HEATED TUBE LTCs NOwmY ——— ———

PRCAF L CATTON

UL WRT T (EFMPERATURE

TEuPrRATURENTFFERENCE

Lo e HERT TRANSFER COEFFICTENT

- INCHFS DEGREES FAHRENHEIT DERREES FAHRENMEIT BTU/HRe Qe FTe F
- 1.6 ARLYT R 21,0 [ -
3.0 9heB 27.7 12«6
: U500 - 102.8 o 3208 107
11.0 113.8 42.9 Be?2
7.0 T17.4 T3 Ted
?3.0 11R.4 45,9 Te2
- I 2 B B - P . B B I B T Tt - -
35.n 118.1 47.9 Te3
S P S A 43,9 B 8«0 T B
43.0 108,40 37.0 945
45.n a7.1 171 205
INLET TEMPERATURE GAS NENSTTY HEAT FLUX Magg FLOW RATE AVGe HTe TRANWS. COEFFICIENT
TDEGREES FAHSENHETT ™ T LRS./CUL FTs T BTU/HR. SQs FT, 77 T LRAS./HRYEN. FY, BTU/HR: SN FTe "F 77777
66 R N8la 350,2 5541 200000000008.00
—RtNEC CEARSFGBLASS SPRIRES STaFie—mErwEI O T 9 InCHES HEATED—TURF L oCv S w3
o PRORE O CAT TSN T TUBE WALL TFMPERATURE-— - TEMPERATURE- DIFFERENCE ——LOCAL HEAT- TRANSFER CCEFFICTIENT-
INCHFS DEGREFS FAHRENHEIT NDERREES FAHRENHEIT BTU/HRe SR« FTe F
T T lee T R L T Y T 2042 - 173 o
3.0 9646 2648 1341
5.0 10743 3174 RS
110 1141 4248 Ae?
TTTTTIT e 116875 N 48,9 T e T
?23.0 11Re5 ) 4847 Te2
T ey T 1Re2 T T T B T " Te3 -
35.0 1178 472 Tet
4140 T16e2 430 R.2
43.0 10142 304 11«6
- TTaR,nTTTT T DY V- P - B 1806 7 T 77 1941 T
IMLET TEMPEPATUHRE GAS NENSTITY HEAT FLUX Magg FLOW RATE AVGe HT. TRANG, CCEFFICIENT
""" DFGREES FAHRENHETT LRS./CUTTFY. BTU/HR SQe FT, 777 LRS,/HR« &G FT. BTU/HRe S5Ne FTe F o
67.3 «0R26 351.2 6390 Re59




RIIN 4D

PRSRE LOCATTON " TUBE WALL "TEMPERATURE —

" T CTARSE GLASS SPHERES ™ T T

TTSTATIC REPN HETGHTZ 9 INCHES — — HEATED TURFE™ LaCe NZem3 T
- TEMPERATURE "NTFFERENCE — —LCCAL HEAT TRANSFER COEFFICTENT

INCHES DEGREES FARRENHEIT DEGREES FAMRENMEIT BTU/HRe SQe¢ FTe F
1.0 8741 16,1 72240
3.0 AT ) 1541 o 234
5.0 AT 44 14, 25.0
110 B e . BAe1 12-707 I ?9¢4 o
17.0 RTe1 é‘n() 252
?3.0 978 Ce3 1744
9.0 109.0 36,1 9.8
3540 ~ Y 1%1s0 . T7.5_ o 46
a1.n 19540 121.2 249
43.0 201, o 127.,3 o o 2.8 - a
45.0 20448 13046 27

INLFT TFMPERATURE

GAS DFENSTITY

HEAT FLUX Mags FLOW RATE AVGe HTe TRANSs CCEFFICIENT

DFGREES FARPENHEIT

LBSe/CU. FTe

BTU/HR. S0+ F7T,

LAS,7HR. SQe FT. BTU/HR« Sne FTe F

70,1 0814 353.1 2532 _ __Be29
RuN G&E 7 "TTTCTARSE GLASS SPHFRES " TTSTATIC REN HEIGHTa 2 INCRFS HEATED TURBE [3Ce ND.u3 T
POTRE T oCATYSN TURE WALL TFMPERATURE TEMPERATURE NTFFERENTE LCCALU REAT TRANSFER CCEFFICYIENT
INCHFS DEGREES FAHRENHEIT __DEGREES FAHRENHEIT BTU/HR. SO0e FTe F
T 3.0 Q0.8 18,42 193
3.0 972 1749 . 1%
5.0 617 16,7 211
11.0 9943 2342 15¢2
17.0 1052 30.0 118
_ PR.0 1057 e i3l I e Yhed
29,0 10549 3144 112
15.0 . 10Re]) o - & I 106
4140 1131 37.5 9eb
43,0 11245 36,8 Seb
45.0 1240 4843 7e3
INLET TEMPEOATHRE GAS DENSITY HEAT FLUX MasS FLOW RATE. AVGe HT. TRANG, CCEFFICIENT
DFGREES FAHOFNREIT LBSs/CUe FT. BTU/HR. SQe FT, LBS,/HRe SQe FT, BTU/HR. SNe FT. F
TV.6 o 0R06 __.352.0 __...2929 . 12e49
RN & § COARSE GLASS SPHERES STATIC REN HEIGHTS 4 INCHEFY REATED TUBE LZC« NCe®3

POCRF [ NCATYCON

TUBE WAL TEMPFRATURE

T TEMPERATURE DIFFERENCE “LTCAL HEAT TRANSFER CCEFFICTENT-

INCHFS DEGREES FAHRENHEIT DEGRFES FAMRENHEIT o BTU/HRs SQs FTe F
1.0 T T R4 T ' 1540 2346 B
3.0 Abeb 1642 21e9
5.0 920 20.5 1743
1%e0 976 . 2548 138 o
17.0 10145 30.8 115
230 1153 _ L h69 e I £ ) S R
29.n 15049 8042 bely
35.0 197.6 12646 PeB
410 22946 15841 2e2
&30 2323 o _.16Qey 22
6540 22600 15348 2¢3

CIMLET TEMPERATURE
DFGRFES FAHOENHEIT

6R.8

GaS DENSITY

LBSe/CUe FTe
0814

_HEAT FLUX  MAss FLOW RATE  AVGe HT. TRANS. COCEFFICIENT
BTU/HR. SQ. F¢T, LRS,/HR. 5Q. FT, BTU/HRs Sne FTe F

355.0 2756 Se20

st



RUN 4 G = ""TTCUARSE GLASS SPHERES STATIC RER REIGHT= 2 INCHES —— ~HEATED TURE LGCs Novwd
" TPRCBE LCCATICN TUBE WALL TEMPERATURE — ~~ TEMPERATURE DYFFERENCE — LOCAL HEAT TRANSFER COEFFICTENT
INCHES DEGREES FAHRENHEIT DEGREES FAHRENKEITY BYU/HRe SNe £Te F
1,0 9640 2544 12.3
3,0 10946 3948 848
540 11446 4440 79 -
11.0 123.1 o 51.7 _6sB
17.0 12941 58.7 59
23.0 13041 6045 548
290 1315 bl1.9 Seb
o 35.0 13164 e 61,4 5.7
41,0 12844 57.7 640
43,0 109.5 39,2 3¢9
4540 10649 3601 9.7
INLET TEMPERATURE GAS DENSITY HEAT FLUX MAGE FLOW RATE AVGe HY. TRANS, CCEFFICIENT
DEGREES FAHRZNMEIT LBS+./CU. FT, BTU/HR. SQe FT, LRS,/HRe SQe FT, BYU/HR. She FT, F
bbb 20796 349,2 5310 ) 6467
TTRUN 4H COARSE GLASS SPHERES STATIC RED HCIGHT= 4 INCHES HEATED TUBE LCSCs NOem3
PRCBE LCCATICN TUBE WALL TEMPERATURE TEMPERATURE DIFFERENCE LCTAL REAT TRANSFER CCEFFICIENT
INCHES DEGREES FAMRENHEIT ___DEQREES FAHRENHEIT BTU/HRe %9+ FTe F
1.0 892 18.3 191
_ 3.0 _ %34 2640 134
5.0 10543 32,1 109
11,0 13704 53,1 841
17.0 1228 ©9 o ls Tel
. ?3.0__ 12640 5341 be6
2940 12647 S4el 645
_.....35.0 12503 S 5242 SeF_
4140 121+8 4343 Te2
43,0 10642 33,1 1046
45,0 Ghels 21.5 1642
. INLET TEMPERATURE 6AS_DENSITY HEAT FLUX ____ MAgg FLOW RATE AVGe HT, TRANS, CCEFFICIENT
DEGREES FAHRENMEIT LBS./CU. FT. BTU/HR. Sle FT7, LBS,/KRe SQe FT, BTU/HRe SDe FTe F
i} 70,1 0828 349,1 7721 7.99
RUN &1 CARSE GLASS SPHFERES STATIC REp HEIGHTw 4 INCHES HEATED TUBE LOCe. NCenm3
TTUPREBELCCATTCNT T TUBE WALL TEMPERATURE TEMPERATURE DIFFERENCE LCCAL HEAT YRANSFER COEFFICIENT
___INCHES DEGREES FANRENHEIY _ DEGREES FAHRENHEIT BTU/HR. SQe FTe F
1.0 9546 2448 1440
3,0 10445 3240 108
5.0 10663 33.3 1044
1140 12040 4548 Teb_- _
17.0 12501 52.7 6eb
230 12946 5627 6l _
29,0 12949 57,1 61
2560 12744 Shy3 bk
410 12340 4946 7.0
4340 1n3.8 3046 e 211030
: 45,0 9740 23.7 14e6
_INLET TEMPERATURE GAS_DENSITY HEAT FLUX  Magg FLOW RATE _AVBs_ HT. TRANS, GCCEFFICIENT
DEGREES FAHRENHEIT LBS./CU.. FTe BYU/HRe 5@ FT, LBS./HRe SQe FT. BYU/HRe Sne FTe F :

69,7 20792 34646 5087 Te52

¥S1



RUN'SA "FINE GUASS SPHERES STATIC RER HEIGHT= JINCHES HREATED TURE L&Ce nCo=3

PRCBE COCATICN TUBE WALL TFMPERATURE  TEMPFRATURE TIFFERENAE — LUCAL REAT TRANSFER CTCEFFICTENT
INCHES _DEGREES FAHRENHEIT _DEGREES FAHRENHEIT BTU/HRs S0 FTe F
140 8749 13,2 ?6.9
3.0 BR.O 1241 2943
5.0 RB42 11,4 3140
11.0 8R4 10.5 33.7
17,0 92,3 14,7 2441
23.0 . 103.6 263 138
2%9.0 120.3 42,5 8ets
35.0 135.6 o : 57.3 be?
41.0 155,7 76,8 Y
43,0 15742 73.1 45
45,0 1794 100,1 3.5
INLET TEMPERATURE GAS DENSITY HEAT _FLUX MAgq FLCW RATE AVGe HT, TRANS, COEFFICIENT
DEGREES FAHRENHEIT LBS./CU., FT, BTU/HR, SQ, FT, LRSs,/HR. SQe FT, RTU/HRs SQe FTa F
T3.9 L0819 355.0 1788 10434
RUN 5B FINE GLASS SPHERES STATIC mEn REIGAT= 9 INCHES HEATED TUHE L2Ce mGem3
PRCBE LSCATICN TUBE WALL TEMPERATURE TEMPFRATURE DYFFERENCE  LCCAL HEAT TRANSFER COEFFICTENY
INCHES DEGREES FAHRENHETIT o . _DEGREES FAHRENHELT BTU/HR, s0s FTs F
1.0 R & 14,3 2445
3.0 G1e3 : 15,3 22.9
5.0 3245 16,8 234k
1140 o 9442 15,0 23.2. B o
17.0 CESA 1845 1Re0
23,0 1001 2245 1562 e
2940 10245 15,2 1349
35.0 103.0 25.3 13.R
41,0 10246 2446 14e?
43,0 10245 2445 143
45,0 GA+3 20,0 175
INLET TEMPERATURE  GAS DENSITY  HEAT FLUX Masg FLCW RATE AVGe HT,. TRANS, CCEFFICIENT
DEGREES FAHRENHEIT LBSs/CUs FTo BTU/HR, SQe FT, LRs,/HR. sQs FT, BTU/HRe SN FTs F
T4,2 20614 349,8 2110 17.52
RUN'§ C —  FINE GLASS SPHERES STATIC REM HEIGHT= J INCHES HEATED TURF LnCe NC.=23 -
PRCBE LCCATYCN ™ TUBE WALL TFMPERATURE ' 'TEMPFRATURE AYFFERENCE TCCAL HEAT ToANSFER CCEFFICTENT
INCHES DEGREES FAHRENHEIT DERREES FAHRENHEIT BTU/HR. S0 FTs F
1.0 G248 2142 1he?
3.0 1015 2643 1242
5.0 10445 3047 112
__11,0 _ 10644 3242 107 _
17.0 107 ¢4 33.8 1002
23,0 . 107,32 33.8 1082
29.0 10548 324 107
.35.0___ 103,2 2849 e 1149 _
41,0 963 2146 1549
_43.0 908 18,1 - Ple&
4540 8544 1048 319
INLET TEMPERATURE GAS DENSITY HEAT FLUX Magg FLOW RATE AVGs HTs TRANG, CCEFFICIENT
DEGREES FAHRENHEIT LRS./CUs FTe BTU/HR, SGQe FT, LAS,/HR. SQe FT, BTU/HR. Sne FT, F
_ T0.6__ 20810 34441 1114 12420

sal



RiN 5D FINE GLASS SPHFRES 7777777 STATIC aEn HMEIGHT= 9 INCHES  HEATED TURE LoC« NQew3

PRCRE LOCATICN “TUBE WALL TFMPERATURE TEMPFRATURE NIFFERENCE ™ ~ ~~ LCCAL MEAT TRANSFER CCEFFICTENT
INCHES DEGREES FAHRENHEIT DEGREFES FAMRENHETT BTU/HRe SQe¢-FTe F
CTTTTTTYL, 0 A9.8 20,77 1607
3.0 98, 27,9 1206 B
50 102.2 30,9 1162
11,0 . 103.5 32.0 o 1048 - o
17.0 10346 3247 10¢6
23.0 1029 32.3 107
29.0 10241 31.3 110
35.0 i 10043 2540 o 119 e
4140 5149 2043 1740
43,0 . RTe8B_ 1642 ) 21.3
45,0 B3.0 11.5 3061
INLET TEMPERATURE GAS NENSTTY HEAT FLUX Mage FLOW RATE AVGe HTe TRANS, CCEFFICIENT
“DEGREES FAHRENHEIT LBS./CU., FT. BTU/HR, SG, FT, LRS,/HR. $Q« FT, BTU/HR. Sns FT. F
6R,1 . 0892  345,7 ) _3y%52 12.54 o
RiIN SE " FINE GLASSTSPHFERES ~ 7 ' STATIC REN HEIGHT= 4 INCHES " HEATED TUBE LAC. NOw &3
PHVUE L\,LATIVN YUSE WAL T T FMPERATURE IP_M"’F'HETUN?; UTFTERENTCE LWLRT "itlh TRANSFER CURFFLICTENY
INCHES , DEGREES FAHRENHEIT DEGREES FAHRENHEIT N BTU/HR. SQe FTe F
1.0 R3.0 Be7 4101 T
3.0 e B&e& 9% 37 o
540 857 1041 3543
Re0 8940 1265 P86
B s 924 15,9 27245
1740 ) o 2R 52.0 - ke o
2340 16447 11841 3.0
2940 . 2545 o 1776 260 o
3540 29644 2172 1+6
40,0 29649 21844 166
45,0 2995 220.9 146
INLET TEMPERATURE GAS DENSTTY HEAT FLUX - Macg FLCW RATE AVGe HT. TRANS. COEFFICIENT
DFGREES FAHRENHEIT LBSe/CUs FTe  BTU/HR, SQe FT, ~ LAS,7HR. sG FT, BTU/HR. Sqe FTe F " "
73,9 ___.e08lg _  357.,5 1736 B 3.17 o
TRUN 5T FINE GLASS SPHERES STATIT RN HE]JGHT= 4 [NCHES HEATED TUBE LTCU NCem3
PRCRF LaCATTICN “TTTUBE WALL TEMPERATURE TEMPERATURE NIFFERENGE™ — ~LOCAL HZAT TRANSFER COEFFICTENT—
INCHES DEGREES FAHRENHEIT DEGREES FAMRENHEIT BTU/HR. SQe FTe F
1.0 915 1940 o T TyBe2 T T T
340 92:8 . 1844 1847
5.0 9540 19.5 177
1.0 86 2044 470 —
17.0 9742 2243 155
2340 GR.9 o _2be4 . Yhe?
29.0 100e1 2543 ey T
35,0 103.2 2748 124
4140 107.8 3146 10+9
. 43.0 1051 28 Y19
4540 11001 33.9 102 T -
INLET TEMPERATURE GAS DENSTTY HEAT FLUX __ ™acg FLCW RATE AVGs HT. TRANS, CCEFFICIENT
"DEGREES FAHRENHEIT TTLBS./CUs FTe T BTU/HR, 5Q. FT, T LRSLZHRYTSE.TF T, T BYU/HRY SnFTe TR

Tl.4 08l9 345,0 2153 14473

951



RUN 5°G 7 FINE GLASS SPHERES ™~ 7~

TTTSTATIC T REN HEIGHTs 4 INCHES HEATED TUBE LoCe NCend B

PRCBE LCCATYON ™ " TUBE WALL TEMPERATURE ~ ~ TEMPERATURE DYFFERENTE — LCCAL MEAT TRANSFER CCEFFICTENT
INCHES DEGREES FAHRENHEIT DEGREES FAHRENHEIT BTU/HRe $Q« FTs F
1,0 80.3 8.4 1845
3.0 . BTel. o 23¢9 B - _
5.0 5246 28.7 11.8
11,0 e 95.8 31.3 e 108
17.0 9643 32.4 105
. 23.0 9446 31.0 10.9
29,0 92.4 2847 11.8
35,0 97432 28,2 1240
41.0 R3e9 19.6 173
43.0 e _..19.0 14.7 o 23.1
45,0 75.7 15,0 2246
INLET TEMPERATURE GAS DENSITY HEAT FLUX Mage FLOW RATE AVB. HT. TRANS. CCEFFICIENT
DEGREES FAHRENHEIT LBS./cU. FT., BTU/HR, SG, fT, LRS,./HR. S0 FT. BTU/HRY Sne FTe F
61, _ +08€3 _..339,3 3365 ) 12.86
RUN 5 H 7 7TFINE GLASS SPHERES STATIC mEn HEIGHTe s TNCHES ~ HEATED TUBE LOCe NGew3
“PRUBE LSCATICN YUBE WALL TEMPERATURE TEMPERATURE DIFFERENCE LTCAL REAY THRANSFER CCEFFITTENY
INCHFES ___ DEGREES FAHRENHEIT DEGREES FAHRENMEIT BTU/HR. Qe ¢FTe F
1.0 Rb4aT 18.5 1845
3.0 93,2 25.6 L 133
5.0 10043 31.8 107
1110 1049 _. . ..3%.8 el . Qe
17.0 10647 38,5 Be9
3.0 10TeR_ . . C 3966 8e7
29.0 10649 39,1 Be?
35,0 1055 B 2373 ) ) _Qe2
4140 9944 30.9 111
43,0 8946 .- 21.3 Y600
4540 al.9 13.7 26449
INLET TEMPERATURE _GAS DENSITY HEAT FLUX Mass FLOW RATE AVBe HT. TRANS, COCEFFICIENT
DEGREES FAHRENHEIT LBS./CUs FTe BTU/HR. SQ. f¢T, LRS,/HR. Qe FT, BTU/HR. SOe FTs F
65,3 . 409%sg 341,8 _ 4787 . 102

L9l



RUN 6 A ALUMINUM PARTICLES STATIC RED HEIGHT= 9 INUHES HEATED TUBE LCCe NTem3

PRCAE LLGCATICN ™ — TUBE WAL TFMPERATURE TEMPFRATURE DYFFERENCE - LCCAL HMEAT TRANSFER CCEFFICIENT
INCHFS DEGREES FAHRENHWEIT DEGREES FAHRFNHEIT BTU/HRe SQs FT. F
B Y} 9545 D U0 2345 o
3,0 e 9646 16.3 . o 235
540 9746 1646 230
Re0 . 9keT 1449 o 255
11.0 9641 : 1441 27,1
17.0 1085 8beb6 1606
23.0 1613 79,7 4eB
29.0  1%4,.8 113.1 ek
35.0 21241 130.0 249
6140 2237 14047 2.7
45,0 22641 14044 2e7
INLET TEMPERATURE GAS NENSITY HEAT FLUX Masg FLCW RATE AVGe HT, TRANG, CCEFFICIENT
DEGREES FAHRENHEIT LBS+/CU. FTs - BTU/HR, SQ. FT, LRAS,/HR, SQe FT. BTU/HRe SNe FTo -
7RG ,0809 381.3 2496 5,24
RN 6B T ALUMINUM PARTICLES STATIC mEp HEIGHT= JINCHES =~ HEATED TURE LCCe MCow3 )
PRCBE LGCATTCN TUBE WALL TFMPERATURE TEMPERATURE DYFFERENGE” LCCAL HEAT TaANSFER CCEFFICTIENT
CINCHES ~_ DEGREES FAHRENHEIT DEGREES FAHRFNHEIT BTU/HR. $Qe FYs F
140 94 eb 15,4 2601
3.0 9641 15.6 23¢9
S5e¢0 96e5 15,0 P48
e 1140 9940 . 1643 . 228
17.0 1068 24,4 1542
23.0 e 11ReS 367 10}
?9.0 13449 53.0 T7eD
35.0 1575 7541 5e0
6140 1776 9446 3.9
B 43,0 180e6 ) 8746 ) . 3.8
4540 1797 96 .8 3.8
INLET TEMPERATURE. ~ GAS DENSITY HEAT FLUX MASg FLCW RATE AVGe HT. TRANS, CCEFFICIFNT
DEGREES FAHRENHEIT LBS«/CUe FT, BTU/HR, SQ. FT, LRS,/HR. Q. FT, BTU/HR. SNe FTs F
78,1 _ «0901 371.9 4509 839
RN &' 7T TTALUMINGM PARTICLES STATIC AEN HEIGHT= 4INCHEG =~ HEATED TUBE LGCe NGem3 oo
PRCBE LGCATYCN 7 "TURE WALL TEMPERATURE TEMPFRATURE NTFFFRENCE LCCAL HEAT TRANSFER CCEFFICTIENY
INCHES DEGREES FAHRENHEITY NEGREES FAHRFNHEIT BYU/HRe S0e FTs F
1.0 93.5 la.6 2449
3.0 958 i6el o 275
5.0 97.8 17.7 205
BeO . ...99.7 19.4 . 1R.7
11.0 1162 35,9 10e1
170 ... 16662 84,5 4¢3
23.0 19346 11403 3e2,
29.Q 20848 o 12942 . .. 28 -
35.0 22241 16477 26
410 o 1318 150.5 2eb
4540 22442 ) 14249 25
INLET TEMPERATURE _GAS PENSITY HEAT FLUX MAgg FLOW RATE AVGs HT. TRANS, CCEFFICIENT
DEGREES FAWRENHEIT LBS./CU. FT. BTU/HRe SQ. FT, LRS,/HRe SQe FT, BTU/HRe SQes FT. F

_TR,.5 W08le 0 362.4 2930 3.9%

851



TRUN 6 D ALUMINUM PARTICLES ~~ STATIC RED HEIGHTa 4INCHES HEATED TUBE LOCs NCem3

“TPROSBE LCCATION YUBE WALL TEMPERATURE T TEMPERATURE DIFFERENCE ~— — LOCAL HEAT TRANSFER COEFFICIENT
INCHES OEGREES FAHRENMEIT DEGREES FAHRENHEIT BTU/HRe SOs FTe F
1,0 9242 15,5 2246
o ..__.3a0. Qhe2 1643 - Y- J P
5.0 9849 2042 173
1le0  _ _ 1QT.6_. . e .. @8BS 123 S
170 1163 37.9 942
2340 12745 494 Tel
2940 14545 6647 Se2
._35,0. 161e5._ . SN — VY A3
4140 17545 9448 3.7
 43e0. o 1793 o .. 9B . %6
4540 1773 9Te1 | 306,
; MPERATURE GAS_DENSTTY HEAT FLUX Mags FLOW RATE AYGs HTs TRANS. COEFFICIENT
OEGREES FAMRENHEIT LBSe/CUs FTs BTU/HR. SQs FT, LBS,/HRs SQe FT. BTU/HRe SQe FTe F
. T5.8 20891 _349.9 4768 SN - TY 1. S
RGN 6E" T ALUMINUM PARTICLES “TSTATIC RED KEIGHTw 4 INCHES HEATED TUBE LGCs NOWwd
PRGBE LSCATION TUBE WALL TEMPERATURE TEMPERATURY DYFFERENCE TGCAL HEAT TRANSFER CCEFFICIENT
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35.0 11643 24.5 14413
_ 4140 118.8 _ L . 88a). el 245
430 1202 9.4 11.9
45,0 . 12R«% o _ 38,0 Qo2 o
INLET TFMPERATURE GAS NFENSTTY HEAT FLUX Mace FLCW RATE AVGe HT. TRANG. COEFFICIFNT
DEGREFS FAHOFENHELT _  LAS,/CUe. FTe . RTU/HR, S0. £T, LAS,/HRe S0. FT, BIU/Hi s SNe FT1a F
al,7 .0799 350.8 1a2s 218N
RN 9 C FINF GLASS SPHERFS STATIC BF) HEIRHT= 4 INCHFS HEATED TURE § 5C,. NG,

PRCAF 1.nCATICN

TURF WALl TFMPFRATURE

TEMPFRATURF N1eFERENFE

LOCAL HEAT

ToAMSeFH CCEFFICTFNT

INFHES DEGREES FAHRENHELT NERRFES FARRFMHETLT ATU/HR. &Ne £T. F
1e0__ 952 e 125 . . e e 218 _.
3.0 957 10.3 LY,
. 5D _ 962 R — BeQ I 1 N S—
110 10?71 125 279
170 —— L1080 1R, 9 1R+ 4
23.0 113 2501 139
- 29.0 18R e RTR . 125 .. _
35.0 11Re2 29.4 11.8
410 1204 el 3DeR A o Yleld_ -
43.0 12106 ‘ 31eR 110
45,0 - e ...128.3 JBe9 [*TYs!
INLET TFMPERATURE GAS nENSTTY HEAT FLUX Mace FLOW RATE AVGe HT. TRANG, CFFFICIFNT

__DEGREES. FAARENHELT
a1,0

LBSe/CUs FTa
.08U0

BTU/HRe SQe T, LRS,/HR. SQs FT,.
34R,.8

BTU/HR. SNe

Ele. F .

1882

1he?2

29T



RUN_9D FINE GLASS SPHERES STATIC BED HEIAHT= 4 TNCHFS HEATED TURE 1 72C, NC.=P e
PRCRE LCCAITICN TUBE WAL TFMPFRATURE TEMPFRATURE NTIFFERENCE LCCAL HEAT TRANSFER CORFFICTFNT
"TUINGHES DEGREES FAWRFNHFIT NERREES FAHRFNHETT BTU/HRe SN FT. F
1.0 . 929 9.3 . I - T
3.0 G4e? 940 aneh
5,0 9448 8,5 4248
A.0 G4e9 TR abeR
. lien 10047 _ 13é6 - £ U _ B
17.0 126.6 39.0 Ged
__.23.0 17446 _ e 8BT _ o Ge) _
29.0 21R.4 132.1 ?eR
3%.0 S . 2627 175,2 22} —
41.n 278.9 186.8 1.9
oL eb.n 2776k 16841 1.9
INLET TEMPERATURE GAS DFNSTTY HEAT FLUX MAce FLOW RATE AVGs HT. TRAMNg, COFFEICIFNT
DEGREES FAHDENHELT LBS./CU, FT, RTU/HR, SQy FT. __  LPS,/HR, SQ. FT, BTU/HR. Sne FTa_ F
R2.5 +ORUN 3646.1 1620 418
RUN 9 E FINF GLASS SPHERES STATIC BEN HEIRHT= 2 INCHFS HEATED TURF | 7C, NC.=
PRCRF i.nCaTrCN TUBE WALL TFMPFRATURE TEMPERATURF NTEFFRENCF LCCAL HEAT ToANSEFR COFFFICTFNMT
T INCHFS NEGREFS FAHRFNHFIT DEGRFES FAHRFMHETT RTU/HR. &0 FT. F
[ % S 9D S A3eS ..2AR.3 - I
A0 9542 1547 P27
Retn_ 9%.5 R L LI 1961
RN 106 .5 22.4 159
11.9 InR.8 . 26.3 13-5
17.0 1140 3149 112
S e 11Re) 3646 . - L T S [
123e1 39.5 9en
- 35.0 1239 B __ 414 Hek
41.0 127.7 LY Aen
. 44,0 i2R.4 4544 TeR
INLET TFMPEDATURF GaS NFNSTTY HEAT FLUX MAge Fl Ow RATE AVGe HT. TRANG, FOFFFICIENT
L DEGREFS FAMOENHELT  LBS«/CUs FTa. BTU/HR,. 5Q. T, 1S, /HRy SQe FT, BTU/HRa Sns. ETa F [ S
76.1 .0R07 356,0 1p53 Y0 . 9q
RN 9 F FINF GLASS SPHERFS STATTC BFD HEIRHT= 6 TNCKHFS HEATED THRE 1 nC, NC,.=2
PRCAF t.0CATTYON TUBE WAl 1 TeMPERATURE TEMPERATURE NTEFFRENCE LCCAL HEAT ToAMSEFR COFEFICTENT
TTINGHFS T DEGREES FAHOFNHFIT DERRFES FAHRFNHETT BTU/HR. en. €T, F N o
I 1.0 929 _ 126 2841
3.0 P 124 287
_ M-I 9540 ___10eA 33.5
Ren Q4 Petbs LAP el
e AN .. QRe2 S 120 e am R 1 X -
1740 QR 1. 12.7 DR N
23.0 1039 194 193
29.0 1184 Iiet 1104
. 350 12644 _ 39 Fe]
410 131.3 45,2 7.8 o
R 1YY o N U L% L. S 4940 i 2 e L ®
INLET TEMPERATUKRE GAS NFNSTTY HEAT FLUX Mace FLOW RaATE AVGe HT. TQANG, FOEFFICIENT
DEGREES FAHPENHEIT LBS./CU. FT, gTU/MR. SQ. pT,  LAS./HR. SQ. FT, BTIU/HD. Sne FT. F
78,7 .080 354 ,8 1725 16,31



TROTT RG T COBRSE GLASS TRPHERFS T TR TATIC BEY HETIGHYE 6 INCHES —  THEATED TURE L2Ce ND.=22° T
S —t T 2 T T FP R T IRE e PR T ORE T P ERENTE Lo CAL HEAT TRANSFER CCEFPFICTENT—
TAAHE S VEGREES FAHRFNMFIT NERRFES FANMRENHELT BTU/HRs §0¢ FTe F
TN A& 2" T T 21,9 T 1642
Rl 10A.7 2341 154
S e T - U - Nee2
Re 1070 21,9 162
TT.7 T17.0 cH.R Y37
17.0 114.6 3041 11eR
AT 115.5% 3.7 T T e T
3.0 127646 42,9 Be3
3T B S 2 T -3 DY - S gy ————
al .0 1R3.0 98,1 3.6
(54 IELTY T13.0 ER}!

C[ULFT TEMPEOATHRE 545 NDFNSTITY HFAT FLUX Macg FLOW RATE AVGe HT. TRANS, CCEFFICIENT
TOFSOEFE FAntENNETT | LAS,/CU. FT.  KTU/HR. SGe fT. LRS,/HR. <Q. FT, BTU/HR. Sne FT, F
®1.5 N9T7R ) 354.9 3957 X A.2a _

T H CCAWSF K(LASS SPRERFS STATTC HFD AEIGHY= 2 INCHFS HEATED TURE [[CCe NT.=

—wosnp rCA YO TIRF WAL T TEMPERATURE

TTTEMPFRATURE NYFFFRENFE ™

CCAL HEAT TRANSFER CCEFFICTENT

THOHES NEGREFS FAHRENHFIT NEARRFES FAHRFNRETT BTU/HRe sQ- FTe F
TR I 5 1 S B L T T S
1,0 1132 28.9 123
Qe 11%.1 10«4
a0 12241 9.7
- BANF i 1peey — T T T T T T Beb T -
1700 133.7 Teb
PALN - 147.6 B 574 T Thep T T
290 1694 84,6 (-]
LT THAVS 72303 R
41,0 220G 1434k 2.5
T ey 231.5 T 145,R Tt o T Pe6 T
T9LET TEMWEoATIRE GAS NFNSTTY HEAT FLUX MAgs FLCW RATE AVGe HT. TRANS, CCEFFICIENT
TDEGIFFS FATAFTHETT T LRSS /CULTET T TRTU/MRY TSR F T, Lag,/HR, " &8Q. FT, T BTU/HR. Sn. FTe F T
A?,9 »N9RY 35A,.0 4114 4e94

691



TRIINTOLT

FINF

GLASS SPHERFS

STATIC REN HETGHTE & INCHES ™ HEATED THRE L TLNUW=7

o At
LSS0 ) v ST VR LN RVAR]

E3 TR
A T MR T RATORE

P L ST R
FEmP R bR E—A T RrEReENCE

—OPh Y. T A SR Py
tOLHA HHE oAty TR—C

1 L) “

INCHFS DEGRFES FAHRFNHRFIT NERRFES FAHREMHETT BTU/HRe §Qe FTe F
1.0 107,11 1G5 74,5
3N 107.6 18.6 19.1
T TR 7 22.7 ThaD
11.0 1172 2646 134
177 1170 27Te1 731
?3.0 11R.8 29.6 12.0
28,0 120.4 3T.5 713
38,0 17143 E Y 112
Gy o8 12146 3T.1 IR
43,0 11hAe9 264k 134
4%, 1172.9 Zd.R 15.6

IMLFT TEMPEQATURE

Gas NFENSTTY

NFGHFFS FARQETHELT

HEAT FLUX
RS, /C, FTe  HTU/HR. 5G. FT,

Mage FLOW RATE

AVGe HT. TRANS, GCEFFICIFNT

LR, 7HR. sQe FT,

BTIj/AR, 'Sn, FT,

KA, T .1050 355.% 4019 13.32
L= 28 IV B = 4 FINF GLASY SPRENFNR CTRTIC RF HMETHHT = 1 IRVHED RERTED TURE T_TULe NUW=C
posmE teatren TISE AT T rpmayuafgﬁg~v***w~femP;ﬂmTuﬂp~nTrfrWEntE"**"‘tcan*ﬁEnTﬁTuAMSFEWMCCEVFTCTtNT—
INCYFS DEGREES FAHRENHFIT NERRFFQ FAHRFNHETT BTU/HRe gNs FTs F
VN TNRG2 11,97 29,7
.0 119.7 2341 1564
LT 17257 rETS 179
11e0 13n.9 33,6 1N.S
I I S A TR AT 35,9 T T e T T
23.0 1R 3845 QGe?
20,10 B e T/ A EERNA - TG
5.0 134 e 3846 Qe?
GY 0 1377 35.5 100
43.N 175.3 290 127
T Tas,0 TeRes T T T T 2641 T TTTYYSe T T T
INLET TEMPERaTHRE GAS DFNSTTY HEAT FLUX Mace FLOW RATE AVGe HT. TRANG, CCFFFICIFNT

T DFGRFES FAFSENHETT

Sh,0

11147

354,38

4584

RS /0T Efs T HTU/HR. ST, §T, 7 LARE 7rRe Q. F T

10.74

TTTRYU/HA, SA, FYSTF

oLt



RON 10 A FINE GLASS SPHERES T 7 TSTATIC BED HEIGHT= 2 INCHES HEATED TURE LTCs NCo =1

PRCAE LSCATTCN TUBE WALL TEMPERATURE TEMPFRATURE DIFFERENCE TOCAL REAT TRANSFER CCEFFICTENT
INCHES . DEGREES FAMRENRELIT _____ _DEGREES FAHRENHEIT BTU/HRe SQ» FTe F__
1,0 103,5 10,3 4.5
340 X082 T2 . . 20T ,
5.0 11740 24,40 1448
645 12147 28,48 1243
B.0 12644 33.6 10e6
9.5 1305 . 3747 9e4 __
11.0 13446 41.8 85
1740 - 14242 __ . 25943 T2 -
2340 16747 T4 4o
35,0 19722 103,5 Feb
4440 26Re6 17448 240
INLET TEMPERATURE GAS DENSIYTY. __ _ HEAT FLUX_ _ ___  MAgs FLCW RATE _ AVG. HT. TRANS, CCEFFICIENTY _
DFGREES FAHPENHEIT LLBSs/CUs FT. BTU/HR, SQ. FT, LRS,/HR. SQe FT. BTU/HMR. Sfie FT. F
93,2 e _W08l2 3589 2777 __heBA I
RUN 10 B FINF GLASS SPHERES STATIC BED HEIGHT=4 INCHES HEATED TUBE LCCs NC, =1
PRCRFE LoCATION TUBE WALL TFMPERATURE TEMPERATURE DIFFERENCE LCCAL HEAT TRANSFER CCEFFICIENT
INCHES ._._ _ DFGREES FAHRENHEIT  DEGREES FAHRENHEIT BTU/HRe SGe FTe F =
1.0 109.8 1l.2 3242
3.0 11046 : . o 11a0 A2e7
Se0 1162 1440 2548
Re0 e e 1208k e e e 2194 e 183 -
11,0 12645 25.3 136
1660 . o 130eB._ ... .30k o Yled
17.0 13547 35.7 1041
23.0. 14G.0 49,6 Tl
29,0 17241 7247 5.0
380 . 19140 . ...50aA _ 440 o
46,0 202.9% 102.8 3e5
INLET TEMPERATURE  GAS DENSITY. . HEAT FLUX . MasS FLOW RATE ___ AVGe HT. TRANS. COEFFICIENT .
DFGREES FAHMDENHEIT LBS./CUs FTe BTU/HR, SQe FT, LAS,/HRe SQe¢ FT, BTU/HRe S0e FTs F
97.9 L .0805 360,1 2658 6496
RUN 10 C TTFINE GLASS SPHERES T 777 STATIC BED HEIGHT= 4 INCHES HEATED TUBE LSCe NC. =1
PRCRE 1.0CATICN 77 7 TUBE WAL L TEMPERATURE TEMPERATURE NIFFERENCE  LCCAL HEAT TRANSFER CCEFFICTENT™
INCHFS DEGREES FAHRENHEIT DEGREES FAHRENHEIT BTU/HRe SGes FTe F
1.0 10647 446 801
30 S € o1 - H P - T X i L 6Re2
5.0 11364 13,1 2843
Te0 e 1200 . 2045 21841
9,0 129.2 2944 126
11.0 e 14241 I 42,8 8.7
14.0 16646 6748 58
17.0 18380 . . B5a} Geb . _
?3.0 22843 130,¢ 2.8
330 — 2724 T4l 2
44,0 29041 19045 ‘ 149
INLET TEMPERATURE GAS DENSTITY . HEAT FLUX_ MAss FLCW RATE AVGe HTe TRANS, COEFFICIENT
DFGRFES FAHRENHEIT LBS./CUes FTe BTU/HR. S@. ¢T, LRS/HRe SQe FT, BTU/HRs SQe FTse F
99,8 o ._al8b2 3711 ___=esse 3.44 -

1



RUN 10D = 7 FINE GLASS SPHERFS - STATIC RED HEIGHT= 6 INCHFS HEATED TURE LoC, NC. =t

PACBE LCCATION "7 TUBE WALL TEMPERATURE ~ ~ TEMPERATURE NiFFERENCE LTCAL HEAY TRANSEFR CCFFFICTFNT
INCHES DEGREES FAHRENHETT NEGREES FAHREMHETT BYU/HRe §N. FT. F
1.0 107,0 10,1 5.6
3,0 o _.__.lom.7 o R X« . b T S _
S.0 10849 10.2 IR
A, 0 11204 . 13, . . . PTer . e
11.0 115.4 l6.0 PPt
17.0 127+2 23.3 15.4
23.0 17662 27.7 129
29.0 12966 . 3142 _ 115 S
35.0 1319 33,2 1NeR
41.0 1310 3265 11.0 I
46,0 1364R 36.) 9.9
INLET TEMPERATURE GAS NENSTITY HEAT FLUX Magg FLOW RATE AVGe HT. TRANG, CCFFFICTIFNT
DEGREES FAHRENHEIT LBS./CU. FT,. RTU/HR, SQ. FT, LR /HR, &Q. FT, RTU/HR. SA. FT, F
96,3 . 0807 . ..357.9 o 2943 14,90 _ e
RYN 10E © 7 FINE GLASS <PHERFS  STATIC BED HEIGWTs G INCHFS 7 HEATED Tyurf 1 oC, NS =21 7 777777
PRCBE LCCATYCN = TUBE WAL TFMPFRATUORE ™"~ ~ YEUPERATURE WIFFERENAE — LOCAL HEAT YA TKEER TRFEFICTFNT
INCHFS ) ~ DEGREES FAHRFMHFIT DEGREES FAHRFMWETY ~  RBTU/HR. &Ne ¢T. F e
1.0 115,2 16,6 2let
3.0 11646 . 16,1 L . P20 e
540 1164R 13.1 2742
A.0 U 0 I LY. TP 11,1 [ £ AL
11.0 1154 12.7 2R N
17.0 1192 _ 17e6 o ?Neb
23,0 1221 21.2 1he7
29.0 . 12499 i eaey L Yheh e
35.0 12580 23.7 150
41,0 1237 21.9 e YAe2 e
44.0 173.8 2247 159
INLET TEMPERATURE ~ GAS NENSTTY HEAT FLUX Mage FLOw RATE AVGe HY. TRANg, CJFFFICIENT
DFGREES FAHRENHEIT LBS,/CU. FT. HTU/HR, SQ. FT, LA, /HR. <N, FT, ATU/HO. Sn. FT. F 7
97,4  J0RO03 354,7 3137 19,29
RUN 10 F "7 7" FINE GLASS SPHERFS™ - STATIC BED HETRAYTS T YNCHES " “HEATED TuaF | 'aC. RNy, &~ ==
PRCRE LZCATTICN TUBE WAL TFMPERATURF TEMPERATURE NYFFFRENCE ™ 7 " LOCAL HEATY TRALSEFR COFFFICIFNT
INCHES DEGREES FAHRENHFIT DERRFES FAHRFNHETT HTU/HRs &Ne £lT. F
1.0 9A,.9 6.3 RHeP
3.0 _102.2 . . .. 8Be7 R Y- X | e
Ce0 1068 10.R8 23R
7.0 103,272 3,9 e o 4n.9
9,0 106,2 9,9 6.6 o
11,0 10,3 ) 16,2 2.5
14,0 117,8 24,0 T 15,2
17.0 T 127.4 o 34,1 10,7
23,0 151 .4 58,4 T
35,0 87,0 94,7 . . o 1,9
46,0 206.9 113.6 1.2
INLET TEMPERATURE _GAS NENSTTY HEAT FLUX Magg FLCw RATE AVGs HT, TOANG., COEFEICIFNT
DFGREES FAHRENHWELT LBS./CU, FT, RTU/HR, SQ. FT, LR, /HR. &0. FT, RTII/HR. Sne FT, F
92,1 .0als 366,2 2661 6.7

2Lt



RUN 10 G FINE GLASS SPHERES STATIC REP HEIGHT= 4 INCHES =~ HEATED TUBE LOC. NG. =l
PRCRE LSCATICN TUBE WALL TEMPERATURE TEMPERATURE DIFFERENCE - LCCAL HEAT TRANSFER CCEFFICIENT
INCHES DEGREES FAHMRENHEIT DEGREES FAHRENHEIT __ _BTU/HR. §0e FTe F
1.0 77 I U T i . e 443 T
3.0 11Re4 1442 26449
5.0 1207 16.6 2le2
11.0 12148 1842 164
17.0 122.7 19.5 180
?23.0 1235 e0e7 170 R
2940 1245 2149 1641
35.0 124¢6 219 1641
4140 1221 18.8 1Re8
43,0 119.2 1545 227
45,0 1179 13.8 25.5
INLET TFMPERATURE GAS NENSTTY HEAT FLUX MacE FLCW RATE AVGe HT. TRANS, COEFFICIENT
DFGREES FAHRENHETT —~ ~L8S.7CU. FT+ " BTU/HR. SQe FT. ~ 7 LRS,/HR G0 FTS 77 "'BTU/KR. SQe [ O
104,6 0837 352.7 3976 19.2%
RUN 10 H FINE GLASS SPHERES STATIC REN HEIGHT= 4 INCHES HEATED TUBE LOCe N3o =l
PRCBE LCOCATICN TUBE WALL TFMPERATURE ~ TEMPFRATURE DYFFERENCE " LOCAL HEAT TRANSFER CCEFFICTENT
INCHFS DEGREES FAHRENHEIT NEGREES FAHRENKEIT BTU/HRe SQe¢ FTe F
1.0 12145 1145 o o 307
3.0 . 125.3 1642 B 21e7
5.0 12940 2043 173
11.0 e 12945 2042 e 1744
17.0 12545 19.0 1Re5
?23.0 1305 2041 1745
2940 13045 2147 162
. 3540 13046 26441 1646
4140 12849 23.3 15¢1
43,0 12740 2048 169
4540 1266 1902 T T 1843
INLET TEMPERATURE GAS NENSTITY HEAT FLUX Magg FLOW RATE AVGe HTe TRANS, CCEFFICIENT
DEGREES FAHRENHEIT LBS./CU, FTo BTU/HR. SQe FT, LRS,/HR. SQs FT. BTU/HRe Sne FTs F
110.7 0859 352.4 4654 1774

€Ll



RIIN 11 A

PRSAF 1 ACATITU
TNEHES
1.0
EFR!
5.0
a,n
11.0
14.0
1740
23,0
290
38540
44,0
IMCFT TEMPEIATIRE
DFRRFES FAHOFRHFTT
11,7

TROMNTITB

PRSHF 1 oCATrnN
IMEHES
Jel
AN

S0
TeD
9.n
110
130
17.”
230
33.0
46,0
IMLFT TRarkoaT 1IF

NEGRFFS FAroF e (T

a5, 4

RN 11 C

PRsRy | ~CATISY
INCWFS
1N
3.0
S}
a,N
1.0
146.0
17.0
230
Pa.n
3540
Xl
IMLET . TEMPEQATHRE
DEGRFFS FanFivHETT
09,4

CR4aQsr 3L ASS QPWFAFS

COAQSF W ASS SPHFDFR

STATTIC HFD HETG

HT= 4 INCHFS  HEATED TURE { ~f. NS, =)

THUAF ap TEMOFDATURE TEAPERATONE DIFFRRENFE LECAL HEAT TOASUSFEQ COFFFICTFNT
NEGREES FARQFNHFTT NERRFES FAMRFMHETT o BTU/HP, e ET.  F_

110453 16e? 22.8

12344 ) 2041 o 7R .

1279 Chatt V6 et

1.4 3744 113 .

14731 411 e Q

1477 Se5.3% L AaL.]

14848 bhew 7Te9

154.9 L | 5241 ~ o T

17248 (A Be?

VA7 %2 4a0 I

21440 Vie.n .2

GuS NFNSTTY
LHS./rU. FT,
D778

TURE wal 1 T nehATIRE

CRARSE GLASS SPhFeFS

HFEAT FLUX
BWTU/HR. Su. FT,

LTS

THEWPERATORE

CTETATIC AED AT 1T 4 THOWFES

Aneg FLOW RATE
Lre,/ulle SOG. FT,
4R35

AVGe HT. THANG, COEFEICIENT
RT}J/HD, Sn, F1, F

o Rela L S

HEATED TuRF 1 o2Ce M2, =)

ATEREHENPE CSCAT HEAT TONSFER CRFFFICTFNT

DERREFS FarEsHeTT NEAHMFFS FASRENHETT HIU/HRe SNe £T.  F
1nka Lial EXPR!

TR B R T S - XY D41
1172e% ITe9 ERTE
N7} 2247 e 1A 2 .
123.7 29,42 12eb
127973 1I5e4 o o 1Ne4
13443 RPN Gl

e 10T T 4.3 Lo 8 -

18548 42 e Gel
2u?e7 o 100 ,.4 - X/ S .
P6,°2 101 .7 2.1 i

BAAS NFMSTTY
| HS /b, FT,
0792

NEAT FLUX
ATU/HR. SH. T,

367.9

Macg FLOW RATE
ILas, /HRe SQ. FT.
45480

RTU/HRe Soe FIl, ¥
ualg

_AVG. WT, ToAMg, eREFEICIENT
r

Ties e TerdrRaTURE
AESREFES EamaFse [T
127 etk
122en
1Pu ek
132e%
16Nl
1453
1470
1517
16k b
17004
1A .9
GuS NDENSTITY

TTTRTATIC HFD kA

4T= 6 INCaFS  THEATED ThaF [ ac ) Nal =

HEAT FLUX

TTFAPeATURE NYeFeREmrk  LOCAL nFAT TOAWSEFFN COREFICTE T
““thRrESNE}wQFHNtIT HTU/HE. Se £T, F N
Z1a0 17«7 a
24 e } 150 R
2% a7 1461
dgew 1ieD
whed Qe
SR 25 ¥ 3 S 1.9 I
“7e? TehA
2148 e TeD
5Tk hed
122 8D I
Hg.4 4

agg FLOW RATE AVGe MT, TOuMg, COFFFEICIEMT

LAS./cU. FT,
BULE

aTiy/mR, 5G. T,

AN 1

Lag, /HRe 0. FT,
_4nsl

RTII/HO. Sne FTe F
— f.90

pLT



RUN 11D CCARSE GLASS SPHERFS STATIC BED HEIGHT= 9 TNCHFS  HEATED TURE §0Ce NOe =1

PRCBE LGCATICN TUBE- WAL | TFMPFRATURE TEMPFRATURF NIFFFRENAE 7 "LOCAL HEAT TRANSEFR CREFFTCTIFNT
INCHFES DEGREES FAHRFENHFIT ~~  DEGREES FAHRFMHETT BYU/HR. &2 FVe F
1.0 10R.R T BeA 2.9
3.0 . 113.8 L Y460 26k
5.0 1154 15,9 232
7.0 . 1143 1541 i . o 2648
9.0 1173 1842 2042
11.0 12449 28509 M2 V
14,0 1331 34,3 yN.A
17.0 . le2.0 43,04 . AR
23,0 1746 T6et Gef
33.0 o 237.7 140,7 L 2eb
44,0 26646 170.1 2.2
INLET TEMPERATURE GAS NENSTITY . HEAT FLUX ... MAgq FLOwW RATE . AVGe HT, TRANS, CTEFFICIENT
DFGREES FAHRENHEIT LBS./CU. FT, HTU/HR, SQe FT, LRG,/HR, SQs FT, RT{I/HRs Sne FTe F
10045 L «0T7R6. . 36R8 . 4nbe Goehn
RUN 11E CCARSE GLASS SPHERFS STATIC BEND HEIGHT= 9 TNCHFS HEATED TuRE 1C5C, NC, =1
PRCRE LOCATICN TUBE WALL TFMPFRATURE TEMPERATURF PIFFERENCE TSCAL HEAT TOANSEFR COFEFICTFAY
" INCHES ______DEGREES FAHRENHEIT DEGREES FAHRENHMEIT . _ . _ . _BTU/HR. §0. FTy F
1.0 120,64 17,2 21.Nn
3.0 i 12445 2le5 I Thel
Se0 173.5 20,7 174
Re0 1245 21,8 . . . 1heb
11.0 13044 27.4 1341
17,0 . . 13A.6 35,5 e 102
23,0 14hel 42,7 Hels
- 2940 . 15449 5145 e B 7400
35.0 16442 61,3 S.9
4140 1118 . TO00Y. o e Sel
44.0 17940 71843 A
INLET TEMPERATURE ~ GAS DENSTITY HFEAT FiLUX Mace FLOW RATE AVGe HT, TRANG, OEFFETCIesT
DFGREES FAHRENHREIT LBS./CU. FT, HTU/HR. 5Qe FT, LG, /HK, SQe FT, RTU/HD, Sn, F1. F
103,464 L0774 360,5 YY1} _ HeH
RiN 1T F 7 COARSE GLASS SPHFAFS STATIC BEN HEIGHT= 4 TNCWFS  HEATED TURF jAC. N3, =)~ 7
PRORE LSCATICN 7777 TUBE WALL TFMPFRATURE TEMPERATURE NIEFFRENFE ~  TLECAL HEAT TOANSEFM COFEFICTENT
INCHES DEGREES FAHRENHEILT NERRFES FARRFNHETT BTU/HRe &N £Te F
1.0 1371 12.3 FI ]
3.0 RS 3L Y. IR Q2.8 e 159 e
5.0 157.0 3046 11eR
11.0 ... 1893 £ EXRY
17.0 1623 42,9 Rel
23.0 16446 L2 S ) . BeO
29.0 16548 4647 7.7
35.0 145.7 . A Y L leb [
41.0 15R«6h 4045 LR
43.0 ... 180e2 318 e 11e6
46,0 ) 14445 25.7 143
INLET TEMPERATURE ~ GAS DFNSTTY HEAT FLUX Mage FLOW RATE . AVGe HTe TRANG, COEFFICIFNT
DFGREES FAHRENHEIT LBS,/CU. FT. ATU/HR. 5GQ. FT, LAG,/HH. &Q. FT, BTU/HO. Sne FT, F
126,0 ) 0865 . 361.5 ___e213 9,70

FTA



HEATED TUBE LGC. NRemY

LOCAL HEAT TaaNSFER CCEFFICTENT
BTU/HRe SN FTs F

wine 11 G COURSE GLASS SPHFDFQ STATIC nFn ME]IGHT= 9INCHES
Ponure p aCalrfi TUHE waj | TFEVBOFRATURE TEMPFRATURE NYFFFRENFE
THOHES GEGREES FARRFENHEIT  DNEARFES FAHRENHETT B
1o 119.1 845
ER] 19842 l16¢h
QN 131.5 24,2
11en 138.2 26.5
1760 14kt 404k
e 2 1917 4527 I
29.0 15361 a7.6
38,0 15267 47.9
aYen 14946 Gy 7
430 1402 B 24,7
48,0 13448 B3

LITET TEUPE AT URE G4S DENSTTY HEAT FLUX

Macs FLOw RATE

DFGRFFS FAOFNKETT LHS«/CU. FT, HTU/HR, 50, ¢T,
IRRI ) 08,7 36145

RN Y1 H CCARSF (GLASS SPHERFS

STATIC afn WEIGHT= 9 IMCHFS

4243
218
15.0
1263
8.9
7.9
Teb
75
Al
10.4
12.8
AVGe HT, TRANg, CCEFFICIENT

LRS,/HR. S0« FT,
6300

TTPUCHE L ATATION T UTRET WA TR MPFRATURE

TEAFFRATURE OTFFFRENFE

TNeHES NEGREES FAHRENHFIT NERRFES FARRFMHETT

1N 125.9 15.3

Fe0 . 129.4 _ o 1.8
S0 13362 23.R

Y] e 1372 2729
17e00 1437 36e1
232 . . 1676 . o - J38.0
2G,1; 14R«3 39.2

_ L38.0 e 14743 - R 1 7S - B

7 T 143.7 3%5.1
43,0 13783 284
45.0 1318 2241

IMLFET TEMPEOATURE
DFGRFFS FaMoF HETT

GAS AFNSITY
LBS./CU. FT.

HEAT FLUX

ATU/HR, S5Q. £T,
S 1t1en . LNREN 357.7

Mage FLTW RATE
LRS,/HR. &Q. FT,
5460

BTU/HR. SQe FT.e F
GeTh

HEATED TUBE LCCs Noe=1

LOCAL HEAT TRANSFER CCEFFICTENT

BTU/HR. %0. FT, F
23.3
181
150

L.212#8

105
Geb .. ,
9.1
942
102

P 1.} - W U P,

162
AVGs_ RT, TRANG, CCEFFICIENT
BTU/HR. Sne FTe F
11e38 .

9L1



177

APPENDIX G

TABLE V., CALCULATED AVERAGE PARTICLE FRACTIONS
AND NUSSELT NUMBERS FOR BATCH FLUIDIZATION
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Table V. Calculated Average Particle Fractions and Nusselt
Numbers for Batch Fluidization
Run Tube Average Section N
Number Location Location, inches. 1 - ¢ 1‘p
Fine Glass Spheres

1B 4 10. 5 0. 184 0. 64
21.5 0.011 0.10
1C 10. 5 0.120 0.73
21.5 0. 050 0. 50
1G 10. 5 0. 048 0. 46
21.5 0. 070 0. 36
1H 10. 5 0. 035 0. 67
21.5 0. 025 0. 24
5A 3 10. 5 0. 160 0.83
21.5 0. 020 0. 43
5B 10. 5 0. 035 0.62
21. 5 0. 042 0. 45
32. 5 0. 035 0. 39
5E 10. 5 0. 018 0. 64
21. 5 0. 004 0.11
5F 10. 5 0.013 0. 47
21.5 0. 025 0. 41
9A 2 10, 5 0. 180 1. 18
21.5 0. 021 0.53
9B 10. 5 0. 085 1. 00
21.5 0. 055 0. 74
9D 10. 5 0. 375 .74
21.5 0. 002 0.15
10B 1 10. 5 0.015 0. 45
21. 5 0.013 0.21



Table V. Continued
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Run Tube Average Section Nu
Number Location Location, inches 1 - ¢ P
10C 10. 5 0.010 . 36
21.5 0. 004 0.10
10D 10. 5 0.106 0. 69
21.5 0. 075 0. 37
32.5 0. 025 0. 31
10E 10.5 0. 070 0. 78
21.5 0. 035 0. 48
32.5 0. 030 0. 41
10F 10. 5 0. 080 0. 75
21.5 0. 060 0. 24
32.5 0. 030 0.14

Coarse Glass Spheres

3A 4 10. 5 0. 060 0.82
21.5 0. 030 0. 60
3D 10. 5 0. 095 1. 27
21.5 0.015 0. 51
3E .5 0. 265 2. 22
.5 0. 008 0. 57
3F 10. 0. 140 1. 40
21. 5 0. 057 0. 88
4A 3 10. 5 0. 128 1. 46
21. 5 0. 063 86
4D 10. 5 0. 300 2. 16
21.5 0.120 1. 43
32. 5 0. 008 0. 40
4E .5 0.100 1. 31
.5 0. 059 0.93
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Table V. Continued.

Run Tube Average Section N
Number Location Location, inches 1 - ¢ up
4F 10. 5 0.083 1. 16
21.5 0. 033 0. 65
8A 2 10. 5 0. 243 1.92
21.5 0. 053 0.88
8D 10. 5 0.120 1.43
21.5 0. 063 0. 99
32.5 0. 036 0.76
8G 10.5 0. 105 1. 35
21.5 0. 031 0. 64
8H 10. 5 0. 060 0.94
21.5 0. 038 0.71
32.5 0. 030 0. 63
I11A 1 10. 5 0. 022 0. 69
21.5 0. 020 0. 60
11B 10.5 0.013 1. 03
21.5 0. 005 0. 43
11C 10, 5 0. 035 0.82
21.5 0. 024 0. 57
32.5 0.012 0. 46
11D 10, 5 0. 065 1. 39
21. 5 0.010 0. 54
32.5 0.003 0. 21
11E 10. 5 0. 035 I. 11
21.5 0. 033 0.70
32. 5 0. 035 0. 49

Aluminum Particles

6A 3 10. 5 0. 188 3. 56
21.5 0. 024 1. 24

32. 5 0. 003 0.52
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Table V. Continued
Run Tube Average Section N

Number Location Location, inches l - ¢ up
6B 10.5 0. 158 3. 46
21.5 0. 049 .79

6C 10. 5 0. 057 1,97
21.5 0.011 0. 96

6D 1C. 5 0. 068 2. 14
2i.5 0. 022 1.19

32.5 0.010 0. 80

TA 2 .5 0. 250 3.82

2i. 5 0. 051 1.84

7B 1C. 5 G. 088 2. 50
21.5 0.013 1. 01

32.5 0.014 1. 01

7G 10.5 0. 089 2.53
21.5 0. 005 0. 75

TH 1C¢. 5 0. 050 1.82
21.5 0. 027 1. 31

32. 5 0.010 0. 89




