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The object of this research study is to investigate and provide
some fundamental information about bed slumping jn a partially defluid-
jzed bed combustor. Due to the difficulty in making measurements and
observations at high temperature, a dynamically similar cold phase
fluidized bed was used to model the high temperature case.

Experiments were conducted in a 0.305 m by 2.44 m cold fluidized
bed which has plexiglass windows along the sides to provide adequate
visualization of the fluidizing phenomena. The heat exchangé tube
array comprising six staggered rows of horizontal tubes 0.0125 m 0.D.
was placed in the bed. Zirconia sand particles of diameter dp = 305
microns were used to simulate the mixture of 1200 micron 1imestone and
coal particles. Gas velocities used in the experiment were varied from
minimum fluidizing velocity to six times minimum fluidizing velocity.

On defluidizing half of the fluidized bed, bed material from the
active portion of the bed began transferring to the slumped side of the
bed, this caused a ridge of solids to form and grow on the slumped sur-
face. Correlations were then developed to describe the changing con-

tours of the slumped bed surface.



A major factor in the entrainment of bed material from the fluidized
beds is the ejection of particies when bubbles break the bed surface.

The initial velocities of ejected particles can be associated with the
velocity of rising bubbles from potential flow theory. A simple model

was developed to predict the motions and trajectories of ejected particles
in the freeboard region. This model predicted the rate of bed material
transfer from the active side to the defluidized section of the bed.

These predictions were tested by experiment and showed good agreement.

A correlation of the experimentally found particle density function for
transferred material is presented. This can be used to determine the
.tota1 amount of bed material transfer at any defluidization time.

The study of the gas flow in the slumped portion of the bed was
also conducted by measuring the pressure profiles in both sections of
the bed. The amount of gas bypass through the slumped bed was deter-
mined by the Ergun equation and these pressure profiles. The results
indicate that the percentage of the gas bypass through the slumped
section does not depend on the superficial velocity.

Necessary conditions required to completely refluidize the slumped
section of the bed after a long period of defluidization were obtained
from the pressure-time trace study. It was found that complete refluidiza-
tion of the slumped section could not be achieved by using superficial
refluidizing velocities of less than two times minimum fluidizing velocity.

Study of the lateral mixing of solids in a wide shallow fluidized
bed was conducted by using the ferrite tracer technique. A simple
unsteady diffusion equation was used successfully to model the dis-

persion of solids from the refluidized bed to the active bed. The



lateral dispersion coefficient of solids was found to depend on the
superficial velocity and so was the rate of the solids mixing.
Finally, the results obtained from the room temperature bed were
converted to those in the high temperature case by using similarity
analysis. Comparison of the converted results with the available data
from the high temperature bed indicated good agreement, and thus, a

successful simulation.
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NOTATION

Tocation in z direction where tracey particles are introduced to the
slumped bed (m)

the distance between the bubble eruption center to the interface
region (m)

5
cross sectional area of the fluidized bed (m™)

the catchment area for the bubble stream at the d1str1b5tor
plate which is usually the area of plate per orifice (m

location in z direction where tracer particles are introduced to the
sTumped bed (m)

concentration of ferrite tracer (kg/m3)

concentration of ferrite tracer at equilibrijum condition (kg/m3)
initial concentration of ferrite tracer in the slumped bed (kg/m3)
constant in equation (2.7)

drag coefficient

particle diameter (u)

dimensionless parameter

mean bubble diameter (m)

mean bubble diameter at the bed surface (m)

mean bubble diameter at the bed surface of the scale bed,eq.(9.5)(m)

mean bubble diameter at the bed surface of the high temperature
bed, eq.(9.6) (m)

equivalent spherical diameter of bubble (m)

equivalent spherical diameter of bubble at the bed surface (m)
initial bubble diameter at the distributor (m)

thickness of the bulge at the bed surface (m)

bubble eruption diameter (m)

bubble eruption diameter at height h1 (m)



d " growth in bubble sizes as they pass through an array of heat
exchange tube (m)

dp surface mean particle size (n)

D reference particle size (u)

Dt bed diameter (m)

Dw Jateral dispersion coefficient of solids in w direction (mz/s)
Qy axial dispersion coefficient of solids in y direction (m2/s)
Dz Tateral dispersion coefficient of solids in z direction (m2/s)
E, E gas stress tensor ,eq.(2.5)

iJ
S
iJ

ES
f frequency of the eruption of bubble
-5
.F

.E solid stress tensor, eq. (2.6)

force exterted by‘gas on solid per solid particle
g,g acceleration of gravity (9.8 m/sz)

9 conversion factor (lkg.m/N.sz)
h height (m)

h0 constant

height of the Towest row of the tube array above the distributor
plate (m)

height of the highest row of the tube array above the distributor
plate (m)

h the slumped bed height (m)

K scaling factor

Ky constant in eq.(6.3)

5 constant in eq.(6.6)

K constant in eq.(5.7)

L characteristic length, length of the bed (m)
Tength of the scale bed (m)

length of the high temperature bed (m)



gas flow rate in the active side of the bed; eq. (6.9) (kg/s)

total amount of solids frem the refluidized bed that diffused to
the active bed (kg)

total amount of bed material transfer in the coid phase scale
bed; eq. (9.1) (kg)

gas flow rate in the defluidized side of the bed; eq.(6.6) (kg/s)

total amount of bed material transfer in the high temperature
bed combustor (kg)

gas flow rate at the minimum fluidizing condition; eq. (9.8) (kg/s)

total amount of solids from the refluidized bed that diffused to
the active bed at the steady state condition; eq. (8.21) (kg)

relative amount of diffused solids, mc/m*

solid particle number density

number of orifice openings in the distributor

pressure (kPa)

dimensionless parameter

reference pressure (kPa)

solid pressure (kPa)

pressure drop across the bed (kPa)

pressure drop across the bed in the defluidized section (kPa)
pressure drop across the bed at the minimum fluidizing velocity (kPa)
distance from the center of a bubble (m)
radius of bubble (m)

radius of bubble at the bed surface (m)
particle Reynolds number

time, time after defluidization (s)
dimensionless parameter

reference time (s)



gas velocity, gas velocity vector (m/s)

dimensionless parameter

gas velocity in the active bed (m/s)

velocity of a bubble rising through a bed-(m/s)

velocity of a bubble respect to the emulsion phase (m/s)
initial velocity of ejected particle (m/s)

superficial velocity at the minimum fluidizing conditions (m/s)

solid velocity in r direction at distance r from a rising bubble (m/s)

gas velocity in the defluidized bed (m/s)

terminal velocity of a falling particle (m/s)

solid velocity in edirection at distance r from a rising bubble (m/s)

reference gas velocity (m/s)

solid velocity, solid velocity vector (m/s)

dimensionless parameter

velocity of ejected particle in x direction (m/s)

velocity of ejected particle in y direction (m/s)
concentration readings

volume of transferred bed material in the cold phase bed (m3)

vogume of transferred bed material in the fluidized bed bombustor
)

(m
width of the bed (m)

weight of the bed material (kg)

horizontal diatance from the interface region (m)

Tocation where the slope of the ridge change in x direction (m)
dimensionless parameter

location of the peak of the ridge in x direction (m)

vertical distance from the bed surface (m)



y location of the peak of the ridge in y direction (m)

z horizontal distance from the left end of the bed (m)

Greek Symbols

8 fraction of fluidized bed consisting of bubbles
Gij Kronecker delta
€ void fraction
€ void fraction in the packed bed
€mf void fraction in a bed at the minimum fluidizing velocity
8 angle, degrees

ae), nle) viscosity coefficient of gas
2>(e), nS(e) viscosity coefficient of solid

viscesity of gas (kg/m.s)
3
)

Hf
0 pggas density (kg/m
oo Pey 93S density in scale bed, in fluidized bed combustor (kg/m3)

solid density in scale bed, in fluidized bed combustor (kg/m3)

Psc? PsH
plns 0!y bulk gensity of solid in scale bed, in fluidized bed combustor
sC* "sH
(kg/m~)
¢4 particle density function (kg/mz.min.)
¢ sphericity of a particle

v stream function of solid in a vicinity of a rising bubble



EXPERIMENTAL STUDIES OF A PARTIALLY DEFLUIDIZED BED WITH
IMMERSED HEAT EXCHANGE TUBES

I. INTRODUCTION

Fluidized bed combustion represents a promising method for burning
high sulfur content coal in industrial plants. Conventional boilers
using bituminous-coal-fired burners no longer meet the standard require-
ments since the burners can not control sulfur dioxide emissions. Expen-
sive scrubbing systems must be installed to reduce the amount of SO2
to the standard regulation. Fluidized bed combustors operate at
relatively low combustion temperatures (1050 K) and, therefore, produce
less NOX and other undesirable gases while providing 6ptimum conditions
for the sulfur retention by 1limestone or dolomite in the bed.

Operating a fluidized bed combustor at less than full load pre-
sents problems which are not present with conventional boilers. Con-
ventional boilers can reduce coal feed rates to accomplish turn downs
of up to 90% to follow the electrical load patterns. Fluidized bed com-
bustors, however, must maintain a reasonable air velocity in order to
keep solids fluidized. A more difficult constraint comes from the fact
that the bed temperaturé must be kept close to 1050 K or sulfur will no
longer be effectively removed from the stack gases.

One method for achieving bed turndown is to Tocate the heat
exchange tubes so that they are entirely immersed at the maximum fluid-
izing air velocity, as the power generated by the boiler is reduced the
air and coal would be reduced in a fixed ratio and hopefully heat

exchange surface in the form of steam tubes would be removed from the



bed proportionately so as to keep the bed at a constant temperature.
Experience with the fluidized bed combustor at Alexandria, Virginia,
operated by Pope Evans and Robins has proved that this is difficult

to accomplish, at least with a uniformly spaced bank of tubes. As the
fluidizing velocity is reduced the heat exchange area does not decrease
rapidly enough. Thus, more heat is removed from the bed than is
generated by combustion, and the bed temperature tends to drop pre-
cipitously.

A different approach to turndown involves slumping or defluidiza-
tion of a portion of the fluidized bed, that is, cutting off the flow
of air to that region. With the air cut off to half of the distributor,
it is expected that the heat output of the bed would drop to approximately
one half and that the heat transfer area would be reduced in the same
ratio. To bring the bed up to full capacity, the air supply would be
returned to that stagnant half of the bed.

However, the slumping process has a complication. Bed material
tends to build up in the slumped region of the bed and there is a
corresponding depletion of bed solids in the fluidized portion of the
bed. This reduces the residence time of gas passing through the bed
since the bed is now shallow. The amount of 1imestone available for
scavenging sulfur is also reduced, and there are less solids to enhance
heat transfer to the steam tubes. These effects could be countered by
adding more bed material to the fluidized region. Another problem
facing producers of utility boilers is that after operating a partially

slumped bed for a long period of time, it is found that it is difficult



to refluidize that slumped portion of the bed at Tow velocity.
Refluidization of the slumped part of the bed at high velocity creates
another serious problem. The higher velocity of refluidization creates
a rapid mixing of the low temperature bed material from the slumped
section with the high temperature bed material from the active side,
this tends to reduce the temperature of the bed below the 1imit for

the sulfur retention.

The goal of this study is to provide some fundamental data about
bed slumping which includes the amount and rate of bed material trans-
fer from the active side to the adjacent slumped section of the bed,
the shapes or profiles of the slumped bed surfaces, the necessary con-
dition required for the refluidization of the slumped section and finally
the mixing rate of the solids from both sides of the bed after refluid-
ization.

'A second objective of this study is to develop models to describe
the phenomena of the bed material transfer occurring in the partially
defluidized bed and the mixing of solids from both sections after

refluidization.



IT. SIMILARITY ANALYSIS

Due to the difficulty in making measurements and observations in
the high temperature fluidized bed combustors, a dynamically similar
cold phase fluidized bed was used to model the high temperature case.
In order to provide a dynamically similar cold phase fluidized bed
that would accurately model the high temperature conditions, techniques
from dimensional analysis were used in this study.

In order to obtain the similarity parameters required in this

study basic flow equations in the fluidized bed were used (29):

fluid phase continuity -g—fc + div(el) = 0 (2.1)
solid phase continuity %Efl'e) + div((1-€)v) = 0 (2.2)
fluid phase momentum
->
pee (S + 0. grad W)= divE - nf +ep 3 (2.3)
solid phase momentum
ps(l-e)( gz + V. grad V) = div E> + nf + (l-e)psa (2.4)

where stress tensors E , ES and the interaction force T can be

expressed in terms of total mean pressure and velocity fields as,

au au. au

E..= -pé,.+r(e) =t u(E)(f-- rL_ 2, M ) (2.5)
1J iJ me J 3X 3 139X
Vo 3V AV av
S 2 m
357 PN el 645 () (G * s - 3 Sy ) (2.6)
R J axJ axi 3 1Jaxm



and

nF = na(e) (B0) + (1-e)C(e)or S(T-V) + (1-¢) div E (2.7)

Equations (2.5) to (2.7) were substituted in equations (2.3) and
(2.4). Each of the variables were transformed to the proper reference

quantity by introducing dimensionless variables denoted by stars as,
*

u= Uu
*
v =\Vv
*
X = Lx
*
t=Tt
*
d = Dd
' *
and p = pop (52)-

Scharff et al. (53) made substitutions by using the equations

above and obtained three dimensionless parameters, i.e.

gL 2 (2.8)
Log/o D \ (2.9)
prU/Uf (2.10)

In addition, the same authors fixed L/D as the constant in the two

different systems. Therefore, four dimensionless groups were obtained

as follows,

gL/U2 reciprocal Froude number (2.11)
Pe/ 0 density ratio (2.12)

p¢DU/ue particle Reynolds number (2.13)



and L/D macroscopic scale to particle scale ratio (2.14)

Dynamic similarity requires these four parameters to be equal in
the high temperature fluidized bed combustor and the cold phase bed.
Letting the subscript C denote the cold bed system and H denote the

high temperature bed gives the density ratios.

Pen/Psh = Pec/Psc (2.15)

The fluid densities in both cases can be calculated assuming ideal gas
behavior since the operating temperatures in both cases are known and
both of the beds are operated at atmospheric pressure. In the fluidized
bed combustor, limestone with bulk solid density between 1440 and 2080
kg/m3 was used. The density of the material used in the cold bed can be
calculated by using the relation from equation (2.15).

In order to determine the scale factor (K) which is the ratio of
the macroscopic scale in the high temperature bed (LH) and the macro-
scopic scale in the cold phase bed (LC), equation (2.11), the square of

the equation (2.13) and the square of equation (2.14) were combined to

form another dimensionless parameter gpf2L3/uf2.
Hence, K= Ly/L. = (ueyore/mecPsn) > (2.16)
or by = Kic (2.17)
and Dy = KD¢ (2.18)
Uy = KU, (2.19)



Accordingly, the value of K = 3.76 was obtained.

Hence, L, = 3.76 L

H ¢
DH = 3.76 DC
UH = 1.94 UC

Pgy = 0.32 pge

(2.20)

(2.21)

(2.22)

(2.23)



ITI. APPAKATUS AND INSTRUMENTATION

3.1 Fluidized Bed and Bed Media

Fluidized Bed

Experiments were conducted in an 2.44 m long by 0.305 m wide by
3.66 m high fluidized bed which through proper design has been shown
to be dynamically similar to a high temperature bed. A distributor
plate formed by two pieces of sheet metal with center-aligned holes and
a 200 mesh stainless steel screen sandwiched between the plates was used
to be the base of the fluidized bed. The upper plate has holes 0.00556 m
(7/32 in.) and the diameter of the holes are alligned with a center to
center distance between holes of 0.038 m (1.5 in.) on both plates.
Plexiglass windows along the sides of the bed provided adequate visual-
ization of the f]uidiziné phenomenon.

Defluidizing of a portion of the bed was achieved by using an air
inlet plenum which was divided into two separate wind boxes with indi-
vidual butterfly valves to control the amount of air entering the two
compartments of the bed. Two venturi orifices, one for each wind box,
were inserted in the air inlet ducts and water manometers plumbed to
each of them facilitating the equilibrating of air distribution to the
plenums and also allowed for the measurement of the air flow rate. The
two control valves of the inlets of the plenums were manually controlled
such that each section of the open distributor was subjected to an

equal flow potential. An air bypass was also installed such that
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excess air could be vented to an area above the free board. Figure (3.1)
shows the front view of the fluidized bed.

To maintain the fluidized bed height constant while operating in
a slumped condition, bed material must be continually added to the
active side of the bed. A material feed system was installed on top
of the fluidized section of the bed. A hopper with attached scale was
used in the feed system such that exact amounts of material could be
added tc the bed during the experiments. The schematic diagram of the

slumped fluidized bed is shown in Figure 3.2.

v The Tube Array

The diameter of the heat exchange tubes in the fluidized bed com-
bustor is about 0.05 m (2 in.). By using the scaling factor (K = 3.76)
the size of the dummy tubes used in the cold bed can be scaled down to
0.013 m in diameter. An array of heat exchange tubes comprising six
staggered rows of horizontal tubes with 0.0125 m (0.5 in) 0.D. and 0.041
m equilateral triangular pitch were placed in the bed with the lowest
row of the tubes 0.127 m above the distributor plate. The tubes were
supported by vertical plastic spacers at both ends and horizontal steel
bars at the middle to restrict the deflections of the tubes. The tube

array is shown in Figure 3.3.
Bed Media

A fluidized bed combustor of coal ash and limestone has a bulk

density between 1450 and 2050 kg/mS. By assuming that the voidage ( €)
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Figure 3.1 Photograph of the sTumped fluidized bed (front view)
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Figure 3.2 Schematic diagram of the slumped fluidized bed.
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of the bed material is about 0.35, the particle density is then between
2200 and 3150 kg/m3. This result was confirmed by McKenzie (40) who
reported that a bed of coal and limestone has a density of about 2700
kg/m3. In order to determine the density of the particles used in the
cold bed, the equation (2.23) was used. It was determined that the den-
sity of the bed material required in the experiment bed should have a
density of about 6850 kg/m3. Zirconia sand (ZrOZ) which has a density
of about 5900 kg/m3 was used. This type of sand has a surface mean

particle (d_) of 305 microns and, a bulk density of about 3000 kg/m3.

P

The mean surface particle diameter (dp) was determined by using
the sieve size analysis as described by Kunii and Levenspiel (33). An

analysis of the mean surface particle (d_) can be found in Appendix A.

P
The minimum fluidizing velocity (umf) at room temperature for the
zirconia sand particles was obtained by using the semi-theoretical equa-
tion given by Wen and Yu (59). According to the calculation, the minimum
fluidizing velocity at room temperature was found to be 0.16 m/s. How-
ever, when comparing the calculated Unf with the experimental data, it
was found that the value of Unf obtained from the experiment was higher

than 0.16 m/s. The difference between these two values may come from the

effect of the tube array in the bed.

Air Supply System

The air which was used for fluidization was supplied to the fluid-
jzed bed by a Roots positive displacement blower model 1228. The maximum

flow rate of the blower is 3.78 m3/s at 0.51 atm. The blower is driven
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by a 242 kW diesel engine (Caterpillar model 3406T) located in a sound-
proof room. The temperature of the air after the bed has been warmed-
up is about 325 K. Inlet air flow rates to each compartment was measured
by using calibrated venturi orifices.

Fine particles which elutriated from the bed were collected in
four cyclone separators operating in parallel. The particle-free gas
then flows through another calibrated venturi meter to check the super-
ficial air velocity through the system. All experiments were conducted

at atmospheric pressure.

3.2 Pressure Measurement

Pressure Probes

It was required to measure the pressure drop across the bed and to
determine the pressure profile throughout the bed. Pressure probes were
installed along the bed at 0.025 m, 0.33 m, 0.46 m, 0.74 m, 0.86 m,

1.177 m, 1.58 m, and 1.98 m from the left end of the bed and at heights
of 0.025 m, 0.15 m, 0.23 m, and 0.30 m above the distributor plate. The
probes themselves consist of 0.0064 m (0.25 in.) pipes which are welded
to the side of the bed. They terminate in  0.0064 m (0.25 in.) tubing
which connects them to the pressure transducers.

The holes of the pressure probes are covered with a 200 mesh stain-

less steel screen to prevent bed material from entering them. The

screen is sufficiently course so that there is a negligible pressure

drop across it.
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Pressure Transducers and Amplifier

The pressure transducers shown in Figure 3.4 are manufactured by
National Semiconductor {model LX1601 D) and are intregrated circuit
type transducers. The output voltage is linearly related to the differ-
ential pressure across the transducer with an output of 7.5 volts cor-
responding to zero differential pressure. The transducers can be
operated with either a positive or negative differential pressure with
a maximum range of + 34.47 kPa (5 psi).

The output signal from each of the transducers is the pressure
differeﬁce between the pressure at that particular point in the bed
and the reference pressure which is the atmospheric pressure. The out-
put signal is scaled and zeroed using two operational amplifiers with
a zeroing potentiometer and a gain potentiometer. The amplifier circuit
js shown in Figure 3.5. The amplifier model consists of 16 circuits
hence 16 sets of data can be measured at the same time.

The output electrical signals which are already scaled by using
amplifiers were transformed to the main control module by means of a 25
pin Amphenol connector. The signals are finally transferred to the

analog-to-digital converter.

3.3 Bed Material Transfer Measurement

In order to determine the rate of bed material transfer, the
particie density function which is defined as the amount of transferred
material accumulated in a unit area of the slumped section, per unit

time, must be measured. This can be accomplished by installing an array
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e 3.4 Photograph of the pressure transducer.
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of receptables in the siumped section of the bed. The weight of the
bed material collected in each receptable per unit time is the rate of
material transferred at that particular point.

The array of receptables consists of eight 0.0762 m (3 in.) dia-
meter plastic cups. Each cup is inserted in a 0.0762 m (3 in.) dia-
meter hole drilled in a piece of plywood. The centers of the holes are
alligned with a center to center distance between holes of 0.0762 m.
The plywood is 0.10 m wide and 0.62 m long and is attached to a cast
jron frame. The frame was then placed over the slumped section so
that the rim of the first receptable was at the interface region. The
height of the frame over the distributor plate could be chosen between
0.38 m, 0.45 m, 0.53 m, and 0.61 m (15, 18, 21, 24 in. above the
distributor plate). The location of the receptable array is shown

in Figure 3.6.

3.4 Solids Mixing Measurement

In order to turn down a fluidized bed combustor, a section of the
fluidized bed needs to be defluidized by cutting off the air supply and
the flow of coal to that region. The temperature of the slumped part
of the bed will then supposedly decrease since the combustion of coal
no longer exists in that section of the bed. To bring the bed up to
full capacity, the air supply would be returned to that stagnant part
of the bed. It is required to measure the rate of mixing between
material in the slumped part (Tow temperature) and the fluidizing media

in the active part (high temperature). The technique of the inductance
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probe method which was conceived and developed by Dr. Thomas J.

Fitzgerald was used in this study (17).

Ferrite Tracer Particles

The ferrite particles that were first available were found to be
too large for the test since their corresponding Unf Was higher than
the operating velocity in the cold bed. Thus, the ferrite particles
were required to be crushed until their sizes were small enough that
their corresponding U, Were in the range of operating velocities. The

ferrite used in the experiment had a surface mean diameter (d_) of 1000

P
microns and the corresponding Uns Was 0.98 m/s.

Ferrite Tracer Removal System

Ferrite tracer particles were introduced to the slumped section
of the fluidized bed by first opening a small portion of the wall above
the slumped bed level and then spreading them evenly over the slumped
bed surface. After a run was made, the ferrite material was separated
from the bed media by refluidizing the whole bed and draining the sand-
ferrite mixture onto a conveyor belt which passed over a magnetic drum.
The non-ferrite material (sand) fell off the edge of the drum into a
container, the ferrite material stuck to the belt until the belt
separated from the magnetic drum and dropped into a second container.
The magnetic drum ferrite removal system with a vibrating tray to con-

trol the flow rate of the mixture onto the belt is shown in Figure 3.7.
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The Inductance Probes

Six inductance probes were used to measure the concentration of
ferrite tracer particles as thay spread through out the bed after the
refluidization. The arrangement of the dummy tubes and the location
of the rod containing inductance probes within the array is shown in
Figure 3.8. Each inductor coil is 0.095 m (3.75 in.) long and the center
of each coil is 0.43 m (1.5 in.) apart. The pbsition of each coil on
the rod is shown in Figure 3.9. The coils consist of approximately 7100
turns of fine copper wire (# 34 gage) wound on a 0.013 m (0.5 in.) 0.D.
fiberglass rod. Each coil has an inductance of 0.1 Henry and can monitor
the concentration of ferrite in a volume with a radius of about 0.05 m
(2 in.) from the center of the coil. A balanced active bridge circuit
for monitoring ferrite concentration was built. When the tracer is near
a coil, the inductance of the coif is increased and the bridge goes out
of inductive balance. The signal output from the coil is plotted
against the ferrite concentration and found to be linear with respect
to the ferrite concentration.

The signal output for a particular ferrite concentration is ‘
slightly different from others. It is required to adjust the output
from each probe so that the final output will be in the same magnitude.
To accomplish this, the probes were calibrated to give a uniform
response to a 0.00635 m (0.25 in.) diameter and 0.05 m (2 in.) Tong
ferrite rod. The signal output measured in volts were recorded for each
probe when the ferrite rod was held adjacent to each individual probe.

The scaling value for each probe was obtained by dividing the average
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signal output by the signal ocutput of a particular probe. The scaling
values for each of the six channels are shown in Table 3.1. Thus, the

adjustable outputs from all probes were comparable on the same basis.

The Inductance Bridge Circuit

The inductance bridge circuit for measuring ferrite is shown in
Figure 3.10. The 0.1 Henry inductor coil which is one leg of the bridge
is balanced with the second leg, the 0.1 Henry terroid located on the
printed circuit card. When the ferrite tracer is in the vicinity of an
inductance probe, the inductance of the coil will be increased and the
bridge goes out of inductive balance. The signal output is gained by
the multiplier then passed through a two time- constant filter to

eliminate the carrier frequency and the harmonics from the signal output.

3.5 Data Acquisition System

To record the pressure profile during the refluidization, sixteen
pressure transducers were used to sample data 20 times per second or
once every 50 milliseconds for 8 seconds. The first few data points
(first 0.5 second) were used as the reference or zero pressures.

To record the mixing rate after refluidization, six inductance
probes were used. Data were taken 20 times per second for 300 seconds.
Data were collected for about 10 seconds before starting refluidization

in order to determine the background or zero level for the inductance

probes.



Table 3.1 Scaling Values for all 6 Channels:

Channel LY Scaling Value

(Voltage Difference)

1 384 0.958

2 439 0.838

3 304 1.211

4 305 1.197

5 384 0.958

6 391 0.941
L = 2207

367.83
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A1l of the signals were sent to a 128- channel analog to digital
converter which forms the real-time interface with the Data General
Nova 840 Minicomputer where a1l of the data were collected and pro-

cessed. The CDC 3000 computer was used for more complicated calculations.
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IV. SLUMPED BED SURFACE PROFILES

4.1 Background

The first study concerning slumping behavio} conducted in the
partially defluidized bed was the investigation of the slumped bed
surface profiles or the shape of the ridges as they appeared in the
slumped section during the time of partial fluidization.

Bauver et al. (3) presented a report about the evaluation of
slumped bed testing. Active and slumped bed surface profiles in a 1.72
m by 0.86 m cold fluidized bed were recorded. The authors concluded
that equilibrium bed levels can be expected in approximately one hour
or less. In their experiments, the fluidized height of the active bed
was decreased due to the transfering or entrainment of the bed material
to the adjacent slumped section and no compensatiné bed material was
added to the active side of the bed.

Chao (8) investigated the slumping behavior in a cold phase
fluidized bed. He primarily observed the slumped bed surface profiles
at different slumping ratio and also developed a model to predict a
pressure loss parameter in the active and the slumped bed sections of
the fluidized bed.

Lackey and Withers (34) also conducted a slumping test in a 1.20 m
by 1.20 m cold phase fluidized bed. Effects of gas flow to the slumped
section on the surface profiles during the refluidization were observed.
They found that a slip plane zone existed and the contours or profiles
of the slumped bed changes as a function of the air supplied to the

slumped section of the bed.
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However, none of these studies above were concerned about the
depletion of the bed material in the active side due to particle
entrainment. In reality, the residence time of gas passing through
the bed was reduced since the bed was now shallow. The amount of
1imestone available for scavenging sulfur was also reduced, and there
were less solids to enhance heat transfer to the steam tubes. In this
experiment, the effect of active bed material depletion was included.
Material was continuously added to the active part to keep the active

height constant.
4.2 Procedure

To obtain slumped bed surface profiles, half of the bed was de-
fluidized or slumped by simultaneously closing the butterfly valve to
the windbox under half of the bed and opening the air bypass valve,
hence leaving the velocity in the fluidized or active section unchanged.
A ridge of material was immediately observed in the slumped section and
continued to grow with time. Figure 4.1 shows the Tocation of the
slumped bed surface profiles in the bed. Profiles of the slumped bed
were traced and recorded at every 5 minutes. After the first profile
was observed, a polar planimeter was used to determine the area of the
profile. The measured cross sectional area obtained by the polar plani-
meter times the width of the bed represents the volume of the bed
material transferred. The weight of the material transferred was obtained
since the bulk density of the bed media was known. The amount of the

material corresponding to the calculation above was added to the active
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part of the bed. It was found that the active bed level after adding
the material remained the same as before defluidization. Another pro-
file was then obtained and the whole process was repeated at 5 minutes
intervals for 45 minutes after defluidization. Sets of slumped bed sur-
face profiles were obtained at different superficial velocities, i.e.,
0.38 m/s, 0.45 m/s, 0.53 m/s, 0.61 m/s, 0.69 m/s and 0.76 m/s (1.25,
1.50, 1.75, 2.0, 2.25 and 2.5 ft/s respectively). Samples of the

recorded profiles are shown in Figures 42 a, b, and c.

4.3 Result

-

From the sample bed profiles recorded as shown in Figures 4.2a to
4.2c, it can be seen that the profiles can be divided into three separ-
ate regions,

1. The side of the ridge that slopes into the interface

region.

2. The side of the ridge that slopes away from the interface

region to the point x* where the slope changes.

3. From the point x* to the bottom of the ridge.

By setting a coordinate (x,y) at the interface region of the sur-
face level (Figure 4.1), a set of equations to describe the profiles can
be made in terms of the abscissa (x), and the ordinate (y), location of
the peak of the ridge in the x direction (xp), location of the peak of
the ridge in the y direction (yp), the location where the slope of the

*

ridge change in the x direction (x ), excess velocity (u-umf) and the

time after defluidization (t).
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First, the location of the peak of the ridge can be related to

the time (t) and the excess gas velocity (u—umf) by

xP = 0.3864 0-1257 (y_y ) (4.1)
mf
yP = 0.03 + 0.1086 t7- 1333 (u-u_.) (4.2)
The profiles of the three separate regions can be described by
y = 0.03 +0.28 (u-y )% x 079 for x xP (4.3)
py .(0.066(u-u_.)-0.066)
= P i dx=x") t mf Py
y=y" (1.0 - (575 exp(2.83+0.633(u-u_c) ) for xXexex (4.4)
* 1.17(u-u_,) -1.13)
_ (x=x) t( mf *
y =y 1.0 - (5 o1 expr-2 5676 33(uu 7 ) ) for x (4.5)

*
where y * is the value of y evaluated at x from equation (4.4) and

x* is obtained from
x* = xP + 0.01 exp ((3.1245=1.64(u-umf)+0.2222(u-umf)2) + (3.145

X 1073 -3.653X1072(u-u_.) + 2.667X10%(u-u .)?) t) (4.6)

mf)

The plot by using the correlations above is demonstrated in

Figure 4.3 where they are compared to an actual profile as measured

in the experimental study.
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4.4 Discussion

As half of the fluidized bed is slumped, the ridge formed by the
transferred material was observed instantly. The location of the peak
of the ridge changed in both x and y directions as time increased. It
was observed that the rate of change of location of the peak (xp,yp)
depended on both excess gas velocity and time after defluidization.

It was also observed that the angle of the ridge that slopes into the.
interface region is approximately 17 degrees which is the same as the
angle of repose of the material used in the experiment.

Further observations about the interface region were made. It
was found that part of the active bed that was adjacent to the slumped
section was also defluidized even though fluidizing air was supplied
to the entire active bed (Figure 4.4). This confirms the results
obtained by both Bauver et al. (3) and Lackey (34). This partially
active bed defluidization may occur because of the hydrostatic pressure
differential between both sides of the bed or the effect of air bypassing
from the active bed through this section to the adjacent slumped bed.
The effect of air bypassing will be discussed more in the next chapter.

The area under each profile times the width of the bed represents
the volume of the bed material transferred during the defluidization
period. A numerical method (Simpson's rule) listed in Appendix B was
used to obtain the area under the profiles. Results obtained from the
model are compared to the experimental data obtained by using polar plani-
meter to measure the area of the recorded slumped bed profiles. The
comparison shown in Figure 4.5 indicated that there are good agreements

between the data and the correlations are within *+ 10%.
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Figure 4.4 Schematic drawing indicates part of the active bed

is defluidized.
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V. BED MATERIAL TRANSFER, MODEL AND EXPERIMENT

5.1 Background
Entrainment

As half of the bed is déf]uidized, bed material from the active
side of the bed was transferred to the adjacent slumped section. This
phenomena occurred because of the entrainment of bed particles from the
active bed surface. The word "entrainment" was described by Kunii and
Levenspiel (32, 33) as "the removal of solids from the bed by fluidizing
gas". Solids which entrain from the surface of the active bed will fall
back to both sections of the bed. Solid particles that fall back to the
slumped section and deposit themselves over the static bed are defined
to be transferred bed material.

Several investigatidns were conducted in various aspects of entrain-
ment. These are summarized and shown in Table 5.1.

Zenz and Weil (63) were the first to develop a model to describe
the entrainment mechanism. They used the theoretical approach through
forces acting on the particles to find the rate of entrainment of solids
from a commercial-size fluidized bed. The same authors also found that
the intermittent bursting actidh of bubbles causes a higher irregular
velocity fluctuation above the surface of the dense bed. These fluctua-
tions dissipated with the height above the surface of the dense bed.

Lewis et al. (35) indicated that entrainment of closely sized

particles is not significant at low velocity (u « ut), but it will
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Table 5.1 Summary of the conditions for entrainment of particiles

studies from other investigators.

Investigator Vessel Diameter,dt Gas Particles Size Superficial
Bed height,L (v) velocity
Freeboard,H (cm) (cm/sec)
Zenz and Weil 2-D bed, 5.1 by air FCC catalyst 200- 30-72
(63) 61, dt=5'1’10'2 with size 1500
distribution
Lewis,Gilland  d,=1.9-14.6 air glass,iron 510- 287476
and Lang ( 35) L=10.2-71 polystylene, 3610
Hm=92-316 cracking ca-
talyst
Andrews (1) dt=3-10 air Fluid coke, 50- 30-762
N2 FCC catalyst 100
Do et al.( 15) 2-D bed, air glass beads 117-
56 by 1 250
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increase strongly, roughly by a factor of 100 for a doubling of gas
velocity when u » Uy -

Andrews (1) indicated that as bubbles rise through the dense phase
and erupt at the surface of the bed, solid particles will be ejected into
the freeboard. By assuming that the energy of particles at the surface
of the dense phase follows the Maxwell-Boltzmann distribution, he was
able to show an expontential decay of the entrainment rate with respect
to the freeboard height.

Do et al. (15) also developed a model to predict the motion of
particles in the freeboard by using the theoretical approach through
forces acting on the ejected particles. They obtained the velocities
of ejection when bubbles broke the surface by using photography of a
2-D column and found that initial velocities of ejected particles are
somewhat higher than the rise velocity of the corresponding bubble. They
also concluded that the velocities of ejection are much higher when

bubbles coalesce right at the surface of the bed.

Effect of bubbles on the entrainment

Several investigations were conducted to study how bubbles affect
the entrainment of solids from the surface of the bed. Lewis et al. (35)
pointed out that gas bubbles rising through the fluidized bed may entrain
solids or bed particles in two different ways,

1. Individual particles falling or raining through the top of the
bubble and then carried away by the gas at the moment they leave the

dense bed.
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2. The bursting of gas bubbles at the surface of the dense bed
removes particles from the dense bed and projects them upward. The
same authors also pointed out that the first possibility did not dominate
the solid entrainment and can be neglected.

Chen and Saxena (9) included another possibility that may cause
entrainment. Particles in the bubble wake are thrown up into the free-
board after bubble eruptions. However, Rowe and Partridge (50) indicated
that as a bubble rises in a bed it carries a wake of circulating parti-
cles behind it, after the bubble and wake break the surface the wake is
left on the surface as the bubble bursts. Therefore, it can be con-
cluded that there is only one possibility that causes solid entrainment,

solids are ejected at the surface of the bed as the bubble erupts.

5.2 Physical Model

Introduction

In order to develop a model to describe the entrainment of parti-
cles from an active bed and the accumulation of entrained particles in
the adjacent slumped bed, the initial velocities of ejected particles,
the amount of ejected particles and their trajectories after an eruption
must be determined. To study the rate of entrainment, the frequency of
bubble eruption must also be measured. The amount of entrained particles
that accumulates in the slumped section can be determined finally by

knowing the particles trajectories.
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Initial velocities of ejected particles

As bubbles rise to the surface of a fluidized bed, bulges are
formed at the surface of the bed. The bulges grow larger as bubbles
approach the surface of the bed. The bulges will finally burst as the
bubbles imerge from the dense phase. It is presumed that the velocities
of particles released from the domes of bubbles during eruption are the
same as the velocities of the moving bulges formed at the surface of the
fluidized bed. Further assumptions have to be made, i.e.,

1. the dense phase of the fluidized bed is assumed to be an incom-

pressible inviscid fluid,

2. the rising bubbles are assumed to be solid-free and circular

in shape.

As the fluid is inviscid, the potential flow theory can be applied
to the dense phase of the bed. Davidson and Harrison (13) successfully
developed a model for a bubble rising velocity. Furthermore, the stream
function of the solids in a vicinity of the rising bubble is also
developed and can be expressed as,

ubrb3sin29

v — (5.1)

The stream function described in equation (5.1) is shown in Figure
5.1. If U, js defined as the velocity of solids at any distance r away

from the center of the rising bubble in r direction, then
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observer from potential theory.
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For a single rising bubble, the velocity of the rising bubble is
equal to the velocity of the bubble relative to the surrounding emulsion

phase, up.» which was proposed by Davidson and Harrison (13) as,

0.5
Up 0.711 (gdb)

22.26 db0'5 (5.3)

However, single bubbles are not often found in any commercial fluidized
bed. The swarms of bubbles move continuously through the bed. The
velocity of rising bubbles in a swarm was expressed by the same authors

as,

Up = UsUpetiy,

+22.26d,0-° (5.4)

U=Une b

Thus, the velocity of any particle in the bed at a distance r
from the center of the rising bubble can be expressed as,

0'5)(29)3 cos 6 (5.5)

(u-umf+22.26db |

r

The schematic representation is shown in Figure 5.2.
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Figure 5.2 Schematic representation of a bubble rising in a
fluidized bed.
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To find the initial velocities of ejected solid particles (ui),

the value of U, in equation (5.5) must be calculated at the moment the
eruption occurs. It is hypothesized that the eruption happens when
half of the bubble merges from the dense bed or the center of the bubble
is at the surface of the bed. It is further assumed that the ejected
solid particles are the particles that are attached to the bursting
bubble. Therefore, the distance r can be approximately equal to 0.5 dbm’

where dbm is the diameter of the bubble at the surface of the fluidized

bed. Thus,

u; =(u - u .+ 22.26 dme.S) cos o (5.6)

i

However, Do et al. (15) who measured the initial velocities of
ejected particles in a two dimensional bed indicated that the initial
velocity of the ejected particles exceeded the steady bubble rise velo-
city by 15%. The causes of this effect may come from either the expan-
sion of bubbles as they reach the surface or the gas through flow inside
the bubbles in fluidized beds (10).

During most of the experiments, it was observed that two bubbles
coalesced at the surface of the bed and particles were ejected from the
bursting bubbles with initial velocities exceeding the initial velo-
cities obtained from equation (5.6), typically by 100%. The cause of
this phenomenon is due to the projection of particles from a trailing
bubble to a leading bubble when two bubbles coalesce (10). Therefore,
the initial velocities of ejected particles when two bubbles coalesce

at the surface of the bed can be modified as,
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u k

i, measured = ‘uYi, theory (5.7)

where ku is the constant that was obtained from the experiments to relate

the measured initial velocity (u measured) with the theoretical initial

i,

velocity (u. ) which is calculated from equation (5.6). From the

i, theory
experiment, when the superficial velocity varies from 0.46 m/s to 0.76
m/s, it was found that the value of k was equal to 2.0 (+ 20%). George
and Grace (24) who conducted experiments about the entrainment of parti-
cles from aggregative fluidized beds indicated that the ratio of the
jnitial velocity to the rising velocity of a bubble varied from 1.5 to
6.5 and 50% of the ejected particles have a velocity of 2.1 times the
bubble rising velocity. The average value of the ratio ”i/”b from their
experiment was found to be 2.45. It can be seen that the value of

ku = 2.0obtained from this experiment is in the good agreement with their

experimental data. Thus,

u; = 2.0 (u-upe+ 22.26 d, 0°) coss (5.8)

From equation (5.8), the initial velocities of ejected particles
can be determined if the diameter of bubbles at the surface of the bed

(dbm) are known.

The diameter of a bubble at the surface of a fluidized bed

It was found that coalescence of bubbles lead to an increase of
bubble size with bed height. The coalescence of bubbles involves lateral
movement of bubbles, and bubbles tend to rise in preferred paths (62).

It was also observed that the number of paths decrease with height above
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the distributor plate (20). Many researchers have developed the model
to determine the size of bubbles in a fluidized bed. Mori and Yen (43),
Rowe (46), Kato and Wen (31), Geldart (21) and Darton et al. (12) all
found that the diameter of the bubble in a fluidized bed is mainly a
function of excess gas velocity (u-umf), height above distributor plate
(h) and the initial size of bubble at the distributor plate (di) which
in turn depends on the type of the distributor plate (Table 5.2). The
models and equations proposed by the workers above apply only in an open
fluidized bed (no internal heat exchange tubes). However, a fluidized
bed to be used as a fluidized bed combustor would require a bundle of
heat exchange tubes to bevp1aced in the bed which will affect the size
of bubbles in the bed. Nguyen et al. (44) indicated that the eruption
diameters of bubbles at the surface of a bed with immersed horizontal
tubes were smaller than the bubble eruption diameters in an open bed at
the same height and velocity. Thus, it is required to develop a model
to determine a bubble size in a fluidized bed with immersed heat exchange
tubes.

The size of bubbles used in the experiments are measured in terms

of eruption diameter at the surface of the bed (d Botterill et al.

o)'
(4) indicated that when a bubble breaks the surface the diameter of the
eruption bubble was nearly 50% larger than of the bubble causing it.
Geldart (23) also confirmed this result, he points out that the dia-
meter of a bubble was estimated as 2/3 of the eruption diameter. George

and Grace (24) found this ratio to be 1.41 for silica sand with dp of

358 um compared with the value of 1.55 found by Harrison and Leung (27).
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Table 5.2 Published correlations for estimating bubble size in

fluidized beds.

Author Correlation

Mori and Wen (43) de=dem-(dem—d1)exp(-0.3h/Dt) 0
where dem= 1‘63(At(u'umf)) 04
di = 0'87(At(u—umf)/nd)

for perforated plate
2

di = 0.376(u-umf)
for porous plate
0.5 0.75 0.25
Rowe (46) de= (U-Umf) (h+ho) /9
Kato and Wen (31) de= 1.4 psdp(1+(u—umf)/umf)h+d1
where di = (6G/n)0‘4/g0‘2
= 2 0.4, 0.2 0.94
Galdart (21) db— 1.43((u—umf)nD /4NO) /a +2.05(u—umf) h

Darton et al. (12) db= 0.68(u—umf)0'4(h+4Jﬁb)0'8/90‘2
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In this experiment, a value of about 1.4 was found and used to relate
the eruption diameter and mean bubble diameter, i.e.,
d, = 1.4 dg (5.9)

From Table 5.2, most of the correlations were developed in terms of
an equivalent spherical diameter of bubble (de). It is required to relate
the equivalent spherical diameter (de) which is defined as the diameter
of the sphere having the same volume as the bubbie, and the eruption dia-
meter (do) measured in this study. Rowe (47) suggested that the shape of
bubbles are essentially spherical with radius, h and wake fraction, fw'
The wake fraction, which is defined as the fraction of bubble sphere
occupied by wake particles, is found to be mainly a function of particle
diameter. According to the size of particles used in the experiment, a
value of f = 0.25 was chosen. This leaves the volume of the bubble to be
about 75% of the sphere. Hence, the mean bubble diameter (db) was found
to be about 110% of the equivalent diameter (de)’ Thus,

d, = 1.54 dg (5.10)

Comparison between the correlations proposed by Mori and Wen (43),
Rowe (46) and Dartonet al. (12) from Table 5.1 and equation (5.10) and
the data obtained from the experiment of an open bed at bed height =
0.28 m is shown in Figure 5.3. It can be seen that the correlation pro-
posed by Darton et al.

dg = 0.54 (u-u )0* (hwa VA8 / O (5.11)
gives the best fit to the experimental data. To obtain an expression
for eruption diameter (do), equation (5.11) is substituted into equation
(5.10) which gives,

d, = 0.83 (u-u )0 (s /)08 / o0 (5.12)
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Figure 5.3 Comparison of d0 in an open bed between experimental data
and the correlations presented by Mori and Wen, Rowe and

Darton et al. (bed height 0.28 m).
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This expression was plotted and compared to the experimental data
obtained from an open bed at height 0.127 m and 0.28 m (Figure 5.4). It
was observed that this correlation gave a good agreement in an open bed
at two different bed heights.

In the experiment, an array of heat exchange tubes was placed in
the bed with the lowest row of tubes 0.12 m above the distributor plate
(Figure 3.8). It was found that as bubbles rise from the distributor
plate, they will coalesce and increase in size. The rising bubbles will
split as they hit the Towest row of the tube array with the resulting
size of bubble being smaller and the number of bubbles increased.
Botterill et al. (4) found that bubbles colliding with an obstruction
(a 0.017 m diameter horizontal bar mounted 0.20 m above the distributor
plate) tended to split apart and the resulting bubble frequency increased
by approximately 50%. This phenomenon was confirmed by the studies con-
ducted by Lockwood (37) and Lowe et al. (38). With different kinds of
tube arrays inserted in fluidized beds, both found that air bubbles
passed through the array between the individual elements and a bubble
broke up into two bubbles as a result of a direct collision with a
cylindrical tube.

However, as the split bubbles pass through the lowest row of the
tube array, they again tend to coalesce with adjacent bubbles. The
effect of bubbles splitting and coalescence as they pass through a tube
array is observed to be mainly a function of excess gas velocity (u-umf)
and height of the tube array (h2-h1). Thus, an equation for bubble
eruption diameter was proposed to be a function of bubble diameter at

height h], excess gas velocity and height of the bed above the lowest
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Figure 5.4 Comparison of d0 in an open bed between experimental data
and the correlation proposed by Darton et al. (bed height
0.127 and 0.28 m).
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row of the tube array (h -h]) as,

max

d = d - + d0 f (u-umf, h h]) (5.13)

max_

where do' is the eruption diameter at height h] which can be ob-
tained from equation (5.12) by replacing h by h;, and d_ = is the growth
of bubble sizes as they pass through an array of heat exchange tubes.
By using the least square method to fit experimental data, the

correlation of d0 can be expressed as,

d, = (-0.05+0.0088 (u-upc))(hy . -h;) (5.14)

Thus, the bubble eruption diameter in a fluidized bed with immersed

heat exchange tubes can be expressed as,

d, = 0.83(u-u_)0-#(h:+4 /R)%-8/g0-2 + (-0.05+0.0058 (u-uy ¢))

(hpax~hp) (5.15)

max
The comparison between the proposed correlation in equation (5.15)
and the experimental data obtained by measuring d0 at the height 0.28 m
is shown in Figure 5.5. Furthermore, both equation (5.12) and (5.15)
are plotted and compared to d0 measured in a 1.22 m square bed by
Nguyen et al. (44) as shown in Figure 5.6. It can be seen that there
is good agreement between experimental data and the proposed equations
in both an open bed and the bed with an internal tube array.
The diameter (dbm) of the bubble at the surface of the bed with

heat exchange tubes can be related to the eruption diameter by using

the equation (5.9) and can be expressed as,

= 0.4

(hoaxn1) (5.16)

d 0-8/¢9-2 4 (-0.036+0.0041 (u-u_¢))

b
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Figure 5.5 Comparison of d0 in a fluidized bed with immersed heat

exchange tube array between experimental data and the

correlation in equation (5.15).
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Figure 5.6 Comparison of d0 in fluidized bed with immersed heat exchange
tube array between the experimental data obtained by Nguyen

et al. and the correlation in equation (5.15).
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This equation is substituted into equation (5.8) to determine Us. The

resulting u; is obtained and shown as a function of excess gas velocity

in Figure 5.7.

The trajectories of ejected particles in the freeboard region

As a bubble bursts at the surface of a fluidized bed, particles or
bed material are ejected from the bursting bubble into the freeboard.
If the operating superficial velocity (u) is less than the terminal
velocity (ut) and the height of the freeboard is Tonger than the trans-
port disengaging height (TDH), the particles after entering the free-
board will fall back to the surface of the bed. Part of the down com-
ing particles fall back into the active side of the bed and are again
projected into the freeboard. However, some portion of the falling
particies drop into the adjacent slumped part of the bed and accumulate
in that section of the bed.

In order to determine the conditions acting on the entrained par-
ticles from the active bed, the behavior of the ejected particles in
the freeboard region which includes the motion and trajectories of the
particles must be considered. To develop a simple model for the motion
of particles, it is required that some assumptions be made:

1. Particles are assumed to be hydrodynamically spherical.

2. Any influence of turbulence is neglected since the particie

Reynoids number (Rep) is small.
3. The gas velocity (u) in the freeboard is uniform.
4. The added mass is neglected since the gas density is very

much less than the particles density.
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Figure 5.7 The initial velocity of ejected particles as a function

of excess gas velocity.
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5. Any inter-particle forces may be neglected.
The motion of the ejected particles can be described by the equation,

inertia force + gravitational force + drag force = 0 (5.17)

or in mathematical terms, considering upward vectors to be positive

(Figure 5.8):

. . 2
x-direction dv, 3 CpoVy (5.18)
T T
at opd
y-direction dv _ 3 CDp(Vy—U)IVy‘UI- (pp-p)g
dt 7 ooy o (5.19)

The drag coefficient (CD) can be expressed in terms of particles

Reynolds number (Re_ ) (52). Zenz and Weil (63) used a modified Stokes

P
Law expression for a drag coefficient, i.e.,

Ch = 37.5/Rep (5.20)

D

Do et al. (15) also developed an empirical equation for the drag

coefficient in term of particle Reynolds number as,

C 24 0.687 0.42
D= (1.0+0.15 Re ) +
Rep P 1.0+ 2ax10%e 16 (5:21)
This equation is valid for Rep Tess than 105. The drag coefficient from

equation (5.21) is used in both equations (5.18) and (5.19).
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Figure 5.8 Schematic representation of a bulge formation at the moment
that a bubble is half above the bed surface and is about

to erupt.
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Equation (5.18) and (5.19) can be solved for v, and vy by numeri-
cal method, using the fourth order Runge-Kutta integration with initial

conditions,

at t=0, Vy ST uisine (5.22)

<&
"

e
"

u;cos 8 ' (5.23)

From equation (5.22) and (5.23), x and y can be solved by using the same
method as above with initial conditions,

at t=0, (0.5 db sing) - a (5.24)

>
]

and y = 0.5 dy cos e (5.25)

This model is different from the ones proposed by both Do et al.
(15) and Zenz and Weil (63). Both of them assumed that the motion of
particles in the freeboard to be in y direction only and the particles

are ejected from the surface of the bed with the uniform initial

velocity (u;).

The amount of ejected particles per an eruption

In order to determine the amount of solid particles that are
ejected from one bursting bubble, it is required to know the thickness
(dr) of the bulge at the moment that the eruption occurs. Chen and
Saxena (9) developed a model to describe solids projection from a
fluidized bed during a bubble eruption which included an approach to

find the bulge thickness (dr). They assumed that the bulge thickness
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was uniform around the bubble and was equal to the difference between
the radius of bubble at the surface of the bed and the distance from

the center of the bubble to the apex of the bulge, i.e.,
dr = r_p - Ton (5.26)

The schematic diagram is shown in Figure 5.8. They evaluated
bm by using the correlation developed by Mori and Wen (Table 5.2).
They also found that the distance between the bubble center and the
apex of the bulge (r) depends mainly on the bubble size and h, and r

can be solved numerically from the following differential equation,
r
dr _ ()3 . (5.27)

with the boundary condition, h=0, rzhmax' According to the calculation,
it was found that the bulge thickness varied from 0.008 m at 0.45 m/s
to 0.013 m at 0.76 m/s. The plots of dr as a function of superficial
velocity is shown in Figure 5.9.

However, the initial velocities of ejected particles are found
to depend on the positions of particles around the bubble (equation
(5.6)). Thus, the trajectory of each ejected particle is different.
To find the trajectory of each particle, the bulge formed at the bed
surface is divided into small section with the area, da, and the thick-
ness dr. It is further assumed that particles ih each small section are
formed as agglomerate. This assumption is confirmed by Kunii and Leven-
spiel (33) who indicated that bursting bubbles of gas projected agglo-
merates of particles into the space above the bed. The amount of agglo-

merate in each small section is approximately da.dr (1-e)ps, where
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Figure 5.9 The thickness of the bulge at the moment that the eruption

occurs as a function of superficial gas velocity.
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da can be approximated as (2r2meV number of small sections). The
total amount of ejected agglometates during an eruption is determined

to be approximately angm.dr.(l-e)ps.

Particle density function and bed material transfer

To determine the rate of bed material or agglometates that trans-
ferred from an active bed to a slumped bed due to the bubblie eruption,
the particle density function (¢a) must also be developed. The particle
density function is defined as the amount of transferred bed material
accumulated in a unit area of the slumped section, per unit time at a
particular height and distance from the interface region (5).

It can be seen from Figure 5.8 that particles that accumulate in .
the slumped part are ejected particles that have their trajectories
across the interface front, or the distant that the particles move in
the x direction much greater than zero (x>0). The ejected particles
that did not cross the interface region (x<0) will fall back in the
active side of the bed and will be finally ejected in to the freeboard
again.

Computer programs were developed to find the destination of each
ejected agglomerate by solving equations (5.18) and (5.19), using the
initial conditions in equations (5.22) to (5.25). The values of x and
y of each trajectory are obtained. However, the distance between the
bubble eruption center to the interface front (a) must be determined

first.



68
To determine the distant (5), the frequency of the bubble eruption
(f) must be studied. The frequency of bubble eruption at the bed surface
was observed over a 0.3 m by 0.61 m section of the bed, and was found to
be a function of excess gas velocity when the bed depth is held constant
(Figure 5.10). The locations of the bubbles erupting at the bed surface
are measured in terms of the distance from the center of the bubble to
the interface region (5). The distant (a) can be related to the bubble
eruption frequency (f) by consuming that there will bé n bubbles erupt
in a period of one second, where n is the integer of the real number f.
It is further assumed that, within a period of one second, the first
bubble erupts at the interface region (5=rbm), the successive bubble at

GV B L. 2 " L
a=rp X s A et F X s e , and the last bubble at a = r_+z

(§ = 0.61 m).

Since the frequency of the bubble eruption, the location of each
eruption, trajectories of all agglomerates from every eruption and the
amount of particles in each agglomerate are known, the particle density

function (¢d) can be determined.

5.3 = Experiment

Particle density function measurement

The array of receptables as described in section 3.3 was used to
measure the particle density function. The array of receptables was
placed over the bed surface in the section required to be defluidized
(1eft hand side of the bed). The air supply to that part of the bed

was cut off, and the other section of the bed was fluidized for a period
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Figure 5.10 The frequency of the eruption of bubbles at the surface of

the bed as a function of velocity.
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of 60 seconds, then the air supply to both sections was cut off. Bed
material that transferred from the active bed and accumulated in each
receptable was measured. The experiments were conducted at 6 different
superficial velocities over the active bed i.e., 0.38, 0.45, 0.53, 0.60,
0.68, and 0.76 m/s and at 4 different heights over the slumped bed sur-
faceAi.e., y = 0.076, 0.i52, 0.228, and 0.305 m. The height of the

static bed was 0.305 m.

Experiment data

The weight of the bed material measured in each receptabie at
various superficial velocities (u) and the height over the fixed bed (y)
js shown in Table 5.3. It can be seen that the unit of the data is

kg/(area of each receptable)(min). In order to determine the particle

2)(min), some conversions

had to be made. The area of each receptable is found to be 4.56X10™° m

2).

density function which has the unit of kg/(m

(7.068 in. After the conversion is made, the resulting particle
density function (¢d) is plotted as the function of excess gas velocity
(“'“mf) and the height over the fixed bed (y) as shown in Figures 5.11a

to 5.11d.

Correlation of the experimental data

From the plots from Figures 5.11a to 5.11d, it can be seen that

the particle density function can be related to the excess gas velocity
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Table 5.3 Experimental data showing weight of particles captured

in each receptable during the duration of one minute.

y(m) u(m/s)

Wt.(kg/min)

cup#1 cup#2 cup#3 cup#d cup#d cup#6 cup#7 cup#8
0.076 0.38 0.0005 0.0009 0.0018 0.0036 0.0095 0.025 0.102 0.53
0.46 0.0009 0.0018 0.0036 0.0082 0.019 (0.045 0.182 0.82
0.53 0.0018 0.0036 0.011 0.016 0.052 0.052 0.205 0.965
0.61 0.0036 0.009 0.015 0.027 0.030 0.185 0.865
0.69 0.0072 0.041 0.06 0.076 0.205 0.540 1.118
0.76 0.0109 0.023 0.045 0.093 0.298 0.793 2.127
0.15 0.38 0.0005 0.0005 0.0015 9.0025 0.005 0.011 0.032 0.073
n.46 0.0015 0.0018 0.002 0.074 0.005 0.027 0.046 0.119
0.53 0.0015 0.0022 0.003 0.007 0.023 0.048 0.097 0.265
0.61 0.0032 0.0045 0.007 0.016 0.038 0.078 0.195 0.448
0.69 0.0073 0.012 0.019 0.016 0.070 0.163 0.419 0.99
0.76 0.0109 0.015 0.027 0.045 0.097 0.261 0.580 1.13
0.22 0.38 0 0 0 0.0005 0.0009 0.0018 0.n07 0.011
0.46 0 0 0.0018 0.002 0.003 0.006 0.009 0.023
0.53 0.0004 0.0009 0.003 0.003 0.005 0.01 0.02 0.023
0.61 0.0004 0.001 0.003 0.006 0.012 0.027 0.062 0.156
0.69 0.0099 0.005 0.006 0.011 0.021 0.045 0.088 0.204
n.76 0.004 0.008 0.012 0.019 0.036 0.067 0.135 0.29
0.30 0.38 0 0 c 0 0 0 0.0009 0.005
0.46 0 0 0 0.0004 0.0009 0.0012 0.0027 0.045
0.53 0 0.0004 0.0013 0.0018 0.002 0.0036 0.010 0.014
0.61 0 0.0009 0.0016 0.002 0.003 0.010 0.016 0.032
0.69 0.0013 0.002 0.003 0.005 0.007 0.013 0.024 0.044
0.76 0.0018 0.003 0.004 0.006 0.01 0.018 0.038 0.071
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and the distance from the interface region (x) by the following correla-

tions,
aty = 0.076 m, ¢d = exp((l.75-10.50x)+8.85(u-umf)) (5.28)
y = 0.154 m, ¢d = exp((0.90-9.70x )+8.20(u-umf)) (5.29)
y‘ = 0.228 m, ¢d = exp((0.05-8.90x )+7.55(u-umf)) (5.30)
y = 0.305m, ¢ = exp((-0.80-8.10x)+6.90(u-u )) (5.31)

and finally ¢q can be related to the distance y by,

¢, = exp((2.60-11.15y)-(11.30-10.50y )x+(9.50-8.53y) (u-u

y £)) (5.32)

m

A sample of the comparison between the correlation in equation (5.32)

and the experimental data is shown in Figure 5.12.

5.4 Comparison of Particle Density Function Between Model Predicting

and Experimental Result

To obtain the particle density function by the proposed model, the
computer program listed in Appendix B is used. Since the trajectories
of every ejected agglomerates are known, the number of agglomerates
collected in a receptable located at (x=x],y=y]) is the number of tra-
jectories that intercept the line Y=Yy between x=x]+0.0381 to X=X,
-0.0381 (radius of each receptable is 0.0381 m). The amount of
particles collected in that particular receptable is equal to the
product of the number of agglomerates collected and the weight of each

agglomerate which is approximately da.dr. (1-¢)e_. Then, the particle

S
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density function is obtained by dividing the amount of particles coll-
ected in each receptable with the receptable area.

The plots of the particle density function obtained by this pro-
posed model compared to the experimental data are shown in Figures
5.13a and 5.13b. According to plots, it can be seen that there are good

agreement between the proposed model and the experimental data.

5.5 Bed Material Transfer by Using Particle Density Function

Since the particle density function represents the amount of bed
material transferred from the active bed and accumulated in a unit
area of the slumped bed per unit time, the total material transferred
during bed turn down can be obtained by integrating the particle
density function over the entire slumped section and over the total
time during the defluidization period. However, some adjustment about
the effect of the slumped bed profile on the Timits of integration

has to be performed.

The effect of slumped bed surface profiles on bed material transfer

During the study of slumping behavior, it was observed that bed
material from bubbles erupting in the active section would fall onto
the slumped section but would not always accumulate in the slumped
section. Part of the material would slide along the interface region
back to the active bed. Bed material would accumuiate in the slumped
section if it travels across the peak of the ridge (X>xp, y;yp) but

particles that did not travel past the peak would fall onto the part of
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the ridge that slopes into the interface front and those particles would
slide back to the active side due to the effect of gravity if the angle

of the ridge was greater than the angle of repose.

Results and Discussion

To determine the rate of the slumped bed buildup and the total
amount of material that is accumulated in the slumped portion equation
(5.32), equation (4.1) and (4.2), which generate the location of the
peak of the ridge as a function of time after defluidization (t) and
excess gas velocity (u—umf), are used as follows:

If the superficial velocity is kept constant during the bed turn

down period, then

Xp

L]
>
o
L)
+
g

(5.33)
yP = yP (1) (5.34)

in equation (5.32), y is replaced by yp since the bed material will

accumulate when y>yp, then

64 = exp((2.60—11.15yp)-(11.30-10.50yp)x+(9.50-8.53yp)(u-umf))
(5.35)
It is observed that 9y =¢d(x,t) (5.36)

at any instant of time. The rate of bed material accumulated (m) can be

expressed as,

m=/ ¢d(x,t)dx (5.37)
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since the bed material will accumulate only when x>xP, the lower limit
of integration can be changed to xP.

Furthermore, the slumped bed length is finite (x=L/2), the upper
1imit of integration can also be changed to L/2. Equation (5.37) now

becomes
’ L/2
m=m(t) =/ ¢d(x,t)ﬁdx (5.38)
D
Xl
Equation (5.38) is now used to determine the rate of bed material

accumulated over the slumped portion at any instant of time.
To determine the total material transferred from the moment that
half of the bed is turn down until any time t, equation (5.38) is

integrated over the total time t, then

=/ d
m Om(t) t

.t L/2
I s ¢d(x,t)dxdt (5.39)
0 xP

Equation (5.39) was solved numerically at various superficial
velocities, and the results compared to the experimental date obtained
by finding the total mass from the actual bed profiles. The results
shown in Figure 5.14 indicates good agreement with experimental data.
It is expected that the material transferred by using the particle
density function will also give good agreement for a long period of

time during bed turn down.
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VI. PRESSURE DROP AND GAS FLOW IN A PARTIALLY DEFLUIDIZED BED

6.1 Introduction

In order to study the gas flow behavior in both the slumped and
fluidized sections of the bed, pressure drop across the bed at various
locations of both regions were measured. The pressure drop data were
plotted to obtain pressure loss profiles across both the active and
the slumped sections of the bed. The resulting pressure loss profiles
were then used to determine relative amounts of gas by pass through

the slumped section as a percentage of the total gas flow.

6.2 Pressure Loss Profiles

The pressure probes and pressure transducers as described in
section 3.2 were used to measure the pressure drop across the bed. As
both sides of the bed was fluidized, the pressure reading was taken 20
times per second (once every 50 milliseconds) at various locations
along the bed (x=0.05, 0.35, 0.48 and 0.76 m) and at different super-
ficial velocities (u=0.46, 0.61 and 0.76 m/s). The pressure drop used
in the study was obtained by finding the mean value from the measured
data. It was found that there were pressure variations of + 0.5 kPa
between mean pressure drop and equivalent pressure drop (aP=W/A) at
various locations along the bed (Figure 6.1).

As half of the bed was defluidized, the pressure readings at
the previous locations were taken at various times after defluidiza-

tion. It was found that there was no significant change in pressure
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drop across the bed in both sections as the time after defluidization
increased. The recorded pressures at various superficial velocities
were then plotted against their locations in the bed to obtain the

pressure drop profiles. The plots are shown in Figure 6.2.

6.3 Gas Flow in the Slumped Bed

Data obtained from measuring the pressure drop profiles in both
the slumped and fluidized sections (Figure 6.2) was used to study the
gas flow behavior in the slumped portion of the bed.

To compare the amount of flow in both sections of the bed, the
gas flow rate must be determined by using the pressure drop relation

given by Ergun (16).

8P go= 150 (1-c) /e (0. ) ?

2 .
- + 1.75(1-sm) gu /sm

¢Sdp (6.1)

The pressure drop correlation in equation (6.1) indicates that the
pressure drop across the bed is due to the viscous loss (first term)

and the kinetic energy loss (second term). The kinetic energy loss

could be neglected since the bed was tested at Tow velocity (Rep ¢ 20).
Thus, equation (6.1) can be simplified as,
AP _ _ 2 3 2 (6.2)
9o = 150 (1-g)%w/ e (ocd)

Since the void fraction in the packed bed (sm), size of particle

(dp) and sphericity of a particle (¢S) are constant during the test,
equation (6.2) can be modified as,
ap = K, u (6.3)

1
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where 2
Kl = 150 (13— Em) u2L (6.4)
9 <¢Sdp)
Thus, u = Ap (6.5)
K1

which can be used to calculate the velocity if the pressure drop pro-
file across the slumped bed is known. Data from Figure 6.2, which shows
the pressure drop through the slumped bed for different superficial
velocities are used. Using the Ergun equation, the continuity equation
and the pressure loss profiles, the gas flow rate in the defluidized

section can be determined from,

my = pquA= pfAEgA = KZApdA (6.6)
K1
where K2 = pf / Kl (6.7)

At the minimum fluidizing condition, the gas flow rate is given by,
Mnf = Pf umfA - pprmfA ) K2Apmf A (6.8)
K
1

At the conditions above Unfs the gas flow rate in the active

section is given by,
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p‘f_.ua A

oflns A Uy

Ko oPps A Uy (6.9)

u
mf
From the above equation, the gas flow in the defluidized section

(hd) can be obtained from equation (6.6) and the gas flow in the active
section (ha) from equation (6.9). To find the percentage of gas flow

through the defluidized region, equation (6.6) is divided by equation

(6.9).
KZApdA
percent of gas by pass = 7 . X 100
ZApmf Eg_
Unf
Ap, A u
d ~ mf X 100
* 7 (6.10)
Pmf a

In the numerator, (Apd)A can be obtained from integrating the
area under the curve of the closed section in Figure 6.2 (Ap v.s. x).
In the denominator, (Apmf)A can be obtained directly since Apmf is con-
stant across the active side of the bed.

The resulting calculations gave the following percentage of gas

flow through the slumped bed.
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u(m/s) % of gas bypass through slumped region
0.30 6.6

0.46 6.6

0.61 ' 6.6

0.76 6.3

The results indicate that the percentage of gas bypass through the

sTumped section does not depend on the superficial velocity.
6.4 Discussion

The pressure drop profiles shown in Figure 6.2 indicated that
there were significant changes in pressure drop across the slumped
bed at different superficial velocities. The pressure drop will
increase as the superficial velocity in the active bed increases.
This impiies that as the superficial velocity in the active bed
increases, more fluidizing gas leaks from the fluidized bed into ther
stumped bed. The gas bypass from the fluidized bed through the slumped
section of the bed results from the pressure gradient in the slumped

section between the distributor plate and the bed surface being differ-
ent from the gradient in the fluidized section.

The percent of gas bypass from the active bed through the slumped
bed was found to be independent of the superficial velocity. However,
this may cause the reduction of the air-fuel ratio required for the
combustion of coal in the active bed. The feeding of coal to the
active bed must be reduced so that there will be sufficient air to

maintain a complete combustion.
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Furthermore, gas bypass may result in a continued combustion of
char particles in the slumped section of the bed. This tends to
reduce the temperature gradients along the interface region between

both sides of the fluidized bed.
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VII. REFLUIDIZATION OF A SLUMPED SECTION

As half of the fluidized bed was defluidized or slumped, bed
material was transferred from the active side to the slumped side of
the bed due to the effect of erupting bubbles in the fluidized section.
The details were already discussed in Chapter 5. In order to bring
the bed up to full capacity which is meant to refluidize the slumped
portion of the bed, the air supply was returned to the stagnant half
of the bed. It was found that refluidization of the slumped section
could not be obtained easily. If the wind box is not compartmented or
if the compartments are too large, then the air flow may bypass that
portion and exit the bed through the shallow fluidized portion, thereby
preventing it from fluidizing. In this study it was found that
refluidization of the slumped bed in some cases could not be achieved
in spite of the fact that the compartmented wind box was available.

To study the refluidization of the slumped portion, the necessary
conditions needed to obtain a complete refluidization must be deter-

mined by using both qualitative and quantitative results.

7.1  Qualitative Studies

To study the refluidization of the slumped compartment of the
bed after a long time slumped condition, results from slumped bed sur-
face profiles (section 4.3) was used. An expected slumped bed surface
profile was built in the slumped section. The refluidization was
obtained by opening the air valve to that slumped compartment and

closing the air bypass valve simultaneously, leaving the air velocity
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in the active side of the bed unchanged. A movie camera was used to
film both the front view and side view of the slumped compartment
during the refluidization. Pressure variation in the slumped com-
partment was also measured by using the pressure transducers and
amplifier as described in section 3.2. Pressure signals were taken
and recorded at every 50 milliseconds a various locations in the
slumped section. Pressure readings were used as an indicator, along
with visual observations, as to when the bed was refluidized. The
velocities used in the study of the refluidization of the slumped

bed were varied from 1.5 U s to 5.0 U+

7.2 Results and Discussion

From the studies of pressure-time recordings and observations
from the film taken, it was indicated that the complete refluidization
of the slumped compartment started when the first bubble was detected
at the middle of the ridge. Thus, pressure-time traces obtained from
the pressure taps installed at the middle of the ridge were used to
monitor the time required for a complete refluidization. The time
required to completely refluidize the slumped portion of the bed is
the time between the instant the inlet valve is opened and the time
that the first bubble is detected in the pressure-time trace obtained
from the pressure tap at the middle of the ridge. When a bubble passes
a pressure tap, a large fluctuation in pressure is obtained in the
pressure-time trace. A sample of the pressure-time traces are shown

in Figure 7.1 and 7.2.
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In Figure 7.1, a low velocity (0.22 m/s) was used to refluidize
the slumped compartment. It was observed that no bubble was detected
in the pressure-time trace, therefore, complete refluidization could
not be achieved. Observation from the film also confirmed this result.
In Figure 7.2, a high refluidizing velocity (0.46 m/s) was used. A
bubble was observed in the pressure-time trace at about 1.5 seconds after
supplying air to the slumped compartment, and the slumped bed was com-
pletely refluidized. This was also confirmed by the motion picture
observation.

The time to refluidize the slumped portion of the bed which was
measured from pressure-time traces was observed to depend on the fluidiz=--
ing velocity. Figure 7.3 shows the required time for complete refluidi-
zation at different superficial fluidizing velocities. Both qualitative
studies as reviewed on motfon pictures and pressure-time trace indicate
that complete refluidization of the slumped compartment can not be
accomplished at superficial velocity which is less than Zumf and that
velocity is termed a critical velocity.

At the velocities that are less than the critical velocity, the
ridge shape changed from a sharp peak to a lower bellshaped curve but
complete refluidization would not occur. At superficial velocities
above the critical velocity, the entire slumped portion refluidized
rapidly as indicated from measurements plotted in Figure 7.3.

To further investigate the refluidization of the slumped com-
partment, pressure loss across the slumped bed, especially at the middle

of the ridge, were measured and plotted as a function of the refluidizing
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velocity. The plot is shown in Figure 7.4. It can be seen that from
Figure 7.4 that the complete refluidization or the sudden disappearance
of the ridge shape will occur at the superficial velocity 0.3 m/s which
is about 2umf. At that velocity, the pressure drop of the slumped bed
at the middle of the ridge exceeds the equivalent pressure drop (ap=W/A).

It is interesting to study the effects that prohibit refluidization
when the velocity is less than 2umf. Usually, a fluidized bed can be
obtained by increasing the velocity of flow through a packed bed or
fixed bed. Thus, at the minimum fluidizing velocity, it is expected
that there will be a sharp transition between a fixed bed and a fluidized
bed. However, this happens in an idealized system only. In practice,
there will be a large transition region and the fixed bed will not become
a fluidized bed at the minimum fluidizing velocity. Richardson (45)
indicated that the whole of the bed is not fluidized until all the
particles are fully supported in the fluid and the pressure drop becomes
exactly equal to the buoyant weight per unit area (Apeq=W/A). He also
defined that velocity as the "full supporting velocity" (ufs) which is
about 50% greater than U

In the slumped compartment, the effect of material transfer creates
the slumped bed surface profiles (section 4.3). The profile contains the
peak and slopes to both the interface front and the bottom of the ridge
in the slumped section. The equivalent pressure drop which is defined
as the buoyant weight of particles per unit area of bed in each section
of the bed will not be equal. It can be seen that Apeq at a location far

from the interface region (the profile is a horizontal Tine) will be
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less than Apeq at the middle of the ridge. Thus, at the full supporting
velocity (ufs) which is about 1.5 u . (45), part of the slumped bed away
from the interface front will refluidize first. The total refluidizing
air will then bypass through that shallow section of the slumped bed,
and the complete refluidization will not occur. However, at a critical
velocity (2 “mf)’ the pressure drop across the middle of the ridge

exceed A Peq and the slumped bed is completely refluidized.
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VIII. SOLIDS MIXING STUDIES IN A PARTIALLY DEFLUIDIZED BED

8.1 Introduction

To turn down a fluidized bed combustor, a section of the fluidized
bed needs to be defluidized by cutting off the air supply and the flow
of coal to that region. With the air and coal supplies, cut off, the
temperature of the slumped section will decrease since the combustion
stops in that part of the bed. To bring the bed up to full capacity, the
air supply is returned to that stagnant part of the bed. The minimum
velocity required to refluidize the slumped section has to exceed the
critical velocity which has already been discussed in the previous
section of this thesis. When the refluidization of the slumped portion
begins, solids in the slumped part will transfer to the adjacent active
section causing the rapid mixing of the solids in the fluidized section.
If the mixing of solids is too rapid, the temperature of the fluidized
section will drop below the operating temperature (1050 K), and sulfur
will no longer be effectively removed from the stack gases. Thus, it
should be useful to find the rate of mixing of bed material between the
stumped section with the active section after refluidization.

Several methods have been proposed for the study of the solid
movement and solids mixing in a fluidized bed. The first method con-

" sidered was to dump tagged particles in the slumped section of the bed,
then refluidize the slumped bed, dropping the entire bed and then find-
ing the tagged particles in both sections of the bed. This method was

dismissed because it would be time consuming and very difficult to
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locate tagged particles by this manner. Another method considered was
to collect simultaneous samples from various locations along the bed
after refluidization. This method which was used by Highly and Merrick
(28) was rejected because of the compliacation of getting simultaneous
samplers at many points in the bed. The last method was to monitor
solid tracer concentrations at various location within the bed. Many
kinds of tracer have been considered in the study. Radioactive tracers
were rejected because of their inherent danger and complication as well
as low performance. The technique finally selected used a ferro magnetic
tracer with soft-magnetic properties. This technique was conceived and
developed by Fitzgerald (17), and was successfully to study solids move-
ment in a fluidized bed by Deaton (14).

The appearance of ferrite particles in any region of the bed could
be detected by means of induction coils located within dummy heat ex-
change tubes. When a ferrite particle moves into the vicinity of an in-
ductor, the inductance of that inductor will increase instantly. Deaton
(14) found that the inductance of the coil increases linearly with res-
pect to the volume fraction occupied by ferrite particles. In this
experiment, the calibration test was conducted with the percent of fer-
rite changed from one percent to twenty percent. It was found that the
inductance increased linearly with the percent of the ferrite.

The using of ferrite tracers and inductors was first developed
to study the movement of solids in fluidized combustors. In these
studies the ferrite modelled the movement of coal particles. This

technique could also be applied to the study of the solids mixing after
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refluidization. An amount of ferrite particles was dumpedAat a particular
location in a slumped section of the bed. After the slumped bed is
refluidized, the ferrite particles will mix with the bed media in that
particular location instantly. The time required for the ferrite tracer
to mix with the bed particles was found to be under 10 seconds. The
concentration of ferrite tracers at that moment will represent the con-
centration of the bed particles in that particular Tocation. The
ferrite tracer will then spread throughout the entire fluidized bed.
Ferrite tracer and bed material are assumed to spread out or diffuse
at the same rate since they become homogenous after mixing. The con-
centration of ferrite tracer at any location in the bed will then repre-
sent the amount of bed materials that spread out from the initial loca-
tion or the location that ferrite particles are introduced into the bed.
It can be concluded that the amount of bed material from the slumped
side that cross the interface region to the active side after refluidiza-
tion can be represented by the amount of ferrite particles detected in

the active section of the bed.
8.2 Procedure

To study the mixing of solids between both sections of the bed
after refluidization, ferrite tracer particles were introduced in a
slumped part of the bed. The tracer particles were buried evenly,
0.076 m, under the fixed bed level at a particular Tocation in the
slumped bed. An expected slumped condition was built in the slumped
section by cutting off the air supply to that portion of the bed and

by letting the slumped bed build up until the steady state slumped
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bed surface profile was obtained. The inductance probes already des-
cribed in section 3.4 were used to minotor the concentration along the
bed. The inductance probe signals were sampled once every 50 milli-
seconds and then digitized. Data was collected on all six channels for
approximately 10 seconds before refluidizing the slumped section of the
bed in order to determine accurately the background or zero level for
each of the inductors. Then, the slumped section of the bed was refluid-
jzed. Data was collected on all six channels for 304 seconds.

After a refluidization was made and data collected, the ferrite
tracer had to be separated from the bed media before another set of
experiments could be made. This was accomplished by draining the mix-
ture of bed media and ferrite particles, at a constant rate, onto a
ferrite removal system which was described in section 3.4.

The velocity used to refluidized the slumped part of the bed was
varied from 0.60 m/s to 0.90 m/s. Three locations were chosen to intro-
duce the ferrite tracer to the slumped bed. Table 8.1 shows the experi-

mental conditions of each particular run.

8.3 Experimental Results

The concentration of ferrite particles from the experiments were
plotted for each of the six data channels as a function of time. A
sample of the plots of the concentration versus time are shown in
Figure 8.1. From the plot for each run, three plots on the left hand
side represent the concentration from each inductor coil in the slumped

side where the location of coils in the bed (z) are 0.1143, 0.5461 and



Table 8.1 Summary of experiments.
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Bed height 0.30 m. (1 ft.)

Sand size Zirconia (dp = 305 microns), 680 kg ( 1500 1bs)

Tracer size Ferrite (dp = 1500 microns ), 6.8 kg ( 15 1bs)
Run number Initial location of ferrite Superficial gas

*
in the slumped side of the bed

%k

1 1
2 1

o 00 N Y D W
N

velocity ( m/s.)

o O O O o O o o o

.90
.76
.60
.90
.76
.60
.90
.76
.60

* Ferrite particles are buried evenly in the slumped section of the bed

¢t 0.225 m. above distributor plate.

** Code, 1 - from interface region (x=0) to x=0.30 m.
2 - from x=0.30 m. to x=0.60 m.
3 - from x=0.60 m. to x=0.90 m.
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0.9780 m. The other three plots on the right hand side represent the
concentration from éach coil in the active side where the location of
coils in the bed (z) are 1.4097, 1.8415 and 2.2733 m. The concentration
scale on the plot is measured in volts. One volt is equal to 0.427
kilograms of ferrite in each cubic meters. It is important to remember
that one percent of ferrite by weight in a vicinity of a probe is

approximately 32.036 kg/m3.
8.4 Discussion

The collected data as shown in Figure 8.1 had to be smoothed to
attenuate the effect of bubbles passing the probes. When a bubble comes
close to a probe, the ferrite tracer will be separated from the probe,
causing a decrease in the apparent concentration of ferrite. When the
bubble moves away from that probe, the ferrite particles come back with-
in the vicinity of the inductance probe and the concentration reading
goes up again. In order to get rid of the effect of bubbles, a computer
program was used. First, the program was developed to find the average
values of the first 100 data points (5 seconds) from all six channels
and the resulting average value from each channel was used as a back-
ground data or zero concentration. Next, the program will choose the
maximum data from each of the ten consecutive raw data. Since the con-
secutive raw data points correspond to a half second of data sampling,
the effect of bubble reducing concentration signal in a period of a half
second can be eliminated. The difference between the maximum data chosen
in a period of a half second and the back ground data was used as the

reduced concentration data. The sample of the reduced concentration data
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is shown in Figure 8.2. This method was used successfully to eliminate
the effect of bubbles passing through the probe by Deaton (14).

However, it can be seen from the reduced concentration data plot
in Figure 8.2 that this proposed method to eliminate the effect of
bubbles passing the probes can not be applied to this set of experi-
mental data. The output signals from all channels tend to drift from
the expected -trends. The effect of signals drifting may come from the
change of temperature in the bed and in the main console. The change
in temperature causes about a 10 percent change in the resistance in the
inductor coils. Therefore, the output signals which are quite sensitive
to the change in the resistance of the coils may drift from the original
trends as the bed temperature changes slightly.

A new method to eliminate the effects of drifting and the bubbles
‘passing the probes was proposed. It is first assumed that when a bubble
passes a probe or is in a vicinity of a probe, ferrite particles are
separated from the probe, causing a drop in an output signal. The con-
centration output signal at that moment is assumed to be zero concentra-
tion. However, not all of the bubbles that pass a probe are in full
contact with the probe, or in other words, some bubbles partially pass
the probe and causing a partial drop in concentration signal outputs
which are not sufficient to be assumed as zero concentration. It is
further assumed that in a period of one second, there is at least one
bubble that fully passes a probe, causing a large drop in a signal

output which is sufficient to be assumed as a zero concentration.
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A computer program was developed to use this method. The minimum
and the maximum points of each 40 consecutive raw data points which
correspond to a one second duration were chosen. Each of the minimum
data points which were chosen would represent the zero concentration
in each one second period, and each of the maximum data points which
were chosen would represent the highest concentration of ferrite appear-
ing in the same period of time. The difference between a chosen
maximum data point and a chosen minimum data point was defined as the
reduced concentration data as shown in Figure 8.3. In Figure 8.3, how-
ever, there are still some concentration fluctuations. In order to
obtain usable concentration values at any particular time, a smooth
1ine which represented a mean concentration value of the fluctuations
was drawn. It was doubtful that the mean concentration obtained by
drawing a smooth line passing through the fluctuations would represent
the true value of concentration. Hence a second test was conducted by
taking another set of data after the bed was refluidized for one hour.
It was expected that the material on both sides of the bed would be
completely mixed and the ferrite material would spread through out
the bed. After the data sampling was completed, the raw data was
reduced by the new proposed method. The smooth line was finally drawn
to obtain the mean concentration from the resulting reduced concentra-
tion data. The result indicated that all of the smooth 1line drawn for
every channels were straight 1ines and represented the equilibrium con-

*
centration (c ) which was about one percent of the bed media by weight

(32.036 kg/m°).
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The resulting mean concentration versus time plots from all six
channels can be used to obtain the ferrite concentration profile which
is the distribution of the ferrite tracer as a function of the location
in the bed. The concentration profile will change as time increases.
The series of time from the start (t=0) to the end (t=290) were chosen
so that the concentration brofi]e would change dramatically and success-
jvely. A modified Fibonacci sequence of time (t=10, 20, 30, 50, 80,
130,...), where each number is the sum of the previous two was used.
This series was chosen because it represented natural decaying functions
or exponential functions in a characteristic manner and the changes in
ferrite concentration in this study were expected to be rapid in the
first sixty seconds then slower as time progressed. The set of concen-
tration profiles at different times (t=10, 20, 30, 50, 80, 130, 210 and
290 s)'from one run is shown in Figure 8.4. It is important to remember
that at time t=0 the slumped bed starts to refluidize while the first

concentration versus time plot (Figure 8.1, 8.2 and 8.3).

8.5 Model of the Solids Mixing in a Partially Defluidized Bed

Since the concentration profile of the ferrite tracer in the bed
at a series of time is known, it will be useful if a model that describes
the spreading rate of the ferrite tracer or the rate that ferrite tracer

disperses in a fluidized bed is developed.

Mechanism of solids mixing

The solids mixing in a fluidized bed results from the upward move-

ment of the gas bubbles in the bed. Rowe and Partridge (49) found that
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when gas bubbles rise in a fluidized bed, solids are entrained in the
wake behind the bubble, resulting in an instability, partially collapse
of the bubble, and the turbulent mixing behind it. The same authors
also indicated that the wake is about 30 percent of the bubble volume
and it is continually shed and replaced as the bubble rises causing
the movement of solids in a vertical direction. Thus, movement and the
resulting mixing of solids results from wake transport.

Sutherland (57) and Rowe and Sutherland (51) also found that the
mixing of solids in a fluidized bed was generally caused by bubbles
and the mixing increased as the gas velocity increased above U g They
observed that no bubbles and no mixing occurred at gas velocities closed
to ups and significant improvements in mixing at velocities only 1.2

times U

Diffusion equation

When the composition of a mixture varies from one point to another,
each component has a tendency to flow in the direction that will reduce
the local differences in concentration (56). In this experiment, the
concentration of ferrite particles in the bed was found to vary with
location in the bed and time. The concentration of ferrite tracer in

the bed satisfies the unsteady state diffusion equation.

ac 3%¢ 52c 2%c (8.1)
at - Qw2 * Dy< 7 * 0,3
ow 3y~ 3z
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However, since the width (w) of the bed is small, the concentra-

tion gradient in the w-direction can be lumped. Thus,

-a_(.: =D.82__C.+ D_aic_ (8’2)
3 yay2 2322

+

Furthermore, as bubbles rise in a fluidized bed, solids are drawn
into the bubble wake and completely mixed in the wake. Particle circula-
tion within the wake causes lateral displacement of the solids shed
through the bed and at the surface. A consideration of these mechanisms
indicates that vertical mixing should be more rapid than lateral mix-
ing (28). Thus, the concentration gradient in the vertical direction (y)

can be neglected in comparison with the lateral concentration gradient.

3¢ . p +%c (8.3)
t 2322

Equation (8.3) can be solved if two appropriate boundary conditions
and one initial condition are known. In the experiment, one percent by
weight of the ferrite tracer (32.036 kg/m3) is dumped evenly in the
stumped section of the bed at z=a to z=b. The concentration in that
interval (a & b) before the refluidization starts which is defined as
c; 1is calculated to be equal to c*L/(b-a). The schematic representa-

tion of the coordinate and location of a and b is shown in Figure 8.5.

Thus,

(U(z-a)-U(z-b)) (8.4)

H
o
-
O

H
O

Initial condition : t
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where U(z-a) and U(z-b) are unit step functions.
For the boundary conditions, it can be seen that there will be no

concentration gradient at both ends of the bed. Thus,

Boundary condition : z = 0, %% = 0 (8.5)
z=1, =0 (8.6)

The solution of equation (8.3) can be obtained by using both
boundary conditions, equation (8.5) and (8.6) and the initial condition,

equation (8.4), and can be expressed as,

c, ° (sin Anb—sin Ana) 5
c(z,t) = c* + 2 — = ; exp(-D_X_“t) cos X z
- \ z'n n
n=1 n
(8.7)
where An = nn/L n=1,2,3,...

Lateral dispersion coefficient of solids

From equation (8.7), the concentration of ferrite tracer is
expressed in terms of concentration of ferrite tracer at equilibrium
or steady condition (c*), the location in the bed (z), the time after
refluidization (t) and the initial location of ferrite tracer in the
bed (a,b). The lateral dispersion coefficient of solids (Dz) can be
solved since the concentration of tracer at a particular place and
time (c(z,t)) is known from the experiment and the other quantities

*
i.e., C » Cis L, t and z are known.
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In order to determine Dz’ numerical methods were used. Equation

(8.7) can be rewritten in terms of the unknown Dz as,

2c.

f(D,) = c(z,t) - —L—‘ ;

sin Anb-sin Ana .
: ) exp(-¥ A
n=1 An Zn

2

t) cos . (8.8)

The technique called Newton's Root Finding Method (6) was used to find
the zeros of f(Dz) in equation (8.8). For an iterative process, D,
can be determined from the expression,
D =D, + f(D,) (8.9)
2,41 z, -z
f (D;)

and the final Dz is obtained if the following expression holds,

The time (t) in equation (8.8) is a fixed constant. The values of D,
obtained from all six different values of z (6 probes) were found to
be slightly different. The value of Dz from the test at one particular

time was obtained by finding the average of Dz from all six locations.

D, (z,t;) =g (D,(z1,t1)4D, (2p5t ) 4. 0. +D,(2gstq)) (8.11)

Furthermore, the data of concentration profiles are provided at
various time (t=10,20,30,....290 s). The real value of D, from each
run can be finally obtained by the finding the average value of Dz

from all different times.
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D, (z.t) =g (D, (z,t;)+(Z,t))+. e +D_(z,tg)) (8.12)

where t1=10, t2=20, t3=30, ......... ,t8=290 seconds.

After the final value of D, from all nine runs were obtained, it was
found that DZ was mainly a function of the superficial velocity and
the plot of DZ at various superficial velocity is shown in Figure 8.6.

After the values of D, were obtained, the theoretical concentra-
tion profiles were plotted by using equation (8.7) and compared with
the experimental concentration profiles. Samples of the plots at various
superficial velocities are shown in Figures 8,7a, b, and c.

Several investigators have conducted experiments and developed
models to determine the lateral dispersion coefficients of solids in
fluidized beds (19, 42, 32, 28). The summary of the conditions of the
experiments and the correlations of DZ obtained is shown in Table 8.2.
In order to compare the values of DZ obtained from this experiment and
from the other investigators, it is necessary to estimate values of the
unknowns in the correlations listed in Table 8.2 from this experiment.
For the correlation proposed by Mori and Nakamura, equation (8.14), the
values of db at various superficial velocities can be obtained from
equation (5.16). In equation (8.15), the fraction of bed occupied
by bubbles (&) can be estimated by measuring the height of the expanded
bed and the fixed bed. The fraction of the bed occupied by bubbles ()
can be approximated by the ratio of the difference between the height
of the fixed bed and the expanded bed and the height of the fixed bed,
and is found to vary from 0.125 at u = 0.60 m/s to 0.20 at u = 0.90 m/s.

The voidage of the bed at the minimum fluidizing velocity is assumed
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Figure 8.7a Concentration profiles from run number 1 by using equation (8.7) with DZ= 0.002 mz/s.
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Table 8.2 Summary of the experimental conditions and values of DZ
obtained.
Investigator Bed Solids Dz(mz/s)
Gabor (19) 0.78m by 0.05m copper and D_=L((u-u_.)/d ¢ )1'15X
’ o _ z wf’'p mf
packed with steel nickel shot 3.72X10'7 (8.13)
spheres and brass 88-330
cylinders
. . 2.0
Mori and Naka- 0.9 mby 0.3 m  polyvinyl D= 2.7 dy (8.14)
mura (42) chloride
595 v
.. _ 3
Kunii and DZ— izﬁa/l-s)umfdb/emf
Levenspiel (8.15)
(32)
Highly and 1.5 m diameter  coal and D= 7.43%1073-1.48X1072
Merrick (28) char (no tube array)

3.90x1073-7.9x10"3
(with tube array)

DZ=
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to be 0.5. The predicted values of DZ from various investigations are
calculated and are shown in Table 8.3. It can be seen that by using
the reasonable values of & and € 2 the predicted dispersion coefficients

are in good agreement with the experimental values.

The mixing rate of solids between the refluidized section and the

fluidized section

In order to determine the mixing rate of solids between both
sections of the bed after the refluidization, the rate and the total
amount of solids from the refluidized portion of the bed that transfer
across the interface region to the fiuidized portion must be determined.
Equation (8.7) which expresses the concentration distribution of ferrite
tracer after refluidization in terms of location and time (c(z,t)) was
used.

However, some modifications on equation (8.7) had to be made
first. Equation (8.7) was primarily developed to use in the case where
ferrite tracer was partially introduced to the slumped section (between
location a and b). In reality, to determine the rate of solids mixing
between both sections of the bed, ferrite tracer must be introduced on
the entire slumped section of the bed. Thus, the distance b was equal
to the half of the bed length, b=L/2, and the distance a can be dropped

out, a=0. Equation (8.7) was then modified as,

T O VS ANV
c(z,t) = c* + nE] sin A, 5 » exp( D, A, t) cos " (8.16)
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Table 8.3 Comparison of DZ from various investigators.

superficial velocity Dz(mz/s)
(m/s) equation (8.14) equation (8.15) this experiment
0.60 0.038 0.0010 0.0007
0.76 0.053 0.0017 0.0012

0.90 0.063 0.023 0.0020
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= N
where An T

2c, o ] 5
c(z,t) = c* + —Il- Z] sin %E- X;' exp(-DZ A t) cos ApZ (8.17)
n:

To determine the total amount of solids from the refluidized bed
that transferred across the interface front to the fluidized bed at
time t=ty after refluidization, the concentration profile at time t=t]

was first determined by evaluating equation (8.17) at time t=t,.

2c.
1 2
c(z,t)) = c* + = I_5—sin 5= exp(-D, A “t;)cos Az (8.18)

n=1 “n

8

The total amount of the transferred solids found in the active bed was
equal to the summation of the predicted concentration in the active
bed times the volume of the active bed. Thus,

L
c(z,ty) Alz) dz (8.19)

mC =‘£
2
The cross-sectional area of the active bed can be taken out of the

integration sign since it is constant.

L
m = A c(z,t)dz
¢ L
2
L 2c; = 1 . N 2
= A S [c*+ _fl L5 sin o exp(-Dzkn t) cos Ant]dz
L n=1n
2
L% T 1 [1-(<1)"] exp(-D_2 “t) (8.20)
=Ale* - 57 -t PA=Y2"n .
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*
If m is the total amount of solids from the original slumped
section that diffused to the originally active sections at the steady

state condition. Thus,

- A C*lé_ (8.21)

‘Finally, the relative amount of solids transfer (M) which was

*
defined as the ratio of m_ and m can be obtained and expressed as,

c
n, 2 €5 = [1-(-1)"] 2
M=—g=1- zc z] ——— exp(-D_} “t) (8.22)
n= n

From equation (8.22), plots of M at various times and superficial
velocities are shown in Figure 8.8. In Figure 8.8, plots are obtained
from three different superficial velocities, 0.60, 0.76 and 0.90 m/s
where the corresponding values of Dz are 0.002, 0.0012 and 0.0007 m2/s

respectively.

8.6 Conclusions

From the studies of solids mixing in a partially defluidized bed,

jt can be concluded that the technique of using ferrite tracer with

inductance probes to represent the bed material transfer is successful.
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Figure 8.8 The relative amount of solids transfer (M) as a function

of time after refluidization.
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The data obtained from sampling ferrite concentration was first obscure
and ambiguous because of the effect of drifting and the effects of
bubbles passing through probes. However, after the sampled data was
reduced by appropriate techniques, reasonable reduced data was obtained.

The diffusion equation model can be used successfully to repre-
sent the rate of mixing of solids from both sections of the bed. The
dispersion coefficient of tracer was obtained and was found to be a
function of superficial velocity. Comparison between the dispersion
coefficient obtained from the experiment and that by applying Einstein's
random walk equation (equation (8.15)) which was proposed by Kunii and
Levenspiel (32) indicated that there were good agreement between these
two numbers.

Finally, the rate of so]ids mixing which was the rate that solids
from the refluidized bed diffused across the inferface region to the
active bed was obtained. The value of M which was defined as the
relative amount of transferred bed material detected in the active bed
and was plotted in Figure 8.8 indicated that the mixing of solids from
both sections would be reduced if the refluidizing velocity was decreased.
However, the low refluidizing velocity should always exceed the

critical refluidizing velocity.
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IX. THE CONVERSIONS OF RESULTS FOR FLUIDIZED BED COMBUSTORS

The data from the cold phase partially defluidized bed which
consists of the slumped bed surface profiles, bed material transfer
and solids mixing has been collected. In order to obtain useful
information for the high temperature fluidized bed combustors, con-
versions using the scaling factors from the similarity analysis were
applied.

The experimental cold phase fluidized bed used in this study
resembles a 1.22 m wide by 9.65 m long high temperature fluidized bed
combustor with the static bed height of 1.20 m. After half of a
fluidized bed combustor is turned down, a slumped bed surface profile
which is similar to the one in the cold phase bed but 3.76 times larger
in size is expected to appear in the slumped section of the fluidized
bed combustor.

The amount of bed material transfer in the fluidized bed combustor
could also be obtained by using the results of bed material transfer in
the cold phase bed. In the cold phase bed, if me represents the amount
of bed material transferred at a particular time, then, the amount of
bed material transferred in the fluidized bed combustor, my, at that

particular moment will be calculated as follows,
volume of material transfer in a cold phase bed (VC) =_T£r (9.1)
psC
volume of material transfer in a fluidized bed combustor

(V) = &3V, (9.2)
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it
©
w3

then, my

(ol # o) (9.3)

In this experiment, the bulk density of zirconia sand was found
to be 3000 kg/m3, and the bulk density of the bed material in the
fluidized bed combustor (99% limestone, 1% coal) was estimated to be

1750 kg/m>. Thus,
m, = 31.0 me (9.4)

The total amount of bed material transferred in the fluidized bed com-
bustor can be estimated to be 31 times the total amount of bed material
transferred in the scaled bed.

In the qualitative study of the refluidization of a slumped section,
since the ratio of gas velocity in the fluidized bed combustor to that
in the cold phase bed was found to be 1.94, the speed of movies taken
in the cold phase bed was 1.94 times faster than that in the fluidized
bed combustor. In real time the fluidized bed combustor system was 1.94
times slower than the cold phase fluidized bed system. Thus, in order
to simulate the real situation in the combustor, the speed of the movie
projector used must be reduced to about half of the speed of the movies
taken. Therefore, the time to refluidized the slumped section of the
fluidized bed combustor was determined to be double of that in the cold

phase scale bed.



133

In the studies of solids mixing in a cold phase slumped bed, it
was found that the gas velocity and, thus, the number and size of bubbles
have a very pronounced and direct effect on the solids mixing. Now, the
question rises whether the size of bubbles in the fluidized bed combus-
tor can be related to that in the cold phase scale bed by using the scal-
ing factor. Fitzgerald and Crane (18) observed the bubble sizes and
bubble growth rate in two hydrodynamics similar fluidized beds (sand/
Freon system and cork/air system). They asserted that there were simi-
larities in bubble growth and solids flow patterns between two beds at
Upf and verious multiples of U However, this result could not yet
be applied to the cold phase bed/high temperature bed system because
the flow of gas bubbles in the cold phase scale bed and that in the high
temperature bed are in different regimes (7). In the cold phase scaled
bed, the bubble is rising in the small particle bed and is characterized
as a "fast bubble" where gas enters the lower part of the bubble, leaves
at the top, swept around and then returns forming a captive cloud around
the bubble. On the contrary, a "slow bubble" phenomena where gas uses
the bubble as a convenient shortcut on its way through the bed occurs
in the large particle fluidized bed.

Bubble size in a room temperature fluidized bed can be presented
in terms of superficial velocity and the height above the distributor
plate, i.e., equation (5.11). However, no correlation of bubble size
in a large particle bed at high temperature has been previously
developed. An experiment at high temperature was conducted in a 0.30 m
by 0.60 m high temperature bed using large particles, fone grain with

dp = 3200 microns and density 2600 kg/m3. Data concerning the bubble
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size in large particle high temperature bed were collected in term of
bubble eruption diameter which can be related to the bubble diameter
at the surface of the bed by the relationship dbm = 0.858 d0 (61). It
4s interesting to point out that the relationship between the bubble
eruption diameter and the mean bubble diameter in a bed with small
particles is significantly different from that in a bed with large
particles. The bubble eruption diameter in a Targe particle high
temperature fluidized bed is plotted as a function of excess gas
velocity and is shown in Figure 9.1. The details of the study can be
obtained from (55). By using the similarity analysis, the operating
condition for the scaled bed (i.e., particle size, bed height, bed area,
and gas velocity) can be established. The scaling factor which was
equal to 3.76 was obtained, thus, the particle size in the scaled bed
was 3.76 times smaller and the gas velocity in the scale bed was about
half of the gas velocity in the high temperature bed.

Using equations (5.9) to (5.11), the bubble diameter at the sur-

face of the bed in an open bed (no internal tube) can be expressed as,

0.
4( 0.2

_ 0.8, 0.
d. . = 0.594 (u-u hoot47Rg)" 5/ g (9.5)

bmC mf)

The resulting bubble diameter are plotted as a function of excess gas
velocity and are shown in Figure 9.1. Finally, by using the scaling
factor of 3.76, the bubble diameter at the surface in large particles

high temperature bed (dbmH) was obtained as,

d 3.76 d

bmH bmC
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The resulting bubble in a high temperature bed by using the scaling

factor are also plotted in Figure 9.1. It can be seen that there are
good agreement between experimental data and equation (9.6). However,
at higher excess gas ve]ocfties the bubble size in the bed will actually
increase very rapidly (7,30) (curve of dy, has a positive curvature) and
the equation (9.6) which has a negative curvature will be no longer
applicable.

Since there is a similarity in bubble growth between the high
temperature bed and the scale bed at Tow excess gas velocity, it is
expected that the solids mixing study by using the diffusion equation
model in the scaled bed can also be valid for the high temperature case.
In the diffusion equation, it was found that there was good agreement
of the dispersion coefficient of solids between the experimental data
and that presented by Kunii and Levenspiel by using Einstein random

walk equation.

_ 3
D, = 1g (8/1-8) ued/ e o (8.15)
In equation (8.15), the magnitude of the term (5/1-6)/smfbetween the
two beds are in the same order. Thus, the dispersion coefficient of

solids in the high temperature bed will be in the order of K]'5

greater than that in the scaled bed, and the mixing of the solids in

the high temperature bed will be more rapidly.
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Figure 9.1 The comparison of dbm in high temperature bed between

experimental data and equation (9.6).
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X. SUMMARY AND RECOMMENDATION

In order to operate a fluidized bed combustor that can successfully
follow the electrical load pattern, a section of the fluidized bed com-
bustor is defluidized, that is, cutting off the flow of air and coal to
that region. As the section of the fluidized bed combustor is defluid-
jzed, solids or bed materials are entrained from the remaining active
section and fall onto the slumped region causfng substantial depletion
of the bed material in the active portion.

The transferred bed material instantly create a ridge on the
slumped section where the surface profile of the ridge changes with
time. It is observed that the slumped bed surface profiles can be
divided into three separate regions and each region can be presented
in terms of excess gas velocity and time after defluidization. Equation
(4.1) to (4.6) which generate the surface profiles are obtained by
using the regression method to best fit the experimental data.

In the study of the solids entrainment from the active bed, it is
found that the cause of entrainment is from the effect of bubble erupting
at the bed surface. As the bubble erupts, the bed particles are ejected
from the bursting bubble. The initial velocities of those ejected
particles are developed by using the potential flow theory and can be

expressed as,

- 0.5
u; = 2.O(u-umf+22.26dbm ) cos (5.8)
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The correlation of the bubble diameter at the bed surface for a
fluidized bed with immersed heat exchange tube array is developed and
compared to other investigators' results. It is found that the correla-

tion which can be expressed as,

_ 0.4 0.8, 0.2, _ ) h
d,. = 0.594 (u-umf) (h1+4/ﬁb) ’/g”" “+ (-0.036+0.004(u-u

b £) (g

(5.16)

m

gives good agreement with other experimental works.

To determine the rate of bed material transfer from the active bed,
equations of motion for the ejected particles are developed by using the
knowledge of equations (5.8) and (5.16) to determine the trajectories
of all ejected particlies. The amount of each ejected particle is calcula-
ted by determining the thickness of the bubble bulge at the bed surface.
The products of the trajectories and the amounts of each trajectory
represent the distribution of the transferred material in the slumped
bed. The frequency of the bubble eruption at the surface of the active
bed is measured. The distribution of the transferred material associated
with the frequency of the eruption represents the rate of the bed
material transferred from the active bed to the adjacent slumped bed.
Comparison between experimental data and the proposed model indicates
good agreement. However, since this model required the exact Tocation
where the bubble erupts at the bed surface, the assumption about the
Tocation where the bubble erupts in this study, which has 1imited
accuracy, may cause an error in the result. Future work about the
location and the distribution of the bubble eruption at the fluidized

bed surface is recommended.
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To obtain exact and usable information, the data about the bed
material transfer is collected in a form of the particle density func-
tion where the correlation about the particle density function is

established and is presented as,
04 = exp((2.60-11.15y)-(11.30-10.50y)x+(9.50-8.53y)(u-umf) (5.32)

using the proposed correlation which fits very well to the experimental
data, the total amount of bed material transfer during the defluidization
js obtained by integrating the particle density function over the entire
slumped bed section and over the duration of defluidization. The results
indicate good agreement with the experimental data.

In the study of the pressure drop in the slumped bed, it is found
that the pressure drop in the slumped bed varies with its location in
the slumped bed and the superficial gas velocity in the active bed.
By using the Ergun equation, the amount of gas flow in the slumped bed
can be obtained from the knowledge of the pressure drop profiles. The
percentage of gas flow through the slumped bed are found to be independ-
ent of the superficial gas velocity and are found to be approximately
6-7 percent of the total flow.

In the study of the refluidization of the slumped section, both
the qualitative and quantitative studies indicate that the complete
refluidization of the slumped.section will not occur if the refluidiz-
ing velocity is less than 2u . which is termed a critical velocity. At
low refluidizing velocity, the ridge shape changes from a sharp peak
to a lower bell shaped curve. At high refluidizating velocities (above

the entire 2 umf) slumped portion refluidizes rapidly.
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In the study~of the solids mixing between both sections of the
bed after the refluidization, it can be observed that the mechanism
of solids mixing, or the dispersion of the solids from the refluidized
section to the active section can be represented by the diffusion model.
The unsteady diffusion equation is solved by using appropriate boundary

conditions and initial conditions and the solution can be presented as,

x 2C; 1

_ i 1 _ 2
c=c +- ﬁ=1 " sin A L/2 exp( D,A,"t) cos Az (8.16)

The dispersion coefficient of solids is determined by fitting the set
of experimental data to the diffusion solution. It is found that the
dispersion coefficient of solids increases significantly with the super-
ficial gas velocity.

The relative amount of bed material that transfer or diffuse from
the refluidized section across the interface region to the active bed

after the réf]uidization is finally obtained and is expressed as,

C, = n
M=1- _S—J? 3 (1'(-%) exp(-D_x 2t) (8.22)
L™ ¢ n=1 A zn
n

The resulting values of M indicate that the total amount of material
diffused from the refluidized side to the active side increases with
the refluidizing velocity.

A1l of the data and information that was gathered from the cold
phase scaled bed can be related to the required information for the high
temperature fluidized bed combustor by using the scaling factor from the

similarity analysis study.
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Since the experiment was conducted in only one configuration, the
height of the fixed bed, the location and the type of the tube array in
the bed were held unchanged during the entire experiment. Thus, some
correlation proposed in this study will lack all of the information
that was previously mentioned. Future work that involves these para-
meters, for example, varying the fixed bed height, the location and

the type of the tube array in the bed, is highly recommended.
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APPENDIX A

Zirconia Sand Sieve Analysis

The mean surface diameter, dp, of zirconia sand was found to be 305
microns. The calculations were based on the method presented in (33), by
using the formular,

1

P Lo (x/d).
alli P

where dp = mean surface particle size (u)

X. fraction of material in size interval i

i

dpi= average diameter of size interval i (u)

The results of the calculation is shown in Table Al.



Cumulative Weight
Representative 1372

0

86
195
386
536
858
1085
1317
1372

Diameter Range (u)

147-175
175-208
208-249
249-295
295-417
417-495
495-589
589-833

T

Zirconia Sand Sieve Analysis

ABLE Al

4
4
4
4
4

4
4

4

3
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of a With Diameter Smaller Than
gm Sample (u)
147
175
208
249
«295
417
495
589
833
dpi(“) X; (x /dy %
161 0.063 3.913x10°
192 0.080 4.166X10"
229 0.140 6.113X10~
319 0.111 3.479X10°
356 0.236 6.629X10"
456 0.166 3.640X10°
542 0.170 3.136X107
711 0.040 0.560X10"
(x/dp)i 3.27X10°
- L - = 305
SR CTLNT 3.27%1073

all
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Computer Printout

FROGRAM PROFILE (INPUT,OUTPUT,TAPES=INPUT,TAPES=0UTPUT)

THIS FROGRAM IS USED 7D FIND THE AREA UNDER THE SUk-ACE PROFILE OF THE COLD
SLUNPEL FLUIBIZED BED

X IS HORIZONTAL DISTANCE MEASURED FROM INTERFACE REGION (M.)

Y IS VERTICAL DISTANCE MEASURED FROM FIXED LEVEL (H.)

XP,YP IS LOCATION OF THE PEAK OF THE RIDGE IN X-Y DIRECTION (M.)
XC IS THE LOCATION WHERE SLOPE CHANGES

U IS SUFERFICIAL VELOCITY (H/SEC.)

UrF IS #INIMUN SUPERFICIAL VELOCITY (M/SEC.)

T IS TIME AFTER DEFLUIDIZED HALF OF THE BED (MIN.)

OT IS THE TIME INTERVAL (KMIN.)

READ INPUT DATA

rRINTx "ENTER U (N/SEC.). . T(NIN.) DT(NIN.}"
READ(S.#) U,T,DT

UNF=0.1676

CALCULATE CONSTANT

Up = U-UMF

C1 =0.1084&*UD

£2 =0.3444+UD

3 =3.1245-(1.44%UD)+(4. 2222 (UT1+:%2,0))
C4 =3.145E-3-(3,633E-22UIN+(2,6666E-2(Ul*%2,0))
€S =-2.25+6.33#UL

Lo =1.13-1.17=*Ul

L7 =2,83+0.6324+(]

C8 =0.0868+6.667E-24UD

URITE (6,100)

N =T/0T

7=0.9

DG 10 I=1,K

T =T+DT

CALCULATE LOCATION OF PROFILES

XP =C2¢T*%0,1257

YP =0.u34C1aTw2(, 1333

XC =XP+0.01=EXP(CI+C4%T)

XL =XC+0.Q014EXP (L) #T#4C4

YO =YP+({,0-((XC-XP)/((EXP(C7)*xT24{8)%0.01)))

CALCULATE AREA UNDER FROFILES

Al
A2

0.5%(XL-XC) =YL
0.5 (XC-XP)e(YOA+YF)
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A3 =SIKF(XF,UDD
AT =A1+42+47
VOLUME =AT#0,3048
RHASS =VOLUME*3000.0
WRITE (&,101) T,EP.YF.A1,A2,83,X0,XL,YC,AT.RMASS
10 CONTINUE
100 FORMAT (THY, UTIHE® J4X. " XPY 4K, "YP"  4Y  "A1" 44X, "A2" ,4X  "AT" 4%,
TOXC " AXL XL 4K YO L 4K "AT  4), "HASS™)
101 FORMAT (1H ,F5.0,9F6.4.F10.2)
RETURN
END
FUNCTION SIMF(A,UD)
THOH =A/10.0
H =TW0H/2.0
SUMEND =0.0
SUMMID =0.0
P =0.33426/0U0%40.04044
0 1 K=t 10
X =FLOAT(K~1)+TUOH .
SUHEND =SUMEND+0.03+C4Xxx1,06144
1 SUMKID =SUMMID+0.03+COo%(X-+H)#1,06044
SIHP =(2,04SUMERD+4, 0SUNKID+0T2At] ,04044)*H/ 3,0
RETURKN
ENWD
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PROGEAM DISTRIE (INPUT.OUTPUT.TAPES=INPUT,TAPES=0UTRUT)

THIS PROGRAM IS USED TO SOLVE THE ODREINARY DIFF. EQGUATIUN
BY USING THE FOURTH ORDER RUNGE-RKUTTA RWETHDD TO FIND THE
VELGCITY,TRAJECTORY AND DESTINATION OF EJECTED FARTICLES
WHICH CAUSED BY BUBRBLES ERUPTION IN A SLUNPED BRED.

U IS A SUPERFICIAL VELOCITY (CH/SEC)

UKF IS MINIWUN FLUIDIZING VELOCITY (CM/SEC)

URX IS VELOCITY OF EJECTED PARTICLES IN X DIRECTIOR (CM/SEC)
YRY I8 VELOCITY OF EJECTED PARTICLES IN Y DIRECTION (CM/SEC)
Chr II' & DRAG COEFICIENT

ROF IS DENSITY OF FLUID (GH/C.C.)

kOF IS DENSITY OF FARTICLES (GM/C.C.Y

T I8 TiWE (5EC)

T IS TIRE INTERYAL (SEC)

REX IS PARTICLE REYNOLD NUMBER IN X LIRECTION

REY 1§ FARTICLE REYNOLD NUMEER IN Y DIRECTION

DF IS5 FARI:CLE DIAMETER (CHO

IR IS BUBRLE DIAMETER (CHK)

YIS I§ FLUIL VISCOSITY COEF. (GH/CHM-8EC)

Afif 15 THE DISTANCE FROM THE INTERFACE WHERE THE RUBBLE ERUFPT

DINENSION XX(17),KOUNT(16)
COnMON ROF,ROP, VIS IF,U,DT

FRINT#,"INFUT SUFER.VEL..FIRST AND LAST ANGLE,STEF EIZE.HEIGHT.A4.

READ*, U.H,H, 5T HET, 8en
URITE (6,100}

INFUT DATA
UMF =16.754
ROF =1.16E-3
ROF =5.60
V15 =1.8%E-4
IF =3.035E-2
Xx41) = 0.9
h= 375

KOUNT (1) = @
Jo= I+

XX(0) = XX(I)+AA
CONTINUE

CALCULATE COMSTANTS

Ulr = U-UMF
PRI = 22.,0/7.¢

FIND DIAMETER OF BUBRBLES

152
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40

H = 30.0

A = 14,5142

b = 980.0

Ct = 0,593%(H+4,0%4340,5) 440, 8/G%%0.2
BE = Cr#(Ul#*0,4)

FIND IAITIAL CONDITION

0O 20 I =H,N
DEG = FLOAT (I

ZETA = (PFI/1BC.0)*DEG

Uk = 2,0#(UB+22.26«(DB+x0.5) )+COSC(ZETA)
URXI = UR*+SINCZETA)

URYI = UR+COS(ZETA)

T =0.0

X = 0.5*#0B«5IN(ZE in)-ARA

Y = 0.5*DE*COS(ZETR)

INFUT STEF SIZE

DT = 8T
URX = URXI
URY = URYI

USING RUNGE KUTTA HETHODS

AK1 = FI(T, URY)
AR2 = FY (T+DT/2.0 ,URZ+AKT/72.0)
AK3 = F1 (T+BT/2.0,URX+AK2/2.0)
k4 = F1 (T+BT.URX+AK3)
EK1 = F2(T,URY)
BK2 = F2(T+D0T/2,0,URY+BK1/72.0)
K3 = F2(T+DT/2.0, URY+BKZ/2.0Q)
BK4 = F2(T+LT, URY+BES)
URX = URX + (AR142.0=AKZ+2.0%AK3+AK4) /6.9
UrY = URY + (EK1+2.0+¥EK2+2.0*BK3+BK4)/6.0
BX = URX=DT
Y = URY#DT
T = T+IT
Xo= Y+DX
aLny = Yy
Y = Y+IY
Y1 =¥

IF (Y1.GT.OLDY) GO TO 40

YHAX = OLDY

IF (YHAX.LT.HEIY 60 TO 90

IF {Y.LE.Q.0) B0 TG 90

IF {Y.LT.HEI.AND.URY.GE,0.0) GO TO 40
IF (URY.GE.Q.C) GO TO 40

IF (Y.GT.HEI} GG TO 40
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100
101

CALX = X

ng 30 K =t,18

L= K+l

IF (CALX.BE.XX(K) . AND.CALX.LE.XX(L) )Y B0 10 %0
CONTIMUE

KOUNT(K) = KOUNT(K)+1

CONTINUE

puTRFUT

ng a0 JJ=1.1é

URITE (6,101 JJKOUNT(SD)
LUuNTINUE

FORKAT (1H1,“DISTRIBUTION")
FORMAT (1H ,2I5)

STOF

Enl

FUNCTIGN F1(T, URX)

COMMON ROF ROF.VIS, P, ULIT

REX = ROF=DP2URX/VIS

(3] (24, 0/REX)*{1,0+40, 15+REX##0.887)
a2 0.42/(1,0+442500,0/REX**1,16)
COX = &1+A2

43 = -0, 79*ROF/ (ROP=+IF)
Fi o= (A3rCDX*URX#%2.0)%DT
RETURH

ERTI

FUNCTION FZ(T,URY)

COXMON ROF RKOP, VIS, DF,U,LT

REY = ROF*DPxABS(URYI/VIS

B = (24.0/REY)#(1,04C, 15+REY#%0,687)
B? = 0.42/(1.0+42500.0/Rbi%%1.16)

ChY = E1+E2

E3 = -0,754R0OF/(ROF=DF)

E4 = (ROF~ROF)*980.0/ROF

F2 = (E3#CDY*®(URY-U)*#2,0-B4)+[T
RETURN

END
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